~ The Thermodynamics, Mechanism and Kinetics of
the Catalytic Conversion of Prcfl};}ene and Water to
Diisopropyl Ether over Amberlyst 15

Frank Patrick Heese
B.Sc. Eng. (Chem.) (University of the Witwatersrand)

Submitted to the University of Cape Town
in fulfilment of the requirements for the degree of

DOCTOR OF PHILOSOPHY

November 1998

Department of Chemical Engineering
University of Cape Town
Rondebosch

Cape Town

South Africa



The copyright of this thesis vests in the author. No
guotation from it or information derived from it is to be
published without full acknowledgement of the source.
The thesis is to be used for private study or non-
commercial research purposes only.

Published by the University of Cape Town (UCT) in terms
of the non-exclusive license granted to UCT by the author.



Acknowledgements

My thanks go to my supervisors Prof. Mark Dry and Dr. Klaus Moller for their help and
guidance without which this thesis would not have been. Many thanks also to Assoc.
Prof. Eric van Steen for his valuable contributions, both to this thesis and to my wine

appreciation skills.

Thanks to all the fellow postgraduates who made life enjoyable. In particular to Rein
and Andrew who indulged my rampant caveman musings; to Peter, Linda, Heiko and
Uwe for the crayfish and the sparkling wine; to Warwick for teaching me the finer points
of body art; to Richard for waiting patiently while I retrieved my errant .golf balls; to
Sandra for being just a phone call away and to Melissa for that bottle of Cabernet.

A special mention must, of course, go to dear departed Freddie, Blinky and of course
Squidgy who contrived to make the last few months a more pleasurable experience than

it otherwise would have been.

My appreciation goes to all the members of staff who made my stay in the department
that little bit easier. Especially to Pam for ensuring orders arrived when I least expected

them and to Peter and Joachim for keeping my experimental rig alive and kicking.



Abstract

Diisopropyl ether (DIPE) was synthesised in a single step from a feed of propylene and
water over Amberlyst 15 ion exchange resin catalyst. It was produced in a trickle bed
reactor at pressures between 1 bar and 60 bar, at temperatures between 70°C and 160°C
and at overall propylene to water ratios between 1 : 5 and 10 : 1. Reaction proceeded
in the liquid phase within the catalyst particles. The only reactions that occurred in
the system were the hydration of propylene to form isopropanol (IPA), the alkylation
of IPA with propylene to form DIPE and the bimolecular dehydration of IPA to form
DIPE and water. No side reactions such as propylene oligomerisation were observed.
Starting from a feed of propylene and water the primary reaction product was IPA. IPA
was subsequently consumed in two secondary reactions which produced DIPE. DIPE was
produced either by the alkylation of IPA with propylene or by the bimolecular dehydration
of IPA. It was generally not possible to study the two DIPE formation reactions separately
as they are linked via the propylene hydration reaction. All experimental data was thus
reported in terms of a hydration rate and an etherification rate, the latter being the sum
of the IPA alkylation and the bimolecular IPA dehydration rates.

The reactions to produce IPA and DIPE over Amberlyst 15 proceeded via two different
mechanisms, the so-called Type I and Type II mechanisms. The ratio of apolar (propylene
and DIPE) to polar (water and IPA)Eb_écies and the overall species concentration in the
reaction medium determined the dominant mechanism. Type I mechanisms predominated
at low ratios of apolar to polar species in the reaction medium. When the ratio of apolar

to polar species about 1:2 the Type IT mechanisms became predominant.

il
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In T&pe I mechanisms a number of polar molecules cluster around each active site.
Reactions proceed between a polar molecule adsorbed in such a cluster and a molecule
from the solution>phase. Propylene hydration occurs via reaction between an adsorbed
water and solution phase propylene; IPA alkylation occurs between adsorbed IPA and
solution phase propylene; and bimolecular IPA dehydration occurs between adsorbed IPA
and solution phase IPA. In Type II mechanisms, the clusters of polar molecules around
individual active sites are disrupted by the increased concentration of apolar species.
Single polar molecules nov? hydrogen bond with multiple active sites. Reactions proceed
between multiply hydrogen bonded polar species and solution phase species. As the reac-
* tion intermediates in Type II mechanisms are stabilised by additional active sites, these
mechanisms are more catalytically active than the corresponding Type I mechanisms. The
dependence of reaction rate on acid site density of the catalyst gives an indication of the
number of active sites involved in each type of mechanism. It was found that propy-
lene hydration via a Type I mechanism takes place on one active site and etherification
(whether IPA alkylation or bimolecular IPA dehydration) takes place on 2 or 3 active

sites at a pressure of 50 bar and a temperature of 120°C.

In both types of mechanisms, the polar species adsorb onto the active sites far more
strongly than the apolar species. Single component adsorption studies gave a Henry
constant for water of 12000 compared to the Henry constant for propylene of 1400 at
60°C. As long as there are sufficient polar species to saturate the active sites, practically
all apolar species will be displaced from the active sites. Any side reactions involving only
apolar species, e.g. propylene oligomerisation, are thus strongly inhibited by competitive

adsorption.

The DIPE system contains highly polar water and IPA together with apolar DIPE
and apolar propylene under supercritical conditions. The Peng-Robinson-Stryjek-Vera |
equation of state in conjunction with either the Wyczesany or the Wong-Sandler (WS)
mixing rules was used to model the thermodynamic behaviour of this highly nonideal
mixture. The binary interaction parameters of the Wyczesany mixing rule were obtained

from literature; those of the Wong-Sandler mixing rule were regressed from binary vapour- -
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liquid equilibrium data from literature. It was found that the Wong-Sandler mixing rule
correlated the phase behaviour of binary mixture of the components in the DIPE system
considerably more accurately than the Wyczesany mixing rule. The Peng-Robinson-
Stryjek-Vera equation of state together with the Wong-Sandler mixing rule (the WS-PRSV
model) was thus chosen to predict the thermodynamic behaviour of the DIPE system.
The accuracy of prediction of the WS-PRSV was verified by comparing multi-component
predictions of the chemical equilibrium composition to experimentally obtained chemical

equilibrium compositions.

It was decided to first study the effect of various system parameters on the individual
reactions within the DIPE system before studying all three reactions combined. Conse-
quently, the effect of system parameters on IPA synthesis from a feed of propylene and
| water in a 2 : 1 mole ratio and the synthesis of DIPE from a feed of propylene and IPA
in a 1: 1 ratio was studied. It was verified experimentally and through the use of various
criteria that all experimental kinetic data was collected free of significant internal and
external mass transfer effects, i.e. temperature and concentration gradients within the
catalyst particles and within the catalyst bed were negligible. It could thus be assumed
that reaction rates were controlled by kinetics only. In addition, all experimental runs

with carbon balances with deviations greater than 5% were rejected.

The rates of propylene hydration and etherification showed a typical Arrhenius depen-
dence on reaction temperature between 70°C and 130°C. Above 130°C the propylene
hydration reaction rate deviated from Arrhenius behaviour due to mass transfer limi-
tations. Activation energies of 90.0kJmol™" and 74.3kJmol™" were determined for the
hydration and the etherification reactions respectively. The rate of propylene hydration
and etherification was markedly slower (approximately three orders of magnitude) than
the reported rates of isobutylene or isoamylene hydration and etherification over the same
catalyst at identical reaction conditions. This difference in fate is due to the difference
in stability of the intermediate carbocations - the secondary carbocations in propylene
chemistry being less stable than the tertiary carbocations which occur in isobutylene

chemistry.
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Increasing pressure increased both the rate of IPA formation and the rate of DIPE
formation. In the case of IPA fdrmation, reaction rate increased linearly with pressure
due to a linear increase in the propylene activity between 15 bar and 70bar. In DIPE
formation, the reaction rate increased linearly from 15bar to 30 bar. Above 30bar the
reaction rate increased with pressure to the third order. Between 15bar and 30bar
the concentration of propylene in the liquid phase is low and the Type 1 mechanism
predominates. The increase in etherification rate in this region is due to the increasing
propylene activity with increasing pressure. Above 30 bar the concentration of propylene
in the liquid phase is great enough to disrupt the Type I mechanism and the transition to
a more cat.alyticall’y active Type II mechanism begins to take place. In this region, the
greater order with reaction pressure is thus due to a combination of increasing propylene

activity and a change in the reaction mechanism.

The overall propylene to water ratio had little effect on the reaction rate. In the
case of propylene hydration to form IPA, the reaction rate remained constant between
propylene to water mole ratios of 1 : 5 and 10 : 1. Pfopylene oligomerisation only
occurred at mole ratios greater than 10 : 1 due to poor interphase mixing. The rate
of etherification increased with propylene to IPA mole ratios up to a ratio of 1 : 1, after
which the reaction rate remained constant. At low mole ratios Type I reaction mechanisms
dominated due to low liquid phase propylene concentrations. At mole ratios greater than
1:1, the iiquid phase was saturated with propylene, Type II mechanisms dominated and
no further change with propylene to IPA mole ratio was observed. At ratios of propylene
to IPA greater than 6:1, oligomerisation of propylene once again took place due to poor

interphase mixing.

Chemical reaction equilibrium composition of the DIPE éystem was measured experi-
mentally at 100°C, 120°C and 140°C at a pressure of 50 bar and an overall propylene to
water ratio of 2 : 1; at 1atm, 30 bar, 50 bar and 70 bar at 120°C and an overall propylene
to water ratio of 2 : 1 and at 1atm and 50bar at a temperature of 120°C and an overall
propylene to water mole ratio of 1 : 1. The chemical equilibrium product distribution

obtained from experiment agreed well with the predicted product distribution using the
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WS-PRSV model. At high pressure, in the liquid phase, the equilibrium distribution was
a strong function of temperature and the overall propylene to water mole ratio only. The

greatest equilibrium DIPE yield was obtained at the lowest reaction temperature.

The catalyst used for the majority of the experimental work in this study was Am-
berlyst 15. It showed no loss of activity over a period of three months on-line at a
temperature of 120°C. The same lifetime behaviour can be expected for Amberlyst 35
and Amberlyst 36 as they are almost identical in structure, differing only in acid site
density and in the extent of cross-linking; the deactivation behaviour of zeolite H-Y and
Deloxan ASP is not known. It is thus difficult to compare catalysts on the basis of lifetime
or selectivity. Amberlyst 15, though, displayed the greatest activity per unit volume of
catalyst bed under “process” conditions and any process design utilising this resin would
thus result in the most economical reactor design. Amberlyst 35 and Amberlyst 36 are
reported to be more thermally stable than Amberlyst 15. The lifetime of these catalysts
may thus extend beyond that of Amberlyst 15 and, consequently, even though the initial
reactor costs may be g'reater due to their lower activity, the catalyst replacement costs

may be lower. No side reactions were observed on any of the tested catalysts.

Four kinetic models (a pseudo-homogeneous, two Eley-Rideal and the so-called “changing-
mechanism” model) were examined for their ability to describe the DIPE system. Ki-
netic equations were formulated in terms of species activities rather than concentrations
or partial pressures as the system was highly non-ideal. The species activities were cal-
culated using the WS-PRSV model. The three parameter “changing-mechanism” model
gave the best description of the DIPE system It is an empirical model based on the
pseudo-homogeneous kinetic model, which incorporates an empirical term that changes
the magnitude of the kinetic rate constant of each reaction to account for changes in the
reaction mechanism from a Type I to a Type II, as the ratio of apolar to polar species
changes. Even though it consistently overpredicted the initial reaction rates of all re-
actions by between 10% and 20%, this model was shown to qualitatively reproduce the
behaviour of the DIPE system in response to changes in the operating pressure and the

overall apolar to polar species mole ratio.
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To overcome the poor kinetics of DIPE synthesis in comparison to those of MTBE or
TAME synthesis, DIPE production should be performed at higher temperatures (100 —
120°C) than in MTBE or TAME synthesis and at high pressures (> 30bar). Unfortu-
nately, whilst high temperature operation may favour DIPE production from a kinetic
viewpoint, chemical equilibrium favours DIPE formation at low temperature. Further-
more, the maximum operating temperature is governed gy the ion exchange resin catalyst
which begins to deactivate by thermal decomposition at temperatures greater than 120 °C.
Pressure increases both the formation rates of IPA and DIPE and, by solubilising addi-
tional propylene in the liquid phasé, may force the system into the more active Type
IT mechanistic regime. Some of the equilibrium limitations inherent to DIPE synthesis
at higher temperatures may be overcome by producing IPA in a first reactor and then
using catalytic distillation to produce DIPE from the IPA. Alternatively, DIPE may be

synthesised in a one-step or two-step fixed bed process.



Contents

Acknowledgements i
Abstract iii
Contents ' ix
List of figures : , xvii
- List of tables XXix
Nomenclature xxxiii
Publications to date xli
1 Introduction 1
1.1 Background . . ... .. ... 1
1.2 Alternative octane enhancement strategies . . . . . . .. ... .. .. ... 5
1.3 DIPEsynthesis . . . . . . . . . . . .. e 10
1.4 Objectivesofresearch. . . . . . . .. .. ... ... ... 14

2 Thermodynamics of DIPE synthesis ' T 17
2.1 Introduction . . . . . . . . . . ... e 17
2.1.1 Phase equilibrium thermodynamics . . .. ... ... ... ... .. 17

2.1.2 Simultaneous chemical reaction and phase equilibrium in the DIPE

ix



2.1.2.1 Propylene hydration . . . . ... .. ... 21
2.1.2.2 Diisopropyl ether synthesis . . . . . ... ... .- 24
2.2 Thermodynamic theory . . . . . . . .« o oo 26
2.2.1 Pure component thermodynamics . . .. . . . ..o e 26
2.9.1.1 - Pure component properties . . . .. ... ... ... . 26
2.2.1.2 The Peng-Robinson equation of state . . . . . . . Cee 27

2.9.1.3 The Stryjek-Vera improvements on the Peng-Robinson equa- '
tionofstate . . . .. ... .. e e e e 28
2.2.14 The pure component fugacity . . . . .. .. ... ... .. 29
2.2.2 Mixture thermodynamics . . . . O 31
2.2.2.1 Introduction . ... ... .. e e e e e e 31
‘2.2.2.2 Partial molar fugacity . . .. ... ... .. .. e 32

2.2.2.3 Partial molar fugacity calculation from the Peng-Robinson-

Stryjek-Vera equation of state . . . . . . .. ... P 33
2.2.2.4 The UNIFAC predictive activity coefficient model . . . . . 34
2225 Mixingrules. . . .. ... . ... ... .o oL 37
2.2.2.6 The Wyczesany-Stryjek-Vera mixing rule . . . . . . . . .. 38
2.2.2.7 The Wong-Sandler mixingrule . .. ... ... ... ... 39
2.2.3 Phase equilibrium thermodynamics . . . ... ... ... ... ... 40
2.2.3.1 The necessary condition of phase equilibrium . .. .. .. 40
2.2.3.2 Pure component phase equilibrium . . .. ... ... ... 42
2.2.3.3 Theflash calculation . . . .. ... ... ... ... 43
2.2.3.4 The bubble point pressure calculation . . ... ... ... 44
2.2.3.5 Successive substitution . . . .. ... ... TTTL oL 44
2.2.4 Chemical equilibrium . . . . .. .. ... ... ... ... ... 45
2.2.5 Other forms of the chemical equilibrium constant I 49
2.2.6 Simultaneous chemical reaction and phase equilibrium . ... ... 50

CONTENTS

2.3 Thermodynamic analysis of the DIPE system . . ... ... ... . ... . 51



CONTENTS xi
2.3.1 Phase equilibrium in the DIPE system . .. ... ... ... .. .. 581
2.3.1.1 Vapour pressure correlation . . . . ... .. ... ..... 51
2.3.1.2 Regression of parameters for the Wong-Sandler mixing rule 53
2.3.1.3 Comparison of the Wong-Sandler and Wyczesany mixing |

rules . ..o e 60
2.3.2 Simultaneous chemical and phase equilibrium in the DIPE system . 69
- 233 Error analysis of the WS-PRSV model . ... .. .. P 73
2.3.4  Range of applicability of the WS-PRSV model . . . . . . . . T
2.3.5 Phase and yield predictions for system parameters . . . . . . . . .. 79
2.3.6 Predictions of the heat of reaction using the WS-PRSV model . . . 83
3 Catalytic DIPE synthesis 87
3.1 Introduction . . ... ... ... ... ... ..... O - 1
311 Background . ... ... .. ... ... .. e e 87
3.1.2  Ion exchange resins as solid acid catalysts . . .. ... ... . ... 89

3.1.2.1 Background and catalytic applications of ion exchange
resincatalysts . . . . ... ... .o L .. .. 89
3.1.2.2  Structure of polymeric ion exchange resin catalysts . . . . 90
3.1.2.3 Porosity in catalytic ion exchange resins T 94
3.1.2.4  Catalytic nature of acidic ion exchange resins . . . . . . .96
3.1.2.5 Deactivation of ion exchange resin catalysts . . ... ... 100

3.1.3 The thermodynamics and system parameters of hydration and ether-
ification o e e 102
3.1.4 Side reactions in hydration and etherification . . . . . . . . ... .. 104
3.1.5 Hydration and etherification mechanisms . . . . . . ... ... ... 105
3.2 Materials, apparatus and experimental procedures . . . . . . [ 113
321 Materials . . .. ... 0oL, e e 113
:3.2.1.1 Chemicals . . .. .......... e 113

3212 Catalysts . . . . .. . ... 114



. xii

3.3

CONTENTS

3.2.2 Catalyst pretreatment, modification and characterisation . . . . . . 114
39921 Pretreatment . . . . . .« . .0 e e e 114
3.2.29 Modification of acid site density . . . . . . . . .. ... 116
3.2.23 Sizeanalysis . ...... e e e e e e e e e e e 116

3.2.3 Adsorption Experiments . . . . . .. ... ..o BRI 117
3.2.3.1 Experimental Apparatus . . . . . . . .. .00 oo 117
3.23.2 The adsorptionreactor . . . . . . . ... .. .. EEEEE 118
3.2.3.3 Experimental procedure . . . .. ... ... ... ... 118

3.2.4 Reaction Experiments . . . . .. .. ...t 120
3.2.4.1 Experimental Apparatus . . . . ... ............120
j3.2.4..‘2 The DIPE synthesis reactor e 122
3.2.4.3 Experimental procedure . . . . .. . 122

3.2.5 Productanalysis . .. .. ... ... ... 124

| 3.2.5.1 Hydrocarbon analysis . ... .. e e 124
3.2.5.2 Water and hydrocarbon analysis . . ............ 125
3.2.5.3 Species identification . . . . . e e . 125

Catalytic results and discussion . . . . . ... ... ... [ 125

3.3.1 Theuseofspeciesactivity . . . .. ... ... ... ... ... .. 125

3.3.2 Internal and external transporteffects . . .. ... ... ... ... 129
3.3.21 Wetting efficiency . . . . ... ... Lo 129
3.3.2.2 Mass transport limitations . . . . .. ... .. ... .... 130
3.3.2.3 Thermal gradients . . . . . . O 135

3.3.3 Effect of system parameters on DIPE synthésis ........... 136
3.3.3.1 Eﬁ'ect of reaction temperature . . . . . .. . ... ... .. 136
3.3.3.2 Effect of reaction pressure . . . . ... ... ... ... .. 143
3.3.33 Propylenetowaterratio . . . ... ... ... ... .. .. 152
3.3.34 Effect of contacttime . .. ... .............. 157

3.34 Theeffectof acidsitedensity . ... .. ... ... .. ... .... 168



CONTENTS | - xiii

3.3.5 Decompositionof DIPE . . . .. ... ... ... .......... 174

3.3.6 Single component adsorption of propylene and water . . . . .. .. 180

3.3.7 Chemical reaction equilibrium . . . . ... .. ... ... ...... 184

338 Catalysts . . .. ... 203

4 The mechanism and kinetics of DIPE synthesis 207
4.1 The mechanism of DIPE formation . . .. ... ... ... ......... 207 -

4.2 Kinetic modelling of DIPE formation . . . ... .. ... ... ... .... 216

4.2.1 The pseudo-homogeneous kineticmodel . . . . . . . . ... ... .. 218

4.2.2 The Eley-Rideal kineticmodel . . . . . . .. .. ... L. 219

4.2.3 The “changing-mechanism” model . . . . . .. ... ... ... ... 220

4.2.4 Evaluation of the kinetic models . . . . . . B e e e 221

5 Conclusions 233

Appendices 238

A Pure component properties 239

A.1 Pure component properties that were used in this study - from Daubert

and Danner, Stryjek and Vera and Coulsonetal. . ... ... ... .... 239

A.2 Vapour pressure correlation parameters . . . . . ... ... .. e e e 241
A.3 Pure component properties from Sandler and Perry and Green . . . . . . . 242
A.4 Pure Component Properties from Coulsonetal. . . . .. ... ....... 242
A5 Pure component properties from Stullet al. . . . . ... ... ....... 243

B General solution for the fugacity coeflicient _ 245
B.1 Derivation of general solution . . . . ... ... .. ... ... ... .. 245
B.2 Verification of general solution . . . . ... ... .. .. oL 248
B.2.1 Purecomponents . . . . . .. . . . . ... 248_

B.2.2 Simple quadratic mixingrule . ... ... ... ... ... .. ... + 248



xiv

C

CONTENTS

Vapour-liquid equilibrium mixing parameters 249
C.1 UNIFAC predictive activity coefficient model parameters . . . . . ... - - 249
C.2 Wyczesany binary mixing rule parameters . . .. .. .. .. .. ...« 250
C.3 Regressed Wong-Sandler binary mixing rule parameters . . . . . . . . . .. 251
The general solution for chemical equilibrium 253
DIPE system composition at equilibrium | 255
Catalyst modification and characterisation 257
F.1 Pretreatment of ion-exchangeresins . . . . . . .. .. .. ... ....... 257
F.2 Modification of acid site density . . . . . . ... ... ..o L 258
F.3 Measurement of acid sitedensity . . . . . .. ... ... L 259
Calculational procedures 261
G.1 Adsorption experiments . . .. ... ... .. .. e e e e e 261

G.1.1 Calculation procedures . . . . . . . .. 261

G.1.2 Samplerun . . .. . .. ... e 262
(G.2 Reaction experiments . . . . . . . . . v v v vttt . 263

G.2.1 Calculation procedures . . . . . . .. .. ... ... ... 263

G.2.2 Samplerunsheet . . . . . ... ... ... ... ... . 264
Gas chromatographic analysis 267
H.1 Gas chromatograph settings . . . . . .. ... .. ... .. ......... 267
H.2 Response factors . . . . . . . . . . o i e 268

H.2.1 Response factor determination for flame ionization detector . . . . . 268

H.2.2 Response factor determination for thermal conductivity detector . . 269

H.3 Sample gas chromatograph traces . . . . . ... ... ... ... ...... 269

Internal and external transport effects 273
L1 Wettingefficiency . . . ... ... ... .. ... 273



CONTENTS a xv

L2 Wilke-Chang Correlation . . . . . .... ... ... ... ........ 275
L3 Satterfield criterion . . . . . . . ... .o L 275
I.4 Weisz-Prater criterion . . . . . . ... ... ... ... ... 276
L5 Hougencorrelation . . ... ... ....................... 277
[.6 Andersoncriterion . . ... ... ... ... ... oo 277
J Pro;;agation of error in chemical equilibrium 279
K Single component adsorption studies 283
K.1 Basic adsorptioh theory . .. . . . . ... 283
K.2 Residence time distribution . . . . ... ... .00 oL 284
K.3 Langrmuir isotherm evaluation of adsorptiondata . . . . . . ... ... .. 285
L Kinetic model derivations 291
L.l Reactions in the DIPE system . . . . . .o oo vov e 291
L.2 The pseudo-homogeneous kineticmodel . . . . . . . .. ... .. e 201
L.3 The Eley-Rideal kinetic model . . . . . . .. .. .. e e e e 292
L.4 The “changing-mechanism” model . . . .. .................. 295

Bibliography v 296



Xvi _ ' CONTENTS



List of Figures

1.1
1.2
1.3

1.4

1.3
1.6
1.7

2.1
2.2

2.3
2.4

2.5

Average fuel economy of new automobiles . . . .. ... ... L.

The olefin content of typical FCC gasoline - by carbon number. . . . . ..
Commercial catalytic distillation process for the production of octane en-
hancing ethers. (1) boiling-point reactor, (2) catalytic distillation column,
(3) alcohol extraction column and (4) alcohol and water recovery column. .
Commerecial fixed-bed process for the production of octane enhancing ethers.
(1) Adiabatic reactor, (2) isothermal tubular reactor, (3) ether extraction
column, (4) alcohol removal tower and (5) alcohol-water fractionator.
Comparison of propylene consumption: World-wide and on the refinery
Properties of alkylate and dimeric product derived from light olefins . . . .
Two-stage DIPE process. (1) IPA reactor, (2) DIPE reactor, (3) light ends
recovery, (4) azeotrope column and (5) DIPE-IPA splitter . . . . . ... ..

Literature chemical equilibrium data and correlations . . . . . .. .. ...
Percent deviations in the vapour pressure of oxygen and water calculated
by the Peng-Robinson (PR) and the Peng-Robinson-Stryjek-Vera (PRSV)
equationsof state.. . . . .. ...
Computational algorithm for'the isothermal flash calculation . . . . . . ..
Computational algorithm for the simultaneous chemical and phase equilib- |
rium calculation . . . ... Lo oL
Surface plot of objective function for constant values of a;; = .0.6024 and

kij = 00462 .......... e e e e e e e e e e e e e e e e e e e e e e



xviii

2.6

2.7

2.8

2.9

2.10

2.11

2.12

2.13

214

LIST OF FIGURES

»7oomed-in” surface plot of objective function of the water-isopropanol

system for constant values of the parameters &;; = 0.6024 and k;; = 0.0462 57

Comparison of the liciuid-phase propylene mole fraction predictions of the
PRSV equation of state with the Wong-Sandler (WS) or Wyzcesany (Wyzc)

mixing rules to experimental data of the propylene-water binary. . . . . .. 64

Comparison of the vapour-phase water mole fraction predictions of the
PRSV equation of state with the Wong-Sandler (WS) or Wyzcesany (Wyzce)

mixing rules to experimental data of the propylene-water binary. . . . . . . 64

Comparison of the vapour-liquid mole fraction predictions of the PRSV

equation of state with the Wong-Sandler (WS) or Wyzcesany (Wyzc) mix-

ing rules to experimental data of the IPA-water binary. . . . .. ... ... 65

Comparison of the vapour-liquid mole fraction predictions of the PRSV
equation of state with the Wong-Sandler (WS) mixing rule to experimental

data of the DIPE-water binary. . ... ... .. e e e e e 67

Comparison of the vapour-liquid mole fraction predictions of the PRSV
equation of state with the Wong-Sandler (WS) or Wyzcesany (Wyzc) mix-
ing rules to experimental data of the propylene-IPA binary. (A) Liquid
phase, 97°C, (B) liquid phase, 80°C, (C) liquid phase, 60°C, (D) vapour
phase, 97°C. . . . .. ... .. . R 67
Correlation of the PRSV equation of state with the Wong-Sandler mixing

rule (WS) to predictions of UNIFAC with the PRSV eﬁuation of state for
the propylene-DIPE binary. . e e e e 68

Comparison of the vapour-liquid mole fraction predictions of the PRSV
equation of state with the Wong-Sandler (WS) mixing rule to experimental

data of the IPA-DIPE binary. . . . . .. . ... .. ... ... ....... 68

Comparison of literature and theoretical chemical equilibrium for the hy-

dration of propylene. . . . . . . . .. ... 71



LIST OF FIGURES ' Xix

2.15 Comparison of literature and theoretical chemical equilibrium for the alky-

lation of propylene and isopropanol. . . . . .. ... ... ... ... ... . 72
2.16 Squared fractional error in the recalculation of literature experimental

chemical equilibrium data using the WS-PRSV model as compared to the

theoretical value. Variation with temperature. . . . . . . . .. .. ... .. 76
2.17 Squared fractional error in the recalculation of literature experimental

chemical equilibrium data using the WS-PRSV model as compared to the

theoretical value. Variation with pressure. . . . . . . ... . ... ... .. 76
2.18 Predicted diisopropyl ether yield at chemical and phase equilibrium. Light-

est grey represents 0% yield, graduations increase in 10% increments up to

almost 100% DIPE yield at darkest shading. . . . .. .. ... . ...... 80
2.19 Predicted phase conditions of diisopropyl ether synthesis at chemical and

phase equilibrium. Lightest grey represeﬁts 0% liquid, 'graduations increase

in 10% increments up to almost pure liquid at darkest shading. . . . . . . . 81
2.20 Predicted DIPE mole fraction at chemical equilibrium for changing propy-

lene to water mole ratio and system temperature at a pressure of 50bar. . 82
2.21 The heat of reaction of propylene hydration, IPA alkylation and bimolecular

IPA dehydration as a function of the approach to chemical equilibrium in

the DIPE system, starting from a feed of propylene and water in a 2:1 mole

ratio at a temperature of 120°C and 50bar. . . . ... ... . ... .. .. 85
3.1 Indirect and direct hydration reactions of propylene . . . . . . . .. .. .. 88
3.2 Alkylation of methanol with isobutylene to produce MTBE . . . . . . . .. 89
3.3 Synthesis of ion exchangeresin. . .. ... ... ... 000 92

3.4 Microscopic structure of a macroreticular resin at 100X, 300X and 1000X
magnification respectively . . . . . . ... Lo Lo 93
35 Physical appearance of a gelular resin, a macro-reticular resin with small

clusters and a macro-reticular resin with large clusters . . . . . .. ... 94



3.6

3.7

3.8

3.9

3.10
3.11
3.12

3.13

3.14
3.15
3.16
3.17
3.18

3.19

' LIST OF FIGURES

Typical pore size distribution of a dry macroreticular ion exchange resin

determined by nitrogen desorption isotherm . . . ........ ... .- 95
Creation of micropores by swelling of the hydrocarbon backbone by a polar
solvent. (a) Unswelled matrix (b) Swelled matrix . . . .. ... ...... 96
Interaction of water with the resin matrix. (A) Anhydrous pairing (B)
Multiply-hydrogen bonded water (C) Monohydrated sulphonic acid groups

(D) Completely solvated resin . . . . . . . . ... 97
Interaction of methanol with the acidic resin matrix. (A) Anhydrous pair-

ing (B) Multiply hydrogen-bonded alcohol (C) Strongly hydrogen bonded
network (D) Dissociation of sulphonic acid groups . . . . . R 98
Suggested structure of propylene adsorbed onto an acidic resin . . . . . . . 99
Deactivation of a polymeric resin by desulphonation . . . . . ... ... .. 101
Deactivation of Amberlyst 15. Effect of temperature on weight loss and
effect of operating medium on capacity loss. . . .. . ... ... ... ... 102
Olefin conversion in ether synthesis at chemical equilibrium. Alcohol:olefin

ratio = l:1land presswre =20 bar. . . . . . . . ... L oL 103
Main reactions in MTBE synthesis . . . . . . ... ... ... ....... 106
Expected reactions in DIPE synthesis . . . . . . ... ... ......... 107
Homogeneous acid catalysed reaction mechanisfns S 108
Homogeneous propylene dimerisation reaction mechanism . . . . . Lo 109
Initial rate dependence on initial methanol concentration at various isobutene
contents. Ratio = isobutene / methanol, temperature 60°C over Amberlyst

15 oo e O 110
Initial rate of isobutene hydration on Varion KSM as a function of (a)
isobutene partial pressure at constant water partial pressure of 0.57 bar

and (b) water partial pressure at a constant isobutene partial pressure of
0.20bar. . . . . .. e e e 112



LIST OF FIGURES xxi

3.21
3.22
3.23
3.24

3.25

3.26

3.27

3.28

3.29

3.30

3.31

3.32

3.33

3.34

3.35

Adsorption rig reactor . . . . . ... .. L P L 119
Experimental rig . . . . .. . .. ... ... 120
Diagram of reactor. . . . . . . . . . . . ... ... 123
Effect of supefﬁcial mass velocity on the initial hydration rate. Tempera-
ture = 120°C, pressure = 50 bar and WHSV =2.0n"'. . . . ... ... .. 134
Catalyst particle size effect on initial hydration rate. Temperature =
120°C, pressure = 50bar and WHSV =20h~. . . . . . . .. .. ... .. 134
Arrhenius plot of initial propylene hydration rate in mol;p4 &~ 's™!. Pres-
sure = 50 bar and WHSV =14-52h71 .. ... 138
Arrhenius plot of initial etheriﬁc_ation rate in molp;pg §~1s~!. Pressure
=50bar and WHSV =26—-105h"" . .. ... ... ... ... ... ... 138
Effect of pressure on the rate of propylene hydration. Temperature =
120°C, propylene:water ratio = 2:1. . . . . . . ... ... oL 144
Effect of pressure on the rate of DIPE formation. Temperature = 120°C,
propylene:IPA ratio = L1 . B 144
Change in the liquid phase propylene mole fraction and the thermodynamic
activity of propylene and water with pressure. . . . .. ... ... ... .. 146
Change in the liquid phase propylene mole fraction and the thermodynamic
activity of propylene and IPA with pressure. . . . . .. ... . ... .... 146
Plot of the natural logarithm of the rate of propylene hydration against the
natural lbga.rithr'n of propylene activity. . . . . . . . . ... ... ... ... 149
Plot of the natural logarithm of the rate of DIPE formation against the
natural logarithm of propylene activity. . . . . .. .. ... ... ... ... 149
Ratio of the rate of bimolecular dehydration to the rate of IPA alkylation

and the fit of the rate equation to the initial rate data at low pressures. . . 151

Effect of .the propylene to water feed ratio on fhe hydration rate. Temper-

ature = 120°C and Pressure = 50bar. . ... ... ... e 154



xxil

3.36

3.37

3.38

3.39

3.40

3.41

3.42

3.43

3.44

3.45

3.46

347

LIST OF FIGURES

Effect of the propylene to IPA feed ratio on the etherification rate. Tem-

perature = 120°C and Pressure = 50bar.. . . .. ..... .. e 154
Reactant activities and liquid phase propylene mole fraction as a function
of changing propylene to IPA ratio. Temperature = 120 °C and Pressure
= B DAL, » v e e e e e e e e e e e e e e e e e e e e e 156
Effect of contact time on DIPE synthesis from propylene and water at
atmospheric pressure. Temperature = 120°C, Pressure = 1atm, initial
propylene:water ratio = 2:1. . . .. ... ..o 158
Effect of contact time on DIPE synthesié from IPA at atmospheric pressure.
Temperature = 120°C, Pressure = latm.. . . . . .. .. ... ... .... 158
Effect of contact time on DIPE synthesis from IPA at high pressure. Tem-
peratﬁre = 120°C, Pressure = 50bar. . . . . . . ... .. ... 159
Effect of contact time on DIPE synthesis from propylene and water at high
pressure. Temperature = 120 °C, Pressure = 50 bar, initial propylene:water
ratio=2:1.. ... ... ... . ... .. .. e 159
Cyclic reaction network of DIPE formation . . . . .. ... ... ... ... 160
Differential rate of spécies formation with contact time. Temperature =
120°C, Pressure = 50 bar, initial propylene:water ratio = 2:1. . ... ... 162
Effect of contact time on propylene and water activity and on the relative
product of their activities. Temperature = 120°C, Pressure = 50 bar,
Initial propylene:water = 2:1. . . . . . . .. . ... ... ... 165
Effect of contact time on liquid phase mole fraction. Temperature = 120°C,
Pressure = 50 bar, Initial propylene:water = 2:1.. . . . . . . ... ... .. 166

The effect-of -acid site density on the initial rate of propylene hydration.
Temperature = 120°C, pressure = 50 bar and propylene:water ratio = 2 : 1. 169 |
The effect of acid site density on the etherification rate (the sum of the
initial rate of IPA alkylation and bimolecular dehydiation‘of IPA). Tem-
perature = 120°C, pressure = 50 bar and propylene:IPA ratio =1:1. . . . 169 '



LIST OF FIGURES

3.48

3.49

3.50

3.51

3.52

3.53

3.54

3.55

3.56

Product distribution as a function of inverse space velocity for pure DIPE

decomposition over “dry” Amberlyst 15. Temperature = 120°C and pres-

Instantaneous rate of pure DIPE decomposition over “dry” Amberlyst 15

as a function of inverse space velocity. Temperature = 120°C and pressure

Initial rate of DIPE decomposition over “dry” and “wet” Amberlyst 15 and

with varying amounts of polar co-feed. Temperature = 120°C and pressure

Experimental adsorption data and the best-fit Langmuir isotherms for sin-
gle component water adsorption over Amberlyst 15. Absolute pressure, P,

=14bar. ... ... .. ... ... R

Experimental adsorption data and the best-fit Langmuir isotherms for sin-
gle component propylene adsorption over Amberlyst 15. Absolute pressure,

P, =14dbar. . . . . . e e e

Approach to chemical reaction equilibrium starting from beyond chemical
equilibrium relative to propylene and water as feed materials. Temperature.

= 120°C, pressure = 50 bar and propylene:water ratio=2:1. . . . .. ..

Comparison of the theoretical chemical equilibrium constant for propylene

hydration with experimental data from literature and from this work. . . .

Comparison of the theoretical chemical equilibrium constant for IPA alky-

lation with experimental data from literature and from this work. . . . . .

Comparison of the theoretical chemical equilibrium constant for the bi-
molecular dehydration of IPA with experimental data from literature and

fromthiswork. . . ... ... .. .... e e e e e e

Xx11

187

189



XXV

3.57

3.58

3.59

3.60

3.61

3.62

3.63

3.64

LIST OF FIGURES

Comparison of the theoretical predictions of the chemical equilibrium con-
stant for propylene hydration to experimental data from literature and
from the present work. Both the theoretical predictions and the best-fit
line giving the revised standard Gibbs free energy of reaction are shown. . 192
Comparison of the theoretical predictions of the chemical equilibrium con-
stant for IPA alkylation to experimental data from literature and from the
present work. Both the theoretical predictions and the best-fit line giving
the revised standard Gibbs free energy of reaction are shown. . . . . . . .. 192
Comparison of the theoretical predictions of the chemical equilibrium con-
stant for the bimolecular dehydration of IPA to experimental data from
literature and from the present work. Both the theoretical predictions and

the best-fit line giving the revised standard Gibbs free energy of reaction

Revised values of the chemical equilibrium constant; variation with temper-
ature. K, = chemical equilibrium constant for hydration, K, 2 = chemical
equilibrium constant for IPA alkylation, K, 3 = chemical equilibrium con-
stant for bimolecular dehydration. . . . . . . ... ... ... ... ... .. 195
The values and error margins in the theoretically and experimentally de-
termined chemical equilibrium constants. . . . . . . ... ... ... .... 198
Chemical equilibrium product distribution variation with temperature. Pres-
sure = 120°C and propylene to water ratio of = 2: 1. The lines show the
WS-PRSV model predictions, the points show the experimental data. . . . 200
Chemical equilibrium product distribution variation with pressure. Tem-
perature = 120°C and propylene to water ratio of = 2 : 1. The lines show

the WS-PRSV model predictions, the points show the experimental data. . 200
Variation with temperature of the experimental and WS-PRSV model pre-
dictions of the IPA mole fraction at chemical feaction equilibrium. Pressure

= 50bar and propylene to waterratio=2:1. . ... ... ... ...... 202



LIST OF FIGURES | - B —

3.65 Variation with pressure of the experimental and WS-PRSV model predic-

4.1

4.2

4.3

4.4

4.5

4.6

4.7

4.8

tions of the IPA mole fraction at chemical reaction equilibrium. Tempera-

ture = 120°C and propylene to water ratio=2:1. . ... ... .. .. .. 202

The type of catalytic mechanism and the change in the catalytic activity
as a function of the ratio of apolar to polar species at saturated conditions.
Type I - pseudohomogeneous mechanism, Type II - adsorbed polar species
and solution phase apolar species mechanism, Type III - adsorbed polar
species and adsorbed apolar species mechanism. . . . . . .. ... ... .. 208
Pictorial representation of a heterogeneous ion exchange resin with ran-
domly distributed active sites at varying extents of ion exchange. Dark
squares represent active sites, light squares represent catalyst matrix or
inactive sites. . . . . . ... ... L Lo . 211
The effect of ion exchange on the total number of active sites and on the
number of multi-site activesitenests. . . . . . . . . ... ... ... L. 211
Cyciic reaction network of DIPE formation. . . . .. .. ... ....... 212
Type I mechanisms for propylene hydration, IPA alkylation and bimolecu-
lar dehydration of IPA over ion exchange resins. . . . . . .. .. ... ... 214
Type II mechanisms for propylene hydration, IPAA alkylation and bimolec-

ular dehydration of IPA over ion exchange resins. Polar molecules are

“shown adsorbed to two active sites for illustrative purposes. . . . . . . . . . 215

Pseudo-homogeneous model fit to the experimental contact time series per-

. formed at 120°C and 50 bar with an overall propylene to water ratio of 1:1,

starting from a pure IPA feed. The solid lines are the model predictions,
the points are the experimental data. . . . . . ... ... ... UL L L 223
Pseudo-homogeneous model fit to the experimental contact time series per-
formed at 120°C and 50 bar with an overall propylene to water ratio of 2:1,
starting from a feed of propylene and water. The solid lines are the model

predictions, the points are the experimental data. . . . . .. e 223



xxvi

4.9

4.10

4.11

4.12

4.13

LIST OF FIGURES

Eley-Rideal model with a fixed number of active sites involved in the re-
action mechanism fit to the experimental Cdntact time series performed at
120°C and 50 bar with an overall propylene to water ratio of 1:1, starting
from a pure IPA feed. The solid lines are the model predictions, the points
are the experimental data. . . . . .. .. .. e e
Eley-Rideal model with a fixed number of active sites involved in the re-
action mechanism fit to the experimental contact time series performed at
120°C and 50 bar with an overall propylene to water ratio of 2:1, start-
ing from a feed of propylene and water. The solid lines are the model

predictions, the points are the experimental data. . . . . . . . . e

Eley-Rideal model with a variable numbér of active sites involved in the
reaction mechanism fit to the experimental contact time series performed
at 120 °C and 50 bar with an overall propylene to water ratio of 1:1, starting
from a pure IPA feed. The solid lines are the model predictions, the points

are the experimental data. . . . . . . . .. .. .. ... ... ... ...

Eley-Rideal model with a variable number of active sites involved in the
reaction mechanism fit to the experimental contact time series performed
at 120°C and 50 bar with an overall propylene to water ratio of 2:1, start-

ing from a feed of propylene and water. The solid lines are the model

predictions, the points are the experimental data. . . .. ... ... .. .. _

“Changing-mechanism” model fit to the experimental contact time series

performed at 120°C and 50 bar with an overall propylene to water ratio

~of 1:1, starting from a pure IPA feed. The solid lines are the model

4.14

predictions, the points are the experimental data. . . .. ... . .. L

“Changing-mechanism” model fit to the experimental contact time series
performed at 120°C and 50 bar with an overall propylene to water ratio of
2:1, starting from a feed of propylene and water. The solid lines are the

model predictions, the points are the experimental data. . . . ... .. ..

224

225



LIST OF FIGURES ’ xxvil

4.15

4.16

4.17

4.18

Al

G.1
G.2

H1

H?2

H.3
H4
H.5

Predictions of the initial rates of propylene hydration using the three pa-
rameter “changing-mechanism” model with changing pressure. Temper-

ature = 120°C, propylene to water feed ratio = 2:1 and MHSV = 0.05

Predictions of the initial rates of etherification using the three parameter
“changing-mechanism” model with changing pressure. Temperature =
120°C, IPA to propylene feed ratio of 1:1 and MHSV = 0.05 mol-g_} -hr~!. 230
Predictions of the initial rates of propylene hydration using the three pa-
rameter “changing-mechanism” model with changing propylene to water
molar ratio. Temperature = 120°C, pressure = 50 bar and MHSV = 0.05
mol-g L -hr=t. . . .. N 232
Predictions of the initial rates of etherification using the three parameter
“changing-mechanism” model with changing propylene to IPA molar ratio.

Temperature = 120 °C, pressure = 50 bar and MHSV = 0.05 mol- 8.} -hr~'. 232

Pure component vapour pressures calculated using the PRSV equation of

Typical example of an adsorption breakthrough curve. . . . ... ... .. 262

Steady state conversion, carbon balance and selectivity for the sample ex-

perimentalrun . . . . . . ... L. 265

Calibration plot for FID GC response factor determination for [PA and
DIPE. . . . o oo i it 270

Calibration plot for TCD GC response factor determination for water and

DIPE. . . .. . . e e 270
Representative flame ionisation detector GC trace . . . . . . . ... .. .. 271
Representative thermal conductivity detector GC trace . . . . . . . . . .. 271

Representative mass spectrometer GC trace . . . .. .. e 272



xxviil

I.1

1.2

K1

K.2

K3

K4

K5

L.1

LIST OF FIGURES

Wetting efficiency of catalyst particles in the trickle-bed reactor at 120°C
and 50 bar. . . . . ... e 274

Hougen correlation for external temperature gradients . . . . . . . .. . .. 278

Normalised response curve for water in the adsorption apparatus with no
catalyst preseht .................................. 286
Normalised response curve for propylene in the adsorption apparatus with
no catalyst present. . . . . . . . . ... 286
Linear regression of experimental single component water adsorption data
on Amberlyst 15 and the best-fit Langmuir isotherms. . . . . . . .. . ... 288
Linear regression of experimental single component propylene adsorption
data on Amberlyst 15 and the best-fit Langmuir isotherms. . B 288
Linearisation of the Henry’s constants for water and propylene to obtain

the heat of adsorption on Amberlyst 15. . . ... . ... ... ... .... 289

Elementary reaction steps of propylene hydration, IPA alkylation and bi-
molecular dehydration of IPA over ion exchange resins for Type I and Type
II mechanisms. Where ® represents an active site, n the number of sites
water is adsorbed to, m the number of sites IPA is adsorbed to and k the

number of sites DIPE is adsorbed to (n>m > k). . . . . . ... .. .... 292



List of Tables

1.1
1.2

2.1

2.2
2.3
2.4
2.5

2.6

3.1

3.2
3.3
3.4
3.5

Effect of fuel composition change on automobile exhaust emmissions . . . . 4

Properties of common octane enhancing agents. . . . . . . ... ...... 7

Accuracy of pure component vapour pressure predictions from the Peng-

Robinson-Stryjek-Vera equation of state compared to literature data and

popular vapour pfessure correlations. . . . . .. ... ... ... 53
Conditions used for fitting binary mixing parameters . . . . . ... . ‘l ‘. .. 58
‘Regressed mixing parameters for Wong-Sandler mixing rule . . . . . . . .. 59
Comparison of Wyczesany and Wong-Sandler mixing rules . . . .. .. .. 61

Average error in prediction of chemical equilibrium constant and species
activity using the WS-PRSV model . . . . . e e e e e 77

The heat of reaction of propylene hydration, IPA alkylation and bimolec-
ular dehydration of IPA under ideal gas (IG) conditions and at initial and

chemical equilibrium process conditions . . . . . . . ... ... . ... ... 84

Catalysts other than ion exchange resins studied for applicability in hydra-

tion and etherification . . . .. ... ... ... . ... ... 90
Applications of ion exchange resin catalysts—.-~ . . . . . .. ... ... .. 91
Sources and purities of chemicals used in this project . . . . ... ... .. 114
Physicochemical catalyst properties . . .. ... .. ... ... ...... 115

Coniparison of initial experimental propylene hydration rates from this

study with experimental literature data. . . ... . . ... .. ... ... .. 139

Xxix



3.6

3.7

3.8

3.9

3.10

3.11

3.12

3.13

4.1

LIST OF TABLES

The initial hydration and etherification rates of various olefins and the
intermediate carbocations believed to take part in the reaction mechanism.
Reaction temperature extrapolated to 60C for ion exchange resins and 120C

forzeolites . ... ... . . ... ... ... e e e e e 141

The order of the reaction rate dependence on the hydrogen ion concentra-

tion and the dielectric constant of the predominant reactant in the reaction

Comparison of the rate of ether formation and decomposition for MTBE,

TAME and DIPE starting from ‘dry’ catalyst. . . ... ... ... ..... 178

Henry’s constants, saturation capacities and heats of adsorption of water

and propylene on Amberlyst 15 . . . . . ... ... e e e e 181

Experimental chemical equilibrium product distribution, propylene conver-
sion, carbon selectivity and chemical equilibrium constants. Activities used
to calculate the chemical equilibrium constants were calculated from the

WS-PRSV model using the experimental equilibrium product distributions. 186

Standard Gibbs free energies of reaction at 298 K for the reactions in the

DIPE system. Literature values and the revised values from this work. . . 191

Standard Gibbs free energy, enthalpy and entropy of reaction for propylene,

isobutylene and isoamylene hydration and etherification . . . . . ... ... 197

The rate of propylene consumption in DIPE synthesis over various acidic

“catalysts on a mass basis, on an equivalent basis.and on a catalyst bed

volume basis (wet catalyst) . . . . .. ... ... ... ... ... ... .. 204

Best-fit values of the parameters used in the four kinetic models. P-H -
pseudo-homogeneous model, E-R (6) - 6 constant Eley-Rideal model, E-R
(8) - 8 constant Eley-Rideal model and M - empirical changing mechanism
model . ... e e e 227



LIST OF TABLES . - xxxi

Al

A2
A3

Ad

A5

A6
A7

A8
A9

Pure component structure, molar mass, liquid density and PRSV equation

of state factor . . . . . . . e e e e e e 239
Pure component critical properties . . . . . .. ... ... o 240
Pure component accentric factor, normal boiling point, standard Gibbs free

energy and standard enthalpy of formation . . . . .. ... ... ..... . 240
Pure Component ideal gas heat capacity parameters . . . . . .. ... ... | 240
Antoine vapour pressure correlation parameters from Coulson et al. . . . . 241
Wégner vapour pressure correlation parameters from Reidetal. .. .. .. 241
Standard Gibbs free energies and enthalpies of formation and heat capacity

parameters . . . . . . . L e e e e e e e e e e e e e e e e 242
Critical constants, standard Gibbs energies and enthalpies of formation . . 242
Pure component ideal gas heat capacity parameters . . . . . . . | e ... 243

A.10 Pure component Gibbs free energies of formation at different temperatures 243

C1
C.2
C.3
C4
C.5

E.1l

E.2

E.3

G.1
G.2

UNIFAC functional group interaction parameters a,., K] . . . . ... ... 249
Stoichiometric number of functional groups in each component . . . . . . . 250
UNIFAC functional groups specifications . . . . .. ... .. ... .. ... 250
Mixing Parameters. for the Wyczesany-Stryjek-Vera mixing rule . . . . .. 250
Regressed mixing rule parameters for the Wong—Sandler mixing rule . . . . 251

Predicted DIPE yield at chemical and phase equilibrium as a function of

temperature and pressure . . . . . .. ... e e e e e e e 255

Predicted liquid phase mole fraction in the DIPE system at chemical and

phase equilibrium as a function of temperature and pressure . . .. .. .. 256
Predicted DIPE mole fraction at chemical and phase equilibrium as a func-

tion of the propylene to water mole ratio and temperature . . . . . . ... 256

Example of an adsorptionrun . . . . . .. ... ... L. 262

Example of a reaction experiment . . . . . ... ... ... ... S 264



xxxil

H1
H.2

H.3

K.1

LIST OF TABLES

Gas chromatograph settings . . ... . . ... . ... ... ... ... ... . 267
Absolute flame ionization detector response factor determination for IPA
andDDIPE . . ... ... ......... e e e e e 268

Relative TCD response factor determination for water and diisopropyl ether 269

Henry’s constants and saturation capacities from the adsorption of water

and propylene on Amberlyst 15 . . . . ... ... ... .. ... ... .. 287



Nomenclature

Abbreviations
AlS Amberlyst 15
A35 - Amberlyst 35
A36 Amberlyst 36
CSTR | " continuous stirred tank reactor
D-ASP : Degussa Deloxan ASP catalyst
DIPE diisopropyl ether
ETBE ethyl tert-butyl ether (tert-butyl ethyl ether)
FID _ flame ionisation detector
GC } gas chromatograph

| H-Y _ zeolite Y in the hydrogen form
I idealgas
IGM ideal gas mixture
IPA isopropanol (2-propanol)
LHSV liquid hourly space velocity
MS mass spectrometer

'MTBE methy tert-butyl ether (methyl t-butyl ether)
PR ' Peng-Robinson
PRSV Peng-Robinson-Stryjek-Vera
RVP Reid vapour pressure

xelil



xxxiv

TAME
TBA
TCD
UNIFAC

UNIQUAC

WHSV
WS

WS-PRSV -

D
MHSV
TAEE

General

a

S

AE

€1, €2, <.

LIST OF TABLES

tertiary amyl methyl ether (methyl tert-penty! ether)
tert-butyl alcohol |

thermal conductivity detector

UNIQUAC Functional group Activity Coefficient model

~ UNlversity QUAsi Chemical Activity Coefficient model

weight hourly space velocity
Wong-Sandler

PRSV equation of state with WS mixing rule
inner diameter ‘

mass hourly space velocity

~ tertiary amyl ethyl ether (ethyl tert-pentyl ether)

" parameter in PR and PRSV equations of state

parameter in Wagner equation

activity of species i

functional group energy of interaction parameter
catalyst surface area per bed volume
parameter in PRSV equation of state

kinetic pre-exponential factor

parameter in Antoine equation

excess Helmholtz free energy

parameter in PR and PRSV equations of state
parameter in Wagner equation

parameter in PRSV equation of state
parameter in Antoine equation

parameter in Wagner equation .

constants

constant in Wong-Sandler mixing rule (C = —0.623225 for PRSV)



NOMENCLATURE XXXV

parameter in Antoine equation

C, | concentration of species 1

Cmi catalyst saturation loading of sbecies 7
cale calculated data point -

Cp heat capacity

d parameter in Wagner equation

dy : catalyst particle diameter

D, effective diffusivity

e; extent of reaction i

eq equivalent, a mole of active sites
error surn of relativé square deviations

exp | experimental data point

E, v activation 'energy

f fraction of collisions with energy greater than £,
fi ' fugacity of species i

fe wetting coefficient

F total number of moles in system

Fr Froude number

g | gravitational acceleration

objective function in successive substitution algorithm

G Gibbs free energy
v superficial massv velocity
H o enthalpy
H; | Henry constant for component 7
AHpn; | heat of reaction of reaction 2
k Boltzmann constant

number of active sites involved in IPA dehydration mechanism

kq rate constant for propylene hydration



LIST OF TABLES

| rate constant for IPA alkylation

rate constant for bimolecular IPA dehydration
binary interaction parameter between species ¢ and j
mechanistic acceleration parameter

kinetic rate constant

activity-based chemical equilibrium constant
concentration-based chemical equilibrium constant
species vapour-liquid equilibrium ratio

partial pressure-based chemical equilibrium constant
empirical parameter in UNIFAC activity coefficient model
total number of moles in liquid phase “

total number of reactions occurring in system
number of active sites in IPA alkylation mechanism
mass of catalyst

Inass

molecular weight

number of active sites in propylene hydration mechanism
number of components in system

number of functional groups

total moles in system

total number of data points |

number of adsorption data points

objective function

partial pressure

pressure

vapour pressure

measure of molecular van der Waals surfac;e area

functional group surface area parameter



NOMENCLATURE

71
T2
'7'3

Ti

XXXV

reaction rate

rate of propylene hydration

rate of IPA alkylation

rate of bimolecular IPA dehydration

measure of molecular van der Waals volume of species i
radius of molecule i

observed rate of reaction

functional group volume parameter

universal gas constant |

ratio of transition from Type I to Type II mechanism
ratio of transition from Type II to Type III mechanism
Reynolds number

entropy

sum of squared relative residuals

time

temperature

superficial velocity

number of functional groups of type k in molecule 7
volume

total number of moles in vapour phase

Weber numberA

species mole fraction

mole fraction of functional group in relevant phase
species mole fraction in vapour phase

empirical parameter in UNIFAC model (z=10)
species mole fraction in total system
compressibility

frequency of collision between molecules of Species i and j



xxxviil

Greek

O 2D 1 Db Do

LIST OF TABLES

parameter in PR and PRSV equations of state

NRTL excess Helmholtz free energy parameter
arbitrary independent variable

liquid phase activity coefficient

catalyst bed void fraction

parameter in PR and PRSV equations of state

pure component pammetef in PRSV equation of state
pure component parameter in PRSV equation of state
thermal conductivity

viscosity

density

accentric factor

fugacity coefficient

stoichiometric coefficient

surface tension

standard deviation

NRTL excess Helmholtz free energy parameter
paré.meter in Wagner equation (v =1 — T,)
segment fraction |

area fraction

change in property

group residual activity coefficient

arbitrary dependent variable

functional group area fraction



NOMENCLATURE S | L xix

Wi functional group interaction parameﬁer between groups k& and m
¢ ~ Weisz-Prater modulus
Superscripts

a, 8,7, ... e exponents in power rate law

C combinatorial

calc calculated property

exp experimental property

IILIIT, .. phase number

I1G ideal gas

IGM ideal gas mixture

IM ideal mixture

k | iteration index

L liquid

old previous iteration value

new ' current iteration value

R residual

theo theoretical property

Vv vapour

vap vapour pressure / saturation pressure
* pure component property |
* partial prop‘erty

"‘_ standard property

- molar property

- vector property



xl o . LIST OF TABLES

Subscripts

1,2,3,... | species index

ads adsorption property

bulk bulk phase property

bp boiling point

C critical property

cat catalyst property

eqm equilibrium property

f - fluid phase within catalyst

i ‘ i** species .
it* data point

g j** species

k functional group number

L liquid phase

m m** functional group number

iz V  mixture property

P catalyst pellet property

rIn reaction property

R reduced property, e.g. Tg = %

s surface

tot - total system property



Publications to date

Journal publications

F. Heese, M.E. Dry and K.P. Moller. The reaction pathway and rate acceleration
in the single stage synthesis of diisopropyl ether (DIPE) from propylene and
water. Accepted by Catalysis Today, 1998.

Conference presentations (oral)

F. Heese, M.E. Dry ahd K.P. Méller. Diisopropyl ether - An alternative octane en-
hancer for lead-free petrol. 1% Conference of the Indo-Pacific Catalysis Association,

Cape Town, South Africa, 1998.

F. Heese, M.E. Dry and K.P. Moller. Single stage production of diisopropyl
ether from propylene and water. AIChE Annual Meeting, Los Angeles, United States
of America, 1997.

F. Heese, M.E. Dry aﬁd K.P. Méller. Diisopropy! ether - an exciting alternative
octane enhancer for lead-free petrol. 8% National Meeting of the South African

Institute of Chemical Engineers, Cape Town, South Africa, 1997.

F. Heese, M.E. ny and K.P. Méller. Single stage synthesis of diisopropyl ether
~ from water and propylene. National Conference on Catalysis - Catalysis Society of

South Africa, Midrand, South Africa, 1996.



xlii - LIST OF TABLES
Conference presentations (poster)

F. Heese and M.E. Dry. Single stage diisopropy!l ether synthesis. Chemical En-
gineering R & D - South African Institute of Chemical Engineers, Cape Town, South
Africa, 1995.



Chapter 1
Introduction

1.1 Background

Increasing concerns regarding urban air pollution caused by automobile exhaust emissions
have made it necessary to develop strategies designed to improve local air quality. The
approaches taken include the development of novel fuels and novel fuel technologies, mod-
ifications to existing automotive engine technology. and changes in the physical make-up

of modern fuels.

Considerable effort has been expended on the development of novel fuels and fuel
technologies to cater for the transportation needs of the future [1]. A multitude of options
have been considered, including liquefied petroleum gas,‘ fuel cells, compressed natural
gas, solar energy, electrically powered vehicles, biofuels and hydrogen. Even though great
strides have been made and novel fuel technologies are seeing applications in certain
niche markets, in the foreseeable future the gasoline-based internal combustion engine

will remain the dominant technology.

Improvements in the exhaust emissions of gasoline-powered vehicles have taken one
of two major routes over the past three decades: an improvement in automobile fuel

economy and a post-combustion clean-up of exhaust gases. The most obvious method to

1
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reduce exhaust emissions is through greater fuel economy - quite simply, decreased fuel
usage translates directly to decreased exhaust emissions. Following the oil crises of the
1970’s and the governmental regulations stemming from them, there has been a dramatic
improvement in automotive fuel efficiency, see Figure 1.1 [2]. However, in recent years
fuel economy has once again worsened and is expected to decrease even further as the

current world-wide trend towards larger utility vehicles continues.

15

124

Fuel Economy, km/l

1950 1960 1970 1980 1990

Year

Figure 1.1: Average fuel economy of new automobiles

The cornerstone of emission control, though, has been the post-combustion clean-up

of exhaust gases. This has been achieved using the three-way catalytic converter, so-
| calledx since it destroys three of the major harmful emiésion products: carbon monoxide
(CO), nitrous oxidgs_(NQg)’ and unburnt hydrocarbons (HC). Installation of a catalytic
converter typically i'educes automobile emissions of these gases by at least 80% to 90%
A [2]. In the western world, over 80% of all automobiles are now equipped with catalytic

converters.

Whilst a substantial effort has been made to improve existing combustion technology
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and to develop novel fuel technology, scant attention. has been paid to the formulation
of common automobile fuel. Only recently, has an awareness of the impact of the proper
tailoring of fuel composition evolved. This heightened awareness could not have come
at a more crucial time. No innovations in combustion technology have taken piace
over the last few years, most motor vehicles are now equipped with catalytic converters
and no improvements are taking place in fuel efficiency. Any combustion technological
improvements that are made now, will only result in apparent changes once the existing
motor vehicle fleet has been substantially replaced; a time period accepted to approach
ten years [1]. Novel fuels and associated technologies, will, for the same reason, take at
least as long to show any benefit. Consequently, negligible air quality improvements will
result from these sources in the near future. On the other hand, beneficial changes in

composition of the current fuels can be expected to have an impact almost immediately.

Studies have shown clearly that fuel composition significantly affects exhaust emis-
sions. Some of the findings of the Auto/Oil Air Quality Improvement Research Program
(AQIRP), a joint, comprehensive study by automobile and petroleum companies under-

taken in 1989, are shown in Table 1.1 [1, 2, 3].

Beneficial changes in exhaust emissions can be achieved by decreasing the olefin and
aromatic content of fuels and blending oxygenates such as methyl tert-butyl ether (MTBE)
into fuel. Interestingly, reductions in the sulphur content of fuel not only affect sulphur
dioxide emissions, but also result in decreases in HC, CO and NO, emissions. Reducing
the Reid vapour pressure (the vapour pressure at 38°C, RVP) and the Tgy (the temper-
ature at which 90% of the fuel evaporates) of a fuel also lowers harmful emissions. A
number of these changes do result in increased emissions of certain targeted toxic species
(formaldehyde and acetaldehyde), but substantial reductions of these can be attained
by using a catalytic converter. The formation of ozone, not strictly speaking an ex-
haust emission but caused by the interaction of NO, and HC emissions in the presence

of sunlight, can be reduced by lowering the RVP, the Tgy and the olefin content of fuel.
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Table 1.1: Effect of fuel composition change on automobile exhaust emmissions

~ Change Change in exhaust emissions, %
Fuel parameter from to HC CO NO, ozone toxics"
aromatics, % 45 25 -6.5 -13.3 = = — =4+
MTBE, % 0 15 -5.5 —11.1 = = mmE oo
olefins, % 20 ) +5.8 = =61 —-10 = — ==
Tgg, °C 182 138 —-21.7 = 449 -10 - - —-
sulphur, ppm 450 50 -16.1 -12.9 -9.0 na na
RVP, kPa, 60 53 —45 =91 . - na
* Benzene, butadiene, formaldehyde, acetaldehyde, in this order

Note: = : no statistically relevant change

- : decrease

-+ : increase

na : no available data

Based on findings such as these, legislation and quality standards have been introduced
in a number of countries to regulate the composition of automobile fuel. Best known
are the 1990 Amendments to the US Clean Air Act of 1970 (CAA) and the “Cahier des
Charges Qualité des Constructeurs Frangais” guidelines (CCQCF) from France. The

main points to emerge were:

minimum fuel oxygen contents,

limitations on aromatics and olefin levels,

sulphur content restrictions and

e maximum RVP specifications. .-

Probably the most important feature of a fuel is its octane number. This number rep-
resents the combustion characteristics of a fuel; essentially, the higher the octane number

the more controlled a fuel’s burning. Prior to the introduction of the catalytic converter,
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heavy-metal octane enhancers such as tetraethyl 1eadv(TEL) or methylcyclopentadienyl-
manganese trica.rbényl (MMT) were blended into fuel to increase the octane number.
However, even small amounts of the heavy metals contained in TEL or MMT perma-
nently poisoned the catalytic converter and hence alternative methods to increase the

octane number had to be found. This was done by a combination of:

1. alkylation of light olefins (e.g. propylene and isobutene ) with isobutane,
- 2. alkylation of aromatics (e.g. benzene) with light olefins,
3. dimerisation of light olefins to produce polygasoline and

4. oxygenation of fuel by blending in alcohols and ethers.

However, the introduction of legislation such as the CAA or the CCQCF has sparked

renewed debate as to precisely which octane enhancement strategy to follow.

1.2 Alternative octane enhancement strategies

In the US market, currently almost 30% of all fuel sold falls within the guidelines of the
CAA [4], so-called reformulated gasoline. This fraction is expected to increase to 70%
by the year 2000 [2]. With specifically the aromatic and to a lesser extent the olefinic
content of fuel being restricted by legislation, alkylation and oxygenation are going to

become increasingly important in the octane enhancing strategy of the refiner.

Additional octane enhancing blending agents have to be found to take the place of'

- aromatics and olefinic oligomers. While it is not economical to transform the linear
alkanes in the gasoline pool to highér octane product, there are sufficient reactive olefins
available from the FCC unit on the refinery to satisfy both octane and oxygenate demand.

Presently, most C; and C, olefins are removed from the gasoline pool and re-enter it as
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alkylate, oxygénate or polygasoline product. In spite of the removal of the Cs and Cq
fractions, a significant portion of gasoline is still olefinic though, see Figure 1.2 {3, 5].

12

Content In gasoline, mass%

Cs Cs‘ _ Cs cr - Ce Cu G Cu
Carbon atom number

Figure 1.2: ‘The olefin content of typical FCC gasoline - by carbon number.

Currently most of the Cs »a.nd Cg olefins that are broducéd in the FCC units are left
in the gasoline pool. One of the solutions to- further increase octane numbers and reduce
the RVP of fuel is to reduce the _qua.ntify (typically about 20% by mass of gasoline) of
this low octane, high RVP olefinic product and to exchange it for high octane, low RVP
alkylate, i.e. also utilise the Cs and heavier olefin fractions for alkylation [3, 6]. |

Alkylate, however, does not contain any oxygen, a requirement under new legislation,
and thus oxygenated blending agents also have to be used [7]. The oxygenates which
have shown the most proinise as octane enhancing agents are alcohols and ethers. The

production of ethers and alcohols other than methanol and ethanol competes for the same

 light olefins used in the alkylation processes, i.e. the C; to Cs olefins. Any oxygenate |

blending agent would thus also have to fulfil an octane enhancing role. The properties of
currently used oxygenates, alkylate products and polymeric product are shown in Table
1.2 3, 6, 8,9, 10, 11, 12].

L)
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Table 1.2: Properties of common octane enhancing agents
Octane enhancer Octane number Blending RVP 0O; content Water

3(RON + MON)" kPa mass% solubility
Alkylate :
propylene 89 28 0 low
isobutylene 97 7 0 low
Dimers
propylene 90 28 0 low
isobutylene 101 7 0 low
Alcohols |
methanol 120 414 50 high
ethanol 114 124 35 high
IPA 109 ' 97 27 high
t-butyl alcohol 100 69 22 high
Ethers _
MTBE 109 56 18 low
ETBE ’ 110 28 16 low
TAME 105 14 16 low
DIPE 105 : 28 16 low

=

RON  Research octane number

MON Motor octane number -

Alcohols, whilst having higher octane numbers and being less expensive to produce
than ethers, have the disadvantage that they have a high blending Reid vapour pressure
and are highly water soluble. Furthermore, their use tends to result in greater NO, emis-
sions and increased engine corrosion [2|. Ethers on the other hand have shown excellent
combustion properties, have very low water solubility and do not affect automobile drive-
ability [12, 13]. Initial fears that explosive peroxides could form have been eliminated with
the inclusion of small amounts of inhibitors which prevent ether decomposition without
affecting exhaust emissions [10]. Also, ethers are considered to be non-toxic [10], though

some equivocal evidence of carcinogenicity has recently emerged from animal studies [14].
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Consequently, the oxygexia.te of choiqe has been an ether, methyl tert-butyl ether
(MTBE). It has been blended into fuel as an oxygenating and octane enhancing agent in
contents as high as 15% [13]. The production of MTBE has increased dramatically since
the first commercial plant, with a capacity of 60000 tons/year, was builf in Italy in 1973.
By the year 2000, MTBE production is expected to exceed 30 - 10° tons/year [13].

All the current industrially significant ethers are based on the reaction of C; to Cs
alcohols with Cy4 or Cs tertiary olefins over ion-exchange resins at moderate temperatures
and pressures. Of the 120 etherification plants in commercial operation at the end of
1996, 91 were based on catalytic distillation, see Figure 1.3, and the remainder on fixed-
bed technology [15, 16], see Figure 1.4. Incidentally, MTBE production was the first
commercial application of catalytic distillation [17], where conversions of isobutylene and

selectivities to MTBE greater than 99% are realised [13].

In recent years, MTBE production has had the upper hand due to the low cost of
methanol and the availability of isobutylene [10, 12]. Process improvements have, however,
allowed other tertiary ethers such as ethyl tert-butyl ether (ETBE) and tertiary amyl
methyl ether (TAME) to compete economically with MTBE.

The primary refinery source of the C4 and Cs olefins is the FCC unit and, while it is
poséible to increase the amount of these olefins produced by changing operating conditions
and using a different catalyst, it is unlikely that the full olefin demand for etherification
needs will be met in the near future [3. 5]. Consequently, interest is increasingly turning
to the conversion of even heavier olefins (Cs or C7) to ethers, e.g. the NExXTAME process
[18]. However, if one considers that propylene constitutes the largest light olefin fraction
produced in an FCC unit and that currently-almost half of all propylene is used to
make either propylene alkylate or polygasoline [9], one could also consider the option of
producing diisopropyl ether (DIPE) from propylene and water.



- 1.2. ALTERNATIVE OCTANE ENHANCEMENT STRATEGIES » 9
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Figure 1.3: Commercial catalytic distillation process for the production of octane en-
hancing ethers. (1) boiling-point reactor, (2) catalytic distillation column,
(3) alcohol extraction column and (4) alcohol and water recovery column.

Alcqhol Recycled alcohol
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Figure 1.4: Commercial fixed-bed process for the production of octane enhancing ethers.
(1) Adiabatic reactor, (2) isothermal tubular reactor, (3) ether extraction
column, (4) alcohol removal tower and (5) alcohol-water fractionator.
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1.3 DIPE synthesis

As the major by-product of isopropanol (IPA) manufacture, excess DIPE has been used
in fuel in limited quantities for many years [10, 19]. Large-scale production of DIPE
specifically for fuel oxygenation, however. necessarily means either diverting propylene

from some other use or generating additional propylene.

World-wide propylene production reached 40 million metric tons in 1996. Of this, 70%
was derived as a by-product of ethylene production, refineries contributed an additional
28% and propane dehydrogenation accounted for the remaining 2% [20]. Overall, 48% of
propylene was consumed in polypropylene synthesis and only 4% found its way into fuel.
Propylene utilisation in a refinery, however, differed significantly from this pattern, see

Figure 1.5 [2, 9, 20, 21].

World propylene consumption Refinery propylene consumption

Polypropylene - Petrochemical
48% 48%

Other
7% ~

Alkylate and
Folygasoline ..
4%

Other
Petrochemical
41%

Alkylate
6%

Figure 1.5: Comparison of propylene consumption: world-wide and on the refinery

In the typical US refinery 49% of propylene produced found its way into fuel as either
polygasoline or alkylate whilst 48% was put to petrochemical use. A large portion of
refinery propylene thus finds its way back into the fuel pool. Compared to the dimers

and alkylation products of isobutylene and isoamylene, see Figure 1.6, the products of
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propylene have poor fuel blending properties [6, 8, 11]. Propylene makes the lowest octane
alkylate product and consumes the largest amount of isobutane per barrel of fuel alkylate.
Propylene dimer also has the lowest octane number and has a significantly higher RVP
in comparison to the dimers of isobutylene and isoamylene. The advantages of DIPE
production over propylene alkylate or propylene dimer production are three-fold: firstly,
DIPE has superior fuel blending properties, see Table 1.2, secondly, it contributes to the
fuel oxygen pool and, thirdly, its production does not require isobutane. Accordingly, it
would be advantageous to free alkylation and dimerisation capacity for isobutylene and/or

isoamylene by redirecting propylene to DIPE production [10].

Alkylation with Isobutane Dimerization

97

Octane
number

075

87

Reld vapour
pressure, kPa

1.2

(=]

180-C, 150-Cy

Cs is0-Cy
Feed olefin Feed olefin

isobutane consumption”

* consumption per barrel of alyiate produced

Figure 1.6: Properties of alkylate and dimeric product derived from light olefins

Extensive tests have shown DIPE to have similar emission, combustion and driveabil-
ity properties to the other ethers [8, 9, 10, 11]. In addition, DIPE has the advantage
that it can be produced directly from water and propylene, not requiring the purchase
of alcohol from an external source as for the other ethers. Its production is thus not
subject to fluctuations in alcohol prices and it can be made entirely in-house. In addi-
tion, as mentioned previously, if current trends cbntinue, the demand for isobutylene and

isoamylene to produce ETBE, MTBE and TAME will outstrip the supply of these olefins
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in the near future [3, 5]. The expected oxygenate shortfall can be made up with DIPE

production, since no such shortages are to be expected with propylene.

Large-scale DIPE production is a novel process. It has thus far only been produced
as a by-product of IPA manufacture [10, 11, 19, 22, 23, 24, 25]. Indeed, the first licensed
DIPE process was simply an extension of existing propylene hydration technology [26],
see Figure 1.7. In the first reactor the IPA intermediate was synthesised from propylene

and water and then, in a second reactor, DIPE was produced from propylene and IPA.

Water Water-rich recycle
Propylene
! IPA-rich recycle
Py
@ @ . : DIPE
Light ends effluent

Heavy ends effluent

L
By

Figufe 1.7: Two-stage DIPE process. (1) IPA reactor, (2) DIPE reactor, (3) light ends
recovery, (4) azeotrope column and (5) DIPE-IPA splitter

In recent years, though, a number of companies such as UOP, Mobil and Texaco have -
licensed more economical DIPE processes (processes practically identical to those used
for production of the other ethers), where the hydration and etherification reactions take

place within a single reactor [27], within two reactors [28, 29] or which utilise catalytic
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distillation technology [26]. The feed to most of these processes is simply propylene
and water, though Texaco does offer processes using hydrogen and excess acetone from
phenol synthesis as the reactants [30, 31]. The first large-scale DIPE plant, based on the

single-stage UOP process, was expected to be commissioned in 1998.

With the exception of the acetone hydrogenation process which uses zeolites in the
etherification step, all other processes utilise ion-exchange resin catalysts and operate
at high pressures and low temperatures. Selectivities to DIPE are typically greater than
98% [8, 9]. Aside from IPA, the major by-products are the oligomers of propylene, though

these can virtually be eliminated by judicious choice of operating conditions.

Currently, though, economics do not favour DIPE synthesis. Based on 1996 methanol
prices, the cost of MTBE production has been variously quoted as lying between 0.72
$/gallon and 0.84 $/gallon [8, 4|. In comparison, an economic analysis of the one-stage
DIPE process of UOP predicted DIPE production costs of 0.98 $/gallon [8, 19], 17% to
36% more expensive. The cost of DIPE production is not expected to become cheaper
than the other ethers unless there are dramatic methanol or ethanol price increases.
Furthermore, in many markets, e.g. the European and Japanese, propylene is in short -
supply, practically the entire production being consumed by the petrochemical industry.
In this scenario, DIPE production is not feasible. However, economically its production
does become advantageous where propylene is used to produce polygasoline or alkylate,

where alkylation capacity is limited and where isobutane or MTBE prices are high.

One such region is the South African market. To comply with changing overseas
technology requirements, South Africa introduced lead-free gasoline in 1995. Currently,
MTBE is being imported to satisfy the oxygenate demand;but as the demand for unleaded
fuel grows, it will become more economical to erect local etherification plants. The Fischer-
Tropsch process produces large amounts of propylene, most of which is returned into the
fuel pool as alkylate or polygasoline. It would thus make sense to utilise this abundance

of propylene for DIPE production, especially since there is a scarcity of the tertiary C,4
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and Cs olefins and a limited supply of methanol.

Unless there are dramatic improvements in DIPE production costs, it is unlikely to
become a world-scale chemical and rival MTBE as an oxygenate and octane enhancer.
Rather, it could find a niche in localised producticmv where it could be used in concert

with the other ethers for fuel oxygenation.

1.4 4Objectives of research

Ultimately, the aim of any catalytic industrial process is to produce the desired product
as efficiently as possible. This not only involves maximising the catalytic activity but
also the selectivity to the desired product. In order to achieve this goal a comprehensive
understanding is required of each and every step in the reaction process. This involves
not only a knowledge of the effect of process parameters, but also an understanding of

the thermodynamics, the mechanisms and the kinetics of the system.

In spite of the increased industrial attention DIPE has received recently, limited data
on the process parameters, kinetics and thermodynamics have been published in the opén
literature. The objective of this study was thus to investigate the single-stage behaviour
of DIPE synthesis from a feed of propylene and water, wheré both the hydration reaction
to form IPA and the etherification reaction to form DIPE take place within the same
reactor over an acidic ion exchange resin catalyst, Amberlyst 15. The following factors

will be examined in g‘reatér detail:

e A thermodynamic analysis of the DIPE system focussing in pa;t;ula; on the chem-

ical and phase equilibrium behaviour.

e The effect of process parameters on DIPE synthesis with a view to determining the

optimal synthesis conditions.
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¢ The mechanism of DIPE synthesis over an ion-exchange resin catalyst.
o The kinetics of DIPE synthesis over an ion-exchange resin catalyst.

e Formulation of an all-encompassing reactor model, that incorporates the phase,

mechanistic and kinetic behaviour of the system.
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Chapter 2

Thermodynamics of DIPE synthesis

2.1 Introduction
2.1.1 Phase equilibrium thermodynamics

When modelling any system in which phase separation occurs, it is important to have an
accurate method of calculating the amount of each phase present and the concentrations

of each component in every phase

The most accurate method to determine the phase or vapour-liquid behaviour of a
system is from experimental data measured at the temperature and pressure in question.
However, measurement of vapour-liquid equilibria generally requires highly sophisticated
equipment, making this approach unfeasible for the majority of projects and necessitating
the use of literature data. Failing literature data, the remaining option is to predict phase
equilibrium. Since minimal multicomponent vapour-liquid data are availablé, prediction of
such equilibria should preferentially be based upon binary mixing data of the species in the
system which, through the use of applicable models, is extended to the multicomponent

system at the conditions of interest.

It will be shown in Chapter 3, that the octane enthancer DIPE can be synthesised

17
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at high pressure (20 - 100 bar) and moderate temperature (80 - 140°C) from water and
propylene via the intermediate IPA. The DIPE system is a quaternary system contain-
ing: water, propylene, the intermediate IPA and the desired product DIPE. These four
compounds form a highly non-ideal system covering a range of polarities from apolar
propylene to highly polar water; propylene is super-critical at temperatures above 92°C

and water is only partially miscible with both propylene and DIPE.

This system can form up to three fluid phases - a vapour phase, an aqueous liquid
phase and a hydrocarbon-rich liquid phase. Due to a lack of experimental multicomponent
data, determination of phase equilibrium in the DIPE system has to be predicted by
models based on binary vapour-liquid equilibrium data. A judicious choice of such a
thermodynamic model is required to extend the binary experimental data to the mulfi-

component system at the temperature and pressure under consideration.

Considering the amount of interest shown in tertiary ethers as octane enhancers in
recent years, it is surprising that almost no information on the vapour-liquid behaviour
of these systems has been published. But, since all the traditional ethers are synthesised
either in a purely vapour environment at ldw pressure, or at high pressure in a completely
liquid environment, the problem of phase separation never occurred. Those authors who
have considered thermodynamic non-idealities in their systems, have only considered the
non-ideal liquid-phase.behaviour of ether synthesis and have modelled this with corre-
lations such as UNIFAC or UNIQUAC [32, 33, 34, 35]. In none of these studies was a

vapour phase present in the system.

One of the few authors to have considered the issue of vapour-liquid phase equilibrium_
in an olefin-water-alcohol-ether system was Cope [36]. Whilst the predictions of chemical
equilibrium from the model proposed by the author have proven to be fairly accurate, the |
method of determining phase equilibrium is not overly useful for determining the liquid-
phase composition, since it was assumed that the concentration of olefin in the liquid

phase was negligible.
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An improved method of predicting phase equilibrium thus had to be found. ~ It is
especially important to utilise a model which can accurately represent the system at its
least ideal state, i.e. being able to predict the phase compositions of the highly asymmetric
water-propylene mixture. The modern approach to solving problems of this nature is
through an equation of staté which can represent the pure components accurately. To
compensate for mixture non-idealities use is made of so-called mixing rules, which usually
contain empirical mixing parameters obtained from the regression of binary experimental

data.

Many authors have tackled the water-light hydrocarbon problem and a variety of mix-
ing models have been proposed to correla.te these. Two of the more recently developed,
for example, are those of Carroll and Mather [37] and Economou and Tsonopoulos [38]
which deal mainly with water-alkane systems. These types of models aré, however, typ-
ically only specific to a certain system and are thus not ordinarily applicable to systems
different from the ones for which they were developed. Possibly less accurate, but more
useful, are general mixing rules such as the ones of Wyczesany [39] and Wong and Sandler

[40] which apply to practically any given system.

Wyczesany [39] modelled the vapour-liquid behaviour of the water-propane-propylene-
IPA system. A novel mixing rule was proposed, which was to be used with the Peng-
Robinson-Stryjek-Vera (PRSV) equation of state [41, 42]. This model appeared to corre-
late the difficult water-propylene and water-IPA systems. Unfortunately, DIPE was not
included in the study, nor was the extrapolation ability of the mixing rule to different tem-
peratures and pressures shown. In 1992 Wong and Sandler [40] introduced a theoretically
correct mixing rule which has since been shown [43] to be able to correlate even highly
non-ideal systems over large ranges of temperature and pressure. However, its ability to

model the difficult water-propylene system has yet to be demonstrated.

The four compounds in the DIPE system form six binary mixtures: water-propylene,

water-IPA, water-DIPE, propylene-IPA, propylene-DIPE and IPA-DIPE. For two of these
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binaries (water-propylene and water-IPA) experimental data has been published at the
reaction conditions for DIPE synthesis of 80 to 140°C and 20 to 100bar. For three of
the remaining binaries experimental data has only been published at a pressure of 1 atm
whilst for the propylene-DIPE system, no experimental data has been pﬁblished at all.
For the three binaries in the DIPE system measured at atmospheric pressure, one thus has
to make use of a mixing rule and an applicable equation of state capable of extrapolating
the data from the conditions at which they were measured to the conditions at which
the reactions occurred. The only option for the calculation of the remaining binary is to

predict the phase equilibrium.

Predicting phase equilibrium for many mixtures remains problematic. However, pre-
~ dictive liquid-phase activity coefficient models ’such as UNIFAC have been shown to be
accurate when dealing with nonpolar systems of hydrocarbons [44, 45] at low pressure.
Fdrtunately, the propylene-DIPE binary consists of the two least polar compounds, i.e.
one can expect it to be the most ideal of the six binaries. At low pressure and temper-
atures below fhe critical temperature of propylene, UNIFAC should thus be able to give
a reasonably good representation of the liquid mixing behaviour. At these conditions
the vapour phase can be considered practically ideal. This allows the calculation of low
pressure “pseudo-experimental” data from which mixing parameters can be regressed. As
in the case of the three binaries measured at atmospheric pressure, as applicable mixing

still has to be used to extrapolate this “data” to high pressure and temperature.

Under the experimental conditions reviewed in this project, the liquid-liquid phase
split was never observed to occur - IPA acted as a mutual solvent - and so, to simplify the
modelling, the phase equilibrium problem was treated solely as a vapour-liquid one instead
of a vapour-liquid-liquid one. The multicomponent phase equilibrium of the DIPE system
~ will be modelled by one of three models. The mixing rules of Wyczesany [39] and Wong
and Sandler [40, 43] together with an applicable equation of state such as PRSV [41] will

be examined for their ability to fit pure and binary experimental data and to extrapolate
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them to reaction conditions. Also, the UNIFAC activity coefficient correlation will be

used to predict the propylene-DIPE binary for which no literature data is available.

2.1.2 Simultaneous chemical reaction and phase equilibrium in
the DIPE system

When a system is at chemical equilibrium, every reaction taking place within the system
must itself be at equilibriurn. In the DIPE system the major reactions are the hydration
of propylene and the subsequent etherification of IPA to form the title ether. Chemical
reaction equilibrium in this system can consequently be classified broadly into hydration
equilibrium and etherification equilibrium. The former having been studied extensively

by a number of authors, whilst practically no information is available for the latter.

2.1.2.1 Propylene hydration

Some of the earliest work undertaken in the study of propylene hydration was that of
Majewski and Marek [46]. Extensive liquid- and vapour-phase reaction equilibrium mea-
surements were performed at temperatures between 160°C and 290°C and pressures from
95 to 503 bar. This wa.é followed by a thermodynamic analysis of the reaction. The prin-
cipal reaction was that between propylene and water to form IPA. As one would expect
from an exothermic reaction accompanied by a contraction in the number of moles, it was
found that high pressures and low temperatures favoured IPA yields. Limited amounts
of side-reactions were reported: at temperatures below 210°C the major by-product was
DIPE and above 210°C the dominant side reaction was propylene oligomerisatioﬁ. The
authors were unable to quantitatively assess the extent to which these side reactions had
occurred. In spite of the significant scatter which is evident in the data and the oc-
currence of the abovementioned side reactions, the authors were still able to correlate
the equilibrium constants and calculate the free energy change for the liquid phase re-

action. Unfortunately, the equilibrium data was reported in terms of the liquid-phase
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concentration-based equilibrium constant, K., which makes further use and extrapola-
tion to different systems difficult without extensive recalculations using thermodynamic

models such as those being investigated in this study.

Petrus et al. [47] also reported.cher.nical equilibrimh for propylene hydration data in
terms of a concentration-based equilibrium coefficient. In this case chemical equilibrium
was measured in a highly dilute aqueous phase at a pressure of 90 bar and temperatures
between 100°C and 140°C. The equilibrium constants were thus reported independent
of the water concentration, which being in large excess, was considered to be constant.

Once again, it is difficult use this data without extensive recalculation.

A number of authors [22, 48, 49] have reported propylene hydration chemical equilib-
rium measurements in terms of the fractional conversion of propylene at a given temper-
ature and pressure. However, since neither phase compositions nor initial concentrations
are stated it is not possible to determine the equilibrium constant. Without this knowl-

edge, this data is essentially unusable.

In his review on hydration and hydrolysis reactions by solid acids, Izumi [50] givés an
empirical correlation of the partial pressure based equilibrium constant, K, for propylene
hydration which was. obtained from regression of the experimental equilibrium data of
Stanley et al. [51] and Schiffler et al. [52]. It is important to note, that whilst no range
of applicability is given for the correlation, extrapolation outside of the measured ranges
by empirical correlations can be highly inaccurate and should be avoided. In this case,

the “safe” range can be assumed to be 115°C to 275°C.

In light of all the above experimental measurements, extrapolation and especially
prediction still remain a problem. This is particularly so, since a variety of different
equilibrium constants are used to report data. One study which attempted a prediétive

calculation of chemical equilibrium was that of Cope. [53].

Cope and co-workers [36, 53, 54] performed extensive thermodynamic measurements
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and predictive calculations in the hydration of the lower olefins. In the first paper of the

series [53] two important points emerged:

1. When measuring hydration equilibrium it is vital to include the possibility of et.herl
" formation. If it cannot be shown conclusively that ether formation is not a factor
and this is then not factored into the calculations, any equilibrium data must be

seriously questioned.

2. The large mixing non-idealities in the olefin-water-alcohol syétem cause significant
errors when predicting chemical equilibrium by conventional predictive mixing rules.
This can be overcome through the use of reliable vapour-liquid equilibrium data to

allow calculation of the mixing non-idealities at the conditions in question.

Following these guidelines, it was shown that chemical equilibrium in ethylene [55],
propylene [54] and butylene [36] hydration could be predicted with high accuracy. The
data from the studies of Majewski and Marek [46], Stanley et al. [51] and Schiffler et al.
[52] together with the chemical equilibrium- correlations of Izumi [50] and Cope [54] are
shown in Figure 2.1.

Unfortunately, in view of the simplifying a.séumptions made in the calculation of chem-
ical equilibrium, the method of Cope cannot be used for low temperature / high pressure
predictions. The most important assumptions in the method were those of the Lewis-
Randall rule for the gas phase and the insolubility of the 61eﬁn in the aqueous phase.
Whilst the former assumption is not critical, the second one only holds with reasonable v
accuracy at high temperature where the extent of IPA formation is limited. At high
pressure and low temperature, the equilibrium is shifted significantly towards alcohol for-
mation. A significant portion of the liquid phase is thus alcohol and the solubility of
the olefin therefore increases dramatically. Any model used to account for simultaneous

hydration reaction and phase equilibrium would also need to account for olefin solubility

in the liquid phase.
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Figure 2.1: Literature chemical equilibrium data and correlations (see Section 2.2.5
for the definition of K;) '

2.1.2.2 Diisopropyl ether synthesis

The only known study of the chemical equilibrium of DIPE formation is that of Petrus
et al. [47]. As for the work on propylene hydration by the same authors, chemical
equilibrium was measured in a highly dilute aqueous phase at 90 bar, between 100°C and
140°C. As already mentioned, the concentration-based chemical equilibrium constant
was ;eported independent of the water concentration, which was in large excess and

thus considered to be constant during reaction. This method of reporting the equilibrium

constant, unfortunately, makes it very difficult to transfer it to other systems as it becornes =~

~a strong function of the propylene to water ratio due to large mixing non-idealities.

Cope [36] in his study on the prediction of hydration equilibria, briefly touched upon
the subject of DIPE formation and the importance of considering it in chemical equi-

librium calculations. These predictions, however, were limited to the vapour phase at
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high temperature and pressure, and as such cannot be compared to the results of Petrus
et al. [47]. Also, as noted before, the method used to determine the chemical equilib-
rium phase compositions could not be used in the present system since propylene was

considered insoluble in the liquid phase.

Significant effort has been spent on the calculation of chemical reaction equilibria in
the liquid phase synthesis of the traditional octane enhancing ethers. The equilibria of
isopropy! tert-butyl ether [56], TAEE [57], MTBE [32, 58, 59] and ETBE [58, 60, 61]
have all been considered. In every case, however, the basic method of determining the
equilibrium distribution was identical, being based either on the UNIFAC or UNIQUAC

activity coefficient models. This method works particularly well for these systems since:

e the systems are purely organic with a limited range of polarities and consequently

relatively small mixing non-idealities
e all compounds are sub-critical at synthesis conditions and

e the systems are purely liquid phase

In the case of single-stage DIPE synthesis none of the above statements holds due
to the presence of water, super-critical propylene and vapour-li&ﬁi;i phase separation.
This method can thus not be applied, and a model is needed to correlate the phase
thermodynamics of the DIPE system. The PRSV equation of state together with either
the Wyczesany or the Wong-Sandler mixing rule will be examined for their ability to

calculate and/or predict chemical equilibrium in the DIPE system.
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2.2 = Thermodynamic theory

2.2.1 Pure component thermodynamics

2.2.1.1 Pure component properties

Generally, the best way to determine pure component properties is from high quality
experimental data or,. failing that, from thermodynamic compilations based on experi-
mental results. Due to the almost infinite variety of compounds and the large number
of thermodynamic properties, it is clearly not practical to determine experimentally all |
the properties of eirery species. Attempts have thus been made to reduce the required
set of data to a minimum, from which the remainder of the thermodynamic properties of -

a pure compound can be predicted using the relevant thermodynamic theory. Typically,
' attempts are made to determine the properties of a fluid from a small subset of prop-
erties, these being the critical temperature, pressure and volume, the accentric factor,
the enthalpy and Gibbs free energy of formation and heat capacity data. This is usually
sufficient to predict the majority of properties of a pure fluid accurately. Data of this sort
can be found in a variety of thermodynamic property databases [44, 45, 62, 63, 64, 65].
" The thermodynamic pfoperty source wlﬁ;h was used throughout this project was Phys-
ical and Thermodynamic Properties of Pure Fluids by Daubert and Danner [62], since
all literature data sources had been reﬁorted, analysed and evaluated. For comparison
purposes, data from the other sources mentioned above have also been included. The

pure component properties for the DIPE system are given in Appendix A.

The most commonly used method to determine the pressure, temperature and volume
behaviour of a species is through the use of an equation of state. The first such was the

~ ideal gas equation of state
PV =NRT (2.1)

which as the name suggests, only applies to the hypothetical ideal gas. As a rule, real
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compounds, do not usually behave as ideal gases and thus morev complex equations of state
have to be employed. The use of a single equation of state to reproduce thermodynamic
properties of real compounds and mixtures (in vapour, liquid or solid phases) has been
the goal of thermodynamicists for over a century. Since van der Waal introduced his
equation of state in 1873, literally hundreds of such equations have been proposed. The
most popular of these for engineering design predictions are the cubic equations of state,
owing to their accuracy and algebraic simplicity. These equations of state predict fluid
behaviour not from experimental data, but from critical properties. One of the most

popular cubic equations of state is the Peng-Robinson (PR) equation of state.
2.2.1.2 The Peng-Robinson equation of state

The Peng-Robinson (PR) equation of state, a derivative of the van der Waals equation,
was proposed by Peng and Robinson in 1976 [66] as a volumetric equation of state capable
of accurately predicting changes in a fluids’ internal energy, enthalpy and entropy. It is
a semi-empirical, cubic equation of state intended mainly for hydrocarbons and other
non-polar species. The general form of the equation is

RT a(T)

P=c—" — —— — (2.2)

V-b V(V4+b+bV -0

where
2

RT? T

a(T) = 0.45724 2 lil + K (1 - E) (2.3)
RT,

b= 0.07780 2 (2.4)
k= 0.37464 + 1.54226w — 0.26992w° (2.5)

For each pure component the PR equation requires the critical temperature and pressure,
T. and F,, as well as an additional parameter, the accentric¢ factor w. These have been

determined for a large variety of compounds by many authors.
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As mentioned, however, the PR equation was originally intended to handle nompolar
and slightly polar compounds only. Recent modifications to the PR equation of state
have, however, dealt with problems involved in the computation of the properties of polar

specieé. One of these modifications is the PRSV equation of state [41, 42].

2.2.1.3 The Stryjek-Vera improvements on the Peng-Robinson equation of
state »

The Peng-Robinson-Stryjek-Vera (PRSV) equation of state is a semi-empirical, cubic
equation of state which can be used with reasonable accuracy for both polar and non-
polar components. It extends the range of applicability of the PR equation of state by
including an additional parameter for the calculation of the temperature dependent term.
The PRSV equation is especially useful for the computation of vapour-liquid equilibria
in super-critical and high pressure regions and for the computation of the properties of

polar species.

Basically, the PRSV equation of state .has the same form proposed by the PR equation,

namely
RT '
pAT ___ oD (2.6)
V-b VIV +b+bV -0 ,
Once again, a and b are given by
272 :

a(T) = 0.457235R L. a(T) (2.7)
b = 0.077796 R};F - (2.8)

The difference in the PRSV equation lies in the evaluation of the temperatiire dependent
term, o(T"), where an additional empirical pure-component parameter, ,, is introduced

for greater accuracy.

oT) = {1 +r(1- Téﬂ | (2.9)
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T
Tp = — 2.10
R=T - (2.10)
1
K = Ko+ K1 (1 + T,g) (0.7 — Th) (2.11)
and
Ko = 0.378893 + 1.489715w — 0.171318w? + 0.019655w* (2.12)

As for the other parameters, the value of x; is specific to each component. Stryjek & Vera
[42] have determined the value of this parameter for a number of pure compounds from
regression of vapour pressure data. It has been shown [42] that whilst the PR equation
predicts pure component vapour pressures for polar compounds with an average error
of +10% compared to experimental data, the modification introduced above reduces the
error in vapour pressure prediction to within £1%. The improvements in pure component

predictions for oxygen and water are shown graphically in Figure 2.2 [42].
2.2.1.4 The pure component fugacity

Fugacity is one of the most important thermodynamic functions. The fugacity function
is used because its relationship to the Gibbs free energy simplifies phase and chemical

equilibrium calculations. Formally, for a pure compound, ¢, the fugacity, f7, is defined as

—=e —=IG
FH(T, P) = Pexp {G" (Z.P) ;TG i (1LP) } (2.13)

where the superscript IG refers to Ideal Gas and R is the gas constant. This can be

shown to equal

(T, P) = Pexp {R—; /OP (Vi - ‘EPZ) dP} (2.14)

such that 7 — P as P — 0.

As always, the simplest method to solve for the pure compound liquid- or vapour-

phase fugacity is from experimental data. However, these are not always available at the
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Figure 2.2: Percent deviations in the vapour pressure of oxygen and water calculated
by the Peng-Robinson (PR) and the Peng-Robmson-StryJek-Vera (PRSV)
equations of state. ‘

required conditions and thus a number of alternative methods are used. In general, the
most accurate method to solve for the pure compound liquid- or vapour-phase fugacity is
through the use of an applicable equation of state which can represent the pure component
vapour pressure data accurately. One starts from the thermodynamic relationship of Eq.
2.14. If one now introduces the phase compressibility, Z;, to account for deviations from
ideal gas behaviour, such that

PV,
RT

Z; = (2.15)

and one changes integration variables, since most equations of state are pressure explicit,

. then

ZR'I‘

In (f;*p) - ] (_ P)dvi-an,--}—(Zi—l) @16)

Vi=oo
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Now, one can solve, for example, the PRSV equation of state (Eq. 2.6) for the compress-

ibility, to give

Z3-(1-B)Z*+(A-3B*-2B)Z—~(AB-B*-B* =0 (2.17)
where
aP Pb
— =22 1
A s ad B=om (2.18)

The smallest real root of this equation, Z%, is the high density root and is used for
the liquid phase, whilst the largest real root, ZV, is the low density root and should
correspondingly be used for the vapour phase. The pressure explicit form of the PRSV
equation of state together with the relevant value of the phase compressibility can now

be substituted into Eq. 2.16 to solve for the species fugacity of the pure compound.

The pure component fugacity coefficient is now defined as the ratio of the species

fugacity, f?, to the system pressure, P, i.e.

~¥:
b, = 5 (2.19)

which is purely a measure of a species deviation from ideal gas behaviour. Clearly, if a
species is an ideal gas, then ¢, — 1. The further ¢, deviates from unity, the less ideal

the species.

2.2.2 Mixture thermodynamics

2.2.2.1 Introduction )

In mixture thermodynamics one not only deals with pure component non-idealities, but
also with non-idealities caused by interactions between the compounds in the mixture.
Thus even though the species in a mixture would in the pure form behave in a given way,
in a mixture they may behave completely differently. To account for these differences
from ideal mixing behaviour, a quantity analogous to the pure component fugacity has

been introduced. This quantity is called the partial molar fugacity.
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2.2.2.2 Partial molar fugacity

The partial molar fugacity of a species in a mixture, with reference to the Ideal Gas

Mixture, can now be introduced as

Y2 —=IGM
G.(T, P i) = G, T. P, ;
f:(T’ P, -'Ei) — fL'iP exp { 1( 3 45 T ) RT-; ( . T )}

(2.20)

It is most conveniently obtained from an equation of state capable of describing all the
pure components in the mixture in conjunction with a mixing rule which accommodates
any mixing non-idealities. The latter is, however, where the major difficulty in phase
equilibrium calculations lies. Whilst describing pure component behaviour is reasonably
straightforward, obtaining a good description of the mixing behaviour is extremely dif-
ficult, especially in highly non-ideal systems and in the liquid phase. If, however, one
has an equation of state capable of describing the mixture, reformulation of Eq. 2.14,

analogously to Section 2.2.1.4, gives

Ve ZiRT
Laay =
1 RT oP -
* =z, P —_— — ~N |dV -InZ 2.21
fi=zPep{ o= _/ > <5M)T,V,N,,,éi , (2.21)
V,‘:OO ‘

One can now substitute the pressure explicit form of the equation of state and solve for
the partial molar fugacity. This equation of state approach works particularly well for
the calculation of vapour-phase partial molar fugacities since the mixing non-idealities
are smaller than in the liquid phase, and are thus easier to describe. The calculation of
the liquid-phase partial molar fugacity from an equation of state, as mentioned above,
1S ofﬂen'very difficult and a common approach is to define an activity coefficient, ~;,
which accounts for mixing non-idealities. It is a function of temperature, pressure and -
mixture composition. The activity coefficient can be calculated from a variety of mostly
| empirical activity coefficient models such as van Laar, UNIFAC or NRTL. Using the

activity coefficient, the liquid phase partial molar fugacity can be calculated from

fi"L = zi’Y:‘f;’L ' (2'22)
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Two approaches are thus evident for calculating the péxtial molar fugacities of ‘s'becies
in a mixture. The -equatiorll of state apprbach, where both vapour and liquid phases are
described by an equation of state, or the equation of state-activity coefficient approach,
where the liquid phase is described by an activity coefficient model and the vapour phase

by an equation of state.

2.2.2.3 Partial molar fugacity calculation from the Peng-Robinson-Stryjek-
Vera equation of state

To obtain the partial molar fugacity of a species in a mixture, one uses Eq. 2.21, i.e.

7. ZiRT
1

Vi=Zig
*=g,P —
pespeo) d |

V,"—'—‘OO

ﬁ_f - N <6P) dV—-InZ (2.23)
Vv ON: ) 1vim,

where the liquid compressibility, ZZ, is used for the liquid phase partial molar fugacity and

the vapour compressibility, Z", is used for the vapour phase partial molar fugacity. One
now has the option of either integrating numerically or obtaining an analytical solution
for each mixing rule. The parameters, a and b, of the equation of state, defined by the
mixing rule, are only functions of temperature, T, and the total number of moles of each
species in the system, NN;, and are thus constant for the integration. If one normalises the
number of moles, i.e. the total number of moles in the system, Ny, is 1, then the solution
to Eq. 2.21, in terms of the mixture fugacity coefficient, ¢, = ;{{"F, can be derived to give
Eq.’s 2.24 and 2.25 below. See Appendix B for the full derivation.

_Bb+b ' bP a Z+(1+\/§)%%] <@~8b——b)

Ing, = ——(Z~1)~In(Z — - —
=D ) R ™ Z (v 2 | \e T b
(2.24)
where
Oa Ob
Ja = < ) and  Ob= (—) (2.25)
ON; TV, Ny ON; TV Ny

All that remains now is to determine the partial derivatives da and 8b. These quantities

can either be obtained analytically by differentiating the respective mixing rule or, should
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this prove difficult, can be obtained from a suitable numerical differentiation scheme, e.g.
5-point Lagrange interpolation about the point of interest. Now, the value of the partial
molar fugacity can be determined for any component in a mixture, provided the equation
of state can predict the pure component properties and the mixing rule can correlate the

mixing non-idealities, i.e. calculate the values of a and b for the mixture, accurately.

2.2.2.4 The UNIFAC predictive activity coefficient model

As mentioned in Section 2.2.2.2, it is often difficult to describe the non-idealities inherent
in liquid mixtures accurately with an equation of state and a mixing rule. Consequently,
an activity coefficient is defined which accounts for the liquid non-idealities. The activity
coefficient can be calculated in a variety of ways: either from experimental data, from
correlations which fit experimental data such as Wilson’s equation, UNIQUAC or NRTL,
or it can be calculated from purely predictive activity coefficient models such as UNIFAC.

Due to the infinite number of possible mixtures, frequently few or no mixture data are
at hand and it is necessary to estimate activity coefficients from some suitable correlation.
The few available correlations are all essentially empirical. The most useful of these, being
applicable to the widest range of mixtures and generally being the most accurate is the

UNIFAC (UNIQUAC Functional Group Activity Coefficient) model.

In 1977 Fredenslund, Gmehling and Rasmussen [67] introduced a predictive activity
coefficient model based on the UNIQUAC (UNlversity QUAsi Chemical) model of Abrams
and Prausnitz [68] called UNIFAC. Like UNIQUAC, the UNIFAC predictive activity
coefficient model is based on the solution-of-groups concept. This theory imagines a
mixture as consisting of a “soup” of structural groups originating from the compounds
in the mixture. The activity coefficients of the species in the mixture are then related to

interactions between the structural groups in the “soup”.

One thus uses experimentally obtained activity coefficients to yield a reduced set of
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parameters characterising interactions between pairs of structural groups, which can then
be used to predict the behaviour of unknown systems containing these same structural
groups. This allows a reduction in the number of experimental bhase measurements by
many orders of magnitude, since a few structural units can be used to represent a large

variety of molecules.

The UNIFAC model has been found to be fairly accurate for the prediction of the
activity éoefﬁcients of species in mixtures of apolar hydrocarbon species. If components
in the mixture are polar, the pressure is greater than about 10 bar or the reduced tem-
peratures of any of the species in the mixture is greater than approximately 0.85, the

accuracy of UNIFAC is known to deteriorate significantly [45].

In the UNIFAC model the molecular activity coefficient is separated into two parts:
one part provides the contribution due to the differences in molecular size (combinatorial),

and the other provides the contribution due to molecular interactions (residual), i.e

Iny, =In~v° + Inyk (2.26)
where
®,
Inv¢ = ln — + qu ln Z z4l; (2.27)
and
R _ (@)
= 3 o (ln I — In ¢ ) (2.28)
: k,all groups .
also
-, .
k=35 (ri—a)= (= 1) z2=10 (2:29)

InTy = O |1—1In (Z ) Z %)@‘I'%  (2.30)

m
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Qi T _ Tt (2.31)
91- — (Dz‘ =
> 4T 2. 7%
7 b
T = Zv,(:)Rk’ g = z 'U]Ej)Qk (2.32)
. k k
@m—m ‘I‘mn—eXP( T) . ( )

In these equations Ry represents the functional group volume and Qk- the functional group
area whilst a is a measure of the energy of interaction between functional groups m and
n, where Gmn # Gnm. These four parameters have been measured for a large number of
functional groups and are available in literature [44, 45]. The values of these parameters

for the DIPE system are given in Appendix C.

When using the UNIFAC model, one first identifies the functional subgroups present
in each molecule ﬁsing a current list from literature. One then evaluates the r; and g; for
each species in the mixture, where v,(:) is the number of functional groups of type k in
molecule ¢ and z; is the mole fraction of species 7 in the mixture, The combinatorial term
of the activity coefficient, In¢, is now evaluated from Eq. 2.27 where the summations

used for calculating 6;, ®; and finally In¥ are over all species in the mixture.

The residual contribution, In v, to the activity coeflicient is calculated from Eq. 2.28,
where T’y is the residual contribution of functional group k in the mixture and 1",(:) is
the residual contribution of functional group k in a pure fluid of only species i. When
calculating I'y from Eq. 2.30; X is the mole fraction of functional group m in the
mixture of all functional groups present in the mixture and the surnmations are over all
the functional groups in the mixture. For FS:), X refers only to the mole fraction of
functional group m in molecule ¢ and the summations are only over the functional gfoups

in molecule 1.
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2.2.2.5 Mixing rules

There have been sigﬁiﬁcant improvements in the accuracy of cubic equations of state for
the prediction of pure component properties over the last two decades [43]. However,
the same cannot be said for the calculation of the properties of mixtures, particularly
in respect to phase separation. To extend equations of state capable of predicting the
pressure, volume and temperature properties of pure fluids to being able to predict the
same properties for mixtures, they must be modified to include the additional variable of
mixture composition. In almost all cases [44] this is done by introducing a set of empirical

mixing rules which in some way “average” pure component constants.

The mixing rules originally proposed by van der Waals for his equation of state literally
averaged the pure component parameters a; and b, In addition, to accouht for non-ideal
mixing, a purely empirical so-called binary interaction parameter, k;;, was introduced.
This mixing rule was formulated as

Omiz = i i T;T;04; ' (2.34)

=1 f=1

bmiz = Z z;b; ' (2.35)
g=x]

Ayj = ,/aiajkij oor Qi = ,/a,-aj(l - k,‘j) (236)

The binary interaction parameter was symmetric, i.e. k;; = k;;, and the form of Eq. 2.36
stipulated that self-interaction was either unity, i.e. k; = 1, or zero, k; = 0. Furthermore,
the binary interaction parameters were deemed independent of temperature, pressure and

mixture composition.

The values of the binary mixing parameter were obtained from regression of experi-

mental data for each binary pair in the mixture. However, the conventional single binary
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interaction parameter mixing rule of van der Waals, though useful for nonpolar hydro-
carbon mixtures and supercritical inorganic gases such as carbon dioxide has not proven
to be suitable for even moderately non-ideal systems [43] containing water and apolar

hydrocarbons for example.

A number of authors have since addressed the problem of improving the accuracy of
mixing rules for a variety of systems. Two, which have been shown to be widely applicable,

are the four-parameter mixing rules of Wyczesany [39] and Wong-Sandler [40].
2.2.2.6 The Wyczesany-Stryjek-Vera mixing rule

In the Wyczesany modification [39] to the Stryjek Vera mixing rules, the equation of state
Qmiz and bn,;; parameters are calculated from mixing rules with a very similar form to
that of van der Waal’s original proposals. The only differences being that k;; is no longer
.symmetric and that it has become a function of temperature. Thus,

bmiz Z bz (2.37)
and
Uiy = zz:z; z;(a;a;) % T:ki; — ki) (2.38)
Where k;; and k;; are defined as
o k:(z)
kij = ki + % .
i (2.39)
(1 k(2) '
kji = kji’ + == ' .
T (2.40)
The four empirical parameters kzj , kff , k(l) and k(2 are determined from regression of

- experimental data, where possible. If no experimental data is available for regression,
UNIFAC predictions of the vapour-liquid equilibrium at low pressure, where it is suppos-
edly exact, can be substituted as “pseudo-experimental” data. These parameters must

be obtained for each binary pair in a mixture.
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2.2.2.7 The Wong-Sandler mixing rule

In 1992 Wong and Sandler [40] introduced a mixing rule that provided a theoretically link
between equations of state and excess-free-energy models (activity coefficient models). It
allows the correlation of vapour-liquid equilibrium for a wide variety of mixtures over a
large range of pressures and temperatures [43]. In the Wong-Sandler mixing rule, the basic
equations for the calculation of the mixture parameters, a,,;; and b, in the equation of

state are

;;m,xj ( _T)‘L]

(2.41)

bmi:c =

CRT Z Tigrh

a"“-" = Z (2.42)

m

where AF is a Helmholtz excess-free-energy term, a; and b; are the equation of state
parameters and C is a constant dependent on the equation of state selected. For the PR

and PRSV equations of state, it can be shown that
C=-imn (\/i - 1) = ~0.623225. .. (2.43)
V2

In this mixing rule, the mixing parameters are those of the excess—free—energy model, AF,

and the binary interaction parameter k;;. The cross-product of Eq. 2.41 is given as

(-5, - 85 - e

Now, an excess-free-energy model needs to be chosen. Orbey and Sandler [43] recommend

using the modified NRTL form of Huron and Vidal [69].
Z z;GjiTji

RT Z Z:vk » (2.45)

where

Gij = by exp(—ai;Ti;) | | (246)
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Thus, since a;; = j;, this mixing rule introduces 4 parameters per binary pairn in the
mixture. They are the binary interaction parameter, k;, and the excess free energy
parameters a;, 7:; and 7;. Once again, these can either be obtained from fits to existing
experimental data or they can be regressed from “pseudo-experimental” data calculated

from predictive methods such as UNIFAC.

2.2.3 Phase equilibrium thermodynamics

2.2.3.1 The necessary condition of phase equilibrium

Phase equilibrium thermodynamics answers the question: If the total mole fractions in
the system, z;, the temperature, T, and the pressure, P, are known, what are the mole
fractions in phase I(z{,z}...z!), phase II(z}!,z4 ... z!1), phase I1I(zi", i1 .. 2llT),
etc.? This could involve a vapour phase and a single liquid phase, two liquid phases or a

complex system of a vapour phase, multiple liquid phases and even solid phases.

The ability to answer the question posed above with reasonable accuracy has gained
importance in recent years due to the increasing awareness of the financial impact of
the improved prediction of phase behaviour. Though phase equilibrium has been studied
for a long period of time, most of the early work wa.é driven by the petroleum industry.
Consequently until lately, only systems of relatively apolar hydrocarbons énd certain

inorganic gases could be described accurately, and then only with semi-empirical methods.

This field of research has now advanced to the state where it is possible to calculate
phase equilibrium behaviour of the majority of Systerns to reasonable accuracy, provided
some mixture data is available. The correlation of the behaviour of many mixtures,
and especially the prediction of unknown systems, though, still remain a major problem,
particularly so with highly non-ideal mixtures composed of .non-polar and polar sbecieé,

with liquid-liquid equilibrium and with mixtures involving super-critical species. -
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The starting point for all phase equilibrium calculations is the necessary thermody-
namic condition that the partial molar Gibbs free energy of component i in phase I, G, ’I,
the temperature, T, and the pressure, P, be the same in the vapour, all liquid phases and

all solid phases, i.e.

@ 1,P) =G

Gl Py =G )

1

(" T P)= ... (2.47)

Practically, however, this is difficult to work with, since it does not relate directly to the
compositions of the equilibrium phases. It is typical to proceed in one of two ways: either
both phases are described by the fugacity, or the vapour phase is described by the fugacity
and the liquid phase by an activity coefficient. The former approach is termed the phi-phi
method whilst the latter is the gamma-phi method.

It can be shown from Eq. 2.47 that the necessary condition for phase equilibrium can

be re-written as

ol T, Py = £ (@ T, Py = [P (2 T, P) = ... (2.48)

1 1 1

This last form of the necessary condition in phase equilibrium thermodynamics is the
one most commonly used in calculations. Ideally one would calculate the partial molar
fugacity of each species in each phase from an equation of state. As mentioned previously
though, difficulties in calcuiating liquid phase mixing effects led to the use of activity
coefficient models. In terms of the é,ctivity coefficient, the partial molar liquid fugacity of

component 7 in liquid phase I equals

FEVUT, Pyas) = 2ly](T, Pyz:) £ (T, P) (2.49)

T i

where f'¥ is the pure liquid fugacity of species 7 at the temperature and pressure of the

mixture. Condition 2.48 now becomes

£V =gl = sl = (2.50)

1

where the vapour phase is described solely by the fugacity, and the liquid phase(s) are
described by the activity coefficient.
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2.2.3.2 Pure component phase equilibrium

The simplest form of phase equilibrium occurs for pure compounds during phase transi-
tions between vapour, liquid and solid forms. Of these, the one of most concern is the
vapour-liquid phase transition, i.e. the question of vapour pressure. A number of semi-
theoretical and empirical correlations exist for the calculation of this quantity. The most

common of these are the Antoine equation and the Wagner equation.

A simple modification of the Clapeyron equation which has been widely used to cal-

culate vapour pressure is the Antoine equation

B :
vap A T 251)"
o P*? = A~ = (2.51)

The parameters A, B and C are obtained from regression of experimental vapour pressure
data and are available in literature for a wide range of Species. The applicable temperature
range of the equation is not very large; extrapolation beyond the applicable temperature

limits often leads to nonsensical results.

More useful than the Antoine equation, being applicable over a wider range of tem-
peratures and generally being more accurate is the Wagner equation. In reduced vapour

pressure form, this is

ar + bt + er3 + drb

l vap -
nF: T

(2.52)

where 7 =1 —T,,.. As for the Antoine equation, the parameters a, b, ¢ and d are obtained

from fegression of experimental data.

If, for a pure compound, one lacks the parameters for either of the above equations,
- then another common method employed to calculate the vapour pressure is through the |
use of an equation of state, such as PRSV. All that has to be done in this case, is to find,
usually by iteration, the temperature at which the pure liquid and pure vapour fugacities

are equal.



2.2. THERMODYNAMIC THEORY o 43

2.2.3.3 The flash calculation

The most common problem in vapour-liquid thermodynamics is the flash problem, dealing
with a vapour phase and a single liquid phase. Here the temperature, pressure and the feed
composition of the system are known and one wishes to calculate the liquid and vapour
mole fractions as well as the total amount of liquid and vapour present in the system. If
the liquid and vapour phases are denoted by the superscripts L and V respectively, then

the necessary condition for phase equilibrium becomes

YT, Pal) = f;7HT, Pal) =l st (2.53)

1 1

In an isothermal and isobaric liquid-vapour phase problem, the variables which specify
the system are the temperature, T, the pressure, P, and the amount of each component
in the feed, F;. The unknowns are the total moles of liquid and vapour, L and V/, and the
liquid- and vapour-phase mole fractions of each species, z; and y;. This gives a total of
2n + 2 unknown variables to be found, n being the number of components. Clearly, one

needs 2n + 2 equations.

One starts with the necessary condition of phase equilibrium thermodynamics, refor-

mulated for a single liquid and vapour phase
fPY(T, Poys) = f74(T, P,=) (2.54)

Typically, this is rewritten as a set of n equations in terms of the “equilibrium ratio”, K;,

and the equilibrium mole fractions, z; and y;, such that

Yi
K, =% 2.55
. (2:55)

By conservation of mass during a phase split, the sum of the amount of component 7 in
the vapour phase, Vy;, and the amount of component i in the liquid phase, Lz;, must

equal the initial amount of ¢, F;. This leads to another set of n equations

F=Vy + Lz (2.56)
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Furthermore, conservation of total mass requires
L+V=) F ' (2.57)

and, clearly, the mole fractions in each phase must sum to unity. This last condition is
usually rewritten as

S (i —z:) =0 | (2.58)
Equations 2.55 to 2.58 complete a set of 2n + 2 non-linear equations. Isothermal and
isobaric vapour-liquid equilibrium problems can now be solved using this set of equations,
if the feed composition, the temperature and pressure are known. A common method
of solution for a two-phase vapour-liquid calculation, for a given set of 7 and P, is the

successive substitution method.

2.2.3.4 The bubble point pressure calculation

The bubble point pressure of a mixture is defined as the pressure at which the first bubbles
of vapour form at the given temperature. This problem is very similar in nature to that of
the flash calculation. In this case the temperature, 7', the liquid phase mole fractions, z;,
and the total amounts of liquid, L = F, and vapour, V = 0, are known. The vapour phase
mole fractions at the bubble point, ¥;, and the pressure, P, are unknown. This problem
is solved by successive substitution in. the same way as the flash calculation, except that

Eq. 2.58 becomes
' 1 - Z Kil‘i = () | (259)
2.2.3.5 Successive substitutioh

Successive substitution is a very simple and in this case useful technique to solve systems of

non-linear equations. For vapour-liquid flash calculations, Eq.’s 2.55 to 2.58 are rewritten
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such that
L+V-F=0 (2.60)
Yi = Kixi 1=1...n (262)
_ ~ Fi(K: - 1) _
g(V) = _TTVEK 0 (2.63)

An initial guess for K; (usually the ideal mixture K;) and then L is made. The amount
of vapour phase V' as well as the vapour- and liquid-phase mole fractions, z; and y;, are
then calculated from the initial guesses using Eq.’s 2.60 to 2.62. Eq.’s 2.60 to 2.62 are
then solved iteratively for the correct value of L, given the guessed K;. From the iterated
value of L, the liquid and vapour phase fugacities and the new values of K; are generated.
According to Heidemann [70] the key step in this iterative scheme is the re-evaluation of
K. In the successive substitution method, the new value of K is calculated from

L old
Kpew = g [ 1 (2.64)
£

At convergence one satisfies the necessary criterion of phase equilibrium thermodynamics,

Eq. 2.48, such that
£t
In| 2~ || <1072 (2.65)
77

This method can be used to solve for the vapour-liquid equilibrium of most systems. The
completé algorithm used for the isothermal flash calculation is shown in Figure 2.3.

2.2.4 Chemical equilibrium

“The equilibrium state of a closed system is that state for which the total
Gibbs energy is a minimum with respect to all possible changes at the given

temperature and pressure.” - Smith and van Ness [71].
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P““P
Guess set of “ideal” K = -‘P_

| %

{ Guess value of L

'

P
o

' N
Calculate ¥V, V=F-L
Calculate x;, x, = F
L+KV
Calculatey,, y, =Kx
/

0 fulfilled ?

Calculate Z- then £
Calculate Z" then £,

K;m» = Ko?d

( Solution reached ! )

Figure 2.3: Computational algorithm for the isothermal flash calculation
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For chemical reaction in a single-phase, single-reaction system this criterion translates

to
Z yz-.é: =0 ' | (2.66)

Naturally, this criterion remains the same for multiple reactions. This means that for 9

reactions Eq. 2.66 must be satisfied for each reaction j

 vGi=0  j=12..9m (2.67)

Now, the partial molar Gibbs free energy, G;(T, P, z;), of any species ¢ can be defined by

e —0

G/(T,P,z) = G(T,P,z)+ [Gi(T, P,z) - Gi(T, P,})|

.fi'(T': Pa xi) .

72T P) (209
= G,(T,P,z?) + RT Ina;

= G.(T,P,z2)+RTIn {

where the activity, a;, of species 7 is defined as the ratio of the partial molar species -
fugacity in the mixture, f7, to the partial molar species fugacity at the standard state,
f?. The choice of standard state is arbitrary, though for convenience one usually chooses
the standard state as the pure species, z7 = 1, at the temperature of interest, 7', and a
pressure, P, of 1 atm. In this case the standard partial molar Gibbs energy of formation,
(_}’S(T, P,z?), is equivalent to the pure molar Gibbs free energy, G, (T, P), at the same

temperature and pressure.

Substitution of Eq. 2.68 into Eq. 2.67 now gives

~ S vi; G, (T, P = 1atm) .
: _ m{

AT II (az-)”"’} j=1,2...0 (2.69)

%

The numerator of the LHS of Eq. 2.69 is usually referred to as the standard molar Gibbs

—=0

energy of reaction, A T), for reaction j at temperature T. Typically, one now also

rIN, j(
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introduces a chemical equilibrium constant, K,, which for each specific reaction j is a

function of temperature only, defined by

AGrz:n Vi ' .
Ko ;(T) =exx>( BT ’) =[] (@)™ j=1,2...0 (2.70)

1

For many compounds the pure component Gibbs free energy of formation can be
obtained from literature at the standard conditions of T' = 25°C and P = latm, e.g.
Coulson et al. [63] or Daubert and Danner [62]. This makes calculation of the chemi-
cal equilibrium constant at the standard conditions trivial. If, however, one wishes to
determine the chemical equilibrium constant at a temperature other than the standard
temperature then one must either obtain pure component Gibbs free energy of formation
data at the temperature of interest or the chemical equilibrium constant can be obtained

using the van’t Hoff equation,

OlnK,(T)\ __19 2. viGra(T) 3 Z 7 _A'ﬁfm(T)
BT ), ROT T T RT2 vill; (1) = =g
(2.71)
thus "
Ka(T2) AH (T)
1 TITN .
0 T / e —dT (2.72)
T

The standard molar heat of reaction, AH,, (T), at any temperature can be obtained

from

AH,,(T) = > vH(T)
1 T
= Z’G{ H(T=2°C)+ | C’p;(T’)dT’} (2.73)

- T=25°C
. T

= AH, (T =25°C) + Z v; / Cp: (T')dT"

L 1Y)



2.2. THERMODYNAMIC THEORY | o - 49

So, given the standard Gibbs energy of reaction, the standard heat of reaction and
the heat capacity as a function of temperature for every component in a reaction, one can
calculate the chemical equilibrium constant for that specific reaction at any temperature,
using Eq.’s 2.72 and 2.73. Solutions to Eq. 2.72 for different forms of heat capacity, Cp,

as a function of temperature are given in Appendix D.

Ultimately, the aim of any chemical reaction equilibrium calculation is to determine
the concentration of each species taking part in the reaction at chemical equilibrium. This
is a fairly trivial exercise using Eq. 2.70 in the case of an ideal gas, where the fugacity
reduces to the partial pressure. However, in the case of non-ideal systems, especially

those with multiple phases, this can become very complex.

2.2.5 Other forms of the chemical equilibrium constant

The chemical equilibrium constant introduced here is, for obvious reasons, known as
the activity-based chemical equilibrium constant. This is the most useful equilibrium
constant since its value is dependent only on temperature, i.e. it is independent of phase,
pressure, mixing effects, departures from ideality etc. Unfortunately, this form of the
chemical equilibrium constant is not in common use, due to the perceived difficulty in the

calculation of the activities of the individual species.

Two other forms of the equilibrium constant that are in common use are the so-called
concentration-based equilibrium constant, K, and the partial-pressure based equilibrium
constant, K,. The former is typically used for liquid phase reactions whilst the latter is
used for vapour phase reactions. As opposed to the activity-based chemical equilibrium
constant, the values of these constants are not only functions of temperature but also of

phase, pressure, mixing behaviour etc. Respectively, these constants are defined as

K. = H (sz) (2.74)
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and

K, = H (Pm) (2.75)

Interconversion, between these constants and the activity-based chemical equilibrium
constant relies on the use of a method to calculate the activity of each species in the
equilibrium mixture. Here, analogously to vapour-liquid equilibrium calculations, one
can make use of an equation of state based model, such as the PRSV equation used
in conjunction with the Wong-Sandler mixing rule described in Section 2.2.2.7 above.
However, besides the inaccuracy in the experimental measurement of the equilibrium
constant, the value of K, so calculated, may depend strongly on the model used for

calculating species activity.

2.2.6 Simultaneous chemical reaction and phase equilibrium

The conditions for equilibrium when chemical reaction and phase equilibrium occur si-

multaneously are that each species must be in phase equilibrium amongst all phases

i == IIT

Gl T, P)=C (e, T, P) =Gz T P) = . . (2.76)

that each chemical reaction, j, must be in chemical equilibrium in each phase
> vyG; =0 j=12...M (2.77)
and that the stoichiometric and state variable constraints on the system are satisfied.
Clearly, the equality of partial molar Gibbs free energy, Eq. 2.76, of each species in
every phase at equilibrium ensures that if the chemical equilibrium criterion is satisfied

~in any one phase, it will be satisfied in all phases. Analogously to phase equilibrium

thermodynamics (Section 2.2.3.1), it is thus only necessary to seek a solution for which

fi(z,T,P) = f{!(z{",T,P) = f/'(«"", T, P) = ... (2.78)
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and for which

K, ;= H (a:)" Jj=12...9 (2.79)

is satisfied in any one phase.

The problem of determining the mole fractions of each species in every phase in simul-
taneous phase and chemical reaction equilibrium, now simply becomes one in which the
phase eq‘uilibrium calculation is nested within a chemical equilibrium calculation, or vice
versé. An algorithm used for determining simultaneous phase and chemical equilibrium

is shown in Figure 2.4.

2.3 Thermodynamic analysis of the DIPE system

2.3.1 Phase equilibrium in the DIPE system

2.3.1.1 Vapour pressure correlation

An important factor in the selection of the equation of state to use for vapour-liquid
phase calculations in the DIPE system is its ability to predict the pure component prop-
erties, especially the vapour pressure, accurately over the entire range of pressures and
temperatures of interest (80 — 140°C and 20 — 100 bar). If the equation of state is un-
able to correlate these accurately, the chances that it will be able to give an accurate
representation of the partial molar fugacity of a species in an asymmetric mixture are

remote.

The accuracy of the PRSV equation of state predictions of the pure compound vapour
pressure for the components in the DIPE system were compared to experimental data
and with two popular vapour pressure correlations: the Antoine equation and the Wagner

equation. The results are given in Table 2.1. The pure component physical parameters
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Guess set of extents of reaction, e,

Calculate K", K/ (T)= K5 (T )exp fﬂﬂr'@

. —

[ Calculate x,, given ¢; I

:

Determine phase equilibrium - if any

Calculate g; from PRSV-WS Model

I

{ Calculate K, %, K =H(a,- ) ]

Choose new values of ¢;

< Solution reached ! >

Figure 2.4: Computational algorithm for the simultaneous chemical and phase equilib-
rium calculation .
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Table 2.1: Accuracy of pure component vapour pressure predictions from the Peng-
Robinson-Stryjek-Vera equation of state compared to literature data and
popular vapour pressure correlations.

Component ' Vapour Pressure Correlation
Antoine Equation Wagner Equation PRSV Equation
Range [°C] Error%* Range [°C] Error%" Range [°C]** Error%" .
Water! 11 to 168 1.64 2 to 374 0.14 1 to 350 0.12
Propylene? —113 to —33 1.40 —133 to 92 080 —133 to 92 0.90
IPA? 0 to 111 2.23 -231t0235 1.94  ~ 52to8&9 1.67
DIPE® —24 to 91 3.30 24 to 227 1.52 12 to 92 0.14

exp; —cale;
exp;

N
*Error [%)] =*1%,- Z

"PRSV equaf)ion of state parameters fit to this temperature range. Range of applicability is considerably

larger _
! Rogers and Mayhew [72], 2 Perry and Green [64], * Ambrose et al. [73]

used in the above correlations are given in Appendix A. Vapour pressures calculated

using the PRSV equation are given in Figure A.1, Appendix A.

The PRSV equation of state is able to correlate the experimental vapour pressure
data at least as good, if not better, than either of the two empirical models with an
accuracy comparable to the accuracy of measurement of the experimental data. Over
the investigated temperature range, it was more accurate than the Antoine equatioh for
every compound, and more accurate than the Wagner equation for every compound other
than propylene. The PRSV equation can thus be considered able to correlate the pure

component properties of both polar and apolar species.
2.3.1.2 Regression of parameters.forbthe Wong-Sandler mixing rule
Since the Wong-Sandler mixing rule has been developed only recently, no values of the

four mixing parameters ( 7ij, Tj, @, ki;) in the model have been published for any

of the binaries in the water-propylene-IPA-DIPE system. Consequently, for the mixing
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rule to be implemented in the calculation of phase equilibria, the values of the binary
mixing parameters needed to be regressed from experimental data. Values of the binary
mixing parameters for the PRSV equation of state with the Wyczesany mixing rule for
certain of the two-component systems have been publishied [39] and thus do not need to

be determined from regression.

Two optimization routines were used to determine the four mixing'parameters. The
first was the simplex method of Nelder and Mead [74]. It is a variation of the “Sequential
Simplex” method of Spendley, Hext and Himsworth [75] which allows the geometric figure,
the “simplex”, of the original method to expand and contract continuously. It tends to
be more computationally intensive than other methods, however, if is very “robust” and

generally ensures a solution will be found.

The second optimization routine used was the unconstrained so-called BFGS method
developed independently by Broyden [76], Fletcher [77], Goldfarb [78] and Shanno [79].
This is a sécant method which employs an update procedure that retains the symmetric,
positive definite nature of the Hessian matrix. It has been found to use significantly less
function calls than most other optimization procedures on various testing algorithms [80]

and should thus be a rapid regression method.

Traditionally, mixing parameters are fitted to binary experimental data using an ob-
jective function calculated from the sum of the squares of the relative errors of the bubble
point pressure and the vapour-phase mole fractions. This works particularly well if the
two components in a binary mixture have similar boiling points, f0r> then a vapour and
liquid coexist over only a small range of temperatures and pressures. Now, should the
initial guess of the mixing parameters be poor, only a single phase may be predicted
(either liquid or vapour). In such a case all optimization methods would fail. It is thus
safer to fix the temperature and liquid-phase compositions and then calculate the bubble
pressure, which always exists. Once the bubble pressure is known, the associated vapour

phase mole fraction can be calculated. One thus fits data based on the accuracy of predic-
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tion of the bubble pressure and the vapour phase mole fractions, even though an accurate

correlation based on the vapour and liquid phase mole fractions is in fact required.

This method was used for the three binaries with compounds of relatively similar

vapour pressures (i.e. water-IPA, water-DIPE and IPA-DIPE). The objective function

P;_GXP - })falc 2 y;axp . yfalc 2
(HEY ()] e

2 K3

was defined as

ObjF = )

all data points

However, for those binaries containing propylene, where the widely differing vapour pres-
sures ensured a vapour-liquid equilibrium for even very poor guesses of the mixing param-
eters, parameters were fit by minimising the sum of the squares of the relative errors of
the vapour phase mole fraction of the less volatile component and the liquid phase mole
fraction of propylene. This approach ensured that the mole fractions in both phases were
correlated as accurately as possible at a given temperature and pressure. This objective
function was defined as

x?xp . xgalc 2 y?xp — y_calc 2
ObjF = Z (%) + (Z:I,ITPZ) (281)

all data points ¢ '

Orbey and Sandler [43] recommend setting the value of a;; to 0.1 and k;; to 0.0. They
found that this choice of parameters still allowed the correlation of a wide range of non-
ideal systems. Fixing these parameters reduced the problem to a two-parameter model
and greatly simplified regression. This modification was used as the starting point for all
regressions involving the Wong-Sandler mixing rule. However, it quickly became clear that
considerably better agreement could be obtained with experimental data when all four
parameters were regressed simultaneously, particularly for the highly nonideal systems
of water-propylene and water-DIPE. Consequently, all binaries were regressed with four

parameters.

Because four-parameter functions can be very complex, possibly with multiple local

minima, to ensure that the global optimum was found, a variety of initial guesses for
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the optimization routines were chosen randomly within a pre-defined space. The ‘initial
guesses for the parameters were varied between the bounds -10 and 10 to try to ensure
that all “minima” were found. Also, the surface was examined visually by keeping two of
the parameters constant and generating surface plots of the objective function resulting
from changes in the remaining two. Examples of such surface plots, generated for the

water-IPA system with constant a;; and k;; are shown in Figures 2.5 and 2.6.

5 I

¢/
SSaaae \\g\i}!".ll.'.'...

RS
SRR

I
OByF

objF
B
S
M
3
4
"
<
W
s

10 5 2 35 55 85 80 4, T
. 1 8 o

LOG,o OBjF | LOG ,q ObjF
8-1-0 Ho-1 O1-2 {£3-1-0 Mo-1 Or-2

Figure 2.5: Surface plot of objective function for constant values of «;; = 0.6024 and
ki; = 0.0462 '

For any choice of constant parameters, only one minimum was found by visual inspec-
tion within the resulting surface. Also, starting from random points within the [-10, 10]
space always resulted in the same minimum point being found. This was the same for all
binaries. It is thus believed that there were no local minima resulting from the mixing

rule formulation and that the only optimum was the global minimum.

For all binaries examined here, it was found that whilst the values of 7;;, a;; and &;;
were determined with relative ease, the Nelder-Mead optimization routine had problems
fixing the value of 7 ;;, regardless of the initial guess. This was because the “surface” of the

objective function was a flat “plane” with a single steep-sided, extremely flat-bottomed
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“valley”, a two-dimensional representation of which, for fixed a;; and &, is shown in
Figure 2.5. In all cases the “valley” was in the direction of the parameter 7,;, and thus,
even though the Nelder-Mead routine was able to locate the “valley”, it was not able to
move along it to find the minimum point. On a global scale the objective function does
not appear to be seﬁsitive to the parameter . However, one cannot discount it, as on a
local scale, as shown in Figure 2.6, the parameter has a strong impact. For example, in
the immediate vicinity of the minimum of the water-IPA system, varying 7;; from 0.8 to
1.5, keeping all other parameters constant, changes the value of the objective function by
three orders of magnitude.

---I,leI]lHIII:

objF
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@o.0.1  Bo.v.02 Uo.20.3 S0.3.0.4 Ho.4.0.3 @ 6-0.01 @ o0.0t-1
#0.5-0.5 Wo.0-0.7 To.70.8 Wo.60.9 MWo.9-¢

Figure 2.6: "Zoomed-in" surface plot of objective function of the water-isopropanol sys-
tem for constant values of the parameters c;; = 0.6024 and k;; = 0.0462

The BFGS routine on the other hand, if given a reasonable initial guess would always
find the minimum. However, a poor initial guesswould generally result in the method
failing. If the routine was started in a region far from the optimum set of parameters,
then it would often make too large step changes, resulting in single-phase predictions for
the sygtem. The Iproblem was then, for BFGS, to find a “good” set of initial guesses

for the parameters. What was ultimately employed, was a few initial iterations of the
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Nelder-Mead routine, started from some random point, to fix the locality of the optimum
with low accuracy. Once the region of the optimum had been found, BFGS was then used

to pinpoint the actual minimum.

Where possible, the mixing parameters were regressed from experimental data mea-
sured at the conditions at which DIPE synthésis occurs. Unfortunately, experimental
data was not always ava.ilable‘in the region of interest and the para.fneters had to be fit at
conditions far from the relevant temperatures and pressures. Also, the mixing parameters
of the propylene-DIPE system had to be regressed from vapour-liquid equilibrium data,
predicted by the UNIFAC model, since no experimental data was available. The condi-
tions and the number of data points used for the regression of each set of parameters are
given in Table 2.2. The va.lu% of the Wong-Sandler xmxmg parameters and the average
absolute relative correlation deviations are shown in Table 2.3. All pure component pa-
rameters and mixing parameters used in the calculations are given in Appendix A and in

Appendix C.

Table 2.2: Conditions used for fitting binary mixing parameters

Binary Mixture Conditions of Fit

. NDP* T[°C]  Plbar] References
Water-Propylene 38 38-138 2-103 1-3
Water-IPA 53 150-250 5-65 - 4-8
Water-DIPE - 19 68-100 1 9,10
Propylene-IPA 8 97 5-41 11
Propylene-DIPE** 11 -45-60 1 -
TPA-DIPE 55 66 - 82 110,12, 13

" Number of experimental data points

™" No experimental data - parameters fit to x-y predictions of UNIFAC with PRSV at 1.013 bar

1. Li and McKetta [81], 2. McAuliffe [82], 3. Purlee and Taft [83|, 4. Barr-David and Dodge [84], 5.
Udovenko and Mazanko [85], 6. International Critical Tables [86], 7. Brunjes and Bogart [87], 8. Wilson
and Simons [88], 9. Hunsmann and Simmrock [89], 10. Yorizane, Yoshimura and Yamamoto [90], 11.
Zabaloy, Mabe, Bottini and Brignole [91], 12. Verhoeye [92], 13. Miller and Bliss [93]

In all cases the Wong-Sandler mixing rule was able to correlate the experimental data
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Table 2.3: Regressed mixing parameters for Wong-Sandler ﬁzixing rule
Binary Mixture Binary Interaction Parameters Average

Deviation”

Tij Tji o ki xorP vy

| K] %

Water-Propylene*  4.6318 6.1483 0.3941  0.5823 82 54
Water-IPA® 1.4629 1.3404 0.6024 0.0462 28 14
Water-DIPE® 3.6547 4.6947 0.7848  0.8488 9.3 76

Propylene-IPA® 0.7197 0.2798 0.1559  0.1404 1.3 07
Propylene-DIPES -0.1329 -0.2996 0.0041 0.1428 1.2 01
IPA-DIPE® -0.1537 2.0058 1.3750  0.4069 1.3 3.6

1

. . ex ;"CG‘ .
* average deviation = & {exp; —calei)
i

exp;

¢ parameters fitted to literature x - y data
b parameters fitted to literature P - y data
¢ parameters fitted to x - y data predicted from UNIFAC with PRSV at 1.013 bar

with an averé.ge absolute relative deviation better than 10%. As one would expect, the
absolute average deviation became smaller the more ideal the mixture became. It was
largest for the water-DIPE mixture, where liquid-liquid as well as liquid-vapour phase
splits can occur at the temperature and pressure of the experimental data. The next
largest deviations occurred for the water-propylene Bina.ry, a mixture of a nonpolar, super-
critical olefin and a polar inorganic species. The smallest deviations occurred for the
totally organic systems of IPA-DIPE and IPA-propylene. The relevance of the error for
the propylene-DIPE systéirx and the water-DIPE system are unknown in light of the lack
of experimental data for the former and the crossing of the liquid-liquid phase boundary

by the same set of mixing parameters for the latter.

The water-DIPE data should only be used if one is certain that there is no phase
~ split in the region of interest. Ideally, one would fit each phase of the water-DIPE data
separately and then use an appropriate liquid-liquid phase model to correlate the mixing

non-idealities. However, as mentioned in Section 2.1.1, a liquid-liquid phase split was



sd CHAPTER 2. THERMODYNAMICS OF DIPE SYNTHESIS

. never observed, and consequently the aqueous and hydrocarbon-rich liquid data for this
binary have been lumped together. The Wong-Sandler mixing rule is still able to represent
the experimental data, though as can be seen, at a lower accuracy than for any of the

other binaries.

Interestingly, the biﬁary interaction parameters, the ky;’s, seem to mirror the non-
ideality of the mixture. The largest k;;'s are those of the water-propylene and water-
DIPE systems - the binaries one would expect to be the least ideal, whilst the more
symmetric propylene-IPA and propylene-DIPE binaries have small values of the binary
interaction parameter. Water-IPA, though, has the smallest binary interaction parameter
even though one would expect significant mixing nonidea.lit‘:ies‘ due to the h.igh polarity
of both molecules. This ordering of the binary interaction parameters may be purely
coincidental, though, in light of the presence of three other empirical mixing parameters.

2.3.1.3 Comparison of the Wong-Sandler and Wyczesany mixing rules

The binary predictions of the Wong-Sandler mixing rule used in conjunction with the
PRSV equation of state were compared to the predictions of the Wyczesany mixing
rule also used with the PRSV equation of state. The binary mixing parameters of the
Wyczesany mixing rule did not have to be determined by regression of experiinental data
as those of the Wong-Sandler rule had to, since they had already been measured for the
relevant binaries in the DIPE system [39]. | |

Wyéz&sany [39] showed that his mixing rule was capable of accurately correlating ex-
perimental data in the water-propylene-propane-IPA system with accuracies of the order
of 5%.‘ However, the data was fit to a narrow range of temperatures and pressures, corre-
sponding to those at which propylene is hydrated industrially, between 104 — 137°C and
35 — 103 bar. At different temperatures and pressures from those at which the parameters

were fit, this mixing rule may show significant deviations. For the comparison of the
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mixing rules in Table 2.4, the parameters of the Wong-Sandler mi_king rule were fit for
the water-IPA and the water-propylene system at the same temperature and pressure as
those at which Wyczesany fitted his parameters. Only these two sets of binary data could
be shown, since no experimental data exists for a range of temperatures and pressure for

any of the other four binaries in the system.

Table 2.4: Comparison of Wyczesany and Wong-Sandler mixing rules

Binary System Conditions Wyczesany  Wong-Sandler
Mixing Rule  Mixing Rule
T range P range  x-error y-error X-€Iror y-error
Cl [bar] 7] %] (%] %]
Water-Propylene? 37.8 3.4-15.5 38.7 20.4 4.3 11.9
71.1 5.2 -29.3 3.9 19.1 5.7 34
104.4* 10.3-1034 11.8 35.9 6.8 5.0
137.8 20.7-1034 = 23 52.4 13.2 2.6
Water-IPA? 30 0.04-0.08 194.6 43.2 51.6 27.4
| 82.3 - 100.0 1.01 368 58 174 104
122.7 - 144.6 4.1 16.3 5.6 8.3 5.9
150 5.0 - 8.6 10.6 5.3 3.5 1.3
200 15.7-26.1 94 2.3 2.5 0.7
250 43.1-64.9 11.3 - 2.9 3.9 2.1

* average deviation = %+ E
1

**Conditions at which the parameters for the Wong-Sandler mixing rule were fit for comparison

purposes
1 Li and McKetta [81]

(exp -cala) i

2 Barr-David and Dodge [84], Udovenko and Mazanko [85]

Table 2.4 clearly shows that the Wong-Sandler mixing rule is not only better able to
- correlate the experimental data at the actual regression conditions than the Wyzcesany
mixing rule, but is also better able to extrapolate to conditions far from the conditions
at which the data were regressed. This is important for those systems where data is only

available at 1 atmosphere. For the water-propylene data with mixing parameters regressed
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at 104°C, the Wong-Sandler mixing rule is still able to predict phase data at 38°C (crossing
the critical temperature) with an overall accuracy better than 10%. The mixing rule of
Wyczesany is only able to predjc't the same data to an accuracy of approximately 25%.
The same results are obtained for the water-IPA system for moderate extrapolations.
However, it is obvious that even the Wong-Sandler mixing rule cannot ext;apolate over
too large ranges. When predicting water-IPA data at very low pressures (=0.05 bar), it
is only able to correlate data with an accuracy of the order of 30% with parameters fit to

about 2% accuracy at 5 bar.

For interest, the predictive ability of the unmodified UNIFAC method for the;liquid
phase used in conjunction with the PRSV equation of state was examined for apphcébility
to polar-apolar systems. It was found that UNIFAC over-predicted the propylene solu-
bility in the aqueous liquid phase at 50 bar and 120°C by over 1000%. Using UNIFAC a
liquid phase propylene mole fraction df 1.19- 1072 was predicted as opposed to the actual
value of 1:14-1073. The accuracy of this prediction can be increased if one uses one of the
recently develbped modifications to the original UNIFAC >rnodel, such as the modifications
of Larsen et al. [94]. However, the use of mixing rules with regressed parameters (where

possible) remains more accurate.

A detailed discussion of the correlation of the models for each of the binary mixtures

follows:

1. Propylene—Water:- As was mentioned earlier, this is likely the most non-ideal
system, being a mixture of an apolar, super-critical hydrocarbon and polar water.
Even though this system is theoretically capable of forming a second propylene-rich
liquid phase, this is only possible at temperatures and pressures which were not
considered in this study. The model predictions of the propylene fraction in the
liquid phase and the water fraction in the vapour phase are shown in Figures 2.7

and 2.8 respectively (the data at 138 °C was omitted for clarity). The parameters
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of Wyczesany were repbrtedly [39] fitted over q;xjte al_ narrow raﬁge of temperatures,
104°C to 137°C, and pressures, 35 to 103bar, for the liquid phase only. The
parameters used for the Wong-Sandler rule were fit over all the data points for
both phases. Whilst the Wyczesany mixing rule with the PRSV equation of state
predicts the liquid phase concentration very well at high temperature and pressure,
it cannot do so for the liquid phase at low temperature (38 °C). Also, the Wyczesany
mixing rule fails to predict the vapour phase fraction well at any temperature and
pressure. The Wong-Sandler rule on the other hand predicts both the vapour- and
the liquid-phase cohcentration accurately over the entire range of temperature and
pressure. Even though this system is highly asymmetric, average deviations of only
8% for the liquid phase mole fraction and 5% for the vapour phase mole fraction

were obtained.

2. IPA-Water: This is the only other binary system for which vapour-liquid equilib-
rium data exists for a wide range of temperatures and pressures. The correlation of
the two mixing rules together with the PRSV equation of state is shown in Figure
2.9. As was the case for the propylene-water binary, the Wyczesany mixing rule is
less capable of correlation over large ranges of temperature and pressure than the
Wong-Sandler mixing rule. For both mixing rules deviations were smaller than for

the propylene-water mixture due to the greater ideality of the binary.

3. DIPE-Water: The fit of the Wong-Sandler model to the experimental data is
~shown in Figure 2.10. The DIPE-water binary was one of the more problematic
to model. This binary system could form up to three distinct phases: a vapour
phase, an aqueous phase and a hydrocarbon-rich phase. To prevent the vapour-
liquid equilibrium model from becoming overly complex it was decided to model
this binary as though it did not undergo a liquid-liquid phase split. ~Whilst it

is acknowledged that this is a -poor assumption, it was considered acceptable in

the present system, since the liquid-liquid phase split was never observed to occur
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Figure 2.7:
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Figure 2.9: Comparison of the vapour-liquid mole fraction predictions of the PRSV
equation of state with the Wong-Sandler (WS) or Wyzcesany (Wyzc) mixing
rules to experimental data of the IPA-water binary.

under the experimental conditions examined in this study. It was found that the

model could simultaneously correlate the mixing non-idealities of both liquid phases

lumped together with no great loss in predictive accuracy. No comparison between

the Wong-Sandler mixing rule and the Wyczesany mixing rule was possible for this

or any other binary in which DIPE occurred, since the presence of ether was not

considered in the system of Wyczesany [39] and, accordingly, no binary mixing

parameters were regressed.
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4. Propylene-IPA: Both the Wong-Sandler and the Wyczesany mixing rules were

able to correlate the vapour-phase mole fractions with a high degree of accuracy.
However, as was the case for the propylene-water and IPA-water binaries, the Wong-
Sandler mixing rule was considerably better at predicting the liquid-phase mole
fractions than the Wyczesany mixing rule over the temperature and pressure range
for which experimental data had been measured (Figure 2.11). As compared to the
previous water-organic binaries, vapour-liquid correlation in this system was signif-

icantly improved due to the greater ideality of the purely organic species mixture.

. Propylene-DIPE: This was the only binary pair in the DIPE system for which no

experimental data was available. However, as mentioned earlier, this system can be
considered the most ideal of all the binaries since both compounds are organic and
neither is strongly polar. T}ﬁs meant that vapour-liquid predictions ffom a model
such as UNIFAC could be expected to be quite accurate, provided the temperature
was below the super-critical temperature of propylene and the pressure was below 10
bar [45]. So-called “pseudo-experimental” data were predicted using the UNIFAC
activity coefficient correlation and the PRSV equation of state, from which the
Wong-Sandler mixing parameters were regressed. Since it had been shown that the
Wong-Sandler mixing rule was capable of extrapolating non-ideal behaviour over
large temperature and pressure ranges with no great loss in accuracy, parameters
regressed at these conditions could be used to predict vapour-liquid equilibrium at
DIPE synthesis conditions (120°C and 50 bar). The UNIFAC-PRSV prediction and
the Wong-Sandler correlation to this “data” are shown in Figure 2.12. Hardly
surprisingly, the Wong-Sandler mixing rule predicted the pseudo-experimental data .

with a high degree of accuracy.

. IPA-DIPE: The fit of the Wong-Sandler model to the binary data is shown in

Figure 2.13. As is to be expected for a hydrocarbon-hydrocarbon system, the

model fits the experimental data very well.



2.3. THERMODYNAMIC ANALYSIS OF THE DIPE SYSTEM

Temperature, °C

o Experimental data

- —WS$ mixing rule

0 . 0.2 0.4 0.6
DIPE mole fraction

08

67

Figure 2.10: Comparison of the vapour-liquid mole fraction predictions of the PRSV
equation of state with the Wong-Sandler (WS) mixing rule to experimental

data of the DIPE-water binary.

50
| o Experimental data, A
40 | ——WWyez mixing rule | »
i+ WS mixing rule I ;
e
@
B30 o e T T
g T e
L
]
8 20 o
e | e T T e

0 0.2 0.4 0.6
Propylene mole fraction

Figure 2.11: Comparison of the vapour-liquid mole fraction predictions of the PRSV
equation of state with the Wong-Sandler (WS) or Wyzcesany (Wyzc) mix-
ing rules to experimental data of the propylene-IPA binary. (A) Liquid
phase, 97°C, (B) liquid phase, 80°C, (C) liquid phase, 60°C, (D) vapour

phase, 97°C.



68 - CHAPTER 2. THERMODYNAMICS OF DIPE SYNTHESIS

80 _ -
e BRREES WS mixing rule
60 _'%_ ........AT,‘:,~,-r.,-"-.,?.,_o;_‘.;;.'.".‘:.' o.".‘ 0 . . . . o UN|FAC con,elaﬁon
? O
(&
.°_‘ . R "'“..‘... :
= 20 + o - 8
"""""" L 4
60 :

' 0 0.2 0.4 0.6 . 0.8 1

Propylene mole fraction

Figure 2.12: Correlation of the PRSV equation of state with the Wong-Sandler mixing

rule (WS) to predictions of UNIFAC with the PRSV equation of state for
the propylene-DIPE binary.

85

b o~ Lo Experimental data
> o : ‘
80 +& Te o Do WS mixing rule
g L
@ Yo o
5 > "
75+ Ny .
g. L o°.
E 0%, &
'2 '... .
70 + ---6%.,,.9_ : %o 0
.""°'°<So‘°‘°'--.. "% oo
o .
e e, gaoowm% o5
65 :
0.0 0.2 04 0.6 0.8 1.0

DIPE mole fraction

Flgure 2.13: Comparison-of the vapour-liquid mole fraction predictions of the PRSV

equation of state with the Wong-Sandler (WS) mixing rule to experimental
data of the IPA-DIPE binary.



2.3. THERMODYNAMIC ANALYSIS OF THE DIPE SYSTEM 69

2.3.2 Simultaneous chemical and phase equilibrium in the DIPE
system

Chemical reaction equilibrium in the DIPE system was predicted using the theory of
Section 2.2.4. Considering only the hydration and etherification reactions and ignoring
any side reactions such as oligomerisation, only three chemical equilibrium reactions need
be considered. These are the reaction of water (W) with propylene (P) to form IPA (A),
the alkylation of IPA with propylene to form DIPE (E) and the bimolecular dehydration

of IPA to form ether and water, i.e.

1. P+W & A
2. P+ A &= F (2.82)
3. A+ A & E+ W

The equilibrium constants in terms of activities, for these reactions, can now be defined

according to Eq. 2.70 as

K,y = —2 (2.83)
Apdw
Kop = —£ (2.84)
apa
Koy =227 (2.85)
a4

Only two of these equilibrium constants need be determined for calculations since

K1 Ka3 = Kapo (2.86)

From Eq. 2.72 the values of the chemical equilibrium constants could be calculated

for a range of temperatures. It was found that the theoretical predictions of the chemical
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equilibrium constant for hydration, K1, varied significantly depending on which ther-
mophysical database was used. Three of the databases gave very similar values _for the
equilibrium constant, whilst the values calculated from the data of Sandler [45] deviated
substantially. The greatest difference in the databases lay in the value of the Gibbs free
energy .of formation for IPA. Whilst Daubert and Danner [62], Coulson et al. [63] and
Stull et al. [65] gave a value of 1735k /mol £0.1% and obtained their data from a large
variety of sources, Sandler [45] reported a value of —~159.9 kJ/mol.

To determine the extent to which the WS-PRSV vapour-liquid equilibrium model could
be used for the multi-component system, experimental chemical equilibrium data from
literature in the form of concentration- or partial pressure-based equilibrium constants
for both the hydration and etherification reactions was recalculated in terms of activities
by the model. The theoretical chemical equilibrium constant calculations from the dif-
ferent property databases along with the recalculated values of the chemical equilibrium
constants from literature are shown in Figure 2.14 and Figure 2.15.

As mentioned previously, the value of the chemical equilibrium constant for hydration
predicted from thermophysical data varies depending on the data source used. How-
ever, since the chemical equilibrium predictions from three of the sources [62, 63, 65]
almost coincided and agreed well with literature, one can accept that the pure component
properties - from Sandler [45], in particular the reported value of the Gibbs free enefgy of
formation for IPA are incorrect. One cannot discriminate between the other three sets

of thermophysical data.

It can be seen that the values of the chemical equilibrium constant predicted from
theory and the recalculations of the experimental data of Cope [36], Izumi [50], Majew-
ski and Marek [46], Petrus et al. [47], Schiffler et al. [52] and Stanley et al. [51] using
the WS-PRSV model give excellent agreﬂement‘. The equilibrium correlation of Tzumi [50]
can be seen to deviate substantially from both the experimental data and the theoretical

predictions for temperatures above 280°C and below 80°C. However, as mentioned pre-




2.3. THERMODYNAMIC ANALYSIS OF THE DIPE SYSTEM 71

15
- —— Sandler & Majewski et an'.__'j
10 4N ~i=-—-=Coulson et al. o Cope
----- Daubert and Danner a Schiffler et al.
------- Stull s Petrus et al. '
51 “o- [zumi e Stanley et al. i
X 0
£
.10 4.
=15 - -
100 200 300 400 500 600 700

Temperature, K

Figure 2.14: Comparison of literature and theoretical chemical equilibrium for the hy-
dration of propylene.

viously, one must bear in mind that this correlation was purely an empirical fit to limited
experimental data and should not be used outside of the range of data to which it was

fit, i.e. between 115°C and 275°C.

As for hydration chemical equilibrium, recalculation of etherification experimental
equilibrium data from Petrus et al. [47] and Cope [36] using the Wong-Sandler mixing rule
together with the PRSV equation of state resulted in excellent agreement with theoretical
equilibrium predictions. .. Once again, theoretical predictions using data from different
thermophysical data sources gave slightly different predictions for the chemical equilibrium
constant. This time, however, the deviation between the three sets of predictions is not
so large that one can discriminate, especially in view of the lack of experimental data and
the inherent scatter. Theoretical predictions of K, ; and K, from the pure component
data of Sandler [45] could not be calculated as the Gibbs free energy of formation of DIPE

was not given.
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Figure 2.15: Comparison of literature and theoretical chemical equilibrium for the alky-
lation of propylene and isopropanol.

It is known that the natural logarithm of the chemical equilibrium constant has an
almost linear dependence on the reciprocal temperature. To facilitate cé,lcula,tion of the
value of the chemical equilibrium constants, linear fits, with a correlation coefficient of
1.000 in every case, of the chemical equilibrium constant (between 0 and 300°C) deter-
mined from the data of Daubert and Danner [62] gave the following three equations in

terms of K,

7
K,1 =exp (6—3,?—- - 17.76)

99 ~
K, =exp (7—T2- - 22.28) (2.87)

1795
Ka’3 = eXp (T - 4521)
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2.3.3 Error analysis of the WS-PRSV model

It was shown in Section 2.3.1.2 that the error in predicting the mole fractions of species
in binary mixtures in the DIPE system ranged from 1% for the propylene-DIPE binary to
9% for the water-DIPE binary. Unfortunately, the error of the WS-PRSV model in pre-
dicting ternary or quaternary mixture behaviour could not be determined due to a lack of
multicomponent vapour—liquid equilibrium data. It is known that the so-called “mixture-
effect” essentially “dilutes” system non-idealities and thus predictions of multi-component
systems are comparatively mbre accurate than the predictions of binary systems [95].
Qualitatively, this was shown by Wyczesany [39] for the water-ethylene-ethanol system
where multicomponent chemical equilibrium and phase equilibrium predictions showed
better correlation with experimenﬁal data than some of the binary systems. For the
DIPE system, however, literature chemical equilibrium data is available and this allows a

quantitative estimate of the maximum error in multicomponent system predictions.

The squared fractional error in a dependent variable ©, which is a function of inde-

pendent variables a;...a., is given by [96]

AQ\? dn)\? [ Aa;\?
(%) -5 | Goa) () 2
Now, the chemical equilibrium constant K, is defined by
_ i Gytagt..
) K, = (@) = P (2.89)

such that

InK,=vylna; +velnay; —v3lnas —vglnag + ... (2.90)
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and the squares of the partial derivatives of In K, with respect to Ina; are

(%)2 = 2 (2.91)
na;)

( 1111;)) = V3 ~ (2.92)
( 11’;}:3 ) = 2 | (2.93)
( 1;‘:1{4 ))) = 2 (2.94)

The fractional error in the chemical equilibrium constant thus equals i
AK 2 9 Aal 2 2 ACIQ 2 9 Aa3 1 2 Aa4 ) 2 B
ey - et — - — 2.95
( K, ) vy ( o ) + v, . + 3 o + vy % (2.95)
so that, for the three relevant reactions in the DIPE system, it can be shown that
2 2 2 2
(AKG,I) — (Aap) + (Aaw) + (AGA) (296)
K, ap aw A\ ag
‘ 2 2 2 2
AKa,g S Aap + AaA + ACLE (297)
Koz ap 7 ag .
AK.3\?  [Dag\?® [Daw\®  [Aa |
( = 33> = (TEE) + ( aw“’) +4( a;‘) (2.98)

Thus, if one has an estimate of the size of the error in the calculation of the chem-

ical equilibrium constant by the WS-PRSV model, one can estimate the average size of
the error in the calculation of species activity. Given literature chemical equilibrium
mole fracfions and applying the WS-PRSV model to calculate the activities of each of the
species in the’system, one can determine the value of the chemical equilibrium constant as
calculated by the WS-PRSV model. Assuming that the literature mole fractions, temper-
ature and pressure are accurate one cah compare this value of the chemical equilibrium
constant to the theoretical vélue calculated at the same teniperature via the standard

Gibbs free energy of reaction. This method allows an estimate of the size of the error
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inherent to activity calculations by the WS-PRSV model in multicomponent mixtures in
the DIPE system.

The chemical equilibrium data of Cope [36], Majewski and Marek [46], Petrus et al.
[47], Schiffler et al. [52] and Stanley et al. [51] were recalculated using the model. The
relative error in the calculation of the chemical equilibrium constant by the model was

defined as

A}ga _ |Ka,WS—-};:(‘Zj;e: Ko theol S (2.99)

Figures 2.16 and 2.17 show the squared relative errors in the chemical equilibrium
constant as a function of system temperature and pressure. The random scatter over
the entire range of temperature and pressure shows that there‘was no systematic error
in the calculation of the species activities by the WS-PRSV model, i.e. the error neither
increased nor decreased in direct response to a change in one of the system parameters. It
is likely that there were experimental errors inherent to the measurement of the chemical
equilibrium data taken from literature, and that these errors were included in the calcu-
lation of the fractional error in the chemical equilibrium constant. However, the error in
experimental measurement should be random and any significant systematic deviations
of the model with temperature or pressure should be superimposed over the experimental

error.

The error in individual species activity could not be calculated. However, assuming
similar errors in the calculation of the activities of all species, the average errors in species
activity could well be calculated and these, together with the average errors in the chermical

equilibrium constant calculations, are shown in Table 2.5.

As mentioned above, this estimate of the accuracy of prediction of the WS-PRSV
model necessarily incorporates the experimental error in determining the chemical equi-
librium composition and the error in the theoretical calculation of K, ;. This means that

the average error in activity is also inflated by both the error in the experimental chem-
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Figure 2.16: Squared fractional error in the recalculation of literature experimental
chemical equilibrium data using the WS-PRSV model as compared to the
theoretical value. Variation with temperature.

40%
., . j o Error in Kat
£ 30% R ‘ a o Error in Ka2
o ' o Errorin Ka3
5 o0 e
- @ ‘
o
= o]
o 20% 4 - o e s B g °
‘6 i
® o
:; o
§ 10% 4 - o
5 - o o ° °
8 o [s) o

-]
o o
0% gé E t g g £
0 100 . A 200 300 400 .. 800 : 600

Pressure, bar

Figure 2.17: Squared fractional error in the recalculation of literature experimental
chemical equilibrium data using the WS-PRSV model as compared to the
theoretical value. Variation with pressure.



2.3. THERMODYNAMIC ANALYSIS OF THE DIPE SYSTEM v 77

Table 2.5: Average error in prediction of chemical equilibrium constant and species ac-
tivity using the WS-PRSV model

Reaction Average error in K,; Average error in q;

1 7.0% 4.0%
2 10.1% 5.9%
3 12.6% 5.1%

ical equilibrium composition obtained from literature and by the error in the theoretical
calculation of K, ;. Nevertheless, at least over the temperature and pressure range of
the literature data (95 — 275°C and 90 — 500bar) it can be assumed that the WS-PRSV
model calculates activities, and thus also vapour-liquid equilibrium mole fractions with

an ‘accuracy better than 6%.

Given accurate chemical equilibrium mole fractions, temperatures and pressures, the
value of the activity based chemical equilibrium constant can be calculated with an error
smaller than 13%, relative to literature predictions, by the WS-PRSV model. It thus
not only predicts binary mixing behaviour accurately but also predicts multicomponent

mixing behaviour accurately. -

2.3.4 Range of applicability of the WS-PRSV model

While most models are only valid over the range of conditions where parameters were
estimated and any extrapblation outside these regions is risky, it has been demonstrated
that the WS-PRSV model is quite capable of extrapolation over large ranges of tem-
perature and pressure without great losses in accuracy. Restrictions do however, exist.
A number of assumptions were made in deriving the WS-PRSV model. The most im-
portant of these were that the system never forms a second liquid phase and that the
“pseudo—experimental”i data used for estimating the propylene-DIPE binary interaction

parameters represents the real binary mixture accurately.
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Besides the fact that very limited liquid-liquid phase data was available, it was decided ‘
to model the system as a purely vapour-liquid one to facilitate the calculation of phase
equilibrium and to improve the accuracy of prediction. It is known, however, that both
the water-propylene [81] and the water-DIPE [89, 90] binary mixtures can form two liquid
phases. Liquid-liquid phase separation only occurs in the water-propylene binary at sub-
critical temperatures (i.e. below 92°C) and only occurs in water-DIPE mixtures if no
co-solvent is present. In this study the temperature was always greater than the critical
temperature of propylene and, whenever water and DIPE were present in a mixture to
any significant extent, a co-solvent (in this case IPA) was also present. In another system,

should this not be the case, the model may not strictly apply.

No experimental vapour—liquid equilibrium data was found in literature for the propylene-
DIPE binary. So that the model could be used for mixtures in which both of these compo-
nents were present, it was necessary to estimate the values of the binary interaction param-
eters from predicted vapour-liquid equilibrium data. As has been described previously
(Section 2.3.1.3), the UNIFAC activity coefficient correlation was used to estimate the
liquid phase interactions. The pressure chosen for calculation of the pseudo-experimental
data was 1atm, so the vapour phase was be assumed to be ideal. While this mixture can
be expected to show minimal deviations from ideal mixing behaviour as both compounds
are organic and neither is strongly polar, experimental data would nonetheless be required

to prove this.

An additional limitation must be placed on the model. It has been observed by
Berecz and Balla-Achs [97] that propylene hydrates form at temperatures below 10°C.
This ﬁhenomenon, naturally, has not been incorporated into the model. Any use of the -
model for mostly propylene-water systems at temperatures below 10°C could thus lead to -

highly inaccurate calculations.

In summary, the WS-PRSV model can thus be used with confidence for the DIPE

system unless:
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e the temperature is below 10°C in systems where propylene and water predominate,

e no co-solvent is present in systems where water and p}'opylene, water and DIPE or

water, propylene and DIPE occur simultaneously,

e the temperature is less than 92 °C if no co-solvent is present in a system where water

and propylene predominate.

Barring any of the above situations, errors in the multi-component prediction of the
species activity, as shown in Section 2.3.3, and consequently in species mole fraction for
the DIPE system can be expected to be smaller than 6% over temperature and pressure

ranges of 10 — 250°C and 1 — 500 bar.

2.3.5 Phase and yield predictions for system parameters

Using the WS-PRSV model and the algorithm described in Section 2.4, one can now
predict the equilibrium yield of DIPE and the equilibrium phase distribution for any
given set of temperature, pressure and propylene to water ratio. The resulting yield
and phase equilibrium predictions are shown in Figures 2.18 and 2.19 respectively for
temperatures between 0 and 300°C and pressures between 1 and 300 bar at a propylene
to water ratio of 2 : 1, stoichiometric for DIPE formation. The mole fraction of DIPE
at chemical equilibrium is shown as a function of temperature and propylene to water
ratio at a pressure of 50 bar in Figure 2.20. Selected values of the DIPE yield, the molar

distributions and the liquid phase mole fraction are given in Appendix E.

The DIPE yield is strongly affected by the reaction pressure and temperature. The
synthesis of IPA and DIPE involves a contraction in the number of moles in the system.
Hence, at low pressure the reactants propylene and water are thermodynamically favoured,

whilst at high pressure the reaction products IPA and especially DIPE are favoured. The
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Figure 2.18: Predicted diisopropyl ether yield at chemical and phase equilibrium. Light-
est grey represents 0% yield, graduations increase in 10% increments up to -
almost 100% DIPE yield at darkest shading.
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Figure 2.19: Predicted phase conditions of diisopropy! ether synthesis at chemical and
phase equilibrium. Lightest grey represents 0% liquid, graduations increase
in 10% increments up to almost pure liquid at darkest shading.
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Figure 2.20: Predicted DIPE mole fraction at chemical equilibrium for changing propy-
lene to water mole ratio and system temperature at a pressure of 50 bar.

hydration and etherification reactions are exothermic. Consequently, high temperatures

favour propylene and water, whilst low temperatures favour IPA and DIPE formation.

As expected, at low temperature and high pressure the equilibrium DIPE system is
practically pure liquid, as these conditions favour product formation (IPA and DIPE
formation). The opposite is true at high temperature and low pressure. Interestingly,
one can observe retrograde behaviour in the DIPE system. At a temperature of 100°C,
for example, pressures below 7 bar ensure the system is completely vapour phase. As the
pressure is increased beyond this value, liquid begins to appear until, at 10 bar, the system
is practically pure liquid phase. However, once the pressure exceeds 77 bar, vapour begins
to appear once more. This type of behaviour has been observed before in even very simple

systems such as ethane-heptane [45]. Whether, in this case, the retrograde behaviour
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is an artefact of the model or represents real behaviour is not known, and would require

additional experimental data to confirm.

The greatest yield of DIPE relative to the total number of moles in the system is
always obtained at the stoichiometric ratio for DIPE formation, i.e. a propylene:water
ratio of 2 : 1. Any overall system propylene:water ratio above or below this ratio results

in a significant decrease in the equilibrium DIPE yield.

2.3.6 Predictions of the heat of reaction using the WS-PRSV
model |

The heat of reaction of a particular reaction in the ideal gas phase at a given temperature
need not be the same as the heat of reaction of the same reaction in a non-ideal mixture,
especially if the reaction takes place in a different phase. Sold et al. [33] studied the initial
heat of reaction of MTBE in the liquid phase and obtained a reaction enthalpy of —34
kJmol™* for feaction between methanol and isobutylene at 25°C and 10 bar. In compar-
ison, the ideal gas heat of reaction for the reaction between methanol and isobutylene at
95°C is —39 kJmol™!. No studies examining different molar compositions or examining

any of the reactions occurring in the DIPE system were found in the literature.

The heats of reaction of the three reactions presumed to occur in the DIPE system can

be calculated from the partial molar enthalpies of the species taking part in the reaction

from
AH, . = Hy(T, P,z;) — Hp(T, P,z:) = Hyy (T, P,zi) (2.100)
AH,, ., =Hg(T,P,z;) — Hp(T, P, z;) — Hy(T, P, ;) (2.101)
AH,,.3=Hg(T,P,x;) + Hy (T, P,z;) = 2H,(T, P, z.) (2.102)
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Now, it has been shown [45] that the partial molar enthalpy of a component in a mixture
is related to its partial molar fugacity, its mole fraction, its partial molar ideal gas mixture

enthalpy and the system pressure and temperature by

dln mf_P T oM
a(T’ ) = 2T RT;_ ' (2.103)
Px;
thus
[ OIn| 3
H, =H"" - RT? ——8(?‘-52 (2.104)
P‘Z'i

The partial molar enthalpy of each species in an ideal gas mixture is equivalent to the
molar enthalpy of the ideal gas of that species; and may be calculated from correlations
given in literature [62], whilst the partial derivative term can be obtained from any phase
equilibrium model which applies at the temperature, pressure and pﬁé_ée of interest. In
the present system, the partial derivative term may thus be obtained from the WS-PRSV
model. The heat of reaction for the three reactions presumed to occur in the DIPE system
are given in Table 2.6 for ideal gas and liquid phase reactions at various temperatures.
Figure 2.21 shows the heat of reaction for the three reactions as a function of the approach
to chemical equilibrium in the DIPE system starting from a feed of propylene and water

in a 2:1 molar ratio at a temperature of 120°C and 50 bar.

Table 2.6: The heat of reaction of propylene hydration, IPA alkylation and bimolecular
dehydration of IPA under ideal gas (IG) conditions and at initial and chemical
equilibrium process conditions

Heat of reaction, kJ mol™!

Reaction - IG, 25°C IG, 120°C 2:1*,100°C 2:17,120°C 2:1*, 140°C
Propylene hydration -47.7 -50.8 -53.9 -34.5 -31.0
IPA alkylation -64.8 -65.8 -92.1 . -79.1 -77.9
- IPA dehydration -17.1 -15.0 -38.2 -44.6 -46.9

*

At a pressure of 50bar and a propylenerwater molar ratio of 2:1, liquid phase reaction
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Figure 2.21: The heat of reaction of propylene hydration, IPA alkylation and bimolecu-
lar TPA dehydration as a function of the approach to chemical equilibrium
- in the DIPE system, starting from a feed of propylene and water in a 2:1

mole ratio at a temperature of 120°C and 50 bar.

Regardless of the phase in which the reaction is taking place, all three reactions are
exothermic. The heat of reaction is not a strong function of temperature for the ideal
gas. For the high pressure liquid phase reaction, on the other hand, it is very sensitive
to temperature. The reaction enthalpy of the propylene hydration reaction, for exam-
ple, increases from —53.9kJmol™" at 100°C to —31.0kJmol™" at 140°C. The heat of
reaction was also found to be a strong function of the mixture composition due to the
large thermodynamic non-idealities in the asymmetric liquid phase. As one approaches
chemical equilibrium starting from a mixture of propylene and water in a 2 : 1 molar ratio
~at 120°C and 50bar, the heat of reaction of the propylene hydration reaction varies be-
tween —34.5kJ mol™! and ~73.4kJ mol™! before stabilising at —50.9kJ mol™" at chemical
equilibrium (see Figure 2.21). These strong variations with temperature would obviously

have to be accounted for in any reactor design.
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Chapter 3

Catalytic DIPE synthesis

3.1 Introduction
3.1.1 Background

Since DIPE is a symmetric dialkyl ether it possesses the unique property, in contrast to
the other octane enhancing ethers, that it can be synthesised directly from only an olefin
and water. The reactions first to produce the aicohol (IPA) and then, in a further reaction
step, to produce DIPE are acid catalysed and can, with the correct tailoring of process
conditions, be made to occur within one catalyst bed. To take advantage of this property
of DIPE one thus needs to find a catalyst capable of promoting both the hydration and

the etherification reactions.

Conventionally, the hsfdration of propylene to IPA was carried out in a two-step pro-
cess, the so-called indirect hydration process. In the first step propylene was dissolved
in concentrated sulphuric acid which led to the formation of propylene monosulphate.
In a second step excess water was added to the acid mixture to hydrolyse the sulphate,
yielding IPA. This process had several serious drawbacks, the most pronounced being
the corrosive nature of the homogeneous catalyst and the high cost of sulphuric acid re-

covery. These drawbacks were circumvented by the development of the direct hydration

87
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of propylene over solid acid catalysts. Initially phosphoric acid on a porous support was
used, but its lack of stability in aqueous media led to acidic ion exchange resin catalysts
taking over as the catalyst of choice [47]. Figure 3.1 illustrates the reactions occurring in

each process.
1. 'Indirect’ hydration

(1) CH;=CH-CH; + H,80, ~—=  CH;~CH-CHy
OSO,H

(1 b) CHa_‘Cl H—C H3 + Hzo i CH3"‘CIH—C H3 <+ H2$O4
OSO;H OH

2. 'Direct’ hydration

@  CH=CH-CH, + H0 ——= CH;—CH-CH,
| OH

Figure 3.1: Indirect and direct hydration reactions of propylene

As previously stated in Section 1.3 very little process information is available in the
open literature on DIPE synthesis though one would expect similar synthesis conditions as
for the other octane enhancing ethers. The desired reaction is the ether formation reaction,
i.e. the alkylation of the alcohol with the olefin which, in the case of MTBE for example,
would be the reaction of methanol with isobutylene (Figure 3.2). As for the hydration
reaction, it has been found that acidic ion exchange resins catalyse the alkylation reaction
very éfﬁéiently. MTBE, ETBE and TAME are currently all synthesised exclusively over

ion exchange resins.

Due to the industrial importance of hydration and etherification reactions, considerable
research has been conducted into developing improved catalysts. Besides ion exchange
resins, this has covered both homogeneous catalysts such as sulphuric and paratoluene

sulphonic acid as well as heterogeneous catalysts such as zeolites and supported heteropoly
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Alcohol alkylation reaction

CHay H* ¢Hs
) CHa—OH + C=C H2 CHs_C'—O_’C H3
CHZ I
3 , CH,

Figure 3.2: Alkylation of methanol with isobutylene to produce MTBE

acids (see Table 3.1). Although it has been demonstrated that some of these novel
catalysts outperform conventional catalytic ion exchange resins in certain aspects, to date
no catalyst has been developed which improves upon the combined selectivity, activity and
lifetime performance of acidic ion exchange resin catalysts. Acidic ion exchange resins are
thus the logical choice to perform the simultaneous hydration and etherification reactions
required to produce DIPE from a feed of propylene and water within a single catalyst

bed.

3.1.2 Ion exchange resins as solid acid catalysts

3.1.2.1 Background and catalytic applications of ion exchange resin catalysts

The industrial use of ion exchange resins covers a wide field and involves applications in the
conversion and concentration of ionic species, purification and deionization, fractionation
by ion exchange chromatography and of course in catalysis. The first practical applications
and plant scale processes using ion exchange resins as catalysts were developed by L.G.
Farben during World War II [111]. Today probably the largest consumer of ion exchange

resins as catalysts is the petroleum refining industry.

Ton exchange resins can be functionalised in a number of ways, resulting in cata-
lysts ranging from strongly basic to strongly acidic. The most common, however, is the
strongly acidic sulphonic ion exchange resin catalyst. Acidic ion exchange resin catalysts

are often used to promote chemical reactions normally catalysed by mineral acids and are’
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Table 3.1: Catalysts other than ion exchange resins studied for applicability in hydration

and etherification

Catalyst

Author - Reaction
Hydration Reactions

L. Fan et al. [98] Tertiary butyl alcohol
D. Kall6 and R.M. Mihalyi [99]  Isobutyl alcohol

E.L. Purlee et al. [100] Isobutyl alcohol
M.H.W. Sonnemans [101] IPA

K. Tao et al. [102] IPA

5i0,-Ti09, NagMoQO,4 and Pd/carbon
H-Clinoptilolite

Aqueous nitric acid

Zeolites H-Y, H-Mor, H-ZSM-5 and ASA
H-0

Etherification Reactions

S. Ahmed et al. [103] MTBE
AM. Al-Jarallah et al. [104] MTBE
F. Ancillotti et al. [105] Alcohol alkylation
K. Chang et al. [106] MTBE
P. Chu and G.H. Kithl [107] MTBE
A. Nikolopoulos et al. [108] MTBE
S. Shikata et al. [109] MTBE

M.H.W. Sonnemans [110]

H-ZSM-35

Sulphuric acid

p-Toluene sulphonic acid
Titanium-silicalite I, H-ZSM-5
H-Y, H-ZSM-11, H-{ and H-Mor
amorphous silica alumina and H-Y

Heteropolyacids on silica

Methyl isopropyl ether H-ZSM-5-

well established as economical catalysts in a wide spectrum of industrial processes. This

type of resin has been, amongst others, used for alkylation, condensation, dehydration,

etherification, esterification, hydration, hydrolysis, isomerisation and polymerisation re-

actions. Table 3.2 gives an outline of some of the reactions catalysed by ion exchange

resins [112]. The table shows the type of reaction, its application and the structure of

the resin used.

3.1.2.2 Structure of polymeric ion exchange resin catalysts

Ion exchange resins consist of an irregular, macromolecular three-dimensional network

of _hydroca.rbon chains bound together by crosslinks. Most commonly, the hydfocarbon

backbone is made up of styrene monomers, whilst the crosslinks consist of divinyl benzene.
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Table 3.2: Applications of ion exchange resin catalysts .
Type of catalyst

Gel form Macroreticular

Type of Reaction beads beads powder Application

Acetal formation X acetals

Alkylation X p-alkyl phenol
Chromatographyv X ' fructose/glucose
Condensation X bisphenol A
Epoxidation X butyl oleate

Ester formation X acetic acid ethyl ester
Ester splitting X sorbic acid
Etherification , X MTBE, ETBE, TAME
Hydration x IPA, tert-butyl alcohol
Hydrolysis x allyl alcohol
Oligomerisation X n-butene

Phenol purification X pure phenol
Polymerisation x . 1,3,5 trioxane

Re-esterification X hydroxyalkyl phosphinic ester

This structure forms the hydrocarbon matrix to which fixed ionic groups are attached.
The ionic groups form the active sites of the ion exchange resin. Figure 3.3 gives a

pictorial representation of acidic ion exchange resin synthesis.

While the matrix of ion exchange resins is hydrophobic, the ionic groups are hy-
drophilic. Both the hydrocarbon polymer and the ionic groups together are soluble in
water. This solubility is removed by interconnecting the polymers with crosslinks. Even
though this makes the ion exchange resin insoluble, it can still sorb solvents and expand
| by a swelling of the matrix. The extent of swelling is determined mainly by the polarity

of the sorbing species and the degree of cross-linking.

The early ion exchange resins came in the form of solid spheres, the so-called gel
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Figure 3.3: Synthesis of ion exchange resin

- form. Typical catalyst bead sizes ranged from 0.3mm to 1.2mm. Only in water and polar
systems, however, were functionalised gel polymers fdund to have catalytic efficiencies
approaching those of the corresponding homogeneous catalysts {113]. In less polar media
where swelling was decreased due to the poorer solvation of the polar functional group,
the catalytic efficiency was diminished to far below that of the homogeneous catalyst.
This deficiency of gel polymers resulted from the lack of accessibility of reactants-to the
interior of the catalyst particle, only the periphery. of the particle being utiliséa. In
hydration reactions, the effective thickness of this peripherai region has been estimated to
be 1 ,um thick, in poorly solvating organic media this shrinks to only 0.1 ym [113]. For a
typical gelular bead of 0.5 mm diameter, this means that only 0.1% - 1% of the catalyst

is actively involved in the reaction.

The discovery of macroreticular resins in 1957 [114] solved this problem. Macroretic-
ular resins are composed of microgel particles (0.01 to 1.5 um) agglomerated to form
. clusters (0.4 to 60 pm), see Figure 3.4 [113]. The microgel particles are identical to gel
particles in all respects except their size. The clusters are connected at the interfaces so
that the porous polymeric particle is constructed of two continuous phases - a continu-

ous pore phase and a continuous gel phase. Macroporosity arises from the void spaces
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between and within the clusters whilst significantly enhanced surface area arises from the
exposed surface of the microgels. The surface area of macroreticular resins is typically 50
m? /g, about 10 000 times greater than gelular resins. The large void space provides ready
access for reactants to the microgels whilst the small size of the microgels leads to greater
catalyst utilisation. Thus whereas gelular resins can only function effectively in a swelling
medium, macroreticular resins are effective catalysts in both swelling and nonswelling
solvents. Consequently, the majority of resins used as catalysts today are macroreticular

in nature.

Figure 3.4: Microscopic structure of a macroreticular resin at 100X, 300X and 1000X
magnification respectively

The cluster size of the microgel accounts for the visual appearance of the porous
polymers. Clusters larger than 2000 A (half the wavelength of the shortest frequency of
the visible part of the electromagnetic spectrum) scatter the light waves (Mie scattering)
as light passes through the porous matrix and produce opacity. Clusters smaller than
2000 A are not of sufficient size to induce the same type of light scattering and appear
translucent, from the Rayleigh scattering of photons as they pass through the alternating
sequence of pores and clustered microgels. Non-porous gel resins appear transparent,
as there is no internal structure of significant size to perturb the flow of photons passing
through [113]. Figure 3.5 [113] shows the visual differences between a gelular resin, a

macroreticular resin with small clusters and a macroreticular resin with large clusters.
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Figure 3.5: Physical appearance of a gelular resin, a macro-reticular resin with small
clusters and a macro-reticular resin with large clusters

3.1.2.3 Porosity in catalytic ion exchange resins

Since both the macrostructure and the matrix of macroreticular resins are random, pore
éizes are not uniform. Macroreticular polymeric catalysts have two types of pores: per-
manent macropores between the microgel clusters and “temporary” micropores within
the microgel beads. The sizes of these pores change significantly depending on the extent

of swelling.

When the resin is totally dry, the polymeric matrix is collapsed and the polystyrene
chains lie as close as atomic forces will allow. In this condition, the matrix is completely
impervious to any molecule incapable of acting as a swelling medium. Thus unless a reac-
tant is itself capable of swelling the matrix, the only catalytic sites exhibiting any activity
would be those on the external surface of the microgel clusters. The only pores existing
in this system are the large void spaces in between the microgel clusters. Depending on
the type of macroreticular catalyst, these pores may vary in size from as small as 20 A -
to as large as 500000 A [113, 115]. The pore size distribution of a typical dry, unswollen

macroreticular ion exchange resin catalyst is shown in Figure 3.6 {113].

In all resins, microporosity (i.e. pore sizes below 20A) only becomes apparent in the
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Figure 3.6: Typical pore size distribution of a dry macroreticular ion exchange resin
determined by nitrogen desorption isotherm

swollen state. In swelling media the sulphonic acid groups are surrounded by solvation
spheres causing the matrix to expand relative to the dry form. This opens up micropores

between the polymeric hydrocarbon backbones (Figure 3.7) [115]. -

The sizes of these micfopores are inversely proportional to the amount of crosslinking
agent present in the resin. The more crosslinker in the matrix, the greater the number
of connections between the polystyrene chains. This reduces the extent of swelling and
also the diameters of the micropores. In gelular resins with a low to medium degree
of crosslinking (2-13%) “micropores” of 5 to 40 A diameter open up during swelling.
Macroreticular resins where the degree of crosslinking is usually slightlfy higher (7-25%)

exhibit micropores with smaller diameters, typically between 5 A and 20 A.
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(a)

Figure 3.7: Creation of micropores by swelling of the hydrocarbon backbone by a polar
solvent. (a) Unswelled matrix (b) Swelled matrix

3.1.2.4 Catalytic nature of acidic ion exchange resins

The catalytically active sites in acidic ion exchange resins are the sulphonic acid groups
in the hydrogen form [116]. The nature of the catalytic action, however, has been the
subject of considerable discussion in the literature since it is believed to differ significantly
depending on the reaction medium. In most existing work it has been assumed that acidic

resin catalysis falls into one of four categories:

1. Catalysis by fully water-swollen resins in aqueous systems
2. Catalysis in mixed water/organic solvents
3.. Anhydrous catalysis where water is a product of reaction

4. Anhydrous catalysis where water is not a product of reaction

Infrared (IR) studies [117] have shown that the sulphonic acid groups in dry resins
- pair off by the formation of a doubly-hydrogeh bonded structure. The addition of a
small amount of water to the anhydrous resin leads to the break-up of this paired array
as the water forms hydrogen bonds to multiple sulphonic acid groups. Three or even

four groups may be involved in these highly stable complexes. Additional water breaks
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up these groups and monohydrates are formed. As ever more water is added. increaéing
amounts of mono- and then bi-hydrates form, until eventually the sulphonic acid groups
become solvated and the hydride ions delocalise. Solvation of the acid groups is believed
to take place when the ratio of wéter to sulphonic acid groups within the resin mafrix

exceeds two [118]. The progressive solvation of resin is summarised in Figure 3.8.

,O—H—0_ ,0 H
(A) —S$=0 O=Ss— —§=0—H~0 (C)
X * ~
O—H—-0 ) H
l+ H,0O l +H,0
+H,0 -

(B) o—+H-0 H 0
——SS—-O H\O O—H—0 (D)
1o "
Y OH--Q]
H H

Figure 3.8: Interaction of water with the resin matrix. (A) Anhydrous pairing (B)
Multiply-hydrogen bonded water (C) Monohydrated sulphonic acid groups
(D) Completely solvated resin

In-situ IR studies of the dehydration of alcohols over thin polymeric films by Thornton
and Gates [119] and Knozinger and Noller [120] determined that alcohols interact with the
resin matrix in a similar fashion to water. All the alcohols used in these studies (methanol,
ethanol, IPA, s-butyl alcohol and isobutyl alcohol) exhibited identical behaviour. A sep-
arate study on formic acid dehydration [116] showed that these resin matrix-functional
group interactions were not limited to alcohols, but occurred with other polar organic

species as well.



98 ' CHAPTER 3. CATALYTIC DIPE SYNTHESIS

At low partial pressures alcohol was hydrogen-bonded to multiple active sites..:Iden-
tically to water, alcohol molecules displayed a preference of simultaneously “bonding” to
proton accepting and proton donating sites [121, 122]. As the partial pressure of alcohol
was increased, the characteristic IR absorption bands for -S=0 gradually disappeared. in-
dicating the formation of highly stable hydrogen bonded alcohol-sulphonic acid structures.
Once all the available -S=0 groups had bonded, additional alcohol led to dissociation of
the acid groups and the corresponding break-up of the strongly hydrogen bonded net-
works. The band indicating free -OH groups (whether from the resin or from the alcohol)
was absent under all conditions, suggesting that these groups were always involved in hy-
drogen bonds. The progression from dry resin to dissociation by polar species is depicted

graphically in Figure 3.9, using methanol as an example.
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Figure 3.9: Interaction of methanol with the acidic resin matrix. (A) Anhydrous pair-
ing (B) Multiply hydrogen-bonded alcohol (C) Strongly hydrogen bonded
network (D) Dissociation of sulphonic acid groups
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In nonpolar or only slightly polar media, the nature of the species-matrix interactions
differs since the reaction medium can no longer swell the resin and is unable to dissociate
the active sites. The reactants are believed to “bond” into a network of sulphonic groups
[123]. A charge imbalance is created between the adsorbed molecules and the active sites
which leads to the formation of an adsorbed carbocation phase. This charge imbalance
is shared out amongst the interconnected sulphonic groups (Figure 3.10). Experimental
reaction evidence indicates that up to seven sulphonic groups are involved in such com-
plexes [119; 123]. IR studies have shown benzene, propylene and diethyl ether to adsorb

in this manner.

0%l ™o..
HT 0 T
IO =
S=o CHs
Q +&
H e ~CH,
30—
/ Y .MH\'O\\\ IO

Figure 3.10: Suggested structure of propylene adsorbed onto an acidic resin

The classification of catalysis by ion exchange resins into four categories with differ-
ent mechanisms needlessly complicates the picture. All polar species (be they water or
organic) display essentiaﬂy the same functional group interactions with the resin ma-
trix. The nature of ion exchange resin catalysis in polar media then, can be described
quite simply as the transition from catalysis by ionic -SO3H groups (whether concerted
- or singly bound) to catalysis by delocalised protons and dissociated sulphonic acid sites.
The change-over between the two states is dependent on the concentration of the polar
species at the active sites. When the resin is in the fully solvated state, catalysis can

be likened to homogeneous catalysis by mineral acids and, indeed, reactions exhibit the
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same activation energies and reaction orders [124].

In nonpolar media on the other hand, this gradual transition from “ionic” to “homo-
geneous” catalysis does not occur. The ionic groups cannot become dissociated so the
catalytically active species always remains the jonic group. In systems of mixed polar
and nonpolar speciés the same principles apply. - The more polar species preferentially
adsorb on the active sites where, depending on the concentration of the polar species,
they can be multiply hydrogen-bonded, be singly bonded or even solvate the sulphonic
acid groups [99]. Reaction would then occur between the adsorbed polar species and the
nonadsorbed nonpolar species. In such systems kinetic evidence points to the pgssible
transport of the nonpolar species to the adsorbed polar species by surface diffusion [125]

along the hydrocarbon backbone.

3.1.2.5 Deactivation of ion exchange resin catalysts

Sulphonic acid ion exchange resins can be deactivated in a number of ways. They can
lose hydrogen ions (and thus catalytic activity) through ion exchange, active sites may
become blocked or inaccessible by polymeric material (i.e. fouling of the active sité%), the
resin matrix may become decrosslinked or the resin may lose sulphonic acid groups due

" to excessive operating temperatures.

Feed contamination by cations may result in the partial or total displacement of the
active H* species by ion exchange, leading to a loss in capacity and thus activity. The
extent of deactivation depends on the nature of the impurity. In MTBE synthesis, for

examf)le, it was observed that a 1 g/l of resin Fe impurity led to a 30% decrease in"
activity [115]. In this situation the catalyst ina.y be reactivated by strong mineral acids

which displace the adsorbed inactive cationic Fe species.

In some processes, easily polymerisable material such as dienes and acetylenes react to

form polymeric gum on contact with the catalyst. This blocks access to the active sites
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and greatly reduces the catalytic effectiveness of the resin. A complete reactivation of
the resin through washing with organic solvents is generally not possible and replacement

of the resin becomes necessary [115].

Exposure of the catalyst to strong oxidizing agents such as Fe**, O, or peroxides results
in the decrosslinkage and swelling of the resin. This affects the diffusion of reactants inside
the matﬁx and increases the pressure drop down the resin bed. Excessive decrosslinking
may even lead to the partial dissolution of the resin matrix. Decrosslinked resins are

irreparably damaged.

The most common cause of resin deactivation is desulphonation due to thermal degra-
dation. Strongly acidic polymeric resins are thermally stable up to temperatures of 120-
150°C. Above this temperature a gradual loss of catalytic activity is observed which is
due to the splitting-off of sul;ihonic acid groups from the polymer matrix. The sulphonic
acid groups are lost in the endothermic reverse reaction of the sulphonation process (Fig-
ure 3.11). In an inert atmosphere this deactivation process gives sulphur trioxide, in
aqueous media it gives sulphuric acid [126]. The rate of desulphonation depends mainly
on the operating temperature and on the nature of the system [127]. The higher the tem-
perature and the less inert the surrounding medium, the more rapid the desulphonation

process, see Figure 3.12 [127].

H* H* :
SO,H =~©< —»—-@—H + 80, +H*
SO,H

Figure 3.11: Deactivation of a polymeric resin by desulphonation



102 » CHAPTER 3. CATALYTIC DIPE SYNTHESIS

100 100 -
180°C
2 90 N
£ =y
5 200°C g 50 Nitragen
2 80 &
[&] .
: 240°C Water
70 0 ’ :
0 50 100 150 o 50 100 150

Time, hours : Time, hours

Figure 3.12: Deactivation of Amberlyst 15. Efect of temperature on weight loss and
effect of operating mediurmn on capacity loss.

3.1.3 The thermodynanﬁcs and system parametérs of hydration
and etherification |

The equilibrium conversions of the olefins in ether synthesis at 20 bar are displayed in
Figure 3.13. = The data for MTBE, ETBE and TAME synthesis were obtained from
the Handbook of Heterogeneous Catalysis [13] whilst the data for DIPE synthesis was
calculated using the WS-PRSV model described in Section 2.3. |

The equilibrium conversion towards DIPE appears to be more temperatuié sensitive
than that of the other ethers. However, in MTBE, ETBE and TAME synthesis the
system was entirely liquid phase and only the etherification reaction was considered.
In calculating the equilibrium in DIPE synthesis, on the other hand, both a vapour
and a liquid phase were-present in the system and the propylene hydration reaction
was included too. This affects the equilibrium behaviour of DIPE synthesis relative to
that of the other ethers. Nevertheless, all the etherification reactions are exothermic
- and thermodynamically limited. The equilibrium limitations consequently increase with
temperature. The same has been found of propylene hydration [49]. To take advantage
of LeChatelier’s principle énd improve the poor thermodynamics, these reactions are thus

usually carried out at high pressures and low temperatures. However, hydration and
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Figure 3.13: Olefin conversion in ether synthesis at chemical equilibrium. Alcohol:olefin
- ratio = 1:1 and pressure = 20 bar.
etherification reactions have to be separated into 2 distinct classes depending on reaction

temperature:

e those where the temperature is lower than the critical temperature of the olefin, e.g.

MTBE, ETBE and TAME synthesis and

e those where the temperature is greater than the critical temperature of the olefin,

e.g. IPA and DIPE synthesis.

The difference between these two classes comes about as a result of the thermody-
- namic behaviour of the super-critical species. In sub-critical temperature operation any
increase in pressure beyond that required to liquefy all components in the system results
in only hegligible changes in the activities of the species present in the system. Conse-

quently, neither the rate nor the equilibrium conversion are affected by pressures beyond
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the bubble point pressure of the system. In super-critical synthesis, however, pressure
will always have an effect, since the super-critical species cannot be liquefied. Even if the
super-critical species has dissolved almost completely in the liquid phase, its activity will
continue to increase with increasing pressure-and, in the case of hydration and etherifica-
tion, this will result firstly in greater reaction rates and secondly will favourably affect the
equilibrium conversion. The difference between the two classes is reflected in the typical

reaction conditions.

Synthesis temperatures for the octane enhancing ethers derived from isobutylene and
isoamylene range from 40 to 80°C [13, 128]. Since the critical temperatures of isobutylene
and the iscamylenes are 145°C and 192-197°C, respectively, MTBE, ETBE and TAME
are produced at sub-critical temperatures and consequéntly system pressures only slightly
higher than the bubble pressure of the system are employed, i.e. pressures range between 7
and 20 bar. Commercial IPA production by propylene hydration on the other hand takes
place at 130 to 150°C [49, 22]. This is considerably greater than the critical temperature
of propylene (92°C). Thus, equilibrium conversions ‘and rates can be enhanced by higher
pressures and consequently 60-100 bar trickle-bed operation is standard. Similarly, DIPE

synthesis is proposed at elevated pressures around 70 bar [8].

3.1.4 Side reactions in hydration and etherification

Selectivities greater than 95% can be achieved in hydration and etherification reactions
over ion exchange resin catalysts [13, 33]. Side reactions, besides double bond shifts, do not
generally play an important role in hydration and etherification as long as suitable reaction
conditions are applied. [129]. Still, since some side reactions such as oligomerisation can
lead to a reduction in catalyst activity by fouling of the active sites and a reduction
in quality by colouring the product, they should be avoided. In MTBE synthesis for
example, the major side reactions are the dehydration of methanol to give dimethyl ether

and water, the oligomerisation of isobutylene and the hydration of isobutylene with the
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product water from methanol dehydration. These reactions are, however, not the only
ones which have been observed. The observed reactions in MTBE synthesis are listed in
Figure 3.14 [13]. During isobutylene hydration to give tertiary butyl alcohol the major

side reaction is the formation of isobutylene oligomers [125].

The picture in IPA and DIPE synthesis is very similar to that of the synthesis of
tert-butyl alcohol and MTBE. Neier and Woellner [22] report selectivities during IPA
synthesis of 96%, the major by-product being DIPE. Only traces of oligomeré were found
to occur. During DIPE synthesis, the number of unfavourable side-reactions is reduced
relative to MTBE synthesis, due to the fact that DIPE is a symmetric dialkyl ether. The
bimolecular alcohol dehydration and olefin hydration reactions, respectively, would simply
form DIPE or the intermediate, IPA. Accordingly, in DIPE synthesis (from water and
propylene) Marker et al. [8] report process selectivities to DIPE of 98%; the remainder
being oligomers. All IPA was recycled. Neglecting the reactions of the diolefins the main

reactions which can be expected to occur are given in Figure 3.15.

3.1.5 Hydration and etherification mechanisms

Early work on hydration and etherification reactions over acidic ion exchange resins
started out from the premise that the catalytic action occurred via a mechanism identical
to that in homogeneous mineral acid catalysed systems [49, 22, 47]. It was assumed that
the protons from the sulphonic acid sites were delocalised and solvated within the gel
phase of the resin bead, i.e. the interior of the catalyst bead could be considered as a
discrete region of homogeneous mineral acid catalysis. Fittingly, this model was termed
the “pseudo-homogeneous” model. Regardless of whether the reaction was electrophilic
addition as in hydration, oligomerisation or alcohol alkylation or whether the reaction
was nucleophilic substitution as in the bimolecular dehydfation‘of alcohol, the first (and
rate controlling) step was, in every case, assumed to be the formation of a carbocation

radical. The mechanisms assumed for the homogeneous hydration [130] and etherification
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1. Methanol alky%ation to form MTBE
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2. Oligomerisation of isobutylene to form dimers, trimers etc.
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3. Bimolecular dehydration of methanol to form dimethyl ether and water

CH;OH + CH;0H CHy—0—CH; + H,0

4. Hydration of isobutylene to form t-butyl alcohol

3 ]
Sc=CH, + H,0 CHy—C—CH,
CH{Y {
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8. Etherification of dienes to form olefinic ethers
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6. Other observed reactions of dienes
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\ (Diels-Alder products)

Qligomers

Figure 3.14: Main reactions in MTBE synthesis
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1. Hydration of propyiene to form [PA OH

[
CH;~CH=CH, + H,0 CH;—CH-CH;

2. IPA alkylation to form DIPE
?H CH3-(I:H~CH3
CHa—CH_CHa + CHs_CH=CH2 (|>

3. Bimolecular dehydration of IPA to form DIPE and water
(|3H C|)H CH3-—C|H—CH3 _
CHS—CH—CHs. + CHa"CH—CHa (|) + HZO
CHS—'CH_’CHs

4. Propylene oligomerisation to form dimers, trimers etc.
,CHs
CH;—CH=CH—CH_
CH,
CH3—CH=CH, + CHy=CH=CH,

/N

_CHj
CH2=CH—'CH2-CH\ To—
CH,

Figure 3.15: Expected reactions in DIPE synthesis

reactions [131] are shown in Figure 3.16 whilst Figure 3.17 shows the mechanism of olefin

dimerisation [131] using the DIPE system as an example.

The pseudo-homogeneous model generally fit reaction data well.  Ancillotti et al.
[105] observed that at low isobutylene to methanol ratios the rate of MTBE formation
was first order in isobutylene and zero-order in methanol. As the ratio was increased the
reaction rate increased and depended on both species. At high ratios of isobutylene to
methanol the situation reversed and the etherification rate became first order in methanol
- concentration and independent of isobutylene concentration. These observations were still
consistent with pseudo-homogeneous catalysis. However, water was found to markedly
inhibit the rate of reaction and variations in reaction rate at low species concentrations

were observed which could not be explained by the pseudo-homogeneous theory.
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1. Hydration of propylene
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2. Alkylation of IPA
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3. Bimolecular dehydration of IPA
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Figure 3.16: Homogeneous acid catalysed reaction mechanisms



3.1. INTRODUCTION 109

Homogeneous dimerisation of propylene
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CHy=CH—CH,~CH_ + Hs0"

CH,

Figure 3.17: Homogeneous propylene dimerisation reaction mechanism

The first papers to tie up the sometimes contradictory experimental evidence and
- link it to the adsorption structures observed previously in ion exchange resins (Section
3.1.2.4) were those by Tejero et al. [132] on MTBE synthesis and Kallé and Mih4lyi [99]
on isobutylene hydration. Tejero et al. [132] summarised literature data on the initial
rate of MTBE formation, see Figure 3.18, and explained the behaviour by a progression

through three regimes of catalytic action:

1. At low ratios of isobutylene to methanol, ratio < 0.7, the etherification reaction takes
place exclusively between adsorbed methanol and isobutylene from solution. The
surface reaction is the rate limiting step, occurring via a concerted prdton transfer
.mechanism similar to that proposed by Gates and co-workers [121, 122], see Section
| 3.1.2.4. It is believed that three sulphonic acid groups are required to effect proton

transfer and form the active cationic structure.

2. At intermediate ratios of isobutylene to methanol, 0.7 < ratio < 3.5, it was hy-
pothesised that reaction between adsorbed methanol and adsorbed isobutylene also
begins to take place. The surface reaction is the rate limiting step. Once again,

it is believed that the concerted action of three active centres is required for this
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Figure 3.18: Initial rate dependence on initial methanol concentration at various
isobutene contents. Ratio = isobutene / methanol, temperature 60°C
over Amberlyst 15

mechanism to take place.

3. At high ratios of iscgutylene to methanol, ratio > 3.5, the reaction medium is unable
to fully swell the polymer matrix. The network of sulphonic acid groups is dense
and reaction occurs almost exclusively between adsorbed phase species. This is the

fastest reaction mechanism.

In contrast to Tejero et al. [132] who focussed on a system where at least some

isobutylene adsorption had taken place, Kallé and Mihalyi [99] worked in a system where
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the overwhelming majority of active sites (>99.8%) had adsorbed the polar species, water.
The greater coverage by the polar species in their system could be attributed to lower
olefin to polar species ratios and to the higher polarity of water as compared to methanol
- species of greater polarity will adsorb preferentially oﬁ the active sites. Reaction in
this system thus occurred exclusively between the adsorbed polar species and the olefinic

speciés from solution (regime 1 according to the Tejero et al. [132] classification).

As expected, the initial rate of isobutylene hydration was found to increase linearly
with isobutylene partial pressure. However, it was found that even though all sites were
occupied by water, the partial pressure of water at constant isobutylene partial pressure
still had a marked effect on reaction rate, see Figure 3.19 [99]. This phenomenon was
explained as follows: at low water partial pressures only one water molecule is hydrogen-
bonded per active site, forming the most active complex. As the water bartial pressure
is raised bi-, tri- and finally polyhydrates form around the active sites. The hydrogen-
bond interaction with the water molecules is shared out equally amongst ever more water

molecules and the activity of the adsorbed water-active site complex decreases.

Tejero et al. [132] based their findings on a system with insufficient methanol to cause
full swelling and proton delocalisation by the polar species. On the other hand, Kall6é and
Mihdlyi [99] worked in a system where minimal olefinic adsorption took place, thus they
never observed a system where interaction occurred between two adsorbed phase species.
The two proposed series mechanisms can, however, be combined into a single one with
three distinct mechanistic regimes. The type of mechanism depends on two factors: the
ratio of polar to apolar species [132] and the total amount of reactive polar species present

[99].

The ratio of polar to apolar species determines whether reaction will occur between
an adsorbed polar species and an apolar species from solution (slower mechanism) or be-
tween adsorbed polar and adsorbed apolar species (faster mechanism). At large polar

to apolar species ratios the total amount of reactive polar species, however, determines
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whether mono-adsorbed, bi-adsorbed or poly-adsorbed complexes take part in the reac-
tion. Leaving out the transition phases between the mechanistic regimes, catalytic ‘ction
in ion exchange resins can now be categorised into three classes: Type I, Type II and

Type III. Catalytic activity increases from Type I to Type IIL

L At very high polar to olefinic species ratios and at high overall species concentrations,
'multiple polar species are hydrogen-bonded to each active site, forming polyhydrates
in the case of water. Reaction takes place between adsorbed polar species and
solution-phase apolar species with a single active site taking part in the reaction.
This is the least active regime. This mechanism can be likened to homogeneous

catalysis.

II. At intermediate ratios of polar to nonpolar species reactions between adsorbed polar
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species and olefins from solution still dominate. However, in contrast to the Tvpe I
mechanism, more than one active site now takes part in the reaction in a concerted
mechanism where the polar species are multiply hydrogen-bonded to a network of

active sites.

ITI. At high ratios of apolar to polar species, reaction takes place between adsorbed polar
and adsorbed apolar species. Due to the poor solvation ability of the apolar species
the resin matrix is poorly swelled and active sites are at their most concentrated. ’
Both species are multiply hydrogen-bonded to a number of active sites. This

mechanism is believed to be the fastest.

3.2 Materials, apparatus and experimental procedures

3.2.1 Matérials

3.2.1.1 Chemicals

The chemicals listed in Table 3.3 were used without any further purification. Deionised
water with a resistivity greater than 18 Mf2-cm™! was supplied by a Millipore Milli-QT*
Water System. All chemicals used for reaction work were filtered to sub 0.22 um.

Acid washed sand from Aldrich was washed with deionised water until a pH of 7 was
obtained. Glass beads with a diameter of 1 mm were acid washed with 1 mol /1 HCl and
then washed with deionised water until the pH returned to 7. Chromosorb (with a particle

size of 180 - 250 um) and silanised glass wool were supplied by Supelco.

As mentioned in Section 2.3.2 depending on the literature source used, the reported
physical properties of the chemicals varied widely. The pure component properties that
were used throughout the remainder of this work were those of Daubert and Danner 162],

see Appendix B.
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Téble 3.3: Sources and purities of chemicals used in this project
Chemical Source  Purity, mass%

Benzene Aldrich 99.8
DIPE *# Merck ... . 99.0
Hexane Saarchem . .- 96.0
IPA* Saarchem 99T
Methane®  Fedgas >99.9
Methanol  Merck >99
Propylene® SASOL - >99.9

* used for reaction and/or adsorption work
# stabilised with 10ppm 2,6-di-tert-butyl-4+-methylphenol

3.2.1.2 Catalysts

All the catalysts used in this project are commercial catalysts.  Three macropofous
- polystyrene divinyl benzene copolymers (Amberlyst 15 (Al5), Amberlyst 35 (A35) and
Amberlyst 36:(A36)) with sulphonic acid active sites containing differing amounts of divinyl
benzene crosslinker and with different acid site densities were obtained from Rohm & Haas.
These resins were supplied in the dry state. The macroporous organofunctional polysilog%ane,
Deloxan ASPK(D—ASP), also with sulphonic acid groups, was obtained from Degussa, whilst
the microporous zeolite H-Y (L-HY) extrudate with hydroxy! functional groups (Si-OH-Al)

was obtained from Linde. The properties of the catalysts are given in Table 3 4.

3.2.2 Catalyst pretreatment, modification and characterisation

3.2.2.1 Pretreatment

- The pretreatment procedure used for all the ion exchange resins was that recommended
by Schumann {112]. The resin was washed with benzene to remove any monomer which
remained in the catalyst matrix after synthesis. It was then rinsed with methanol to

remove the benzene and partially swell the resin before it was washed with deionised -
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Table 3.4: Physicochemical catalyst properties

Catalyst properties, dry A15M2  A35%3 A36%¢ D-ASP® L-HYS?
Lot number 443277 24035 24025 - 966084060002-5-10
Bulk density in air, kg/m3 630 580 610 350 690
Acid site density, meq/g 48%  52%  55% 1.00 1.35
Crosslinker, mass% _ 20 20 12 - -
Average particle size, um 810 610 510 700 1590*
BET surface area, m?/g 45 44 35 400 525
Max. operating temp., °C 120 130 140 >150 500

* average extrudate diameter. Extrudate length: 3.2 mm to 6.4 mm.

# measured by titration
'Rohm and Haas [133], 2 Rohm and Haas [134],Rohm and Haas [135], * Rohm and Haas [136], > Degussa
[137], © Linde [138], 7 Moller [139]

water to fully swell the resin and remove the methanol. To ensure the resin was entirely
in the hydrogen form it was ion-exchanged with 1 mol /1 sulphuric acid. The catalyst was
then dried in an oven at 120°C for 24 hours after which it was stored over silica gel until
used. See Appendix F for the precise procedure. If required, the dry resin beads were
sieved to various size fractions (250 — 350x m and 850 — 950 m) by using metal screens.
Since the commercial Y-zeolite was already in the hydrogen form, the only pretreatment
required was calcination. This was done in an oven at 500°C for 18 hours under air to

remove any carbonaceous material possibly present in the catalyst.

The dried catalyst was used as is for adsorption. For reaction work, the required
amount of catalyst was first weighed out. The resins were then pre-swelled with methanol
before being washed with water. It was necessary to swell the resin gradually as the resin
beads shattered™if washed with water only. The wet catalyst was then loaded into the
reactor as a slurry. It was found that if dry resin was loaded into the reactor, it would
crush itself on swelling and cause a high pressure drop over the reactor. Presumably this
would also affect the mass transport properties and thus the perfbrmance of the catalyst,

though this was never tested.
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3.2.2.2 Modification of acid site' density

The acid site density of Amberlyst 15 was modified by ion-exchange with NaOH. A sample
of ion-exchange resin was accurately weighed out. This sample was swelled by consecutive
washing with methanol and deionised water. The resin was then ion-exchanged with an
amount of sodium hydroxide corresponding to the desired acid site density. It was washed
with deionised water, dried and then stored as for the unmodified samples, see Section

3.2.2.1. The exact method is detailed in Appendix F.

~ The acid site density was determined by adding sodium hydroxide éolution to a dried,
weighed sample of ion-exchange resin to completely convert the caﬁalyst to the sodium
form. The excess NaOH was drained off and then neutralised by back-titration with
diluté HCl. From the amount of HCI required, the acid site density could be calculated.
This method was preferred to direct titration of the resin with NaQH, since the time
taken to ion-exchange the resin was unknown and errors could thus easily have occurred.

" The entire procedure is outlined in Appendix F.

3.2.2.3 Size analysis

Resins are known to swell in polar solvents. To determine the sizes of catalyst particles
in the various solutions occurring in this project, a Malvern Instruments Mastersizer S
particle sizer was used. This instrument infers volume-averaged particle sizes either in air
or liquid media from laser diffraction. A number of measurements were taken per sample

to minimise errors.
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3.2.3 Adsorption Experiments

3.2.3.1 Experimental Apparatus

117

The experimental apparatus used for the adsorption work is shown in Figure 3.20. It

was operated in the gas phase at near-atmospheric pressure. Helium and propylene were

both fed to the experimental rig through UNIT UFC-1000 mass flow controllers. Any

particulates in the feed were removed by 2 pm filters installed in the feed lines. Any water

in the feed gases was removed in a water trap filled with 54 molecular sieve. Helium

could either be used as a diluent by bypassing the saturator or as a carrier gas by passing

it through the saturator.
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Figure 3.20: Schematic of adsorption rig
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The single stage saturator was packed with chromosorb which was in contact with a

liquid feed reservoir. The liquid was drawn up into the saturation zone by capillary forces.

Helium was passed through this saturation zone where it picked up desorbing liquid. The



118 CHAPTER 3. CATALYTIC DIPE SYNTHESIS

partial pressure of the liquid component in the helium exit stream was determined by the

temperature of the saturation zone.

The feed streams now passed into the heated pre-reactor region, kept at a temperature
greater than that in the saturator to prevent condensation in the feed lines. From here,
the gas-phase feed stream, either propylene diluted with helium or helium containing
evaporated liquid, passed into the reactor or flowed through the reactor bypass. To
ensure the same pressure drop over the bypass as through the reactor, a pressure equalising
valve was installed in the bypass. A needle valve for pressure control of the entire system
was situated after the reactor. The reactor effluent now flowed through a sample valve
in a TCD GC before being vented. The stream could be analysed by the TCD GC via
the sample valve (80ul samples).

3.2.3.2 The adsorption reactor

The reactor used for the adsorption work is shown schematically in Figure 3.21. The
reactor was a 300mm long stainless steel tube with an 11mm ID. At the top and bottom,
the reactor was attached to the rig by VCR fittings. A thermocouple was inserted midway

into the catalyst bed. The reactor was heated by heating wire.

The catalyst bed was divided into three sections: a preheat and mixer section, the
actual catalyst bed and a space filler section which ensured the catalyst bed was in the
isothermal region of the reactor. The three zones of packing were separated by silanised

glass wool.

3.2.3.3 Experimental procedure

Dry catalyst which had been pretreated as detailed in Section 3.2.2.1 was packed into
the reactor. The required flow of helium was set. The temperature in the reactor, in

the feed and product lines and in the saturator was set and left to stabilise for 2 hours
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Figure 3.21: Adsorption rig reactor

under flow conditions. After stabilisation, a number of bypass analyses were performed
by TCD GC to determine whether the rig had stabilised and to set the baseline. The
reactor was then switched in-line. The effluent stream was sampled in approximately
10 second intervals until the GC response had returned to the baseline for an extended
period of time. Appendix G shows a sample run sheet and the accompanying calculation

procedures.
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3.2.4 Reaction Experiments

3.2.4.1 Experimental Apparatus

The apparatus used for the experimental work is shown in Figure 3.22. The rig could
operate in high-pressure (15 to 100 bar) or low-pressure mode (below 15 bar) depending
on the setup being used. For high pressure operation, the bypass line around the back

pressure regulator was closed, for low pressure operation the bypass was open.
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Figure 3.22: Experimental rig

Liquid reagents (either pure water, IPA and DIPE, or mixtures thereof) were fed
to the reactor by a high pressure liquid chromatography pump (Hewlett-Packard Series

1100 Isocratic Pump) from a container placed 1.5m higher than the pump to prevent
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vapour lock. The container was placed on a mass balance to accurately and independently
determine the amount of liquid dispensed by the pump. During high pressure operation,
propylene from a pressurised gas bottle was fed to the rig by a diaphragm pump (LEWA
FC1). The pump head was cooled to —3°C by an ethylene glycol/water mixture. to
prevent vapour lock. For low pressure operation propylene was fed to the rig through a
Brooks 5850TR mass flow controller. All feed streams passed through O‘.5 pm filters to

remove any particulate matter.

The propylene and liquid feed streams were fed through heated lines to a combined
radial mixer and preheater filled with 1 mm glass beads situated directly ahead of the
downflow reactor. The mixer ensured that the reactants were brought close to reaction
temperature and were thoroughly mixed before entering the reactor. After the reactor,
the reactants passed through a 2 ym filter which trapped any catalyst fines. Depending
on the mode of operation, the reactant stream then either proceeded through the back |
pressure regulator (pressure maintained by nitrogen) or bypassed the back pressure reg-
ulator entirely. The products then flowed through another radial mixer, also filled with

1 mm glass beads, where the internal standard (methane) was introduced.

Methane was chosen as the internal standard for quantitative analysis since it could not
be produced from the reactants over the catalysts used in this project at the operating
conditions. The internal standard flow was controlled by a Brooks 5850TR mass flow
controller. From the final mixer the now gas phase reactor effluent flowed via a heated
line (130°C), at atmospheric pressure, through a sample valve in an FID GC. If desired,
100wl séxmples of the stream could be analysed by the FID GC. From the GC the stream
flowed into a condensor, held at 5°C, where the liquid components were trapped. The

gaseous fraction was vented.
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3.2.4.2 The DIPE synthesis reactor

Figure 3.23 shows a diagram of the tubular fixed bed reactor used for all the catalytic
reaction work and displays the packing order. It consisted of a stainless steel tube with
an internal diameter of 22.6mm, an outer diameter of 25.6mm and a length of 330mm.
The reactor was rated to a pressure of 150 bar at 25°C. To measure the axial temperature
in the reactor a thermowell with an outer diameter of 6 mm and a total in-reactor length
of 320mm was welded to the head piece. The maximum catalyst space was thus 123.3cm?.
The reactor operated in downflow mode. A metal distributor situated directly above the
first layer of packing ensured good feed distribution to the preheat/catalyst bed. At its
base the reactor was connected to the experimental rig by " Swagelok fittings, at the top

by an 80mm flange sealed by a PTFE gasket. The reactor was heated by heating wire.

Directly after the inlet a long preheat section was situated to ensure the reactants
were at the desired reaction temperature. After the preheat came the catalyst bed. The
catalyst bed was placed in the isothernia.l reactor zone to minimise axial temperature
profiles during reaction. No dilution of the catalyst bed with inert material was necessary
as the reaction rate was sufficiently low that the axial temperature profile was constant
to within 1 °C of the setpoint over the entire catalyst bed. An additional space filling
section of glass beads completed the packing. Each section of packing was separated
from the other by inert, silanised glass wool. The packing was supported on a perforated

steel plate.

3.2.4.3 Experimental procedure

The catalyst was prepared for reaction work as detailed in Section 3.2.2.1 and loaded
into the reactor. The required pressure was set and the liquid feed started. Once the
pressure had attained the set value, the feed was switched off and the rig checked for leaks

by observing the pressure. The liquid feed was used for pressure testing, as leaks are
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Figure 3.23: Diagram of reactor.

more apparent with liquid and because it led to a thorough wetting of the catalyst bed

which results in improved liquid flow distribution and mass transfer [140].

After the pressure test, both the liquid and propylene feeds were switched on and the
. temperature slowly ramped (30-50 °C -hr~!) to approach the desired reaction temperature.
Once the temperature had stabilised, on-line GC samples were taken every 15 minutes
until the reaction was judged to have reached steady state (£3 hours). An hour after this,
the liquid trapped thus far in the condensor was drained so that the steady-state liquid

sample could be collected. After 2 hours of steady-state operation, during which analyses
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were performed every 15 minutes, the experimental run was stopped.

The mass of liquid fed, the temperature and the pressure within the reactor were
monitored throughout the run. The mass of propylene fed was determined by weighing the
gas bottle before and after each run. Carbon analysis of the reactor efluent was performed
on-line by FID. Water data was calculated from these chromatographic results by mass
balance. Integral analysis of the steady-state liquid product was performed by manual
injection of samples into a TCD, which enabled analysis of water, IPA and DIPE, to be
crosscorrelated with the FID results. A sample run sheet with accompanying calculations
is shown in Appendix G. Any experimental runs with carbon balances, based on the flow
rate of the internal standard, poorer than 95% by mass were rejected. Experimental runs
with relative standard deviations in the on-line FID results greater than 5% were also

rejected.

3.2.5 Product analysis

3.2.5.1 Hydrocarbon analysis

The analysis of organic reaction products was performed on-line using a Varian 3700 GAC
fitted with a flame ionization detector (FID) and a 50m long, 0.2mm diameter Hewlett-
Packard HP1 (crosslinked methyl silicone gum) capillary column. This allowed quantita-
tive analysis of propylene, the reaction products IPA and DIPE, as well as of the internal
standard methane. Response factors of 1.00 were used for the hydrocarbons. Factors
of 0.56 and 0.85 were used for IPA and DIPE respectively. These were determined from
manual injections and corresponded well with the values reported in literature [93, 141].
Peaks were identified and assigned by hand injected doping and by MS analysis. The
FID settings, response factor determination and a sample integrator trace are given in

Appendix H.
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3.2.5.2 Water and hydrocarbon analysis

Integral analysis of the steady-state liquid product was performed by manual injection of
. samples into a Varién 1400 GC with a thermal conductivity detector (T'CD) fitted with a
1.8m, 1/8”, packed, 0.1% SP1000 Carbopack C column. During the reaction work it was
predominantly used to analyse for water. Response factors for the major liquid products
were determined by manual injection. For water a value of 1.26 and for DIPE a value of
0.89 was obtained relative to the response of IPA. Since only the liquid fraction was to
be analysed, it was not nécessa.ry to determine the factor for the gaseous species methane

and propylene. A sample output, GC settings and the response factor calculations are

given in Appendix H.

3.2.5.3 Species identification

The mass spectrometer (MS) was used purely for qualitative analysis of the reaction
products, and so no response factors needed to be determined. Species were assigned
based on their ion fingerprint, identified from the Fight Peak Index of Mass Spectra [142).

The MS settings and a sample output are shown in Appendix H.

3.3 Catalytic results and discussion

3.3.1 The use of species activity

Kinetic theory maintains that for a bimolecular reaction to occur, the reacting molecules
must, firstly, collide with each other and, secondly, possess sufficient energy that the
minimum energy barrier for reaction, the so-called activation energy, is overcome. The
rate of chemical reaction between species A and B thus depends on the frequency of these

collisions and on the fraction of such collisions with energy greater than the activation
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energy. The frequency of collision, in turn, depends on the velocity, the relative sizes and
the molecular density of the reacting molecules. The fraction of collisions with sufficient
energy for reaction depends on the magnitude of the activation energy and on the total

energy contained within the system.

These concepts have been incorporated into numerous kinetic models, e.g. the so-
called Simple Collision Theory (SCT) which regards reacting molecules as simple, non-
interacting hard spheres. While the experimentally determined rate constants and the
theoretical value of the rate constant calculated from SCT only agree for a comparatively
small number of reactions, the fundamental theory underlying this model is believed to be
correct [143, 144], it simply lacks the sophistication to deal with non-spherical, interacting
real molecules.  Consequently, the SCT model will serve for illustrative purposes to

qualitatively show the validity of using activities in kinetic analyses.

Based on the SCT model, it has been shown [143, 144] that the frequency of collision,
Zap, and the fraction of collisions, £, with energy greater than the activation energy can

be expressed by

i
8T\ 2
Zas ""W(TA +7'B)2 (;‘;) 'CACB (3}.)
and
oo [ =Ee
£ = exp ( (3.2)

Where r4 and 7 represent the radii of molecules 4 and B respectlvely, (S"T) represents
a velocity term and C4 and Cg are molecular concentration terms; E, is the activation

energy for the reaction. The rate of the forward reaction between species A and species

B can then be written as

8T\ 2 -/ ~E '
te = 7 s f L kit . . a
rate AaB- f=m{ry +rp) (’”#) - CaCpg exp(RT) (3.3)



3.3. CATALYTIC RESULTS AND DISCUSSION 127

This theoreti;:al form of the rate equation is usually condensed into a form containing
the so-called pre-exponential factor, A, the exponential activation energy term and the
two molecular density terms, C4 and Cg. The pre-exponential factor and the activation
energy terms are typically further condensed into the kinetic rate constant, k.. The fa.te
of a bimolecular chemical reaction thus depends on the kinetic rate constant (which is
only a function of temperature for a given reaction) and on the molecular densities of the

two reactants,

rate = A - exp (R—%> CaCp =k, - CuCp (3.4)

Conventional treatment of kinetic data has been carried out in terms of this theory.
The pre-exponential factor and the exponential term have been determined experimentally
whilst the molecular density functions have been retained in the form of species partial
pressure {vapour phase systems) or in the form of species concentrations (liquid phase
systems). This approach worked extremely well if the system under consideration was
essentially ideal, i.e. in vapour phase systems at low pressure and high temperature or in

liquid phase systems with chemically similar species. -

In non-ideal systems, however, where large deviations from ideal behaviour are ex-
perienced this method failed to account for experimental observations. This has led to

rate equations for non-ideal systems being redefined in terms of the species partial molar

fugacity, i.e.

mEﬂ ® pw ® PR
rate = A- exp (ﬁ) ifs =k fif (35)

While this approach has been highly successful, one of the concerns of the redefini-
tion of the rate equation in this manner, is that one apparently loses one of the tenets
of kinetic theory: the fact that rate depends on the density of molecules and thus on
the frequency of collisions - the molecular density term, either concentration or partial

pressure, having been replaced by a thermodynamic quantity, the fugacity. However, by
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using the definition of the partial molar fugacity as given by Eq. 2.20 in Section 2.2.2.2,
one can rearrange the modified rate equation to obtain
—IGM

— — —=TG M.
- Gy—G +Gg -G
rate = Aexp (R—E;f) - exp ( A A BT B B ) - DAPB (3.6)

This shows that by incorporating the fugacity instead of the partial pressure or con-
centration, the overall form of the rate equation is not altered substantially. The pre-
exponential factor remains constant, the dependency of rate on molecular density is re-
tained and the exponential activation energy term is unaffected. One has simply incorpo-
rated an additional concentration dependent term into the rate equation which accounts
for species interactions. Intuitively this makes sense: if molecules interact, i.e. repel or
“attract each other due to differences in their chemical properties, then in some manner
this must impact on either the frequency of collision or on the energy with which these
collisions take place, or both. In either case, the rate will deviate from the ideal rate. Ex-
pressed differently, the use of fugacity instead of concentration or partial pressure is not a
deviation from the principles of kinetic theory, but rather is an extension of kinetic theory

to account for thermodynamic interactions between the species in the reacting medium.

In a system such as the DIPE system where more than one phase may be present, the
pressure is relatively high and the temperature relatively low, where one of the components
is super-critical and polarities range from highly polar water to apolar propylene, large
deviations from ideality are experienced due to significant interactions between the species
in the system. These interactions must be incorporated into the kinetic analysis and
this can be done by the use of species fugacities or its unitless analogue, the species
activity. In this project, the activities were calculated using the PRSV equation of state
- in conjunction with the Wong-Sandler mixing rule, as described in Section 2.3. Since
thermodynamic theory maintains that the fugacity (or activity) of every species must be
the same in every phase at thermodynamic phase equilibrium, the activity of the non-

adsorbed species within the catalyst particles at phase equilibrium must be identical to
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those of the bulk phase. This has a useful side effect, as kinetics can be related to bulk

phase conditions rather than to theoretical catalyst phase conditions.

3.3.2 Internal and external transport effects

To ensure that data obtained from experiments reflect only chemical events, interphase,
interparticle and intraparticle transport gradients must be minimised and all active sites
should be éxposed to the same reaction medium. The presence of significant temperature
and concentration gradients, whether inside or outside the catalyst particles, can lead to
severe deviations in catalyst performance, possibly disguising the true behaviour of the
reaction(s) being studied. Similarly, due to the possible vapour-liquid nature of the DIPE
system, care must be taken that all resin beads within a cross-section of the catalyst bed
experience the same phase. If a portion of the catalyst bed cross-section is exposed to a
different phase, desirable reactions may be retarded whilst undesired side-reactions may

be promoted.

3.3.2.1 Wetting efficiency

At any temperature above the critical temperature of propylene, a vapour phase will be
present in the reactor, which will thus behave as a trickle-bed. In such systems it has
been observed [145] that reaction rates and selectivities vary with the amount of catalyst
surface covered by the 1iqﬁid phase. This effect is not so much a chemical as a physical
phenomenon. Assuming phase equilibrium, the ac‘f,ivities of all species must be identical
in both the vapour and liquid phases. The adsorption behaviour on the catalyst and the
- rates of all reactions must thus necessarily be identical regardless of the reaction phase.
However, the rate of physical transport to and from the catalytically active sites may vary
according to the phase and reactions may consequently be retarded or accelerated. Thus,

to ensure that one observes only chemical effects under identical physical conditions, it



130 - CHAPTER 3. YCATALYTIC DIPE SYNTHESIS

is important that all catalysed reactions occur within the same phase. In the case of a

two-phase trickle-bed system, this must necessarily be the liquid phase.

A measure of the amount of catalyst surface covered by liquid is the wetting efficiency.
Generally, the greater the flow of liquid relative to the flow of gas thréugh_ the catalvst bed
the greater the wetting vefﬁciency. Flooding the catalyst bed with the liquid phase prior
to reaction also helps to improve catalyst wetting [140]. A correlation was developed by
Mills and Dudukovic [146] (Eq. 3.7) which estimates the steady-state wetting efficiency.
fe, of a trickle bed

o\ —0.0615

fe = tanh |0.664 Re%:333 Fr21951y¢ 017 (“’G’—f”) ) } (3.7)

The greatest amount of vapour phase relative to liquid phase will be present when the
system consists solely of super-critical propylene and liquid water. If any IPA or DIPE
were present, the solubility of propylene would be increased and the amount of vapour
phase decreaséd. Consequently, in the DIPE system, poor wetting is most likely to occur
when only super-critical propylene and liquid-phase water are present. This system, at
120°C and 50 bar, was examined for wetting efficiency. It was found (see Appendix I), for
propylene:water ratios smaller than 5:1 one can assume the catalyst surface is completely

wetted.

3.3.2.2 Mass transport limitations

External diffusion constraints have been observed over acidic ion exchange resin catalysts

in both hydration and etherification reactions in continuous stirred tank reactors (CSTR)
~ and in fixed bed reactors. In isobutylene hydration, Gupta and Douglas [125] observed
external mass transfer limitations at temperatures greater than 70°C. In etherification.
external mass transfer limitations were observed in CSTR experiments by Rehfinger and

Hoffman [32] during MTBE synthesis in the liquid phase at 60°C and by Linnekoski and
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Rihko [147] for TAME synthesis at temperatures above 80°C. In a fixed bed reactor, Fité
et al. [61] observed external mass transfer constraints during ETBE synthesis at 90°C
at liquid hourly space velocities (LHSV) below 60h~! (corresponding to a weight hourly
space velocity (WHSV) of approximately 14h™!). Zhang and Datta [128], on the other
hand, found that external diffusion was not rate controlling during MTBE synthesis at a
lower WHSV of 8 h™!, however. the temperature was also lower. at 80°C. Panneman and
Beenackers [148] observed MTBE formation rates affected by diffusion at an even lower
temperature of 60°C, though they did not state whether this was as a result of internal

or external limitations.

As for external diffusion control, internal diffusion limitations have also been observed
in hydration and etherification. Velo et al. [149] showed that the hydration of isobutylene
to tert-butyl alcohol was not internal mass transfer limited at temperatures below 60°C.
Gupta and Douglas [125], though, showed that above 90°C internal mass transfer does,
indeed, become a factor for this reaction. Zhang and Datta found that intraparticle
diffusion effects were not significant in MTBE synthesis for temperatures below 60°C
and particle sizes of 0.19 and 0.74mm. Above 60°C, internal mass transfer limitations
became apparent for the larger particles. Likewise, during TAEE synthesis, Linnekoski
and Rihko [147] found that at temperatures of 80°C no internal diffusion effects were
apparent for catalyst particles smaller than 0.65mm. At an eveﬁ higher temperature,
90°C, Fite et al. [61] showed that particles smaller than 0.2mm were required to eliminate
internal diffusion effects dpring ETBE synthesis.

Ah interesting study on internal diffusion effects by Rehfinger and Hoffman [32] showed
that during MTBE synthesis internal diffusion could be rate limiting down to particle sizes
of 0.04mm at 60°C depending on the concentration of the polar component. At methanol
concentrations above 1 mol/l methanol in n-butane and isobutylene, particle sizes below
0.8mm showed no internal diffusion limitations. At lower methanol concentrations

the critical particle size became ever smaller until at 0.001 mol/l, particle sizes as low
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as 0.04dmm were required'to exclude internal diffusion limitations. The variation with
methanol concentration can be attributed to the swelling behaviour of the resin matrix.
At low methanol concentrations the resin is poorly solvated, the pores are at their smallest
and diffusional restrictions at their greatest. As the methanol concentration increases, the
resin becomes ever more solvated and the pores increase in size, which decreases diffusional
restrictions. During experimental work, care thus has to be taken that intefnal diffusion
constraints are eliminated over the entire range of polar species concentrations studied.

particularly if substantial concentration changes occur during reaction.

Both isobutylene and isoamylene hydration and etherification reactions thus have been
found to be subject to external and internal rﬁass transfer limitations at temperatures
greater than 60-80°C and average catalyst particle sizes larger than about 0.6mm in polar
media. The presence of internal and external transport limitations in the DIPE system
was thus ir;v%tigated experimentally to ensure that data obtained in this study reflected

only chemical effects.

Mass transport limitations are most obvious under conditions where the reaétion rate
is greatest and the diffusivities of the reactants are at their smallest. If no effectvis '
" observed under these conditions, then it can safely be assumed there are no diffusion

limitations at milder conditions. . The catalyst in a properly wetted trickle bed reactor
is covered by the liquid phase. Consequehtly, if there are diffusion limitations these
must necessarily be of the gaseous component diffusing from the gas phase through the
liquid phase to the catalytically active sites. Using the Wilke-Chang correlation (see
‘Appendix I} it was shown that propylene diffuses approximately 20% faster through IPA
than through water. Given the same reaction rate, it is thus more likely that diffusional
limitations will occﬁ; durmé “hydrai.:ion thah during etheriﬁéation. Also, it has been
‘shown that the maximum operating temperature at which Amberlyst 15 (the catalyst
used for the majority of the experimental work) shows minimal deactivation in aqueous

media is 120°C [127]. Consequently, experiments to test for mass transport limitations
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were conducted at 120°C under hydration conditions at propyvlene to water ratios of 5:1.
the limit of complete catalyst wetting. The pressure was arbitrarily chosen as 50 bar.
The effect of polarity on diffusion through the catalyst was not examined as all reaction

work was to be carried out under polar conditions.

To check for external diffusion limitations the WHSV was kept constaut whilst the
superﬁ.cial mass velocity was varied (Figure 3.24). In a second set of experiments. to check
for internal diffusion constraints, the catalyst loading and the WHSV were kept constant.
but the size of the resin beads was varied (Figure 3.25). Three sizes of catalyst were used:
as supplied commercial Ambeﬂyst 15 with an average bead diameter of 810 pim and two
sieved fractions with bead diameters of 250 — 350 um and 850 — 950 um. In all diffusion
experiments it was ensured that water conversion was below 5%, so that the reactor could

be assumed differential and chemical equilibrium would not affect the reaction rate [150].

Neither the catalyst bead diameter nor the mass flux had any effect on the hvdra-
tion rate, indicating that there were no internal or external diffusion constraints at the
conditions under consideration. This is hardly surprising. For reasons which will be
discussed in Section 3.3.3.1, even at 120°C the initial rates of propylene hydration and
etherification are about two orders of magnitude lower than the corresponding rates at
which diffusional constraints are observed in isobutylene and isoamylene hydra.tiou and
etherification. In MTBE synthesis for instance, Rehfinger and Hoffman [32] observed
diffusional constraints for etherification rates greater than 9.6 - 10~3molg_}s™!. Gupta

and Douglas [125] observed diffusional restrictions in tert-butyl alcohol synthesis starting

at an hydration rate of approximately 2.8 - 107°mol 8.} s~. The initial rate of hydration
in this study was 8.1-10""mol g} s™'. Assuming similar reactant diffusivities, if mass

transfer effects only became apparent in similar systems at rates 100 times greater, then
it is unlikely that diffusion will have any noticeable effect in the DIPE system. Further

confirmation of the lack of external and internal diffusion resistances can be obtained from
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the Satterfield and the Weisz-Prater criteria, given by equations 3.8 and 3.9 respectivelv.

5'dp'6'rabs

<1 3.8
3’Ceqm'D6'.a'p ( )

Peat * Tobs * (%2)2
De(cbulk - Ceqm)

<1 (3.9)

The Satterfield criterion [151] gives a value of 0.993 for the hydration reaction whilst a
value of 0.152 is obtained for the etherification reaction (Appendix I). Even though it has
been shown experimentally that the hydration reaction is not limited by mass transfer.
this indicates it may, nevertheless, be on the border line between kinetic and external
diffusion control. The etherification reaction may be assumed to be completely free of

external mass transfer resistances.

Values of the Weisz-Prater criterion of 2.84-107° and 9.24 - 10™* were obtained for the
hydration and etherification reactions respectively. These values are sufficiently smaller
than unity, that one can assume negligible internal diffusion effects. Indeed, Levenspiel
[152] states the value of the Weisz-Prater criterion [149] need only be below 0.15 to

completely discount internal diffusion effects.

3.3.2.3 Thermal gradients

The majority of authors only consider mass transport effects. but significant internal and
external temperature gradients can build up in catalyst beads. which could significantly
affect any subsequent kinetic evaluation. The only comprehensive study of the effect of
internal and external thermal effects during hydration or etherification reactions over ion-
exchange resin catalysts was that carried out by Rehfinger and Hoffman [32] in their work
on MTBE synthesis. It was observed that a temperature difference as great as 10°C
can exist between the external surface of the catalyst particles and the bulk liquid under

diffusion limited conditions. In the case of the DIPE system, however, the reaction rates
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of both hydration and etherification are more than an order of magnitude lower than those
encountered in MTBE synthesis and, as shown, none of the reactions are diffusiou limited.
At 120°C and 50 bar the temperature gradient between the external catalyst surface and
the bulk fluid phase estimated from the Hougen correlation [153] (see Appendix I} was
found to be smaller than 0.1°C during both hydration and etherification. For all intents
and purposes, the temperature of the external surface of the catalyst particles can thus

be assumed to be equal to that of the bulk fluid phase.

To determine whether intraparticle temperature gradients exist. one can use the An-
derson criterion {154] for spherical catalyst particles (Eq. 3.10) which is based on the
assumption of an Arrhenius dependence of rate on temperature and holds even under
diffusion constrained conditions

AHr:cn “Tobs ° dg N Ea

3.1
3 R T2 <1 (3.10)

Values of the Anderson criterion of 1.21- 10~% and 1.18-10~3 were calculated (Appendix
I) for the hydration and etherification reactions respectively (at 120°C and 50 bar). These
values are sufﬁciently smaller than unity that one can assume negligible temperature
gradients exist within the catalyst beads. This finding is in agreement with Rehfinger
and Hoffman [32] who determined that the internal temperature gradients during MTBE

synthesis over ion exchange resin beads were smaller than 0.4 K.

3.3.3 Effect of system parameters on DIPE synthesis

3.3.3.1 Effect of reaction temperature

The effect of reaction temperature on the initial rate of propylene hydration and etheri-
fication was investigated by varying the temperature in 10°C increments between 70 and
160°C. A pressure of 50bar was chosen for both sets of experiments. Reactants were

fed in the stoichiometric ratio for DIPE synthesis, i.e. for hydration propylene and wa-
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ter were fed in a 2:1 molar ratio whilst for etherification propylene and IPA were fed in
a 1.1 ratio. By varying the WHSV, conversion waé kept below 10% to minimise the
influence of chemical equilibrium and secondary reactions on the primary reaction being
studied. Indeed, only traces of DIPE and water were detected during propylene hydration
and propylene etherification respectively. The reactor could be considered differential at
these low conversion levels. Arrhenius type plots of the data are shown in Figures 3.26

and 3.27.

Apparent activation energies of 90.0 + 1.6 kJmol™' and 74.3 + 1.5 kJmol™' were
determined from the slopes of the straight line section for propvlene hvdration and ether-
ification respectively. While a major portion of the Arrhenius type plot for hydration is
a straight line, it begins to deviate from the straight line relationship for temperatures
above 130°C, indicative of a transition from a chemical reaction rate controlling regime
to a diffusion rate controlled regime. No such diffusion limitations are evident during
etherification over the temperature range studied. No side-reactions such as propyvlene

oligomerisation were observed.

Compared to literature data for propylene hydration over ion-exchange resin catalysts
(Table 3.5), the initial rate of propylene hydration over Amberlyst 15 is approximately
twice as fast (on an equivalent basis) as over the intermediate macroreticular C8P resin
[47] and the 50WXS8 gel-type resin [155]. The apparent activation energy, E,. of the
present work is approximately 20% smaller. These large variations between different sul-
phonic acid ion exchange resins are, however, not uncommon. Panneman and Beenackers
[148] observed variations in initial rates of MTBE formation as large as 350% between
different sulphonic ion exchange resins and variations in activation energies as large as
26%. There is no reason to suppose these findings would not also apply to propylene
hydration; Amberlyst 15 is apparently simply a better hydration catalyst than either of

the above two ion exchange resins.

Neither initial rate of formation data nor apparent activation energy data are available
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Table 3.5: Comparison of initial experimental propylene hydration rates from this study
with experimental literature data.

Initial rate of propylene hydration, mol;pa eqq: 5™

Present study Petrus et al. [47]" Hiestand [155]*
Catalyst Amberlyst 15 C8P 50WX3
Temperature, °C
100 5.2-1073 1.4-107° 1.3-107°
120 1.8.1071 84-107° 9.3.107°
130 - 4.0-107* 1.9-107 2.1-107°
140 5.8-1074 42.10™4 3.8.107*
Apparent E,, kJmol™* 90 109 116

*  The literature values for the initial rate of propvlene hydration have been adjusted to a pressure
of 50bar by linear interpolation.
#  Reaction rates are quoted on an equivalent basis, i.e. molyp Aeq;lts—l, where an equivalent

represents a mole of active sites.

in the literature for DIPE synthesis from propylene and IPA. The apparent activation
energy for DIPE synthesis corresponds reasonably well, though, to that of other ethers over
Amberlyst 15. For MTBE synthesis Gicquel and Torck [156] and Rehfinger and Hoffman
[32] report values of 82.0 4 6.7 kJmol™" and 86.4 + 4.5 kJmol™, respectively. In ETBE
synthesis Fité et al. [61] report a value of 79.3 kJmol™' whilst Ancillotti et al. [105] report
a value of 77.7 kJmol™". In spite of the fact that these are apparent activation energies for
the formation of different -compounds, chemically similar reactions are occurring and the
activation energies should thus lie in the same range. An inte’festing problem in DIPE
synthesis, however, is that the ether can form either from the bimolecular dehydration of
IPA or from the alkylation of IPA. The apparent activation energy observed here may

thus be a combination of the activation energies of these two parallel reactions.

It has been shown previously that the propylene hydration rate agrees well with that

from literature [47, 155]. However, the rates of formation of both IPA and DIPE are
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approximately three orders of magnitude lower than the corresponding rates of products
derived from isobutylene or iscamylene, see Table 3.6. While individual values in the table
are not directly comparable due to the use of different acidic resin catalysts and reactant

concentrations, these differences cannot account for the enormous deviations in rate.

These differences in rate are not unique to ion exchange resins. Sonnemans [110] stud-
ied the hydration of propylene and the subsequent etherification with methanol to form
methyl isopropyl ether (MIPE) over H-ZSM-5. The rates of isobutylene hydfation over
Clinoptilolite and etherification over H-ZSM-5 have been studied by Kall6 and Mihdlvi
(99] and Chang et al. [106] respectively. Once again. it may be observed that the rate
of propylene hydration is consistently lower than that for isobutylene. Furthermore.
this difference in rate is not restricted to propylene. Other olefins such as ethylene and

~ 1-butylene also exhibit low hydration and/or etherification rates.

From Table 3.6, it is apparent that reactiori rates increase from ethylene. over propvlene
and 1-butene to isobutylene and isoamylene, which exhibit the fastest rates. Hydration
and alcohol alkylation are electrophilic addition reactions whilst bimolecular dehydration
is a nucleophilicr substitution reaction. In these reactions a carbonium ion is the inter-
mediate species. It is well known [131] that the reactivity and stability of carbocations

increases from primary (1°) to secondary (2°) to tertiary (3°), i.e.

3*F>2°>1°

This is in accordance with the rate data. Ethylene. which displays the slowest hydra-
tion z;nd etherification rates gives rise to a primary carbocation. Propylene and 1-butylene,
which form a secondary carbocation, exhibit faster hydration and etherification rates than
ethylene, but slower than isobutylene and isoamylene which form tertiary carbocations.
The rate depression is thus not a catalyst effect nor an effect of the reaction conditions,

but results, rather, from the relative stability of the intermediate carbocation species.

At temperatures above 130°C the rate of propylene hydration deviates from straight
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Table 3.6: The initial hydration and etherification rates of various olefins and the in-
termediate carbocations believed to take part in the reaction mechanism.
Reaction temperature extrapolated to 60C for ion exchange resins and 120C
for zeolites

Olefin Initial rate, Catalyst Intermediate
moleq~ts™! carbocations®
Ethylene
Ethanol [157] 1.5- 1077 Amberlyst 16 1°
Diethyl Ether [157] 3.3-107° Amberlyst 16 : 1°
Propylene
IPA (this work) 1.3-10°% Amberlyst 15 2°
DIPE (this work) 3.1-1078 Amberlyst 15 2°
IPA [110]" 1.7-1077 H-ZSM-5 2
Methy! isopropyl ether [110]* 251077 H-ZSM-5 2°
1-Butylene '
2-Butanol [158] 2.0-1076 XE-307 20
Isobutylene ’
tert-Butyl alcohol [125] 1.6-1073 Dowex 50W 3°
MTBE [132] 1.9-1072 Amberlyst 15 3°
ETBE [108] . 1.1-1072 Amberlyst 15 3°
tert-Butyl alcohol [99]* 2.9-107%  H-Clinoptilolite 3°
MTBE [106]* 2.8-107 H-ZSM-5 3°
Iscamylene »
tert-Amyl alcohol [157] 1.4-1073 Amberlyst 16 3°
TAME [35] — 3.9-107% Lewatit SPC 118 3°

* Zeolite catalyst
#1° primary carbocation; 2° secondary carbocation; 3° tertiary carbocation
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line behaviour 3.26. This is typical of the transition from a reaction rate controlled regiine
to a mass transfer limited regime. Identical behaviour was also observed by Petrus et
al. [47] at temperatures above 130°C. Interestingly, as stated in Section 3.3.2.2, a value
of 0.99 was calculated for the Satterfield criterion for the propylene hydration reaction
at 120°C while a value of 0.15 was obtained for the etherification reaction at the same
conditions. This indicated that the hydration reaction was most likely closer to a diffusion
limited regime than the etherification reaction, identical to the situation observed here.
The maximum rate of hydration which can be assumed completely free of mass transfer

limitations is 2.0 - 10~®mol;p,4 g71s71. -

Since the reaction occurs in the liquid phase within the catalyst pellets. one would
expect the limiting reagent under diffusion controlled conditions to be the gaseous com-
ponent which has to diffuse from the gaseous phase through the liquid phase to the active
sites. In the case of propylene hydration or etherification the mass transfer limited reagent.
would thus be expected to be the propylene. Since it has been shown that the diffusivity
of propylene ié only about 20% greater in IPA than in water (Appendix I), diffusion ef-
fects should become apparent at similar rates of propylene consumption. Experimental
etherification data, however, exhibit no mass transfer limitations over the temperature
range examined, even at propylene consumption rates an order of magnitude greater than

in IPA synthesis.

At 120°C and 50bar the liquid phase propylene mole fraction is 1.2 - 1073 in water as
opposed to 0.49 in IPA. During hydration, even low conversions will thus significantly
affect the liquid phase propylene concentration and additional propylene has to diffuse into
the liqﬁid phase to compensate for prppylene consumed by reaction. At fast reaction rates -
this leads to mass transfer limitations. In etherification, low conversion levels will not
significantly affect the propylene concentration, minimal propylene thus has to diffuse into
- the liquid phase and reaction rates are apparently not affected by diffusion. Consequently,

even though diffusion may be slower than the reaction rate, there is sufficient propylene
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in the liquid phase to compensate for consumption and thus no diffusion limitations are

observed.

3.3.3.2 Effect of reaction pressure

The effeét of pressure on the initial rate of propylene hydration and etherification was
investigated between 1 and 70 bar at a temperature of 120°C. At atmospheric pressure
all the reactants were in the vapour phase whilst for any pressure above 2 bar. for hy-
dration, or 4 bar, for etherification, the reactor behaved as a trickle bed with all reaction
occurring in the liquid phase within the catalyst particles. As for the temperature study,
reactants were fed in the stoichiometric ratio for DIPE synthesis (2:1 propylene:water or
1:1 propvlene:IPA) and conversion was limited to 10%, so as to operate differentially. The

variation of reaction rate with system pressure is shown in Figures 3.28 and 3.29.

As in Section 3.3.3.1, negligible side reactions were observed. During hydration traces
of DIPE were detected, during etherification traces of water. wére formed from IPA de-
hydration. The rate of hydration was always below 2.0 - 10~®mol;p4 £~ !s™! so rate data
were free of mass transfer limitations. The rate of formation of IPA from propylene and
water appeared to increase linearly while the rate of formation of DIPE from IPA and
propylene appeared to increase non-linearly, becoming more dependent on pressure as this
was increased. For both sets of reactions, the vapour phase rate at atmospheric pressure
was greater than that in the liquid phase. The difference between the vapour phase rate
and the liquid phase rate being considerably more pronounced for etherification than for

hydration. o

The hydration and etherification of isobutylene or isoamylene can be performed at low
temperatures (= 60°C) due to the high activity of the tertiary carbocation intermediate.
At these temperatures isobutylene and isoamylene are well below their critical tenipera-

tures of 145°C and = 194 °C and any increase in pressure above their vapour pressure will
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Figure 3.28: Effect of pressure on the rate of propylene hydration. Temperature =
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have a negligible effect on their activity. Once the system is liquid phase, pressure thus
has no further effect on the reaction rate. This was confirmed by the work of Oost and
Hoffman [35] who observed no effect on pressure on the rate of TAME formation between

16 and 21 bar.

Propylene hydration and etherification on the other hand are performed at elevated
temperatures (> 100°C) to compensate for the lower reactivity of the propyl carbocation.
Propyleﬁe is thus super-critical (T, = 92°C) and any increase in pressure will increase
its activity and, consequently, the reaction rate. This has been found in literature for
IPA synthesis. Petrus et al. [47] and Hiestand [155] observed that the rate of hydration
approximately doubles from 30 to 100 bar. The activities of the reactants for hydration
and etherification along with the liquid phase mole fraction of propylene in this study were

calculated using the WS-PRSV model and are shown in Figures 3.30 and 3.31 respectively.

Over the pressure range of 10 to 90bar, the activity of water remains constant (Fig.
3.30). That of IPA in the propylene/IPA system decreases slightly (from 3.1. to 2.7)
between 10 and 30bar, but remains constant for greater pressures as the liquid phase
propylene concentration does not change any longer (Fig. 3.31). The increase in hydra- -
tion and etherification rate with pressure can thus be attributed solely to the increasing.
propylene activity rather than to changes in the water or IPA activities. Indeed, the re-
ported doubling in hydration rate [47, 155] between 30 and 100bar corresponds excellently
with the two—fold increase in propylene activity (from 22.9 to 46.8). In the present study,
the almost linear increase in propylene activity as calculated by the WS-PRSV model is
reflected in the linear increase of the experimental propylene hydration rate data. Be-
- tween 18 and 67 bar, the propylene activity in the system rises from 14.2 to 39.8 whilst
the etherification rate increases from 3.4- 107" mol&8 's™' to 1.1- 107 ®molg™'s71 - a 2.8
fold increase in activity and 3.2 fold increase in reaction rate. This shows that the rate
of hydration is first order with respect to propylene activity. The order of dependency of

reaction rate on the activity of water could not be determined as this was always in large
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excess and thus nearly constant.

For DIPE synthesis from propylene and IPA, though, the relationship between activity
and etherification rate is rather different. Up to a pressure of approximately 30bar both
the propylene activity and the etherification rate increase almost.linearly, thougl not at a
1:1 ratio as for hydration. Above 30bar, however. the situation changes. The propvlene
activity increases less rapidly with increasing pressure, yet the rate of etherification seems
to increése ever faster with pressure, considerably faster than the rise in activity. This

phenomenon may be explained by means of a kinetic analysis as demonstrated below.

Since the conversions were low in these experiments, one could assume that reverse
reactions did not occur to any great extent. For both hydration and to some extent for
etherification, the liquid phase consisted mostly of the polar species and consequently
the pseudo-homogeneous reaction model may be assumed to represent the kinetic data
(Section 3.1.5). Assuming mass-action kinetics, the rates of hydration and etherification
(the sum of the rate of bimolecular dehydration, 7pime, and the rate of IPA alkylation,

Talkyl) Can now be written as

= fo a B :
Tipa = kn - Apropylene * Cwater (311)
- — ¥ é A £
TDIPE = Tatkyl ¥ Toimol = Kr2 * Gpropiiene * G1pa + kr3 - (arpa - arpa) (3.12)

The activities of water, ayaer, and IPA, arpa, do not change much with pressure, thus

these rate equations may be reduced to

(3.13)

o et
Tipa = krl ' ap»ropylene

Y R . .
TDrpeg = kr2 . awopy,ene -+ ¢y (314)

Taking the natural logarithm of these rate equations leads to

In Trpg = Co + aln (ap,,-o?y[ene) (315)
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. ¥ €y -
Inrprpe = c3+1n (apropylene + EE) : (316)
The order of the hydration and etherification reactions with respect to propylene can

be obtained from the slope of the plot of the natural logarithm of the reaction rate against

the natural logarithm of the propylene activity, Figures 3.32 and 3.33 respectively.

The slope of the plot for hydration rate, i.e. a, was found to be 1.1£0.03. This slope is
close enough to unity, to indicate that the reaction is first order with respect to propylene
activity, as mentioned previously. For etherification, it is not as clear cut. There are two
distinct linear sections to the plot - these were fit separately. The first section, between
15 and 30 bar, has an average slope of 0.45 £ 0.03 whilst the second section, at pressures

above 30 bar, has an average slope of 2.62 + 0.04.

If DIPE were to be formed only from the bimolecular dehydration of IPA then its rate
of formation would be independent of perylene activity and the slope of the etherification
rate vs. propylene activity plot would be 0. On the other hand, Ancillotti et al. [105]
found the rate of methanol alkylation with isobutylene to be first order with respect
to isobutylene céncentration. Thus, if DIPE were to be formed exclusively from the
alkylation of IPA, then the slope with respect to the natural logarithm of propylene
activity should be 1. Since the slope of the initial section equals 0.45 one can conclude
that at least between 15 and 30bar at 120°C, DIPE is formed from both bimolecular
dehydration and from IPA alkylation.

For pressure greater th'a.n approximately 30 bar, the average slope of the experimental
data changes from 0.45 to 2.6. In etherification at low reaction pressure the reaction
medium was predominantly polar and the matrix was fully swelled. “A kinetic equation
based on the pseudo-homogeneous mechanism could thus be used to represent the data
(see Section 3.1.5). At higher pressures, i.e. above 30bar, the propylene concentration
is greater (see Figure 3.31) and one can expect that the catalytic mechanism shifts from

the less active pseudo-homogeneous to a more active concerted mechanism {(compare Fig.



3.3. CATALYTIC RESULTS AND DISCUSSION 149

-13.0

-13.5 A

1404 - -

-14.5 -

In {(Hydration rate)

-15.0 -

-15.5
2.5 3.0 35 ) 4.0
In (Activity)

Figure 3.32: Plot of the natural logarithm of the rate of propylene hydration against
the natural logarithm of propylene activity.
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Figure 3.33: Plot of the natural logarithm of the rate of DIPE formation against the
natural logarithm of propylene activity.



150 | CHAPTER 3. CATALYTIC DIPE SYNTHESIS

3.18 and Section 3.1.5). The increased dependency of reaction rate on propylene activity
for pressures above 30 bar thus results from a combination of the increasing propylene
activity and a changing reaction mechanism. Strictly speaking, in this mechanistic regime
the pseudo-hiomogeneous model no longer applies and the increased slope of the plot only
gives an indication of the greater order of dependency of reaction rate on propylene

activity.

Al

Consequently, using the pseudo-homogeneous reaction model for etherification. only
the slope at low activities can be used to determine the reaction order with respeét to
propylene activity and the extent to which each of the DIPE formation reactions occur.
Since the propylene concentration in water is extremely small, this mechanistic transition

cannot take place during hydration and the entire data range can be used.

The linear pseudo-homogeneous kinetic model given by Eq. 3.14 was fit to the exper-
imental data between 15 and 30 bar assuming a constant IPA activity. This time. the
bimolecular dehydration parameter, c;, waé fit too. The rate of bimolecular dehydration,
given by the constant ¢, was determined as 2.6 - 10™7 + 1.3- 10~® molg~!s~!. The value
of the modified rate constant, k/,, was found to be 1.0 - 10~% mol g‘l s7!. The rate of
bimolecular dehydration will remain constant as long as the temperature and the [PA
activity do not change. At any point, the rate of [PA alkylatidn 1s simply the difference
between the nett rate of DIPE formation and the bimolecular dehydration rate. The ratio
of the rate of bimolecular dehydration to the rate of IPA alkylation and the fit of the rate

equation to the initial rate data for low pressure is shown in Figure 3.34.

At low pressure, the activity of propylene is low and the dominant DIPE formation
reaction is bimolecular dehydration. As the pressure increases, the activity of propylene |
increases and the IPA alkylation reaction begins to accelerate until, at approximately
30bar. it overtakes the rate of bimolecular dehydration. Unfortunately, for pressures
much higher than 30 bar, the coﬁtributibn‘of éach reaction to DIPE formation is masked

by the abrupt change in the relationship between rate and activity as discussed above -
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Figure 3.34: Ratio of the rate of bimolecular dehvdration to the rate of IPA alkylation
‘ and the fit of the rate equation to the initial rate data at low pressures.

extrapolation of the low pressure data is difficult as the hypothesised change in mechanism

may affect the ratio of reaction.

However, feeding only IPA at a pressure of 50 bar and a temperature of 120°C, an initial
rate of DIPE formation of 7.2-107" mol =% s~! was observed. During differential operation
the only DIPE formation reaction which can occur in this system is the bimolecular
dehydration of IPA. The IPA activity at these conditions is 4.0. Under the conditions
of etherification for the pfessure series, the average activity of IPA was é.pproximately 2.7
(See Figure 3.31). If one assumes that the rate of bimolecular dehydration is proportional
to the square of IPA activity (see Eq.” 3.12) then extrapolation of the rate of DIPE
formation from pure IPA to the experimental conditions used for the pressure study
gives a revised value of the bimolecular dehydration rate at 50bar and 120°C of 3.3 -
10~"molg~'s~1. While this value does not agree exactly with the constant rate of

bimolecular dehydration obtained above (2.6 - 107" molg~*s™1), it is close enough that it
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can be assumed that the extrapolated ratio line can be used to give an indication of the

extent to which each DIPE formation reaction occurs at higher pressure.

At 120°C and atmospheric pressure the system is entirely vapour phase for both hydra-
tion and ethefiﬁcation. The activities of the species in the system are thus approximately
equal to their mole fraction. For hydration this means the activity of water is 0.333 while
that of propylene is 0.666. For etherification both the propylene and the IPA activity are
equal to 0.5. If the same catalytic mechanism applied under vapour phase conditions. the
rate of hydration and etherification should be significantly smaller than at higher pressure.
However, the rate of reaction was found to be larger than that at high pressure. Were the
same pseudo-homogeneous kinetic model to apply, the values of the rate constants. would
have to be respectively 200 and 1200 times greater than those for hydration and etherifi-
cation at high pressure. However, in this case the ratio of apolar to polar species in the
reaction medium was greater (2:1 and 1:1 for propvlene hydration and IPA etherification
respectively) and the total concentration of species was ob\}iously lower than during the
~ liquid phase high pressure experiments. Under these conditions, it is probable that the
reactions would have been occurring via the most catalytically more active mechanisms.

the Type IIT mechanisms (see Section 3.1.5).

3.3.3.3 Propylene to water ratio

In industry propylene hydration is performed at high water to propylene mole ratios
(betWeen 15:1 and 10:1) principally to limit the formation of by-products such as DIPE
and propylene oligomers [49, 22]. At these high ratios the propylene hydration reaction
1s thermodynamically favoured over propylene oligomerisation or propylene etherification.
However, since the aim of this study is to synthesise DIPE, it is necessary to operate at

low water to propylene ratios so as to thermodynamically favour propylene etherification.

The effect of olefin to water ratio during hydration has been studied previously only
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over a very narrow range of ratios by Gupta and Douglas [125] during isobutylene hydra-
tion and Petrus et al. [47] during propylene hydration. The rate of hydration was not
affected by the ratio and no enhancement of side-reactions was observed. The issue of
olefin to alcohol ratio during etherification has been the subject of extensive study dué to
the large variations in reaction rate, refer to Section 3.1.5. These studies have. however.
all focussed on the etherification of subcritical isobufylene or isoamylene and the extent

to which they apply to supercritical propyvlene etherification is unknown.

In the present study, the influence of the overall propylene to water ratio on hydration
and etherification was investigated between propylene to water mole ratios of 1:5 and 10:1
and propylene to IPA mole ratios of 1:5 and 6:1. Once again, operating conditions of
120°C and 50bar were chosen. The effect of the propylene to water feed ratio on hydration
rate is shown in Figure 3.35 and the effect of the propylene to IPA ratio on etherification

rate is shown in Figure 3.36.

The ratio of propylene to water had no effect on the rate of hydration between ratios of
1:5 and 10:1. At these ratios the only products were IPA (selectivity > 98%) and DIPE
(selectivity < 2%). For ratios of propvlene to water greater than 10:1 the formation of
dimers of propylene was observed with a corresponding increase in the rate of propvlene
consumption. During etherification it was observed that as the ratio of propylene to IPA
increased from 1:5 to 1:1 the rate of DIPE formation increased. For higher ratios there
was no further change in the etherification rate. No oligomers were detected over the

range of ratios studied.

At 120°C and 50 bar the activities of propylene and water remain constant at 33.8 and
2.0, respectively, between propylene to water ratios of 1:20 and 20:1. Furthermore, the
liquid phase propylene mole fraction also remains constant at 1.14 - 1072, Thus, neither
the reaction mechanism (dependent on the liquid phase propylene concentration) nor the
‘reaction rate (dependent on the reactant activities) should vary over this range of molar

ratios. However, this only applies if one assumes vapour-liquid phase equilibrium and
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Figure 3.36: Effect of the propylene to IPA feed ratio on the etherification rate. Tem-
perature = 120°C and Pressure = 50 bar.
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complete wetting at every point down the reactor.

In trickle-bed systems it has been observed that high ratios of gas to liquid flow can
lead to channeling and decreased wetting efficiency [145, 140]. Under these conditions in-
terphase mixing would be poor and phase-equilibrium might not be reached. The activity
of the more volatile species in the gas phase would be increased relative to the activity of
the less volatile species in the gas phase and contact between the unsaturated gas phase

and “unwetted” catalyst may result in the enhancement of undesirable side reactions.

This is exactly what was in fact observed. At propylene to water ratios below 10:1. the
vapour and liquid phases in the trickle-bed reactor were in equilibrium and the catalyst
was practically fully wetted (see Appendix I). The rate of hydration was, consequently,
unaffected by changing propylene to water ratios. As the ratio of propylene to water was
increased, however, the ratio of gas-phase to liquid-phase increased, the wetting efficiency
decreased and mixing became poorer until the system was no longer in vapour-liquid equi-
librium. At this point, at a propylene to water ratio of approximately 10:1, the activity
of water in the gas phase was lower than the activity under saturated conditions and
propylene adsorption on unwétted catalyst portions was thus enhanced. The greater rate
of propylene consumption at high propylene to water ratios thus results from additional
propylene consumption in oligomerisation reactions which are no longer suppressed to the

same extent by competitive adsorption.

Since propylene is completely miscible in IPA, the propylene activity, the IPA activity
and the liquid phase propylene concentration vary with changing propylene to IPA ratios.
These changes affect both the reaction rate and the reaction mechanism. The WS-PRSV
model was used to determine the reactant activities and the liquid phase mole fraction -

with changing propylene to IPA ratio (see Figure 3.37).

At low propylene to IPA ratios the resin is fully solvated and catalysis occurs via

a pseudo-homogeneous mechanism. As the propylene to IPA ratio is increased, the
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Figure 3.37: Reactant activities and liquid phase propylene mole fraction as a function
of changing propylene to IPA ratio. Temperature = 120°C and Pressure
. = 50 bar. :

concentration of apolar species in the liquid phase increases and the mechanism gradually
chénges to a more active concerted one (ref. Section 3.1.5). This transition in mechanism |
together with the changes in propylene and IPA activity account for the increase in the
rate of etherification observed at low propylene to IPA ratios. This change in catalytic
action is analogous to that believed to occur for changing pressure during etherification
(SectiAon 3.3.3.2). At propyleﬁe to IPA ratios greater than 1:1, the reactant activities and
the liduid phase propylene concentration fernain constant. Consequently, no further shift

in mechanism takes place and the reaction rate remains constant.

The same general trends in reaction rate with changing olefin to alcohol ratio are ob-
served in supercritical propylene etherification as are observed in subcritical isobutylene
or isoamylene etherification. In comparison, the effects of changing olefin to alcohol ratio

are considerably less pronounced for propylene etherification, though, since the range of
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possible ratios is restricted by the vapour-liquid nature of the system. In isobutylene or
isoamylene etherification the ratio caﬁ be changed at will since the species are subcriti-
cal and completely miscible. However, in propylene etherification, the range of possible
ratios is dependent on the system temperature and pressure. Exactly as for hydration,
one would also expect propylene oligomerisation to occur at some point during the ether-
ification study. In MTBE synthesis, the formation of diisobutylene has been found to
increase with increasing isobutylene to methanol ratio [32]. Over the range of propylene
to IPA ratios studied, however, oligomers were never detected, though thev may have

been present in amounts below the detection limits of the analysis techniques.

3.3.3.4 Effect of contact time

The effect of contact time on single stage DIPE synthesis, firstly, from propylene and
water in a 2:1 molar ratio and, secondly, from pure IPA was studied under low pressure,
vapour phase conditions and high pressure, trickle-bed conditions. All experiments were
carried out at a temperature of 120°C. In each case contact time was increased until
chemical equilibrium was attained. In the case of the two atmospheric pressure series
and the pure IPA series at a pressure of 50 bar, the contact time was varied simply by

varying the feed flowrate (see Figures 3.38, 3.39 and 3.40).

Limitations in the ability to pump propylene necessitated a different experimental
method to study the effect of contact time on the reaction between propylene and water
at 120°C and 50 bar. This experimental series started from a feed of propylene and
water in a 2:1 molar ratio, stoichiometric for DIPE formation. The effective contact time
was then increased in small steps by feeding the reactor product composition from the
previous run as the reactor feed in the following experimental run. Every experiment in
this series was performed twice, or more often, to ensure accurate results. The variation
in mole fraction of water, propylene, IPA and DIPE with contact time is shown in Figure

3.41.
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Figure 3.38: Effect of contact time on DIPE synthesis from propylene and water at
atmospheric pressure. Temperature = 120°C, Pressure = 1 atm, initial

propylene:water ratio = 2 : 1.
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Figure 3.39: Effect of contact time on DIPE synthesis from [PA at atmospheric pressure.
Temperature = 120°C, Pressure = 1 atm.
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Figure 3.41: Effect of contact time on DIPE synthesis from propylene and water at
high pressure. Temperature = 120°C, Pressure = 50 bar, initial propy-
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Knozinger [159] studied the reaction scheme of vapour-phase ethanol dehydration over
v — Al;03.  The main products of ethanol decomposition were ethylene, water and
diethy! ether. The dehydration of ethanol to form ethylene and water and the bimolecular
dehydration of ethanol to form diethyl ether and water were the primary parallel reaction
steps. In a secondary reaction diethyl ether, one of the primary products, decomposed

to give ethanol and ethylene.

The identical reaction network apparently occurs during DIPE synthesis over the sul-
phonic ion exchange resin, Amberlyst 15. It has been shown (Section 3.3.3.2) that DIPE
is formed from two parallel reactions: the bimolecular dehydration of IPA and the alky-
lation of IPA with propylene. IPA, obviously, is formed from the hydration of propylene.
No detectable amounts of by-products, i.e. dimers or trimers of propylene, were produced
at any stage during DIPE synthesis. This reaction network can be thought of as cyclic,
any two reactions in series having'the same nett effect on the system as the remaining
reaction on its own (see Figure 3.42)

CHy=CH-CHj
Propylene
@ {Propylene) | o

-H0 +IPA
+H,0 -1PA

OH -Hy0
CH3-CH-CH3 + [PA
—_— 0

(IPA)

|
+H0 CH3-CH- CH3
-IPA (DIPE)

®

CHz-CH-CH;

~ Figure 3.42: Cyclic reaction network of DIPE formation

The observed trends in mole fractions in all the contact time experiments are typical

of the above series-parallel network. Feeding propylene and water (Figures 3.38 and 3.41),
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the first product which became apparent at both iow and ‘high pressure was IPA. The
concentration of IPA increased to a maximum, overshot the equilibrium mole fraction and
then decreased again as it was consumed (by alkylation and/or dehydration) to produce
DIPE in a series reaction step. This makes IPA the primary, intermediate product and |

DIPE the secondary, final product.

At atmospheric pressure and at 50 bar, feeding only the intermediate produét IPA
(Figures 3.39 and 3.40), the non-zero initial rates of formation of propylene, water and
DIPE indicated that these were all primary reaction products. Propylene and some water
resulted from the dehydration of IPA whilst DIPE, as a primary product from an IPA
feed, could only be formed from the bimolecular dehydration of IPA. The latter reaction
produces the excess water. Since water was produced in both dehydration reactions, its

mole fraction increased faster than that of propylene.

Feeding IPA at atmospheric pressure, the concentration of DIPE increased rapidly at
low contact times, exceeding equilibrium. Under these conditions chemical equilibrium
lay far towards propylene and water though, and DIPE was subsequently consumed. most
likely by dealkylation, to give propyvlene and IPA. Feeding IPA at high pressure, it was
the mole fraction of propylene which overshot its chemical equilibrium value. At greater
contact times, this excess propylene was again consumed, most probably in the forward

IPA alkylation reaction to give DIPE.

An interesting phenomenon for the high pressure series starting from a feed of propy-
lene and water is the point of inflection at a 1/WHSYV of approximately 1.2 h, which indi-
cates that the rate of IPA formation increased up to this point. This is counter-intuitive.
In an ideal system, the rate of formation is greatest initially when the concentration of
reactants is greatest, then decreases as reactants are consumed. In this case though,
the rate of IPA formation increases even though the bulk concentrations of the reactants,

water and propylene, are decreasing.
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Figure 3.43: Differential rate of species formation with contact time. Temperature =
120°C, Pressure = 50 bar, initial propylene:water ratio = 2:1.

Figure 3.43 presents an alternate view of this situation. Arbitrary smooth curves
were fitted to the experimental data. Differentiation of these curves allowed the!calcu-
lation of the instantaneous rate of formation of every species within the system.-These

instantaneous rates were then plotted against contact time.

IPA was the primary product and as such its initial rate of formation was non-zero
and equal to the rates of consumption of propylene and water. As contact time increased,
though, the rate of IPA formation began to increase until it reached a maximum of
11.5-10""molg_ s~ at a 1/WHSV of 1.6h. In fact, the rate of IPA formation was even .

~ -~higher than this, since, by that stage, some IPA was being consumed to form DIPE in
. a secondary reaction. As the concentration of IPA was still quite low, DIPE was most
likely almost exclusively produced by IPA alkylation. The overall rate of hydration was
thus ’equal to the sum of the nett rate of IPA formation and the DIPE formation rate,

ie. 13.5-10""molg,;s™!. This represented an almost 70% increase in hydration rate
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as compared to the initial hydration rate. Possible causes of the increase in rate are
discussed below. After a 1/WHSV of 1.6h, the rate of IPA formation declihed as the rate
of DIPE formation accelerated due to an increased concentration of IPA. Eventually, the
rate of [PA consumption to form DIPE exceeded the rate of hydration and its nett rate

of formation became negative.

The .rates of consumption of water and propylene, identical when only hydration was
taking place, began to diverge as soon as DIPE was formed. Regardless of whether DIPE
is formed from alkylation or bimolecular dehydration, the rate of propylene consumption
will always be greater than that of water, as two molecules of propylene to one of water
are required for every DIPE molecule. The rate of water consumption began to decrease

soon after the point of greatest IPA formation rate.

The greatest rate of propylene consumption (16.2- 10~" mol 82} s~!) was attained at
a 1/WHSV of 2.3h, more than double the initial rate. This resulted from the formation
of IPA (at a'nett rate of 4.0 - 107" molg}s™!) and the formation of DIPE (at a nett
rate of 6.1 - 107" molg21s™!). The extent to which DIPE was formed from bimolecular
dehydration of IPA or IPA alkylation can not be determined from these data. Since DIPE
was a secondary product. its rate of formation was initially zero. As the intermediate
IPA was formed, the rate of DIPE began to accelerate. It reached a maximum rate of

formation at a 1/WHSV of 2.8 1. After which it declined and asymptoted to zero rate as

the system neared chemical equilibrium.

The initial increase m hydration and propylene consumption rate cannot be due to
any physical effects, stemming from greater propylene diffusivity through a mainly IPA-.
water liquid phase than through an almost pure water liquid phase. It has been shown in
Section 3.3.2.2 that the propylene:water system is free of any mass transport limitations
up to a temperature of 130°C. Even if the system were initially mass transfer limited,
the 20% increase in propylene diffusivity through IPA rather than water (see the Wilke-

Change correlation in Appendix I) would not be sufficient to account for the 70% increase
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in the hydration rate. This improvement in the rate must thus either be due to a chemical

or to a catalytic effect.

The increase in propylene consumptioh waé not due to increasing species activities
either. It has been shown previously (Section 3.3.3.2), that the rate of hydration is linearly
dependent on the propylene activity, ap. Similarly, under water limited conditions. the
rate of hydration should also exhibit a first-order dependence on the activity of water. ay-.
The initial rate of hydration should thus be proportional to the prbduct of the activities
of propylene and water. It can be shown. however, that the activities (calculated bv
the WS-PRSV model) of both propylene and water actually decrease with contact time
(Figure 3.44). Clearly, the product of the activities must then also decrease. In fact, at
the point of maximum IPA formation (1/WHSV = 1.6h), the magnitude of the product
of activities had declined by 15%, even though the hydration rate had increased by 70%.
At the point of greatest propylene consumption (1/WHSV = 2.31), the product of the
activities had decreased to 57% of its original value, but the rate had doubled. Changing

activities can thus also not be responsible for the increase in reaction rate.

The changes in species liquid phase mole fraction (calculated from the WS-PRSV
model) with contact time are shown in Figure 3.45. At the start of the experimental series.
the solubility of propylene in water was extremely small - the liquid phase propylene mole
fraction at saturation being only 1.1 -1073. Propylene and IPA on the other hand are
completely miscible, as are water and IPA. Consequently, as IPA was produced from the
hydration reaction, propylene became more miscible in the IPA-water liquid phase until.
at the maximum hydration rate, the liquid phase propylene mole fraction was 0.18, a
150-fold increase in concentration. As ever more IPA and, later, DIPE were produced,
the propyler;e cgnc‘éntration rose ever higher and achieved a maximum liquid phase mole

fraction of 0.50, which coincided almost exactly with the maximum propylene consumption

rate.

It has been observed previously [160], that increasing the olefin content of the lig-
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Figure 3.44: Effect of contact time on propylene and water activity and on the relative
product of their activities. Temperature = 120°C, Pressure = 50 bar,
Initial propylene:water = 2:1.

uid phase by means of an inert cosolvent, or by recycling some of the product alcohol,
the rate of hydration reactions over ion exchange resins could be significantly enhanced.
This scenario mirrors the situation in the contact time experiment. The production of
IPA increased the solubility of propylene in the liquid phase, thus apparently enhancing
the rate. However, this does not contradict the fact that activity rather than species

concentration is the driving force for chemical reaction.

It has been shown for the hydration of cyclohexene [160] that this increase in the hy-
dration rate is not due to the higher liquid phase alkene concentration directly enhancing
the rate, but rather due to an increase in the catalytic activity of the active sites due
to the changed polarity of the reaction medium resulting from the increased propylene
concentration. Whether this enhanced activity manifests itself as a change in reaction

mechanism and/or as a change in some other property of the resin is not known. How-
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Figure 3.45: Effect of contact time on liquid phase mole fraction. Temperature = 120°C,
Pressure = 50 bar, Initial propylene:water = 2:1.

ever, the situation corresponds remarkably well with certain literature findings [99, 132]

and the findings of the study of the effects of system pressure (see Section 3.3.3.2):

Both Tejero et al. [132] and Kall6 and Mihélyi [99] observed changes in the céta.lytic
mechanism deriving from changes in the polar to apolar species ratio. The rate of MTBE
synthesis was found to increase substantially over Amberlyst 15 at methanol to isobutylene
ratios smaller than 1.4:1. Similarly, the rate of isobutylene hydration to form tert-butyl
alcohol began to increase once the ratio of polar/apolar species dropped below 5:1. The
maximum change in rate occurred at a ratio of approximately 3:1 (see Section 3.1.5).
Also, in the present study of the effects of system pressure, it was found-that the rate of
. etherification increased dramatically at a liquid phase mole fraction of propylene in IPA
above 0.3, i.e. a polar to apolar ratio of approximately 3:1. In this study, changes in
the reaction rate at lower ratios would have been hard to detect due to a shift 'in the

predominant etherification reaction from bimolecular dehydration to alkylation. In the
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current situation, the rate begins to increase gradu.ally once the liquid phase propylene
mole fraction exceeds 0.1. The rate of greatest increase in propylene consumption rate
at a 1/WHSV of 1.8}, however, corresponds to a propylene to polar species ratio of 1:3,
practically identical to that of the pressure series (ratio = 1:2) and the findings of Kallo
and Mihdlyi [99] for isobutylene hydration (ratio = 1:3).

The increase in the rate of propylene consumption thus stems not from physical
changes to the system, nor from an increase in reactant activity, but rather from a decrease
in the polarity of the reaction medium affecting the reaction mechanism. As the apolar
propylene dissolves in the liquid phase, the concentrations of the polar species (water and
IPA) decreases. The mechanism changes from a slow ionic mechanism operating through -
a solvated proton at high polar species concentrations to a faster concerted mechanisim
at lower polar species concentrations, in keeping with the theory of Section 3.1.2.4 and

Section 3.1.5.

No such increase in rate is observed in the other contact time series. When feeding
propylene and water at atmospheric pressure, the reaction phase propylene concentra-
tion is already high, so the concerted mechanism dominates from the outset. During the
high pressure decomposition of IPA the propylene concentration never rises high enough
(maximum mole fraction 0.17) to cause a noticeable increase in rate, whilst the experi-
mental data is not good enough to make any pronouncements for the low pressure IPA

decomposition, due to the very high initial IPA dehydration rate.

For every series, experiments were continued until no further change in product com-
position of the system was observed with increasing contact time. This final composition
was taken to be the chemical equilibrium composition. The chemical equilibrium data as

well as the discussion of the chemical equilibrium results follows in Section 3.3.7.
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3.3.4 The effect of acid site density

An interesting aspect of ion exchange resin catalysis which has thus far not been touched
upon in the present study is the effect of acid site density on the reaction rate. The
acid site density of Amberlyst 15 was varied by ion-exchange with NaOH (Appendix F
details the procedure). Modified catalyst samples with capacities of 0. 0.24 - 10 %eqg™".
0.98-1073%eqg™!, 2.24-107%eqg™! and 3.52- 10~%eqg~! were prepared and their catalytic
performance compared to the unmodified parent catalyst (capacity of 4.79 - 10™%eqg™!).
Both the hydration of propylene (2 : 1 ratio of propylene to water) and the etherification
of IPA (1:1 ratio of propylene to IPA) were performed at a temperature of 120 °(;a.nd a
pressure of 50 bar . Conversion of the reactants was limited to 10% to ensure differential
operation. The change in the initial rate of propylene hydration with acid site density
is shown in Figure 3.46. The change in initial etherification rate (the sum of the ra.t.e'of
IPA alkylation and the rate of bimolecular dehydration of IPA) with acid site density is

shown in Figure 3.47.

No side reactions were observed during the propylene hydration and the IPA etheri-
fication experiments. The completely exchan.ged catalyst samples exhibited no catalytic
activify whatsoever, indicating that the active sites are indeed the HSO; species. The
rate of propylene hydration increased linearly with acid site density. The rate of IPA
etherification, i.e. the rate of DIPE formation, however, displayed a 2™ to 3¢ order

dependence on acid site density.

There are three schools of thought regarding the cause of the non-linear dependency

of reaction rate on acid site concentration. These are:

1. A heterogeneous distribution in the strength of acid sites. Uematsu [161]
supposed that the non-linear effect of acid site concentration on reaction rate was

attributable to a nonhomogeneous distribution of acidic HSO; active sites. Neu-
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Figure 3.46: The effect of acid site density on the initial rate of propylene hydration.
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tralization of these sites would proceed from the strongest sites to the weakest ones.
Partial neutralization would thus lead to a preferential deactivation of the strongest

sites, leading to a non-linear decrease in the reaction rate.

A non-linear increase in the effective acidity of the catalyst. The rate of
homogeneously catalysed reactions has been shown to be proportional to the hy-
drogen ion concentration at low concentrations of hydrogen ions (up to 2mol]™).
At greater concentrations, however, the reaction rate increases substantially faster
than the H* concentration increases. The rate, however, remains linearly corre-
lated to the Hammett acidity function (an expression for the effective acidity of
the catalyst) over the entire concentration range [162, 163]. The H* concentration
in ion exchange resins ([H*] in Amberlyst 15 = 4.0mol]™!) is considerably greater
than the threshold value of approximately 2mol]~! and, consequently, Ancillotti et
al. [105] proposed that the non-linear rate dependence in acidic resins is due to a

similar non-linear increase in the effective acidity of the active sites of the catalyst.

A disruption of the concerted catalytic méchan_ism. It has been shown
(Section 3.1.2.4 and Section 3.1.5) that the catalytic action of ion-exchange resins
depends on the concentration of the polar species within the resin matrix. At high
polar species concentrations the resin behaves similar to a homogeneous catalyst.
At low polar species concentrations, multiple centres may take part in a concerted
mechanism; the number of active sites involved in the reaction depending on the
species involved. Gates and co-workers [121, 122, 123] thus hypothesised that the

non-linear dependence of rate was a result of the neutralization step breaking the

concerted array by the physical insertion of a Na™ ion. This step disrupts the con-

certed counter-ion array, strongly rédﬁéihg’the carbocation stability and, therefore,

the catalytic activity.

A fourth possibility which has thus far not been considered is the possibility of a non-

uniform ion exchange profile. It is known that ion exchange processes over gelular ion
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exchange resins are mass transfer limited, the ion exéha.nge reaction being considerably
faster than the diffusion of the ions into the catalyst matrix [164]. During a partial ion
exchange, or during a partial catalyst deactivation, the exchange sites on the periphery of
the catalyst particle are thus preferentially poisoned in comparison to the interior sifes.
If, in addition, the catalytic reaction were to be mass transfer limited, then reactants
would have to diffuse considerably further to contact unexchanged active sites. This
would have a pronounced effect on the reaction rate. The magnitude of this effect would
depend on both the extent of ion-exchange and on the relative rates of diffusion versus
reaction. However, catalysts are generally macroreticular in nature. During a partial
ion exchange, the mean diffusion path through a microgel particle is orders of magnitude
smaller than that through a gelular catalyst bead and the ion exchange profile through
a macroreticular particle is consequently more uniform. In a macroreticular catalyst, if
it can in addition be shown that the kinetics are reaction rate controlled (such as in the
present study), it is unlikely that this will have a major impact on the global reaction

rate. In a gelular catalyst, this effect would have to be considered.

If the reaction rates were to increase non-linearly due to a heterogeneous distribution
of acid sites, this effect should apply equally to all reactions. However, different reactions
have distinctly different orders of dependence on the acid site density, ranging from 1
for propylene hydration to 7 for benzene alkylation [123]. This explanation thus seems

unlikely.

Similarly, if the rate were simply dependent on the effective acid site strength then
the inbrease in rate for any two reactions should be reasonably similar, as the increase in
the effective acid strength would be reasonably similar. Variations in the effective acid
strength may be caused by stabilization of the carbocation species or changes in the H*
jon activity [160, 148] (due to changes in the composition of the reactant medium), but
_ this effect would not explain the differing dependence on acid site density ranging between

orders of 1 and of 7. Furthermore, in homogeneous catalysis at low concentrations, it
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was observed that reaction rates were lineé:ly dependent on hydrogen ion concentration.
- At low céncentrations of H-form active sites, reactions catalysed by ion-exchange resins
should similarly be linearly dependent on the site density. With the possible exception
of the data from the dehydration of TBA [122], neither the data from literature nor that .

from the present study exhibit any such trend.

It appears that Gates’ explanation for the changes in reaction rate remains the most
likely. Table 3.7 gives the order of dependence of reaction rate on acid site density for
alkylation, dehydration and hydration reactions from literature and from the present
study. In addition, the dielectric constant (a measure of the charge a substance can
withstand at a given field strength) of the dominant compound in the reactant medium
is shown. It is evident that the order of dependence of reaction rate on active site density
increases with decreasing dielectric constant and with decreasing concentration of polar

reactant.

Table 3.7: The order of the reaction rate dependence on the hydrogen ion concentra-
tion and the dielectric constant of the predominant reactant in the reaction

medium.

Order on Dielectric constant®

- Reaction (phase*) Product [H*] of reactant at 20°C
Propylene hydration (1) IPA 1 78.5
Methanol dehydration (v)? dimethyl ether, H,O 2 32.6
Methanol alkylation (1)3 MTBE 2-3 32.6
Ethanol dehydration (v)3 diethyl ether, H,O 2 24.3
IPA dehydration (v)* DIPE, H,0 2-3 - 18.3
IPA etherification (I)! - DIPE, H,0 2.3 18.3
TBA dehydration (1)° isobutylene, H,O 4 10.9
Benzene propylation (1)® isopropyl benzene 7 2.28

* I’ = liquid phase, ‘v’= vapour phase, ¥ CRC Handbook [163]

1 Present study, > Gates and Johanson [121], ® Panneman and Beenackers [148]

4 Sivanand et al. [166], 5 Gates et al. [122], ® Wesley and Gates [123]
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For propylene hydration, the reaction medium consists almost exclusively of liquid
water, with a little dissolved propylene (propylene mole fraction 1.2 - 107%). The active
sites are fully solvated (i.e. polyhydrated) and the homogeneous mechanism dominates.
Changes in the active site density would consequently cause a linear response, 1.e. an
order on [H*] of one. In methaﬁol and ethanol dehydration the reactant phase is still
highly polar. However, in this instance the reaction takes place in the vapour phase at
atmospheric pressure and the concentration of the reactant is thus insufficient to fully
“solvate” the active sites. The reaction thus takes place via a concerted reaction scheme,
probably involving two active sites. Similarly, in IPA etherification, though the reaction
medium is liquid, it contains equimolar amounts of propylene and IPA. There is thus
insufficient IPA to fully solvate the active sites and a highly active concerted mechanism

(involving 2 or 3 sites) dominates.

On the other hand, the dehydration of tert-butyl alcohol (TBA) takes place in the
liquid phase yet displays a fourth order dependence on acid site density. It is a highly
polar moleculé and thus, in the liquid phase, would be expected to fully solvate the active
sites. Howevér, TBA has quite a low dielectric constant. It is thus less able t\o hold and/or
transfer a charge and thus multiple active sites are required to stabilise the protonated
TBA cation. As benzene is apolar, it is unable to solvate the active sites and all reactions
take place via concerted mechanisms. Like TBA it has a low dielectric constant and, for
" the same reason as TBA, multiple active sites are required to stabilise the benzene cation.
This is in agreement with IR work which has shown that apolar organic species (e.g.
benzene, diethyl ether and propylene) hydrogen bond into “nests” of active sites [123] on
acidic ion exchange resin catalysts. These “nests” may involve up to seven active species
- in perfect agreement with the order of reaction rate with acid site density for benzene

alkylation.

The order of the reaction rate on the acid site density thus depends on a combination of

the reactant polarity, the concentration of the polar compound within the resin matrix and
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on the dielectric constant of the dominant species within the resin matrix. The polarity
and the concentration of the reacting species determines whether or not the reaction can
take place via a homogeneous mechanism (if it is present at a high concentration). The
dielectric constant determines the number of active sites required to stabilise the charged
reaction intermediate in a concerted mechanism. Even if the reaction intermediate did not
result from the dominant species in the resin matrix, the dielectric constant would give
an indication of the extent to which it might stabilise the actual intermediate species. In
‘methanol alkylation, for example, the isobutyl carbocation is stabilised by the surrounding
methanol molecules and only two active sites are required to catalyse the reaction. In
contrast, propylene is less able to stabilise the pheny! carbocation and consequently seven
sites are needed to catalyse benzene propylation. If the concentration of active sivtes is
decreased by ion exchange, the concerted mechanisms are disrupted. The protonated
reaction intermédiates can no longer be stabilised to the same extent and the catalytic
activity decreases dramatically. As the activity of these less active mechanisms is most
likely considerably lower than that of the preferred multi-site concerted mechanisni, the
order of reaction rate dependence on acid site density gives an indication of the number
of sites involved in the mechanism. The mechanism of propylene hydration thus involves

one active site, that for IPA etherification involves two or three sites.

3.3.5 Decomposition of DIPE

The decomposition of pure DIPE and of DIPE with traces of water and/or IPA was studied
at 120°C 'and 50bar over “dry” and over “wet” Amberlyst 15. The “dry” catalyst had
been dried at 120 °C for 18 hours under vacuum and then washed with anhydrous methanol
followed by washing with anhydrous DIPE. “Wet” catalyst had beén pretreated in the
standard manner (Appendix F). The effect of small amounts of polar compounds on DIPE
decomposition was studied by co-feeding 2 mol % or 5 mol % water or IPA or by co-feeding

2mol % of water and 2mol % of IPA. The rate of DIPE decomposition from an arbitrary
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feed composition (20 mol % propylene, 2 mol % water, 12 mol % IPA and 66 mol % DIPE),

but still with an overall propylene to water ratio of 2 : 1, was also studied.

Figures 3.48 and 3.49 respectively show the product distribution and instantaneous
rates of the decomposition of pure DIPE with inverse space velocity over “dry” catalyst.
Figure 3.50 gives the initial rate of DIPE decomposition for “dry” and “wet” catalyst and

for varying amounts of co-fed water and/or IPA.

Over Amberlyst 15 DIPE decomposed by dealkylation to form propylene and IPA. At
low contact times carbon selectivity was 50% to propylene and 50% to IPA. At greater
contact times water and additional propylene were formed from the subsequent dehy-
dration of IPA. At a space velocity of 20 h} for example, carbon selectivity was 55% to
propylene and 45% to IPA, some of the IPA having decomposed to water and propylene
in a secondary reaction step. It was found that co-feeding small amounts of water or
IPA did not appear to change the DIPE decomposition pathway. No dimers or trimers
resulting from the subsequent oligomerisation of propyler;e were detected in the contact

time experiments.

The rate of DIPE decomposition changes markedly with 1/WHSV. At low contact
times the rate of DIPE decomposition is 6.6 - 10~®molgz;s™".  As contact time in-
creases, though, the rate of decomposition decreases exponentially up to a 1/WHSV of
5h. After this time, the rate of DIPE decomposition drops off sharply to approximately
1.2-10"%molgls™! at a 1/WHSV of 29h.

The initial rate of DIPE decomposition was slowest (6.6-1078 mol &} s=1) over the so-

called “dry” catalyst. Reaction over the so-called “wet” catalyst proceeded significantly
quicker, at a rate of 3.0- 107" molg;} s~'. Co-feeding small amounts of polar compounds
(either water or IPA or a mixture of both) also increased the decomposition rate in
comparison to pure DIPE over the “dry” catalyst. Co-feeding 2mol % water, raised

the reaction rate to 3.4 - 10~7 mol g-rs7!. Increasing the amount of water being co-
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Figure 3.50: Initial rate of DIPE decomposition over “dry” and “wet” Amberlyst 15
and with varying amounts of polar co-feed. Temperature = 120°C and
pressure = 50 bar.

fed to 5mol % slighﬁly decreased the rate to 3.1 - 10~7 molgZls~!. DIPE Ideco’mposition
proceeded quickest when co-feeding small amounté of IPA. At a level of 2mol % of [PA
in DIPE, the rate of decomposition was found to be 8.7 - 10~"mol g s, Similarly as
for co-feeding water, raising the amount of IPA being co-fed to 5mol % slightly decreased
this rate to 6.9 - 10~"molg }s™!. Feeding an arbitrary mixture of water, propylene,
IPA and DIPE gave a rate of DIPE decomposition of 1.4 - 10~ molg_}s™!; faster than
pure_DIPE over the “dry” catalyst, yet significantly slower than any of the other DIPE

decomposition rates.

-+ - Table 3.8 gives the initial rates of ether formation, of ether decomposition and the
- ratio of the two rates from the present study and from literature. The ratio of the rate of
DIPE formation to the rate of DIPE decomposition is significantly greater than the ratio
for MTBE or TAME. Most likely, the comparatively low rate of DIPE decomposition is

due to a steric effect. The mechanism of DIPE decomposition almost certainly proceeds



178 ’ CHAPTER 3. CATALYTIC DIPE SYNTHESIS

via a protonation of the electrophilic bridging oxygen followed by the elimination of the
alkyl group. In MTBE or TAME decomposition this yields methanol and isobutylene or
methanol and isoamylene; in DIPE this process yields IPA and propylene. Whereas in
MTBE and TAME a methyl group is attached to the oxygen which allows ready access
- for electrophilic attack, two bulky propyl groups are attached to the oxygen in DIPE.
These groups shield the oxygen and inhibit the decomposition reaction (steric hindrance).
Based on the forgoing argument, the ratio of the rates of formation and decomposition
for ETBE should lie between the ratio for MTBE and TAME and the ratio for DIPE.
However, the decomposition of ethers over ion exchange resins has been little studied and

no ETBE decomposition study has been performed to date.

Table 3.8: Comparison of the rate of ether formation and decomposition for MTBE,
TAME and DIPE starting from ‘dry’ catalyst.

Initial rate, molg s~  Ratio of formation

Ether T,°C Formation® Decomposition® to decomposition

DIPE! - 120 1.3-10°¢ 6.6 108 19.7
MTBE? 90 14-107° 7.1-10"% 2.0
TAME*TAEE*80 2.6-10-° 2.1-10°3 1.2

1 Present study. Catalyst Amberlyst 15.

2 Rehfinger and Hoffmann [32]. Catalyst Amberlyst 15, rate of formation scaled to 90°C
3 Rihko and Krause [34]. Catalyst Amberlyst 16, rate of formation scaled to 80°C

4 Linnekoski et al. [147]. Catalyst Amberlyst 16

Rate of ether formation from an equimolar mixture of alcohol and olefin

#  Rate of ether decomposition of pure ether over “dry” catalyst

The rate of DIPE decomposition decreased rapidly with contact time. At a 1/WHSV
of 0.2 h the reaction rate was 6.6-10~ mol gois™), at Lhit was 2.5-10% mol g2t s™! and by
29 h it had decreased to 1.2-10"® mol 87} s~!. This decrease was not a result of approaching
chemical equilibrium as even at very low DIPE conversions the reaction rate had already
decreased substantially, and throughout the entire contact time study the conversion of

DIPE was far from equilibrium (see Figures 3.48 and 3.49). Most probably, this rapid
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decrease was caused by competitive adsorption. Due to their low polarity, propylene
and diethyl ether do not interact strongly with the acidic ion exchange resin matrix,
exhibiting only weak adsorption in multiply-hydrogen bonded complexes [123] - DIPE
can be expected to show similar behaviour. When DIPE decomposes, it forms propvlene
and IPA. Since IPA is a strongly polar molecule, it will preferentially adsorb on the active
sites, blocking access for DIPE. This will inhibit the rate of DIPE decomposition. Since
multiple active sites are involved in the reactions of apolar molecules on ion exchange
resin catalysts (e.g. Wesley and Gates [123] report seven sites taking part in benzene
propylation), even small amounts of polar molecules are sufficient to cause significant
disruptions in the concerted reaction mechanisms, resulting in the almost exponential

decrease in the rate of DIPE decomposition {comparable to the findings of Section 3.3.4).

Even though water and IPA inhibit the rate of DIPE decomposition due to competitive
adsorption, when these compounds are co-fed, even in small amounts, they can once again
cause an increase in the reaction rate. Co-feeding 2 mol % water, the reaction rate of DIPE
decomposition is 3.4 - 107" mol g2} s7!; a co-feed of 2mol % of IPA causes an increase in
the decomposition rate to 8.7 - 107" molg ls~'. This increase in rate is caused by a
greater number of active sites becoming accessible for reaction. Apolar molecules are
incapable of swelling the resin matrix (Section 3.1.2.2) and consequently only active sites
on the periphery of the resin particle are available for reaction. However, ion exchange
resin catalysts preferentially adsorb polar molecules and co-feeding even small amounts
will result in a significant swelling of the matrix. This swelling allows DIPE access to
a far greater number of active sites, so even though the majority of active sites may be

blocked by water and IPA, sufficient new sites are accessible to cause the increase in the

DIPE decomposition rate.

This is practically identical to decomposing DIPE over the “wet” resin which had been
preswelled with methanol and then with “water”. The matrix was already fully swelled

and a maximum number of active sites were accessible for reaction. As above, even
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though a number of the sites would have been “deactivated” for DIPE decomposition by
the adsorption of water, sufficient new sites were now accessible to result in the increased

decomposition rate.

Additional evidence for competitive adsorption affecting the rate of DIPE decomposi-
tion can be obtained frém the initial rates of decomposition resulting from different levels
of polar co-feed and from different species of polar co-feed. Increasing the level of water or
IPA co-feed from 2mol % to 5mol % decreased the rate of DIPE decomposition as addi-
tional polar species adsorbed on the active sites. These would have “blocked” additional
sites for DIPE decompbsition and caused the observed decrease in the reaction rate. As
IPA is less polar than water, co-feeding IPA in preference to water resulted in fewér sites
being blocked for DIPE decomposition. Increased amounts of DIPE could adsorb on the_

active sites which caused the observed increase in the rate of DIPE decomposition.

Co-feeding mixtures of polar species (e.g. water and IPA) or feeding an arbitrary
mixture beyond the chemical equilibrium composition (20 mol % propylene, 2 mol % water,
12mol % IPA and 66 mol % DIPE) results in increases in the rate of DIPE decomposition.
When feeding 2 mol % water and 2mol % IPA, the rate of DIPE decomposition increased
from 6.6 - 10 mol g} s~ t0 3.4 - 10-"molg; s~!. Once again, this increase is caused
by the polar species swelling the resin matrix and making more active sites available for
reaction. Similarly, the rate of DIPE decomposition resulting from the arbitrary mixture
is greater than the rate of DIPE decomposition over the “dry” catalyst the resin matrix is
swollen. The rate is not as great as that for the other experiments due to the proximity

to chemical equilibrium.

- 3.3.6 Single component adsorption of propylene and water

To gauge the extent to which polar and apolar species adsorb onto acidic ion exchange

resin catalysts, single component adsorption studies were performed over Amberlyst 15
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with propylene and water. For a comparative study, the adsorption experiments had
to be carried out under conditions where propylene would not oligomerise over the cat-
alyst and water would not swell the resin matrix. Consequently, the adsorption studies
could not be carried out under the conditions of DIPE synthesis and this study was thus
purely qualitative in nature. The adsorption experiments were performed at an absolute
pfessﬁre of 1.4 bar at temperatures of 30°C, 45°C, 60°C and 75°C. Partial pressures of
propylene and water were varied between 1.4 kPa and 14 kPa (the balance being helium)
at each temperature. At these low partial pressures, it was found that the resin did not
swell noticeably, so the water and the propylene data could be compared. Appendix K
gives further details on the adsorption experiments and explains how the various adsorp-
tion parameters were calculated. Langmuir isotherms were fitted to the adsorption data
to obtain a qualitative measure of the saturation loading and the heats of adsorption.
Figures 3.51 and 3.52. show the adsorption data with the best-fit Langmuir isotherms for
water and propylene respectively. Table 3.9 gives the obtained Henry's constants of
adsorption, the saturation capacities and the heats of adsorption (see Appendix K for the

calculational procedures).

Table 3.9: Henry’s constants, saturation capacities and heats of adsorption of water and
propylene on Amberlyst 15

Propylene Water
Temperature, °C H Cim, mol 8,1 H Crm, mol g4
30 1200  8.4-107* - -
45 - 1300  81-107* 19000  6.4-107°
60 1400  7.0-107* 12000  5.0-10"2
s - - 4700 5.4-1077
AH 4 5.4+ 11.5kJmol~! —42.6 +4.3kJmol™!

Considerably more water than propylene adsorbs onto Amberlyst 15 as water is a polar

molecule. At a temperature of 45°C, for example, the saturation loading of propylene is

cat

8.1- 10~ mol g whilst that of water is 6.4 10% mol €.}, almost 80 times greater. This
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agrees with literature findings. Rehfinger and Hoffmann [32] report methanol adsorbing
onto Amberlyst 15 in 3.5 times greater amounts than isobutylene. Since methanol is a
less polar molecule than water, it should adsorb to a lesser extent and consequently the
ratio between the saturation loading of methanol and an olefin should be smaller than

that between water and an olefin.

The Henry constant for water is approximately an order of magnitude greater than
that of ﬁropylene at the same temperature. As the magnitude of the Henry’s cohstant
gives an indication of the strength of adsorption. not only does Amberlyst 15 adsorb more
water than propylene, but it also adsorbs this water approximately an order of magnitude
more strongly than it does the propylene. Further evidence for this comes from the heat of
adsorption. The heat of adsorption of water, —42.6+4.3kJmol™!, is indicative of a strong
exothermic interaction between water and the resin matrix. The water is chemisorbed.
likely through strong hydrogen bonds in concerted arrays of active sites. Propylene,
on the other hand, displays a very weak interaction with the resin matrix. The heat
of propylene adsorption on the catalyst is 5.4 & 11.5kJ mol~!. It is unlikely that this is
in fact an endothermic adsorption in light of the poor quality of the experimental data.
However, it does indicate that the heat of adsorption is very small and most likely only
physical adsorption occurs. Any chemical interaction that does take place under these
conditions would most likely only occur through weak hydrogen bonds with a number of
active sites, probably the origin of the “nesting” behaviour witnessed in the IR studies of

Wesley and Gates [123].

While fhe quantitative results of the single component adsorption measurements at
low pressure and low temperature in the vapour phase almost certainly do not hold in
multicomponent systems at high pressure and high temperature in the liquid phase, the
qualitative findings should still apply. Basically, the strength and the amount of adsorp-

tion of the species occurring in the DIPE system on acidic ion exchange resins should



184 ' CHAPTER 3. CATALYTIC DIPE SYNTHESIS

follow the order of polarity of the molecules, i.e. ‘

water > IPA > DIPE > propylene

Consequently, if water or IPA are present in a systém to any significant extent, they
will largely prevent propylene and DIPE from adsorbing on the catalyst. Any reactions
wﬁiéh require a propylene or DIPE molecule to be adsorbed on the active sites will thus
be strongly inhibited. For this reason the rate of DIPE decomposition decreased signif-
icantly once a little IPA and water had been produced (see Section 3.3.5) and propylene

oligomerisation was not witnessed so long as the catalyst had been properly wetted.

3.3.7 Chemical reaction equilibrium

Chemical reaction equilibrium in the DIPE system was measured at three temperatures
(100°C, 120°C and 140°C) at a constant pressure of 50bar and a propylene to water
ratio of 2:1; at four pressures (1atm, 30 bar, 50 bar and 70 bar) at a constant temperature
of 120°C and a propylene to water ratio of 2:1; and at two propylene to water mole
ratios (2 : 1 and 1 : 1} at a temperature of 120°C and pressures of 1atm and 50 bar.
The experimental method was identical in every case. Starting from an initial feed
composition {either pure IPA (i.e. an overall propylene to water ratio of 1:1), a 2:1 molar
mixture of propylene and water or an arbitrary mixture containing all four species with
an overall propylene to water ratio of 2:1), coﬁtact time was increased until no further
change in product composition was observed. This point was presumed to be chemical

equilibrium.

To determine the accuracy with which the chemical equilibrium product distribution
was determined, an additional chemical equilibrium experimental series was performed
at conditions identical to that from a previous series (120°C, 50bar and 2:1 propylene

to water ratio). This time, however, instead of reacting “forwards” from propylene and
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water, the starting composition was purposely chosen to be beyond the previously deter-
mined chemical equilibrium distribution, such that reaction had to proceed in the“reverse”

direction.

. Raw data from the experiments together with the chemical equilibrium constant deter-
mined from the experimental product distribution and the WS-PRSV model are shown
in Table 3.10 while the experirhental results from the reverse series are shown in F ig-
ure 3.53. Unfortunately, the chemical equilibrium product distributions obtained in this
study could not be compared with values obtained from literature as the overall ratios of

propylene to water were not equal.

The chemical equilibrium distributions determined from the “forward” and the “re-
verse” experimental series were practically identical. The greatest variation in mole frac-
tion occurred for IPA (an absolute deviation of 0.02), suggesting that either the forward
or reverse series had possibly not yet attained chemical equilibrium. The remainder of
the species mole fractions agreed to within 0.01. Assuming the same confidence in having
reached chemical equilibrium and with the exception of the DIPE mole fraction for the
atrhospheric runs, the chemical equilibrium product mole fractions of the remainder of the
series consequently can be assurned to be accurate within absolute bounds of £0.02. The
very small amounts of DIPE formed at atmospheric pressure were at the detection limits
of the analytical apparatus such that the DIPE mole fraction could not be determined to a

high accuracy (relative standard deviations in DIPE mole fraction of 60% were obtained).

The experimental equilibrium conversion of propylene and carbon product' selectivity
resulting from the hydration and etherification of propylene and water were strongly
affected by the reaction temperature, pressure and the overall propylene to water ratio.
As temperature was increased from 100°C to 140°C, the equilibrium propylene conversion
decreased from 87% to 74%. At the same time DIPE selectivity decreased from 87% to
77% while IPA selectivity increased from 13% to 23%. Similarly, increasing the system

pressure from 1atm to 30 bar increased the chemical equilibrium conversion of propylene
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Table 3.10: Experimental chemical equilibrium product distribution, propylene conver-
sion, carbon selectivity and chemical equilibrium constants. Activities used
to calculate the chemical equilibriurn constants were calculated from the
WS-PRSV model using the experimental equilibrium product distributions.

Propylene:water - 2:1 1:1
Temperature, °C 100 120! ° 120° 140 120 120 120 120 120
Pressure, bar 50 5 50 50 101 30 70 101 50
Experimental product distribution _

Propylene - 021 031 030 03¢ 066 033 0.30 047 0.10
Water 003 005 0.04 005 030 004 0.04 048 0.25
IPA | 0.18 022 024 023 0035 020 021 0049 050
DIPE - 058 042 042 038 0007 043 045 0.005 0.15
Propylene conversion and carbon selectivity, mol%

Conversion - 87 77T 78 T4 69 - 76 19 11 76
IPA selectivity 13 21 22 23 71 - 19 19 83 63
DIPE selectivity 87 79 78 7 29 81 81 17 38
Experimental chemical equilibrium constant®

Koy | 0241 0.096 0.137 0.075 0.177 0.090 0.123 0.219 0.122
K,2 0.315 0.081 0.079 0.051 0.306 0.077 0.092 0.220 0.071
Ka3 | 1.307 0.851 0577 0.678 1.727 0.847 0.746 1.006 0.579

! “Forward” series

2 “Reverse” series

" ‘1" refers to propylene hydration, ‘2" to IPA alkylation and ‘3’ to bimolecular IPA dehydration -
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Figure 3.53: Approach to chemical reaction equilibrium starting from beyond chemical
equilibrium relative to propylene and water as feed materials. Temperature
. = 120°C, pressure = 50 bar and propylene:water ratio = 2 : 1.

from 7% to 76% and the DIPE selectivity from 29% to 81%. Any increase in pressure
beyond 30 bar had little effect on the propylene conversion or DIPE selectivity. Decreasing
the propylene to water mole ratié at 50bar from 2 : 1 to 1 : 1 had very little effect on
the propylene conversion, yet the selectivity to DIPE decreased from 79% to 38%. At
atmospheric pressure, the same change in the propylene to water ratio resulted in a slight

increase in propylene conversion from 7% to 11%, while DIPE selectivity decreased yet

agaiﬁ' from 29% to 17%.

All these changes in the equilibrium distribution can simply be explained by LeChate-
liers principle. Both the hydration and the two etherification reactions are exothermic
reactions. Consequently, as temperature increases the equilibrium conversion of propylene
decreases. As conversion decreases, the selectivity to DIPE (which is the final product)

must decrease and the selectivity to IPA, the intermediate product, must increase.
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The synthesis of IPA and DIPE involves a contraction in the number of moles.in the
system relative to the starting materials propylene and water. Hence, at low pressure the
reactants propylene and water are thermodynamically favoured whilst at high pressure
the reaction products IPA and DIPE are favoured. At a pressure of 30 bar the system is
practically entirely liquid phase. Any further increase in préssure has very little effect on ™

the system and thus has little effect on the equilibrium product distribution.

High ratios of propylene to water favour products with a higher propylene “content”
relative to water, i.e. high propylene to water ratios favour DIPE formation whilst low
ratios favour IPA. Thus, as the ratio of propylene to water is decreased from 2 : 1 to

1:1, the selectivity to DIPE decreases, i.e. that to IPA increases.

The experimental chenﬁcal equilibrium product distribution and the WS-PRSV model
were used to obtain species activities at chemical equilibrium, thus enabling calculation
of the experimental chemical equilibrium constants for the. hydratibn and etherification
reactions. The comparisons of the experimental chemical equilibrium constants obtained
by this method with those from literature and the theoretical predictions are shown in
Figures 3.54, 3.55 and 3.56 for the hydration of propylene, the alkylation of IPA and the
bimolecular dehydration of IPA, respectively. |

For every reaction, the majority of the experimental values of the chemical equilibrium
constant lie above those of the theoretically determined chemical equilibrium constants.
Even the chemical equilibrium constants of the two atmospheric pressure series display the
same discrepancy. At atfhospheric pressure and 120°C the species can be considered to
behave as ideal gases and the chemical equilibrium constant cén thus be calculated directly
- from the mole fractions, without the need to resort to recalculation of the experimental
. data by the WS-PRSV model. Since these points (see Table 3.10) also lie above the
theoretical values, the differences between the experimental and the theoretical values
of ‘the chemical equilibrium constants therefore cannot be attributed to the model used

to calculated species activity, and the difference thus either results from the theoretical
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Figure 3.54: Comparison of the theoretical chemical equilibrium constant for propylene
hydration with experimental data from literature and from this work.
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Figure 3.55: Comparison of the theoretical chemical equilibrium constant for IPA alky-
lation with experimental data from literature and from this work.
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Figure 3.56: Comparison of the theoretical chemical equilibrium constant for the bi-
molecular dehydration of IPA with experimental data from literature and
~ from this work.

calculations or from the experimental data. As the experimental data of so many authors
gave such consistently higher values of the chemical equilibrium constant, it is reasonable
" to assurﬁe that the discrepancy can be ascribed to the theoretical calculations; more
precisely, it can be ascribéd to errors in the values of the pure component properties cited

in literature.

Revised values of the chemical equilibrium constants were obtained from linear re-
gression of the experimental In K,; vs 1/T data (both from literature and. from this
- study). The best-fit lines to the experimental chemical equilibrium constants along with
' the theoretical predictions from literature are shown in Figures 3.57, 3.58 and 3.59. The
best-fit linearisations of the chemical equilibfium constant for propylene hydration, IPA

alkylation and the bimolecular dehydration of IPA, between temperatures of 100°C and
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290°C, are given by

5742 -
InK,; = —— — 16.58 | “ (3.17)
T
In K, = 80 5181 (3.18)
T
2058 '
h‘lKa:g = T - 5.23 (319)

with 95% confidence limits of £3.7%, £2.2% and £11.2% respectively.

Using these correlations, one can extrapolate to the value of the chemical equilibrium
constant at 298 K and in so doing obtain a revised estimate of the standard Gibbs free
energy of reaction. The revised values of the standard Gibbs free energies of reaction at
298 K obtained from the best-fit lines are shown in Table 3.11 along with the standard
Gibbs free energies of reaction calculated from Stull et al. [65], Daubert and Danner [62]
and Coulson et al. [63].

Table 3.11: Standard Gibbs free energies of reaction at 298 K for the reactions in the
DIPE system. Literature values and the revised values from this work.

Gibbs free energy of reaction, kJ-mol™*

Source AG?M1 AG‘T’M2 AGE 3
Daubert and Danner! ~6.94 —~7.99 -1.05
Coulson et al.? and Stull et al. 3 -7.49 -11.2 -3.73

Revised value : —6.62+3.7% -108+22% -418+11.2%
1 Daubert and Danner [62] |

2 Coulson et al. [63]

3 Stull et al. [65]

The best-fit lines give significantly better predictions of the chemical equilibrium con-
stant than those obtained from theoretical calculations using pure component data from

literature [62]. The best-fit lines are not only offset from the theoretical predictions at
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Figure 3.57: Comparison of the theoretical predictions of the chemical equilibrium con-
stant for propylene hydration to experimental data from literature and
from the present work. Both the theoretical predictions and the best-fit
line giving the revised standard Gibbs free energy of reaction are shown.
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Figure 3.58: Comparison of the theoretical predictions of the chemical equilibrium con-
stant for IPA alkylation to experimental data from literature and from the
present work. Both the theoretical predictions and the best-fit line giving
the revised standard Gibbs free energy of reaction are shown. '



3.3. CATALYTIC RESULTS AND DISCUSSION | 193

1.0
®
o
o 90ppn ©
0.0 1

X
E

1.0 ~ o Literature data

° e Thiswork
]
o° ****** Theoretical prediction
© — Best-fit line to experimental data
-2.0 ° ———
1.50 1.75 2.00 2.25 2.50 2.75 3.00

11T, 1000-K™

Figure 3.59: Comparison of the theoretical predictions of the chemical equilibrium con-
stant for the bimolecular dehydration of IPA to experimental data from
literature and from the present work. Both the theoretical predictions and
the best-fit line giving the revised standard Gibbs free energy of reaction

~ are shown.

298 K, they also display considerably different slopes. Should the best-fit line and the the-
oretical line be parallel but differ by a constant value, an incorrect value of the standard
‘Gibbs energy of reaction at 298 K was used. A difference in slope between the best-fit
line and the theoretical line indicates, in addition, that the heat capacity data may be

inaccurate.

For propylene hydratibn, the value of the standard Gibbs free energy of reaction at
298 K was close to that calculated from literature data. This was consistent with the
behaviour of the best-fit line and the theoretical line which intersected at a temperature
- of 300K. The slope of the best-fit line to experimental chemical equilibrium data and
that of theoretical line, though, are sig_niﬁcantly different, which indicated that whilst the
standard pure component Gibbs free energies of formation givén in literature were correct,

the heat capacity data, used to calculate the value of the chemical equilibrium constant
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at temperatures other than 298 K, may have been inaccurate. For IPA alkyvlation. the
theoretical line and the best-fit line were not only offset at 298 K. but also showed a
different slope. This indicated that both the standard Gibbs free energy of reaction as
well as the heat capacity data used for the compounds may have been in error. For
the bimolecular dehydration of IPA, the best-fit line and the theoretical line were parallel
for temperatures below 150°C, the offset between the two lines being cons.tant. In this
case, only the value of the standard Gibbs free energy of reaction from literature [62] was

inaccurate.

Since the only theoretical chemical equilibrium constants for which the Gibbs free en-
ergy of reaction was imprecise were those involving DIPE, most likely the standard Gibbs
free energy of formation of DIPE as given by Daubert and Danner [62] was the source of
the error in the theoretical chemical equilibrium constant. Assuming that the standard
Gibbs free energy of formation of the other compounds involved in the reactions was cor-
rect, a revised estimate of the standard Gibbs free energy of formation of DIPE at 298 K
gave ~122.04 kJmol~!. This value is larger than that given by Daubert and Danner
[62] (—119.24 kJmol™' & 5%) though still within the cited error margin and compares
excellently with the value given by Stull et.al. [65] and Coulson et al. [63] of ~121.96
kJmol~}. The only reactions for which the experimental chemical equilibrium constant
differed from the theoretical values were those involving propylene, i.e. propylene hydra-
tion and IPA alkylation. Most likely the heat capacity data for propylene was incorrect,

but insufficient experimental data was available to estimate more accurate values.

The revised values of the chemical equilibrium constants. with temperature are shown

in Figure 3.60.

In addition to revising the standard Gibbs free energy of reaction, one can now also
re-estimate the standard enthalpy and entropy of reaction for all three reactions. The
standard enthalpy of reaction can be estimated from the rate of change of the natural

logarithm of the chemical equilibrium constant with respect to temperature using the
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Figure 3.60: Revised values of the chemical equilibrium constant; variation with temper-
ature. K, = chemical equilibrium constant for hydration, X, » = chemical
equilibrium constant for IPA alkylation, K, 3 = chemical equilibrium con-
stant for bimolecular dehydration.
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van’t Hoff equation (see Section 2.2.4),

dln Km) _ AHL(T) (3.20)
oT P RT?
and since
G=H-TS8 (3.21)

the standard entropy of reaction is given by

—  AH.  —AG,
AT = = zn (3.22)

TEN T

The standard Gibbs free energy, standard enthalpy and standard entropy of reaction
for propylene hydration, IPA alkylation and bimolecular dehydration of IPA are given in

Table 3.12 in comparison to those of the other octane enhancing ethers.

The standard entropy of reaction for bimolecular dehydration of IPA is the lowest
of all the reactions shown as there is no net reduction in the number of molecules and,
consequently, the reduction in the number of degrees of freedom is smaller than for any
other reaction. This reaction also has the smallest standard enthalpy of reaction. The
hydration of propylene and the alkylation of IPA display the greatest standard entropies

of reaction.

The experimental chemical equilibrium constants show considerable scatter about the
theoretical value (see Figures 3.57 to 3.59). It was shown in Section 2.3.3 that the squared
fractional error in the chemical equilibrium constant given an exact system composition,

temperature and pressure could be calculated from

AKN\? L (8a\?  ,[(Aa\? L (Das\' A\’
(Ka) e (—) v (_) e (—') e (“) (3.23)

In the case of the error in the experimentally determined chemical equilibrium con-

stant, however, the mole fraction, pressure and tempera,ture are no longer exact, thus a
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Table 3.12: Standard Gibbs free energy, enthalpy and entropy of reaction for propylene,
isobutylene and isoamylene hydration and etherification

Properties of reaction at 208 K

Compound AG®,, kJmol™!  AH? ., kJmol™! AS?., Jmol IK™!
Propylene!

Hydration -6.62 -47.7 -137
Alkvlation with IPA -10.8 -64.8 -181
Bimolecular IPA dehydration -4.18 -17.1 -43.4
Isobutylene

Hydration? 3.23 -24.5 -93.0
Alkylation with methanol® -13.9 -38.5 -82.5
Alkylation with ethanol* 117 -34.8 -T7.3
Isoamylene®

Hydration -13.1 -41.2 -94.3
Alkylation with methanol -9.91 ~-34.3 -81.8

1 This work, revised values

2 Coulson et al. [63]
3
4 Cunill et al. [167]

5 Linnekoski et al. [157]

Using correlation of Zhang and Datta [128]

more detailed error analysis is required. The fractional error in the chemical equilibrium

constant as a function of the error in mole fraction, temperature and pressure can be

shown (Appendix J) to equal
AK,\?
Ka

Aﬂ?i

,xi

: d1n ¢,
2 i
2Zui ( ) (1+<61nxi

AP\? d1ln ¢,
2 =+ 1
+;”* ( P ) (” (alnp
ATN\? /8Ino,\?

2 1
+Zi:”’* ( T ) (amT)

)
/)

(3.24)

where the partial derivatives of the fugacity coefficient with respect to mole fraction,
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system pressure and temperature can be obtained numerically. The error in temperature
measurement was £1°C for all experiments. The error in pressure measurement was
+0.5 bar for the high pressure and +0.5kPa for the low pressure experiments. It has been
shown that the error in the estimation of the mole fraction is approximately £0.02 absolute
for all compounds except for DIPE at low pressure, where the error was +60% based on
the scatter in the analytical measurements. The error in the calculation of the theoretical
chemical equilibrium constant, within 95% confidence limits, has already been shown to
equal 3.7% for K, and 11.2% for K, 3 (see Table 3.11). The values of the theoretical and
experimental chemical equilibrium constants with associated error margins are shown in

Figure 3.61. For clarity only K,; and K, 3 are displayed.
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Figure 3.61: The values and error margins in the theoretically and experimentally de- °
termined chemical equilibrium constants.

For every experimental point except the “reverse” run at 120°C and 50 bar, the exper-
imental value of the chemical equilibriﬁm constant either lies within the 95% confidence

limits of the theoretical value or at least the error margins overlap. For these data points,
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the experimentally determined chemical equilibrium constant thus lies within the expected

error margins of the theory and the experimental method.

By far the greatest source of error in the experimental determination of the chemical
equilibrium constant lay in the accuracy of determination of the chemical equilibriuin
distribution. This is well illustrated by the experimental chemical equilibrium at 140°C
and 50Ab.ar, for example. The only difference between the experimental product distri-
bution and the product distribution predicted by the WS-PRSV model (using accurate
values of the chemical equilibrium constants) at chemical equilibrium occurred for the
propylene mole fraction which was under-predicted by 2.9% and for DIPE mole fraction
which was over-predicted by 2.6%. T hé predictions of the IPA and water mole fractions
were identical to the experimental values. Nevertheless, these relatively small errors be-
tween the predicted and experimental product distributions led to errors in the chemical
equilibrium constants of propylene hydration and bimolecular dehydration of 10% and
13% respectively. Larger errors in mole fractions, especially in the water mole fraction.

led to considerably larger errors in the values of the chemical equilibrium constants.

Figures 3.62 and 3.63 show the effect of temperature and pressure on the product
distribution at chemical reaction equilibrium in comparison to the predicted product
distribution using the revised values of the chemical equilibrium constant and the WS-
PRSV model. Qualitatively the cc;rrespondence between the experimental data and the
model predictions is good, but the model appears to overpredict the DIPE mole fraction

while underpredicting the propylene and IPA mole fractions.

As stated above, the error in the experimental determination of the chemical equilib-
rium mole fraction was shown to be £0.02 with the exception of the DIPE mole fraction
at atmospheric pressure, where the error was estimated to be +£60%. The prediction
of the chemical equilibrium product distribution of any system depends not only on the
temperature, pressure and system composition, but also on the accuracy in the calcula-

tion of the chemical equilibrium constant(s) and the species activity. In this case, the
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Figure 3.62: Chemical equilibrium product distribution variation with temperature.
Pressure = 120°C and propylene to water ratio of = 2 : 1. The lines
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Figure 3.63: Chemical equilibrium product distribution variation with pressure. Tem-
perature = 120°C and propylene to water ratio of = 2 : 1. The lines show
the WS-PRSV model predictions, the points show the experimental data.
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temperature, pressure and system composition are given, so the error in prediction de-
pends solely on the error in the calculation of the chemical equilibrium constants and the
species activity. In terms of propagation of error theory, the fractional squared error in

the chemical equilibrium mole fraction of a species 7 is

Az 2 AK,, 2/ 8ln Zi 2 AK, 3 2/ 8ln Zi 2 AR *781n Zi 2
- - y
Z; ) Ka,l dln Ka,l Kayg d1ln Ka,Q ; a; Jdln a; j

(3.25)

where only two chemical equilibrium constants need be considered as the third is a function
of the other two, K, = K, 3 K,;. The error in calculating the values of K,; and K3,
from the best-fit linearisations, within 95% confidence limits have been shown to be 3.7%
and 11.2% respectively. In Section 2.3.3 it was shown that the error in determining
the activity of an individual species given an exact temperature, pressure and system
composition was less than 6%. Finding an analytical solution for the partial derivatives
of the species chemical equilibrium mole fraction with respect to In K, ;, In K, 3 and Ina;

is not possible, so these quantities were determined numerically.

Figures 3.64 and 3.65 show the chemical equilibrium IPA mole fractions and error
margins of the experimental data and the WS-PRSV model predictions. As IPA displayed
the greatest fractional deviation between the predicted and the experimental chemicai
equilibrium mole fractions, similar figures for the other three components would not. have

been instructive and thus are not shown.

Exactly as was the case for the comparison of the experimental and theoretical chemical
equilibrium constant, for every run other than the “reverse” series at 120°C and 50 bar
the experimental IPA mole fraction either lay within the 95% confidence limits of the
WS-PRSV model predictions or the error bars at least overlapped. The “reverse” series
had probaBly not yet entirely attained chemical equilibrium as both the mole fraction and

the chemical equilibrium constant lay outside the combined error margins.
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Figure 3.64: Variation with temperature of the experimental and WS-PRSV model pre-
dictions of the IPA mole fraction at chemical reaction equilibrium. P;essure
= 50 bar and propylene to water ratio = 2 : 1.
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Figure 3.65: Variation with pressure of the experimental and WS-PRSV model predic-
~ tions of the IPA mole fraction at chemical reaction equilibrium. Tempera-
ture = 120°C and propylene to water ratio = 2: 1.
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3.3.8 Catalysts

As all catalytic results in the present study thus far had been obtained from reaction over
Amberlyst 15 sulphonic acid ion exchange resin, it was decided to at least qualitatively
examine the performance of other catalysts for DIPE synthesis. One of the difficulties in
choosing a catalyst for the DIPE system is that it must be catalytically highly active at

low temperatures. This is necessary for two reasons:

® At a pressure of 50bar, an overall propylene to water mole ratio of 2 : 1 and a
temperature of 100°C the maximum thermodynamic yield of DIPE (on a carbon
basis) is 79%. This rapidly decreases to 71% at 120°C, to 50% at 150°C and to
3% at 200°C. For a high yield it is thus necessary to operate at relatively low

temperatures.

e The propyl carbocation (the intermediate in the hydration and etherification reac-
tions) is relatively unstable as opposed to the isoamyl or isobutyl carbocation. In
comparison to MTBE, ETBE or TAME synthesis the rate of the reactions in the
DIPE system consequently proceed considerably slower (see Section 3.3.3.1) and a

highly active catalyst is thus required to compensate.

Consequently, two additional sulphonic acid ion exchange resin catalysts, Amberlyst
35 and Amberlyst 36, a zeolite, H-Y, and an organofunctional polysiloxane, D-ASP, were
chosen for the study (TaLble 3.4 in Section 3.2.1 gives the catalyst properties). The
catalysts were evaluated under “process” conditions, i.e. it was decided not to compare
the initial rates, but rather to choose a realistic feed composition such as would enter
- a comumercial DIPE reactor. The composition of the system just before the point of
maximum propylene consumption rate in the contact time series performed at 120°C,
50bar and an overall propylene to water mole ratio of 2 : 1 was chdsen as the starting

point (see Section 3.3.3.4). At this point, at a 1/WHSV of 2h, the mole fractions of water,
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propylene, IPA and DIPE were 0.16, 0.57, 0.25 and 0.02 respectively. The differential
rates of propylene consumption during the reaction on a mass basis, on an equivalent
basis and based on catalyst bed volume are shown in Table 3.13.

Table 3.13: The rate of propylene consumption in DIPE synthesis over various acidic
catalysts on a mass basis, on an equivalent basis and on a catalyst bed

volume basis (wet catalyst)

Propylene consumption rate

Catalyst mol-g;1-s™! mol-eq”!-s! mol-cm? st
Amberlyst 15 1.3-10°° 27-107*  3.1-1077
Amberlyst 35 1.1-107° 21-107* 22-1077
Amberlyst 36 1.2-1078 21-10%  25-1077
H-Y 5.5-1078 55-107%  1.6-1078
D-ASP ' 1.2-1078 8.8-1074 1.7-1077

None of the catalysts exhibited any deactivation over the duration of the experiments
(approximately 8 h on-line in each case), nor were any compounds other than the above-

mentioned four detected in the effluent stream for any catalyst.

It was to be éxpected that H-Y would exhibit the least catalytic activity for the hydra-
tion and etherification reactions, as it is well known to be highly hygroscopic. Any Water
(or any other highly polar compound for that matter) present in the reaction medium
would adsorb strongly on the active sites and inhibit both the hydration and the etheri-

fication reactions.

On a mass basis Arn‘berlyst 15, Amberlyst 35, Amberlyst 36 and D-ASP displayed
approximately the same reaction rate. On an equivalent basis, however, the rate of
propylene consumption over D-ASP "was approximately 4 times greater than over the
Amberlyst ion exchange resin catalysts. Interestingly, the active sites in both sets of
catalyst are sulphonic acid sites. Presumably, the difference in activity stems from the
different interactions between the sulphonic acid groups and the polystyrene backbone 'on

the one hand and the sulphonic acid groups and the polysiloxane backbone on the other.
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On a catalyst bed volume basis Amberlyst 15 exhibited the greatest rate of etherification
followed by Amberlyst 35 and Amberlyst 36. From a reactor design point of view, in
light of similar deactivation and selectivities, it would appear that Amberlyst 15 is the

catalyst of choice for DIPE synthesis.



206

CHAPTER 3. CATALYTIC DIPE SYNTHESIS



Chapter 4

The mechanism and kinetics of
DIPE synthesis

4.1 The mechanism of DIPE formation

The reaction mechanisms thought to occur in olefin hydration and ether formation reac-
tions over acidic ion exchange resin catalysts have evolved from simple pseudo-homogeneous
type mechanisms to complex mechanisms involving multiply adsorbed species reacting on
varying numbers of acid sites in distinct catalytic regimes (see Section 3.1.5). Which
catalytic regime is dominant and the number of acid sites taking part in the reaction is
determined by the ratio (R) of apolar to polar species within the resin matrix and by the
overall concentration of polar and apolar species. The phase of the reaction has no effect
other than to determine the concentraﬁon, i.e. the mechahisms in the vapour and liquid
phasé are identical. Figufe 4.1 gives a representation of the transition between the three

regimes of catalytic action (names Type I, Type Il and Type III for convenience).

I: At low apolar to polar species mole ratios (R <R;) and at concentrations high
enough that the catalyst is fully saturated, the dominant mechanism is Type I
(see Figure 4.5 for a pictorial representation of the Type I mechanisms). This

mechanism is similar in nature to the mechanisms encountered in true homogeneous

207
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Reactionrate —»

Type | . Type il Type

Ratio of apolar:polar ——»

Figure 4.1: The type of catalytic mechanism and the change in the catalytic activity

II:.

as a function of the ratio of apolar to polar species at saturated conditions.
Type I - pseudohomogeneous mechanism, Type II - adsorbed polar species
“and solution phase apolar species mechanism, Type III - adsorbed polar
species and adsorbed apolar species mechanism. '

catalysis.  Polyadsorbed complexes of polar species form on individual active sites,
where the number of polar molecules adsorbed on the active sites is determinéd
by the concentration and the polarity of the species. Apolar molecules are not
adsorbed and remain in the solution phase. The active sites are surrounded by

a “solvation” sphere. The hydrogen ions are delocalised with transference of the

¢ protons to form the reaction intermediates occurring via the polyadsorbed species.

The order with respect to acid site density is one. Any side reactions involving only
apolai“species are suppressed by competitive adsorption. This is the least active

mechanism.

At intermediate ratios of apolar to polar species (R <R < Rjy) reaction still occurs

between adsorbed phase polar species and solution phase apolar species. However,
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the higher concentrations of the apolar species disrupt the molecular oxldering of the
polar species such that polyadsorbed complexes no longer occur (see Figure 4.6 for
a pictorial representation of Type II mechanisms). Polar molecules now hydrogen-
bond into single or multiple active site complexes, so-called “nests” of active sites.
The number of active sites involved in these concerted complexes is determined by
the polarity and the concentration of the polar species‘. The order of dependence
of reaction rate on active site density depends on the number of active sites in-
volved in the mechanism. Reactions involving only apolar species are still inhibited
by competitive adsorption. The adsorbed reaction intermediate is stabilised by
increased hydrogen bonding to additional active sites and the mechanism is thus’

more catalytically active than the Type I mechanism.

III: At high ratios of apolar to polar species (R>'R2) or at very low overall concentra-
tions, apolar species also adsorb onto the active sites. Reactions now take place
between adsorbed phase polar and adsorbed phase apolar species with both types
of species adsorbed on multiple active sites. As for the Type II mechanism, the
number of active sites involved in the concerted Type III mechanism depends on the
polarity and the concentration of the adsorbed species. The order with respect to
active site density, once again, depends on the number of active sites involved in the
mechanism. Side reactions between apolar species are now possible. As even more
active sites take part in this mechanism, allowing an even greater stabilisation of the
reaction intermedi‘ate compared to Type II, this mechanism is the most catalytically

active.

Besides the overall concentration and the ratio of apolar to polar species in the reaction
medium, the type of catalytic mechanism is also determined by catalyst factors such as the
acid site density, the extent of cross-linking and the extent of ion exchange or deactivation.
These factors influence the mechanism by determining the average distance between active

sites. Even though macroreticular catalytic resins are heterogeneous structures, if the
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active site density is véry low, then the distance between individual sites may be too
large for the concerted Type II and Type III mechanisms to take place. Conversely. if
the active site density is high, active sites will be closer together and Type II and Type
III mechanisms can occur. The extent of cross-linking has a more subtle effect. In
resins with a high degree of cross-linking, the matrix is not able to swell as extensively as
it would in resins with a lov; degree of cross-linking. Decreased swelling translates to a
higher active site density which leads to the more active .Type IT and Type II] mechanisms
However, decreased swelling may also result in reduced accessibility to the internal sites

and possible mass transfer limitations which may inhibit the desired reactions.

-Ion exchange and/or deactivation of active sites has a dramatic effect on catalyst
activity. Figure 4.2 gives a pictorial representation of a heterogeneoﬁs ion exchange resin
with randomly distributed active sites at varying extents of ion exchange. Clearly, the
unmodified catalyst not only has the greatest number of active sites, but also has the
greatest number of nests with two, three or four sites etc. As active sites are deactivated
by ion exchange with inactive ions, the total number of active sites declines linearly with
the extent of ion exchange. The number of multi-site nests, however, decreases with the
extent of ion exchange with an order equal to the number of active sites situatec—l" within
the nests. This accounts for the non-linear dependence of reaction rate with respect to
acid site density. The rate of a reaction taking place via a three-site mechanism, for
example, would decrease with extent of increased ion exchange to the third order. The
effect of ion exchange on the total number of active sites and on the number of multi-site

active site nests is shown in Figure 4.3.

This study has shown (see Section 3.3.3.2 and Section 3.3.3.4) that the reactions which
occur in the DIPE system are the hydration of propylene, the alkylation of IPA and the
bimolecular dehydration of IPA. No ‘other reactions occur. - The reaction network is

shown in Figure 4.4.
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Figure 4.2: Pictorial representation of a heterogeneous ion exchange resin with randomly
distributed active sites at varying extents of ion exchange. Dark squares
. represent active sites, light squares represent catalyst matrix or inactive

sites.
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Figure 4.3: The effect of ion exchange on the total number of active sites and on the
number of multi-site active site nests.
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Figure 4.4: Cyclic reaction network of DIPE formation.

When feeding only propylene and water, the initial rate of propylene hydrz;tion was
observed to be first order with respect to acid site density (Section 3.3.4) and first order
with respect to the concentration of propylene in the liquid phase (Section 3.3.3.2), so long
as the concentration of propylene remained very small. No by-products, i.e. dimers or
trimers of propylene were produced at any stage, oligomerisation likely having been sup-
pressed by the éompetitive adsorption of water. At greater concentrations of propylene
in the liquid phase, e.g. after sufficient IPA had been produced to extensively solubilise-
propylene, it was observed that the rate of propylene hydration increased markedly (Sec-
tion 3.3.3.4). These findings are consistent with the transition from a Type I mechanism
at low propylene to water ratios to a Type II mechanism at higher propylene to water
ratidé. At‘ low ratios of propylene to water, water is polyadsorbed on single active sites.
The protons from the active sites are solvated within these polyadsorbed complexes and
can react with solution phase propylene to form the propyl carbocation intermediate.

This then reacts further with water to form IPA.

As IPA is produced, propylene becomes ever more soluble and disrupts the Type I

mechanism, causing the Type II mechanism to dominate. This appears to occur at an
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apolar (propylene) to polar (water and IPA) mole ratio of approximately 1:2" (Section
3.‘3.3.4). This is consistent with the findings for isobutylene hydration, where the shift
in mechanism appears at a ratio of approximately 1:3 [99]. In the Type II mechanism,
water is adsorbed to multiple active sites. Propylene from solution then reacts with the
adsorbed water to form IPA. In both types of mechanisms the presence of only small
amounts of water is sufficient to displace propylene from the active sites and thus pre-
vent oligomerisation, in agreement with the findings in Section 3.3.6 that the adsorption
constant for water was considerably greater than that for propylene. Figures 4.5 and 4.6

show the Type I and the Type II mechanisms over catalytic ion exchange resins.

Both etherification reactions behave identically to the hydration reactions. At low
ratios of propylene to IPA (i.e. at low apolar to polar species ratio), the etherification
reactions are slow. As one increases the ratio of propylene to IPA, the rate of etherification
accelerates dramatically, but then levels off again (Sections 3.3.3.2 and 3.3.3.3). As for
the hyd;ation reaction, no by-products, i.e. dimers or trimers of propylene were produced
at any stage, indicating a competitive adsorption effect which prevents propylene from
adsorbing on the active sites, thus preventing the oligomerisation reaction. As before,
this is consistent with the transition from a Type I mechanism (at low propyvlene to IPA
ratios) to a Type II mechanism. The order of reaction on acid site density in the more
active regime was found to be two or three, indicating that either two or three sites are
involved in the mechanism (Section 3.3.4). Similarly as for hydration, the switch between
a predominantly Type I and a predominantly Type II mechanism occurs at ah apolar
(propylene and DIPE) to polar (water and IPA) mole ratio of approximately 1:1. For
MTBE synthesis this shift appears at a ratio of approximately 1:1.4 [132]. In the Type I
mechanism, IPA is polyadsorbed to the active sites and reacts either with solution phase
propylene or IPA to form DIPE. In the Type II mechanism, each IPA molecule is adsorbed
to multiple sites (likely two or three) and then reacts with solution phase propylene or
IPA to form DIPE. Figures 4.5 and 4.6 show the Type I and the Type II mechanisms

over catalytic ion exchange resins.
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Figure 4.5: Type I mechanisms for propylene hydration, IPA alkylation and bimolecular
dehydration of IPA over ion exchange resins.
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In summary, the mechanisms of both hydration and etherification (whether IPA alky-
lation or bimolecular IPA dehydration) in the DIPE systerri'initia.lly take place via a
Type I mechanism between polyadsorbed polar species (water or IPA) and solution phase
apolar species (propylene). As thé ratio of apolar to polar species within the reaction
medium increases, the mechanism switches from Type I to Type II, where multiply hydro-
gen bonded polar species react with solution phase apolar species. The shift in mechanism
occurs at a ratio between 1:2 and 1:1. The proposed subsequent shift into a Type I
mechanism was never observed in the present study, as the overall ratio of apolar to polar
species in the DIPE system never rose high enough. In MTBE synthesis, for example,
this shift occurs at a ratio of approximately 4:1 [132], considerably higher than any ratio

used in this work.

4.2 Kinetic modelling of DIPE formation

The reactor in which the catalytic experiments were performed was understood to be an
integral plug flow reactor. In such a system the molar flow rate, F', of a component, 1,
with respect to contact catalyst mass, m.,, can be obtained from the plug flow perfor-
mance equation. This involves substitution of the appropriate rate expressions into the
integrated form of the reactor mass balance equation, i.e.

Meat

Fi= 0/ (;Uz’,j'ri) ;mcat | | (4.1)

where the total mass of catalyst within the reactor is given by M., 7; is the instantaneous
rate of reaction j and o;; is the matrix of stoichiometric coefficients of component ¢ in
reaction j. o

If the instantaneous rate of the propylene hydration reaction is denoted as r;, IPA

alkylation as ry and bimolecular IPA dehydration as r3 and considering that water is

consumed in reaction 1 and produced in reaction 3; propylene is consumed in reactions
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1 and 2; IPA is produced in reaction 1 and consumed in reactions. 2 and 3 and DIPE is
produced in both reactions 2 and 3, the molar flow rates of the four species in the DIPE

system as a function of the contact mass of catalyst, in differential form, can be written

as
:T‘: :t = —r, + T3 (4.2)
d‘jﬁ;’: = - (4.3)
dci;:::t =7 —Ty—2r3 . (4.4)
dfi =71y 4T3 | (4.5)

where water is indicated by W, propylene by P, IPA by A and DIPE by E and the
instantaneous rates of reaction (r, ro and r3) are functions of temperature, pressure, the
composition of the reaction medium and of the catalyst mechanism. To solve for the
flowrates of the various species in the DIPE system as a function of catalyst mass, rate
expressions in terms of these parameters have to be developed and the resulting system

of four first order differential equations integrated by Eq. 4.1.

To account for non-ideal species behaviour, rate expressions were developed in terms of
component activities rather than concentrations. As thermodynamic phase equilibrium
was assumed between all phases within the reactor, the fugacity (and therefore the activ-
ity) of each species could be assumed to be the same in every phase. [t was thus possible
to describe the kinetics of the reaction by bulk phase activities and it was not necessary
to consider different vapour, liquid and catalyst phase concentrations in the kinetic mod-
elling. The species activities were calculated using the WS-PRSV model as described in
Chapter 2. The three kinetic models which will be examined for their applicability to the
DIPE system are: the pseudo-homogeneous kinetic model, the Eley-Rideal kinetic model

and an additional model which accounts empirically for mechanistic changes.
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The following assumptions were common to all three models:

e The only reactions occurring in the system were the hydration of propvlene. the

alkylation of IPA and the bimolecular dehydration of IPA.
e All of the above three reactions were reversible.

e The rate limiting step was the chemical reaction, whether it took place on the surface
or in the solution phase. Neither the rate of adsorption nor the rate of mass transfer

(whether internal or external) affected the overall reaction rate.

e The vapour phase, the liquid phase and non-adsorbed species within the catalyst

particle were at thermodynamic phase equilibrium at every point along the reactor.

e The WS-PRSV model developed in Chapter 2 describes the phase behaviour of the
species in the DIPE system.

e No catalyst deactivation took place during the catalytic experiments.

e The catalyst bed was isothermal throughout all experiments.

4.2.1 Thé pseudo-homogeneous kinetic model

The simplest form of rate expression is the pseudo-homogeneous model which assumes
reactions taking place between solution-phase species and does not accoﬁnt for adsorption
on the catalyst surface. In terms of the DIPE system, either water or IPA is considered to
solvate the protons of the active sites. The solvated protons combine with solution phase
species to forrh the carbocation intermediates (by combining either with propylene or with
IPA) which then react with other solution phase species to form IPA or DIPE (see Section’
3.1.5, Figure 3.16 for the homogeneous reaction mechanism). Both propylene hydration
[47] and the MTBE reaction [148] have been modelled successfully using this approach,
-
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providing the polar species (be it water or métha.nol) is in large excess within the systeni.

This model can be thought to be loosely representative of Type I mechanisms.

The system of rate equations, containing three adjustable parameters (the three rate
constants: ki, ks and k3), for propylene hydration, IPA alkylatibn and bimolecular IPA

dehydration can, respectively, be written as (see Appendix L for the derivation)

1
Ty =k (GW'CLP— GA) (4.6)
a,l
1
Ty = ko (GP @ =3 205) (4.7)
9 1
7‘3—]173 aA——KsaE-aW (48)

4.2.2 The Eley-Rideal kinetic model

The Eley-Rideal model takes account of the chemical reaction and the adsorption be-
- haviour of the species in the DIPE system in a mechanistically relevant fashion. -In
addition to the assumptions mentioned above, it assumes multi-site Langmvuir-type' ad-
sorption of the polar species and negligible adsorption of apolar species. It has been used
successfully to describe MTBE synthesis when alcohol is in large excess [156]. This model

can account for the characteristics of both Type I and Type II mechanisms.

The Eley-Rideal model for propylene hydration, IPA alkylation and bimolecular de-
hydration of IPA is given by Eq.’s 4.9 to 4.11. The derivation of the rate expressions is
given in Appendix L.

k'lHW (aw “ap — Kigla,;) : ‘ 49
rl_(1+Hwaw+HAaA+HEaE)" ( ‘ )

katls (04-0r ~ 7i508) 4.10
TQ_(1+HWaW+HAaA+HEaE)m ( ’ )




220 CHAPTER 4. THE MECHANISM AND KINETICS OF DIPE SYNTHESIS

ks H2 (aﬁ - ﬁaan)
T3 = = 5o (4.11)
(1+ Hwaw + Haas + Hgag)

If one fixes the number of active sites (i.e. n and m) involved in the reactions, then
this model contains 6 parameters: the three reaction rate constants (ki, k2 and k3) and
the three adsorption constants (Hy, H4 and Hg). If the number of active sites involved

in the reactions is not fixed, then the number of parameters increases to eight.

4.2.3 The “changing-mechanism” model

One of the shortcomings of the above two models is that they assume a fixed reaction
mechanism, i.e. they assume a constant number of active sites take part in the reac-
tion(s) regardless of the composition of the reaction medium. However, as discussed in
Section 4.1, the catalyst mechanism changes and the catalytic activity increases as the
overall ratio of apolar (propylene and DIPE) to polar (water and IPA) species increases.
To account for this change in mechanism an additional model, based on the pseudo-
homogeneous mpdel, was developed where the value of the rate constant depénds“on the
ratio of the polar to apolar species in the reaction medium. The additional empiﬁcal
term, exp (km - (zp + zg)), simulates the increase in catalytic activity due to the mecha-
nism changing from Type I to Type II. As the concentration of propylene and DIPE in the

liquid phase increases, the rate constants increase continuously, i.e. the magnitude of the

rate constant increases as the ratio of apolar polar species in the liquid phase increases.

In terms of the pseudo-homogeneous model, this additional term may almost be viewed
as an autocatalytic step. As the reaction products (IPA or DIPE) are produced, the ratio
of apolar species increases. In the case of propylene hydration, the produétion of IPA
solubilises additional propylene which raises the liquid phase propylene concentration and
thus the catalyst phase propylene concentration. This increases the reaction rate. In

the case of the etherification reactions, the production of DIPE (being an apolar species)
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also increases the reaction rate.

“In this case the rate equations, in terms of four adjustable parameters, for propylene

hydration, IPA alkylation and bimolecular IPA dehydration are (see Appendix L for the

derivation)
1
i = by exp b (20 +28)) (a0 = aA) (112)
a,l
1 .
T = ko - €xp (km - (zp + zE)) (ap “ay — % aE> (4.13)
a,2
9 1
r3 = k3 - exp (kn, - (zp + zg)) | a} — 7 3aE - aw (4.14)

- 4.2.4 Evaluation of the kirietic models

Four different kinetic models were evaluated. These were the 'pseudo-homogeneous model,
the Eley-Rideal model with a fixed number of acid sites involved in each mechanism, the
Eley-Rideal model with an adjustable number of acid sites involved in each mechanism and
the “changing-mechanism” model. The number of parameters which could be adjusted
in each model was 3, 6, 8 and 4 respectively. The kinetic models were fit to the two
experimental contact time series performed at 120°C and 50 bar with overall propylene
to water ratios of 2:1 and 1:1 (see Figures 3.40 and 3.41 for the two sets of experimental
data). These two sets of experimental data had different initial feeds, and thus different

reaction conditions.

The system of four differential equations, i.e. Eq.’s 4.2 to 4.5, was solved using the
ODEPACK algorithm [168] for solving systems of linear ordinary differential equations.
The simplex optimisation method of Nelder and Mead [74] was used to determine the

best-fit set of kinetic parameters. The objective function was the sum of squared relative
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residuals (SSRR) based on species molar flows, i.e.

'2
SSRR= ¥ (w) (4.15)

all data points exD;

The best-ﬁt. set of parameters for each of the four models and the sum of relative
square residuals of the best-fit set of parameters are shown in Table 4.1. The model
fits to both sets of experimental data are shown graphically in Figures 4.7 and 4.8 for
the pseud&homogeneous model; in Figures 4.9 and 4.10 for the Eley-Rideal model vﬁth
a fixed number of active centres involved in the mechanisms, in Figures 4.11 and 4.12 for
the Eley-Rideal model with a variable number of active centres involved in the reaction

and in Figures 4.13 and 4.14 for the changing-mechanism model.

The eight parameter Eley-Rideal model contains two parameters which determine the
number of active sites water, n, and IPA, m, are adsorbed to. Fitting the eight parameter
model to the experimental data gave values for n and m of 1.1 and 2.2 respectively. This
was in agree.ment with the order of dependence on acid site density observed in Section
3.3.4, though n and m are empirical parameters and any agreement is most likely just
coincidental. Since the number of acid sites a molecule adsorbs to in Langmuir-type
adsorption must be integer, this model was then re-fit with the values of n and m fixed as
one and two respectively, i.e. water adsorbs to a single active site and IPA to two active

sites. This reduced the number of adjustable parameters in the model to six.

When fitting the “changing-mechanism” model to the experimental data, the magni-
tudévvof the rate constant for the IPA alkylation reaction tended to zero. No deterioration
in the quality of the model fit occurred if only the rate constants for propylene hydration
and bimolecular dehydration of IPA in addition to the empirical mechaﬁiéti;: pz;émeter
were fit, i.e. k;, ko and k.. The number of parameters in this model could thus be

reduced from four to three.

In view of the fact that it had the most parameters, it is not surprising that the
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Figure 4.7: Pseudo-homogeneous model fit to the experimental contact time series per-
formed at 120°C and 50 bar with an overall propylene to water ratio of 1:1,
starting from a pure IPA feed. The solid lines are the model predictions,

the points are the experimental data.
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Figure 4.8: Pseudo-homogeneous model fit to the experimental contact time series pér—
formed at 120°C and 50 bar with an overall propylene to water ratio of 2:1,
starting from a feed of propylene and water. The solid lines are the model

predictions, the points are the experimental data.
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Figure 4.9: Eley-Rideal model with a fixed number of active sites involved in the reaction
mechanism fit to the experimental contact time series performed at 120°C
and 50 bar with an overall propylene to water ratio of 1:1, starting from a
pure IPA feed. The solid lines are the model predictions, the points are the
experimental data. '
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Figure 4.10: Eley-Rideal model with a fixed number of active sites involved in the re-
action mechanism fit to the experimental contact time series performed at
120°C and 50 bar with an overall propylene to water ratio of 2:1, start-
ing from a feed of propylene and water. The solid lines are the model
predictions, the points are the experimental data.
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Eley-Rideal model with a variable number of active sites involved in the
reaction mechanism fit to the experimental contact time series performed
at 120°C and 50 bar with an overall propylene to water ratio of 1:1, starting
from a pure IPA feed. The solid lines are the model predictions, the points
are the experimental data.
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Eley-Rideal model with a variable number of active sites involved in the
reaction mechanism fit to the experimental contact time series performed
at 120°C and 50 bar with an overall propylene to water ratio of 2:1, start-
ing from a feed of propylene and water. The solid lines are the model
predictions, the points are the experimental data.
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“Changing-mechanism” model fit to the experimental contact time series
performed at 120°C and 50 bar with an overall propylene to water ratio
of 1.1, starting from a pure IPA feed. The solid lines are the model
predictions, the points are the experimental data.
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“Changing-mechanism” model fit to the experimental contact time series
performed at 120°C and 50 bar with an overall propylene to water ratio of
2:1, starting from a feed of propylene and water. The solid lines are the
model predictions, the points are the experimental data.
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Table 4.1: Best-fit values of the parameters used in the four kinetic models. P-H -
pseudo-homogeneous model, E-R (6) - 6 constant Eley-Rideal model, E-R
(8) - 8 constant Eley-Rideal model and M - empirical changing mechanism
model '
Kinetic models

Parameters P-H = E-R (6) E-R (8) M

Rate constants, molg_,;s™*

k 21-10% 43.107®% 7.1-107% 1.8-10°®
ks 8.8-107% 1.8-107% 2.5.107° ~ 0
ks 81-10"% 20.10* 3.5-107* 5.1.10°8
Henry constants

Hy, - 46 47 e
Hy - 2.4 3.9 -
Hg - 0.020 0.016 -
Number of active sites

n e 1 11 -
m - 2 2.2 -
Empirical mechanistic parameter |
km - - - 3.0
Sum of squared relative residuals

SSRR 138 89 55 61

kinetic model which gave the best fit to the experimental data on the basis of the sum
of squared relative residuals was the Eley-Rideal model with eight parameters (SSER =
55). Interestingly, the next best was the three parameter “changing-mechanism” model
(SSRR = 61) followed by the six parameter Eley-Rideal model (SSRR = 89) and the
pseudo-homogeneous model (SSRR = 138). |

The Henry adsorption equilibrium constants determined from the Eley-Rideal kinetic
models have no quantitative connection with the actual Henry constants of adsorption.
The best-fit Henry constants are merely an indication of the strength of adsorption of the

various species. Nevertheless, the order of the Henry constants is exactly in the order one
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would expect. Water, fhe most polar molecule has the greatest constant of adsorption
in both the six parameter and the eight parametef Eley-Rideal models. IPA, being less
polar than water, has a Henry constant an order of magnitude smaller than that for water
but still more than two orders of magnitude larger than the Henry constant for apolar
DIPE. As presumed previously (Section 3.3.5) this indicates that water and IPA are
strongly adsorbed on the active sites whilst DIPE is weakly adsorbed.

One of the shortcomings of the Eley-Rideal model as well as the pseudo-homogeneous
model is that they assume a constant reaction mechanism for the entirety of the experi-
mental data. As was shown in Section 4.1, however, the mechanism changes as thg ratio
of apolar to polar species within the reaction medium changes. The dominant réaction
mechanisms in the experimental series starting from a pure IPA feed are most likely Type
I mechanisms, as the ratio of apolar to polar species was always below 1 : 4. In the exper-
imental series starting from a feed of propylene and water, the reaction mechanisms were
initially Type I as the liquid phase consisted almost entirely of water. From a 1/WHSV
of 1.8 h onwards, however, the dominant mechanisms became Type II mechanisms as the
ratio of apolar to polar species exceeded 1 : 3 (see Section 3.3.3.4). The number of sites
involved in the reaction as well as the rate of reaction will be affected by this change in
mechanism. - Consequently, neither the pseudo-homogeneous model nor the Eley-Rideal
model was able to qualitatively represent the entire set of experimental data as accurately

as the empirical “changing-mechanism” model.

None of the models was able to accurately reproduce the experimental data of the
IPA 'de'composition series performed at 120°C and 50bar. Every model predicted a
greater initial DIPE formation rate and a lower initial propylene formation rate than was
obtained from experiment. Consequently, the peak in the propylene mole fraction was not
reproduced by any model. In contrast to expectations, the two Eley-Rideal models, while
still failing to reproduce the propylene data accurately, came the closest to describing the

initial region of the this set of experimental data accurately. This indicated that species
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adsorption behaviour may have been influencing the reaction rate to some degree even

though a Type I mechanism was prevailing.

The only model that appeared to be able to qualitatively reproduce the set of exper-
imental data starting from a propylene and water feed was the “changing-mechanism”
model. Every other model considerably over-predicted the initial rate of DIPE formation
(whether from IPA alkylation or bimolecular IPA dehydration). Even so, the “changing-
mechanism” model still predicted an initial rate of IPA formation greater than the exper-

imentally observed rate.

The initial rates of propylene hydration and etherification as a function of system pres-
sure and feed ratio as predicted by “changing-mechanism” model compared to experiment

are shown in Figures 4.15 to 4.18.

As mentioned above, the rate of IPA formation was over-predicted by the “changing-
mechanism” model. However, it predicts the identical, near-straight line behaviour as was
observed experimentally {Section 3.3.3.2). For etherification the reaction rate was once
again over-predicted. However, qualitatively it reproduces the shape of the experimental
data. At low pressures (below 30 bar) where the propylene concentration in IPA is low,
the reaction takes place via a slow Type I mechanism. Any increase in reaction rate is
due only to an increase in the activity of propylene with pressure. As pressure increases,
the propylene concentration in IPA increases and the mechanism changes from a Type I to
the more catalytically active Type II (between 30 bar and 45 bar). Above 45 bar the model
predicts a flattening-off of the reaction rate, as the mechanism has already changed and
any further increase in reaction rate, once again, is due solely to the increasing activity of
propylene. The behaviour of the last portion was not observed experimentally, but this
may be due to the fact that experiments were not carried out at sufficiently high pressures

to observe the effect.

The “changing-mechanism” model predicts the same trends in reaction rate with
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Figure 4.15: Predictions of the initial rates of propylene hydration using the three pa-
' rameter “changing-mechanism” model with changing pressure. Temper-
ature = 120°C, propylene to water feed ratio = 2:1 and MHSV = 0.05
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Figure 4.16: Predictions of the initial rates of etherification using the three parametef
“changing-mechanism” model with changing pressure. Temperature =
120°C, IPA to propylene feed ratio of 1:1 and MHSV = 0.05 mol- €.} -hr~1.
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changing apolar to polar species feed ratio as were found experimentally (Section 3.3.3.3).
As the ratio of propylene to water increased, no change in the propylene hydration rate
was predicted as the activities of propylene and water remained constant. Obviously,
oligomer formation (as observed experimentally at high ratios) was not predicted by the
model as this reaction was not considered in the kinetic formulation. As the ratio of
propylene to IPA increased, it was observed experimentally that the reaction rate ini-
tially increased and then flattened off, once the concentration of propylene in IPA had
reached the saturation level at the system conditions (see Section 3.3.3.3). The identical

behaviour was predicted by the model.
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Figure 4.17: Predictions of the initial rates of propylene hydration using the three pa-
rameter “changing-mechanism” model with changing propylene to water
molar ratio. Temperature = 120°C, pressure = 50 bar and MHSV = 0.05
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Figure 4.18: Predictions of the initial rates of etherification using the three parameter
“changing-mechanism” model with changing propylene to IPA molar ratio.
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Chapter 5

Conclusions

DIPE can be produced in a single step from a feed of propylene and water over Amberlyst
15 sulphonic acid ion exchange resin catalyst. It was produced in a trickle bec_i reactor
at pressures between 1 bar and 60 bar, at temperatures between 70°C and 160°C and at
overall propylene to water ratios between 1 : 5 and 10 : 1. Reaction proceeded in the liquid
phase in the catalyst particles. The only reactions that occgrred in the system were the
hydration of propylene to form IPA, the alkylation of IPA with propylene to form DIPE
and the bimolecular dehydration of IPA to form DIPE and water. No side reactions such
as propylene oligomerisation occurred. Starting from a feed of propylene and water the
prirnla,ry reaction product was IPA. IPA was subsequently consumed in two secondary
reactions which produced DIPE. DIPE was produced either by the alkylation of IPA
with propylene or by the bimolecular dehydration of IPA. |

The reactions to produce IPA and DIPE over Amberlyst 15 catalytic ion exchange resin
proceed via two different mechanistic routes. The ratio of apolar to polar species and the
overall species concentration in the reaction medium determine which reaction mechanism
dominates. At low ratios of apolar to polar species, a so-called Type I mechanism is
dominant. According to this mechanism, a number of polar molecules cluster around a

single active site (a sulphonic acid functional group). The proton from the sulphonic acid

233



234 CHAPTER 5. CONCLUSIONS

site is solvated within this cluster of polar molecules and reaction proceeds similarly to
homogeneous catalysis. For propylene hydration, this means that the proton combines
with solution-phase propylene to form a secondary carbocation. This carbocation then
reacts with one of the water molecules within the cluster to form IPA. In IPA alkylation,
the proton, solvated by a cluster of IPA molecules (and presumably water, if also present),
likewise reacts with solution phase propylene to form the carbocation intermediate. This
then reacts further, with one of the adsorbed IPA molecules, to form DIPE. In the case
of the bimolecular dehydration of IPA, the proton attaches to an IPA molecule. The
isopropyl carbocation then reacts with another IPA molecule {whether from solution or

similarly adsorbed) to form DIPE and water.

The threshold ratio, above which so-called Type II mechanisms prevail, lies at apolar
to polar species ratios of approximately 1:2. In the Type II mechanism the clusters of
polar molecules around single active sites from Type I mechanisms are disrupted by the
increased concentration of apolar molecules (be they propylene or DIPE). Single polar
molecules hydrogen-bond with multiple active sites and reaction proceeds between these
adsorbed species and other solution phase molecules. Adsorbed water reacts with solution
phase propylene to form IPA; adsorbed IPA reacts with solution phase propyleneto form
DIPE and adsorbed IPA reacts with solution phase IPA to form DIPE and water. As polar
species hydrogen bond with multiple active sites in Type II mechanisms, the intermediate
species are stabilised relgtive to the intermediates that occur in Type I mechanisms which
results in higher concentrations of these species. This causes increased reaction rates
of propylene hydration, [PA alkylatioﬁ and bimolecul_a;r IPA dehydration. For greatest
catalytic activity in the DIPE system, one should thus attempt to operate in a Type II

-mechanistic regime.

The polar species adsorb onto the active sites far more strongly than the apolar species.
Regardless of the type of mechanism, so long as there are sufficient polar species to

saturate the active sites, practically all apolar species will be displaced from the active
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sites. Any reactions which take place between apolar species only, are thus severely
inhibited by competitive adsorption. Consequently. only reactions involving adsorbed
polar species take place and side reactions such as propylene oligomerisation do not occur

to any significant extent.

The DIPE system contains highly polar water and IPA components together with
apolar DIPE and apolar propylene under supercritical conditions. The Peng-Robinson-
Stryjek-Vera [41, 42] equation of state in conjunction with the Wong-Sandler [40, 43]
mixing rule accurately correlates the thermodynamic behaviour of this highly nonideal
mixture. The binary interaction parameters used in the mixing rule were regressed from
binary vapour-liquid equilibrium data found in literature. ~Where no binary mixture
data was found, “pseudo—experimenta ” vapour-liquid equilibrium data were generated
using the UNIFAC predictive activity coeflicient model together with the Peng-Robinson-
Stryjek-Vera equation of state. The accuracy of this model was corroborated by a com-
parison of the predicted chemical equilibrium compositions under non-ideal conditions
with experimental chemical equilibrium compositions at the same conditions. This model
(the WS-PRSV model) allows the calculation of the chemical equilibrium composition,
the enthalpies of reaction and the calculation of species activity in the DIPE system under

both ideal and highly non-ideal conditions.

In contrast to the production of the other octane enhancing ethers, e.g. MTBE and
TAME, low temperature (£60°C) synthesis of DIPE is not practical as reactions pro-
ceed via secondary carbocaition rather than tertiary carbocation intérmediates. Since
tertiary carbocations are more stable than secondary carbocationé, the reactions to pro-
duce MTBE and TAME take place approximately three orders of magnitude more rapidly
than the reaction rates in DIPE synthééis. .Exactly as for the other octane enhancing
ethers, DIPE synthesis is thermodynamically limited and the proper tailoring of process
parameters to obtain the greatest rate of DIPE synthesis, yet still obtain a high yield is

of crucial importance, especially if DIPE is to compete economically.
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The most obvious method to overcome this kinetic constraint is to operate at. tem-
peratures greater than those in MTBE or TAME synthesis. Unfortunately. whilsf high
temperature operation may favour DIPE production from a kinetic viewpoint, chemical
equilibrium favours DIPE formation at low temperature. Furthermore, the maxunum
operating temperature is limited by the ion exchange resin catalyst which begins to de-
activate by thermal decomposition at temperatures greater than 120°C. The extent to

which kinetics can be enhanced by operating at higher temperatures is thus limited.

Alternatively, DIPE can be synthesised at elevated pressure. This is beneficial as
chemical equilibrium favours DIPE at high pressure and increased pressure increases the
formation rates of both IPA and DIPE. Unlike the synthesis of the other octane enhanc-
ing ethers which takes place below the critical temperature of the primary olefin, DIPE
synthesis takes place above the critical temperature of propylene. Any increase in operat-
ing pressure will increase the activity of propylene and will thus increase reaction rates.
Furthermore, as the system consists of a mostly polar liquid phase in phase equilibrium
with a vapoﬁr phase composed mainly of supercritical propylene, an increase in pressure
will also increase the concentration of propylene in the liquid phase. This increases the
concentration of apolar species in the liquid phase and may lead to the transition from

the less active Type I mechanism to the more active Type II mechanism.

Changing the overall propylene to water feed ratio has no effect on the reaction ratés
of IPA or DIPE nor on the catalyst selectivity. Only at ratios of propylene to water or
propylene to IPA above 10:1 does oligomer formation become noticeable as the system
is no' longer at phase equilibrium due to poor feed distribution. However, the greatest
yield of DIPE .relative to the total number of moles in the system can be obtained at the
stoichiometric ratio for DIPE formation, i.e. at a propyiehe: tomw.ater ratio of 2:1. At
low ratios of propylene to water, the formation of IPA is favoured above the formation
of DIPE due to chemical equilibrium constraints. At high ratios of propylene to water,

DIPE may be the thermodynamically favoured product, but relative to the total number
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of moles fed to the systém the yield is very low. For the most efficient use of reactor
volume, DIPE synthesis should thus be carried out at an overall propylene to water mole

ratioof 2 : 1.

The catalyst used for the majority of the experimental work in this study was Am-
berlyst 15. It showed no loss of activity over a period of three months on-line at a
temperature of 120°C. The same lifetime behaviour can be expected for Amberlyst 35
and Amberlyst 36 as they are almost identical in structure, differing only in acid site
density and in the extent of cross-linking. The deactivation behaviour of zeolite H-Y
and Deloxan ASP is not known. It is thus difficult to compare catalysts on the basis
of lifetime or selectivity. Amberlyst 15, though, displayed the greatest activity per unit
volume of catalyst bed under “process” conditions. Any process design utilising this resin
would thus result’in the most economical reactor design. Amberlyst 35 and Amberlyst
36 are reported to be more thermally stable [134, 135] than Amberlyst 15. The lifetime
of these catalysts may thus extend beyond that of Amberlyst 15 and, consequently, even
though the initial reactor costs may be greatef due to their lower activity, the catalyst
replacement costs may be lower. No side reactions were observed on any of the tested

catalysts.

The three parameter “changing-mechanism” model can be used to describe the kinetics
of the system. It is an empirical model based on the pseudo-homogeneous kinetic model,
which incorporates an empirical term that changes the magnitude of the kinetic rate
constant of each reaction to account for changes in the reaction mechanism from a Type I
to a‘Type I1, as the ratio of apolar to polar species changes. Even though it consistently
overpredicts the initial reaction rates of all reactions by between 10% and 20%, this model
was shown to qualitatively reproduce the behaviour of the DIPE system in response to

changes in the operating pressure or the overall apolar to polar species mole ratio.

DIPE is a symmetric dialkyl ether. It can thus be produced simply from the primary

olefin and water. This gives one increased flexibility in the choice of process technology in
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comparison to the synthesis of the other octane enhancing ethers. It can be synthesised
ina sirigle step from 2 feed of propylene and water, in a two stage process where IPA is
produced in the first reactor and DIPE in the second reactor, or, as in MTBE synthesis,
it may be produced by catalytic distillation. For catalytic distillation to be implemented

for DIPE synthesis, the reaction would have to fulfil certain criteria [17]:

Distillation must be a practical method of separating the reagents and products.

The reaction cannot be overly exothermic.
e A viable catalyst with a long lifetime must be available for the reaction.

The reaction(s) must take place at a temperature equivalent to the boiling point of

the liquid at the operating pressure of the distillation column.

DIPE synthesis directly from propylene and water fulfils the first three criteria, but
fails to meet the last. For any practical DIPE procéss, operating pressures would have
to be considerably greater than the boiling point of the liquid-in the catalytic distillation
column to overcome the kinetic limitations. For DIPE to be synthesised ':iire:ctiT},ﬁr from
propylene and water in a catalytic distillation column at lower pressure, a signiﬁcantly
more active catalyst than Amberlyst 15 would need to be found. If IPA were first produced
in a fixed bed reactor, however, reaction pressures in the catalytic distillation column
could be decreased significantly as the rate of the primary propylene hydration reaction
is no longer of importance. In this case, catalytic distillation may prove to be a viable
reactor technology. Ultimately, though, the choice of reactor technology, whether one-
stage, two-stage or hydration followed by catalytic distillation will be answered by process

econoImics.




Appendix A

Pure component properties

Pure component properties were obtained from Daubert and Danner [62], Stryjek and
Vera [42], Coulson et al. [63], Reid et al. [44], Stull et al. [65], Sandler [45] and Perry
and Green [64].

A.1 Pure component properties that were used in
this study - from Daubert and Danner, Stryjek
and Vera and Coulson et al.

Table A.1: Pure component structure, molar mass, liquid density and PRSV equation
of state factor : :

Compound Structural formula M po# K}

| B
Water HOH 18.0152 998 ~0.06635
Propylene ~ CH,CHCH; 42.0804 612  0.04400
IPA CH3;CHOHCH; 60.0956 786 0.23264
DIPE .  CH,CH(CH;)OCH(CH;)CH; 102.1760 724  0.03751

# water, IPA and DIPE measured at 20°C, propylene at -50°C
* from Stryjek and Vera [42]
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Table A.2: Pure component critical properties

Compound T. P, V.

K] [bar] Tt
Water 647.13 +02% 220.550 +0.2% 0.056 =+0.2%
Propylene 364.76 1% 46.126 +1%  0.181 =+5%
IPA 508.31 +1% 47.643 +3% 0.220 +5%
DIPE 500.05 +1% 28776 +3%  0.386 +5%

Table A.3: Pure component accentric factor, normal boiling point, standard Gibbs free a
energy and standard enthalpy of formation

Compound w Top AG;’IG AH;’I G

K] (2] (o]
Water 0.3449 373.15 —228.59 4+0.2% -—-241.81 +0.2%
Propylene =~ 0.1424 22543 62.14 +3% 19.71 +£5%
IPA 0.6689 355.41 —173.39 +0.2% -272.42 +1%
DIPE 0.3383 34145 -119.24 =+5% -318.99 +3%

Table A.4: Pure component ideal gas heat capacity parameters

Compound Ideal gas heat capacity parameters®

, - Cpa~ Cpp Cpc Cpp Cpe
Water 3.3363 - 10 2.679-10* 26105-10° 8.896-10%  1.169-10°
Propylene 4.13-10* 1525-10° 1.352-10° 7.44-10% 5.78 - 102
IPA 4746-10° 1.935-10° 1.124-10° 9.38-10° 4.6-10°
DIPE 1.151-10° 2.144-10° —7.066-10° 1.86-10° —2.031-103

cre 12 crp 2
‘CP[?E;'IT-—K'] =Cpa+ Cpp [—n*h'%_;z:] + Cpp {“l_r_;ﬂ—] , TinK

81

cosh
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A.2 Vapour pressure correlation parameters

Table A.5: Antoine vapour pressure correlation parameters from Coulson et al.

Compound Parameters* Limits [°C]

A B C Ton Toex
Water 18.3036 3816.44 —46.13 11 168
Propylene 15.7027 1807.53 -26.15 ~113 -33
IPA 18.6929 3640.20 -53.54 0 111
DIPE 16.3417 2895.73 —43.15 —24 91

*PyoplmmHg] = exp (A — ?LE—C—)

Table A.6: Wagner vapour pressure correlation parameters from Reid et al.

Compound Parameters* Limits [°C]

A B C D Tmin Tmax
Water —7.76451 145828 —2.77580 —1.23303 2 T.
Propylene —6.64231 1.21857 -1.81005 -—2.48212 -133 T,
IPA —-8.16927 —0.094321 -8.10040 7.85000 ~23 T,
DIPE ~7.62613 1.29308 -—2.90101 —6.14467 24 T,

1.5 3 6
*P'ua.p — Pc exp (a‘r+b~r T+,_CT +dr ) T = 1 - Tr
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A.3 Pure component properfies from Sandler and
Perry and Green

Table A.7: Standard Gibbs free energies and enthalpies of formation and heat capacity

parameters
Compound AG;’IG AH;'IG Heat capacity parameters*
[22] [Ti—i] | Cpa Cps Cpc Cpp
Water ; —228.75 —241.99 32238 1.923-10%  1.055-10~° —3.595 107°
Propylene 62.65 2043 3.153 2.383-10"!  1.218.10~*  2.462.10°%
IPA -159.94 -261.30 3.323 3.560-10"! -2.100-10"*  4.840-10°®

*Cpl=J%]=Cpa+Cps-T+Cpc-T?*+Cpp-T?, TinK
mol- K :

A.4 Pure Component Properties from Coulson et al.

Table A.8: Critical constants, standard Gibbs energies and enthalpies of formation
Compound T, P, V, AG‘}'IG AH}”I ¢

(K] Per] [Z] (2] (o]
Water .~ 647.3 2205 0.056 -—228.77 —242.00
Propylene  365.0 46.2 0.181 62.76  20.43
IPA 508.3 47.6 0220 -173.50 -—272.60

DIPE - 5000 288 0.38 -—121.96 -319.03
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Table A.9: Pure component‘ideal gas heat capacity parameters

Compound Ideal gas heat capacity parameters*

Cpa Cps Cpc Cpp
Water 32.243 1.923-1073 1.055-107% —3.596 - 10~°
Propylene . 3.710 2.345-10"' -1.160-10"*%  2204-1078
Isopropanol 32.427 1.886-10"1  6.405-107° —-9.261-10"%

Diisopropyl Ether  7.503 5.849-10"! -3.026-1074 5.844 - 1078

*Cpl—J=] = Cpa+Cpp-T +Cpc-T*+Cpp - T°, TinK

A.5 Pure component properties from Stull et al.

Table A.10: Pure component Gibbs free energies of formation at different temperatures

Compound Standard Gibbs free energy of formation, £
Temperature, X 298 300 400 500 600 700
Water ~54.64 —-5462 -53.52 -52.36 -51.16 —49.91
Propylene 14.99 1505 18.62 2245 2646  30.60
IPA —41.49 -41.34 -33.17 -24.66 -1594 -T7.07

DIPE -29.13 -28.84 -12.65 -—4.10 21.23  38.61
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Appendix B

General solution for the fugacity
coefficient

B.1 Derivation of general solution

To obtain the general solution of In ¢,, regardless of mixing rule, for Peng-Robinson type

equations of state, one must solve

1 V=% [ RT oP ..
A.m,.=-—/ -?—-N-(—) dV —1nZ B.1
¢ =& oo % ON:/ 1w, (B.1).
where
RT a

P=f(T,V,a,b) = - (B.2)

and T, N;, Z,a = f(T, N;} and b = f(N,)} are constant.
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Now, differentiating P with respect to NV; gives

(ap) .~ _ __RT (m?) _(g) ]_
ON; T,V Ny (17"!’3)2 ON; TV Ny ON; TV Ny

da _
_ V
2V(a ) +
3 i T,‘?,Nj;e;

(W>T,?,Njgi . - a
o (_55’_) +2b (8—V) -
dN; TV N } dN; TV N

=2

V2LV — 82 (724 27 — 12)°

ob
2 ( ) | (B3)
aNi T,‘?,Nj#,;}
Let
da : ;
TE 4
da ONiT¥ N, u (B4)
and
b
db = B.5
ON;iT v Njgi ;( )
Also
I 7 14 y
V = = e B.6
Now - SN, (B:6)
thus
617) ~ 1% -
e = = Y (B.7)
(6N‘ T,\:’,Nj#g (Z Ni)2 ‘

when flows are normalised, i.e. Y N; = Ny = 1. Also, da and db are constant since T and

N; are constant.Then, considering only the integral part of Equation B.1 and expanding,

V=2t V=co
[ (B e [ (E) Hlw
Voo i T,V,Nj;gf "7:2_;2_7' i Ta‘_/ij;és‘ V
_ f"’“" RT(-V — db) da N
= Joezm T (V=B T VErB -
o oo -
2aVdb — 2aV* — 2abV — 2abdb B Ii’;T i (58)

(V2 + 267 — b2)* 12
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where the denominator in all terms is always greater than 0 between lﬁ——T and oc since

V > b> 0 thus V2 - #* > 0 and also 2bV > 0. Now, we have 4 distinct integrals in dV'to

solve:

V=62

2. f(v2+2bv b2)dV’

3 f 2a[V (b~ ab)+bab
v2+2bv b?)

4. [ELdV

These were solved with the aid of integration tables [169], to give for each of the four

above integrals

RT((V)+8b RT(V+8b
1 [ (ﬁﬁ B2 4V = RT In(V — b) — 2022

dv =

V+(1+v2)b
2. f(v2+2bv 52y ]

2\/'1; 1 l:V-;-(x—ﬂ)t;

_2a|V(b- —~b)+b3b] 2 )ln [;:8:»2:] + b-z@b (?‘713 — PV)

V2 +26V — b2

4. [BL4V = RTWV

This gives for In ¢;
1 V=0
Ing; = 2= [(1) = (2) + (3) — ()yZZar ~InZ (B9)

Which, when simplified, gives

b+ 0b bP a
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B.2 Verification of general solution
B.2.1 Pure components

For pure components da = 0b = 0, thus

ln¢1-=(Z——1)—1n<Z bP) -

_bPy B.11
RT) ™ 2vabRT (B-11)

V+(1+v2)b
V+(1-\/§)b}

which is the standard form for In ¢; for pure components using the Peng-Robinson equation

of state

B.2.2 Simple quadratic mixing rule

Using the simple quadratic mixing rule given by Sandler [45]

a = Z Z TiT 45 and b= Z biz; (B.12)
i g i

which when differentiated gives

da |
Oa = ( ) =2 z;a; —2a (B.13
ON; TV, Nju Z 7 )
0b
ob = ( ) =b;, — b (B.14
ON; TV . Njui )

This, substituted into Eq B.11 gives

b, bP a
ng,=2(Z-1)-n{z-22)_ In|=
ngi=(Z-1) n( RT) "2VERT

Once again, this is the same form as given in Sandler [45].




Appéndix C

Vapour-liquid equilibrium mixing
parameters

C.1 UNIFAC predictive activity coefficient model pa-
‘rameters |

Table C.l_: UNIFAC functional group interaction parameters a,,, [K]

Amn K]

H,0 -CH; -CH -CH=CH, -OH -CHO-
H,0 0.00 300.00 300.00  496.10 -229.10 540.50
-CH, 131800 - 0.00  0.00 86.02 986.50 251.50
-CH 1318.00  0.00  0.00 86.02 986.50 251.50
.CH=CH, 270.60 -35.36 -35.36 000 524.10 214.50
-OH -150.00 156.40 156.40 457.00 0.00 28.06
-CHO- -314.70 83.36 83.36 26.51 237.70  0.00
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 Table C.2: Stoichiometric number of functional groups in each component

Component Number of Functional Groups, ?,f,(:)

H,0 -CH; -CH -CH=CH, -OH -CHO-
Water 1 - - - - -
Propylene - 1 - 1 - -
Isopropanol -2 1 - 1 -
Diisopropyl Ether - 4 1 - - 1

Table C.3: UNIFAC functional groups specifications
Functional Group R; Q:

H,0 0.9200 1.4000
-CHj 0.9011 0.8480
-CH 0.4469 0.2280
-CH=CHj 1.3454  1.1760
-OH | 1.0000 1.2000
-CHO- 0.6908 0.4680

C.2 Wyczesany binary mixing rule parameters

Table C.4: Mixing Parameters for the Wyczesany-Stryjek-Vera mixing rule

Binary Mixture Binary Interaction Parameters [39]
(89 I 6)] (1 (2)
, kij kij ki kji
Water - Propylene 0.4192 -190.5 -0.4337 2434
Water - Isopropanol -0.07513 -36.72 0.2291 -128.7

Propylene - Isopropanol ~ 0.1552 -37.52 0.1630 - -39.60
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C.3 Regressed Wong-Sandler binary mixing rule pa-
rameters '

Table C.5: Regressed mixing rule parameters for the Wong-Sandler mixing rule

Binary Mixture Binary Interaction Parameters
Tij T ji o ki
Water - Propylene 4.6318 6.1483 0.3941  0.5823
Water - Isopropanol 1.4629 1.3404 0.6024 0.0462
Water - Diisopropyl Ether - 3.6547 4.6947 0.7848  0.8488
Propylene - Isopropanol 0.7197 0.2798 0.1559  0.1404

Propylene - Diisopropyl Ether ~ -0.1329 -0.2996 0.0041  0.1428
Isopropanol - Diisopropyl Ether -0.1537 2.0058 1.3750  0.4069
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Appendix D

The general solution for chemical
equilibrium

The general solution for the chemical reaction equilibrium constant Ka, at temperature
T given the chemical reaction equilibrium constant Ka, at temperature 7 is given by

the equation'

Ka(TZ) AH:xn(T)
In 22 —/W—d’l‘ (D.1)
Ty

where the enthalpy of reaction, AH?,,(T), can be shown to equal

T
AH;(T) = AH,,(T = 25°C )+ v / Cp(T")dT" (D.2)
t r=2s50C

__Pure component heat capacities are related to temperature in a variety of empirical
forms. Depending on the form of the correlation, the solution to the integral in the above

equation varies.

If Cp is given by the form of Coulson et al. [63] or Sandler [45],

253
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Cp= A+ BT +CT?+ DT?

(D.3)
then,
AH? (T) = AHfm ) + Z Vi/ {A+BT +CT*+DT*}dT" ~ (D.4)
which can be solyed to give
A = g+ G- T+ G T+ (3 T - (09

T —Th o AB AC AD,_,
+RT1T2 { AH?(T) + AAT) + 5 ——T%+ 3 T + 3 T3

If the temperature dependency of the heat capacity is given by the empirical form of
Daubert and Danner [62], \

2 2
Cp=A+B ﬁ@} +D ﬁ(iw (D.6)
then
_ . ) 2y
AHS, (T) = AH®, ( T1)+Zui/{A+B m} +D ﬁh(%) }dT’
| ton T (D.7)

and one can then solve for the chemical equilibrium at 7T} such that

ana,z(Tz) _ {Tz T

o E C
K..(Ty) | ROWT, B (Ti) + Z A (DEfanh T, BC cofhi— - ATl) }
xv , .
Alnze = Bln | === | + D1 : D8
- R { i " sinhTQ1 TP cosh £ (D8)



Appenaix E

DIPE system composition at
equilibrium

Table E.1: Predicted DIPE yield at chemical and phase equilibrium as a function of
temperature and pressure

Temperature, °C

Press,bar 0 20 40 60 80 100 120 140 160 180 200
1 099 097 094 053 019 004 001 000 000 0.00 0.0

20 0.98 0.97 094 091 086 079 0.71 0.19 007 002 0.01

40 0.98 0.97 094 091 086 079 0.71 0.57 0.14 0.06 0.02

60 0.98 0.96 094 091 086 079 0.7 057 033 0.10 0.04

80 0.98 096 094 0.90 085 078 0.71 0.58 038 0.15 0.05

100 0.98 0.96 0.93 090 085 0.78 070 0.58 040 021 007

120 0.98 0.96 093 090 0.85 0.78 0.70 0.58 0.41 0.24 0.09

140 0.98 0.96 093 090 084 078 0.70 0.58 0.42 026 0.11

160 0.98 095 093 0.89 084 077 070 059 043 027 0.13

180 0.98 0.95 092 0.89 084 077 070 0.59 044 0.29 0.14

T 200 0.97 0.95 092 0.89 083 077 0.70 059 045 030 0.16
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Table E.2: Predicted liquid phase mole fraction in the DIPE system at chemucal and
phase equilibrium as a function of temperature and pressure

Temperature, °C
Press., bar 0 200 40 60 80 100 120 140 160 180 200

1 1.00 1.00 0.98 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
20 1.00 1.00 1.00 1.00 100 100 1.00 0.07 0.00 0.00 0.00
40 1.00 1.00 1.00 100 100 100 1.00 1.00 0.08 0.00 0.00
60 1.00 100 100 1.00 100 1.00 1.00 098 0.78 0.07 0.00
80 1.00 1.00 1.00 100 100 099 099 096 0.72 0.14 0.02
100 1.00 1.060 100 1.00 100 099 098 095 0.74 023 0.03
120 1.00 1.00 1.00 1.00 100 098 097 094 076 0.35 0.01
140 1.00 1.00 1.00 1.00 100 097 096 092 077 043 0.05
160 1.00 1.00 1.00 1.00 1.00 096 095 091 078 049 0.10
180 1.00 1.00 1.00 1.00 1.00 0.94 094 090 079 054 0.16
200 1.00 1.00 1.00 1.00 1.00 092 0.92 0.8 079 0.58 0.22

Table E.3: Predicted DIPE mole fraction at chemical and phase equilibrium as a function
of the propylene to water mole ratio and temperature

Overall propylene:water mole ratio
Temp., °C 1:100 140 1:16 1.6 1.2 1.1 21 61 16:1 40:1 100:1
0 000 000 0.01 002 006 027 066 0.19 007 003 001
20 0.00 0.00 0.01 0.02 0.06 0.29 066 0.19 0.07 003 0.01
40 0.00 0.00 0.01 0.02 0.06 029 066 0.19 0.07 003 0.01
60 0.00 0.00 0.01 0.02 0.06 0.28 0.65 0.19 0.07 003 0.01
80 0.00 0.00 0.0l 002 0.06 027 063 019 0.07 003 0.01
100 0.00 0.00 000 0.02 005 0.25 058 0.19 007 003 0.01
_ 120 0.00 0.00 0.00 0.01 004 0.21 050 0.17 0.06 0.02 0.01
140 0.00 0.00 0.00 0.01 0.03 0.16 038 0.12 0.04 002 0.01
160 0.00 0.00 0.00 0.01 0.03 0.09 009 006 0.03 0.01 0.00
180 0.00 0.00 0.00 0.01 0.01 0.02 003 0.02 001 0.00 0.00
200 0.00 0.00 0.00 0.00 0.00 0.01 O.'Ol 0.01 0.00 0.00 0.00




Appendix F

Catalyst modification and
characterisation

F.1 Pretreatment of ion-exchange resins -

_ 1. Rinsing with benzene. A maximum of 200ml of catalyst was placed in a 1000 ml
beaker. Three bed volumes of benzene were added to the ion-exchange resin and

agitated by a magnetic stirrer for 10 minutes. Excess benzene was poured off.

2. Rinsing with methanol. Three bed volumes of methanol were added whilst stirring
the cataiyst. Excess liquid was again poured off and the cafalyst transferred into
a 1000 mm long, 25 mm diameter glass column. Three bed volumes of methanol

were then used to wash the catalyst free of benzene.

3. Rinsing with deionised water. Three bed volumes of deionised water were passed

4. Exchange with 1 mol/l sulphuric acid (H2S504). A 400% excess of acid was used
relative to the capacity of the catalyst. The exchange was done over 10 minutes,

although the conversion is supposedly complete within 60 seconds [112]. The volume
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of acid was calculated from .

capacity of catalyst [ﬂgﬂ] - dry mass of catalyst [g]

concentration of H,S50, [M]

ml

(F.1)

VH2504 [ml] = § .

5. Washing with deionised water. Deionised water was passed over the catalyst bed
until the effluent from the column was neutral to universal indicator paper. A

futher 3 bed volumes of deionised water were then passed over the catalyst.

6. Drying of catalyst. The catalyst was removed from the column and and placed in
an oven at 120°C for 24 hours to dry. After cooling, it was stored over silica gel in

an air tight container for future use.

F.2 Modification of acid site density

1. An amount of pretreated catalyst was weighed out (£50g), transferred to the glass
column (Section F.1), preswelled with methanol and then washed with deionised

water.
2. The wet catalyst was transferred to a beaker containing 50ml of deionised water.

3. NaOH was added to the beaker to ion-exchange the catalyst. The volume of 1 mol/l
NaOH required to attain the desired catalyst capacity was calculated from

catalyst masslg] - (parent capacity — desired capacity {m—;q} )
VNQOH[ml] = 1mmol

ml

(F.2)

4. The beaker was covered and left standing for four hours to equilibrate. During this

period the beaker was stirred.

5. The catalyst was transferred back to the glass column.
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6. Deionised water was passed over the catalyst bed until the effluent from the column
was neutral to universal indicator paper. A futher 3 bed volumes of deionised water

were then passed over the catalyst.

- 7. The catalyst was removed from the column and placed in an oven at 120°C for 24

hours to dry. After cooling, it was stored over silica gel in an air tight container.

8. A portion of the sample was used to determine the new catalyst capacity.

F.3 Measurement of acid site density

1. About 0.5g of dry catalyst were weighed out into a conical flask containing 25ml of

deionised water

2. 10ml of 1 mol/l NaOH were added to the flask. The flask was stoppered and gently

stirred for four hours.
3. The liquid was filtered off and 25ml of the ﬁltrate.tranSferred to a beaker.

4. The contents of the beaker were then back-titrated with 0.1 mol/l HCI using thy-

molphthalein as an indicator.

5. The catalyst capacity could then be calculated from

1222 10ml 0.1 222 Vo[l
;. [megq 35ml - { Sl et J
catalyst capacity = (F.3)
mass of catalyst[g]

6. Steps 1-5 were repeated 4 times per sample. The capacity of the catalyst was taken
as the mean these four measurements. The average error of measurement was

:{:0.0ﬁm—;q.
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Appendix G
Calculational procedures

'G.1 Adsorption experiments
G.1.1 Calculation procedures

The amount of sorbate adsorbed onto the resin catalyst was calculated from the adsorption
breakthrough curve, see Figure G.1 for an example. Once the curve had been obta,i_ne'd
for the entire run, the average TCD GC bypass response was determined by averaging
over all the initial analyses, i.e.

> (blank response),

average response = — - (G.1)

All the responses were then normalised to the bypass response. The “missing-area”
caused by adsorption was calculated from the normalised response data using the trape-

zoidal integration rule. The total volume adsorbed could then be calculated from

Vadsorbed|[Mil] = Area - Sorbate flow[mﬁilﬁ} (G.2)

and the amount of sorbate adsorbed per catalyst mass from
P-Vagsornea

Capacity = m ' (G.3)
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Figure G.1: Typical example of an adsorption breakthrough curve.
G.1.2 Sample run

An example of an adsorption run done with propylene is shown in Figure G.1 and the

results in Table G.1.

Table G.1: Example of an adsorption run
Run conditions '

Temperature, °C 60
Pressure, kPa 40

He flow, ml/min 30
C3;Hg flow, ml/min 30
Calculations

Average initial response 473946.2 i
Area under normalised curve, min 3.44
Volume adsorbed, ml 103.3

Capacity, mol/gea: 0.00170
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G.2 Reaction experiments

G.2.1 Calculation procedures

The feed flowrates were determined from the mass of reactants fed to the reactor during
the course of the experiment. The product flowrates of the organic compounds were
calculated from the known methane internal standard flowrate, the response factors and

the analysed area ratios obtained from FID GC analysis

Area; - RF; - Migq
Arearsia - RFgeqa - M

The product water flowrate was determined by subtracting the product oxygen contained

Fi = Frsa - (G.4)

in IPA and DIPE from the total oxygen feed flowrates

Fi,00ut = F,0n + Fipain + Fpipg,in ~ Fipaout — FDIPE out - (G.5)

The carbon balance around the reactor was calculated by comparing the flow of carbon

in the product stream to the flow of carbon in the feed stream

carbon out \, (Fprapylene + FIPA +2- FDIPE)praduct

carbon balance = s G.6
carbon in (Fpropylene + Frpa +2 - FDIPE)'feed (G6)
and the conversion of a reactant was calculated from
| F‘, - F ou
conversion = —2— 2% ' (G.7)
F;
whilst the selectivity, e.g. of propylene to DIPE, was defined by
. 2- F in F ou
33[6Ctiv?typropylene—>DlPE _ ( DIPE, DIPE, t) (GS)

Fpropylene,in - Fpropylene,out

The so-called weight hourly space velocity (WHSV) and mole hourly space velocity
(MHSV) were respectively defined by ’

WHSV = feed mass flowrate (G.9)
mass of catalyst
i
MESY = feed molar flowrate (G.10)

mass of catalyst
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G.2.2 Sample run sheet

An example of a typical reaction run done with propylene and water is shown in Figure

G.2 with the results in Table G.2.

Table G.2: Example of a reaction experiment
Run: Sample Run Date: 99 December 1999

Run conditions

System conditions  Equipment setpoints Liquid feed mass fractions

P, bar 50 HP HPLC  0.070 H20,¢g 1.00
T, °C 120 LEWA 8.0 IPA, g 0.00

Catalyst, g 2430 MFC 1 80% DIPE, g 0.00

Propylene feed

Start of run  End of run
Time 8h53 17h41
Propylene mass, kg 5.597 5.213 -

Mass of liquid fed

Reaction time 0 15 30 45 60 75 90 105 120
Liquid mass,g 0.0 1.0 21 31 41 52 62 72 83
Feed rate, g/min - 0067 0070 0069 0.068 0069 0069 0.069 0.069

On-line GC analyses, area%

GC Trace 1 2 3 . 4 5 6 7 8 9

Methane 5.107 4.783 4.781 4.766 5088 5.000 4.963 5.067 4.892

Propylene 89.883 89.788 90.093 89.849 89.398 89.527 89.352 89.197 90.158
| IPA 4.786 5.244 4919 5.163 5.279 5230 5437 5498 4.757

DIPE 0.225 0.184 0.206 0.222 0.235 0.242 0.248 0.238 0.193
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2065
" Calculations
Carbon Balance 97.1 104.2 104.1 1048 977 998.5 1003 98.2 101.6
Conversion, mol%
Propylene 6.8 7.3 6.9 7.3 7.5 7.4 7.7 7.8 6.7
Water 30.0 32.6 30.7 32.2 33.0 32.7 34.0 34.4 29.7
IPA 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0
DIFPE 0.0 0.0 0.0 0.0 0.0 0.0 4.0 0.0 0.0
Selectivity, C% ‘
IPA 96.6 97.5 97.0 96.9 96.8 6.7 96.7 96.9 97.1
DIPE 34 25 30 31 32 33 33 31 29
Averaged calculated results
Average GC r.s.d., area% Caleulations Other
Methane 2.64 Propylene conversion, mol% 7.3 C-balance 100.7
Propylene 0.36 Water conversion, mol% 32.4 WHSV 1.97
IPA 4.91 IPA selectivity, C% 96.9 MHSV 0.0522
DIPE 9.58 DIPE selectivity, C% 3.1 P:W molar ratio  4.50
Conversion & Carbon Balance Selectivity
100 120 100 —
T wee Propylene Conversion : m;;;s‘?@-a‘ﬁy“
80 . P & R Somversion | 80 o~ DIPE Selectivity
: ~u~Carbon batance R ARTTY
- . *
§ 80 - ; 5 60 |
E /——’\//‘\/ moé ‘;
& - T P21
$ w0 8 ﬁ 40 -
] 80
20 20
*\
o 80 ¢
R 0 40 60 80 106 120 0 20 40 80 80 100 120
Tima [min]

Time [min]

Figure G.2: Steady state conversion, carbon balance and'selectivity for the sample ex-
perimental run
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Appendix H

Gas chromatographic analysis

H.1 Gas chromatograph settings

Table H.1: Gas chromatograph settings

Gas chromatograph Varian 3700

Varian 1400

HP 5890A

Column
Length and I.D.

Stationary phase

HP PONA
50 m x 0.2 mm
Crosslinked methyl

silicone gum

SP 1000
1.8 mx3mm

0.1% Carbopack C

HP PONA
50 m x 0.2 mm
Crosslinked methyl

silicone gum

Film thickness

0.2 pm Packed column 0.2 pm
Carrier gas Hydrogen Helium Helium
Column head pressure 200 kPa 130 kPa 100 kPa

Splitless injector

Injector - Split-injector Split-injector
Injector temperature 240°C 150°C 250°C

Split 1:200 - 1:300
Detector FID TCD MS
Detector temperature 250°C 150°C 280°C
Temperature programme Isothermal Isothermal Isothermal
Oven temperature 40°C 110°C 80°C
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H.2 Response factors

H.2.1 Response factor determination for flame ionization detec-
tor

A number of binary mixtures of isopropanol (IPA) or diisopropyl ether (DIPE) with
n—hexaﬁe were pr‘epared. The mass ratios of the components in these mixtures varied
significantly to ensure that the obtained response factor was linear with concentration
over a large range. Five GC analyses were performed on each of the prepared mixtures by
manual injection of 1l of the mixture. The relative response factor was then calculated
from linear regression of the area ratios obtained from the flame ionisation detector (FID)
and the mass ratio of the components in the mixture. It was assumed that the response
* factors of n-hexane, propylene and methane were 1.00. The FID response to IPA and
DIPE was thus determined relative to its response to hydrocarbons. Linea.: regression
gave a response factor for IPA of 0.560 &+ 0.37% and for DIPE of 0.848 £ 0.36%. Table
H.2 gives the raw data, wheré the ratio is always the ratio of hydrocarbon to oxygenate.

The calibration plots for IPA and DIPE are shown in Figure H.1.

Table H.2: Absolute flame ionization detector response factor determination for IPA and
DIPE

IPA DIPE
Sample # 1 2 3 4 5 6 7 8 9 10
Actual mass ratio 5.059 0.863 0.476 1.648 0.107 6.284 0.158 10.854 2354 1.782
GC ratio

8.818 1.544 0.816 2.834 0.184 7.235 0.178 12468 2.864 2.151
9.276 1.468 0.825 2.923 0.175 7.198 0.185 12.135 2.784 2.099
9.076 1.484 (.826 27805 0.179 7.312 0.186 12.215 2.658 1.995
8.894 1.493 0.829 2881 0.191 7.229 0172 12384 2.737 2.033
8926 1459 0.800 2.892 0.184 7.395 0.189 12.698 2.811 2.006

(5L B - - T S
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H.2.2 Response factor determination for thermal conductivity
detector '

The response factors of the thermal conductivity detector (TCD) for water and DIPE
were obtained in the same manner as for the FID, except that instead of n-hexane being
used as the internal standard, IPA was used. IPA was convenient since it is a mutual
solvent for both water and DIPE. As only the liquid fraction was to be analysed by TCD.,
it was not necessary to determine the response factors for the gaseous species methane
and propylene. The response of IPA was assumed to be 1.00 and those for DIPE and
water were calculated relative to it. Linear regression gave a relative response factor for
water of 1.255+0.73% and for DIPE of 0.888+:0.28%. Table H.3 gives the raw data where,
once again, the ratio is given as the ratio of the standard to the compound in question.

The calibration plots for water and DIPE are shown in Figure H.2. -

Table H.3: Relative TCD response factor determination for water and diisopropyl ether
Water DIPE

Sample # 1 2 3 4 59 6 7 8 g 10
Actual mass ratio 0.153 0.251 0.505 1.621 4.241 0.273 1.035 0.324 1.936 6.943
GC ratio

0.092 0.164 0.422 1.180 3.473 0.292 1.121 0.357 2.200 7.883
0.092 0163 0418 1.211 3.365 0.291 1.125 0.358 2.231 T7.667
0.093 0.162 0445 1.183 3.499 0293 1.116 0.355 2.228 7.887
0.093 0.163 0445 1.199 3.357 0.204 1.122 0.352 2.215 7.841
0.094 0.160 0.421 1215 3.357 0.200 1.123 0336 2.217 7.940

Gt o W b e

H.3 Sample gas chromatograph traces

Typical traces obtained from the various GC’s used in this work are shown in Figures

H.3, H.4 and H.5.
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Figure H.1: Calibration plot for FID GC response factor determination for IPA and
DIPE. ' '
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Figure H.2: Calibration plot for TCD GC response factor determination for water and
DIPE. '



H.3. SAMPLE GAS CHROMATOGRAPH TRACES 271

S Methane
B e e e
F - Propylene
~

w=== {iisopropyl ether

Figure H.3: Representative flame ionisation detector GC trace

K

mmm——— Water
._-"-d__

1 isoprop

Diisopropyl ether

Figure H.4: Representative thermal conductivity detector GC trace
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Figure H.5: Representative mass spectrometer GC trace




Appendix I

Internal and external transport
effects |

I.1 Wetting efficiency

The wetting efficiency, f, of catalyst particles in a trickle bed may be estimated by the
- empirical wetting efficiency correlation developed by Mills and Dudukovic [146] which is

a function of the Reynolds, Weber and Froude numbers,

ad? ~0.0615 '
fe = tanh | 0.664 Re}*® Fri!®We 1" (%ﬂ) _ (1.1)

where the liquid phase particle Reynolds number (Re;), the Weber number (We.) and

the Froude number (F'rp) respectively are given by

Re, — L% (1.2)

WeL = (13)

FTL = 5 (14)
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“Poorest catalyst wetting will occur at the beginning of the reaction when the system
consists purely of water and propylene - under these conditions the liquid phase can be
assumed to be only wéter. The theoretical wetting efficiency of catalyst in the trickle bed
reactor‘used in this project was calculated for conditions of 120°C, 50bar and commercial
catalyst particles. - The wetting efficiency is shown in Figure I.1 as a function of the
water to propylene ratio. The physical properties of propylene and water were taken from

Daubert and Danner [62].

1.0

©
e ]
:

o
o
!

Wetting efficiency

0.01 01 | 1 10
Water:propylene ratio

Figure I.1: Wetting efficiency of catalyst particles in the trickle-bed reactor at 120°C
and 50 bar.

For water:propylene ratios greater than 0.2, the wetting efficiency is greater than 0.9,
i.e. more than 90% of the catalyst surface is covered by liquid. Since the ion exchange
resin beads are highly hygroscopic, it can be assumed that this is a conservative estimate
of the wetting and consequently, above ratios of 0.2, the beads are almost completely

wetted.
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[ ]

1.2 Wilke-Chang Correlation

The Wilke-Chang correlation can be used to estimate liquid diffusivities. It gives sat-
isfactory predictions (+£10%) for the diffusivity of organic compounds in water and for
organic compounds in other organic compounds [63]. It cannot, however, be used to
determine the diffusivities of water through organic solvents. The liquid diffusivity, D,
can be estimated from

1.173- 1078 (M) T
Dy =
pVR®

(L.5)

Where ¢ is an association factor for the solvent (2.6 for water and 1.3 for isopropanol},
M is the molecular weight of the solvent, p is the viscosity of the solvent and V,, is the
molar volume of the solute at its boiling point. The ratio of the diffusivity of propylene

through IPA and through water can thus be calculated from

Diipa — <¢M)O'5 . ‘ ﬂ
DLHZO'"( p ) 1P ((ch)O‘s) 5,0 (L8)

At 120°C this is equal to 1.2, i.e. propylene diffuses approximately 20% faster through
IPA than through water. The viscosities of the pure components at 120°C were obtained

from Daubert and Danner [62].

I.3 Satterfield criterion .

Satterfield et al. [151] studied mass transfer limitations in industrial trickle-bed reactors.
It was determined that mass transfer from the gas phase to the liquid outer surface of the
catalyst pellets will not be significant so long as

5-dy- € Tops

1 17
3 0 Doa ™ 7
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The bulk diffusion coefficient, D,, of the gas (in this case propylene) through the liquid
(either water or isopropanol) was obtained for the relevant system from Perry and Green
[64]. The equilibrium concentration of the gas phase in the liquid phase at the system

conditions was calcula.te_d from the WS-PRSV model described in Section [?].

At 120°C and 50bar a value of 0.993 was obtained for the hydration reaction at a
propylene to water ratio of 5:1. A value of 0.152 was obtained for the etherification
reaction at a propylene to IPA ratio of 1:1. Whilst the etherification reaction would thus
not appear to be diffusion limited, the hydration reaction, on the other hand. may very

well be .occurring at the borderline of a mass transfer constrained regime.

I.4 Weisz-Prater criterion

The Weisz-Prater criterion [149] for negligible intraparticle diffusion limitations assuming

first-order reversible kinetics in a spherical particle is given by

d
Peat * Tobs * (—efl)z

De (Cbulk - chm)

@ = <1 (1.8)

Assuming a temperature of 120°C and a pressure of 50 bar values of the Weisz-Prater
modulus, ®, of 2.84-1073 and 9.24-10~* were calculated for the hydration and etherification
reactions respectively. These-values are sufficiently smaller than unity that one can
assume negligible intraparticle diffusion limitations. Indeed, Levenspiel [152] cites a value
of 0.15 as being small enough to discount internal diffusion effects. As before, component
properties were obtained from Daubert and Danner [62]. The effective diffusivity of the

- propylene through the relevant liquid phase was estimated from Perry and Green [64].
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1.5 Hougen correlation

The temperature difference between the catalyst particle surface and the bulk fluid tem-
perature in a packed bed can be estimated by the Hougen correlation [153]. This
method correlates the temperature difference with three dimensionless groups, the overall
Reynolds number, Re, the Prandtl number, Pr, and the heat transmission number, Q.

which in this case, for spherical particles, are given by

Re = —G (L.9)
Qplh
pr= G | (1.10)
k
- TobsAHr:z:n
Q= 4.C.Cn (I.11)

The temperature difference, AT, can then be estimated with the aid of Figure [.2.

At 120°C and 50 bar, the Hougen correlation indicates that the external tempera-
ture gradients are smaller than 0.1 °C for both the hydration and etherification reactions
(species parameters obtained form Daubert and Danner [62]). One can thus assume that

no external temperature gradients exist during reaction.

1.6 Anderson criterion

Anderson [154] derived é criterion for significant temperature gradients inside a catalyst
pellet from the two Damkohler dimensionless groups which assess the relative importance
of gradients of concentration or temperature in a reacting system without convection. It
assumes spherical pellets and an Arrheniué dependence of rate on temperature and holds

even if diffusional limitations apply. The Anderson criterion is
_AHra:'n " Tobs * d?; ’ Ea

12
3. B, T <1 (I.12)
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Figure 1.2: Hougen correlation for external temperature gradients

- Where the thermal conductivity of the entire catalyst péllet, Ap, including the intra-

particle fluid, can be estimated by a correlation from Smith [96],
A 1—¢ :
Ap = Acar (—f) (1.13)
/\cat '

As it has been shown by the Hougen criterion that the temperature at the catalyst
surface is practically idéntical to that of the bulk fluid, the external surface of the cata-
lyst particle can be assumed to be at the same temperature as the bulk fluid, i.e. 120°C.
Assuming completely wetted particles containing only water, values of the Anderson cri-
terion of 1.21 - 10~3 were calculated for the hydration reaction. At a ratio of propylene
to IPA of 1:1, a value of 1.18- 1073 was calculated for the etherification reaction. Species
properties were obtained from Daubert and Danner [62]. These values are sufficiently
smaller than unity, that one can assume that no temperature gradients existed within the

catalyst beads during reaction.



Appendix J

Propagation of error in chemical |
equilibrium

As stated previously in Section 2.3.3, the fractional error in a dependent variable, say (2,

which is a function of independent variables a;...a, is given by [96]

AN /00 \? /A
el = 1
( Q ) ; [(O(Inai)> ( Gy ) ()
If, now, the chemical equilibrium constant is defined as
K - vi _ alag’... 9
e H(ai) T afaks... (J.2)

then it was also shown that the fractiQhal error in determining K, is
AK,\’ o (Aay\? o { Day 2 o [ Aag 2 o { Doy 2
— net’] — —— J.3
(Ka) Vl(a1)+yg(a2>+V3<a3>+y4(a4> (3:3)

Now, the activity of a species is defined as the ratio between the partial molar fugacity

and the standard pure component fugacity, i.e.

fr
Ji (7.

a; =
Applying Eqn. J.1 the fractional error in the activity is thus
Aa\®  (AfF\? (Olna 2+ AfeN? alna,->2__ (Af;)2+ (Afg)Z 15)
a /) \ f* Oln f; I dlnfy) \ f; f? '
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but the error in determining the standard activity of the gas phase pure component
at latm and the system temperature is negligible, thus the fractional error in activity

depends only on the fractional error in the partial molar fugacity,

' 2 2

(%) = () L
G I

The partial molar fugacity is given by the product of the system pressure, the fugacity

coefficient and the mole fraction of the species in the phase under consideration

fi=zi-P-o¢; | (J.7)

Once again applying Eqn. J.1, the fractional error in the activity now becomes
Aa\? _ (Az\* (dlna, 2+ AP\? [ 8lna; 2+ A¢,\? [/ dlna; 2(J'8)
a; z; Olnz; P dlnP ®; Oln ¢,

(5 + () (5
= + + | —
z; P ?;

However, the fugacity coefficient is not an indendent variable, but is itself a function

of the mole fraction, the system pressure and the system temperature. The fractional

error in the fugacity coeflicient is thus given by
2 2 2 2 2 2 2
. Az, . . :
A, _ (B2 Oln ¢, + AP Oln ¢, + g_ Jd1n ¢; (7.9)
?; z; dlnz; P Oln P T OlnT

The partial derivatives of the fugacity coefficient with respect to pressure, tempera-

ture and mole fraction can be obtained by differentiation of the equation of state and the
relevarit mixing rule. Due to the complexity of mixing rules and equations of state, deter-
mining the partial derivative analytically can, however, prove to be extremely tedious and

is not particularly instructive, thus it is generally easier to obtain the partial derivatives

by numerical means.

The fractional error in determing the value of the chemical equilibrium constant from

experimental data, using an equation of state to calculate the species activities, can thus



be estimated from

O (%ff)z (1 + (9%)2) (110)
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Appendix K

Single component adsorption studies

K.1 Basic adsorption theory

In a microscopic sense, even the smoothest of surfaces are irregular. These irregular
~ features, be they valleys or peaks, are regions of unsaturated surface forces and thus
attract other atoms or molecules from the surrounding gas or liquid phase (so-called
adsorption). Certain materials may even exhibit regions of concentrated surface forces,

which in catalysts are often termed active-sites. Two types of adsorption may occur:

@ Physical adsorption is a non-specific process, thought to be similar in nature to
condensation. Typically, the heat evolved during the exothermic adsorption process

is of the same magnitude as the heat of condensation, 2 to 20 kJ/mol.

e Chemical adsorption on the other hand is a specific process and involves forces
considerably stronger than in physical adsorption. The name derives from the fact
that the exothermic heat of chemical adsorption is of the same magnitude as the

heat of chemical reaction, 20 to 400 kJ /mol.

In order to develop rate equations for catalytic reactions quantitative expressions for

the adsorptive processes are often required. A number of adsorption models have been

283
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proposed, but the most widely used remains the approach of Langmuir [96]. The Langmuir
isotherm can be written in the form

_ HG,
1 -+ é”—me

[~

(K.1)
where one assumes:

e An energetically uniform surface. In the case of a catalyst with active centres this
assumption implies that all centres have the same activity for adsorption and that

the remainder of the surface has none.
e No interaction between adsorbed molecules on the surface.

e All adsorption occurs by the same mechanism and each adsorbed complex has the

same structure.

e Adsorption extends up to one complete monolayer.

The value of the Henry’s constant of adsorption, H, is a measure of the strength of
adsorption of the sorbing species. The saturation loading, C,,, specifies the maximum

amount of the relevant species which can adsorb at the temperature of interest.

"K.2 Residence time distribution

When measuring édsorption data, it is important to ensure that all the adsorption which
is observed is due to adSorption on the material under investigation -and not due to
adsorption on the experimental apparatus. A pulse input of adsorbent into the adsorption
apparatus without catalyst should give a pulse response if no extraneous adsorption is
occurring. Also, two different adsorbents should give the same residence time. If some

adsorption were occurring on the apparatus itself, then the pulse input should show peak
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broadening and, due to the different chemical properties of water and propylene, the
residence times should differ. Figures K.1 and K.2 give the normalised response curves

for water and propylene for a pulse input with no catalyst present.

The average residence time, £, of the adsorbent in the apparatus without catalyst may

be calculated from

JC-tadt
T=2 (K.2)
JfCadt ‘
0
this allows one to calculate the variance of the response from
JC-(t—-%)%dt
Jzut = 5 (K3)

[e <]

JCdt

0

and thus the vessel dispersion number, Np, for a closed system resulting from a pulse
input may be calculated from the experimental data by

o2

Np = % K.4)
5.7 (
The average residence times of water and propylene within the adsorption apparatus
were calculated to be 53.3s and 53.7s respectively whilst vessel dispersion numbers of
1.3-107% and 7.1- 1073 were obtained - such low dispersion numbers are indicative of plug
flow. It is clear from the response that neither of the compounds were adsorbed in the

adsorption apparatus if no catalyst was loaded. When catalyst was loaded, all observed

adsorption was thus only due to adsorption on the catalyst.

K.3 Langmuir isotherm evaluation of adsorption data

The simplest method of fitting Langmuir isotherms to adsorption data is by linearising

the isotherm and then fitting the Henry’s constant and the saturation loading parameters
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Figure K.1: Normalised response curve for water in the adsorption apparatus with no
- catalyst present. :

064 -

041 |

Normalised response

0.2 -

] 3 6 g9’ 12 15
Time, min

Figure K.2: Normalised response curve for propylene in the adsorption apparatus with
no catalyst present. '
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by linear regression of the experiméntal data. The Langmuivr isotherm, Eq. K.1, may be

rewritten as

1 1 1 .
E; == H_C'; + a (K.5)

- where the slope of the regressed line gives the Henry’s constant and the interceptl gives the
saturation loading. This method was used to fit the single component adsorption data.
The linearisations of the water and the propylene data along with the best-fit Langmuir
isotherms are shown in Figures K.3 and K.4 respectively. Table K.1 gives the obtained

values for the Henry’s constant and the saturation capacity.

Table K.1: Henry’s constants and saturation capacities from the adsorption of water
and propylene on Amberlyst 15

Propylene Water
Temperature, °C H Cp,mol g} H Cm,mol g2}
30 1200  8.4-10~4 -
45 | 1300  8.1-107* 19000 - 6.4-1072
60 1400  7.0-107* -12000 5.0-1072
75 - > .4700 54-1072

At low coverages the change in the logarithm of the Henry’s constant has been found
to be proportional to the quotient of the heat of adsorption and the temperature such

that

AI‘Iads

— (K.6)

InH=InH,-

Linearisation of the Henry’s constant obtained from experimental data at different tem-
peratures should thus give an indication of the heat of adsorption of water and propylene
on Amberlyst 15. Figure K.5 shows the linearisation of the Henry's constants for water
and propylene with the best-fit lines obtained from regression. Heats of adsorption for

water and for propylene of -42.6 kJ mol~! and 5.4kJmol™! respectively were obtained.



- 288 APPENDIX K. SINGLE COMPONENT ADSORPTION STUDIES

5.0E-04

4.0E-04 -

3.0E-04 -

2.0E-04

-G, m;‘-mol"l

0 45°C

1.0E-04 - 0 60°C
' ' 5?5"0“1

0.0E+00 - :
0.0 05 1.0 15 2.0 25
1/Cy, m*-mol™

Figure K.3: Linear regfession of experimental single component water adsorption data
on Amberlyst 15 and the best-fit Langmuir isotherms.
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Figure K.4: Linear regression of experimental single component propylene adsorption
data on Amberlyst 15 and the best-fit Langmuir isotherms.
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Figure K.5: Linearisation of the Henry’s constants for water and propylene to obtain
. the heat of adsorption on Amberlyst 15.
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Appendix L

Kinetic model derivations

L.1 Reactions in the DIPE system

The propylene hydration, IPA alkylation and bimolecular IPA dehydration reactions can.

be written as represented in Figure L.1

For a Type I mechanism, n, m and k are less than one as species are polyadsorbed to
a single site. For a Type II mechanism, n, m and k would be equal to or greater than
one. In every cése it was assumed that the chemical reaction, be it on the surface or in
the bulk phase, was the rate limiting step. In the following model developments, water

was denoted by W, propylene by P, IPA by A and DIPE by E.

L.2 The pseudo-homogeneous kinetic model

The pseudo-homogeneous model assumes simple reversible mass action kinetics, such that
the rate equations for propylene hydration (reaction 1), IPA alkylation (reaction 2) and

bimolecular IPA dehydration (reaction 3) become

1
Ty =k1 ((IW'CLP- GA) (Ll)
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1. Propylene hydration

H,O + n® H,08,
H20®n + CSHE |PA®m L d (n - m)®
PA®, PA + m®

2.1PA alkylation

PA + m® == IPA®

PA®y + CiHy === DIPE® + (Mm-K®
DIPE®K === DIPE + k®

3. Bimolecular IPA dehydration

2PA + 2m® === 2PA®

2PA®;, === DPE®; + HO08, + m-k®
DIPE®y === DIPE + k®

H0®, ==== H0 + m®

Figure L.1: Elementary reaction steps of propylene hydration, IPA alkylation and bi-
molecular dehydration of IPA over ion exchange resins for Type I and Type
IT mechanisms. Where ® represents an active site, n the number of sites
water is adsorbed to, m the number of sites IPA is adsorbed to and & the
- number of sites DIPE is adsorbed to (n > m > k).

L
Ty = 2(‘1P'GA“ % 203) : : (L.2)

1
T3 = kg (af1 % 3aE . aw) (L.3)

The only parameters used in this model are the three rate constants: ky, ko and k3.

L.3 The Eley—Rldeal kinetic model

For each reaction, the mechanism involves three basic steps:

1. The adsorption of the polar species from the solution phase onto the active site(s)
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2. The surface reaction between the adsorbed polar species and solution phase propy-

lene or IPA

3. The desorption of the surface reaction products from the active site(s) to the solution

phase

If one assumes multi-site Langmuir-type adsorption isotherms in terms of the bulk
phase species activities and adsorbed phase concentrations and assumes that chemical
reaction occurs only on the surface, then the rate equations for each of these three basic

mechanistic steps may, for propylene hydration, be written as

1
TW,ads = k:W,ads (GW : C{;S - H_W : CW‘ads) : (L4)
/ 1 (n—m}
= kl C;”W,ads Cap — K CA,a.ds - CVS (L5)
1,8
™m 1 | |
T Aeds = Kaads (aA -CYs — T CA,ads) (L.6)

If one assumes further that the surface reaction is rate controlling, then the two ad-

sorption reactions are always at equilibrium, such that
CWads = Hw - aw - Cyg (L.7)
and’

CA,ads = HA cdg - C{;ns (LS)

Substituting these equations into the rate equation for the surface reaction one obtains

! HA . aA) (LQ)

rlzk;-C’(}S(HWﬁW-ap—K

1.8
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The overall concentration of active sites, however, is equal to the sum of the concentra-
tion of vacant sites, the concentration of sites where water has adsorbed, the concentration

of sites where IPA has adsorbed and the concentration of sites where DIPE has adsorbed:
Cs.tot = Cvs + Cwads + Cagds + Crads = Cvs (1 + Hwaw + Haas + Hgag)  (L.10)

thus

CS,tot

v L.11
(1+Hwaw+HAaA+HEaE) ( )

Cys =

Also, the chemical equilibrium constant for the surface reaction between adsorbed

water and solution phase propylene to give adsorbed IPA is

CA,ads : Ct(/ns"—m) . HA Q4 C{/nS ) C‘(f’ns-m) — HA

Kis= =
’ Cwads - ap Hw - Chg-aw - ap Hy

Ka,l (Ll‘?‘)

Substituting these formulations for the concentration of vacant sites and for the ad-
sorbed phase chemical equilibrium constant into the rate equations, the final form of the
rate equation in terms of the bulk phase species activities, a;, the Henry constants of
adsorption, H;, the activity-based chemical equilibrium constant, K ;, and the hydration

rate constant, &y, is

k,Hy (aw -ap — aA)

a,l

(1 + Hwaw + Hias + HE(ZE)n

Ty =

(L.13)

where the rate costant, k;, incorporates the total concentration of active sites, Cs ot
Similar model developments lead to the following equations for IPA alkylation and the

bimolecular dehydration of IPA, respectively

1
kaHy <GA “ap - mas)

27 (1 + Hwaw + Haa s + HEaE)m

(L.14)

1
k3H124 (034 - ?‘z—a'agaw)

3 = oy
(1 + Hwaw + Haas + HEGE)2

(L.15)
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If one fixes the number of active sites involved in the reactions, i.e. fixes n and m,
then this model contains 6 parameters: the three reaction rate constants ('klg k; and ks3)
and the three adsorption constants (Hyw, H4 and Hg). If the number of active sites

involved in the reactions is not fixed, then the number of parameters increases to eight.

L.4 The “changing-mechanism” model

This model is essentially a variation on the pseudo-homogeneous model with the addition
of an exponential term which accounts for changes in the reaction mechanism as the ra‘tid
of apolar to polar species in the reaction medium changes. As the ratio of apolar to polar
species increases, i.e. as the sum of the propylene and DIPE mole fractions increases,
the magnitude of the rate constant is scaled to simulate the increased catalytic activity
of the Type II mechanism in comparison to the Type I mechanism. The rate equations
~ for propylene hydration (reaction 1), IPA alkylation (reaction 2) and bimolecular TPA

dehydration (reaction 3) are given by

| 1

Ty =ky -exp (km - (zp + z£)) (aw -ap — e aA) (L.16)
a,l

| 1

T = k- exp (km - (zp + zE)) (aP e Rl 2%‘) (L.17)
, . 1
ry = k3 - exp(km - (zp +zg)) | a% — T eEaw | (L.18)
a3

This model contains 4 kinetic parameters: the three reaction rate constants (ki, ko

and k3) and k,, which, at least empirically, simulates changes in the reaction mechanism.
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