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. (i) 

ABSTRACT 

A general review of the literature pertaining to the 

combustion of coal in an atmospheric fluidized bed of ,inert 

particles is presented. In particular, the ~henomena of 

fluidization and combustion have been investigated and the 

status of research and development in various parts of the 

world is considered. 

A 300 mm diameter refractory lined open top atmospheric 

fluidized bed combustor has been built to study the 

combustion efficiencies and entrainment rates of the 

fluidized-bed combustion process in shallow fluidized 

beds, with static bed heights ranging from about 150 mm 

to 2JJ mm. A low pre5sure drop type of distriLutor WES 

used for all of the tests so as to test a system compatible 

with most industrial requirements. As the combustor vessel 

is refractory lined, cool1ng is provided by supplying air to 

the rig well in excess of that required for stoichiometric 

combustion. As a result, no oxygen deficient regions occur 

within the fluidized bed, ensuring complete combustion of 

both the fixed carbon component of the coal to carbon 

dioxide and the volatile component within the bed section. 

Experimental results have been obtained from the combustion 

of a coal with a high fines content of which there is at 

present a supply which exceeds the demand. The coal has 

been burned in an inert bed comprising a closely graded 

silica sand. It has been found possible to correlate the 

combustion efficiencies in terms of the bed temperature, 

superficial gas velocity and the static bed height within 

the following ranges of these parameters: 

Bed Temperature 

Gas Ve~ocity 

Static Bed Height 

700 to 1000°c 

0,9 to 1,5 m/s 

150 to 230 mm 

By using a bed material substantially different from the 

coal feed, it has been found possible to separate the 
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entrainment rate into two components, the first due to 

elutriation and the second as a result of splashing. 

However only qualitative conclusions have been drawn from 

the splashing phenomenon. The incieased ~plashing rates 

associated with the deeper beds may be attributed in ~art 

to the possible transition from a bubbling to~ slugging 

flow regime taking place in the fluidized bed. 

A semi-quantitative model has been derived based on the 

work of a few authors to describe the combustion and 

entrainment phenomena. Although the model predicts trends 

satisfactorily, much work is required to determine attrition 

rate constants and the nature of the resulting ash on com­

bustion of the coal particle as these parameters are 

artificially supplied as input to the computer model. 
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• CHAPTER l 

INTRODUCTION 

The combustion of coal is a complicated process, involving 

both heterogen~ous and homogeneous chemital r~acticns as well 

as being dependent on such complex parameters as particle 

shape, ash distribution within the particle, air distribution, 

volatile content etc. The approach to explaining the 

combustion phenomenon has been largely empirical concerned 

mainly with improving the combustion efficiency. Traditional 

methods of coal combustion have been developed to such an 

extent that any further improvements in these processes will 

only result in marginal if any increase in the efficiency of 

combJstion. These tradi~ional coal burning tEchniqu~~, in 

particular when applied to the generation of steam, impose 

limitations on the coal which can be fired. In particular, 

plants have to be specifically designed for burning high ash 

or low volatile coals resulting in a certain amount of 

inflexibility especially should the fuel properties change 

over the life of the installation. 

Fluidized-bed combustion represents the only outstanding 

development in coal combustion technology since the intro­

duction of pulverised fuel firing during the late 1920•s. 

Fluidized-bed combustion provides a simple method cif burning 

any fuel, solid, liquid or gas with reduced atmospheric 

pollution. It further provides a means of burning high 

ash coals, (it is possible to burn coal with an ash content 

of over BS% in a fluidized-bed combustor,) which have hitherto 

not been considered as a source of energy. A typical 

fluidized-bed combustor could be used to burn a complete 

range of coals, as well as liquid or gaseous fuels, as the 

process is almost independent of the nature of the fuel. 

The energy •crisisJ, propagated by the dramatic increase in 

the price of oil in the latter half of 1973, resulted in a 

renewed interest in coal as a source of energy. Fluidized­

bed combustion represents a positive step forward towards 

the successful burning of low grade coals, and the 
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implementation of this technique will result in an increase 

in the useful coal reserves of South Africa in particular, 

as well as the rest of the world. 

1.1 THE PRINCIPLE or FLUIDIZED-BED COMBUSTION 

fluidized-bed combustion in its broadest sense consists cf 

the burning of a fuel in a bed of inert par~icles which are 

fluidized by means of a gas transporting the oxidizing agent 

required for the combustion process. Fluidization is not a 

new technique, but has been used extensively in the chemical 

industry, becoming "after 1940, one of the chemical engineers• 

and extractive metallurgists' most important tools" (1). Since 

then a vast quantity of information, both theoretical and 

empi=ical, has bee~ accUTILilated on the subject. The burning 
' 

of a fuel within a fluidized bed of inert particles has 

however only been investigated in depth over the las~ 

fifteen years. In a fluidized-bed combustion process the 

bed of inert particles is fluidized and the fuel introduced 

into this bubbling mass of particles. In the case of coal 

combustion, the bed of particles must be heated to .a 

temperature above the ignition temperature of the coal for 

the process to be self propagating. The burning coal 

particl.es t~ansfer the heat of combustion to the gas and 

inert particles, which in turn transfer the heat to any heat 

exchange surfaces immersed in the bed. The remainder of the 

heat is removed from the system in the e~haust gases at the 

bed temperature. The vigorous bubbling action of the 

fluidized bed ensures that the bed temperature remains uniform, 

although the burning coal particles may be several degrees 

higher than the temperature of the bed. An important feature 

of a fluidized bed combustor using coal as a fuel, is that 

the proportion of coal contained within the bed represents 

only about a 0,5% ta 2% of the total bed weight. This would 

imply that the process is almost independent of the quality 

of the coal feed, it is dependent only on the ash handling 

facilities and the requirement that the heating value of the 

coal is sufficient to heat the inert content and combustion 

air to the bed temperature. 
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1.1.1 Gas Fluidization 

The process of gas fluidizatian can be described by consider­

ing a bed of particles resting an a perforated or porous plate 

or any similar device which would serve as an air distributor. 

At low flaw rates, the air passes upwards thr~ugh the bed 

between the particles which behave as a fixed bed. As the 

flow rate is increased, a point will be reached at which the 

pressure drop across the bed becomes equal to the weight per 

unit area of the bed and the bed is then at the paint of be-

coming fluidized. The velocity, measured in terms of the 

empty vessel and designated as the superficial gas velocity, 

at which this occurs is called the minimum fluidizing velocity. 

If the flow rate is increased above this value~ 'one of two 

things will occur; either the bed will continue ta expand so 

that the average distance between the particles will became 

greater, or the excess fluid will pass through the bed in the 

form of bubbles ~iving rise essentially ta a two phase ~ystem. 

These two types of fluidizatian are referred ta as being 

respectively "particulate" and "aggragative"' (2, pg 26}. In 

general, aggragative fluidizatian is associated with mast 

gas-solid systems and particulate fluidizatian with mast \ 

liquid-solid systems. Harrison et al (3) have suggested 

that the type of fluidizatian could be related ta maximum 

stable bubble size whicn can exist in the bed. They also 

have found that this can be related ta the mean diameter of 

the particles. Kunii and Levenspiel (4, pg 80) attribute 

the difference between particulate and aggragative fluidiza­

tion ta the difference of densities of the two fluids. They 

recommend the use of four dimensionless groups as given in 

equation (l) far establishing the mode of fluidizationo 

p - p H 
Pr • Re • ( 8 g )-~ < 100 pa:t'ticu late mf p,mf 

pg dt 
(1) 

ps-· Pg H 
Fr • Re • ( . mf 

)·- > 100 aggragative mf p,mf 
pg dt 

The work described in this thesis makes exclusive use of 

aggragative fluidized beds, and only this system is con­

sidered in the discussion below. As the ·gas flaw is 
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increased through the bed, the fluidization becomes steadily 

more vigorous, taking on the appearance of a violently boiling 

liquid. Further increases in the gas velocity may r~sult in 

a transition from this bubbling regime, to a slug flow regime 

which is also dependent on the geometrical configuration of 

the system. A limiting condition will eventually be reached 

at which the gas velocity becomes equal to the free.fall 

velocity of the particles, or in other words the particle 

terminal velocity. At this point the particles are carried 

out of the vessel or entrained in the fluidizing gas. The 

fluidizing vessel then behaves as pneumatic conveying tube. 

The qualitative differences between the different fluidization 

regimes have been illustrated by Zenz and □thmer (5, pg ?31) 

and is reproduced in Figure lo 

Aggregat i-.1 e 

Fixed Bed Par I iculate Bubbling Slugging Slugging 

figure l : Qualitative Representation of the 

Different Regimes of fluidization 
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lol.2 The Combustion Phenomenon 

"When coal is heated to a sufficiently high temperature it 
\ 

begins ta decompose producing tars and gases termed volatile 

.matter or just volatiles. The volatiles consist of a'mixture 

of combustible gases, carbon dioxide and water vapour. Apart 

from the carbon dioxide and hydrogen the combustible gases 

are mainly hydrocarbons, although there are small quantities 

of phenolic and other compounds" (6, pg 155). The combustion 

of coal thus comprises two reactions, a homogeneous gas phase 

combustion reaction, and the heterogeneous reaction that takes 

place at the surface of the char that remains after the evolu­

tion nf the volatiles. 

The rate at which the volatiles are evolved, or the rate at 

which the coal particle decomposes depends on the time/ 

temperature history of its heating. Two classes of decom­

position reactions are distinguished (6, Ch 4), rapid 

decomposition involving a particle heating rate of the order 

of 104 °C/s or more with a decomposition period of less than 

one second, and slow decomposition in which the particle is 

heated at a rate of 10 °c/min. Rapid decomposition rates 

can only be attained with very small coal particles, less 

than 100 micron, as a finite time is required for a large 

particle to be uniformly heated, as well as to allow for the 

diffusion of the volatile matter away from the surface of the 

remain{ng char particle. 

Pitt (7) has studied the rate of evoltition of volatile matter 

from coal particles by mixing coal with preheated sand in a 

preheated reaction vessel. The sand and coal particles were 

then fluidized with nitrogen and the rate of decomposition 

measured. The minimum time scale of decomposition was limited 

to 10 seconds whilst temperatures of 300° to 65 □ °C were used. 

The results indicated that a major portion of the volatile 

matter was evolved within the first 10 seconds even at the 

lower temperatures. Skinner (8, pg 104) states that the 

volatiles are evolved within the first two to three seconds 

after the coal enters the fluidized bed. The volatiles would 

be emitted in close proximity to the cbal feed point, and should 
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the oxygen supply b~ limited in the region of this point, 

poor combustion efficiency may result. Bishop et al (9) 

have reported the existence of areas of unburnt hydrocarbons 

close to the coal feed point situated to the .side of an 

1B00 mm by 450 mm bed. Complete combustion of the vola­

tiles in the bed section was achieved by increasing the 

static bed height to 300 mm (750 mm expanded). They (9) 
report further that at low bed temperatures, a~d with an 

excess air level limited to Si, the hydrocarbon concentra­

tions were found to be relatively high, at between BOO to 

1000 ppm. At higher bed temperatures, the hydrocarbon 

concentration was reduced to near zero with an increase in 

the excess air to 17%. 

Little work has been done in assessing the combustion of the 

volatiles in a coal fired fluidized bed combustion chamber. 

Although the time taken for the combustion of the volatiles 

would appear to be of the order of two seconds in comparison 

to a residence time of between 60 to 350 seconds for coal 

particles between 0,2 and 2 mm in a fluidized bed (10), work 

in this field may be of.value particularly in assessing 

combustion mechanisms and combustor efficiencies. Basu et 

al (11} point out that on evolution of the volatile matter, 

swelling of the remaining char particle may take place 

which would alter the surface structure. This may explain 

differences in the combustion of different coals in 

fluidized beds, and in particular differences in the com­

bustion of the volatile component of the different coal 

types. 

After the liberation of the volatiles, the second step in 

the combustion process can be considered, i.e. the combustion 

of the remaining char. An evaluation of the mechanism and· 

the burning rates of individual particles is of importance 

in the prediction of the oxygen throughput, the bed carbon 

loading and the combustion efficiency of the fluidized bed 

combustor. Field et al (6, Ch 6} consider the overall 

reaction process to involve a number of steps in sequence, 
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viz. the transport of oxygen to the particle surface, 

reaction at the surface and the transfer of the products 

away from the surface. Basu et al (11) consider two' 

different mechanisms for the combustion of the carbon 

particle with oxygen. In the first, designated as Model 

1, oxygen comes in contact with the carbon surface to form 

carbon monoxide and carbon dioxide. The excape of the 

carbon monoxide into the surroundings is dependent on the 

prevailing velocity and temperature conditions. If the 

temperature is above the ignition temperature of carbon 

monoxide (about 65 □ °C) then this gas burns in a reaction 

zone surrounding the carbon particle (11) .. The reactions 

pertinent to Model l are ~.llustrater.' in Figure ~ .. 

figure 2 

arbonSurface 

C •Di-CO2 
C •Y20i-CO 

t 

Rea c lion Zone 

I 
I 

0 2 _____ _ --
L. 

\CO I ..,,,,.....-
\ I / ,f_ 

Ill ,,, 
I.!) 

l 
\ ........... -r 
X· I 

\ I 
• I 
\1 

-- Distante from Carbon Surface-----► 

Partial Pressure Profiles in the Gas Surrounding 

a Particle Burning according to Model 1. 
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The second mechanism, Model 2, has also been proposed by a 

number of authors who have shown (6, Ch 6) that if the 

reactions of carbon dioxide with carbon and of carbon• 

monoxide with oxygen were fast enough then the.mechanism 

of combustion would be completely different from the direct 

oxidation of carbon. This ~odel has been called the two 

film theory and is diagramatically represented by figure 3. 

According to this model, carbon dioxide reacts with.the 

carbon surface to produce carbon monoxide, which in turn 

diffuses outwards to meet oxygen diffusing inwards. Two 

moles of carbon monoxide burn in a thin film surrounding the 

particle with a single mole of oxygen to form two moles of 

carbon dioxide. Half of the carbon dioxide diffuses back 

towards the char particle whilst the remainder diffuses into 

the free stream. The reactions taking place in Model 2 are 

illustrated by the partial pressure profiles of figure 4. 

Basu et al (11) have attempted to determine the actual 

combustion mechanism under the temperature and velocity 

conditions prevailing in fluidized beds. They propose 

that a change-over from Model l to Model 2 takes place, 

though further experiments would be required to mark this 

change-ov8r in te~ms uf temperature and partic~e size. 

Although they (11) indicate, in contrast to most other 

authors, that Model 1 represents the type of reaction taking 

place within fluidized beds, the basis of the theoretical 

approach in this thesis will be modelled on Model 2 due to 

the lack of any substantial supporting evidence for Model 1. 

Avedesian and Davidson (10) have studied the mechanism of 

combustion of batch charges of carbon in fluidized beds with 

a view to establishing whether the combustion of the fixed 

carbon component of coal is controlled by chemical kinetics, 

mass transfer or a combination of both. They applied the. 

combustion mechanism described by Model 2 to relate the 

theoretical work with their experimental results. They 

have further assumed the two phase theory of fluidization 

(12) and consider the bubble phase to be completely devoid 
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' 

stainless steel sheathed mineral-insulated chromel-alumel 

thermo-couples. The gas temperature has been measu~ed bi 

m~king use of a bare chromel-alumel thermo-couple. 'This 

latter thermo-couple is a standard measuring ·thermo-couple 

having been calibrated with an associated mov~ng coil 

instrument, to read temperature directly. -The temperature 

graduations are in steps of 2 □ °C and therefore, the tempera­

ture can at best be read to the nearest s0 c. The three 

stainless steel sheathed chromel-alumel thermo-couples 

milli-volt outputs were checked against the temperature of 

standard thermo-couples and found t □ be within the~ s°C 
measuring tolerance over the range of temperatures antici­

patedo For the flujdized-bed performance tests, the bare 

thermo-couple was disconnected from the moving coil instru­

ment and compensating leads, and connected directly to a 

multi-point recorder together with the three other thermo­

couples. 

The iron-constantant thermo-couples were not calibrated, 

as they are not required for accurate measurements but 

rather for determining whether the distributor is becoming 

overheated or not. 

b} Distributor 

Prior to each run the combustor vessel was emptied and the 

pressure drop across the distributor plate determined to 

ensure that the distributor plate seal had not been damaged 

and to establish whether any of the holes in the perforated 

plate had been blocked. A layer of refractory s~ones was 

then placed on the plate to a height of about 90 mm, as 

indicated in figure 10, and a further series of pressure 

drop measurements were made to establish what the total 

pressure drop across the plate and. stones was. All these 

readings were then correlated to form a pressure drop to 
\ 

velocity relationship by means of a least squares technique. 

A total of 69 points were used for the plate only analysis, 
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and 71 for the plate and refractory stones analysis. Both 

analyses were made assuming an equation of the form below. 

where Ap 

n 
Ap = C•U (8) 

is in mm W.g. and~ and n are constants. 

I 
I 

I 

The 

exponent n for the plate alone should theoretically be 2, 

whilst the value of n for the plate and stones theoretically 

lies between unity and two and varies as the velocity 

increases. However the contribution of the plate is well 

in excess of that by the stones, and further as the stones 

are of a rather large diameter the kinetic energy component 

of a familiar fixed b~d preDsure drop relutionship becomes 

predominant. Such a relationship has been proposed by 

Ergun and is represented by equation (9) below, cf. 

Section 1.2.2 

2 
1 - E p U -----.;..g--

+ 1,75· 3 d 
E • $ s p 

(9) 

where Arr is the pressure through the layer of stones in 

N/m2 . lhe second term on the right hand side represents 

the kinetic energy· losses. 

In the regression analysis of equation (8), the exponent n 

assumed values of 2,102 and 2,088 for the plate alone and 

for the plate and stones together respectively. The 

theoretical value of 2 for the exponent n could be shown 

to be statistically the same as the above two values and 

therefore the regression analysis was repeated to obtain 

the constant c of equation (8) when the exponent n of this 

same equation was set at 2. The resulting equations are 

given by equations (10) and (11} belowo 

(10) 

(11) 



-67-

These two relations are reproduced in figure 14 illustr~ting 

the range of velocities and pressures used for the regression 

analysis. 

c) Coal Feeder 

Two extensive series of calibrations, the second taking 

place some two months after the first, have been performed. 

The coal mass flow rate was assumed to bear a-linear 

relationship with the feeder speed. The data was fitted 

to such a curve by means of a linear regression technique, 

resulting in the following equation.' 

me= 0,364 + 2,191-n (12) 

where Mc and n are the coal mass flow rate (kg/h) and 

feeder speed (rpm) respectively. From a sample of 

twenty-one points of the measured coal flow rates for 

particular feeder speeds, the initial three tests were 

rejected as the coal flow rates measured from these.three 

points were less than anticipated. The regression analysis 

has therefore been performed by making use of the remaining 

eighteen points. 

In order to obtain a more meaningful interpretation of 

equation (12) the confidence interval for each of the 

regression coefficients was calculatedo By applying a 

95% confidence interval the intercept with the vertical 

axis, (a= 0,364 in equation (12)), is found to have a 

value ranging from 

whilst the slope qf the line, (b = 2,191 in equatio~ (12) ), 

is found to lie between 

2.,136 < b < 2,246 
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The regression line of coal flow rate as a function of 

feeder speed was expected to pass through the origin, and 

therefore the interval estimate of 'a' should have included 

zero. Although the lower value for this interval estimate 

of 'a' is close to zero, it was decided to use equation (12) 

as the regr~ssion line for the coal feed rate. 

The feeder speed was varied from about 0,8 to 10, □ rpm. 

As this speed only exceeds 3 rpm for a single-test during 

the fluidized~bed performance tests the regression curve of 

equation (12} has been drawn in Figure 15 for this lower 

speed range of the line. !~eluded in Figure 15 are the 

95% confidence bands for the resulting coal flow for a• 

particular feeder speed. lhe ~orrelation coefficient and 

the standard error of estimate for the above regression 

analysis have been determined as □ ,9997 and 0,224 

respectively. 

finally it should be noted that as the feeder speed should 

be related to the volumetric flow rate, differences can be 

expected when using a different coal type and grading. 

2o4o2 Outline of Tests Performed 

Initial tests were made to commission the rig and the 

various auxiliary components such as the instrumentation 

and the gas ignition system. A detailed analysis of the 

last five test runs which have been designated as Run 

Numbers 6, 7, B, 9 and 10 has been made. These test runs 

each range from 4½ to 10 hours duration and have been 

divided into twenty-two individual tests performed under 

steady conditions for a time interval of at least 30 minutes. 

These tests have been used to evaluate the combustion 

efficiency (as defined in Appendix B) and entrainment rates a 

Run Number 6 is is the only test during which a silica sand 

graded between 0,6 mm and 1,0 mm was used. The minimum 
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fluidizing velocity determined experimentally for this sand 

was 0,36 m/s at about 40°C and enabled a test to be per­

formed with a superficial gas velocity of 0,9 m/s. 0 The 

remaining runs were conducted using a commercially available 

silica sand with a size grading as represented by Figure 160 

The bulk density of the sand was determined as 1640 kg/m3 

with a particle density determined by means of the S.G. 
. 3 

bottle method of BS 1377: 1975, of 2640 kg/m. The 

minimum fluidizing velocity at about 40°C when fluidized 

with air was recorded as 0,53 m/s. When operating with 

this sand at bed velocities close to 0,9 m/s iumps of clinker . 
formed in the bed. These lumps are relatively soft and 

easily broken down by increasing the velocity. The 

superficial gas velocity for tests 7 to 10 was thus varied 

between 1,1 and 1,5 m/s with no evidence of clinker forma-

tion. At higher velocities, and especially with the deeper 

beds, bubbles bursting at the surface caused splashing of 

the bed material out of the combustor vessel. A cylindri-

cal shield about. 300 mm high and having a diameter of 450 mm 

was placed on top of the cornbustor to prevent spillage of 

bed material onto the floor. 

Runs 6, ; and 8 were conducted wiih 30 kg of Sdnd as the 

bed material. This corresponds to a static bed height of 

about 230 mm whilst Runs 9 and 10 were conducted with beds 

of sand of 20 kg, resulting in static bed heights of about 

150 mm. Tables 2.1 a and 2.lb summarize the approximate 

operating parameters of the different tests. More accurate 

values are produced with the individual test results in the 

table contained in Appendix H. 
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Table 2ol a 

Velocity 

(m/s) 

0,9 

1,1 

1,3 

1,5 

Table 2.1 b 

Velocity 

(m/s) 

1,1 

1,3 

1,5 
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Summary of Operating Conditions with an 

Inert Bed Weight of 30 kg. 

Temeerature (DC) 

650 700 750 800 BSD 900 

6 

7C 7A 7B 

BE BA BF 
8H 8D 8B BC 

Summary of Operating Conditions.with an 

Inert Bed Weight of 20 kg. 

Temeerature c□c) 

950 

BG 

700 750 800 850 900 950 1000 

lOC 9B 9D 9E 

10D lOB 

lOA 9A 9C lDE 

2.4.3. Test Procedure 

Prior to each run, the combustor vessel was emptied and the 

pressure drop across the distributor was determined at a 

number of different velocities. The layer of refractory 

stones was placed on top of the distributor plate and a second 

series of pressure drop velocity measurements were taken. 

The bed pressure ~robes and thermo-couples were then placed 



in position and the respective amount of silica sand was 

introduced to form the inert bed. A fluidization study 

was then conducted in order to determine at what super­

ficial gas velocity the bed was fluidized. ·Once the 

minimum fluidizing velocity was established, preparations 

for igniting the fuel in the combustor were made. 

-The bed was raised to the ignition temperature of the coal 

by means of gas combustion. Once the coal combustion is 

self sustaining, the gas is shut down, and the particular 

velocity and temper~ture conditions for the test are chosen. 

The velocity is obtained by setting the fan discharge 

dampers, or valves, so regulating the flow from the fan. 

The required temperature is obtained by adjusting the coal 

flow. Once steady conditions have been maintained for 

about fifteen minutes the test is commenced. During the 

test, ash is collected in the cyclone for analysis at a 

later stage, whilst pressure, temperature and flow rates 

are monitored. The resulting ash was tested at Athlone 

Power Station to determine the amount of unburnt carbon 1 

contained in the ash, whilst another sample was used to 

determine the size grading of the ash. This size grading 

has been determined by sieving and by employing a sedi­

mentation technique based on the incremental method as 

outlined in BS 3406 : Part 2 of 1963. 

Only one type of coal, Douglas duff, with a top size of 

6 mm has been used for the tests. An analysis of the coal 

grading and properties is presented in Appendix C. 
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CHAPTER l 

EXPERIMENTAL RESULTS 

The major objectives of the tests were to assess the effect 

of a few of the main variables of the fluidized-bed com­

bustion process on the combustion efficiency and the 

entrainment rate. It was felt that the system variables 

which would have a major affect on these two parameters, 

and in particular on the combustion efficiency could be 

limited to bed tempereture, superficial gRs velnc~ty anj 

bed depth. The experiments are therefore made up of these 

three factors, (a brief description of the more important 

statistical relationships used in this thesis is contained 

in Appendix F), and initially combustion efficiencies were 

determined at two levels of each of these factors. These 

levels are given below: 

Temperature 

Velocity 

Eed Height 

This yields a 2 3 factorial 

table was determined, from 

. . 

. . 

. . 

design. 

which it 

aoo 0 c, 9 □□ 0c 

1,1 m/s, 1,5 m/s 

230 mm, 150 mm 

An analysis-of-variance 

was deduced that all 

three factors had a significant effect on the combustion 

efficiency within the ranges given above. Therefore the 

number of test points were extended by performing additional 

experiments to determine the combustion efficiency for extra 

combinations of velocity temperature and bed height, in order 

to enable a multiple regression analysis to be performed. 

The temperatures were varied in approximate steps of 5 □ 0 c 
• o b from 650 C to 1000 C, whilst the velocity was varied from 

0,9 m/s to 1,5 m/s. Only two bed heights were used 

throughout the test series, i.e. static bed heights of 

approximately 230 mm and 150 mm. For ease of reference the 

\ 
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tests at the two different bed heights have been designated 

as deep and shallow bed tests. 

3.1 GENERAL DESCRIPTION OF RESULTS 

3.1.1 Deep Bed Tests 

Runs 6, 7 and 8 were conducted with an inert bed weight cf 

JO kg and having a bed height of about 230 mm. This 

results in a bed pressure drop of about 400 mm W.g. and a 

pressure drop across the distributor plate of about 70 mm 

W.g. An accurate assessment of the bed oressure~ is 

difficult due to oscillations of the water manometer levelso 

With these beds, violent splashing occurs resulting in much 

bed material being carried over into the cyclone. This 

material is of a size well in excess of the maximum which 

could be elutriated by the gas stream. It is felt that 

with the low pressure drop distributor large gas bubbles 

may be generated at the distributor surface, i.e. on top 

of the refractory stones, with the result that through 

coalescence large bubbles approaching the size of the bed 

diameter may be formed. On bursting at the upper surface 

of the bed. large particles of sand are ejected into the 

freeboard space, resulting in particles larger than those 

which would normally be elutriated, being entrained by the 

off gases. During Run B large quantities of bed material 

were collected in the cyclone, particularly during tests 

conducted at superficial gas velocities of 1,5 m/s. A 

trotal of 5 kg of sand had to be added to the bed at 

different intervals during the test to restore the bed level. 

The run lasted for a little over 10 hours. Although the 

oiiginal static b~d heights were 230 mm. these heights 

change continuously during the tests. An estimate of the 

static bed height for each individual test was therefore 

made by measuring the initial and final bed heights for each 

test run, and considering the amount and time during which 
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bed material was added and by finally measuring the average 

bed pressure drop during each individual test of the total 
• 

test run. 

3.1.2 Shallow Bed Tests 

Tests 9 and 10 were conducted with an inert bed material 

weight of 20 kg resulting in a bed depth of 150 mm. The 

pressure drop across the bed was about 270 mm W.g. whilst 

the distributor pressure drop was about 70 mm W.g., similar 

to that for the deep bed. The amount of sand lost as 
. 

carry-over to the cyclone was much less than that for the 

deep bed under all conditions. This is most likely due to 

the generation of smaller bubbles within the bed causing a 

reduction in the quantity of material carried over as a 

result of splashing. 

Steady temperature control of the shallow beds was con­

siderably more difficult to maintain than that of the deep 

bed. This may be ascribed to the reduced thermal inertia 

of the smaller mass of heated bed material. On the other 

hand the bed temperature may be reduced and increased more 

rapidly \d·th the shallow beo. 

3.2 EXPERIMENTAL DETERMINATION OF MAIN PARAMETERS 

3.2.1 Minimum Fluidizing Velocity 

Before the commencement of any test a fluidization study· 

was performed in order to establish the minimum fluidizing 

velocity. The bed pressure velocity relationship as well 

as the· bed densit~ to velocity relationship during the 

initial cycle of increasing velocity and subsequent de­

creasing of velocity are illustrated ~n figure 17. The 

bed d8nsity is defined as the difference in pressure between 

the two static pressure t 1~pings located within the bed, 

150 mm apart a& indicated in figure 19. 
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The fluidization study illustrated by Figure 17 is for a 

bed of silica sand of size grading given by Figure 16 of 

depth 170 mm. This sand was used for all but one of the 

tests as mentioned earlier. On increasing ihe gas velocity 

it is seen that the pressure increases steadily in the fixed 

bed region. The slope of this curve on the logarithmic 

co-ordinates is found to be 1,453, which indicates a 

pressure velocity relationship in the fixed bed region of 

" • 1,453 . up= C•U (13) I 
By averaging all of the results this exponent is found to 

be 1,488, having a standard deviation equal to 0,067. As 

the exponent is neither unity, as would be expected for 

laminar flow or for a fixed bed made up of small particles, 

nor does it have a value of two, as would be expected for 

large particlesror turbulent flow, the flow through the bed 

material prior to fluidization is in the transition flow 

regime. 

Referring to Section 1.2.2, it was stated that the minimum 

fluidizing velocity could be obtained by applying a fixed 

bed corrr' fi.3 t ion, such as the: t given by E :rgun a 't .i.ncipj ent 

fluidization conditions. This relationship given by 

equation (5) is repeated below for ease of reference: 

150 • (1 - £ ) - mf Ga - 2 3 • Re mf + 
¢> • £ f s m 

1, 75 2 
,Ref 3 m 

"' • E 'l's mf 

This equation may be written as 

2 
Ga= A·Re + B·Re 

mf mf 

(5) 

(14) 

where A and B are ·constants dependent only on the particle 

sphericity and the voidage at incipient fluidization. Both 

of these latter two parameters are not easily determined and 

have not been specifically evaluated in this thesis, .though 

the voidage could be approximated from the bed pressure to 
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velocity relationship of Figure 17 for the case of decreasing 

velocity. Wen and Yu (17), cf Section 1.2.2, have approxi­

mated the values of A and Bin equation (14) as 1650 ~nd 

24,5 respectively. 

The minimum fluidizing velocity was experimentally deter-
- a mined at law temperatures cf about 40 C. Since the 

temperatures at which fluidized-bed combustion takes place 
a a • 

range from about 650 C ta 1000 C, a means must be found fa~ 

extrapolating the information ta the higher temperatures or 

of using a generally acceptable relationship. An attempt 

was made ta establish the constants of equation (14) from 

the experimental work an fluidizing the inert sand particles. 

This was done by equating equation (13) ta the farm of 

equation (5) given by equation (9) of Section 2.4.1. The 

values of A and B were evaluated as 600 and 34,2 respectively. 

It should be noted that the resulting relationship results 

in a reduced value of the viscous component (A • Re) whilst 

the kinetic component (B •. Re 2 ) remains much the same as thc;1t 

given by Wen and Yu (17), cf equation (6). 

At 4 □0 c, and at a velocity of 0,5 m/s, the Reynalds number 

is about 24. On increasing the -';emperature, cue ta tLe 

decrease in density and the increase in viscosity, the 
0 

Reynalds number decreases ta values of about 1,6 at 700 C 

and 1,0 at l □00°C at the respective minimum fluidizing 

velocities. In view of the findings of Braughton (21), 

cf Section 1.2.2, and as Remf would be much less than 20 far 

fluidized-bed combustion, a simple relationship such as that 

given by equation (7) might be used. Indeed, two farms of. 

equation {14), and one of equation (7) as ussd by Avedesian 

and Davidson (10) are platted in Figure 18 ta illustrate 

the variation cf minimum fluidizing velocity with temperature. 

For easy reference th~se equations are written below: 

Ga 2 (6) = 1650·Remf + 243 5•Remf 

Ga 600-Remf + 
·2 

(15) = J43 2•Re f .m 

Ga = 1650·Remf (16) 
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from figure 1B, it is evident that equation {15) as derived 

from the fluidization study is in error due ta a peak value 

for Umf being evident between 200 and 3 □□ 0c. Equati~n (6) 
,predicts a value somewhat lower than the aver~ge value of 

□ ,53 determined experimentally whilst eq0ation (16) predicts 

a value of 0,52 at 4 □ bc. further, equations (6) and (16) 

tend to predict the same values as the temperature increases 

ie the Reynolds number decreases. 

from the above, it was decided to use equation (16) in the 

evaluation of the minimum fluidizing velocity for the inert 

bed used in the tests. 

Once the bed has been fluidized, the pressure drop through 

the bed remains almost constant as the velocity increases. 

Reference to figure 17 indicates that the pressure increases. 

However, it is to be noted that the bed pressure probe also 

measures a small pressure drop due to the fixed bed of 

refractory stones above. Subtracting this value would 

produce a flatter curve, similar to curve of the density. 

from Figure 17, the characteristi~ 'hump' during the first 

pressure raising cycle is evident, whilst a distinct cut 

off on derluidizing as the bed ch~nges from ~he fluidi~ea to 

the fixed bed regime is evidence suggesting localized 

channelling and defluidization as the velocity approaches 

the minimum fluidization velocity. 

3.2.2 Measurement of the Dynamic Bed Height 

The pressure measurements associated with the combustor 

plenum chamber and the bed sections fluctuated continuously 

during the tests as a result of bubbles bursting at the 

surface. This made an accurate measurement of these 

readings difficult. Pressure probes were placed in the 

bed at two different heights, from which an assessment of 

the dynamic bed height should be possible. A diagram to 

indicate the precise positioning of the bed pressure probes· 
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and illustrating their connection to water manometers is 

given in figure 19. The bed density is simply taken as 
' the difference between the pressures of the two probes. 

The dynamic bed height can therefore be estim~ted by 

equation (17), where the constants 'a' and 'b' are as 

defined in Figure 19. 

= a + b . (bed pressure J 
(bed density) 

- (17 J I 
I 

Table H.2 of Appendix H contains details of the different 

pressure drops as well as details of the static and dynamic 

bed heights for each of the tests. The static bed heiqht 

has been determined by measuring the bed heights at the 

beginning of and at the end of a particular test run and 

by considering the amount of bed material added in con­

junction with the pressure drop through the bed. 

Referring to Appendix J, the fraction of bubbles 1 f' in the 

bed can be determined by equation (J.6) whilst the absolute 

velocity of rise of the bubble 'UEs' is given by the 

Davidson and Harrison (12, pg 100) relation of equation 

(J.B). These equations are repruduced below: 

(J.6) 

(J. 8) 

The various velocities, and the values of dynamic and static 

bed height are included in Table H.3 of Appendix H. from 

these values, the fraction of bubbles in the bed as well as 

the bubble velocities have been determined. from Table H.3 

it is clear that a~cording to the slug flow criterion of 

Appendix J.3, the bed is in a slugging flow regime. However, 

as discussed in Appendix J, slugging flow probably does not 

occur in the shallow beds. This is discussed further in 

Section 3.4.3. 
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figure 19 : Diagram to Illustrate the Location of the 

Bed Pressure Probes. 
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The bed expansions which have been deduced from the evalua­

tion of the dynamic bed heights, result in small values of 

f, ie the fraction of bubbles in the bed. In view df the 

high excess gas velocity Uf - Umf' a higher proportion of 

the bed would be taken up as bubbles than is indicated by 

Table H.3. The calculated value of the dynamic bed height 

is suspected to be in error. This is further vindicated,' 

as it can be shown statistically that no corr~lation exists 

between, the bed height, or the bed expansion R, or the 

fraction of bubbles in the bed f, and the excess gas 

velocity Uf - Umf" Finally, the resulting evaluation of 

the bubble diameters from the bed height measurements are 

well in excess of the rig diameter indicating that the use 

of the bed measurements for determining bed heights has not 

been satisfactory. 

3.3 COMBUSTION EFFICIENCY 

Complete combustion of coal is assumed to have taken place 

when all of the coal is burnt in the presence of oxygen to 

form carbon dioxide, sulphur dioxide and water vapour. The 

reactions taking place during the formation of these products 

are all exothermic, resulting in a corresponding release of 

heat. The nitrogen present in the coal is assumed to leave 

the reaction zone as gaseous nitrogen, as the formation of 

NO is assumed to be small. The definition of the combustion 
X 

efficiency has been defined in Appendix E, as the rati~ of 

the rate of heat liberated to the rate of heat input. This 

latter quantity, the rate of heat input, is the rate at which 

heat could be generated should complete combustion of the 

entire coal feed be effected. The rate of heat liberated 

is less than this ·quantity as a result of: 

a) incomplete combustion, and 

b) unburnt carbon remaining in the ash. 
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Incomplete combustion of the coal generally refers ta the 

combustion of the carbon component of the coal ta carbon 

monoxide instead of carbon dioxide which is accompan{ed by 

a reduction in the heat released due to the s~aller he~t of 

formation of carbon monoxide. As the combustion efficiency 

is ta be related only to the bed section, the combustion 

process is cansider~d ta take place within the fluidized 

bed, and therefore any combustion above the bed section 

would be as the result of incomplete combustion within the 

fluidized bed. The combustion of the volatile component, 

or of carbon monoxide to carbon dioxide, above the bed 

would be as a result of the incomplete combustion of 

volatile er fixed car~an component~ of the coal wi.thin 

the fluidized bed. Incomplete combustion generally takes. 

place in oxygen deficient regions, or at law combustion 

temperatures due to the slow reaction rates prevailing at 

these lower temperatures. 

In order to ensure that all the carbon presented in the 

coal f~ed is burnt, this carbon must remain in the high \ 

temperature combustion zone for a finite length of time. 

In a fluidized-bed combustion system, once the particle has 

been reduced to a specific size as a result of the combined 

action of attrition and combustion, it may be entrained in 

the off gases. Indeed, Skinner (8, pg 81) states that the 

coal .should be crushed so that it has as small a proportion 

as possible below 120 microns, so as to reduce the pro­

portion of particles of high carbon content entrained from 

the bed. The unburnt carbon loss from a fluidized-bed 

combustion system, therefore manifests itself as carbon in 

the entrained ash, or in the carbon contained in the bed 

material which may be withdrawn from the cambustor. 

The test rig used for the experiments reported consis~s of 

a refractory lined combustor vessel, with cooling being 

effected by means of the fluidizing air~ The air supplied 

to the combustor is therefore about three times that required 
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for stoichiometric combustion. The formation of carbon 

monoxide, or incomplete combustion of the volatiles, in the 

bed section is not likely to occur due to the abunda~ce of 

oxygen supplied to the rig resulting in no oxygen deficient 

regions in the bed. Visual observation of the rig when 

operating between 7□□ °C and 10d □°C indicated an absence of 

the combustion of carbon monoxide in the freeboard, whilst 

a small volatile flame appeBred sporadically in the free­

board area above the position of the coal feed aperture at 

temperatures above 90□ 0c. This is probably caused due to 

the rapid evolution and combustion of the volatiles at high 

temperatures. However, at temperatures slightly above 

60□0c, a hlue flame 1r·c1s eviciEmt ir the fr~eboarc sectic:.n 

indicating the combustion of carbon monoxide. Yellow 

flashes were also observed above the bed, indicating the 

combustion of volatiles above the bed at these low 

temperatures. In view of the above observations, and 

further as a result of the high oxygen concentration 

prevalent in the fluidized bed, it is clear that the 

volatiles are burned within the bed section, whilst the 

carbon component of the coal burns to carbon dioxide in 

this section. Therefore nQ measurements to assF-ss tre 

loss due to incomplete combustion have been undertaken. 

As no prdvision was made during .the tests for removal of 

the bed material as overflow from a weir or any similar 

device, ash and bed material can only be removed from the 

rig as a result of the entrainment process. The unburnt 

carbon loss is therefore limited to the carbon entrained 

in the off gases. The proportion of carbon contained in 

the ash collected by the cyclone has been determined in_ 

order to evaluate the unburnt carbon loss. In fact, this 

represents the onl.y combustion loss from the fluidized-bed 

combustion test rig, and the combustion efficiency can be 

determined directly from it as given by ~quation (Bo2) below: 

n = 1 - h 
C C (B. 2) 
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3.3.l Methods of Determining the Combustion Efficiency 

If the unburnt carbon in the entrained ash is consid~!ed to 

be the only combustion loss in the fluidized-bed combustion 

section, then the combustion efficiency may be determined by 

one of two methods: 

a) by means of a heat balance 

b) by determination of the unburnt caibon in 

the entrained ash. 

a) The Heat Balance 

By considering a heat ':Jalanc'3 abo1JJ: t.he fl uidizE,d-bed 

combustion section of the rig the following equations from 

Appendix E are formed 

(heat input) _ ( heat in ) + ( heat Zoss through) 
off gases ·combustor uXills 

(E.1). 

which can be reduced to 

(E.5) 

or 

n • M • NCV = M • c • M' + 0 473 • 10-3 • tiT 
C fo g p ' (E. 6) · 

In the determination of the combustion efficiency from 

equations {E.5) and (E.6), all the quantities, except for 

the gas flow rates can easily be determined. However, the 

gas flow rate can be approximated in terms of the air flow 

rate, the rate of fuel burnt and the ash content of fuel by 

the following equation 

(18) 

and hence from equations {E.5) and (18), the fuel burnt can 

be shown to be 

(19) 
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The net calorific value (NCV) and the ash content (a) have 

been determined from samples for a series of different 

tests, cf Appendix D, and small variations from test to 

test may occur. Further the values used for these two 

parameters in the solution of equation (19) are average 

values. However the devi~tion is not ~xpected to 

significantly affect the estimation of the fuel burnt. 

The values for air flow (Ma) and the difference between 

the bed temperature and the surrounding air temperature 

have been measured to a sufficient accuracy to permit an 

accurate assessment of the fuel burnt (Mf). 

The combustion efficiency may be determined as the ratjo 

of the rate of fuel burnt to the rate of fuel supplied as 

given by equation (20). 

(20) 

The rate at which the fuel is supplied to the combustor 

can be determined from the feedF.r speed to a very high 

degree of accuracy cf Section 2.4.1. However, during 

each test the feeder speed had to be varied continuously 

in order to maintain the beo temperature w_ithin acceptable 

limits. Further, coal wedging between the feeder screw 

and locating sleeve resulted in retardation of the feed 

flow rate. As continuous monitoring of the feeder speed 

was not undertaken, the speed was noted ~fter each adjust­

ment and at regular intervals. During a large number of 

the tests the feeder had to be adjusted quite frequently 

thus reducing the accuracy of the integrated feed flow. 

The combustion efficiencies were determined in accordance 

with equation (20). The resulting values ~re contained 

in Tables 3.1 a and 3.1 b with the approximate temperature 

and velocity conditions for easy reference. 

\ 
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Table 3.1 a : Table of Combustion Efficien~ies determined 

from a Heat Balance at approximate Temperature 

and Velocity Conditions for an Inert Bed 

Weight of 30 kg. 

Temperature ( oC) 
Velocity 

(m/s) 650 700 750 800 850 900 950 

0,9 75,5 

1,1 78,7 67,0 69,7 

1,3 78,5 69,4 78,9 

1,5 62,1 ·78,7 72,2 71,1 77,5 

- . -

Table 3.1 b : Table of Combustion Efficiencies determined 

from a Heat Balance at approximate Temperature 

and Velocity Conditions for an Inert Bed 

Weight of 20 kg. 

~ 

Va loci t:,: I~mpe:r;~tu~ (oC) 

(m/s) 700 750 800 850 900 950 1000 

1,1 90,7 86,1 88,0 80,9 

1,3 77,0 80,7 

1,5 75,8 77,6 81,1 83,8 

\ 
' 

The results presented in Tables 3.1 a and 3.1 bare very poor, 

with virtually no correlation between temperature and 

efficiency, whilst a relationship between velocity and 

efficiency is only evident for a shallower bed. Further, 

in contrast to general expectations, the efficiencies 

obtained from the shallower bed are higher than those for 

the deeper bed. These results were deemed to be in error, 

due to the unreliable value for the integrated value of the 

coal feedo 
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The instantaneous coal feed rat~ can be determined to a 

high degree of accuracy. As the coal feed was changed, 

continuously during each test, instantaneous values had 

to be measured and integrated over the duration of the 

test. The method of determining this integrated value 

was not very satisfactory and it is felt that an instan­

taneous recording of the feed flow every 30 seconds is 

necessary to achieve any meaningful results.,_ Further, 

the adjustment of the coal feed would only manifest itself 

on the combustion system after a, time delay of between two 

to five minutes, and coal feed rates immediately prior to 

the commencement of the test may also be necessary. 

This approach has been discarded for these tests in 

preference for the determination of the combustion 

efficiency from the estimation of the unburnt carbon in 

the entrained ash which is described below. 

b) Unburnt Carbon in the Entrained Ash 

The ash entrained in the gas stream leaving the fluidized­

bed combustor is removed via a low pressure drop cyclone. 

The efficiency of dust extraction would be of ~h~ order ~f 

75% cf Section 3.4 and Appendix K. Therefore about 2Si 

of the ash will not be collected by the cyclone, and the 

carbon content of this ash has not been assessed. However 

the carbon content of these finer ash particles would have 

to be considerably different from that collected by the 

cyclone to have a marked effect on the overall result. The 

combustion efficiency can be determined by the unburnt carbon 

loss as defined in BS 2885: 1974 from equation (B.2). 

n = 1 - h 
C C · (B. 2) 

I 
/. 

where the unburnt carbon loss referred to the net 

calorific value of the fuel can be found from equation (21) 

C 
h c 33 820 
c - 1 - c ·a· NCV 

C 
(21) 

\ 
; 
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Or the combustion efficiency can be determined in terms of 

the carbon content of the entrained ash and the ash content 

and calorific value of the coal i.e. 

n =f(NCV,a,c J 
C C 

(22) 

From equation (22), it is clear that the combustion 

efficiency is independent of the direct measurement of 

any of the main operating variables during each individual 

test. Provided a representative ash sample is analysed, 

and that the main operating variables remain within 

acceptable limits, a good assessment of the combustion 

efficiency as defined by equation (22) can be obtainedo 

The resulting values are contained in Tables 3.2 a and 

3.2 b with the approxim~te temperature and velocity con-

ditions for ease of reference. Accurate values for 

velocity and temperature as well as more detailed results 

are contained in Table H.l of Append~x H. 

Table 3.2 a Table of Combustion Efficiencies determined 

from the Carbon in Ash Analyses at approximate 

Temperature and Velocity Conditions for an 

Inert Bed Weight of 30 kg. 

Velocity 
Temperature c0 c> 

(m/s) 650 70G 750 800 850 900 950 

0,9 88,6 
* 1,1 81,8 BB,3 83,4 

1,3 76,9 83,0 87,8 
* li5 52,0 76,6 84,3 88,9 89,7 
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Table 3.2 b Table of Combu~tion Efficiencies determined 

from the Carbon in Ash Analyses at approximate 

Temperature and Velocity Conditions for'an 

Inert Bed Weight of 20 kg. 

Velocity Temperature (oC) 

{m/s) 700 750 800 850 900 950 1000 

1,1 79,6 80, 2 87,7 BB, □ 

1,3 71,7 85,6 

1,5 79,6 * 73,1 79,B 91,4 

The results of Tables 3.2 a and 3.2 b indicate increasing 

combustion efficiency with increasing temperature and 

increasing bed height, whilst the combustion efficiency tends 

to decrease as the superficial gas velocity increases. 

Those values marked with an asterisk (*) have been omitted 

from the regression analysis as they are apparently in error~ 

In each of these three tests, large adjustments to the coal 

feed rate had to be made to maintain the bed temperature at 

an accer tutlle value'• 

3.3.2 Statistical Analysis of Results 

The experimental work has been conducted by considering 

variations in the main independent variables, temperature, 

superficial gas velocity and the static bed height. The 

temperature was continuously recorded by means of three 

chromel-alumel thermo-couples, cf Section 2.2.7. The.mean 

value of the temperature has been evaluated for each test 

from about 120 equally spaced individual readings. Table Hal. 

of Appendix H contains details of the mean, maximum and 

minimum temperature levels recorded during each test, as 

well as the standard deviation from the mean. This latter 

value has been included to illustrate the degree of deviation 

I 



-94-

from the mean, and higher values for the standard deviation 

recorded during the shallow bed tests indicate the increased 

difficulty in maintaining steady temperature conditions with 

these shallower beds. 

Superficial gas velocities and the static bed heights are 

obtained indirectly from other measurements. The former 

has been obtained by measuring the air flow to the rig and 

adding the small component from the resulting combustion 

gases when the coal is burnt within the rig. The static 

bed height is determined from measurements of the bed height 

prior to and at the end of each test run, eg Run 8, and by 

relating these values to the individual bed pressure drop 

measurements for each test, eg BC or 9E etc. Values of 

the superficial gas velocities are contained in Table H.l 

in Appendix H. whilst those of the static bed height are 

contained in Table H.2 of the same Appendix. 

In view of the fact th~t Ehrlich (2B} used other indepen­

dent variables, viz coal flow rate, air flow rate and inert 

feed rate, it was decided to estimate the effect of .other 

independent variables on the combustion efficiency. A list 

of the i~deµendant v~riabl6s considered is .quota~ belo.,: 

bed temperature 

superficial gas velocity 

static bed height 

coal feed rate 

gas flow rate 

ratio of the bed to distributor pressure drop~ 

vigorousness of bubbling as given by: (Uf-Umf)/Umf 

splashing rate, cf Section 3.4 

The measured value. of the coal feed rate has been found to be 

of poor accuracy. A better value for the coal feed rate can 

however be deduced from the evaluation of the rate at which 

the coal is burnt and the combustion efficiency. Therefore 

the coal feed rate cannot be used in the regression analysis. 

r 
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Further, as the rig is co6led by the fluidizing air, the 

gas flow rate is almost proportional to the superficial 

gas velocity, and can therefore be omitted from the, 

analysis. 

The remaining six quantities from the original eight 

listed above will be used in a multiple linear regression 

analysis. A brief outline of the statistical method 

employed in the analysis is contained in Appendix f. 

The ratio of the bed to distributor pressure drop is 

obtained directly from the measured values quoted in 

Table H2 of Appendix H. This value has been included 

in order to include Rome parameter which may quantify 

the quality of fluidization. Similarly the velocity 

ratio, termed the vigorousness of bubbling by Merrick 

and Highley (22) has ~lso been included. The splashing 

rate which is discussed in Section 3.4 may also be related 

to the quality of fluidization, and therefore this para­

meter will also be assessed in the regression analysis. 

l_t}e Reqr~.§.~.ion Analysis 

Table H.4 of Appendix H includes all the values to be used 

in the regression analysis. It should be noted that the 

results for tests 7B, BH and l □A have not been included 

for reasons as set out in Section 3.3.l (b)o The first 

step of the analysis is the evaluation of the bivariate 

correlation coefficients, Pii. These have been deter­

mined and tabulated in Table 3.3 overleaf. 

\ 



Temperature rlj 

Gas r2j 
Velocity 

Bed r3j 
Height 

Pressure r4j 
Ratio. 

Velocity r5j 
Ratio 

Splashing r6j 
Rate 

Efficiency r.Y.. J . 

Table 3.3 : Bivariate Correlation Coefficients between 

the various Parameters as defined in the Table 

Tempe ratlire Cas Bed Pressure Velocity ~plashing Efficiency 
VeJ □ city Height Ratio Ratio Rate 

ril T'i2 r i3 T'i4 r i5 ri6 riY 

1,0000 0,2015 -0,1856 0,0531 □ ,5957 -0,1468 o, 7474 

0,3015 1,0000 0,0673 -0,8002 0,8644 0,3500 -0,1775 

-0,1856 0,0673 1,0000 D,1558 O, 0426 0,6969 0,1847 

0,0531 -0,8002 0,1558 1,0000 -0,6299 -0,1912 0,5210 

' 

0,5957 □ ,B644 0,0426 -0,6299 1,0000 0,2943 0,1746 
I 

-0,1468 0,3500 0,6969 -0,1912 0,2943 1,0000 0,0716 
j 

0,7474 -0,1775 0,1847 0,521G 0,1746 0,0116 1,0000 

I 
\Cl 
0\ 
I 
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Nineteen data points have been used in the analysis. It is 

of interest to determine whether a significant correlation 

exists between any two parameters. Fram Appendix F; it is 

seen that the hypothesis that the correlation does not differ 

significantly from zero can be tested by the analog given by· 

n 2 

2 1 - r ... 
1,J 

I 

I 
- \ 

distributed under the null hypothesis as t (19-2), i.e. 

with seventeen degrees of freedom. 

Far 95% confidence limits, and seventeen degrees of freedom 

I 

and 
to, 02s = 

t0,975 = 2,110 

2,110 

I 
or far there ta'be no significant correlation between any 

two parameters, the following :inequality must be satisfied: 

- 2,110 rij Ji 17 2 2,110 (23) < < 
••. 1~ ~ . 

1,J 

01' r;. 
1,J 

< 0, 342 (24) 

Reference to equation (24) and Table 3.3 indicates that a 

significant correlation exists between the fallowing 

parameters: 

Temperature 

Gas Velocity 

Bed Height 

Pressure Ratio 

. . 
and velocity ratio 

and pressure ratio, velocity ratio, 

splashing rate 

and splashing rate 

and gas velocity, velocity ratio 

Velocity Ratio : and temperature, gas velocity, 

pressure ratio 

Splashing Rate : and gas velocity, bed height 
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In order ta determine the significance of each of the depen­

dent variables on the combustion efficiency, the standard 

normal correlation coefficient, Bi, for each of the~i 

parameters must be determined. These are fa~nd from the 

campon~nts of the inverted matrix formed from the ~atrix 

comprising_the bivariate correlation coefficients between 

the independent variables of Table 3.3, i.e. all the 

. components of Table 3.3 except for the correlation co­

efficients between efficiency and each of the independent 

variables. This inverted matrix is given in Table 3.4 

Table 3.4 Inverted Matrix of the Bivariate Correlation 

Caefficie,ts between t~e Independen~ Variables. 

gil 9i2 9i3 g ·4 • 
·. l. 

' 
9i5 9i6 

glj 4,8679 -0,3564 1,1918 -3,9603 -5,3829 0,8356 

g2j -0,3564 7,6277 -0,7614 3,7138 -3,9123 -0,3295 

g 3j 1,1918 -0, 7614 2,6907 -1,9986 -0,9755 . -1, 5287 

d4. - J 
-3,9603 3,7138 -1,9986 6,6468 3,493] -'J,2453 

g 5j -5,3829 -3,9123 -0,9755 3,4931 10,142 -1,0579 

g 6j 0,8356 -0,3295 -1,5287 -0,2453 -1,0579 2,5677 

From the above table, the fallowing standard normal carrela-

tian coefficients are determined: 

1) Temperature . ·B1 = □ ,9782 . 
2) Gas Velocity B2 = 0,5329 

3) Bed Height, • B3 = 0,2019 

4) Ratio of bed ta distributor . B4 = 0,1023 . 
Pressure Drops 

5) Gas Velocity Ratio, (Uf-Umf)/Umf : B5 = 0,0063 

6) Splashing Rate . B6 = 0,2720 . 
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The multiple correlation coefficient has been calculated as: 

R = D,9679 

indicating that the regression equation which could be 

determined from the six independent variables fits the data 

rather well. However the contribution of some of th~ 

independent variables may not be significantly different 

from zero •. By taking 95% confidence limits the interval 

estimates, B1 , for each of the standard partial correlation 

coefficients can be determined from equations (F.ll)and 

(F.12) of Appendix f. 

are given below: 

The calculated interval estimates 

o, 6295 < B' 
1 < 1, 3269 

-0,9694 < B' 
2 < -0,0964 

-o, 05?4 < B' 
3 

< 0,4612 

-0,3052 < B' 
4 < 0, 5098 

-0,49?1 < B~ < o, 5097 

0,018? < Ff6 < 0,5253 

from the above it is evident that the effect of the ratio of 

the bed to distributor plate pressure drop (B
4

), and the gas 

velocity ratio (B 5 ) have little significance in the regression 

analysis and can be eliminated. The splashing rate (B 6 ) 
appears to be of significance, whilst the contribution due to 

the static bed he{ght (B3) is apparently insignificant. How-I 

ever, it was previously noted that a correlation exists 

between the bed height and the splashing rate, and thus the 

elimination of the splashing rate would increase the signi­

ficance of the bed height. further, a positive value of 

the standard partial correlation. coefficient for the 

splashing rate, indicates that as the splashing rate in-

creases the combus.tion efficiency increases.·· This is 

contrary to expectations, and further as the meas~rement 

of the static bed height is easier than that of the 

splashing rate, this latter variable has also been 

eliminated. 

I 

i 
I 

I ,, 
l 
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The analysis has been performed to obtain a regression 

equation using temperature, superficial gas velocity and 

bed height. The resulting correlation is given below: 

(25) 

The multiple correlation coefficient, R is found as 

R = 0,9422 I 
The elimination of three of the original six variables has 

resulted in a decrease of the multiple correlation co-

efficient from 0,9~79 to 0,9422. Ih order to establish 

whether this coefficient has been lowered significantly by 

the elimination of the three variablesi the test as· 

presented in Appendix Fa2 is applied. 

the following value is obtained: 

F = 3, 1019 

and FO 95(12,3) - B, 74 , 
FO 05 (12,3) o, 287 -, 

From equation (F.13), 

and sincE the value ~f Flies between 0,287 and F,74, ~he 

multiple correlation coefficient has not been significantly 

reduceda 

Finally it was felt that a regression equation could pro~ 

bably be evaluated with only two independent variables, 

viz temperature a □ d superficial gas velocity. However, the 

resulting multiple correlation coefficient was only 0,8586 

which can easily be shown to be significantly different from 

the 0,9422 obtained using three independent variables. 

Therefore equation. (25) can be taken as the best estimate of 

the combustion efficiency from the data obtained from the 

test rig. In the determination of equation (25), the 

fallowing regression table, given by Table 3.5 was generated: 

\ 
l 
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Table 3.5 : Regression Table from the Analysis resulting 

in the formation of Equation (25). 

Sum of Degrees 

Squares freedom 

Regression 551,6 

Residual 69,7 

Total 621,3 

with the following statistical values: 

Coefficient of Determination 

Standard Error of Estimate 

3 

15-

18 

of 

. . 
Multiple Correlation Coefficient : 

3.3.3 Discussion of Results 

Mean 

Squares 

183,9 

0,8878 

2,1559 

0,9442 

4,65 

It has been found that the combustion efficiency can be 

predicted from the bed temperature, the superficial gas 

velocity and the static bed he~ght. Although extra­

polations·could be made beyond the limits for which the 

results have been obtained, predictions of combustion 

efficiency with low pressure drop distributors and burning 

a coal having a high fines component such as.the Douglas 

Duff tested, based on equation (25) should be restricted to 

the following limits: 

Bed Temperature 

Superficial Gas Velocity 

Static Bed Height 

. . from 700 to 1DD0°C 

from D,9 to 1,5 m/s 

from 150 to 250 mm 

The combustion efficiency is most strongly influenced by the 

combustion temperature, resulting in improved combustion at 

the higher tBmperatures due to increased reaction rates. 

Secondary effects on the combustion efficiency are due to 
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the superficial gas velocity and the static bed height. 

As the superficial gas velocity is increased, the combustion 

efficiency decreases as a result of the increased eni~ain­

ment rate causing a reduction in the residence time of the 

particles in the bed. The high fines content of the coal 

feed may cause the effect of velocity on the combustion 

efficiency to be a little more emphasized than would 

normally be the case. The deeper beds tested_resulted 

in higher combustion efficiencies, due to the increased 

particle residence time. 

The combustion efficiencies reported in this thesis are 

much lower than those reported else~her~, eg by Waters (30), 

Ehrlich (28), Jonke et al (63). Though direct comparison 

is not possible due tci the lack of information regsrding 

the basic parameters, the lower efficiency can be attributed 

to three factors: 

a} the use of ~hallow· beds, 

b} the low pressure drop distributor, and 

c} the high fines content of the coal feed. 

It is generally accepted that shallow beds result in l~wer 

combustion efficiencies due to the shorter residence time of 

the coal particle in the high temperature combustion zone. 

Residence times of particles subject to elutriition are 

decreased in direct proportion to the total mass of the 

bed by the following relationship which is discussed in 

more detail in the theoretical analysis of Chapter 4. If 

the concentration of solids is designated as 'C', then the 

rate of change of concentration by elutriation can be 

approximated by a first order rate equation, eg 

dC 
- =K·C dt 

dC * At 
- = K·--· C dt W 

(26) 

(27) 
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where K* is an hlutriation rat; constant in (kg/m2s) which 

is readily obtained from experimental correlations (24). 

Whilst most published results relate to work done in ~eds 

ranging from about 300 to 600 mm in depth, the present 

series of tests were performed at depths considerably less 

than these. Equation (27) clearly indicates that the rat~ 
~ 

of elutriation of solids from the bed increases as the bed 

weight decreases, i.e. as the bed height decreases •. 

Although the pressure drop across the distributor should be 

of the same order as that through the bed, satisfactory re­

sults have been obtained using low pressure drop distributors, 

cf Section 1.2.7. However, the quality of fluidization may 

be impaire~ by using such distributors resulting in poor 

combustion efficiencies. This parameter, the quality of 

fluidi 2 ation, is difficult to quantify and attempts were 

made to assess this quantitatively by introducing some 

additional factors in the regression analysis of Section 

3.3.2. All the factors analysed, resulted in insignifi-

cant improvements in the prediction of the combustion 

efficiency due to the interaction of the various factors 

upon each other. The precise effect of the pressure drop 

across the distributor, as well as efforts directed at 

determining quantitatively the quality of fluidization will 

only be possible hy evaluating combustion efficiencies whilst 

using both similar and different distributors but having 

different pressure drop ta velocity characteristics. 

The high fines content in the coal feed results in these 

fine particles being entrained in the off gases before 

combustion can take place. The coal gradings as supplied 

are given in Appendix C. However, prior to introducing 

this coal into the_ rig, the size fraction above 6,35 mm 

was screened off, resulting in the as fired grading given 

by Figure 20. Only the coal given as Batch Bin Appendix 

Chas been plotted as this was used for eighieen of the 

twenty-two testso From Figure 20, it is seen that about 



1
, DO 

(U 90 
N 
t.n 
'- BO 
QJ 

"'O 
C 

::> 70 
..... 
. 3: 

60 
>i 
.0 

~ 50 
0 

QJ 
> 40 
..... 
C 
:::, 30 

E 
:::, 
u 20 

I 1 0 

-
0,05 0,08 0,1 0,2 0,3 0,4 0,5 0, 8 1,0 3,0 4,0 • 5,0 • 8,0 10,0 

-- Particle Diameter ( mm)--

Figure 20: As Fired Size Distribution of Coal Designated as Batch B (cf App C) 

I ..... 
□ 
.,:.. 
I 



-105-

10% of the coal is less than 0,3 mm in diameter, the size 

for which the terminal velocity would be about 1,5 m/s 

cf Figure 6. 

Finally, it can be said that though the combustion efficiency 

can be approximated with confidence by a regression equation 

containing only temperature, gas velocity and bed height, 

the incorporation of a fourth parameter to quantify the 

quality of fluidization could probably lead to a more 

general application which would allow for changes in equip­

ment, in particular the dist~ibutor type. A further point 

is the effect of slugging flow which may have taken place 

in the deeper beds. This is discussed in more detail in 

Section 3.4 and is felt to have little effect on the 

combustion efficiency. 

The results of Test Runs 6, 7 and 8 have been plotted in 

figure 21, with li~es of constant velocity from equation 

(25) being superimposed on these points. Similarly, 

Figure 22 has been drawn for the shallow bed tests, ie 

Test Runs 9 and 10. From these two figures the results 

of the regression analysis can be compared directly with 

the point.; used in the derivation of equation (25)o 

3.4 ENTRAINMENT 

Particles are entrained from the combustor vessel of the 

fluidized-bed combustion rig and separated from the off 

gases in a cyclone. The entrainment mechanism can be 

described by considering it as the sum of two processes, 

the first due to elutriation of the fine particles, and the 

other as a result of splashing cf Section l.2o3o The 

phenomenon of elutriation has been studied in some detail, 

whilst the concept of splashing has been introduced to 

explain the entrainment of those particles too large to be 

elutriated. 
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The first analyses of the material collected from the 

cyclone indicated that the proportion of material larger 

than 600 microns was consistently greater than anticipated 

resulting in almost a discontinuity in the grading curves. 

Further, the quantity of material retained an the 420 and 

211 micron sieves was very much lower than that on the 600 

micron sieve. On closer examination, it was established 

that almost all of the material retained on this latter 

sieve was made up of the silica sand which was used as the 

inert bed material. These particles of bed material are 

too large to be elutriated, as the ~erminal velocity of 

these particles is well in excess of the·0,9 to 1,5 m/s 

velocity range used during the tests, cf Figure 6n Further, 

the bed material used for all but one of the tests has the 

size grading given by Figure 16 which indicates that about 

92% of the bed material has a size greater than 600 microns. 

During the combustion process, the bed will only comprise 

between 0,5 to 2% of combu~tible matter, and therefore any 

material extracted from the bed during the combustion pro-

cess will be made up mainly of inert particles. In view 

of the above it is evident that those particles greater 

than 600 microns have been entrained from the bed by the 

splashing mechanism. Therefore it has been assumed in 

this thesis, that any material greater than 600 microns 

has been removed by the process of splashing, whilst that 

below 600 microns has been removed by the elutriation 

mechanism. 

The above assumption is not strictly true, as the splashed 

material should have a grading identical to that of the 

bed. However, the quantity of bed material smaller than 

600 microns will at worst not exceed 10% of the bed material, 

being made up of the original bed material comprising 

about 8% and some combustible matter comprising no more 

than 2% of the fluidized bedi Further, reference to Figure. 

6 indicates that particles much larger than 300 microns will 

not be elutriated. However, from the size gradings 
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presented later in this section, it is evident that the 

fraction of material between 300 and 600 microns represents 

only a small fraction, about 5%, of the total below 300 

microns, such that the inclusion of this small fractiort 

in the elutriated quantity will have little effect on the 

results. 

3.4.1 Grading of the Ash 

Once the 600 micron fraction has been removed from the 

material collected by the cyclone, the remaining particles 

consist almost entirely of ash. This ash fraction has 

been graded for each of the twenty-two tests by means of 

sieving, whilst a further eight tests were selected for 

testing by means of a sedimentation technique. Information 

on the different means of determining particle sizes as 

well as the reasoning for adopting the above two methods 

is given in Appendix G. 

Sieving of the material obtained from the cyclone was 

performed using sieves having the fallowing aperture sizes 

in two sieve nests as indicated below: 

600 micron 150 micron 

420 II 106 II 

211 " 75 II 

53 II 

Particle sizes below 53 microns were determined far eight 

of the tests by means of a sedimentation technique based on 

the incremental method as outlined in BS 3406 : Part 2 of 

1963 with use being made rif an Andreasen pipette. This 

method allows far the determination of particle sizes from 

75 ta about 3 microns. The typical farm of a size grading 

for the particles below 75 microns is shown in Figure 23. 

Distilled water was used as the suspending liquid, and 

examination of a small drop of the suspension indicated 

that no coagulation took place. From Figure 23 it is noted 
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that a sharp decrease in the cumulative percentage takes 

place between 40 and 55 microns, indicating that a large 

proportion of the particles are of this size. This ~s 

probably due to the natural classifying action of the 

fluidized bed causing small particles to be elutriated 

before being reduced too much in size, as well as due to 

the decreased efficiency of the cyclone in removing the 

finer ash particles. 

As the fluidized-bed combustion process is being investi­

gated, it is of far greater importance to have a knowledge 

of the size .grading of the material leaving the combustor 

vessel than for that collected by the cyclone. In order 

to obtain these gradings, iso-kinetic sampling of the dust 

on leaving the combustor or immediately prior to entering 

the cyclone will have to be undertaken. However, this 

would have involved a complex and lengthy procedure 

rendered difficult due to the short lengths of ducting 

and relatively confined working area. A second approach 

was adopted requiring a knowledge of the cyclone performance , 
I 

to deduce the size grading of the incoming dust from the 

grading of the collected dust. As the cyclone has become 

aln1ost standard equipment in many dust extraction applica­

tions, the performance of these components have been reported 

in various publications. The performance of the cyclone 

used for the fluidized-bed combustion tests is discussed 

in Appendix K. 

The size gradings of the collected ash have been used to 

determine the gradings of the ash on entering the cyclone 

and hence the ash leaving the cyclone in the following way: 

a) The grading of the ash collected from the 

cyclone is determined by sieving and in some 

cases the smaller sizes are determined using 

the incremental pipette method. 
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b) The grading of the ash ~t inlet to the 

cyclone is determined by applying the cyclone 

efficiencies for the different intervals to 

the collected ash grading. 

c) These results are .then "smoothed" by plotting 

on log-probability (Rosin-Rammler} paper and 

fitting a straight line to them. 

d) The resulting grading for the ash at inlet 

to the cyclone is then used to determine the 

"smoothed" collected ash curve from the 

cyclone efficiencies and hence the grading 

of the ash leaving the cyclone to the 

atmosphere. 

Figures 24 and 25 illustrate typical curves for the gradings 

at inlet to and exit from the cyclone as well as the grading 

of the collected ash. Although there is _very little 

difference between the two sets of curves, Figure 24 is \ 

representative of the results obtained from the deep bed 

tests whilst Figure 25 is representative of the shallow bed 

tests. In addition to these results, Table H.5 of Appendix 

H contains some selected smoothed curves of the size gradings 

of the ash at inlet to, exit from and that collected by the 

cyclone. The complete sieve analyses from 600 to 53 microns 

is given in Table H.6 of the same Appendixi ~hilst Table H.9 

contains the results of the size analysis by means of a 

sedimentation technique for particles of size less than 75 

microns. This latter analysis has only been performed oh 

the ash from eight of the tests. 

3.4.2 The Splashed Material 

All that material entrained in the gas stream from the 

fluidized-bed combustor greater than 600 microns in size is 

assumed to be removed by the mechanism of splashing. It is 
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evident that the splashing rate is a function of the height 

of freeboard section, and for an infinite freeboard, the 

splashing rate will be zero. Kunii and Levenspiel~ 

(4, Ch 10) consider the entrainment of fines ·by the 

elutriation mechanism, whilst the entr~inment of coarse 

particles decreases exponentially in accordance with an 

equation similar to that given by equation (28). 

-a•H 
m = Fe (28) I 

This entrainment of the coarse particles has been represented 

in this thesis by the splashing rate, _and as is evident from 

equation (28) the splashing rate is very much dependent on 

the rig dimensions, and in particular on the height 6f the 

freeboard. The results of this study are therefore re­

ferred to a freeboard height of approximately 900 mm, which 

is well below the figure. of about 10 m which is. generally 

quoted as being necessary to eliminate the effect of the 

entrainment due to causes other than by elutriation. 

Examination of the sp·lashed material ha·s. shown it_ to be 

comprised almost exclusively of the silica sand used as 

th;? bed na·';erial. Small affiounts of ash we=e ~v~dcnt, but 

not in any quantity to suggest a build-up of ash in the bed. 

Reference to Table H.2 of Appendix H shows that the static 

bed height decreases steadily during a test run. The 

increase in bed height indicated during Run Bis due to the 

addition of some bed material after Test BE. The bed material 

was also examined at the end of each run; and besides there 

being no appreciable build up of ash in the bed, ·the silica 

sand forming the inert bed showed almost no sign of degrada~ 

tion. It is clear therefore that the ash formed during 

combustion at the relatively low bed temperatures, from 

700 to 10 □□ 0 c, is ·soft and the attrition rate of the ash is 

high whilst that of the silica sand bed material is very 

small. This indicates that almost all of the ash intro­

duced into the bed via the coal feed, is broken down in the 

fluidized bed and removed from the rig by means of th~ off 
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gases. The original bed material, i.e. the silica sand, 

undergoes very little change and is removed by the splashing 

process. As a result of the removal of the bed mate~ial 

without it being supplemented by ash remaining in the bed 

from the coal feed, the bed height steadily falls as the 

Test Run progresses. 

3.4.3 Entrainment Rates of the Different Components 

Table H.8 of Appendix H contains the entrainment rates of 

the various components leaving the bed. These are divi-

ded into two main components, that due to elutriatian 

represented by the carbon and ash flaw rates and the ser.ond 

due to the splashing rate, represented by the sand flow 

rate. The combined ash and carbon flaw rates have been 

obtained by weighing the sample collected by the cyclone 

after the removal of the sand (i.eo the component having 

a diameter in excess of 600 microns), and allowing far the 

cyclone performance to deduce the flow rate of the incoming 

particles. The assessment of the percentage carbon in ash 

enables the ash and carbon flaws to be separated. The 

deduced ash flow rate has been determined directly from the 

ash content of coal feed rate, assuming that all the ash is 

entrained from the rig. In comparing this latter flow rate 

with the measured ash flaw rate, it appears that the d~duced 

flow rate, except far two measurements, is always greater 

than that measured. This would indicate that a small 

qua~tity of ash remains in the bed. However, the duration 

of the tests have been too short to obtain a meaningful 

result for the measured value, which has further been de­

rived from a simple approach to the cyclone performanceo 

Accurate comparisons could only be obtained from detailed 

tests an the cyclone .. The comparison of the results has 

little meaning except to indicate that the flaw rates are 

of the same order. However, although the absolute value 

of the measured entrainment rates is of only marginal 

importance, the relative values of the elutriated and 
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splashed components can be determined accurately and are of 

significance. The fraction of the entrainment rate that 

occurs as a result of splashing, or the percentage sand of 

the total entrainment rate, is given in Tables 3.6 a and 

3.6 b for each test with the approximate velocity and 

temperature conditions quoted for ease of reference. 

Table 3.6 a : Splashing Rate as a Percentage of Total 

Entrainment Rate from the Combustor Vessel 

Velocity 

(m/s) 

□ ,9 

1,1 

1,3 

1,5 

Velocity 

(m/s) 

1,1 

1,3 

1,5 

at Approximate Velocity and Temperature 

Conditions for a Static Bed Height of 220 mm. 

Terneerature c oc) 

650 700 750 BOD 850 900 950 

9,2 

4,7 8,7 6,D 
4,6 21,l 5,5 

10,0 13,5 28,9 17,8 9,2 

Splashing Rate as a Percentage of Total 

Entrainment Rate from the Combustor Vessel 

at Approximate Velocity and Temperature 

Conditions for a Static Bed Height o~ 155 mm. 

Temperature ( oC) 

700 750 800 850 900 950 1000 

0,5 1,1 0,4 1,2 

0,4 0,6 

1,3 1,6 0,8 1,3 

from Tables 3.6 a and 3.6 b, it is evident that the splashing 

rate from the deeper bed is far greater than that of the 

shallower bed. In accordance with the two phase theory of 
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. I 

fluidization, the amount of gas in excess of that required 

to fluidize the bed passes through the bed as bubbles. 

from Table H.3 of Appendix H, it is evident that the, 

superficial gas velocity is well in excess of. that required 

to just fluidize the bed. Further, from Stewart's (103) 

criterion for slug flow given by equation (J.12) below and 

as discussed in Appendix J.J 

(j.12) I 
the bed should be in the slugging flow regime. For the 

shallow beds tested, the coalescence of ths bubbles will 

not have occurred to such an extent for slug flow to occur. 

The bubbles in the deeper bed probably approach that of the 

combustor diameter, yet even these deeper beds have a depth 

of only 230 mm and fully developed slug flow is improbable. 

It is felt therefore that the increased entrainment rate 

for the deeper bed occurs as a result of the increased 

momentum imparted to particles on the bursting of larger 

bubbles at the surface. Although Davidson and Harrison 

(12, pg 19) claim that the two phase theory of fluidization 

holds for values of (Uf - Umf)/Umf in excess of ten, t~is 

would appear to be doubtful. 

Further examination of Tables 3.6 a and 3.6 b, indicates 

that increasing velocity increases the splashing rate. 

However the contribution by splashing at similar velocities 

but at different temperatures is markedly different, with 

an apparent maximum being observed at B00°C in four of the 

five velocity levels noted. This results in a poor 

correlation being derived between the splashing rate and 

velocity. It is felt that in order to obtain a quantitative 

result for the spl.ashing rate a far more comprehensive test 

series incorporating different distributor types will be 

necessary as one of the main parameters in ·the splashing rate 

would appear to be the bubble diameter. 
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3.4.4 Discussion of Results 

In contrast to quantitative results obtained from th~ 

investigation into the combustion efficiency,_ no such 

relationship could be derived in the description of the 

entrainment rates. It is evident, however, that the 

deeper beds resulted in higher splashing rates as was the 

result when the velocity was increased. The shallower 

fluidized beds behave as bubbling be~s, whilst the initial 

phases of slug flow appear to be manifested in the deeper 

beds investigated. In order to arrive at a quantitative 

result, the use of the bubble diameter, bubble velocity, 

fraction of solids in the bubble wake or some other com­

plex phenomenon associated with gas fluidized beds may be 

necessary. As all these parameters are highly complex, 

it is evident that a considerable amount of work will have 

to be done in order to quantify the result even for very 

specific operating conditions. 
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CHAPTER 4 

THEORETICAL MODEL 

The extension of results from experimental or pilot plant 

for use in large scale equipment or even the comparison of 

results from one particular arrangement to another requires 

the formulation of a model to describe the process. Models 

are particularly useful in establishing the effect of indi­

vidual parameters on the overall system. However, the 

combustion of solid fuels in an inert fluidized bed is 

extremely difficult to a ascribe analytically because of 

the large number of unknown parameters. Indeed, Pyle 1 (14) 
reports that models are quite often qualitative or at best 

semi-quantitative, whilst when some form of correlation is 

required to predict performance in some other situation, the 

model may be empirical. No a priori design and analysis of 

fluidized-bed combustors is presently possible, "nor is it 

likely to be so in the immediately foreseable'• future" (14}. 

A model has been developed based on the theories of different 

authors to explain the fluidized-bed combustion and entrain­

ment processes under steady state conditions. from a 

knowledge of the original bed size grading and the grading 

of the fuel fed into the combustor the eventual gradings of 

the inert and combustible components within the bed as well 

as of the entrained material can be predicted. A major 

objective of the model is the prediction of combustion 

efficiencies and entrainment rates. 

4.1 THE OVERALL CONCEPT 

The model commences with an estimate of the combustion 

efficiency and a determination of one of the thiee 
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parameters, superficial gas velocity, temperature or coal 

flow rate from the remaining two which are used as input. 

The second stage of the calculation is the determinaiion 

of the combustion efficiency. This is deter•mined by 

considering the overall consumption of oxygen in the bed 

and comparing it with the coal f~ed rate. The efficiency 

thus determined is compared with the original estimate, and 

should they differ by more than 0,5~ a new estimate for the 

efficiency is made based on the previous values. ·A new 

value for the unknown of the three parameters, velocity, 

temperature and coal flow is then determined and the 

calculation repeated until the desired accuracy is obtained. 

Elutriatinn rates. particle shrinkage rates anrl s~lashing 

rates have to be supplied as data. Existing correlations 

have been used for the first two, whilst a splashing rate 

constant has been determined from the experimental results. 

It should be emphasized that .the splashing rate constant so 

determined is rig dependent, the most important influencing 

parameters being the freeboard height and the existence of 

baffles above the bed. 

The third and final stage is concerned with the determination 

of particle entrainment rates from the bed. Particles are 

considered to be abraded in the bed and remain in the bed 

until they are removed either by elutriation, splashing or 

in the bed overflow. The major difference between this 

calculation and that for the determination of the combustion 

efficiency lies in the manner in which the shrinking particle, 

caused by combustion or abrasion is considered. In the case 

of combustion, no attrition is assumed to take place and no 

fines are produced. As a result ihe particle shrinks by 

chemical action only. Further, as the burning particles 

comprise only a small percentage of the entire bed mass, 

typically 1%, and therefore the overflow quantity or decrease 

in bed weight is neglected. In the case of attrition, the 

fines produced are considered and the mass balance of the 

system results in a more complex equation which is solved by 
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considering particles falling into and out of a small size 

fraction. The splashing rate constant obtained from the 

previous stage is applied to the third stage, whilst·the 

resulting ash size distribution is correlated with the 

experimentally determined distribution by applying an 

attrition rate constant. A simplified block diagram of 

the overall model is given in Figure 26~ 

4.2 PRELIMINARY CALCULATIONS 

The first stage of the theoretical model consists of 

performing a heat balance on a fluidized-bed combustor. 

In particular the heat balance is considered about the 

fluidized bed section of the test rig as described in 

Section 3.3.1 (a) and Appendix E. The heat balance is 

written as : 

(heat input) _ (heat in ) + ( heat Zoss through) 
off gases • combustor waZZs 

which reduces to 

(29) ' i 
I 

. i 
I 

(E.1) 

The heat loss through the combustor walls Q is supplied as w 
input. By increasing the value of this parameter, the 

effect of bed cooling by immersed surfaces can be assessed. 

The net calorific value may be supplied as input or be 

deduced from the ultimate analysis of the coal, whilst the 

specific heat is assumed to be the mean specific heat of 

air at the respective temperature. The conditions analysed 

are similar to those for which the tests were carried out 

i.e. at high excess air levels, and therefore the effect of 

the carbon dioxide and water vapour components on the speci­

fic heat of the flue gases will be small, such that the 

error introduced by assuming that the specific heat of these 

gases approximates that of air will be insignificant. The 

l r . 
I 
~ 
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gas velocity is related to the gas mass flow rate by the 

simple relationship of equation (30). 

(30) I 
I 

and equation (29) can be written as 

(31) 

The combustion calculation commences by assuming a value 

for combustion efficiency. Any two of the parameters, 

temperature, velocity or coal feed rate are supplied as 

input such that the third may be calculated by equation 

( 31 ) . F r o rn th i E t he c 'J t 1 l , g as an c1 air flows 3 re de+. er­

mined. The ultimate analysis of the coal enables the 

gas components as well as the specific air required and 

gas generated per kg of coal burnt to be calculated. A 

new value for the combustion efficiency is then determined 

from the combustion model and used in equation (31) to 

determine the corresponding coal, gas and air flow rateso 

The value for combustion efficiency is obtained by a method 

of successive approximations to an accuracy of 0,5% before 

the iterRtive procedure is termin2ted. 

4.3 THE COMBUSTION MODEL 

Once an estimate of the coal, gas and air flow rates has 

been made, the combustion efficiency can be determined. 

Gibbs (23) extended the entrainment model of Kunii and 

Levenspiel (4, Ch 11) to include the two phase theory of 

fluidization (12) enabling the evaluation of a combustion 

efficiency. This model, suggested by Gibbs (23) forms the 

basis of the comb~stion model. Other models have been 

suggested by Campbell and Davidson (13) and also by 

Becker et al (BO). The work of Gibbs attempts to improve 

on that of the former mentioned (13), whilst the work of 

Becker et al (BO) is an approach to develop a rigorous, 
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general, inclusive model resulting in a large number of 

assumptions, some contentions, and an unwieldy and large 

set of equations which have not as yet been shown to~be 

readily soluble. 

In accordance with the two-phase theory of fluidization, 

the model proposed by Gibbs (23) which has been adopted in 

this thesis, assumes that the bubble phase is devoid of 

particles and therefore combustion takes place in the 

particulate phase. The combustor performance therefore, 

depends on the rate of transfer of the oxidising reagent 

from the bubble to the particulate phase and the hetero­

geneous reaction rate. Avedesian and Davidson (10) have 

shown that for gas solids-contacting these can be measured 

by two dimensionless groups, . the transfer factor X or the 

number of times a bubble interchanges its volume as it 

moves through a bed of height Hf, and a dimensionless 

velocity constant k*. These relationships are represented 

in equations (32) and (33). 

(32a) 

which can also be written 

(32b) 

(33) 

where k is defined as a first order particulate phase 

velocity constant by writing the rate of oxygen consumption 

per unit volume of particulate phase (10). From these 

relationships, it is evident that for high values of X, the 

transfer of the r~agent to the particulate phase is high 

and the bed combustion reaction rate would be dependent on 

the heterogeneous reaction rate. Further, low values of X 

will result in much of the reagent by-passing the bed in the 

bubbles resulting in decreases in combustion efficiency as a 
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result of the poor interchange between the bubble and the 

particulate phases. While the particle shrinks due to the 

combined action of combustion and attrition, the comti'ustible 

material is assumed to be removed from the bed in the over­

flow, by elutriation and splashing. 

The combustion model only considers the effect on the 

combustible matter in the bed. The derivation of the 

performance equations are summarized below, the complete 

details may be obtained from References (4, Ch 11}, (10) and 

( 23). 

4.3~1 Assumption~ 

The basis for the model is the work on the batch combustion 

of carbon in a fluidized bed by Avedesian and Davidson (10). 

By comparing the carbon burn-out time, and carbon dioxide 

and oxygen concentrations in the off gas with theoretical 

considerations, they deduced that the combustion process 

of particles in a fluidized bed is controlled by two 

diffusional resistances, the diffusion of oxygen from the 

bubble to the particulate phase and secondly the diffusion 

of the oxygen through the ash to the burning carbon particle. 

The combustion of the carbon particle is assumed to take 

place according to the two film theory of combustion, cf 

Section 1.1.2. Referring to Figures 3 and 4 which describe 

this theory, it is seen that carbon dioxide diffuses from 

the reaction zone towards the carbon particle where the 

following heterogeneous reaction takes place: 

C + CO2 -- 2CO 

The resulting carbon monoxide diffuses back to the reaction 

zone where it-reacts with oxygen to form carbon dioxide. 
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One part of the carbon dioxide diffuses back towards the 

carbon particle while the other diffuses into the main 

stream. Avedesian and Davidson (10) indicate that 

Reynolds and Grasshof numbers are less than unity thus 

implying that forced and natural convection effects are 

small. Mass transfer is thus primarily due to molecular 

diffusion,·and by assuming that concentration profiles are 

quickly established, i.e. fast chemical reactions, the 

following equation representing concentrations about the 

particle as the particle shrinks results. 

d 
dr 

dC 
~2 ·-)=0 

~ 
(34) I 

j 

Equation (34) is solved with th~ boundary conditions imposed 

by the reactions of the two film theory given above. By 

comparing the resulting transfer rate with that which would 

occur with n6 chemical reaction other than that which would 

occur at the particle surface, the molar flow of oxygen to 

the particle is written as 

(35) 

The main assumpt~or1s o~ the model ~an be stated as follows: 

1. The two-phase theory of fluidization as proposed by 

Davidson and Harrison (12) in which a bubble and a 

particulate phase exist has been assumed. 

2. The particulate phase is completely mixed with regard 

to both the gas and solids within the phase. 

3o The bubbles are in plug flow and of uniform diameter 

throughout the bed. 

4. Coal is fed un~formly to all points on the plane at 

the base of the bed. 

5. Coal particles burn in the particulate phase of the 

bep. The flow of oxygen to the particles is 
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dependent on two diffu~ional resistances su~h that 

the molar flow .of oxygen to the surface of the 

combustible particle is given by equation (35). 

6. Coal particles shrink due to ·the combined action 

of combustion and attrition. The rate of shrinkage 

by combustion is governed by equation (35) whilst 

the tiny fragments worn off by attrition are carried 

away and are not considered as part rif the solid 

population. 

7. The volatile component is assumed to be combined 

with the char and to burn at the same rate as the 

char. 

B. The mass of combustible particles within the bed is 

much less than the total inert bed mass. 

4.3.2 Development of the General Performance Equation 

As the gas bubbles pass through the bed, they exchange oxygen\ 

with the particulate phase in which the oxygen concentration 

remains constant and at the same level throughout the 

fluidized bed at a value 'C •~­
p 

The oxygen concentration 

of the bubble changes from 'C I the value at inlet to the 0 , 

bed, to 'Cb' which is dependent on the height of the bubble 

within the bed. The overall gas interchange coefficient 

between the bubble and the particulate phase Kbp is defined 

by equation ( 3 6 ) . 

(36) 

This interchange coefficient can be .found by the relation­

ship derived by Dayidson and Harrison (12, pg 114) and is 

given by equation (37). 

G
0,5 0.,25 

·g 
+ 5.,85( -----) 

a1,25 
B 

(37) 
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By solving equation (36) to obtain the oxygen concentration 

in the bubble at a height h above the base of the bed, Gibbs 

(23) performs an overall oxygen balance over the whole bed 

to establish the overall oxygen consumption within the bed. 

This results in equation ( 38.). 

( 

overall 1 loxygen) ioxyg~ (oxygen) ~oxygen) molar entering leaving entering e(Il)ing 
aonswrrption = partia- - partia- + bubb Ze - .. bubble 
of oxygen uZate uZate phase • phase 
in the bed phase phase • 

h•O h=Hf h=O h=Hf 

(38) 

Now this oxygen consumption is also equal to the sum 6f the 

rates of oxygen consumed by each of the combustible particles 

within the bed as given by equation (35). Consider the 

bed to contain a mass M of combustible material with a 
. C 

particle size distribution given by p (d), such that 
C \ 

Ma·pa(d). t:,.d represents the mass fraction of combustible 

material between the particle size of d to d + b.d then the 

molar c:irsumpt:..0:1 of o:·.ygen in the particulatE, phase t:an 

be given by 

(

mo Zar oxygen) d 
~onsump~ion = Lmax 
~n part~auZ- d 
ate phase min 

12·Sh·G·C 
P. 

d max 

I M ·p ·(d) • a a 
d2 

d . 

dd 

m~n 

The general bed performance equation is obtained by 

(39) 

equating equations (38) and (39)o This general performance 

I 
j , 

I 
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equation is represented by equation ~O) below: 

A • (C -t 0 

· 12·Sh·G·C 
P. 

M • P (d) 
C C dd (40) 

Equation (40) is solved for C1
, i.e. the molar oxygen 

p 
concentration in the particulate phase. From a knowledge 

I 
l 
! 
I 

1. 

' 

I 
I 

of the coal feed rate to the combustor, a combustion 

efficiency can be deduc~~ from the molar □xyge~ consL1mpticn 

which would result in a particulate oxygen concentration C. 
p 

However, in order to solve equation (40), the size distri-

bution, Pc (d), and mass, Mc, of the burning solids con­

tained in the bed must be known. These quantities are 

found by making use of an entrainment model with shrinking 

particles in the bed section, as proposed by Kunii and 

Levenspiel (4, Ch 11) which is briefly developed below. 

Consider a fluidized bed system as illustrated in Figure 27. 
Coal of size distribution p 0 (d) is fed at a rate F 0 to a 

bed of weight M containing a mas~ Mc of combustibles of 

size distribution Pc (d). Coal is lost from the bed in 

th~ entrained gas stream at a rate F2 with a distribution 

P2 (d), and in the bed overflow at a rate F1 and with a 

size distribution Pl (d) which is identical to that cf the 

size distribution of combustibles in the bed. Prior to the 

development of the general entrainment rate equation, the 

rate equations for shrinkage and entrainment must be 

developed. 
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Figure 27: Diagrammatic Representation of a 

Fluidized Bed to Illustrate the 

Compnrent~ of the Mass Balance. 

a) Rate Expressions for Shrinkage 

Coal particles shrink as a result of the combustion process 

and due to attrition. The attrition of the coal particles 

is assumed to be a fraction of the combustion rate. The 

overall shrinkage rate can therefore be expressed as the 

sum of the combustion and attrition rate components. 

r(d) = r (d) + r (d) e a 
(41) 
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The rate of shrinkage is assumed to obey a first order 

rate equation as given by 

dd 
r(d) -

dt 
. (42) f 

I 
I 

This rate of shrinkage due to combustion can be assessed 

by equating the molar flow of oxygen to the particle to the 

molar consumption of oxygen. From the_ overa1.l chemical 

reaction of carbon with oxygen, it is known that one mole 

of oxygen combines with one mole of carbon to form carbon 

dioxide. The molar flow of oxygen is obtained from 

equation {35) whilst the molar consumption of carbon is 

considered as the rate of shrinkage of .the carbon particle. 

( 
mo la!' ffow) 

(
mo 'lar consumption) 

of oxygen - of caY'bon 

1 rr-d2-dd 
2·rr·Sh·G·d·C - --•p ·---p 12 c 2 dt 

dd - 4B·Sh·G·C p (43) 
dt P ·d a 

01' 

r (d) - 48•Sh·G·C-e_ 
C P ·d 

C 

(44) 

and 

r (d) = a-r (d) a C 
(45) 
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b} Rate Expressions for Entrainment 

The entrainment rate is defined as the sum of two components, 

that due to elutriation, and that due to splashing. The 

elutriation phenomenon is well understood, and refers to 

the selective removal of fines by entrainment from a mixture 

of particle sizeso 

by the following: 

This elutriation is therefore defined 

(

rate of removal of' ) 
solids of size d = 
per unit area of bed 

* (fraction of bed ) 
K • of 

sized 

F 

d m(dJ 

dt 
...... x*. m(dJ 

M 

or it can be defined for a particular system as: 

(
rate of removal of ) 
solids of sized - K·(weight of solids 

sized in bed 

.d m(d) 
K·m(dJ dt -

where 
* K - K•M / At 

of) 

(46) 

(47) 

(48) 

The elutriation constant K* can be obtained from a number 

of correlations by different authors, the one proposed by 

Wen and Hashinger (24) will however be used for this thesis. 

The elutriation constant K is then readily obtained from 

K* by equation (4B). 

The splashing rate has been introduced to account for those 

particles lost from the fluidized bed system which are too 
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large to be removed by the process of elutriation, cf 

Section 1.2.3. The bursting of bubbles at the bed surface 

results in these particles being imparted w~th a high 

momentum and being lost from the fluidized b~d. The 

splashing rate coefficient has been arbitrarily defined 

by Gibbs (23) by equation (49). 

~

total combustibles) 
~ost _by ~plashing = S·M . p (d) .&J. 
~n s~ze ~ntewal c c 
d to· (d+M.J 

(49) 

where the splashing rate constant 'S' is assumed to be a 

funr.tion nf parti:le di~~ete:.. Splashing rat~ constants 

have been derived from the experimental work for use in 

the theoretical model. Therefore the total entrainment 

of solids from the bed in the size interval 
' 

is given by the sum of the elutriated and splashed com-

ponents as represented in equation (SO)o 

~

ntrainment of ) 
combustibles.in 
the size intewal 

d to (d+M.) 

(50) 

c) Determination of the Mass of and the Particle Size 

Distribution of the Burning P~rticles in the Bed 

With a knowledge of the rate equations for particle shrinkage 

and entrainment, a mass balance can be performed over a small 

size interval to determine the overall flow rates as well as 

determine the mass and size distribution of the burning 

particles in the fluidized bed such that equation (40) can 

be solved. Stead~ state conditions are as~umed, with 

constant particle densities throughout the process. Back­

mix flow in the bed enables the assumption of equivalent 

size analyses for both the bed material and the overflow 

stream to be made, i.e. p1 (d} = p (d). 
C 

further the 
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particle shrinkage is given by the general rate expression 

of equation (42}. Referring to Figure 27, Kunii and 

Levenspiel (4, Ch 11} consider a mass balance on the 

solids to determine the total particle shrinkBge rate, or 

(
total solid shrinkage)= ( ) 

in the bed Fa - Fl+ F2 
·-

= E (shrinkage of solids in the) 
size interval d to (d+6d) 

= • . ~Mc/ Pc/ dJ • 6~. ~ rr·,rd2
- dd tJ. t~ 

r P s P • rr• d2 1 3 . dt 
s 

From which on taking the limit as 6d tends to dd, the total 

solids generation in unit time is found as: 

( 
so lid shrinkage ) 
in the interval = 

3·Mc/ Pc/dJ· r(d) 

d 

For which total shrinkage is found as 

dd (51} 

(52) 

Further, a mass balance for coal particles in the size 

interval d to d + t>,d is written as follows 

I 

I 
I 
\ 

(

total coal }( coal) !coal ~ ( coal }. (: coal ) ~ coal ) consumption fed leaving shrinking sJzrinking entrained 
in the bed to the - in the + into out of + in off 
in interval bed overfl interval interval gases 
d to (d+IY.dl . rom large to smaller. 

size size 

By equating equations {53) and {51), and taking limits as 

M tends to zero, Kunii and Levenspiel (4, Ch 11} derive 

the general differential equation for fluidized beds 

\ 

(53) 
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with shrinking particles and entrainment given by equation 

(54) below: 

d ( r(d)·p (d)) 
M. . a 

a dd 

3,M 
+ T pa(d) •r(d) = o (54) 

Levenspiel et al (81) have derived the solution to equation 

(54) for the size distribution p (d) of the burning coal 
C 

particles as 

where 

dd. 
'l, 

( 

d • ) max · 
F /M +S+K 

I ( d d ) = exp -! 1 a dd . ~ max r(d) 
d 

and by assuming the amount of combustibles contained in the 

'overflow to be small, equation (56) becomes 

I(d,d ) , max 
(57) 

To obtain the mass of combustibles in the bed M, equation 
C 

(55) is integrated over all particle sizes such that 

dmax 

M = F • a 0 J 
d3 • 

-- • I(d,d ) 
r(d) max 

dd. dd 
'l, 

d . 
m-z.n 

(55) 

(58) 
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Therefore the mass of burning particles is determined from, 

equation (58) whilst the size distribution of the burning 

particles can be found from equation {55). These para­

meters are then substituted into equation {40) which is 

then solved for the resulting particulate oxygen concen­

tration. 

4.3.3 Discussion of the Combustion Model 

The use of simple shrinkage rate equations has enabled 

these to be integrated to yield expressions which are easily 

solved numericallyo Development of the equations has been 

limited to the case where particles shrink steadily and 

therefore cannot be used where particles break apart or 

agglomerate into large lumps. 

The combustibles loss, and hence the combustion efficiency 

is determined from the entrained carbon flow. Higher 

superficial gas velocities result in higher elutriation 

and hence highet entrainment rateso An important factor \ 

affecting the entrainment rate, however, is the mass of 

coal or carbon particles contained in the bed. High 

oxygen ti ar.sf er ..:-ates, and -the ass.:;ciated hi git combus·tion 

rates will result in the residence time of the carbon 

within the bed being small and therefore a smaller mass of 

carbon will be retained in the fluidized bed. Therefore 

fast reaction rates will result in high efficiencies. 

Gibbs {23) has shown that when operating near to stoichio­

metric conditions, the combustibles loss remains small for 

bubble diameters up to 100 mm, on increasing the diameter· 

above this value, the combustibles loss increases rapidly. 

This is due mainly to the decrease in the transfer factor x. 
cf equation {32), i.e. the number of times the bubble inter­

changes its volume as it moves through bed, as the bubble 

diameter increases. This transfer factor determines the 

diffusional resistance of the oxygen transfer from the 

bubble phase to the particulate phase. 
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In the case of high excess air, as was prevelant during 

all of the tests performed on the fluidized-bed combustor, 

the oxygen concentration throughout the bubble and parti­

culate phases would be high since only a small amount of 

oxygen would be consumed. The combustion would therefore 

be controlled by local diffusion near the particle, with 

the transfer from the bubbles having only a small effect. 

4.4 THE ENTRAINMENT MODEL 

Entrainment has been considered to be made up of a 

splashing and an ~lutri~tion component, cf Sec~ion la2o3• 

The entrainment is considered independently of the com­

bustion process. In this model, inert ash and bed 

material are assumed to be fed to the bed separately from 

the carbon flow. The ~ □ al flow is assumed to be made up 

of two components, a pure coal flow which is used in the 

combustion model, and a pure ash flow which is used in the 

entrainment model. 

The entrainment model is based on the work of Merrick and 

Highley (22). Although they (22) developed a new 

expression for entrainment to account for the loss of 

particles which are larger than those which would be 

removed by the elutriation mechanism, this approach has 

not been used in this thesis. Entrainment has been 

divided into splashing and elutriation as was done in the 

combustion model. Ash and inert bed material are fed 
/ 

into the bed in which the individual particles are reduced 

in size until they are eventually entrained in the off 

gases. Both the fine particles abraded away from the 

core particles and. these reduced core particles are con­

sidsred in the mass balance. 

Attrition in a fluidized bed is therefore the result of the 

abrasion of the coarse particles to form fine particles 

with a corresponding reduction in the size of the coarse 

\ 
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particles. Merrick and Highley (22) have found that the 

size distribution of the fines produced is almost constant 

for a particular bed material, and independent of th~ bed 

size distribution or operating conditions. A typical 

size distribution of the fines.produced by attrition is 

given in figure 28;from the data supplied by Merrick and 

Highley (22). They correlate the production of fines by 

the following equation 

F = A· (u - u .J • M a f mr b 
(59) 

However the use of equation (59) for individual size 

fractions resultea in the predicted bed size distribu~ions 

being considerably coarser than found experimentally (22). 

A correction factor was applied to account for the fact 

that though the coarser particles are continually in 

contact with each other, the fines spend some time. in the 

voids created by the larger particles. Therefore a new 

rate equation was developed including a second abrasion 

rate co~stant A* and the proportion of particles in the 

bed smaller than the sized. The following equation for 

the produ.:.tion of -fir.es :Jy c:1~rasio11 of particles of size cl 

results: 

dM 
__d_=-Fad= 
dt 

(60) 

such that the sum of all the abrasion rates is the same as 

that given by equation (59). 

In the development of the mathematical model, the size 

distributions of the various components are divided up 

into a number of size fractions, where i refers to the 

i th size fraction and where i=l represents that fraction 

having the largest mean diameter. A mass balance is then 

performed on the system for the i th size interval, which 

results in equation (61). figure 29 diagramatically 

\ 
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represents the various components of the mass balance. 

(
}::~} ~~!;i~{es 
rate from next 
F. largest 

1, • du su~e e ~

loss of·) 

(fg~~n ofb ) [overfl01JJ) dweigtht • ·(:entrain] + 1,nes. y = t ue o + ·ment . 
b • ra e f. a ras-z..on . 1,nes. rate 

product1,on 

loss of 
.particles 

to next 
smallest 

size 
to size 

reduation 
w. 1 

by size 
reduction 

1,-
w. 

1, 

The only parameter which requires special calculation, is 

the rate of loss .Jf p~r~icles to th~ next smal~~st si~~ Wi. 

A mean removal rate constant, Zm, is defined (22) by 

equations (62) and (63). 

dM 
Z • M (62) 

dt =- m 

where * z . = A. + K. + s. + 0 / Mb (63) 
1, 1, 1, 1, 

from which Merrick and Highley (22) deduce an expression 

for the rate of loss of particles to the next smallest 

size. 

The final flow rates and size gradings are solved by an 

iterative procedure. The iteration is commenced by 

estimating the overflow rate and the bed size grading. A 

mass balance on each size grading is performed resulting 

in the mass of each size fraction being deduced. Summing 

each of these individual fractions results in a total bed 

weight being obtained which is then compared with the 

desired bed weight. The overflow rate is then adjusted 

until the bed weight is obtained to the desired accuracy. 

\ 
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4.5 DESIGN OF THE COMPUTER PROGRAMME 

A suite of fifteen subroutines and a main "calling" ~rogramme 

have been developed for use on the UNIVAC computer for 

solving the theoretical model. Details of the numerical 

methods employed, viz for interpolation, integration and 

iteration are contained in Appendix I. 

Input to the programme consists mainly of the coal and 

inert feed size gradings on a cumulative percent by weight 

undersize basis. The particle sizes have a range, 

typically from about 50 microns to 10,D mm. In the com-

bustion model, these input size gradings are supplied at 

arbitrary interva .... s bet.i.-.e,::n each si2.e. for tl.8 entr~.inment 

model, however, the particle sizes increase as a geometric 

progression given by equa~ion (64), where each of the values, 

namely the minimum diameter, the number of. points and the 

exponent for the progression are supplied as input: 

(64) 
l 
\ 

i 
\ 
\ 

Intermediate points are obtained by means of Aitken 1 s method 

of interpolation, cf Appendix I. The integrations required 

for the solution of equation (40) have been perfbrmed by 

means of Gregory's formula for numerical integration. It 

has been found that the use of a 75 micron step in the 

integration formula results in satisfactory results, though 

the computational time is extremely high, about 30 minutes 

due to the relatively inefficient integration technique. 

Use of a central difference formula for the integration 

would improve the computation substantially. 

The efficiency is perived from the evaluation of particu­

late oxygen concentration deduced from equation (40). The 

solution of equation (40) was performed by means ~f the 

method of successive approximations (82, Ch 5). This 

method requires an initial estimate of the oxygen 

\ 
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concentration from which a revised value is determined. 

Therefore equation (40) has to be rewritten in the fqrm 

given below: 

C = f(C ) (65) 
Pn • Pn-1 

where n refers to the n th iterate. ' However,. CPn will 

only converge to a solution if the derivative of 

f (CPn-l) is less than unity in absolute value or symboli­

cally if 

d f(C ) 
Pn-1 

< 1 (66) I 
l 

It should be evident that a number of different expressions 

can be found far equation (65). A few of these expressions 

were tested, and the one given by equation (67) is found 1 

to converge to a solution to equation (40), i.e. the con­

dition represented by equation (66) is met. 

C = c
0 

/ (1 + D/A) p . 
n 

(67) 

where M p (d) 
D= e c d.d 

a2 

and At· ps [i X J A= ----''---• (1-f) • u + f •u • (1-e - ) 
12 • Sh • G mf BS . 

where D can be shown to be a function of 

C from equations (41), (44) and (55). 
Pn-1 

Equation (67) converges to a value of Cp such that the 

efficiency is evaluated to within½% within four to five 

iterations. 
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Once the combustion efficiency has been evaluated, the coal 

feed rate and hence the inert ash flow rate is established. 

In order to establish the resulting bed size analysid and 

the entrainment rates, the coal feed is assumed to be 

divided into two streams each of identical size analyses. 

The first compri~es only combustible matter and is used 

exclusively in the combustion calculation, whilst the second 

is made up of the inert material in the coal and is only 

used in the entrainment model. Replenishment of the bed 

material is accommodated by considering the introduction of 

bed material as a separate flow entering the bed. The 

entrainment model therefore uses an inert ash flow rate 

with a size gradi~g _equivalent to the original coal, and 

an inert bed material flow rate. The attrition rate of 

the inert bed material is assumed to be two orders of 

magnitude less than the attrition of the resulting ash. 

This results in very little degradation of the inert bed 

taking place, whilst almost all of the ash is removed as a 

result of the entrainment process. 

4.6 DISCUSSION AND CORRELATION OF THE MODEL 

WITH EXPERIMENTAL RESULTS 

4.6.l The Combustion Model 

A major limitation of the combustion model lies in the 

requirement that the size distribution function of the 

input coal stream, p (d), be a smooth curve. Although 
0 

the curve of the cumulative percent by weight undersize 

versus the particle diameter almost invariably yields a 

smooth curve, the resulting size distribution p (d) may be 
0 

irregular. Indeed, the cumulative size distributions of 

the coals used in the experimental work result in very: 

irregular size distribution functions, p
0

(d), as is evident 

from Figure C.3 of Appendix C. The smoothed size distri­

bution function and resulting cumulative distribution are 
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illustrated in figures C.3 and C.4 of the same Appendix. 

This smoothed function was used as input to the computer· 

model, resulting in combustion efficiencies somewhat,higher 

than anticipated from the experimental work. However by 

artificially adjusting the attrition rate of the coal, 

expressed as a fraction of the combustion rate resulted 

in values for combustion efficiency approaching those 

achieved during the experimental work. By changing the 

gas velocities, changes in the combustion efficiency of 

the same order as those found by the regression relationship 

of equation {25) were'-,found. Variations in the operating· 

temperature have only a minor effect on the resulting 

combustion efficiency. Adjustment of bubble velocity 

and diameter effected the required change in the combustion 

efficiency. These adjustments in fact alter the transfer 

factor 1 X 1 , given by equation {32}. 

It is clear therefore that adequate answers are provided 

by the combustion model. More work is required to estab­

lish the precise nature of the attrition and possibly the 

combustion rate. An improved model for the prediction of 

bubble diameters and velocities is also required so that the 

transfer fuctor 'X' call be uerivec. f:com fi:.:st principles 

rather than having this parameter artificially suppressed 

or exaggerated, dependent on the bed operating temperature. 

4.6o2 The Entrainment Model 

The resulting size grading of the entrained material flow 
model 

predicted by the entrainment are somewhat coarser than 

those obtained from the experimental work. However, 

adjustment of the attrition rates of the ash and bed 

material alter the entrained size gradings. A further 

complication is the fact that the size grading of the 

resulting ash on combustion of the coal particle has been 

assumed to be similar to that of the original coal feeda 
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This is probably an over simplification, as the ash of most 

South African coals is generally inherent or homogeneously 

dispersed in the coal body. Further the coal feed ~id 

not appear to contain complete inert lumps o~ ash the size 

of the coal particle. Therefore the ash feed size dis-
t • . . 

tribution would on average be smaller than that of the 

coal feed. It is therefore evident, that much additional 

information is necessary to be able to fully utilize the 

entrainment model. 

\ 
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CHAPTER 5 

CONCLUSIONS AND RECOMMENDATIONS FDR FURTHER WORK 

Coal having a high fines content is in abundant s~pply as a 

result of the limited demand for this fuel. Such a coal has 

been successfully burned in a fluidized-bed combustion test 

rig. In order ta enhance the commercial application of the 

fluidized-bed combustion process, the coal has been burnt in 

relatively shallow beds with a correspondingly low pressure 

drop across the distributor. A shallow bed, though reducing 

the combustion efficiency, results in a %eduction ~f the 

fluidizing air fan power consumption which is normally con­

siderably higher than the auxiliary power consumption of 

conventional solid fuel combustion equipment. As no cooling 

surface has been supplied ta the combustion test rig, the 

bed temperature is maintained within acceptable limits by 

increasing the air flaw rate in excess of that required for 

the combustion of the coal. This results in about three \ 

times the air which would be required far stoichiometric 

combustion being present in the fluidized-bedo As a 

consequence, complete combustion of both the volatile and 

fixed carbon components is accomplished in the bed section. 

The fallowing conclusions have been drawn: 

5.1 CONCLUSibNS 

Combustion Efficiency 

a) Combustion efficiencies are lower than has been 

reported in the literature. This is attributed to 

the large prap'ortian of fines contained in the coal 

feed which are entrained in the gas stream without 

having had sufficient time ta burn in the high 

temperature fluidized bed sectiono 
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b) The resulting combustion efficiencies have been 

correlated with the bed temperature, superficial gas 

velocity and static bed height by the following 

relationship having a correlation coefficient ,of 

0,9422: 

(25) 

The above equation has been derived over the following 

ranges of the independent variables: 

Bed Temperature . 700 to 1000°c . 
Gas Vel'1city . 0,9 to 1,5 m/s . 
Bed Height . 150 to 230 mm . 

c) Some parameter describing the quality of fluidization 

would enable a more general application of equation 

(25) which is limited to fluidized beds with similar. 

distributors and fluidizing conditions. 

d) The combustion efficiency determined from the 

regression relationship of b) above, is almost 

independent of the freeboard height because of the 

small quantity of combustible matter contained in 

the splashed material. 

Entrainment 

e) The use of a separate bed material with a narrow 

size distribution and an attrition rate considerably 

less than that of the combustible material enabled 

the entrained material to be divided into splashing 

rate and elutr1ation rate components. 

f) Only a qualitative assessment of the splashing rate 

has been possible. A considerable number of further 

tests under several different operating conditions 
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would be necessary to obtain a quantitative 

assessment of the splashing rate. 

g) Increases in splashing rates with increasing bed 

depths may partially be attributed to the· change 

in the bed flow regime from that of a bubbling bed 

to that of a slugging bed flow regime. 

Theoretical Model 

h) At best the theore~ical model can be described as 

semi-quantitative. Trends are correctly predicted, 

howevsr theory can ~r.ly he correlated with expRri­

ment by artificially adjusting the bubble diameters, 

or the attrition rates. 

i) The two-phase theory of fluidization may not 

adequately describe the fluidized-bed combustion 

process when the superficial gas velocity is about 

five times the minimum fluidizing velocity. 

General 

j) The coal burnt has an ash content of about 15%, and 

is easily reduced in size in the bed such that the 

loss of bed matexial by splashing is greater than 

the rate of ash build-up in the bed. Therefore the 

bed height decreased steadily throughout the testso 

5.2 RECOMMENDATIONS· FDR FURTHER WORK 

a) Cooling surfac'es should be introduced into the bed to 

enable the combustion process to be conducted at 

conditions closer to the stoichiometric combustion 

condition. This will enable a study of the 

combustion of the volatile component within or 

\ 

p 
0 
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immediately above the bed, as well as establishing 

whether carbon monoxide is formed within the bed as 

a result of o~ygen deficient regions, to be burnt 

to carbon dioxide above the bed. 

b) Different distributors should be employed, whilst 

at the same time the range of pressure drops across 

the distributor be increased, to attempt to establish 

a parameter for describing the quality of fluidization. 

c) It is recommended that more intensive testing be 

undertaken to quantify the splashing rate phenomenon. 

At the same time an improved method of determining 

the bubble diameters should be investigated fer 

possible use in explaining the splashing rate. 

d} Tests on different types of South African coals and p 
0 

solid fuels should be undertakenc In particular 

the high ash coals or those fuels for which there 

is no immediate market, ~hould be tested for possible \ 

use as a feedstock for industrial or utility type 

steam raising plant. This would enable the better 

utilization of high grade coals for the metallurgical 

or chemical industries. 

e) It is finally recommended that extensive tests be 

conducted using different solid fuels to establish 

such basic parameters as ignition temperatures, 

susceptibility to fusing in the bed, attrition rates 

and corrosion or erosion of immersed surfaces in the 

bed at different operating conditions for each of the 

fuels. 
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APPENDIX A 

DETAILED DESIGN OF COMPONENTS 

A number of details pertaining to different components of the 

rig are included on the following pages. These details are 

not necessary for the general understanding of the operation 

of the rig but provide information which may be of value 

when comparing results with similar forms of equipment. A 

brief explanatory note is produced below for each of the 

following drawings. 

A.l Combustor Vessel 

figure A~ represents various sections taken through the 

combustor vessel to indicate the location of instrumentation 

apertures, positioning of the coal feeder and the gas 

ignition pilot burner. 

A.2 Distributor 

Figure A.2.a represents the tinal layout of the orifices 

in the distributor, after some of the original holes had 

been blocked. figure A.2.b illustrates the method of 

attachment of the distributor to the combustor vesselo 

An asbestos tape seal is used between the distributor plate 

and the combustor vessel, with the distributor tightly 

clamped to the vessel by means of six bolts. 

Ao3 Coal Feeder 

The coal feeder hqs been designed to facilitate maintenance 

and is made up of four basic components; the fesder 

housing, the locating sleeve and sleeve carrier, the screw 

shaft and the bearing housing. The screw shaft is press­

fitted into the self-aligning bearing located in the bearing 
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housing, thus allowing some movement of the shaft. The 

bearing housing has a guide spigot machined such as to form 

a loose fit with the sleeve carrier, this is a Hllhll fit. 

This then locates the screw with the locating sleeve, and 

the whole assembly is then bolted onto the feeder housing. 

All limits and fits have been toleranced in accordance with 

the recommendations and requirements of BS 1916 of 1953. 

A.4 Circuit Diagram for DC Motor Control 

figure A.4 illustrates the method in which the speed control 

of the DC Motor is achieved by varying the armature voltage. 

It will els □ be noted th~t a 720V/6V ~ransforme~ is used t~ 

provide a low voltage power source to engage the clutch of 

the DC motor. 

A.5 Cyclone 

The basic dimensions of the cyclone which is fabricated from 

1,6 mm (16 gauge) steel plate is illustrated by figure Ao5. 
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APPENDIX B 

DEFINITIONS 

B.l Combustion Efficiency 

The combustion efficiency of the fluidized-bed combustion 

chamber is defined as the ratio of the rate of heat liberated 

to the rate of heat input. This ratio can be shown ta be 

equal to the rate at which the coal is burnt to rate of coal 

fed into the rig, or: 

(B.1) 

where nc, Mf and Mfo are the combustion efficiency, fuel 

burnt and fuel feed rate respectively. 

This can also be written as: 

= 1 ~ h (B.2) 
C 

where h is the unburnt carbon loss as defined by a boiler 
C 

acceptance test standard, eg BS 283~: ~974. 

\ 
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APPENDIX C 

COAL PROPERTIES AND COAL GRADINGS· •. 

Only two batches of Douglas Duff have been used for the tests. 

The first, designated as Batch A, was used for Runs 6 and 7; 

and the second designated as Batch B, was used for Runs 8, 9 

and 10. Size gradings and a proximate analysis were per­

formed for both batches, whilst a separate proximate 

analysis (without the determination of the calorific value) 

and ultimate analysis was undertaken by Muller Laboratories 

on Batch B. An important feature of any coal or ash 

anc:.1.:ysis is the ,sampling procedure, aud the rnetiiod in whic~. 

the samples were obtained has been included in Appendix Do 

C.l Size Gradings 

The gradings have been determined on a cumulative percent by 

weight undersize, and are listed below. Figure C.l graphi­

cally illustrates these gradings as smoothed curves as 

required by B5 1796 of 1976, whilst these same curves have 

al& □ bEen plott8d on 9 □ 3in-REmmler pnper as Fisur~ C.2, to 

facilitate their interpretation. Included·in both these 

curves is the size distribution of the bed material, i.eo the 

silica sand as given by Figure 16, to enable an easy compari­

son to be made of the size gradings of the different rnaterialsa 

Sieve AQerture Cumulative at b~ weight Undersize /0 

Size Batch A Batch B 

(mm) 

6,35 90,4 86,9 

4, 76 80,6 75,l 

2,00 47,8 40,9 

1,003 29,0 24,0 

0,600 19,8 15,5 

0,420 14,4 11,l 

0,211 7,1 5,8 
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C.2 Coal Analysis 

The coal analyses quoted below are each on an air dried 

basis. As all the coal was air dried prior to testing 

to eliminate any problems due to poor coal feeding from 

the storage hopper to the coal feeder as a result of 

possible coal 'hang-ups' in the feed pipe, the air dried 

coal is equivalent to the as fired coal. These analyses 

are given below: 

Proximate Analysis (air dried basis) 

Batch A Batch B 

Gross Calorific Value (MJ/k~) 26,84 27,82 

Inherent Moisture (%) 1,60 1,45 

Volatile Matter ( % ) 25,55 23,85 

Ash (%) 16,03 14,43 

Fixed Carbon (%) 56,82 60,27 

Analysis by Muller Laboratories 

Proximate Analysis % 

Ash 15,28 

Water 2,96 

Volatile Matter 23,86 

Fixed Carbon 57,90 

Ultimate Analysis % 

Moisture 2,96 

Ash 15,28 

Carbon 68,39 

Hydrogen 3 ,67 

NitrogE:n 1,78 
Sulphur □ ,68 

Oxygen 7,24 

Using the formula proposed by Dubbels (83, pg 454), a value 

for the net calorific value can be determined. By applying 

\ 
l 
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the formula on page 19 of BS 1016 : Part 16 : 1971, the 

gross calorific value can be deduced. 
I 

These values have 

been calculated from the preceding ultimate coal ana~ysis as: 

NCV 

GCV 

= 26,48 

• 27,37 

MJ/kg 

MJ/kg 

As only small differences exist between batches A and B, they 

have been assumed to be similar with respect to their 

analyses. Therefore the proximate and ultimate analyses as 

found by Muller Laboratories as well as the last mentioned 

calorific values which have been determined from the ulti­

mate analysis, have been used in all the calculations. 
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APPENDIX D 

SAMPLING PROCEDURES 

During the testing of the combustion of solid fuels, 

continuous analysis of some of the more important par~­

meters is not possible. The evaluation of the calorific 

value of the fuel or the percentage carbon contained in the 

ash for instance are determined as mean values for an entire 

test run or for the particular test respectively. It is 

therefore imperative that representative values be found for 

these means. Although BS 1017 sets out the procedures to 

be adopted in obtaining representative samples, these pro­

cedures have not been strictly adhered to because of the 

relatively small quantities of fuel and ash used as compared 

to that generally found in practice. 

D.l Coal Sampling 

As mentioned in Appendix C, two batches of coal were used 

for the tests. The first, designated as Batch A was used 

far Runs 6 and 7, c □m~rlsed ~bout 50 kg of coal. Caning 

and quartering~f the sample is not recommended in the 1972 

edition of BS 1017, but rather the use of specially designed 

separators. In view of the small quantity of coal, coning 
I • 

and quartering~as employed as a means of rendering the 

sample down to about 6 kgo The coning and quartering1was 

conducted in accordance with the procedure recommended in 

BS 1017: 1942. Besides providing a small sample, the 

coning and quartering ensured that the coal was well mixed. 

About 175 kg of coal was acquired for Runs B, 9 and 10, and 

has been designat~d as Batch B. After air drying this coal, 

the fraction larger than 6,35 mm was removed. During the 

screening process, which was. done manually, a small sample 

of coal was removed at discreet intervals. This resulted 

in a sample of about 18 kg, which was rendered into three 
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equal samples. A proximate coal analysis and calorific 

value determination was performed on the first sample, an 

ultimate analysis on the second, whilst the size grading of 

the coal was determined from the third sample. Details of 

~he analyses are given in Appendix C. 

D.2 Ash Sampling 

The weight of ash collected in the cyclone varies from about 

0,5 kg to 1,0 kg. The fraction of the collected product 

greater than 600 microns was removed before rendering the 

total quantity of ash collected into three equal samples. 

Each sample is obtained by taking a number of small amounts 

from the collected product and placing them into three 

containers labelled A, Band C in the following sequence: 

ABC, BCA, CAE, ABC, . . . . . etc. 

A size grading was performed on the first sample, the 

percentage carbon in ash was determined from the second 

sample, whilst the third sample has been retained to verify 

any discrepancies. 
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APPENDIX E 

GENERAL CALCULATIONS 

In the assessment of the performance of the fluidized-bed 

combustion rig, a number of different calculations have had 

to be performed. A general outline of these calculational 

procedures is given in this Appendix~ 

E.l Combustion Calculation 

The familiar chemical reactions resulting in the formation 

of carbon dioxide, sulphur dioxide and water vapour are 

assumed to take place during the combustion of coal with 

the oxygen contained in the air. 

quoted below: 

C + 02 ~ 

s + 02 ~ 

1 82 + .2 02 ~ 

These reactions are 

CO
2 

S02 

H2o 
By making use of the ultimate analysis of the coal as given 

in Appendix C, the resulting flue gas components can be 

determined for the complete combustion of the coal in air 

for stoichiometric combustion as well as at different excess 

air levels. It is of value to obtain the flue gas com-

ponents in order to determine the flue gas properties, as 

these differ from those of air even though the flue gas is 

made up mainly of nitrogen. Differences between the 

properties of air and the resulting exhaust gases are caused 

mainly by the presence of water vapour and carbon dioxide. 

Other quantities which are useful in any combustion calcula­

tion are the amounts of air required and resulting flue 

gases per kilogram of coal burnt at different excess air 

levels. The excess air factor is defined as the ratio of 

the volume of air supplied to the volume of air required for 

stoichiometric combustion. The results of two combustion 



-E2-

calculations performed for.the combustion of the coal with an 

ultimate analysis given by Appendix C with air are produced 

in Table E.l. The combustion· air is assumed to contain 10 

grammes of moisture per kg of dry air. The first calculation 

has been chosen as that of stoichiometric combustion, whilst 

the second has been performed at an excess air factor of 3,0 

• which is similar to that prevailing for most of the tests. 

Table E.l Results of Combustion Calculations of Douglas 

Duff with Air of Moisture Cantent,lOg/kg of Air 

Excess Air level (-) 

Gas Composition (Val.%) 

Carbon Dioxide 

Water Vapour 

Oxygen 

Sulphur Dioxide 

Nitrogen 

Gas per kg of Coal (kg) 

Air per kg of Coal (kg} 

E.2 Flue Gas Properties 

1,00 3,00 

17,62 6,04 

7,66 3,67 

□ ,DD 13,59 

D,07 D,02 

74,65 76,68 

9,711 27,42 

8,912 26,74 

The relevant thermodynamic properties of air have been ex­

tracted from Reference (84) for use in the theoretical model 

of Chapter 4. Calculations requiring the use of these pro­

perties in Chapter 3 however, use the flue gas properties. 

determined by the method suggested by Brandt (85). This 

approach involves two corrections for the carbon dioxide and 

water vapour contents of the flue gas ta the corresponding 

val~e of the property for nitrogen at the respective tempera­

ture. As the remaining flue gas components have only a minor 

effect on the respective properties, the result is very simi­

lar to that obtained by considering the effect of each gas 

component individually and then adding the separate effects 

by some mixing rule (86). 

\ 
l 
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Figure E.l is a nomograph to illustrate the determination of 

the mean specific heat at different temperatures, allowing 

for the water vapour and carbon dioxide concentration of the 

gas. 
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E.3 Overall Rig Calculations 

In order to assess the performance of the fluidized-bed com­

bustion rig the following heat balance is written 

(heat input) _ { heat in)+ {heat loss thr-ough) 
• off gases combustor 7.J)alls 

(E.1) 

Only the last term, the heat loss through the combustor 

walls ~eeds further explanation. Although the rig is 

refractory lined and thermally insulated, some heat is lost 

through the walls and it is of value to estimate this heat 

loss to assess its effect on the overall heat balance. 

The problem of determining this heat loss has been reduced 

to the simple hea.t transfer pro~lem of heat passing from 

the inside to the outside of two concentric cylinders. The 

following values have been used: 

Thermal conductivity of inner refractory lining 

Thermal conductivity of insulating lining 

Internal heat transfer coeff. {bed to wall}.· 

External heat transfer coeff. {wall to air) 

0,87 W/mC 

- 0,10 W/mC 
. z . '; 

300 ~-J/m C 

- 5,5 W/m~C 

Using the above values, and assuming that the expanded 

fluidized bed is effective over a height of 300 mm, the pro­

duct of the overall heat transfer coefficient and the area of 

heat transfer can be shown to be given by 

(kW/ <"c) (E.Z) 

and the he2t loss through the combustor walls is given as. 

Qu) - U•A •1:Y,T (E.3) 

02" 
DJ473•10-3,AT (E.4) 

Qu) -
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It should be clear that the treatment of the heat lass 

through the combustor walls is a simplification of the real 

process. However, the heat loss as found by equation (E.4) 

w'ould probably be in error by no more than about ! 25% of 
0 

the true value. Further, at a bed temperature of 900 C and 

with the surrounding temperature of 2 □ 0 c, the heat loss is 

found to be 0,46 kW, which is about 1% of the total heat 

liberated in the rig, thus justifying the aboye approach 

in the determination of the heat loss~ 

Equation (E.l) can be written as 

Mf•NCV =M •c ,!{I'+ 0 473 g p , 

n ·M-P:•NCV =M •c ·llT + 0 473 • 10-6 •!:J.T 
C JO . g p ' 

(E.5) 

(E.6) \ 

I 
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APPEND IX f 

STATISTICAL ANALYSIS. 

"Statistical methods are predicated on the single concept of 

variability. It is through this fundamental concept that a 

basis is determined for experimental design and analysis of 

data. In this sense, statistical methods are concerned with 

deriving maximum ~nformation from a given set of data 

(analysis), and conversely minimizing the amount of data 

(experimental design) to derive specific information." 

(70, Ch 2). The use of statistics in engineering and in 

genEJral has been coverad in a number uf general and specific. 

publications. This thesis has made reference to a number 

of publications and standard texts on the subject (70), (87), 

( 88), ( a 9), ( 90) and ( 91). The more fundamental concepts 

such as standard deviations, hypothesis testing, correlation 

coefficients, distribution functions, analysis of variance 

etc. are not discussed here and the reader is referred to 

any of ihe above texts for more details. 

A major portion of this thesis is concerned with the 

determination of the factors influencing the combustion 

efficiency of the fluidized-bed combustion rig. A general 

description and definition of the terms and the approach . 
employed in the multiple regression analysis is presented 

in this Appendix for ease of reference. 

F.l Multiple Regression 

Multiple regression methods are used to relate a dependent 

variable tYl to a number of independent variables CX1 .1x
2

J ••• • Xm). 

Only linear mul tip•le regression will be. considered and a 

model of the following form is postulated: 

(F.1) 
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The coefficients of the model (b0,b1, .... . bm) are determined 

by the method of least squares. This involves minimising 

the squared differences between the observed value of the 

dependent variable i.e. Y0 and that predicted. by equation 

(f .1), i.e. Yp Mathematically the solution is computed 

by taking the partial derivative with respect to each co­

efficient of the least squares equation 

s - I: + •.•.. +b•X) m m 

(F.2) 

(F.3) 

and setting the result of each partial differentiation to 

zero. This results in the following equations which may 

be salved simultaneously for r0,b1_.bE' ..... b . m 
b0 +b[I:X1 + ......... +bm•I:Xm - I:YO 

(F.4) 

=I:(X·Y) m 0 

However it is convenient to transform the above equations 

into the standard normal equations. The first step in this 

transformation results in the above equations being trans­

formed to those glven by the equations (F.5) 

. 2 
+ b2· 8 x1 X2 + + bm•sx1 bl• (sXl) •••• ■ ••• Xm = 8 Xl YO 

2 
+ bm08X2 b1•sx1 x2 + b2•(sx2J + ........ Xm = SX2 YO 

(F. 5) 

b1·sx1 Xm + b2° 8 X2 x.,, + ........ + b •(sx )2 =s YO m m Xm 

where is the sample variance of xi and SXi Xj 
is the covariance between X. and X. . A bivariate correla-

i. J 
tion coefficient for X. and X. is defined as 

1, . J 

(F. 6) 
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and a standard partial correlation coefficient for variable 

X. is defined as 
J 

(F. 7) . 

The Standard Normal Equations 

By manipulation of the equations (F.5) the standard normal 

e9uations (F.B) are formed. 

+ ........ . + B •r m 2m =ry2 
(F.8) 

B •r1 + B
2
-~2 + ........ + B • m m m m 

The bivariate correlation coefficients r, are easily 

evaluated, and by inverting the resulting matrix of these 

coefficients, the values for the standard partial correlatioD 

coefficients, B, may be determined. One of the advantages 

of using the standard partial regression coefficients, is 

that as these coefficiAnts Vlry tetw~en ·-1 and 1, th~y mal 

be directly comparedo further, the multiple correlation 

coefficient is easily determined by equation (f .9) 

2 
R = E(B.•ry.) 

'l, 'l, 
(F.9) 

~2 Tests on Coefficients 

The Bivariate Correlation Coefficient 

In order to determine whether a relationship exists between 

two variables the'bivariate correlation coefficient is 

tested to determine whether it is significantly different 

from zero by the statistic 

(F.10) 

\ 
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where tis distributed as the Student's t distribution 

with (n-2) degrees of freedom. 

The Standard Partial Correlation Coefficient 8: 

In any process a number of independent variables may be 

arbitrarily defined, and though one may be tempted to use 

a large number of these variables, the resulting equation 

will be unwieldy. Further, the contribution of some of the 

variables in predicting the independent variable may be 

small, such that these may be eliminated from the regression 

equation. In o~der to eliminate those independent varia-

bles whic:h do not cont1:i~ute signif ic;i:,tly to the predictic n, 

the values of B must be tested to determine whether they are 

different f~om zero. Should the interval estimate of the 

population standard partial regression coefficient B
1 include 

zero, then the hypothesis th at B is zero is accepted. The 

interval estimate of B
1 

is given as 

where 

and 

Bj+ t(<Y:!2/A < BJ < Bj + t(l..-o/2/A 

A = J (1-R
2 J •g .. I (n - m - 1) 

1.,J 

g .•. is a diagonal element on the inverted bivaPiate 
1.,J 

correlation coefficient matrix. 

The Multiele Correlation Coefficient R 

(F.11) 

(F.12) 

Although a number of variables may be eliminated by the 

procedure given above, their combined effect may be 

significant. In order to determine whether the multiple 

correlation coefficient has been significantly lowered by 

the elimination of variables the multiple correlation 

coefficient after elimination of variables R
1 

is compared 

with the original value R As this is effectively a 
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test an the equality of two population variances the 

F -distribution is used. 

given by equation {f .13). 

F -

The appropriate statistic is 
., 

(F.13) 

• I 
where the superscript ( J refers to the variables after 

the variables have been eliminated 

and F has (n-m-1) and (m-m') degrees of freedom. 
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APPENDIX G 

PARTICLE SIZE ANALYSIS 

Numerous methods are available for determining the sizes of 

particles contained in a particular s~mple (92, 93, 70 Ch 8). 

Particle shape is an important parameter in the determination 

of the particle diameter, for different shapes will result in 

different values being obtained by the different methods. The 

particle-size distribution resulting from the different 

methods will only be the same should the sample be composed 

of hard smooth spheres. 

Cadle (92, pg 92) has placed the methuds far de.:srmining pa:c­

ticle sizes and particle size distributions into five general 

groups. However only three of these groupings are of interest 

in this thesis, viz the methods of size determination from 

microscopy, sieving and sedimentation. Table G.l contains 

some representatives of these three groups, and has been 

extracted from a tabulation of Reference (92, pg 93). 

Table G.l Particle Size Range for Various Methods 

of Particle Size Analysi3 

Approx. useful 

Class Method Size Range 

(microns) 

Microscopy Visible Light 0,2 - 100 

Ultraviolet Light 0,1 - 100 

Ultramicroscopy □ ,01 - 0,2 

Electron microscopy 0,01 - 5 

Sieving Sieving 50 - 1000 

Sedimentation Sedimentation, 
and Elutriation gravitational 2 - 50 

Sedimentation, 
centrifugal 0,05 - 10 

E1L1triation, liquid 5 - 50 
Elutriation, gas 5 - 50 
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The selection of a method for determining the particle size 

distribution of a given material should be made after con­

sidering the following factors (92, Ch 3) : 

a) the particle size range, 

b) the form in which one wants the results, 

c) the application of the results, and 

d) the accuracy required. 

G.l Optical Microscopy 

Methods based on the optical microscope are often considered 

to be the most direct and fundamental of the methods. 

However the~ are quite tedious and are based on a particle 

size which is not easily defined. from Table G.l it is 

seen that the range of greatest usefulness for these methods 
, 

is from about 0,2 to 100 microns. "The two major problems 

in microscope methods of analysis are the collection of 

sufficient data to ensure adequate precision in the derived 

parameters, and the elimination of variables in the data due, 

to operator performance. Statistical fluctuations in the 

occurrence of any given size profile (among the particle 

images) is a problem that be~omes µarticularly acute if tt1s 

size ratio of particles is more than 10 to l" (70, pg 8-4). 

Cadle (92, pg 125) recommends that at least 200 particles ba 

counted. If the particle size distribution is very wide, 

there may be a large number of small particles for each large 

one, the sample should be broken down into various size 

classes and studied separately. 

G.2 Sieving 

Sieving is one of.the simplest methods of particle size 

analysis, resulting in a relatively inexpensive and accurate 

technique. Sieves with openings smaller than 50 microns 

are seldom used. However membranes with pore diameters 

less than 5 microns are commercially available for specialist 
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applications. Sieving has been conducted in accordance 

with BS 1796 1976 in this thesis. This standard re­

commends the use of hand sieving in preference to machine 

sieving, though both methods of sieving are acceptable. 

G.3 Sedimentation 

Unlike microscopy and sieving methods which compare 

particles on the basis of geometric similarity, sedi­

mentation techniques compare particles on the basis of 

similar velocities of settling in a liquid or gas. A 

number of different sedimentation techniques are available. 

the pipette method making use of the equipment suggested by 

Andreasen (92, pg 212; 70, pg 8-5) has been used in this 

thesis. A precise description of the theory for use with 

this equipment is pre~ented by Dallavalle (93i pg 74-76). 

In sedimentation methods, the Stokes diameter distribution 

of the material is deduced from a study of the concentration 

changes occurring within a settling suspension. The method 

is based on Stokes's law from which the particle diameter is 

deduced as 

d = (G.1) 

Equation (G.l) is theoretically only valid for a sphere. 

The difference between the volume of the irregular particle 

and the equivalent sphere does not represent an "error" but 

provides additional information on the shape of the particles. 

Although it is desirable to cover the range of a single 

distribution with a single method, this is not always 

possible. BS 1796 : 1976 gives the following approximate 

conversion factors: 

Conversion of 

Sieve size to Stokes diameter 

Sieve size to projected diameter 

Multiply by 

0,94 

1,4 
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The use of the Andreasen pipette as a means of determining 

the sizes of particles from 75 microns down to about J 

microns, is described by BS 3406 : Part 2 : 1963, as'the 

fixed position incremental method. The principle of the 

method is described in the above standard and is quoted 

below: 

"The pipette sampling method involves the with­

drawal of samples from the suspension during the 

sedimentation by means of a calibrated pipette at 

a series of known times after stirring, the tip of 

the pipette being at a known depth, h, below the 

surface. After time t, the samole contains only 

those particles with Stokes diameters less than 

that of particles settling at a rate h/t, since 

all the particles larger than this will have 

settled below the sampling point. The cumulative 

undersize distribution by weight of the powder is 

obtained directly by weighing the residue after 

removal of the suspending medium from the sampleo" \ 

The density of the particle required in equation {G.l) is 

obtained by the SG bottle method described in BS 1377 : 1975. 

D.4 Representation of Results 

"A number of equations have been proposed ta correlate the 

quantity of a particulate material with its particle size 

to obtain a distribution relationship. In the liter~ture 

it is often assumed that a powder must assume some distri­

bution such as the Rosin Rammler ..... ". However, "there 

is no fundamental reason why a particular powder must obey 

one of these empirical laws; forcing it to do so will 

result in error. Furthermore it is difficult to tell 

whether the fit is good, because ~ny cumulative size plot 

will give the appearance of a good fit" (70, Ch 8). 
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The results from the particle size analyses have been. 

graphically illustrated as a cumulative percent by weight 

undersize (on normal co-ordinates) versus the particle 

diameter or linear dimension (on logarithmic,co-ordinates) 

as recommended by BS 1796 : 1976. However in some instances 

the distribution has been plotted on Rosin-Rammler paper for 

ease of reference. 

D.5 Coal Sampling 

Because of the coarse grading of the coal, sieving has been 

employed as the means of size analysis. 

sieve nest was used 

The following 

6,35 mm 600 microns 

4,76 mm 420 microns 

2,00 mm 211 microns 

1,00 mm 

D.6 Ash Sampling 

The size fraction greater than 600 microns was removed from 

each ash sample by sieving. The remaining as~ was graded 

by means of sieving, using sieves with the following 

aperture sizes in the two sieve nests as indicated below: 

600 microns 150 microns 

420 II 106 II 

211 II 75 " 
53 II 

The ash fraction below 75 microns was analysed using an 

Andreasen pipette with distilled water as the dispersing 

medium. Two different methods of si~e analysis have 

therefore been employed to obtain an ash size grading from 

600 ta about 10 microns. However, an overlap in the two 

methods occurs between 75 and 53 microns. By comparing the 

results obtained by the two methods in this region, the Stokes 

diameter can be related to the corresponding sieve apertureo 
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APPENDIX H 

TABULATION OF RESULTS 

In order to facilitate the comparison of the findings of 

this thesis with other published information, the results 

have been presented in greater detail in this Appendix than 

in the main body of the thesis. Explanatory notes for each 

of the tables are contained below to explain various derived 

and measured quantities from the tables, in particular those 

quantities marked*). 

Notes on Table H.l 

Table H.l contains accurate values for the more important 

parameters associated with each test. The coal flow has 

been determined from the combustion efficiency and the 

determination of the coal burnt from a relationship similar 

to that given by equation (E.5). The value thus obtained 

• for the coal flow is more representative than that obtained 

from direct measurement as has been discussed previously. 

Notes on Table H.2 

Except for temperature and superficial gas velocity, the 

parameters of Table Ho2 have been obtained from· the static 

pressure tappings of the windbox and those situated along 

the combustor wall. The bed density, referred to in 

section 3.2.2, is represented by the static pressure 

difference between two static pressure tappings located 

within the bed. The distributor pressure drop has been 

obtained by m~asuring the difference in static pressure 

between the windbox and a probe located at the side of the 

combustor vessel within the refractory stone section, about 

50 mm above the distributor plate, cf Section 2.2.7.c. 

Although the full pressure drop across the refractory stones 
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has not been monitored, the distributor pre~sure drop so 

obtained will be about 0,95 of the actual value. 

Notes on Table H.3 

Table H.3 has been formed to illustrate the magnitude of the 

bubble velocity which would be derived from the experimental 

evaluation of the dynamic bed height. Besides the super­

ficial gas velocity and static bed height which are obtained 

from measurement, the following parameters have been derived: 

a) Minimum fluidizing-velocity from equation (16} 

b) Dynamic bed h::ight ft:::im equ,i.i;ion (17) 

c} Fraction occupied by the bubbles from equation 

(J.6) 

d) The bed expansion ratio is the ratio between 

the dynamic to static bed ·heights 

e) The bubble velocity is easily determined, 

cf Reference (23), from the two-phase theory 

of fluidization by essuming that all the flow 

of gas in excess of that required to fluidize 

the bed flows through the bed in the form of 

bubbles. From a total gas balance 

= [gas in the l + r gas in the par-} 
rbb le phase J l ticu late phase 

on the bed: 

Jtotal gasl 

1 
1iow J 

OI' 

from which the bubble velocity LIES can be 

calculated. 

(Tl. 1 J 

(H. 2) 

The bubble diameter can easily be obtained from the rela­

tionships derived by Davidson and Harrison (12) and given 

by equations (J.B) and (J.9). However, the resulting 
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diameters range from two, to about 10 metres which are 

clearly wrong. These excessive diameters would indicate 

that the measurement of dynamic bed height is in error, 

resulting in a poor value for the fraction of bubbles in 

the bedo More realistic values, yielding bed expansion 

ratios of the order of two, would result in bubble diameters 

approaching that of the vessel. The accuracy of the static 

pressure probes is not sufficient to permit an accurate 

assessment of the dynamic bed height, whilst the problem is 

further complicated by the possible transition of the bed 

flow regime from that of bubbling to a slugging flow regimeo 

Notes on Table H.6 ·-·-----

It has been assumed that the fraction collected by the 

cyclone of size in excess of 600 microns has been splashed 

from the vessel. The remaining ash has been graded 

resulting in the gradings as given in Table H.6. However, 

it will be noted that for Test 6, all of the sample is 

less than 420 microns. This has resulted as the bed 

material used for Test 6 is finer than that for the 

remaining tests, and as such the velocity for Test 6 was 

only 0,9 m/s. On grading this sampie, almost all the 

material retained in the 42Q mi~ron sieve was made up of 

the silica sand forming the bed material, and this quantity 

has therefore been included with the splashed materialo 

Notes on Table H.7 

for those tests given in Table H.7, the fraction of the 

particles of size less than 75 microns was analysed by the 

incremental sedimentation technique making use of an 

Andreasen Pipette~ The method is briefiy described in 

Appendix G. Although BS 1796 : 1976 gives the sieve size 

from the Stokes diameter by multiplying this latter diameter 

by 1,06, this has not been used. Instead, a multiplying 

factor has been obtained from drawing the smoothed curve 
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obtained by sieving down to 53 microns and comparing it 

with the result obtained from the sedimentation technique. 

This method is also mentioned in BS 1796 . 1976, and·, . 
results in . multiplying factors of: 

1,06 for Test 7A 

0,90 for Test 7B 

0,88 for Test BA 

0,84 for Test BC 

□ ,BB for Test 9A 

1,04 for Test 9B 

0,90 for Test 9C 

1,07 for Test 9D 

Notes on Table H.8 

In Table H.8, the various entrainment rates have been 

divided into the different flow components, ash, carbon 

and sand flaw. The coal feed rate is the same as that 

for Table H.l, being derived from the temperature and the 

combustion efficienci. 

Measured entrainment rates hrve been obtained ~rom weighirg 

the product collected by the cyclone and separating the sand 

from the ash and carbon. Cyclone efficiencies of 100% and 

75% are applied to the sand, and carbon and ash flows 

respectively to obtain the measured entrainment rates from 

the collected flow rates. The carbon and ash flows are 

separated from each other by considering the percentage 

carbon in ash. 

The deduced entrainment rates are determined by assuming 

that all the ash is entrained from the co~l feed. This 

deduced ash flow rate is then compared with the measured 

ash flow. rates and is used to obtain the remaining deduced 

·flow rates. 



TABLE H.l 

Test Duration Coal Air Gas 
Flow flow flow 

Mins, kg/h kg/h kg/h 

6 90 2,89 74,4 76, 6 
7A 45 3,48 90,l 92,7 

\; 7B 45 3,83 82,0 84,7 
7C 46 3,66 94, 7 97,7 

BA 35 4,34 105,9 109,0 
BB 35 4,BB 119,l 122,5 
BC 32 4,79 109,5 113,l 
BD 35 5,i7 126,2 129,6 
BE 32 4,49 109,5 112,4 
Bf 35 4,27 96,7 99,9 
BG 32 4,47 96,7 100,l 
BH lB 7,12 143,7 146,8 

9A 30 5,67 122,6 126,l 
9B 30 3,77 89,4. 92,0 
9C 30 5,30 109,4 113,l 
9D 40 3,62 Bl,8 B4,5 
9E 35 4,31 91,5 94,7 

l □A 30 4,9B 126,2 129,6 
l □B 40 4,29 101,3 104 ,4 
lOC 40 3,72 83,9 96,4 
10D 35 4,74 117,l 120,0 
l □E 40 4,73 91,1 101,4 

SUMMARY OF TEST CONDITION$ 

Excess Bed Temperature 
Air 

Factor Mean Std, Max, 

- oC 
Dev. 

oC oC 

3,26 798,4 8,5 815 
-· 

3,29 804,8 4,4 815 
2,88 903,2 6 ,4, 922 
3,55 753,5 6,3 764 

3,30 805,3 5,8 816 
-

3,2B BD7,5 4,5 B20 
2,B9 904,l 5,0 913 
3,5B 751,7 B,5 770 
3,56 752,9 6,5 772 
2,B9 901,D 4,7 907 
2, 71 955,l 5,1 965 
4,36 632,4 13,4 641 

3,32 B □l,7 16,6 635 
3,31 BOD,3 ·B, 5 810 
2,91 900,2 11,3 923 
2,89 899,B 13,5 925 
2, 71 954,l 9,4 973 

3,57 752,4 13,2 791 
3,09 B51,0 12,D B74 
3,56 752,l 11,B 7B2 
3,B7 700,7 19,3 746 
2,54 1010,6 17,5 1048 

'Velocity 

Min, 

oC m/s 

785 0,899 
794 1,095 

892 1,071 

737 1,095 

791 1,288 

799 1,454 

B97 .1,462 
73B 1,45B 

744 1,267 

BB3 l,2BB 

947 1,351 

611 1,460 

774 l,4B3 

771 l,OB4 

BB □ 1,457 

B78 l,DBB 

937 1,277 

930 1,459 

B22 1, 2B9 

730 l,DB5 

671 1,283 

9BB 1,429 

Comb, 
Eff, 

'lb 

88,6 
88,3 

88,4 

81,B 

83,0 

B4,3 

BB,9 

76,6 

76, 9 
B7,B 

B9_, 7 
52,0 

73,l 

BD,2 

79,B 

B7,7 

BB ,O. 

7B,6 

B5,6 

79,6 

71, 7 
91,4 

I 
:r 
u, 
I 
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TABLE H.2 Mean Bed Pressure Levels and associated Parameters 

Super- *) *) Bed Haight 
Tempera- ficial Windbox Bed Distri- Bed ill.i ture Ges Pressure Density butor Pressure Static Dynamic Pressure Velocity 

Drop . Drop 
cc m/s mm Wg mm Wg mm Wg mm ·Wg mm mm 

6 79B,4 O,B_99 395 170 4B 347 205 266 

7A B04, B 1,095 440 190 49 391 225 269 

7B 903,2 1,071 430 197 40 390 219 257 ' 

7C 753,5 1,095 434 201 59 375. 213 240 

BA BOS,3 l,2BB 465 191 69 396 237 271 

BB B07,5 1,454 471 184 93 3B4 229 273 

BC 904 1 1 1,46B 468- 177 102 366 228 270 

8D 751,7 1,45B 464 169 110 354 224 274 

BE 752,9 1,267 403 160 74 329 219 268 

BF 901,0 1,288 429 175 64 365 225 273 

BG 955,l 1,351 430 175 58 372 219 279 

8H 632,4 1,460 495 175 123 372 207 279 

9A 801,7 1,489 345 168 77 268 161 199 

9B 800,3 l,OB4 227 112 38 189 158 213 

9C 900,2 1,457 338 158 78 260 155 207 

9D 899,8 1,088 241 134 30 211 151 196 

9E 954,l 1,277 292 162 45 247 148 189 

l□A 752,4 1,459 327 157 78 249 159 19B 

J.OB 851,0 1,289 283 154 52 231 156 185 

l □ C 752,l l, □_BS 224 125 29 195 154 194 

lOD 700,7 l,2B3 293 146 66 227 · 151 193 

l □E 1010,6 1,429 311 174 57 254 148 179 
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TABLE H.3 : Tabulation of Values associated with the Experi­

mental Determination of the Bubble Velocity. 

Test Velocities Bed Heights Fraction Bed 
,< of Bed 

Minimum Super- Static Dynamic occupied 
Expan-

sion 
fluidi- ficial by Ratio 

zing Gas Bubbles 

Llmf Uf 

m/s m/s mm mm 

6 □ ,171 □ ,899 205 266 0,229 1,30 

7A □ ,231 l\·095 225 269 0.164 1,20 

7B □ ,219 1,071 219 257 0,148 1,17 

7C 0,238 1,095 213 2ll0 0,113 1,13 

BA □ ,231 1,288 237 271 0,126 1,14 

BB □ ,231 1,454 229 273 0,161 1,19 

BC 0,219 1,468 228 27 □ 0,156 1,1B 

BD □ ,238 1,458 224 274 0,1B3 1,22 

BE □ ,238 1,267 219 268 0,183 1,22 

Bf □ ,219 1,288 225 273 o, 17.6 1,21 

BG 0,214 1,351 219 279 0,215 1,27 

BH D,255 1,460 207 279 0,265 1,35 

9A 0,231 1,489 161 199 0,199 1,24 

9B 0,231 1,084 158 213 0,258 1,35 

9C 0,219 1,457 155 207 □ ,251 1,34 

9D □ ,219 1,088 151 196 0,230 1,30 

9E 0,214 1,277 148 189 0,217 1,28 

lOA □ ,238 1,459 159 198 D,197 1,25 

lOB 0,225 1,289 156 185 0,157 1,19 

lOC U,238 1,085 154 194 0,206 1,26 

10D 0,245 1;283 151 193 0,218 1,28 

l □E C,209 1,429 148 179 0,173 1,21 

Bubble 
Velo-
city 

m / s 

3,34 

5,51 • 

5,98 

7,85 

B,65 

7,82 

8,21 

6,92 

5,87 
\ 

6,30 

5,50 

4,80 

6,55 

3,54 

5,15 

4,01 

5,11 

6,44 

7,01 

4,36 

5,02 

7,25 



TABLE H.4 s Input Data for Initial Regression Analysis with 

six Independent Variables 

/ 

~ Independent Variables 

Tempera- Super- Static Bed to· Vigorous- Splash-
ture fidal Bed Distri- ness of . ing 

Gas Height butor Fluidize- Rate 
Velocity Pressure tion 

Drop (Umf-Uf)/ 
C Ratio umf 

OC m/s m - - kg/h 

(X1) . (X2) (X3) (X4) (X5) (X6) 

6 798,4 0,8991 0,205 7,23 4,26 o,os3 

7A 804, 8 1,0950 0,225 7,98 3,74 0,094 

7C 753,5 1,0947 0,213 6,36 3,60 0,050 

BA 805,~ 1,2875 0,237 5,74 4,57 0,286 

BB 807 I 5 . 1,4544 0,229 4,13 5,30 0,519 

BC 904,l 1,4623 0,228 3,59 • 5, 68 0,286 

BD 751,7 1,4581 0,224 3,22 5,13 0,225 

BE 752,9 1,2668 0,219 4,45 4,32 0,047 

Bf' 901,0 1,2878 0,225 5,70· 4,BB 0,057 

BG 955,l 1,3501 0 1 219c 6,41 5,31 o., 099 

9A 801, 7 1,4886 0,161 3,48 5,44 0,020 

9B 800,3 1,0841 0,158 4,97 3,69 0,006 

9C 900,2 1,4572 0,155 3,33 5,65 0,010 

•. 9D 899,8 1,0883 0,151 7,03 3,97 0,002 

9E 954,l I> 1,276 5 0,148 5,49 4 I 97 · 0,009 

l□B 851,0 1,2890 0,156 4,44 4,73 0,005 

lOC 752,l 1,0885 0,154 6,72 3,57 0,005 

l□D 700,7 1,2831 d,151 3,44 4,24 0,005 

lOE 1010,6 1,4290 0,148 4 ,46' 5,84 0,012 

Dependent 
Variable 

Efficiency 

" (Y) 

88,6 

88,3 

81,8 

83,0 

84,3 

BB,9 
76,6 

76,9 

87,8 

8P,7 

73,l 

BD,2 

79,8 

87,7 

BB ,.0 

85,6 

79,6 

71,7 

91,4 
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TABLE H.5 t Some selected smoothed curves of the size gradings 

of ash on a cumulative percent-by weight undersize 

CUMULATIVE '/, BY. WEIGHT UNDEASIZE (mm ) 

0 ,420 0, 211 o, 150 C ,106 0,075 0,0 53 0,032 o, 015· o;oos 

Test 7B 

Inlet to cyclone 99,3 91., 3 82,5 70,0 55,5 43,0 29,0 15,0 8,5 

Collected by 
.cyclone 99,1 88,3 76,4 59,9 41,7 27,7 14,4 5,0 2,3 

Leaving cyclone 99,2 95;3 87,~ 71,2 44,0 26,5 

Test BA 

Inlet to cyclone 98,4 85,8 73,5 60,0 46,0 34,8 21,0 10J3 5,5 

Collected by 
cyclone 98,0 82,0 66,5 49 ,6 33,2 21,4 9,1 2,5 o,a 

Leaving cyclone 99,0 94,3 85,2 65,7 39,5 23,3 

Test 9A 

Inlet to cyclone 97,7 84,2 74,0 60,0 47, □ 36,0 20~ □ 11,8 5,3 

Collected by 
cyclone 97,1 79,9 66,9 49,3 33,9 22,3 8,3 3,3 0,8 

Leaving cyclone 99,l 94,9 86,0 62,8 42,B 21,9 

Test 9C / 

Inlet to cyclone 99,2 B7,5 75,0 60, 0 45,0 32,0 19,D B,6 4,0 

Collected by 
cyclone 99,0 B4,5 69,1 50,7 33,5 20,2 B,B 2,4 0,6 

' 
Leaving cyclone 99, □ 93,2 Bl,B 62,0 34,9 18, 2 



TABLE H.6 

Test 

6 

7A 

7B 

7C 

BA 

BB 

BC 

8D 

BE 

BF 

BG 

BH 

9A 

9B 

9C 

9D 

9E 

lOA 

lOB 

lOC 

10D 

lOE 

-HlO-

Size Gradings of Ash on a Cumulative ·Percent 

by Weight Undersize after the fraction greate~ 

than 600 microns has been removed. 

Cumulative Percent by Weight Undersize {Microns) 

420 211 150 106 75 53 

*) 
100,0 93,3 85,5 72,3 61,8 4B,3 

98,9 86,B 72,9 59,3 49,8 37,2 

98,7 88,0 .75,8 61,0 51,3 37,2 .. 
98,7 85,3 67,2 48,9 40, 7 27,4 

96,7 80, .1 66,l ~3,2 44,l 31,6 

96,0 78,6 66,7 53,5 44,l 33,0 

96,8 80,9 68,9 55,0 45,8 33,5 

95,8 76,9 64,3 50,0 40,3 28,9 

97,4 79,2 66,8 53,2 43,8 36,0 

97,7 83 2 
' 

72,0 56,l 46,6 33,2 

97,6 84,6 73,6 60,4 50,6 3B,7 

93,5 68,0 52,6 38,9 30,l 19,6 ' 

96, 0 • 73,9 65,9 53,0 44,1 32,l 

99,2 83,4 72,9 57,9 43, 2. 26,B 

98,2 81,9 67,2 52,8 42,6 29,l 

99,l 89,2 .79,0 58,5 43,0 23,l 

98,l 83,7 71,l 57,2 48,6 34,6 

96,l 77,4 68,0 55,0 45,6 31,7 

98,8 84,3 71,5 58,5 49,l 36,6 

98, 7 • 88,1 72,8 56,2 45,2 32,9 

97,6 76,2 60,B 46,7 • 37, 8 26,B 

98,3 85,6 74, □ 61,3 52,l 40,l 
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TABLE H. 7 Particle Size Analysis for the Ash fraction less than 

75 microns, by means of an Andreasen Pipette using 

Distilled Water as the Suspending Medium 

Test Number 7A 
, 

Stokes Diameter {micronsj 53.2 26,0 18,2 12,B B,9 

Corresponding Sieve Diameter (microns) 56,4 27,6 19,3 13,6 9,4 

Cum. % by weight ) Sample of 75 
) micronsTop Size 82,6 5,4 4,2 4,0 3,5 

Undersize ) Sample of 600 
micronsTop Size 41,l 2,7 2,1 2,0 1,7 

Test Number 7B 

Stokes Diameter {microns) 52,9 35,5 25,6 17,9 12,5 
Corresponding Sieve Diameter (microns) 4 7, 6 32,0 23,0 16,l 11,3 

Cum. '% by weight ) Sample of 75 
) microns Top Size 66,B 10,2 7,2 5,7 5,5 

Undersize· ) Sample of 600 
_microns Top Size 34,3 5,2 3,7 2,9 2,8 

Test Number BA . 
Stokes Diameter (microns) 53,0 35,3 25,5 17,3 B,7 

Correspondi~g Sieve Diameter ( microns) 46,6 31,l 22,4 15,2 7,7 

Cum. % by weight ) Sample of 75 
) microns Top Size 49,0 6,8 4,7 3,6 3,2 

Undersize l Sample of 600 
microns Top Size 21,6 3,0 2,1 1,6 1,4 

Test Number BC 

Stokes Diameter (microns) 52,9 31,7 25,6 17, 9 11, 6 

Corresponding Sieve Diameter· (micron~ 44,4 26,6 21,5 15, □ 9,1 
Cum. % by weight ) Sample of 75 

) microns Top Size 44,7 7,8 6,8 s~ 7 4,9 
Undersize ) Sample of 600 

microns Top Size 20,5 3,6 3,1 2,6 2,2 

6,2 

6,6 

3·,4 

1,7 

B,B 

7,9 

4,7 

2,4 

B,B 
7,4 

4,5 

2,1 

I· 
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Test Number 9A 

Stokes Diameter (microns) 53,6 32,1 26,D 18,2 12,5 B » 9 

Corresponding Sieve Diameter {mic r. □ ns) 47,2 28,2 22,9 16,0 10,7 7,8 

Cum. % by weight ) Sample of 75 
) microns Top Size 37,B 5,9 4,0 3,9 3,2 2,8 

Undersize ) Sample of 600 
microns Top Size 16, 7 2,6 1,8 1,7 1,4 1,2 

Test Number 9B 
Stokes Diameter (microns) 52,6 35,2 25,5 16,7 12,5 8,4 

·Corresponding Sieve Diameter ( mic rans) 54,7 36,6 26,5 17,4 13,0 8,7 

Cum. % by weight ) Sample of 75 
) microns Top Size 68,3 7,9 4,8 3,5 3,1 3,1 

Undersize ) Sample of 6 □□ 
microns Top Size 29,5 3,5 2,1 1,5 1,3 ·i:. 3 

Test Number 9C 

Stokes Diameter ( mic rans) 66,5 35,6 25,7 18, □ 11,7 8,8 

Corresponding Sieve Diall)eter (microns) 59,9 32,0 23,l 16,2 10,5 7 »9 

Cum. % by weight ) Sample of 75 
) microns Top Size 84,5 8,8 4,5 3,5 2,9 2,6 

Undersize ) Sample of 600 
microns Top Size 36,0 3,7 1,9 1»5 1,2 1,1 

Test Number 9D 

Stokes Diameter. (microns) 52,7 31,6 25,5 17,9 12,5 8,7 

Corresponding Sieve Diameter (microns) 56,4 33,8 27,3 19,2 13,4 9,3 

Cum. % by weight ) Sample of 75 
) microns Top Size 72, □ 6,7 5,5 4,0 3,3 3,1 

Undersize ) Sample of 600 • 
microns Top Size 31,0 2,9 2,4 1,7 1,4 1,3 



Teet Coal 'j{, 
feed 
Rate 

kg/h 

6 2,B9 

7A 3,48 

7B 3,B3 

7C 3,66 

BA 4,34 

BB 4,B3 
BC 4,79 

·so 5,17 
BE .4 ,49 
Bf 4,27 
BG 4,47 
8H 7,12 

9A 5,67 
9B 3, 77 

9C 5,30 
9D 3,62 

9E 4,31 

l □A 4,98 
l □B 4,29 

lOC 3,72 
l□Il 4, 74 
l □E 4.73 

.. 

TABLE. H.B Entrainment Rates and,Associated Data for 

the fluidized-Bed Combustion Rig 

-
*) *) 

Carbon Measured Entrainment Rates Deduced Entrainment 
in 

Ash Ash&. Ash Carbon Sand Ash&. 
Carbon Ash Carbon 

flow flow flow Carbon flow flow flow flow 

~ kg/h kg/h kg/h kg/h kg/h kg/h kg/h 

36,95 0,521 0,32B 0,193 o, □ 53 0,702 0,442 □ ,260 

37,54 D,9B7 □ ,616 □, 371 □ ,094 □ ,B52 □, 532 □, 320 

46,DJ O,B76 □ ,473 D,403 0,056 l,DB3 □, 585 D,49B 

4B,27 1,023 0,529 □ ,494 D,050 l, □ Bl 0,559 0,522 

46,54 1,069 0,571 0,49B □ ,2B6 1,2i1 □ ,663 □ ,57B 

44,62 1,279 □ ,70B □ ,571 □ ,519 1,333 0,738 □ ,595 

36,16 1,319 D,B42 D,477 D,2B6 1,147 D,732 0,415 

54, 52: 1,446 D,65B 0,7BB 0, 22 5 1,736 0,790 D,946 
54,17 □ ,972 0,445 D,527 o, 04 7 1,498 □ ,686 □ ,Bl2 

3B,4B □ ,9B4 D,605 □ ,379 o, □ 57 1,060 0,652 0,40B 

34,4B 0,978 □ ,641 0,337 0,099 1,042 D,6B3 D,359 

71,09 2,810 O,Bl2 1,99B 0,312 3,765 l,OBB 2, 6TJ 

57,98 1,253 □ ,527 D,726 0,020 2,059 □ ,866 1,193 
50,35 0,552 0,274 0,278 D,006 1,160 D,576 0,584 

5 □ ,BB 1,240 0,609 □ ,631 0,010 1,649 □ ,Bl □ O,B39 

JB,61 □ ,537 0,330 □ ,207 0,002 D,900 □ ,553 0,347 

38,04 □ ,720 0,446 0,274 0,009 1,064 0,659 0,405 

51,05 1,049 0,513 0,536 D,014 1,556 D,761 D,795 

42,52 D,754 0,433 □, 321 □, □□ 5 1,142 □ ,656 0,486 

51,10 1,074 0,525 □ ,549 D,005 1,162 D,56B D,594 

59,19 1,410 0,575 O,B35 o, □□ 5 1,775 □ ,724 1,051 

30,57 0,963 0,669 o, 294 0,012 1,041 □ ,723 0~ 3.18 

Rates 

Sand 
flow 

kg/h 

o, □71 

O,OBl 

0,069 

0,053 

0,332 

D,541 

□ ,249 

□, 270. 

0,072 

o, □ 61 

D,105 

0 ,418 

0,033 

D,013 

0,013 

□,□OJ 

0,013 

0,021 

□ ,DOB 

□ ,DOS 

0,006 

o, □13 

'lb Sand 
of Total 

Entrain~ 
Flow 

.,, 

9,2 

B,7 

6,0 

4,7 

21,l 

2B,9 

17 ,B 

13,5 

4,6 

5,5 

9,2 

10,0 

1,6 

1,1 

□ ,B 

o,4 
1,2 

1,3 

□ ,6 

0,5 

□ ,4 

1,3 

I 
::c 
~ .... 
I 
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APPENDIX I 

NUMERICAL ANALYSIS 

The theoretical model of Chapter 4 has been programmed for 

solution on the UNIVAC computer at the university. This 

has necessitated the use of some numerical techniques, in 

particular for interpolation, integration and ·iteration. 

All of the methods adopted have been obtained from standard 

texts on numerical analysis and are briefly described in 

this Appendix for completeness. 

I.l Interpolation 

Much of the input data have to be supplied as discrete points 

of a. continuous curve, eg the size distributions of the coal 

feed or the bed material. Intermediate points are deter-

mined by interpolation. Scheid (94, pg 79) presents the 

characteristics and differences of the various interpolation 

formulae. It is clear, however, that the nature of the 

size distribution curves enables them to be best described 

by size intervals which incre.ase in ~ize as son,e geometric 

progression. In other words, only unequal size intervals 

are considered. Therefore a Lagrangian type or a finite 

difference type of interpolation procedure can be employed. 

The latter has been used in preference to Lagrangian inter­

polation as the Lagrangian methods do not provide an easy 

estimate of the accuracy of the interpolation. Further, 

Lagrangian interpolation requires that the degree of the 

polynomial be chosen at the outset, and as the size dis­

tribution curves may best be described by logarithmic 

co-ordinates of th~ linear dimension, the accuracy of a 

Lagrangian type will be improved by specifying polynomial 

of different degrees at different sections of the curves. 

Therefore an iterative type of interpolation has been 

employed, Aitken 1 s method of linear cross means (95, pg 212), 

., 
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(96, pg 66) which is equivalent to Newton's formula with 

divided differences. Aitken 1 s method is very efficient 

and suitable for digital computers .. In order to improve 

the efficiency of the calculation the abscissa. nearest the 

argument of the interpolant ~ is designated by~, the next 
0 

nearest by~• and so on. A square matrix of order 2 is 

generated of which the diagonal elements are equal to the 

interpolated value of x. By increasing the order of the 

matrix the interpolated values are found to co~verge, the 

calculation being terminated once the required accuracy has 

been obtained. The method as described by Khabaza (95) for 

using Aitken 1 s interpolation procedure has been adopted. 

I.2 Integration 

Numerical integration of complex functions is well known. 

In order to use a simple integration formula, the function 

is assumed to be divided into equal intervals. A more 

efficient approach would have been to employ a formula with 

unequal intervals. However satisfactory results have been 

obtained by dividing the function into intervals of 75 

microns. The Gregory formula, derived from finite 

differences has been used. fhe foil □wing expression of 

Gregory's formula of numerical integration has been obtained 

from Wylie (97, pg 104}. 

,,) f(x) ax = h Cf ()"'2 + f 1 
h 2 

- 24 ·U, fn-2 

(I.1) 

where f:i _is the value of the function at xi and where the 

term tflrefers to the j th difference of the function. These 

differences can be written as 

t,f. 
1, 

= 

A2f• -. Af Af 0 
1,1 ° i+l - 0 i and so on. 
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As the contribution to the integration of the higher 

difference orders decreases as the order increases, 

equation (1.1) has been terminated after fourth difference 

in the solution of integrals contained in th~ theoretical 

model. 

1.3 Iteration 

In order to solve the equations of either the combustion or 

entrainment models, an iterative procedure has to be adopted. 

The technique of successive approximations (82~ pg 125), 

though quite simple has been found to be adequate in that a 

solution to the equations has been found to the required 

accuracy within four to five iterations. The method is 

described as follows: 

Assume that given a function of x, f(x), a value of xis to 

be found for which 

f{.x) - 0 (I,2) 

The method of successive approximations can be.described 

by two main steps: 

a) finding an approximate root 

b) Refining the approximation to some prescribed 

degree of accuracy. 

Equation (1.2) is rewritten as 

(I.31 

A number of equations of the form of equation (1.3) can be 

written from equation {1.2). It is of importance that the 

absolute value of.the derivative of the function of x, f(x), 

so formed has a value less than unity to ensure that the 

resulting approximations bf x from f(x) converge to a 

solution (82). 
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Let x 0 be the initial approximation to the solution of 

equation (I.2), then the next approximation becomes 

and so on. 

The nth approximation or nth iterate is therefore written 

as 

(I.4) 

The procedure is terminated when the values obtained for 

x and x 1 are sufficiently close to each other. 
n n-. 
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APPENDIX J 

SOME CONSEQUENCES Of THE TWO-PHASE 

THEORY Of FLUIDIZATION 

Davidson and Harrison (12, pg 19) have proposed the two-phase 

theory of fluidization as a means of describing aggregative 

fluidization. The model is set up by considering a bed as 

a two~phase system, consisting of a particulate phase in 

which the flow rate is equal to the flow rate at incipient 

fluidization i.e. the voidage in this phase remains 

essentially the same as that at incipient fluidization; and 

a bubble µhase ccrrying the flow in excess of that required 

to fluidize the bed. This two-phase model was developed 

from work on systems having fluidizing velocities less than 

about ten times that at incipient fluidization. 

In much of the work associated with fluidization, a knowledge 

of the bubble diameter is necessary. A theoretical predic­

tion is extremely difficult and has led to empirical solution~ 

which at best relate to specific ranges of particle diameter, 

minimum fluidizing velocities. the velocity in excess of 

this minimum, etc. It is therefore of value to be able to 

measure or determine the bubble diameter by experiment. 

However, even the experimental determination is extremely 

difficult due to the variation in bubble diameter with bed 

height, and the fact that the disturbance caused by a bubble 

bursting at the surface may be some SD% larger than the 

bubble causing it (98). further, an assessment has to be 

made of the initial.bubble size which is dependent.on the 

type of distributor. 

Eased on the two-pbase theory of fluidization, an empirical 

formula for the bubble diameter has been extracted from the 

literature for use in this thesis. The experimental 

approach into the assessment of bubble diameter based on 

measured bed expansion is also discussed in this appendix. 
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J.l Bubble Diameter from Published Data 

Mori and Wen (99) have examined the bubble size and bubble 

growth rate in the light of bed diameter and in the design 

of distributor plates. They (99} have summarized the 

findings of a number of authors and conclude that the 

correlations of these authors are not useful in predicting 

the change in the bubble diameter when the bed diameter 

changed. They (99) derive a maximum possible bubble 

diameter as a result of coalescence based on the vessel 

diameter and the ~mount by which the fluidizing velocity 

exceeds the minimum fluidizing velocity, i.e. the quantity 

(Uf-Umf}'o A relationship was derived from which the bubble 

diameter could be determined, and is given below: 

dBM.,. dB 
dBM - dBO - exp ( -0,J H/Dt) (J.1) 

uJhere A • O, 4 

dBO - O,J4?·tN~(uf - umr] (J. 2) 

and 
dBM ..,. 0, 652 '[At· (uf - umt1] o, 4 

(J.3) 

where the equations (J.l}, (J.2} and (J.3) are found to be 

fairly accurate over the following variable ranges. 

0,05 < umf < • 0,20 mis 

o, 06 < d p < 0,45mm 

uf - umf < 0,48 m/s 

Dt < 1,JO m 
In a publication not referred to by the above authors, 

Geldart (100) has shown the fluidization behaviour ta be 

independent of mean particle size and particle size distri- • 

bution. In particular, he has found the mean bubble size 

to be dependent only upon, the gas distributor, the height 

above the distributor and the excess gas velocity {Uf-Umf}. 

An equation has been derived by making use of results 
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obtained from a 300 mm diameter bed. This equation has 

been found to give good agreement with published data on 

bubble sizes and is given below: 

u - u 0,4 
= 1 43 ·(. f mf ) , N 

1 
+ 2 05•H•(u - u ro, 94 

O 2 ' f m 
(J. 4) 

g , 

This equation has been derived for perforated plate type 

distributors, and may easily be applied to porous plate 

type distributors ·by assuming that they behave as though 

they have 1000 ~oles/m2 of bed cross section (N = 1000 

holes/m2 ). One of the major restrictions of the above 

equation is that it has been derived by excluding any d~ta 

which may have been obtained from slug-flow in accordance 

with Stewart's criterion, cf Section J.3. As a result, 

equation (J.4) has been derived with excess gas velocities, 

Uf-Umf' of the order of 0,1 m/s and less. The equation has 

also been restricted to the following particle properties: 

0,04 

1400 

< d p 

< p 
p 

< 0,50 mm 

3 
< 4000 kg/m 

It is evident that work into the mechanism of fluidization 

has been limited to low velocities and small particle 

diameters. These low values will tend to produce more 

uniform fluidization, in particular when the prime objective 

may be to evaluate the two-phase system of fluidization. In 

this thesis, a bed material with a mean particle diameter of 

□ ,795 mm was used, whilst a coal feed with a top size of 

6,35 mm was introduced into the bed. The excess fluidizing 

velocity ranged from about 0,7 m/s to 1,3 m/s. These values 

are clearly outside the ranges for which equations (J.l} to 

(J.4) are valid .. However, they do represent realistic 

values under which the combustion of coal in fluidized beds 

can be achieved. 

Equation (J.4) has been chosen for use in the theoretical 

model in order to determine the bubble diameter. 

,. ' 
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J.2 Experimental Determination of the Bubble Diameter 

The most usual method of determining the bubble .diam~ter is 

by photographing the bubbles as they burst at the surface of 

the bed and by making a correction for the actual bubble 

size which may be appreciably smaller than that photographed 

(98). Lewis and Partridge (101) have reported on an X-Ray 
technique, whilst two dimensional methods have also been 

used. However, by considering the two-phase theory of 

fluidization, and as all the gas in excess of that re-

quired for fluidization passes through the bed as bubbles, 

the bed expansion can be related to the bubble diameter. 

Geldart (102) derives the following expression relating the 

static and dynamic bed heights to the rate of rise of a 

swarm of bubble u85 

Hf - Hmf 
= 

uf - umf 
(J.5} 

Hf UBS 

But th'e fraction of bubbles f in the bed J.S also given by 

f = {J.6} 

Geldart (102) further reports, that two equations relating 

the expansion ratio Hf/Hmf to the mean bubble diameter can 

be derived. These tw'o equations differ in the way in which 

the bubble velocity, or the natural rising velocity of the 

bubbles, UB, is related to the absolute velocity of rise of 

a bubble in a swarm UBS. The first assumes that providing 

the bubbles do not interfere with one another, 

= u 
B 

(J. 7) 

whilst the second,· proposed by Dav ids on and Harrison 

(12, pg 100), assumes that the absolute velocity of rise of 

a bubble is assumed to be the sum of the natural rising 

velocity LIB, plus the upward velocity of the particulate 

\ 
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phase between the bubbles, Uf-Umf• 

UBS = :• (uf - um/ + uB 

This is given by 
(J. 8) 

(J.9) 

By adopting this latter approach, and by assuming that 

(J.10) 

Geldart (J.5) derives the following expression for the mean 

bubble diameter in terms of the bed expansion ratio 

R = Hf/Hmf' 

u - u • 
DB = _?_ ( f mf )2 

g R - 1 
(J. llJ 

A similar relationship can be derived by making use of the 

assumption of equation (J.7). However, as it is not 

possible to choose between the equations (J.7) and (J.8) 

on theoretical grounds (102), the Harrison and Davidson 

relation of equation (J.B) has been chosen~ In fact the 

diameters predicted by equati'Jn {.J •. U) by this r.elatian ar~ 

always less by a factor R2 than that predicted by equation 

(J.7). 

In order to determine the bubble diameter from experimental 

results, the excess velocity Uf-Umf and the bed expansion 

ratio are substituted into equation (J.11). It should be 

noted that Geldart (102) has only used excess gas velocities 

of Uf-Umf up to 0,07 m/s resulting in the highest value for 

the bed expansion ratio R, being observed as 1,16. As the 

values for excess gas velocities and hence also for the bed 

expansion ratio are much greater for this thesis, the use of 

equation (J.11) is'restricted tb qualitative assessments of 

bubble di3meter, and to obtaining the relative effect when 

changing from one velocity to another. 
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J.3 Criterion for Slugging flaw 

The criterion for determining the transition from bubbling 

flaw ta slugging flow in fluidized beds has been suggested 

by Stewart (103). Geldart (100,102) has used this criterion 

which is given below for eliminating experimental work where 

slugging may have been suspected in order to determine 

bubble diameters. Stewart (103) proposes that slug flaw 

will occur in a tube of diameter Dt if -

(J.12) 

For a 300 mm diameter tube, as has been used in this thesis, 

and assu~ing a minimum fluidizing velncity of 0 1 3 m/s, a 

fluidizing velocity of 0,42 m/s should not be exceeded in 

order ta ensure bubbling flaw conditions. 

However, it is evident that bed height must have an effect 

an the bubble size, as far shallow beds particularly where 

the bed height is less than the bed diameter, coalescence 

may not .have taken place ta the extent that fully developed 

slug flow is possible before the bubble erupts at the 

surface. 
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APPENDIX K. 

CYCLONE PERFORMANCE 

The dust is separated from the flue gases by means of a 

cyclone situated an the suction side of the bailer induced 

draft fan. The cyclone has been designed having the standard 

dimensions of a medium efficiency type cyclone. 

Fram the data presented in Reference (70, Ch 20) the pressure 

drop across the cyclone is determined as being equivalent to 

6,5 inlet velocity heads. The pressure drop across the 

cyclone is measured as being equal ta 39 mm W.g. 

By equating the values an equation results having temperature 

and mass flaw rates as the unknowns. A second relationship 

is generated based an a mass balance of flue gas from the 

cambustor and coaling air absorbed from the surroundings. 

Ta simplify the calculation, the flue gas is assumed to be 

emitted from the combustar at a flaw rate of 100 kg/hand 

8 □□°C for all of the tests considered. By solving these 

two equ3tions simultarecusly, the following is jutermined 

far the cyclone: 

Temperature at cyclone inlet 

Velocity at cyclone inlet 

= 
= 

10°c 

10,7 m/s 

Fram this the correction factor for the cyclone efficiency 

ta particle size as given by Nonhebel (7B) is determined as 

2,06. 

Figure K.l is drawn and this has been used for all of the 

tests to relate the quantity of ash collected with the 

incoming dust burden. 
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