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SYNOPSIS

The oligomerization of propene, butenes and hexenes over solid phosphoric
acid catalyst has been investigated using an internal recycle reactor, a

pulse micro-catalytic reactor and a fixed bed reactor.

The relative reactivities of the propene, butenes and hexene feeds were
examined in a pulse reactor, Mechanistic pathways, particularly for
propene and butene oligomerization, have been proposed. In the pulse
reactor at 1.65 MPa and 473 K the alkenes oligomerized according to the
following order of decreasing reactivity: iso-butene, 2-methyl-1-pentene,
1-hexene and propene. In this reactor at 473 K and 1.63 MPa and at
propene: 2-methyl-1-pentene and propene:Ces molar ratios of 1.5:1 and 10:1
respectively, the Ci2 fraction was produced solely from the dimerization
of Cs. At the higher propene (4.97 x 10°2 mol/l) and 2-methyl-1-pentene
(0.86 x 10°% mol/l) concentrations the fraction of Ci2 produced from
dimerization of Cs at C3:Cs and C3:Cs molar ratios of 6&:1 and 15:1

respectively, was approximately 50%.

The internal gas recirculation reactor was characterized with respect to
residence time and mass transfer characteristics. The reactor approached
ideal CSTR performance at recycle ratios of approximately 15 to 20. A

1

mass transfer coefficient of 8.5 cm. s ' was found for the napthalene-air

system at impeller speeds of 2000rpm and atmospheric pressure, A
superficial gas velocity of 140 cm, s ! Wwas found for this system
Interphase and intraparticular mass transfer wacs negligible when propene
was oligomerized at 1.5 MPa, 2000 rpm, 464 K, 101.5% H3iPOs4, and using a
catalyst size fraction of 106-180 um. At the extreme temperature and acid

concentration conditions of 114% Hz:PO:, 502 K, 1.5 MPa, 2000 rpm and

uzing the same catalyst size fraction, interphase mascs transfer  was
inzignificant and intraparticular dJdiffusion Has c=low. The HsP04
concentration was critical, affs=cting both c¢atalyst activity and
lifztime. Inecreaszes 1in conversion were accompanied Dby decreacses in the

aviarag2 molecular weight of the liquid product fraction (Cs.)

[
e

due 2o the introduction of diffusional problems az th: phase inside

Hile Sutens oligomerized to dimer, propene ocligomerized predominantly 3

Loimer and tetramer. This mavy be dus to  steric hindrance o heats of

zrantial deczorption of theoese molescul:c

1A Y .0 L, . 3 BTN - A Y- - -~ YAy - -
rxlative to the other oligomers of propene and
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The rate of propene oligomerization over the temperature range 443-473 K
and over the H3zPOs concentration range of 102-107 % was related to its
concentration by a near first order rate equation. The rate of 1-butene
rcaction was found to have a s5lightly higher order (1.22). Detailed rate

equations for both cases are presented.

Five kinetic models have been tested for their ability to fit the rates
of product formation and the rate of propene reaction as found in the

internal recirculation reactor. Two of the models were empirical and tiuo

(@)

1

-

re baced on the assumption that the oligomerication reactions are

slementary., &4 fifth more fundamental model has been formulated according

£5> the carbonium ion theory. The two empirical models gave the bect fit
to the data. Similar models were proposed for the 1-butene
oligomcrization. Of four possible models, only one of the empirical

mcdclc gave the best fit.

+

The rate =equation proposed for propene oligomerization was used to

piredict the performance of a fixed bed reactor with catalys pellets

[#9]

ucing a one dimensional model. A& number of simplifying assumptions were

madc and the przdicted results weres #ithin 107 of the experimental data.
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INTRODUCTION

Large scale industrial use of catalysts originated in the mid-18th
century with the introduction of the 1lead chamber process for the
manufacture of sulphuric acid. Rhile the need for a catalyst was
recognized, the scientific basis for its chemical and kinetic action
only came much later and this 1is a trend that persists to this day

(Heinemann, 1981).

The potential of a catalyst to tailor, to some extent, the product
spectrum of a reaction, has led to the 1large research effort in
catalytic science this century. The reaction pathray, for example, may
differ for catalyzed and non-catalyzed reactions (e. g. , catalytic vs

thermal cracking (Ryland et al., 1958)).

It was estimated that by 1981 over tnenty percent of all industrial
products had underlying catalytic steps ih their manufacture (Heinemann,
1981). The great majority of catalytic processes are based on
heterogeneous catalysis. Amongst these it 1is the heterogeneously
catalyzed organic reactions that have come to dominate due to their wide
application in the petroleum industry and, of these, catalytic cracking
is by far the most important. After a major breakthrough in 1936, the
first commercial cracking plant opened in 1937 and, over three decades
later, half the total U.S. crude o0il capacity ~®Ras being cracked

catalytically (Lloyd, 1972).

In the 1last few decades there has been more emphasis on novel catalysts
that produce better products and product yields, and which can be used
in existing or slightly modified equipment. The major reason for this
trend lies 1in the escalatfng construction costs of industrial plants,

Rith the concomitant increase in the financial risk of failure.

In 1902 it was found that methane was formed by passing mixtures of
hydrogen and carbon monoxide over nickel and cobalt catalysts. In 1923,
Franz Fischer and Hans Tropsch reported the conversion of carbon
monoxide and hydrogen.to hydrocarbon products wusing an alkylized iron
catalyst (Dry, 1981). Thirteen years later the first four Fischer-
Tropsch production plants were in operation, producing 200 000 tonnes of
hydrocarbons per annum, but after Rorld War II, production was severely

cut back (Frohning et al., 1982).

It was the discovery of vast natural gas and crude o0il reserves in the

Middle East in the 1950's that caused a discontinuation of Fischer-
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Tropsch processes (Jager, 1978). Several articles on the Fischer-Tropsch
Synthesis process have been published (Frohning et al., 1982; Jager,

1978; Dry, 1981; Anderson 1956).

After South Africa's acquisition of the American and German Fischer-
Tropsch process rights, the South African Coal, 0il and Gas Corporation
Limited (SASOL) was formed in 1950. The first Sasol plant, SASOL 1, was
commissioned in 1955, Since 1955 many changes have been made to the
process which have stimulated the growth of the chemical process
industries in this country (Hoogendoorn, 1982). The OPEC oil crisis in
1973 led to the design and building of two, much larger plants. These
plants, called SASOL 2 and 3, were to concentrate primarily on the

production of gasoline (Public Relations Department, SASOL, 1980).

Several reviews on the history of the SASOL process have been published
( Hoogendoorn, 1982; Public Relations Department, SASOL, 1980). Some

salient features of the SASOL process are discussed below.

Figure 1.1 1is a simplified block flow diagram of the Secunda plants
(Dry, 1981). The primary products are ethene, gasoline and diesel fuel
(Dry, 1982b). A large amount of flexibility is allowed for in the
product wmork-up. The overall gasoline to diesel ratio can be varied from
about 10:1 to 1:1 (Dry, 1981). The Synthol reactors (Tables 1.1 and 1.2)
produce high percentages of alkenes, and less than 50% of the Synthol
reactor products fall into the gasoline and diesel fuel range. The
remaining products are converted by methane reforming, wax cracking and
the oligomerization of Cz and Casa alkenes. About one third of the total
liquid fuel output is produced by alkene oligomerization over solid

phosphoric acid in the CATPOLY process.

The gasoline from the Synthol reactors needs upgrading. This is done by
isomerizing the Cs and Cs alkenes and platforming of the C7z - Cqi
fraction. To obtain a 1leaded product with RON 93 (Brink & Swart, 1982)
the primary product, gasoline, is blended with that from the products of
oligomerization of the C3 and Cs4 alkenes. The viscosity of the diesel
from oligomerization 1is too 1lowWw and the fuel 1is too branched. After
hydrogenation it yields a cetane number of 33-35. After blending Rith
the Synthol diesel, this is marketed with a cetane number of 46 (Brink &

Swart, 1982).

This diesel fuel has poorer density and viscosity characteristics than

desired (Brink & Swart, 1982); nonetheless it conforms to the South



African standards.

The

lor cetane value

of this diesel

fuel and, even

more so, the poor density and viscosity characteristics, are of concern
to SASOL.
Raw gas
H,0 - Pitch
Phenosolvan ——4—{ Separation }_:—Creosote
! ‘
Phenols  NHj Naphtha
i H
' Gasoline Diesel
Synthol
3
/
H0 - Alcohols
CHe . Oxygenate
Reformer Separation work-up [~ Ketones
G Qi
i b oil
work-up
CH,
g
- Cryogenic CO; Gasoline Diesel
Hy unit
C2Y C; -
== Gasoline
Ethylene Oligomerize
plant 9 = Diesel
CaH, LPG
Figure 1.1 Flowr diagram of the SASOL Plants at Secunda (Dry, 1981)
Table 1.1 Product selectivities of the SASOL fixed bed and Synthol

reactors (Dry,

1981).

Product Composition/ % carbon atom
Fixed bed at 493 K Synthol at 598 K

CH, 2.0 10

C,H, 0.1 4

C,Hq 1.8 4

C,H, 2.7 12

C,H, 1.7 2

C,Hg 31 9
C,H,, 1.9 2

C, to C,, (gasoline) 18 40

C,, to C,, (diesel) 14 7
Cot0Cy, 7

C,, to G5 (Medium Wax) 20 4

>C,, (Hard Wax) 25

Water scluble non-acid chemicals 30 5

Water soluble acids




Table 1.2 Selected properties of 1liquid and solid products from SASOL
reactors (Dry, 1681).

Product Cut Property Fixed Bed® Synthoi®

Gasoline C,—C,;, Olefins 329 65%
Paraffins 60% 149,
Aromatics 0% 7%
Alcohols 7% 6%
Ketones 0.6% 6%
Acids 049%, 2%
n-Paraffins 959° 55%®
RON (Pb free) ~35 88

Diesel C,,—C,, Olefins 25% 73%
Paraffins 65% 10%,
Aromatics 0% 10%,
Alcohols 6% 4%
Ketones <1% 2%
Acids 0.05% 1%
9, n-Paraffins 939® 60%°
Cetane No 75 55

Medium Wax

C,a—Cys Olefins 10% -

* wt. % of cut except for RON and cetane No
b 9/ of the paraffins which are straight chained

1.1 ROUTES TO THE PRODUCTION OF LIQUID FUELS

As mentioned above the Sasol fuel has poor density and viscosity
characteristics. The diesel to gasoline ratio does not satisfy the South
African demand. It has however been shown, both theoretically and
practically, that the diesel selectivity from a Fischer-Tropsch
synthesis is limited by the Shultz-Flory distribution to less than about

25 % (Jager et al., 1982).

There are several routes to the production of 1liquid fuels. Some of

these Will be discussed very briefly.

1.1.1 Low Temperature Fischer-Tropsch Processing

This process would involve using the fixed or slurry bed Fischer-Tropsch
reactors. The fixed bed Arge reactors can produce large quantities of
good quality diesel (Tables 1.1 and 1.2). Diesel to gasoline volume
ratios of between 3:1 and 6:1 With cetane numbers of approximately 65
are possible. The technology for this process is proven. SASOL, wWith
experience from their SASOL 1 plant, have been considering this

alternative (Dry, 1982a; Dry, 1982b; Jager et al., 1982).

Several catalysts have been proposed for changing the process

selectively, but most indicate an ability to produce very lorm chain



length alkenes in the range Cz2 to Cs (Falbe et al., 1982; Hammer et al.,
1982; Ballivet-Tkatchenko et al., 1882). Fex of these catalysts produce
good diesel selectivity (Gaube, 1983).

1.1.2 Oligomerization of Alkenes

This route is followed extensively by oligomerizing the alkenes {(Ci and
Cs) over solid phosphoric acid in the CATPOLY process. The fuel quality
(in the South African context) suffers from the drawbacks already
mentioned above. A large research effort is at present being dedicated
primarily to the use of alternative catalysts and also to a better
understanding of the existing process. The development of Z3SM-5 for
Mobil's MOGD (Mobil olefins to gasoline and distillate fuels) process

(Tabak, 1984a,b) is an example of the search for alternative catalysts.

1.1.3 Methanol Conversion, Coal Liquefaction and Natural @Gas

Conversion

Coal can be readily converted to methanol. Methanol can be converted to
gasoline via the Mobil MTG (methanol to gasoline) process, (Kohll &

Leonard, 1982; Garkisch & Gaensslen, 1982; Penick et al., 1978).

Although direct coal liquefaction 1s becoming an important alternative,

trgasificatteon—nmopbes, the liquid products contain large amounts of
aromatics ( Manudhane at al., 1982).

Natural gas deposits are largely methane and it is 1likely, in the
foreseeable future, that methane =®ill be converted to liquid fuels via

the methanol route (MTG process) as is done in New Zealand.

1.2 THE OLIGOMERIZATION OF ALKENES

In the SASOL process potentially high value materials are converted into
low value fuel products. The polymer products such as polyethylene,
polypropylene, synthetic rubber, detergents, etc., are economically more
valuable than 1liquid fuels. Internationally, alkenes are converted into
a wide spectrum of chemical products, such as those mentioned above
(Kirk & Othmer, 1951; FRaddams, 1963). The SASOL process is, however,
more important in the South African context. Use of +the present
feedstocks, natural gas and natural gas liquids, for alkene production
might become increasingly expensive and limited (Quang et al., 1981). It
is predicted that the heavy liquid fraction from crude o0il cracking will
become an important feedstock for alkene production (Klein, 1980) and

hence the wuse of c¢oal as a ram material 1is being investigated



b

( Janardanarao, 1980). The use of Fischer-Tropsch synthesis to produce
lo¥ chain 1length alkenes 1is therefore of great importance. Many
catalysts are being studied for this purpose (Falbe et al., 1982; Hammer
et al., 1982; Ballivet-Tkatchenko et al., 1982; Murchison, 1981;
Fraenkel &% Gates, 1980).

There are other routes for alkene production. The Dowm Chemical
Corporation has developed a process (Storme & Murchison, 1982) for
converting aqueous phase Fischer-Tropsch products to LCA (lorm chain
length alkenes) and another process produces alkenes from coal via
methanol Rith very good selectivities (Inui & Yakegami, 1982; Inui et

al., 1982).

The production of gasoline from alkenes began in 1931 (Oblad et al.,
1958). These Rere non-catalytic thermal processes and were soon replaced
by catalytic processes (McMahon et al., 1963). It was the rapid
development of catalytic cracking, with its high yield of lom molecular
weight olefins, and the outbreak of Horld Rar II mith its demands for
high quality gasoline, that accelerated the pace of production of

gasoline from alkenes (McMahon et al., 1963).

Ipatieff's work (Ipatieff et al., 1935) on the polymerization of olefins
with liquid phosphoric acid led to the development of several commercial
processes and catalysts. Phosphoric acid catalysts are by far the most
prominent, solid phosphoric acid being the most important. The
commercial catalysts include phosphoric acid on kieselguhr, copper
pyrophosphate-charcoal and phosphoric acid-coated quartz chips (McMahon
et al., 1963).

Ipatieff and other researchers carried out almost all of the early
research on the polymerization of olefins and introduced several patents
and possible mechanisms (Ipatieff, 1935a, b and c; Ipatieff & Corson,
1935; Ipatieff & Komarewsky, 1937; Rhitmore, 1934a,b; Ipatieff et al.,
1935; Ipatieff & Pines, 1935; Ipatieff & Pines, 1936; Ipatieff & Corson,
1936; Ipatieff & Schaad, 1938; Ipatieff & Corson, 1938; Ipatieff &
Schaad, 1948; Ipatieff, 1934).

Some other catalysts used for oligomerizing alkenes include Friedel-
Crafts type catalysts - aluminium chloride, boron hydrofluoride
(Lachance & Eastham, 1976) as well as silica-aluminas, clays and
zeolites (Pines, 1981). Organometallic catalysts are very active for the
polymerization of ethene and propene (Doi et al., 1982) to high
molecular weight compounds although the use of Ziegler type catalysts in

conjunction With a cracking catalyst (i.e., supported on zeolites) could



7

conceivably yield products in the liquid fuels range. The products from
these catalyst systems are of little use in the fuels industry. Alkene
metathesis reactions (Banks, 1979) represent another route to possible
formation of linear alkenes 1in the Ci12-Cis range from propene and

butene.

Of all these routes, acid catalyzed alkene oligomerization to liquid
fuels is one of the most promising. This is evidenced by the 1large
volumes of 1literature published in recent years. Active research has
been carried out on the pentasil group zeolites (Naccache & Taarit,
1980) in order to impose shape selectivity by 2zeolites on reactions
( Reisz, 1980; Heisz, 1973). Alkene reactions over many 2zeolites have
been described (Norton, 1964; Lapidus et al., 1973; Fasol, 1983;
Rolthuizen et al., 1980; Anderson et al., 1980; Fajula & Gault, 1981;
Gati & Knédzinger, 1972; Myers, 1970; Stul et al., 1983; Heinemann et
al., 1983; Bercik et al., 1978; Swift & Black, 1974; Hattori et al.,
1973; Haag, 1967).

ZSM-5, Ni-SMM and boralite, amongst others, have shown promise (Bercik
et al., 1978; Occelli et al., 1985). ZSM-5 has been the focus of Mobil's
research effort for several decades. This has resulted in their recent
MOGD ( Mobil Olefins to Gasoline and Distillate?mﬁrocess which produces
high quality diesel from propene and butene (Tabak, 1984a, b; Marsh et
al., 1984, Tabak et al., 1985). The process can be operated in either
the gasoline or'distillaté‘mode. This allows for a wide range of product
flexibility. Gasoline to“distillaté’ ratios from 0.012 to greater than
100 are possible. The "distillate! after hydrotreating, has a cetane

value of approximately 52.

Ni-SMM (a synthetic clay material) has been shown to oligomerize propene
to products in the Cs - Cia range. Due to its potential to produce high
performance jet fuels and 1low pour hydraulic and transformer oils,
research has been recently renewed into examining its potential in the
production of diesel fuels (Jacobs, 1987; Bercik et al., 1978; Bercik,
1978; 1979).

1.3 POLYMERIZATION OR OLIGOMERIZATION CATALYSTS

Commercial alkene oligomerization to produce liquid fuels (gasoline?
began in 1931 (Oblad et al., 1958). The first plants employed thermal
oligomerization, but catalytic processes were introduced in 1935
(Ipatieff et al., 1935). The formation of low chain-length polymers from

propene and butenes Ras commercialised to convert 1low chain-length
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olefins, formed as a by-product of o0il cracking operations to gasoline
range hydrocarbons (Egloff & FReinert, 1951). These processes for
producing polymer gasoline used acidic catalysts and gave complex
mixtures of products, generally with a low selectivity to dimers. The
reactions follow the carbonium ion mechanism, the acid catalyst
transferring a proton to the olefin (Habeshaw, 1973). This mechanism
(Anitmore, 1934a,b) can explain the products obtained but has difficulty
predicting the final product composition, because the carbonium ions
readily rearrange and undergo further reaction (Langlois, 1953).
Progress in this field wmas accelerated by increasing availability of
gaseous alkenes from catalytic cracking and during Horld Rar 1II

hydrogenated oligomer gasoline was used in aviation fuel.

Catalysts used in polymerization are predominantly acid catalysts, solid
phosphoric acid being commercially the most prominent. It is preferred
to liquid phosphoric acid since it is less corrosive. Most of the early
Rork on these catalysts was carried out by V.N. Ipatieff and co-workers
(Ipatieff et al., 1935; Ipatieff, 1935a, b and ¢, Ipatieff & Corson,
1935; Ipatieff & Schaad, 1938; Ipatieff & Komarewsky, 1937; Ipatieff &
Pines, 1935; Ipatieff & Pines, 1936; Ipatieff & Corson, 1936; Ipatieff &
Corson, 1938; Ipatieff & Schaad, 1948; Ipatieff, 1934).

Catalytic polymerization can be classified as being either free radical
or ionic 1in nature and ionic polymerization can be further subdivided
into cationic or anionic (Oblad et al., 1958). Peroxides and other
sources of free radicals are catalysts for free radical polymerization.
Anionic polymerization catalysts are basic materials such as metallic
sodium. Cationic catalysts include acids such as sulphuric acid, solid
oxides such as alumina-silica and Friedel-Crafts catalysts such as
aluminium chloride. It is their ability to act as strong acids that
gives rise to their catalytic activity for polymerization. In the theory
of cationic polymerization the catalyst is regarded as a strong acid of

the Bronsted type, i.e., a proton containing acid.

Commercially the most common acid catalysts are sulphuric acid and
phosphoric acids and phosphates (Oblad et al., 1958). Friedel-Crafts
type catalysts such as aluminium chloride and boron trifluoride
(Lachance & Eastham, 1976) wmRith HC1l or H20 as promoters, zinc chloride,
titanium chloride, synthetic silica aluminas (Cblad et al., 1958) and

zeolites (Pines, 1981) are sometimes used.

Metals and metal containing catalysts are sometimes used particularly in

the polymerization of acetylenes, diolefins and ethylene. Organometallic
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catalysts such as TiCls4-Al(C2Hs)3 are very active for the polymerization
of ethene and propene (Doi et al., 1982) to high molecular ~weight

compounds.

One of the most actively studied polymerization catalyst groups 1in
recent years is the 2eolites, in particular those of the pentasil group
( Naccache & Taarit, 1980). Gaseous alkene reactions (isomerization and
oligomerization) have been described over zeolites A and X (Norton,
1964; Lapidus et al., 1973), zeolite Y (Lapidus et al., 1973; Fasol,
1983), ZSM-5 (Holthuizen et al., 1980; Anderson et al., 1980), mordenite
(Fajula & @Gault, 1981; Rautenbach, 1986), alumina (Gati & Knézinger,
1972; Myers 1970), montmorillonite (Stul et al., 1983), synthetic clays
( Heinemann et al, 1983; Bercik et al., 1978; Srift & Black, 1974;
Hattori et al., 1973; Fletcher, 1984) and cationic exchange resins

( Haag, 1967; Schumann, 1983).

1.4 PHOSPHORIC ACIDS AND PHOSPHATES

All phosphates can be represented stoichiometrically as combinations of
oxides. The ratio of cationic oxides (R) to anionic oxides (P20s)
determines the type of phosphate. If the mole ratio of the caticnic to
anionic oxide is three, the substance is an orthophosphate. If it lies
between one and twmo, the =substance is a polyphosphate and in a
pyrophosphate the ratio is exactly two. A& ratio of exactly unity gives a
metaphosphate. If the ratio lies between zero and unity, the substance
is an ultraphosphate (Van Razer, 1953). This relationship is tabulated

in Table 1.3 (wmhich is arranged in order of increasing R) along ®ith the

Table 1.3 The relationship between the cationic and anionic oxides in

phosphates.
General formula of
Oxide ratio, R® Narme normal sodium salt Structures
Condensed
0 Phosphorus pentoxide (P205)n P00 molecules or continuous
structures
BetweenOand 1 Ultraphosphates (zNa.0)P,0s Interconnected chains and/or
for0<z<1 rings
1 Metaphosphates Na.(POy), Rings (or extremely long
n=3+4... chains)
Between 1 and 2 Polyphosphates NanaPuOsunr Chains
n=2234535...
2 Pyrophosphate Na,P,0, Two phosphorus atoms
Between 2and 3 Mixtures of pyro- and ortho- — —
phosphatcs
Simple Structures
3 Orthophosphate Na;PO, Onc phosphorus atom

>3 Orthophosphate + metal ox- — —
ide (including double salts
and solid solutions)

* (N2,0 + HoOcmpn. + Ca0 + ... )/P0s.
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general chemical formulas of the various phosphates of normal sodium
salt. Metaphosphoric acid referred to in the early literature is no

longer recognized as a definite compound ( McMahon et al., 1963).

Orthophosphoric acid, H3POs, is a tribasic acid, strong as regards the
first dissociation, moderately weak as regards the second and very weak
as regards the third (Van WHazer, 1953). The ionization constants at
298 K are Ki=. 75x10"%, K2=0.6x10"7 and K3=3x10"'3, Pure 100%
orthophosphoric acid is a white crystalline solid {(monodinic) that melts
at 315.4 K to a syrupy 1liquid which has a tendency to supercool.
Physical measurements indicate considerable hydrogen—-bond formation in
orthophosphoric acid (Simon & Schultz, 1939). There 1is also a
crystalline semihydrate of orthophosphoric acid, HiPOs+%H20, which melts
at 302.3 K. The phase diagram of the system H3POs-H20 up to 100% H3POs
is given in Figure 1.2. Because of supercooling, phosphoric acid
solutions will often remain liquid at much lower temperatures than those
shown in Figure 1.2. The density, heat capacity, boiling point,
electrical conductivity and refractive index of orthophosphoric acid
solutions of various concentrations are given by Monsanto Chemical
Company (1946) and Van Wazer (1953). Vapour pressure and viscosity data

of phosphoric acid solutions are also given as functions of temperature,

Phosphoric acid 1is chemically quite inactive at room temperature (Van
Razer, 1953). For this reason it is sometimes used as a substitute for
sulphuric acid when the oxidizing properties of the latter are not
ranted. The reduction of phosphoric acid by strong reducing agents such
as hydrogen or carbon does not occur at a measurable rate at
temperatures below 523-673 K. At higher temperatures phosphoric acid is
fairly reactive torards most metals and their oxides. A list of many
forms of sodium and calcium orthophosphates is given by Van Hazer

(1953).

1.4.1 Condensed Phosphoric Acids

A series of acids having a H20:Pz203 mole ratio of less than three can be
prepared by heating mixtures of phosphorus pentoxide Rith
orthophosphoric acid and/or water. By boiling orthophosphoric acid,
Rater can be evaporated until an azeotropic mixture is formed. The
azeotrope varies from 91.1 to 92.1% P20s (pure HiPOs contains 72.4%
P20s) as the system pressure increases from 101 to 753 mm Hg ( Tarbutton
& Deming, 1950). The corresponding boiling points range from 967 to
1142 K. The vapour pressures corresponding to the various compositions

of phosphoric acids are given by the following equation:
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Figure 1.2 H3PO4-H20 system

($P20s - 60)2/0.268 + 2450
T

Logio Pmm = 8. 61

Rhere %¥P20s lies betrReen 60 and 95. The boiling point and composition of
vapour over the boiling acid are given by Van Nazer (1953) as functions
of the acid composition. Variation of the heat vapourization =with

composition of the acid is also given by Van Hazer.

The best known of these condensed acids is pyrophosphoric acid, Ha4P207
Rhich has a melting point of 334 K. Once melted pyrophosphoric acid is
very difficult to recrystalize and can take up to several months to
solidify at room temperature. This is due to the decomposition of the
pyrophosphoric acid wupon melting (Bell, 1948; Durgin et al., 1937; Van
Hazer, 1953). Upon melting, pyrophosphoric acid dissociates into a
mixture which contains orthophosphoric acid and some polyphosphoric
acids. According to Van HWazer (1953) this is probably attributable to
the close similarity between the hydrogen-oxygen and phosphorus-oxygen

bonds.

The acids obtained by boiling orthophosphoric acid or adding phosphorus
pentoxide to it, or by melting crystalline phosphoric acid, all belong
to a continuous group of amorphous condensed phosphoric acid mixtures,
which extend from pure phosphorus pentoxide to orthophosphoric acid.
Figure 1.3 shows hor the orthophosphoric acid fraction decreases as the
total composition is removed from that equivalent to HiPO. (between the

ortho and pyro compositions).
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Figure 1.3 Approximate molecular composition of strong phosphoriec acids
in terms of the number, n, of phosphorus atoms in the

molecule-ion.

There appears to be an equilibrium composition mixture of chain
phosphoric acids corresponding to every given ratio of H20 and P20s in
these amorphous compositions. In the range from 72 to 82% P20s the acids
have an o0ily appearance; in the range from 82 to 89% P20s they progress
through tar and taffy 1like stages; and above 90% P20s they are brittle

glasses.

Hhen any of the condensed phosphoric acids are dissolved in water,
hydrolysis to orthophosphoric acid takes place. The rate of hydrolysis
is externally dependent upon temperature. At 298 K the half-life for the
formation of orthophosphoric acid from the condensed form is a matter of
days, whereas at 373 K the half-life is measured in minutes. Because of
the reasonably 1long life at room temperature, the condensed phosphoric

acids can be studied in aqueous solution at room temperature.

In the manufacture of phosphoric acid from elemental phosphorus three
steps are involved:

1. Burning of the phosphorus

2. Hydration of the resulting phosphorus pentoxide

3. Collection of the mists formed

In most plants the elemental phosphorus is burned as a liquid. Corrosion
is a serious problem in all installations. Details and operating data

from a phosphoric acid plant are given by Striplin (1948).

The oldest and most economical method for making crude phosphoric acid
ig to treat phosphate rock with sulphuric acid, thereby precipitating
calcium sulphate and releasing phosphoric acid. (This is known as the

Wet process.) The phosphoric acid obtained in this Way must be purified.
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Van Razer (1953) has described a method for determining the total P20s

in any phosphate. Another method is that of the AQAC (1950).

1.5 PHOSPHORIC ACID AS A CATALYST

Catalytically, phosphoric acid has been used principally for the
polymerization of C3 and Cs olefins (Langlois, 1953). In this regard the
great majority of all commercial polymerization units in the petroleum
industry utilize phosphoric acid as a catalyst (Oblad et al., 1958;
McMahon et al., 1963). The most widely used form is the extruded form of
the calcined phosphoric acid and kieselguhr composite developed by
Universal 0il Products Company. Several examples of its use have been
described (Deeter, 1950; Egloff & HNeinert, 1951; Ipatieff & Corson,
1936, 1938; Ipatieff et al, 1935).

Phosphoric acid, in several forms, can be employed catalytically in a
large number of reactions other than the polymerization of olefins.
There are many patents covering the wuse of various phosphates as
catalysts in the vapour phase hydration of olefins, with steam, to the
corresponding alcohols. 4 list of such patent numbers 1is given by

Dunstan & Howes (1936).

One field of organic chemistry in which phosphoric acid, as a catalyst,
finds application is the alkylation of aromatic hydrocarbons by olefinic
hydrocarbons to produce compounds of 3 mixed alkyl-aryl character
(Ipatieff, 1935 b). One such reaction involves the formation of
isopropyl benzol by the treatment of benzol with propene according to

the following reaction:
CoHe + C3Be = CusHs+C3Hy

Phosphoric acid can also be used to cause condensation reactions between
either ethers or alcohols and aromatic hydrocarbons in which rater is
primarily split off to yield olefins. Phosphoric acid may also be used
#ith olefins in the alkylation of ring compounds containing substituent
groups, notably phenols and amines. Phosphoriec acid catalysts in
essentially solid form can also be wused in isomerization reactions.
Various phenolic ethers, for example, can be 1isomerized to the
corresponding alkylated phenols. Another application is the manufacture
of acid esters from olefins and aliphatic carboxyllic acids according to

the following reaction type:

CH3COOH + CaHs + CH3COOCaHs
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Other examples include miscellaneous types of dehydration reactions upon

aliphatic hydroxy compounds.

An important application involves the treatment of cracked gasoline
vapours (Ipatieff, 1935b). By wusing properly prepared and sized
phosphoric acid-absorbent granules as filler in treating tomers, and
temperatures and pressures common to the fractionaters of cracking
plants (366 K to 473 K and .71 MPa to 2.03 MPa), the olefinic
constituents of these gas mixtures may be selectively polymerized,
either in one, or several stages. The gum-forming olefins, which would
otherwise appear in the gasoline from the plant, are converted to high
boiling materials which are 1left behind as bottom reflux in the final
fractionating step. A certain proportion of the normally gaseous mono-
olefins present is polymerized to form gasoline boiling range liquids of
superior anti-knock value. In this way, both yield and quality of the

gasoline from the cracking process is improved (Ipatieff, 1935b).

The examples given above are only some of the many possible catalytic

uses of phosphoric acid.

1.5.1 Phosphoric Acid as a Polymerization Catalyst

As already mentioned, catalytically, phosphoric acid has been used
principally as a polymerization catalyst in the polymerization of C3z and
Cs olefins (Langlois, 1953). It has been employed commercially in three

different forms (Langlois, 1953).

1. & catalyst consisting of a thin film of phosphoric acid supported on
fine quartz sand.

2. A calcined composite of phosphoric acid and kieselguhr.

3. A copper pyrophosphate composition which apparently owes its activity

to a partial conversion to free phosphoric acid.

The calcined composite of phosphoric acid and kieselguhr is the most
active of the catalysts wused in polymerization and has the greatest
active surface area (Jones, 1956). This process has been described in

detail by Egloff & Weinert (1951).

Although there may still be scme units using the copper pyrophosphate
catalyst, its lowmer activity for the conversion of propens and 2-butene,
Rhich are made in greater quantities by catalytic-cracking units than by
thermal crackers, has caused many of these units to be converted to the

solid phosphoric acid catalyst (Jones, 1956). This process is described
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by Steffens et al. (1949). The process was patented by Polymerization
Process Corporation. Its use was almost exclusively for non-selective
polymerization (Sherwood, 1957). Steffens et al. (1949) studied the
effect of process variables on performance over copper pyrophosphate

catalyst.

Since the start of commercial polymerization, liquid phosphoric acid on
various supports has been tried, but none has been as successful as the
solid phosphoric type (kieselguhr) (Jones, 1956). In 1937 a commercial
sized unit using liquid phosphoric acid on quartz was built (Langlois &
Ralkey, 1951). The advantages of this catalyst are lowr cost, widespread
commercial availability, simplicity of regeneration, high mechanical
strength and ready adaptability to a variety of féedstocks and types of
service (Langlois & HRalkey, 1951). In this process the catalyst is made
inside the reaction zone by placing the support (quartz) in the reactor,
filling the reactor with 1liquid phosphoric acid and then draining off
the excess acid, prior to the introduction of the feed. The catalyst is
replaced by wmashing off the acid layer and recoating the retained quartz
particles in situ (Sherwood, 1957). The catalyst can be used over a wride
range of pressure, temperature and rRater content of the feedstock.
Accidental overhydration does no permanent damage to the catalyst
(Langlois & Halkey, 1951), but ammonia and amines are poisons. Due to
the small surface area of the catalyst support employed, relatively
large reactor sections are required for a given polymer product (Jones,

1956).

Ipatieff (1935a) wused 100% 1liquid phosphoric acid to polymerize both
propene and butene (Ipatieff & Corson, 1935a) at a temperatures of up to
477 K and pressures up to 5.06 MPa. Ipatieff & Pines (1936) polymerized
propene at 605 K to 644 K in the presence of 90% phosphoric acid and
with an 1initial reactor pressure of 82 atm. Investigators at the
Massacuesetts Institute of Technology examined polymerization using
liquid phosphoric acid (10 to 30%) (Monroe & @Gilliland, 1938). They
found that the percentage of higher boiling products increased with
increasing conversion. Investigators at I.G. Farbersindustrie (I.G.
Farbensindustrie Report) examined the polymerization of propene using
concentrated liquid phosphoric acid at 4. 05 MPa and 473 K. In agreement
"ith Ipatieff, they found that the molecular weight of the polymer could
be varied by varying the acid strength and adding certain metallic salts
to the phosphoric acid. Bethea and Karchmer (1956) examined the
polymerization of propene using liquid phosphoric acid over a wmide range

of temperatures, pressures and acid concentrations. Dunstan and Howes
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(1936) investigated the polymerization action of phosphoric acid and

some of its salts.

1.5.1.1 Solid phosphoric acid catalyst (kieselguhr support)

These catalysts are produced by a series of relatively simple steps
comprising (Ipatieff, patent, 1935b): mixing a 1liquid phosphoric acid
and adsorbent material (kieselguhr) in selected proportions, heating at
temperatures of about 453 K to 493 K, followed by grinding and sizing to
produce particles of the desired size. The temperatures employed in the
mixing step can range from 393 K to 453 K. In this range the acid is
fluid enough to enable rapid mixing by mechanical devices. The
calcination temperatures can range from 453 K to 573 K rmithout damaging
the structure, strength or catalytic efficiency of the particles
produced. The calcination step renders the catalyst solid. Depending on
the calcination temperatures, the calcining period can last from 20
hours up to 60 hours (Ipatieff, 1935b). The catalyst consists of wrhite
or &rey cylindrical-shaped pellets. It is hard when dry, but 1is

extremely hygroscopic.

These catalysts are poisoned by alkaline materials in the reactor feed.
The most commonly encountered poisons of this type are ammonia and
combined organic nitrogen compounds of a basic nature. Neither oxygen
nor butadiene are classified as catalyst poisons, but their presence in
the feed has a deleterious effect on the catalyst life. The presence of
oxygen results in the formation of long-chained polymers, boiling much
above the gasoline-distillation range. This heavy polymer, or tar,
remains on the catalyst, coating the surfaces and plugging the catalyst
voids. Butadiene over-polymerizes to tar (Jones, 1956). Most dienes and
acetylenes produce a similar result. Sulphur is a temporary poison

(United Catalysts Inc., operating instructions).

Operating variables of importance include catalyst acid strength,
reaction temperature, pressure, contact time and feedstock composition.
These variables control both the extent of conversion and the quality
and composition of the polymer and are discussed in more detail 1in
Section 3.1.8. The kinetics of olefin oligomerization and polymerization
have been studied by Bethea & Karchmer (1956) using liquid phosphoric
acid, Langlois & HAalkey (1951) using liguid phosphoric acid on quartz,
and Friedman & Pinder (1971) using solid phosphoric acid. The kinetics

are described in detail in Section 3.1.5.
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Descriptions of the industrial process have been given by McMahon et al.
(1963), Egloff & Reinert (1951), Sachanen (1940), Jones (1956) and Oblad
et al.(1958).

1.6 MECHANISM AND THERMODYNAMICS OF POLYMERIZATION

1.6.1 Mechanism of Polymerization

Catalytic polymerization reactions are classified as either free radical
or ionic mechanisms. Ionic mechanisms are further subdivided into

cationic or anionic polymerization.

Examples of free radical catalysts are peroxides. Anionic catalysts are
basic substances such as. metallic sodium. These catalysts readily
dimerize propene to a mixture of double bond isomers of 2-methyl-pentene
at #423-473 K and 7-35 MPa (Germain, 1969). 1In this reaction the
carbanium dimer is unstable and in an alkene environment the reaction is

highly selective for dimers.

1.6.1.1 Cationic polymerization

Examples of various catalysts in this group are:

TYPE EXAMPLE CHEMICAL
Acids Phosphoric acid H3POa

Solid oxides Silica-alumina Si02 - Al203
Friedel Crafts Aluminium chloride AlCls

All these catalysts are acidic in the Brdnsted sense. The nature of the
Bronsted acid is dependent on the so called co-catalyst in the case of

Friedel-Crafts and solid oxide catalysts.

Catalyst: AlCl3 Si02 - Al:20s3
Co-catalyst: HC1 H20
Idealized Bronsted acid: (H*)(A41Cla") (H*)(A1(-0-Si)s7)

It ®"as shomn by Ipatieff and Crosse (1936) that in the polymerization of
ethene over AlCl3, H20 or HCl is essential for polymerization activity

Similarly, with other catalysts, the Bronsted acid forming co-catalyst
is essential for catalyst activity. These catalysts can all generate
carbonium ions 1in alkenes by adding the proton from the acid to the
extra electron pair in the double bond (pi electrons). From calculations

of proton affinities of C-atoms in the double bond, Evans and Polanyi
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(1947) have shown that the proton will add to the end carbon atom, thus

obeying Markownikoff's rule in the formation of the carbonium ion.

Thus: E* + C=C~-C — C-C*-C

The carbonium ion so generated may add to another alkene, forming a
higher molecular weight carbonium ion. This, in turn, can either add to
further alkenes, or yield its corresponding alkenic polymer by
elimination (usually of a proton). According to McMahon et al., (1963)

five basic carbonium ion reactions summarize polymerization reactions.

1. The carbonium ion may add to an olefin to form a carbonium ion of
higher molecular weight, or the carbonium ion may decompose to form a
smaller carbonium ion and an olefin.

2. The carbonium ion may isomerize by migration of a proton. Tertiary
carbonium ‘ions are more stable than secondary ions which, in turn,
are more stable than primary ions.

3. The carbonium ion may isomerize by migration of a methyl group.

4. A hydride ion may be abstracted from another molecule or from another
carbonium ion.

5. The carbonium ion may eliminate a proton, forming an olefin.

In addition to polymerization, carbonium ions can also -

Lose a proton either (i) to the catalyst, so regenerating the acid, or
(1i) by transfer to another alkene generating a ner carbonium ion.

Add a hydridé ion by transfer from a hydrocarbon.

Cause a hydrocarbon to crack.

Cause a hydrocarbon to isomerize.

Lose a hydride ion to become a 'double carbonium ion'. This may cause
further reactions such as cyclization to occur.

After cyclization, the hydrogen thus generated may be used in

saturating other alkenes.

Thus the products of 'polymerization' reactions wmill be complex mixtures
Rhich may include alkanes, alkenes, aromatics and other cyclic
compounds. In addition to these products the catalyst becomes covered in
a layer of coke (a black, amorphous, organic substance of low hydrogen
content). Due to the extremely complex nature of the products, the term
polymerization must be used with some qualification. Schmerling &

Ipatieff (1950) proposed the following definitions:
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True polymerization - yields products which consist of alkenes Rith
molecular weights which are integral multiples

of the monomer alkene.

Conjunct polymerization - yields a complex mixture of alkanes, alkenes,
alkadienes, cyclo-alkanes and alkenes, and
aromatics with the number of carbon atoms not
corresponding to 1integral multiples of the

monomer.

Copolymerization - inter- or cross polymerization of two or more

different alkenes.

Rith regard to the above definitions, the term oligomerization will be
used in this work to encompass the overall process occurring during a
reaction of the type involved wrhen propene reacts over solid phosphoric
acid catalyst. This is 1largely true polymerization with some conjunct
polymerization. Also intended by oligomerization is that the polymers
(oligomers) so formed consist of only several monomer units (Germain,

1969).

1.6.1.2 Propene oligomerization

Proton addition to the olefin proceeds in a manner which gives the more
stable (secondary) rather than the less stable (primary) carbonium ions

(Hart, 1964; McMahon et al., 1963).

An isopropyl carbonium ion can react rRith a molecule of propene to give
a dimeric ion which can loose a proton, in either of two ways, to form
simple propene dimer (McMahon et al., 1963).

Cc-C-C-C+-C +*  C-C-C-C=C
I |
c c

McHMahon et al. (1963) have noted that the dimeric ion may rearrange

before elimination of a proton according to the followring:



¢c-c-¢-¢*-c = c¢c-¢c*-c-c-Cc + cC=Cc-C-C-C

¢c-c-¢*-c-¢ += c¢-c=¢-Cc-C
I
c c

c
1 I
c

¢c-¢*-¢c-¢c-¢ +&= cCc-¢=Cc-Cc-C

Under conditions where propene undergoes oligomerization, trimers are
formed more readily than dimers, Hith solid phosphoric acid catalyst at
433 K and 1 MPa, the products of propene oligomerization consist of
approximately S0% nonenes, 25% dodecenes and 1less than 5% hexenes
(Schmerling & Ipatieff, 1950). This low yield of hexene can be explained
in terms of the relative stability of the propene dimer and monomer
carbonium ions. The dimer can generate a tertiary carbonium ion which is
more stable than the secondary carbonium ion of the monomer, and will
therefore exist for a 1longer time before expelling a proton. There 1is,
therefore, a greater chance for the dimer to further add another

monomer, than there is for monomer dimerization,.

¢c=c-C + B* — c-c*-C

+

c-C* + ¢=Cc-C — Cc-c-C-C* — c-C=C-C-C + H'
I b I
c c ¢ C
. kp kt
c-c-c-C* + ¢=C-C —* C-C-C-C-C~C* — C-C-C-C-C=C-C + H'
| | | | ! I |
cC c cC ¢ ¢ c ¢

The degree of polymerization is related to the ratio (kp/kt) of addition
( propogation) and proton loss (rupture)

kp = rate of further alkene addition (polymerization)

kt = rate of proton expulsion to form an alkene {(termination)



21

The last reaction represents either the return of H* to the catalyst or

the transfer of H' to an olefin molecule {(Germain, 1969},

Due to isomerization and hydrogen transfer, the polymeric structures do
not correspond to the simple reaction scheme presented above. According
to Germain (1969), the dimer, trimer and tetramers of propene, for

example, should have the following structures (with double bond

isomers):
Dimer C-C~-C=C-C
C
Trimer c-C-C-C-C=C-C
-
Tetramer c-Cc-C-C~-C-C-C=C-C and double bond
f [ [ isomers
c c o
Skeletal isomers Rill, however, be present under most reaction

conditions (Schmerling & Ipatieff, 1950) and thus, for the propene dimer
{ignoring double bond position), according to Germain (1969), the

following possibilities exist:

Trimers and tetramers are very complex mixtures. Trimerization occurs by
addition of propene to dimeric ions. The Ce¢ carbonium ion can rearrange,
resulting in many product structures. The propene trimer may crack to

form non-multiple units of monomer.

Conjunct polymerization, producing saturated and unsaturated products,
can occur by hydrogen transfer when a carbonium ion abstracts hydrogen
from an olefin to produce an olefinic carbonium ion plus a paraffin
(Ipatieff & Pines, 1336). The olefinic carbonium ions produce
polyolefinic material that fouls polymerization catalysts (McMahon et
al., 1963),. There is a transition from true polymerization at 356 K to
conjunct polymerization at 561 K with phocphoric acid (McMahon et al.

1963). High acid concentrations alco favour conjunct polymerization.

The above carbonium ion mechanicm propozed by Thitmore (1938} is the

most wWidely accepted for alkene polymerization 1in hetercgencous



catalysis (Schmerling & Ipatieff, 1950; Flory, 1169; Langlois, 1953;
McMahon et al., 1963).

The existence of a free alkyl carbonium ion in the same sense as an ion
in solution (Langlois, 1953) has been seriously questioned. Many
investigators prefer a carbonium ion which 15 never separated
gsignificantly from the anion of the catalyst, but w~here the two exist as
an ion pair. There are those =#ho prefer to consider an even lesser
degree of charge separation, perceiving the intermediate in terms of a
polarized molecule, For the purpose of explaining the structure of

products formed, the degree of charge separation is insignificant.
This mechanism is different from that postulated by Ipatieff (1935a) for
homogeneous polymerization using phocsphoric acid, “hich 1involves

intermediate ester formation.

1.6.1.3 Butene oligomerization

It has been showrn (McCubbin & &idkins, 1930; Rhitmore & Church, 1932), in
the polymerization of iso-butene, that ths tso octesnes, namely 2,4, 4~
trimethyl-1-pentene and 2,4, 4-trimethyl-2-pentene, are produced in ths
ratio of about 4:1 in the presence of dilute sulphuric acid. This iz
representative of several acid catalysts (Zchmerling % Ipatieff, 1%50).

The sequence 1s illustrated by the folloxing equations:

o
! |
¢c=C + H* — ¢-c*
I !
o c

o o
i !
c-ﬁ‘ + c=$—c — cC-c-C-Cc*-C
| I l
o o c )
o o
l . g2% !
C—?—C-ﬁ ~-C —_ c-$~c—c=c + 10t
|
C o ¢ c
c
187 '
_— c-c~c=Cc-Cc + §°
| |
c c
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2,4, 4-trimethyl-1-pentene 1is formed in larger amounts since the
elimination of a proton from the methyl group adjacent to the electron
deficient carbon atom, occurs more readily than from the neopentyl
system ( Schmerling & Ipatieff, 1950). The structure of these tro isomers

mas proved by ozonation by McCubbin & Adkins (1930).

In addition, whereas there are only two protons in the methalene group
of the neopentyl system, there are six hydrogens attached to the methyl
carbons. The eliminated proton can add to the reaction chain. The
relative difficulty of removing a proton from the neopentyl group has
been illustrated (Hhitmore et al., 1942). Trimers are formed mostly by
reaction of the t-butyl carbonium ion with the dimers, and partly by the
reactioﬁ of the iso-octyl carbonium ion with the monomer (FRhitmore &

Church, 1932; Hhitmore et al., 1941).

The carbonium ion formation is directly related to the proton affinity
of the olefin (Germain, 1969), hence the higher reactivity of iso-butene
when compared to that of the n-butenes, propene or ethylene. The isomers
present in the trimerized isobutene product have been examined by
Fhitmore et al. (1941) and McCubbin (1931). A summary of their findings
is given by Schmerling & Ipatieff (1950) and Oblad et al. (1958).

In addition to polymerization, phosphoric acid causes considerable
isomerization with the butenes. Hence in many instances the material
Rhich was actually polymerized might have been a mixture of the isomeric
butenes, the relative amounts of which rould depend wupon the

experimental conditions.

Little mork has been carried out on the polymerization of 1-butene and
2-butene (the chemistry of petroleum derivatives). Schmerling & Ipatieff
(1950) have 1listed the dimerized products obtained when sec-butyl
alcohol is treated with sulphuric acid at 353 K under pressure. The
dimerized and trimerized products obtained when 2-butene is polymerized
in the presence of activated floridin have also been described
( Schmerling & Ipatieff, 1950). The trimerized products were explained

using the carbonium ion mechanism.

Schmerling & Ipatieff (1950) have reviewed possible mechanisms and the
products obtained from the polymerization of several methyl butenes
(pentenes), dimethylbutenes and the polymerization of mixed olefins

(e. g, C3z and Ca4). The products and mechanisms ®ill not be discussed.
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1.6. 2 Thermodynamics of Alkene Oligomerization

Oblad et al. (1958) have examined the thermodynamics of oligomerization
of gaseous mono-alkenes to gaseous alkene products. Phase changes and

deviations from ideality rere ignored.

Figure 1.4 (taken from Oblad et al.) shors thg free energy change during
dimerization of C2 through Cs mono-olefins as a function of temperature.
({The lines for Cs and Cs ®which are not shown are almost superimposable
on the Cs line). Note that the free energy change for the dimerization
of propene to trans 3-methyl-2-pentene is greater than that for the

dimerization to the terminal olefins(Fygure 1.5),

The former (is?migg of the corresponding higher olefinsg) are always the
ow

structures of hi-ghest energy. The equilibrium conversion, therefore, of

an alpha olefin to a high alpha olefin, w®ill always be less than the

corresponding conversion of an alpha olefin to an iso-olefin.
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Figure 1.4 Free energy change during dimerization
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For comparative purposes, the equilibrium conversion as a function of
temperature and pressure is sho®n in Figure 1.5 for the following

dimerization reactions:

2C3 (g) — 1-hexene (g)

2C3 (g) — trans-3-methyl-2-pentene (g)

These gas phase reactions provide only 1limited information on 2-phase
heterogeneous reactions. Dimerization of beta olefins or iso-olefins to
the corresponding higher olefins w®ill be similar to the alpha olefin -
alpha dimer relationship. The dimerization of beta olefins or iso-

olefins to alpha olefins is alwrays favoured.

In the production of polymers greater than dimer from alpha olefins, the
free energy versus temperature curves fan out from a constant point

(Oblad et al., 1958) at a temperature betreen 500 and 600 K. This is

100.0 +
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< 80.0-+
O
—
w
[
Ly 60.0—+
=
=
O
O 40.04+
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R HEXENE TRANS-3-METHYL-2-PENTENE
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FIG 1.5 EQUILIBRIUM CONVERSION FOR PRGPENE
DIMERIZATION T8 1-HEXENE AND
TRANS-3-METHYL-2-PENTENE

illustrated for propene in Figure 1.6 for the polymerization to higher

terminal olefins.

Hith respect to the free energy changes in the polymerization of propene

and 1-butene, the free energy change of adding a monomer to a growing
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chain seems to remain constant after the dimer has formed (Oblad et al.,

1958). This is illustrated in Table 1. 4.

Table 1.4 Standard free energy change (kcal) of polymerization per

monomer unit added.

Cs Ca
Temp K Dimer Trimer Pentamer Hexamer Dimer Tetramer Pentamer
298. 1 -9.18 -9. M -8.93 -8.92 -9.5 -9. 22 —9.17
600 1.2 1.5 1. 65 1.69 1.2 1.63 1. 71
900 10.9 11. 45 11.7 11.76 11.5 12.1 12.15
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Figure 1.6 Free energy changes for the polymerization of propene

Taking a single olefin species, such as propene, the free epergy change
for the formation of the higher polymers can be estimated theoretically
from the corresponding energy of dimerization (Oblad et al., 1958). The
free energy change per mole of monomer for the higher polymers should
approach tmice the change for the dimer formation (provided heat and

entropy effects are constant) and hence the higher oligomers are
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favoured over the dimer. Oblad et al. (1958) note that, wup to the
formation of Cs hexamer, the heat of reaction follows the theoretical
relationship more closely than the free energy change, indicating that
the entropy change is not constant up to the hexamer formation. They
suspect, however, that the free energy change would approach the

theoretical value for polymers higher than n=6.

1.7 REACTORS FOR DETERMINING THE KINETICS OF HETEROGENEOUS CATALYTIC

REACTIONS
1.7.1 Background

The choice of a suitable reactor for carrying out experiments under
conditions rRhere meaningful kinetic rate expressions can be obtained, is
of great importance, and depends on the objectives of the research
(Cooke, 1979). This is particularly true of catalytic reactions in which
external and pore diffusion resistances are important. Radial and axial
transport effects 1in the reactor must be accounted for. The choice of a
laboratory catalytic reactor must therefore be made on the basis of

several considerations (Doraiswamy & Tajbl, 1974; Reekman, 1974).

The central problem in obtaining kinetic data from any reactor is to be
certain that one is evaluating the rate of the intrinsic chemical
reaction on the catalyst surface (Cooke, 1979). The measurement of the
rate of chemical reaction occurring on the surface of a catalyst is made
in terms of bulk concentrations and temperatures. For these bulk
concentrations to reflect the chemical kinetics accurately, there must
be an absence of concentration gradients betwreen the bulk gas phase and
the catalyst surface. Reactions fhich are affected by gas-film
resistances show very marked deviations from their true rates because of
the poor heat transfer across the stagnant gas film and the exponential

dependence of the rate on temperature (Cooke, 1979).

Concentration gradients can also occur inside the pores of a catalyst
particle. This 1is called pore—-diffusion resistance. Similar to gas-film
resistance, the absence of concentration and temperature gradients
inside the catalyst pores is essential for the intrinsic kinetics to be

measured.

There are many laboratory reactor types. A list of the more common types

is given below:
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- differential reactor

- fixed bed reactor

- stirred batch reactor

- stirred-contained solids reactor

- continuous stirred tank reactor

- straight through transport reactor
- recirculating transport reactor

- pulse reactor

A summary of the ratings of the reactors for sampling and analysis,
isothermality, residence contact time, selectivity disguise-decay and
construction problems is given in Table 1.5 (Reekman, 1974). The ratings
are specific to a three-phase system with a powdered decaying catalyst.
The interpretation of the ratings for other systems 1is straight-

forwrard.
Advantages and disadvantages of many laboratory catalytic reactors have
been widely reported (Doraiswamy & Tajbl, 1974; Christoffel, 1982;

Reekman, 1974).

Table 1.5 Summary of laboratory reactor ratings.

Reactor Sampling Iso- Residence Selectivity Construction
type and therm— contact disguise- problems
analysis ality time decay

a. Differential P-F F-G F P G

b. Fixed bed G P-F F P G

¢. Stirred batch F G G P G

d. Stirred cont. G G F~-G P F-G
solids

e. C.S.T.R. F G F-G G P-F

f. Straight F-G P-F F-G G F-G
through
transport

€. Recirculating F-G G G G P-F

h. Pulse G F-G P F-G G

P = Poor F = Fair G = Good
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1.7.2 Gradientless Reactors

Gradientless reactors are those reactors that are capable of performing
at, or close to, gradientless conditions, where there are no external
catalyst heat or mass transfer limitations (Kuchanski & Squires, 1976).
There are many versions of this reactor type. Tro well known examples
are those of Carberry (1964) and Berty (Berty et al., 1969; Berty, 1974).
In the famous Carberry reactor the catalyst is mounted on the agitator
(inside the reactor) and the high rotational speeds provide good
catalyst-fluid contact. In the Berty type the catalyst is held
stationary and the fluids are internally recycled through the catalyst
bed by means of an internal blower. Sampling and analysis of the product
composition of these reactors present no problems. Good mixing 1is
possible and 1isothermality should be achieved. Residence times can be
measured accurately. These reactors are difficult to construct. There
are many examples of these reactor types (Carberry, 1964; Tajbl et al.,
1966, 1967; Tajbl, 1969 a, b; Garanin et al., 1967; Brown &% Bennett,
1970; Berty et al., 1969; Berty, 1974; Livbjerg & Villadsen, 1971;
Mahoney, 1974; Choudhary & Doraiswamy, 1972; Perkins & Rase, 1958;
Satterfield & Roberts, 1968; Butt et al., 1962; Leinroth & Sherwood,
1964; Ford & Perlmutter, 1964; Relyea & Perlmutter, 1968; Brisk et al.,
1968; Barcicki et al., 1981; Caldrell, 1983; Ke-Chang & Nobile, 1986). A

good review of these reactors has been given by Bennett et al. (1972).

Many of these reactors have some ocutstanding features for a partiqular
application, but only those with centrifugal internal blowWers can assure
steady state operation (Berty, 1984). Of these, very few permit the
close estimations of internal flow, and hence, of the heat and mass

transfer conditions at the catalyst (Berty, 1974).

1.7.2.1 Recycle reactors

Reactors that are simple in construction, such as fixed bed and
adiabatic reactors, approach their ideal conditions in commercial size
rather than on a lab scale. On a small scale they are handicapped by
significant temperature and concentration gradients that are not even
well defined. In contrast, recycle reactors and CSTR's (continuous
stirred tank reactors) in general come much closer to their ideal state

in small sizes (Berty, 1984).

Al1 recycle reactors and CSTR's may be regarded as differential reactors
( Jankowski et al, 1978; Berty, 1984). The purpose of a recycle reactor

can be deduced from a differential reactor if one considers that, close
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to the ideally small conversion, the feed has almost the same
concentration as the discharge. (Remember that in all CSTR's and recycle
reactors, the reaction takes place at the discharge conditions, or very
close to them.) Just enough fresh reactants can be added to make up for
the chemical change and for the reactants lost in the exit stream. This
eliminates the analytical problems with the once through differential
reactors (Berty, 1984). There are many published examples of the more
common laboratory recycle reactors (Carberry, 1964; Brisk et al., 1968;
Tajbl et al., 1966; Bennett et al., 1972; Mahoney, 1974; Berty, 1974;
Berty, 1977; Robinson & Mahoney, 1977; Mahoney et al., 1978; Myers &
Robinson, 1978; Berty, 1979; Barcicki et al., 1981; Gangwal, 1982; Ke-
Chang & Nobile, 1986; Caldwell, 1983).

Internal recycle systems, ®Which approximate CSTR behaviour, are probably
the most wuseful reactors for obtaining catalytic kinetic data, since
external circulation is plagued by mechanical pumps and the need to cool
and reheat the recycle stream, resulting in poor operation ( Mahoney et
al., 1978). CSTR behavior can be achieved in a recycle reactor only if
the recycle ratio is greater than 25 (Carberry, 1964). An overview of

recycle reactors has been given by Berty (1984).

1.7.2.2 The internal recirculation type gradientless reactor (internal

recycle reactor)

The internal recycle reactor (fixed basket) Ras developed by Berty at
Union Carbide 1in the early 1960's. At that time 1little interest was
shown in the new reactor type. Some years later interest had developed
and by the late 1970's the wuse of recycle reactors was commonplace
(Berty, 1984). A review of many internal recycle reactors is given by
Jankowski et al.(1978). An example of a standard Berty type gradientless

(fixed basket, internal recycle) reactor is shown in Figure 1.7.

The most significant advantage of this reactor type, as previously
mentioned, is the removal, to a large extent, of mass and heat transfer
gradients. Since the reactor permits reaction studies at isothermal
conditions with uniform concentrations, it eliminates the need for the
solution of partial-differential equations. Each steady state experiment
yields a reaction rate that is calculated from the ordinary mass balance

equations for a CSTR ( Mahoney et al., 1978):

N X - Xy

F s
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Figure 1.7 Standard Berty type internal recycle reactor (fixed basket)

( Berty, 1974).

Where R = mass of catalyst
F = molar feed rate of catalyst
Iy = 1inlet concentration of reactant
Xo = outlet concentration of reactant
rs = global rate of reaction per unit mass of

catalyst

These reactors can be problematic in studies where the reaction products

are qualified by some practical tests (Berty, 1984). Examples include:

1. The production of polymer olefins for subsequent conversion to
plasticiser alcohols, where the product quality is tested after one
or more reactions, and no exact relationship for quality c¢an be
expressed.

2. The conversion of a complex natural product into a partially modified
material that 1is used for an empirically defined purpose, such as a
thickener.

3. When there is a possibility of homogeneous reactions in the empty
spaces of the reactor.

4. Rhen reactions on the walls of the reactor are a possibility.
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In summary, internal recirculation reactors are highly suitable for

catalyst testing and kinetic studies ( Berty, 1984).

1.7.2.3 Examples of the use of gradientless reactors to obtain kinetic

data

There are many examples of the use of these reactors to obtain intrinsic
kinetic data. Tajbl et al. (1966) demonstrated the operability of the
' Carberry reactor’ by examining the palladium-catalyzed oxidation of CO
Rith 02. Mahoney (1974) wused a Berty type (fixed bed) reactor to
determine the kinetics of wultraforming. Ultraforming, which is a high-
severity catalytic naptha reforming process, operates at high
conversions, and the catalyst deactivates rapidly between regenerations.
Mahoney concentrated on the reactions of n-heptane catalyzed by a
commercial platinum-on—alumina catalyst ®hich had been activated by a
halide promoter. Berty (1974) wused his nor famous internal recycle
reactor to study the kinetics of ethylene hydrogenation on Harshaw 3210~
T catalyst. He also examined the oxidation of propene to acrolein and
found that a catalyst which had previously been discarded (based on
fixed bed 1laboratory reactor studies) ®ras dramatically more active than

the catalyst which had been chosen as the most active.

Robinson & Mahoney (1977) designed an internal recycle reactor to study
the multiphase c¢oal hydroliquefaction process. They successfully tested
various catalysts for short term ageing behaviour, in the absence of
transport limitations. Myers & Robinson (1978) used a similar reactor to
study the kinetics of the three phase dibenzothiophene desulphurization.
Their results compared favourably with those performed in a trickle bed
reactor by Frye and Mosby (1967). Caldwell (1983) studied the kinetics
of the dehydration of ethanol in his modified version of Berty's
internal recycle reactor. Carberry et al. (1985) recently developed an
internal recycle (Carberry type) reactor that permits the accurate
determination of intrinsic kinetics for three-phase systems. Their
reactor 18 based on a gas-liquid reactor (Manor & Schmitz, 1984), in
Rhich a multiblade rotor creates a thin film of 1liquid on the
cylindrical wall. Ke-Chang & Nobile (1986) studied the intrinsic
kinetics of S0z oxidation on a commercial vanadium catalyst. Their study
concentrated on the <construction of a Berty type reactor and an
extensive characterization of the reactor. Berty (1979) has given some
very useful hints and methods that can be used in the testing of
commercial atalysts in recycle reactors. Santacesaria & Carra (1983)

studied the kinetics of steam reforming methanol, catalyzed by a
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commercial Cu-Zn catalyst, in a Berty type reactor. They modelled the

kinetic data according to a Langmuir-Hinshelwood model.

1.8 OBJECTIVES OF THE PRESENT STUDY

The objectives of this =®ork are to study, inter alia, the kinetics of
the oligomerization of C3: and C« alkenes over phosphoric acid on
kieselguhr using an internal gas recirculation reactor, to obtain
satisfactory rate equations and to test these equations on the
performance of an integral reactor. In addition to the characterization
of the reactor system (Rith respect to transport effects) and the
kinetic study, the oligomerization of C3, Ca, Cs and mixtures of these

alkenes is studied using pulse reactor techniques.

The reactor system is characterized with respect to both mass and heat

transport and residence time characteristics.

Rate equations are developed for the oligomerization of the C3 and Ca
alkenes and proposals made regarding the mechanism of the
oligomerization of C3z, C« and Cs alkenes over phosphoric acid on

kiesulguhr.

The rate equations are wused to predict the results from an integral

reactor and these results are compared to the actual results obtained.
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MICRO-CATALYTIC PULSE REACTOR STUDIES

2.1 INTRODUCTION - LITERATURE REVIEW

2.1.1 Background

The pulse microcatalytic technique has established itself in the field
of heterogeneous catalysis as an important analytical tool (Verma &
Kaliaguine, 1973). Pulse reactors have become almost standard equipment
for rapid catalyst screening in the petroleum industry and have found
extensive application for fundamental reaction mechanism studies in both
industrial and academic catalytic 1laboratories (Galeski & Hightower,
1970). The technique has found very useful applications in situations
where either the reactants or the catalysts are in short supply, or are
too expensive to be used in a steady state flow reactor (Verma &

RKaliaguine, 1973).

2.1.2 Pulse Reactor Types and Techniques

There are at least two types of pulsed catalytic reactors (Galeski &

Hightowrer, 1970). They are:

1. Chromatographic column reactors.
2. Pulse systems in which the reactor bed and chromatographic column are

independent.

In the chromatographic column reactor, the catalyst also serves as a
partitioning column to separate the products and the reactants (Langer
et al., 1969). In most pulsed catalytic reactors, some degree of elution

®ill occur.

There are many systems in which the reactor bed and chromatographic
column are independent. The simplest form of microcatalytic pulse
reactor is a gas chromatograph with a small, tubular fixed-bed catalytic
reactor placed in the carrier gas stream between the sampling valve and
the partitioning column. The reactant slugs are introduced via the
sampling port, mixed with the carrier gas and carried through the
catalyst bed. On their exit, the reactants and products are separated
immediately in the partitioning column and detected by an appropriate

detector (flame ionization or thermal conductivity).
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This system has severe limitations. The reaction pressure and the
contact time with the catalyst are limited. To avoid this, the carrier
gas can be split into twWwo streams - one stream operating under
chromatographic conditions and the other under variable conditions.
Generally in these systems the reactants and products are separated from
the carrier gas by freezing in traps. Effective trapping is sometimes
very difficult. Igarashi & Ogino (1982) and Steingaszner & Pines (196b)

have developed useful high pressure catalytic pulse reactors.

A common gas pulse injection is by means of a hypodermic syringe into a
T connection, in the‘carrier gas stream. Small amounts of air accompany
such injections (Galeski & Hightower, 1970). By-pass dosing systems
avoid this problem. For a fixed doser volume, a known amount of reactant
can be injected by adjusting the doser pressure at a fixed temperature.
Liquids are often pulsed by saturating them in a separate carrier gas

stream, a portion of which is trapped and sent into the reactor.

The most common reactor is a tube containing a centered thermocouple.
The bed 1length 1is generally greater than the diameter to avoid
channelling, and all contacting 1lines have as small diameters as
possible to minimize dispersion. Several pulse techniques (Scott &

Phillips, 1980) are described belonw.

2.1.2.1 Elution with reaction

In this technique a small sample is injected into a gas stream at the
beginning of the column. Using the catalyst as column material results
in a chromatogram with information about the reaction occurring on the
column. Information about the adsorption of the sample molecules on the
catalyst surface can be obtained from the shape and retention time of

the eluted peak of unreacted sample.

2.1.2.2 Microcatalytic technique

This classical technique has bheen described by Kokes et al. (1955). The
system would consist of a reactor containing a small amount of catalyst
through which a pulse of reactant in a stream of carrier 3as is passed.

The analysis is usually performed on a gas chromatograph.

2.1.2.3 Deuterium exchange

Hith this technique, which is an application of 2.1.2.1 or 2.1.2.2, a

small sample of deuterium is injected into a hydrogen carrier gas stream
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passing through the catalyst and its emergence is follored by a
katharometer. The retention of the deuterium measures the exchange of

the deuterium with adsorbed hydrogen, water and hyvdrocarbons.

2.1.2.4 Reactor-stop technique

This system is similar to (3) above but here the reactant is stopped on
a longer reactor for varying periods of time and then swept off with the

products to the GC column.

2.1.2.5 Stopped-flow technique

This is a variation of (1) above in which the gas flow through the
reactor column is stopped from time to time so that the chromatographic
process is switched off, while the reaction is allowed to continue. Hith
each restart of the gas flowm, sharp chromatographic peaks are generated
on top of the normal "reaction" chromatogram, each peak corresponding to

one volatile product of the reaction formed during the stop period.

2.1.2.6 Sample vacancy technique

Reactant is carried continuously through a reactor and GC column,
Periodically, feed samples are switched into the gas flow between the
reactor and GC columns, generating a differential chromatogram, in which
the positive peaks measure the amount of reactant which has reacted, the
negative peaks the amounts of the various volatile products and the

difference the amount of involatile product.

2.1.2.7 Heater displacement technique

Samples, here, are driven through the catalyst by means of a carrier gas

and an external moving heater.

2.1.3 Analysis of Pulse Reactor Data

The theory of chemical processes in micro-catalytic pulse reactors can
be classified into two main groups (Yanovskii & Berman, 1972). The first
involves the rapid attainment of adsorption equilibrium, and the second
takes into consideration the rate of attaining equilibrium between gases
and solids. Most research has been concerned with linear adsorption
isotherms, but some research showing non-linear isotherms has been

reported (Hattori & Murakami, 1968).
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The nature of adsorption equilibria and the kinetics of adsorption have
a different effect on the degree of conversion, depending on the
reaction order and its specific mechanism (Yanovskii & Berman, 1972).
The simultaneous treatment of adsorption kinetics and the longitudinal

and internal diffusion involves considerable mathematical difficulties.

Hattori & Murakami (1974) have emphasized that the pulse reaction
kinetics, coupled with an irreversibly adsorbed reactant, may be

significantly different from that with the reversible adsorption.

Fhen investigating reversible reactions in a micro-catalytical reactor,
some of the features responsible for the rate of a heterogeneous
reaction must be taken into account ( Yanovski & Berman, 1972). Probably
the most important factor is the possibility of separating reactants and

products on the catalyst layer during the reaction.

2.1.3.17 Reactions of the type A ¥+ B

The difference 1in the adsorption coefficients of A and B will cause the
rate of the reverse reaction to decrease. The same effect is possible as
a result of diffusion when the adsorption coefficients of A and B are

equal (Berman et al., 1970).

2.1.3.2 Reversible reactions of the type A = B + C

For reactions of this type, spatial separation of B and C ®xill induce a
change in the degree of conversion of 4 as a result of partial or full

inhibition of the reverse reaction (Roginskii et al., 1961).

2.1.3.3 Consecutive reactions

For those of the type 4 + B += R

R+B+35
the separation of B and R Wwill result in a decrease in the yield of S
and in an accumulation of the intermediate product R (Hattori &
Murakami, 1968; Murakami et al., 1968). This effect depends on the pulse
Ridth at the inlet, as its decrease intensifies separation ( Yanovskii &
Berman, 1972). In the case of a reaction of the type A ¥=* R and 2R += S,

such an effect can arise from the difference in the adsorption

coefficients of reactant A and the intermediate product R.

Khen the rate at which adsorption equilibrium is reached is slow, the

difference betreen the results obtained by pulse and flow methods will



38

be even greater because of the different degrees of catalyst surface

coverage.

Most catalysts require an induction period before exhibiting a constant
level of activity. Hall and Emmett (1959) have found, in the
hydrogenation of ethylene, that the activity on their copper-nickel
alloy catalyst increased strongly with increasing slug number, when the

catalyst was treated in flowing helium for 30 minutes at 300°C.

Sometimes the results obtained "ith the pulse technique are
significantly different from those obtained with the continuous flow
technique. Hattori & Murakami (1974) found that the main difference
between the two techniques was primarily due to the separation between
the components in the catalyst bed and from the 1lowering of the
concentration due to the broadening of the pulse. They found that the
effect of those factors was dependent on the bulse width. They also
noted that the results 1in the pulse technique approached those in the
continuous flow technique with an increase 1in the pulse width (the
continuous flow technique corresponds to the pulse technique with an
infinite pulse width). Another way to reduce the difference between the
tWo techniques 1is to reduce the contact time (Hattori & Murakami, 1973;
Toyota & Echigoya, 1968). Hattori & Murakami (1973) noted, however, that

the above cannot be applied to all reactions.

Basset and Habgood (1960) showed for first order reactions that
quantitative analysis was possible. Homever, they used a relatively
simple reaction where the rate of adsorption had to be fast relative to
the rate of the surface reaction. The adsorption isotherm was assumed to
be linear. Their analysis was made possible by the fact that, although
the reactant partial pressure varied from point to point through the
reactant pulse, for first order reactions the fractional conversion of

reactants to products was independent of pressure.

Gaziev et al. (1963) extended the work of Basset and Habgood to
non-first order kinetic equations, using square and triangular input
pulses having no axial dispersion. The -equations used were confirmed
experimentally by Schwab & Hatson (1965). Bett & Hall (1968), howrever,
found a difference between the results obtained from the micro-catalytic
technique and the flow technique for a zero order reaction. Blanton et
al. (1968) and Makar & Merrill (1972) extended the pulse technique to
more general cases of non-first order kinetics. They neglected the pulse
dispersion by introducing a dispersion column upstream of the catalyst

bed. The Gaussian-shaped pulse was made broad enough so that it could be
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assumed that axial dispersion in the bed had a negligible effect on the
Ridth of the peak. Verma & Kaliaguine (1973) continued this approach
Rith a further simplification in their study of the oxidation of
ethylene over a silver catalyst. They reduced the ratio of catalyst bed
length to total pulse length so that the reactant concentration could be
considered to be constant over the entire length of the bed. They
ensured that conversion over the bed was differential. Their results,
Rhich agreed partially wWith those of their flowr experiments, showed that
one of the major drawbacks of the pulse technique as a quantitative
kinetic tool was the need for an instantaneous attainment of adsorption
equilibrium. Sica et al. (1978) found reasonable agreement between
kinetic parameters, based on powRer-law and Langmuir-Binshelwood rate
models, obtained from pulsed and steady state flow experiments for the

hydrogenation of benzene on a nickel catalyst.

2.1. 4 Advantages and Disadvantages of the Pulse Technique

Micropulse reactors are useful tools with which to investigate
heterogeneously catalyzed gas-phase reactions. These devices can be
complex or surprisingly simple depending on the results desired and the
resources available (Reichle, 1981). The insight obtained from these
reactors should supplement, not replace, that obtained from steady state
kinetics (Bett & Hall, 1968). There are many advantages and
disadvantages associated with the use of micro-catalytic pulse reactors.

The most important are listed below.

Advantages 1. Activity and selectivity data can be obtained rapidly

(Reichle, 1981; Hall & Emmett, 1959).

2. Unlike steady state flow reactors, hot-spots do not
occur (Reichle, 1981; Hall & Emmett, 1959).

3. Extremely small amounts of both catalyst and feed can
be used (Verma & Kaliaguine, 1973).

4. Qualitative analysis for linear processes is rapid and
relatively simple (Hall & Emmett, 1959).

5. It is a simple technique to use for catalyst 1life

experiments (Reichle, 1981).

Disadvantages 1. For quantitative analysis of results, knowledge of the
adsorption characteristics are essential (Hattori &

Murakami, 1974).
2. The catalyst 1is generally in an unstable condition

(Reichle, 1981; Hall et al., 1960).
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3. Steady state is generally not obtained with respect to
adsorption of the gases (Hall et al., 1960).

4., Due to the unsteady state conditions that generally
prevail, quantitative analysis is extremely difficult
(Verma & Kaliaguine, 1973).

5. Results obtained very often differ from those in
continuous systems. This is especially so for non-

linear systems (Reichle, 1981; Murakami et al., 1968).

2.1.5 Applications of the Pulse Technique

The pulse micro-catalytic reactor has had extensive use in the field of
heterogeneous catalysis since its introduction. Up umntil 1960 this
technique was used only as a qualitative tool (Keulemans & Vogue, 1959;

Hall & Emmett, 1959; Hall et al., 1960).

Bassett and Habgood (1960) were the first to quantitatively analyse the
results from a pulse system 1in their study of the catalytic
isomerization of cyclopropane. Steingaszner and Pines (1966) designed a
novel high-pressure pulse micro-reactor that could withstand pressures

of up to 70 atmospheres.

Blanton et al. (1968) wused the pulse micro-catalytic reactor to
quantitatively solve non-linear rate equations in their study of the
hydrogenation of etl.ylene over alumina. Since then many researchers have
quantitatively analysed their pulse reactor data (Bett & Hall, 1968;
Murakami et al., 1968; Suzuki & Smith, 1971; Yanovskii & Berman, 1972;
Verma & Kaliaguine, !973; Sica et al., 1978)

In an effort to extend the quantitative application of the pulse
micro-catalytic reactor to as many linear and non-linear systems as
possible, several authors have rigorously analysed the chemical and
physical processes encountered (Masamune & Smith, 1964; Roginski &
Rozental, 1964; Kubin, 1965; Kucera, 1965; Kocirik, 1967; Denisova &
Rozental, 1967; Padberg & Smith, 1968; Murakami et al., 1968; Schneider
& Smith, 1968; Adrian & Smith, 1970; Suzuki & Smith, 1971; Hattori &
Murakami, 1973; Hattori & Murakami, 1974, Fﬁrusawa et al., 1976;
Igarashi & Ogino, 1982).

Despite the simplicity and speed of operation of pulsed micro-catalytic

reactor systems, the complexities encountered in the quantitative
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analysis of results remain a severe dramrback. Their versatility lies in

their use as a qualitative tool.

2.2 OBJECTIVES OF THE PULSE MICRO-CATALYTIC STUDIES

The primary objective of the pulse micro-catalytic studies is to examine
the relative reactivities of various hexene isomers over solid
phosphoric acid. Due to the extremely high cost and 1limited
availability, the hexene isomers can not be polymerized using a
continuous flor or batch reactor. The only convenient reactor which can
handle extremely small quantities of reactants is the pulse

micro-catalytic reactor.

The second objective is to compare the reactivities of the hexene
isomers Rith those of propene, 1-butene and iso-butene and to examine
the effect on the reactivities and selectivities of mixing these
reactants. It 1is also hoped to obtain a better understanding of the
basic reaction pathways followed in the polymerization of the above

feedstocks.

The objectives of this study may therefore be listed as follows:

1. To investigate the relative reactivities of the following hexene
isomers:

1-hexene

2-methyl-1-pentene

2-methyl-2-pentene

3-methyl-1-pentene

3-methyl-2-pentene

4-methyl-1-pentene

Cis-lU-methyl-2-pentene

2. To compare the reactivities of the above-mentioned hexene isomers

Rith those of propene, 1-butene and iso-butene.

3. To investigate the effect of mixed feedstocks on the reactivities

and selectivities of the individual reactants.

4. To obtain a better understanding of the major reaction pathrays
followed in the polymerization of the propene, butene and hexene

feedstocks.
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5. To determine, if possible, which of the following reaction sequences

is the most dominant in the production of the Ci: oligomer:

Cz: + Co —m* Ci12

Co + Co —m C12

2.3 EXPERIMENTAL APPARATUS AND PROCEDURE

2.3.1 The Pulse Technique Used in this Study

The micro-catalytic pulse technique used in this study was based largely
on that wused by Igarashi & 0gino (1982), The high pressure requirement
of this work did not permit the use of a chromatographic column reactor,
due to the maximum permissible pressure of the gas chromatograph's
carrier gas. Similar to the system used by the above-mentioned rorkers,
the high pressure wmas maintained by an independent, inert carrier gas.
Unlike their system, the reaction products, with the inert carrier gas,
were passed through a gas sampling valve, enabling the analysis of
discrete sample slices. The most serious disadvantage was that, wmith the
analysis of discrete sample slices, the possibility existed of not being
able to obtain a representative analysis of the entire exit pulse. It

will be shown that this problem was overcome.

2.3.2 The Reactor System

The reactor system used for the micro-catalytic pulse experiment 1is

shorn schematically in Figure 2.1.

Nitrogen, wrhich ras used as the inert carrier gas, wWas fed to the system
from a high pressure cylinder. The 1inlet pressure wras controlled by
means of a regulator on the nitrogen cylinder. The nitrogen was bubbled
through a temperature controlled water bath. The temperature of the
water bath determined the partial pressure of the water in the nitrogen
stream and, therefore, the acid concentration (% H3zP04) on the catalyst,
at a given pressure and nitrogen flowrate. The water vapour content of
the nitrogen strzam was accurately determined by passing a bleed from
the inlet nitrogzg:n stresam over an aluminium oxide sensor. Ths sensor
signal was convertzsd to a dew point reading by a Panametrics model 700
hygrometer. The blezd strsam then passed through a gasz flosxmeter and was

vented.
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At any stage the nitrogen carrier could be divertéd through the bypass
line to pick up the reactant slug. This ras done by sritching the two
three-way valves situated at the inlet and outlet of the bypass section.
The pulse was then carried directly to the reactor where it reacted over
the solid phosphorie acid catalyst. The temperature of the inlet line,
from the mater bath to the reactor, was heated to reactor

temperature

using heating tapes (Isotape ITH150). The reactor was also heated using
similar heating tapes which were independent of those on the inlet line.
From the reactor the pulse passed through a fine metering valve, wRhich
mas used to control the flowrrate, and was then carried to a gas sampling
valve on a gas chromatograph (VARIAN model 3700). The outlet section
from the reactor exit to the gas sampling valve was heated to 10 K above
the reactor temperature. On leaving the gas sampling port the effluent
gas flow was measured Rith a gas flow meter and was finally vented. The
temperatures of all heated sections were controlled using Eurotherm

temperature controller systems (Model 101),.

The reactor used mas a cylindrical stainless steel tube 4.3mm in
diameter and 90mm long. A é;;;? thermorell ran dowrn the length of the
bed, enabling the measurement of the entire bed temperature. The inlet
and outlet lines mere connected to the reactor by means of standard
SRAGELOK fittings. The heating of the reactor was critical. Ensuring
uniform mall temperatures mas difficult and could only be achieved by
even rRinding of the heating tape and adequate insulation, using X"
asbestos rope. Two layers of insulation rere necessary, giving a total
insulated thickness of one inch. The catalyst ras held in the reactor by
glass wool. There were two pressure gauges on the reactor system. The
first was situated upstream of the water bath and the second,
immediately after the reactor. No significant pressure drop was

observed.

The gas sampling valve (VARIAN GSV model 3180) used, is shorn in Figure
2.2. This was a six port valve wRith a 0. 25¢cm? sample loop. In the open
position, the effluent from the reactor flowed into the sample port,
through the sample loop and out to vent. The GC carrier gas, 1in this
position, flored into the carrier port and directly out through the
column port to the separating column and the detector. In the closed
position, the GC carrier gas flowed into the carrier port, through the
sample loop and out of the column port to the separating column. The
reactor effluent, in this position, flowed in through the sample port

and directly out through the vent port. By switching the valve from the
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open to the closed position, a sample from the reactor effluent could be

captured and analysed on the GC.

The gas chromatographic separation was performed on a 5.6m long, 6mm
0.D. glass column packed with 3% silicone 0V-101 on Chromosorb R-HP,
100/120 mesh. The gas chromatograph was a VARIAN 3700.

0 INJECTOR (REF)

ANT =~

SAMPLE

SAMPLE “IN OUT
T0 suxHEADS (REF)

Back View

Figure 2.2 Gas sampling valve used for the pulse experiments

2.3.3 Experimental Procedure and Analysis

2.3.3.1 Reaction conditions

All of the experiments were carried out under the same set of
conditions. There were two variables, namely, the reactant type and the

quantity of reactants. The conditions used are listed below.

Catalyst:
Type : Phosphoric acid on kiecelguhr
Size fraction : 106-180 microns
Mass : 0.707g
Age : 0-14 days
H3POs conc T 104%

Carrier gas:

Type : N2
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Flowrate : 0.98-1.02 1/hr
Dewpoint(1 bar) : 255 K

Temperatures:
Rater bath : 293 K
Pre-heat section: 473 K
Reactor : 473 K
Exit line : 483 K
Pressures:
Inlet N2 : 16.3-16.5 bar (abs)
Reactor exit : 16.3-16.5 bar (abs)

2.3.3.2 Typical run procedure

For the first experiment, the entire reactor system mas set to the above
conditions. Once the conditions had been obtained, the system was
allowed to stabilize for 12 hours. This wmas done to allow the set H3POs
concentration to be obtained. Initially the stainless steel lines had
large amounts of water adsorbed on them and required long periods to
reach their steady state. The system was completely stabilised after 12

hours.

The method of injecting the reactants depended on whether the reactant
Was a gas, a liquid or a mixture of the two. The gases were loaded by
filling a section between the second three-way valve and the bypass
valve. This wmas done by disconnecting the inlet line (SWAGELOK fittings)
to the bypass valve, connecting the valve to a line from the cylinder
containing the required gas (CADAC cylinder No.7), filling the line up
to the desired pressure, closing the bypass valve, and then removing the
line from the cylinder and replacing it with the bypass 1line. The
hexenes were loaded in a similar manner but they were injected as
liquids through the open bypass valve into the sample 1line. Once
injected, the bypass valve was closed and the bypass 1line was
reconnected to the valve. To load a mixture of a gas and hexene, the
hexene mas first injected and then the sample line was filled with the
C3 or the Cs4 gas. To load a mixture of gases, the gas with the lower
vapour pressure had to be loaded first, followed by the one with the

higher vapour pressure. UOny quen geed did ot vary 5|qm‘-;ca“u3 " Comyosih‘aﬂ-

Once the sample line was filled, the bypass valve wmas opened and the two
three-way valves ~rere switched simultaneously. The nitrogen carrier,
Which ras redirected through the bypass section, picked up the reactant

pulse and carried it to the reactor.
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After a given time, a slice of the exit pulse could be captured and sent
through the GC separating column by turning the gas sampling valve to
the closed position. Only one slice could be taken per experiment due to
the long GC analysis time (30 minutes). Once the slice had been

captured, the three-way valves Rere switched to their initial positions.
Several blank runs were performed, in the absence of catalyst, to
determine the activity of the empty reactor and pipes. No activity wras

measured with any of the feeds.

2.3.3.3 Phosphoric acid concentrations

Phosphoric acids of all strengths have a small, but measureable, partial
pressure of wWater in equilibrium with the liquid (McMahon et al., 1963).
If water 1is not introduced with the reactor feed, the catalyst would

dehydrate.

The commercial supplier of a solid phosphoric acid on kieselguhr has
supplied a set of curves relating HiPOs4 concentration to rater vapour
pressure, over a range of reactor temperatures (Figure 2.3). Knowledge
of the dewpoint of the water in the reactor feed, enables the
determination of the water vapour pressure, Using the water vapour
pressure inside the reactor, With the reactor temperature, enables the

direct determination of the H3iPOs concentration from Figure 2. 3.

A comparison between Figure 2.3 and Figure 2.4 shows good agreement. The
data in Figure 2.4 were determined by Brown & Rhitt (1952). Figure 2.4
is used to estimate H3POs« concentrations greater than 104%. H3POs«

concentrations are defined as follows:

weight of phosphoric acid in sample
if all phosphorous were present as HiPOs
% H3POs4 = x 100
actual weight of sample
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Figure 2.3 HiPOsa concentration as a function of water vapour pressure
over the range 97% to 104% H3POs« (United catalysts Inc.,

operating instructions)
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Figure 2.4 HiPO« concentration as a function of water vapour pressure

over the range 100 to 108 % HizPO« (Brown & Rhitt, 1952)
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2.3.3.4 Product analyses

The products wWere analysed on a VARIAN 3700 GC. The GC operating
conditions are listed in Appendix A. Identification of the
chromatographic peaks was achieved by mass spectroscopy. Relative
response factors were not all equal. Calibration curves for propene,
1-butene, iso-butene, the hexene isomers and the n-alkanes are shown in
Section 2. 4.1. Due to the complexity of the product spectra and
overlapping of some eluted peaks, the peaks were grouped according to

chain length.

2.3.3.5 Reaction data workup

The chromatographic results appear as area counts. By the use of
calibration curves (Section 2.4.1) these could be converted to masses.
Knowing the conditions in the sampling 1loop, these masses could be
converted to molar concentrations. Based on the total area count for
each gas sample valve injection, the amount of reactant fed could be

calculated, and hence its degree of conversion (see 2.5.1.1).

Provided conversions are low (less than 10%) the pulse reactor can be
assumed to be differential. Enoring the catalyst mass, the molar
flowrate and the conversion of the feed, the rate of disappearance of a
given reactant at a given reactor concentration can be determined. From
the corresponding rate-concentration data sets, it was possible to
estimate an order of reaction. It must be remembered that the
micro-catalytic pulse reactor was 1in an unstable condition (Reichle,
1981, Hall et al., 1960), with the accompanying unsteady state
conditions prevailing (Hall et al., 1960; Verma & Kaliaguine, 1973). The
calculated rate-concentration data must therefore be interpreted with

extreme caution.

2.4 REACTOR SYSTEM CHARACTERIZATION

2. 4.1 Gas Chromatograph Calibration

A4 flame ionization detector was used for the analysis of the
hydrocarbons in these experiments. As a first approximation for
hydrocarbons, the chromatographic area count obtained was considered to
be approximately proportional to mass, irrespective of the component. It
is mell known that deviations occur especially for gaseous compounds. As
a result, it Ras necessary to obtain calibration curves (Figure 2.5 and
Figure 2.b), relating GC area counts to mass, for each of the reactants

used in these experiments.
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For alkanes and alkenes of longer chain length than the pentanes or
pentenes, sample mass ®Ras considered to be approximately proportional
to GC area count within the linear range of the GC detector although
deviations could occur. A common method of determining deviations from
the above linear relationship is to calculate relative response factors
(RRF). Once response factors were determined, area counts could be
readily converted to massk. For normalization, the factors rere made

relative to one standard component in the sample. The basic formula is:

Amount Area std peak
RRF1 = X
Areai Amt std peak

It is clear from the above formula that the relative response factor of
the standard must be equal to wunity. The closer the relative response
factor is to unity, the smaller is the change in detector response from
the standard molecule to that molecule. Using octane as the standard,
relative response factors for the alkanes, from pentane to nonodecane,

Were calculated. The results are shown in Table 2.1 below.

Table 2.1 Relative response factors of hydrocarbons

Relative response Relative response

Sample name factor Sample name factor
pentane 1.04 hexane 1. 02
heptane 1.02 octane 1. 00
nonane 0.99 decane 0.98
undecane 0.99 dodecane 0.97
tridecane 0.99 tetradecane 1.00
pentadecane 1. 01 hexadecane 1.00
heptadecane 1. 01 octadecane 0.99
nonodecane 1.00

The relative response factors of the alkanes deviated by less than 4%
from unity. Based on these results the response factors for hydrocarbons
of chain 1length greater than or equal to pentene were considered to be
equal to unity, despite the degree of branching and unstauration in
these products. The direct relationship betwseen GC area counts and
sample mass for propene, 1-butene, iso-butene and the various hexene

isomers, has been indicated in Figures 2.5 and 2. 6.
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2.4.2 The Input and Output Pulse

Hattori & Murakami (1974%) noted that, as the pulse width increased, the
results in the pulse technique approached those in the continuous flow
technique. They found that the main difference in results obtained,
using these two techniques, was primarily due to the separation between
the components in the catalyst bed and from the losering of the
concentration, due to the broadening of the pulse. The effect of these

factors was dependent on the pulse width.

Input and output concentration-time curves Were obtained for
2-methyl-1-pentene by taking discrete sample slices at several points on
each curve. The input pulse was measured at the entrance to the reactor
(by diverting the gas flow at this point directly to the gas sampling
valve on the GC). The output pulse was measured at the normal outlet of
the reactor. The concentration—-time curves wWwere obtained under normal
operating conditions (see Section 2.3.3.1). The output curve was
generated using catalyst in the reactor and hence some degree of
2-methyl-1-pentene conversion was obtained. The maximum conversion
obtained (at the crest of the output pulse curve in Figure 2.7) was 9%,
®ith an average of about 5% for the entire pulse and therefore the
concentrations of 2-methyl-1-pentene 1in the output pulse would be
somewhat lorer than those in the input pulse, in the region of the crest
(due to the higher conversions there), despite any dispersion that takes
place. The shapes of these input and output pulses are shown in Figure

2. 7.

A similar result ®mas found for propene. Note that the pulse broadens.
Axial dispersion was an additional reason for the lowering of the
maximum 2-methyl-1-pentene concentration at the pulse crest relative to
the maximum of the input pulse. The difference in the concentrations of
the input and output curves, in the vicinity of the crests, was
approximately 10%-13%. It appears, therefore, that the drop in the feed
concentration, as it moved through the bed, wWas largely governed by the
degree of conversion (at 9% conversion) rather than the dispersion at

these conversion levels,

The larger the pulse width, the closer the continuous flow technique is
approached. The pulse width, relative to the catalyst bed length, is
given in Figure 2.8. Note that the bed length in Figure 2.8 is given as

a time equivalent.
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The relative pulse width was large. Betreen the times of 100 and 140
seconds, the concentration of the pulse (Figure 2.8) in the vicinity of
the crest, at any one time, varied by a maximum of 7% as it moved
through the bed (Figure 2.8 represents the case with the largest
variation in feed concentration), in the absence of reaction. However,
the effect of the feed concentration drop, as the pulse moved through
the reactor bed, was difficult to quantify, not only due to the
concentration change, but also because the system Was 1in an unstable
state (due to the changing conditions as the pulse moved through the

bed).

2.4, 3 Axial Pulse Dispersion

Axial dispersion results in a degree of separation of the longer
chain-length compounds from the shorter. Any build up of long chain
compounds in the pulse tail was considered to be an indication of axial

dispersion.

Several propene pulses mere injected. Each pulse was analysed at a
different time slice, resulting in the analysis as indicated in Figure
2.9. From each analysis, the propene conversion and product spectra wWere
calculated. These results are shown in Table 2. 2. The procedure for

calculating the concentrations is shown in 2.5.1.1.

Table 2.2 Product spectra for analysis points in Figure 2.9

Concentrations in sample loop

Sample Feed Time Feed conc. {mols1"1]

No. Ia%* secs mole1l~! Ce Co Ci2

1 2.0 25 1.0x1072 0.6x10°* 0.1x10°* 0

2 3.0 45 2.5x10°2 1.5x10°* 0.6x10* 0.057x10°*
3 101 6. 4x10°2 5.5x10"* 3.0x10°* 0.510x10°*
4 3.1 210 2.7x10°2 1.6x10"* 0.7x10°* 0. 060x10°*
5 2.1 255 1.0x10°2 0.7x10"* 0.1x10°* ]

* Ya% = percentage conversion

Rithout dispersion, the results at sample points 2 & 4 and 1 & 5 rould
be equal. The result at sample 4 had a higher percentage of longer chain
length products, indicating some degree of dispersion, but the increase

#as minimal and fell within the limits of experimental error.
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A further indication of the degree of axial dispersion was ascertained
by comparing the product spectra at each of the samples in Figure 2.10.

Sample slice 2 here is equivalent to sample slice 4 in Figure 2.9.
Sample 1 Ras obtained by injecting less sample. The feed concentrations
for samples 1 and 2 were essentially equal. If similar product spectra
Were obtained then this Would provide further evidence of the negligible
effect of axial dispersion. This experiment was carried out and the
results are shown in Table 2.3. The product spectra were shown to be

quite similar and hence axial dispersion was neglected.

Table 2.3 Product spectra for analysis points in Figure 2.10

Concentrations in sample loop

Sample Feed Feed conec. (molel™1)
No. 1A% molel~! cé Co Ci2
1 2.9% 2.8x10° 2 1.5x10"* 0.7x10°* 0. 065x10°*

2 3.1% 2.7x10° % 1.6x10°* 0.7x10"* 0. 060x10~*
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2.4. 4 Single Slice Analysis

It has been shown that axial dispersion was negligible, despite
broadening of the pulse as it traveled through the reactor. The gas
sampling valve ~®hich captured 0. 25cm® per sample represented less than
1% of the total pulse wridth. It would have required many of these
slices to have obtained a representative analysis of the entire pulse.
Analysis of the entire pulse became more complicated by the changing
concentration as the pulse moved through the catalyst bed. The
comparison between different sized pulses became even more complicated.
The analysis, however, focuses on the region of the injection pulse
where the feed concentration was maintained constant to ®ithin 5% (this
is the region in the vicinity of the crest, i.e., the analysis between
t=100 and t=140 seconds in Figure 2.9). For each experiment a single
slice ras taken from this region (0. 25cm® in the gas sampling valve).
From the output slice, the concentration of the input slice was back
calculated by using the simplification of a constant pulse
concentration. Some degree of error was incurred here since it was shown
in 2. 4.2 that some pulse broadening occured, which was accompanied by a
drop in the pulse concentration. It should be noted that the effects of

dispersion have been shown to be negligible.
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This procedure had the advantage of alloring good qualitative

comparisons betwmeen many different reactants, both simply and quickly.

2.4.5 Mass Balance in Absence of Reaction

Three micro-litres, or 2.01x107° g, of 2-methyl-pentene mere pulsed into
the reactor several times. Each time, a slice was analysed at a
different sample on the exit pulse, each slice representing a
concentration of the 2-methyl-1-pentene (no conversion) at the sample
loop conditions (1.44 bar and 423 K). Each of these concentrations was
converted to a concentration at STP conditions (298 K and 1.01 bar). The
result was a concentration-time curve for the exit pulse similar to that
shorn in Figure 2.8. Since the flowrate at STP conditions was knowrn (1
litre/hr) the X axis in Figure 2.8 could be converted to volume.
Integrating this curve gave the total mass of 2-methyl-1-pentene in the
exit pulse. The total integrated mass obtained was 2.00x10'3g. This

yielded a mass loss of 0.5% which was acceptable.

2.4.6 Reproducibility

A& reproducibility test was performed by injecting three identical
amounts of propene and analysing the equivalent sample slice from each
exit pulse. (Since the operating conditions did not change, equivalent
slices eluted from the reactor system at the same time.) The analyses of
the feed's reactor concentration and the exit concentrations of the
three major oligomers are showRn in Table.2.u. Note that the reactor
concentrations of propene Rere all approximately equal (within 4%). This

signifies that equivalent slices were indeed obtained.

Table 2.4 Concentrations for propene reproducibility tests

Reactor Concentrations

Cs Conversion propene Dimer Trimer Tetramer
Xa % mol/1 mol/1l mol/1 mol/1l
3.1 % 2. 70x10° 2 1.60x10"* 0. 70x10°* 0.06x10°3
3.0 % 2.61x10° 2 1.57x10°*4 0. 65x10°* 0.06x10°°
3.0 % 2.72x107 %2 1.55x10"* 0.71x10°* 0. 06x107°

The reproducibility obtained was adequate, mith the largest variation

occurring in the tetramer (approximately 6% span).
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2. 4.7 Catalyst Activity and Lifetime

It mas found that, under the conditions used in these experiments, no
drop in catalyst activity was observed after fifteen days of continual
use, despite the rather high temperature, high acid concentration and

lor pressure used.

2.4.8 Differential Analysis

A reactor can be considered to be operating differentially when the
reaction rate can be considered to be constant at all points within the
reactor {(Levenspiel, 1972). In the case of fixed bed reactors, this
assumption is generally reasonable only for small conversions or for
shallow small reactors. The average reaction rate for each run 1in a

differential reactor is given by the following equation:

FAO(xk'out - XA‘in)

(-Pa)ave =
]
Rhere Faog = molar feed rate of component A to the reactor
Ya.i1n = fractional conversion of reactant A

entering the reactor
Xa.0ut = fractional conversion of reactant A leaving
the reactor

R = mass of catalyst

In many of the pulse experiments performed in this work, the conversions
were small enough (Xa less than 10%) to permit the assumption of a
differential reactor. There wmere, however, experiments (those using the
butenes and mixed feeds) whose conversions w®Rere too high to allow for
this assumption. Such an assumption, in these cases, would result in

significant error.

2.4.9 Equilibrium Conversions

The procedure wused here to determine the equilibrium composition of a
system has Dbeen discussed in detail by Smith & Van Ness (1975). The
method is based on the fact that, at equilibrium, the total Gibbs free
energy of a system has its minimum value, The problem is to find the
composition which minimizes G!' (Gibbs free energy) for specified
temperatures and pressures, subject to the constraints of material

balances.
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The following is a summary of the procedure used for gas phase

reactions.

1. The constraining equations are formulated, i.e., the material

balances. A material balance on each element k can be written as

follows.

2 njajk = A

i

rhere ny = the number of moles of species i

ajx= the number of atoms of the kth element present in each
molecule of chemical species i

Ax = the total number of atomic weights of the kth element
present in the system, as determined by the 1initial

constitution of the system.

2. The Lagrange multipliers, A«, are introduced next, one for each
element, by multiplying each element balance by its Ax. The

equations are summed over k giving

2 Ax(2Z niaix - Ax) =0
K i

3. A new function F is formed by addition of this sum to G'. The new
function is identical to G' because the summation term is zero. The
partial derivatives of F and G' w®ith respect to n; ®ill be different
because the function F incorporates the constraints of the material

balances.

4, The minimum value of F and G' occurs when the partial derivatives of
F with respect to ni are zero. The expression for these derivatives

may therefore be set to zero giving.

OF Jdat
— = I * % Acaix = 0
k

in 8n1

TesPyni TyPyni

The first term on the right is the definition of chemical potential and

so this equation becomes:
pe + % Avaix = 0
k

The chemical potential is given by pi = G? + RTlna;. For gas phase
reactions and standard states as the pure ideal gases at 1 bar, this

becomes:
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~

wi = G%; + RTln;1 mhere fi1 is the fugacity of species i
G? can be set equal to zero for all elements in their standard states
giving, for compounds G? = A@°¢: (the standard Gibbs free energy change
of formation for species 1i). The fugacity can be eliminated in favour of

the fugacity coefficient i.e., £ = y;3%,P.

The resulting equation is

AGPL + RTIn(y:3iP) + TAraix = 0
x

Equilibrium compositions were estimated wusing the Simulation Sciences
computer package, PROCESS {(Simulation Sciences, 1983). The Redlich-
Emong equation of state ~wRas used to account for non-ideality. The
assumption of gas phase was made throughout the calculations, although
at the higher pressures used, mixed phases were present. A severe
limitation of the thermodynamic study was the limited amount of both
heats of formation and free energies of formation for many alkenes
especially those of chain 1length greater than Cs. The following were

examined:

1. Equilibrium compositions of straight chain alkenes over a temperature
range of 433 to 483 K and a pressure range of 0.001 bar to 15 bar.

2. Equilibrium compositions of all alkenes 1i.e., as many as there Rras
data for, from carbon chain length Cs to Cs. Each carbon chain length
group was examined separate to the rest. The calculations were
performed over the temperature range of 433 to 493 K.

3. The equilibrium compositions of a combined group of Cs, Cs, Cs and Cs
alkenes, again using as many alkenes as possible (data permitting).
The calculations wmere performed at 473 K and over 0.001 and 1 bar.

4. The equilibrium compositions of a group of 50 alkanes (straight and
branched) from the butanes up to the nonanes. The calculations were

carried out at 473 K and between the pressures of 0.001 and 15 bar.

2.4.9.1 Equilibrium compositions of straight alkenes

Due to the scarcity of heat of formation and free energy data for many
branched alkenes of carbon chain length greater than Cs, it =®as not
possible to determine accurately how closely equilibrium was approached.
To obtain an indication of the compositions that might prevail, the
equilibrium compositions of various straight chain alkenes were
determined over a temperature range of 433 K to 483 K and a pressure
range of 0.001 to 15 bar. The data are listed in Appendix B. The data

are also shown graphically, at three temperatures, in Figures 2.11, 2.12
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and 2.13. Mole fractions are plotted as functions of total system
pressure. The equilibrium fractions of the Cs, C7, Ca, Ce and Cio
alkenes are not shown due to the small amount obtained. It is quite
clear from Figures 2.11, 2.12 and 2.13 that higher pressures favour, as

is expected, the longer chain length alkenes.

2.4.9.2 Equilibrium composition of C4, Cs, Cs, C7 and Cs alkene groups

The equilibrium compositions of Cs4, Cs, Cs, C7 and Cs alkene groups
{ straight and branched alkenes) were determined at various temperatures.
Due to the limited thermodynamic data, only three alkene isomers in each
of the C7 and Ca groups wRere examined. Data were obtained over a
temperature range of 433 K to 493 K. The analysis wRas carried out over
the pressure range of 1 to 100 kPa, although the results were
independent of pressure in this range. The results quoted are therefore
applicable over the pressure range of 1 to 100 kPa. The results of the
Cs4, C7 and Cs alkene groups (over the entire temperature range) were as

follors, in order of decreasing stability:

Cs4 alkenes iso-butene > trans-2-butene > cis-2-butene > 1-butene
C7 alkenes 2-heptene > 4-methyl-1-hexene > 1-heptene
Cs alkenes trans-2-octene > 2-ethyl-1-hexene > 1-octene

The results for the Cs and Cs alkene groups are shown graphically in
Figures 2.14 and 2.1S5. Six Cs isomers and sixteen C, isomers were used
in the calculations. The isomers used and the data for the Cs and Cs
isomer groups are listed in Appendix C. Mole fractions are plotted as
functions of temperature for all of the Cs isomers (Figure 2.14) and the

six most abundant Cs isomers (Figure 2. 15).

2.4.9.3 Equilibrium compositions of a combined Cs4, Cs, Cs and C; alkene

group

Similar calculations to those in Section 2.4.9.2 above were carried out
using a combined Ca, Cs, Cs and C7 alkene group in order to provide an
indication of the most stable isomers in this alkene category. These
Were the same alkenes as those wused in Sections 2.4.9.1, and 2.4.9 2,
The calculations w®ere carried out at various temperatures and pressures,
It sas found that in the 453 K to 473 K temperature range that there ras
relatively little change in the mole fraction sof the isomers. For this
reason the results ®ill be showrn for the 473 K calculations at various
pressures. The ten most stable isomers are shown (mole fractions) as

functions of pressure in Figure 2. 16.
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2.4.9. 4 Equilibrium compositions of a group of alkanes

Equilibrium compositions were determined for a group of 50 alkanes
ranging from C3 to Cs. It wmas found that there was relatively little
change in the equilibrium compositions With temperature in the desired
temperature range of 453 K to 473 K. The alkanes used are listed in
Table 2. 5. Hydrogen was included as a component in order to satisfy the
mass balance. Although in this work little or no alkanes were produced,
the calculations with the alkanes Were carried out with the hope of

providing an indication of the trends followed by the alkenes.

The equilibrium compositions at the highest pressure used (15 bar) which
should shift the equilibrium composition towards the higher alkanes
comprised only propane, butane and iso-butane, the mole fraction of all
other alkanes being equal to zero. It is quite clear therefore that
there is no correlation between the alkanes and the alkenes in this

regard.

Table 2.5 Alkanes wused in the equilibrium calculation of Section

2.4.9. 4,
1. Propane 2b. 4-methyl-heptane
2. Butane 27. Octare
3. Iso-butane 28. 2,2,3,3-tetramethyl-butane
4, Iso-pentane 29. 2,2,3-trimethyl-pentane
5. 2, 2-dimethyl-propane 30. 2,2,4-trimethyl~-pentane
6. Pentane 31. 2,3,3-trimethyl-pentane
7. 2, 2—-dimethyl-butane 32. 2,3,4-trimethyl-pentane
8. 2-methyl-pentane 33. 3,3-diethyl-pentane
9. 2, 3-dimethyl-pentane 34. 2,2-dimethyl-3-ethyl-pentane
10. 3, 3-dimethyl-pentane 35. 2,4-dimethyl-3-ethyl-pentane
11. 3-ethyl-pentane 36. 2,2-dimethyl-heptane
12. 2,2,3-trimethyl-butane 37. 3-ethyl-heptane
13. Heptane 38. 2-methyl-octane
14. 3-methyl-hexane 39. 3-methyl-octane
15. 2,2-dimethyl-hexane 40. 4-methyl-octane
16. 2, 3-dimethyl-hexane 41. Nonane
17. 2,4-dimethyl-hexane 42, 2,2,3,3-tetramethyl-pentane
18. 2,5-dimethyl-hexane 43. 2,2, 3,4-tetramethyl-pentane
19. 3, 3-dimethyl-hexane 4y, 2,2,4, 4-tetramethyl-pentane
20. 3, 4-dimethyl-hexane 45, 2,3,3,4-tetramethyl-pentane
21. 3-ethyl-hexane 46. 2,3, 4-trimethyl-hexane
22. 2-methyl-3-ethyl-pentane 47. 2,2,5-trimethyl-hexane
23. 3-methyl-3-ethyl-pentane 48. 2,3,3-trimethyl-hexane
24. 2-methyl-heptane 49, 2,3,5-trimethyl-hexane
25. 3-methyl-heptane 50. Hydrogen
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2.4.10 Determination of Phase Equilibria

The fundamental problem of vapour-liquid equilibria deals with a
multicomponent system of N non-reacting chemical species for which the
phase rule variables are temperature, pressure, N-1 1liquid mole
fractions and N-1 vapour mole fractions. Thus there are 2N variables
(Smith & Van Ness, 1975). Application of the phase rule yields F=N and
this means that, for an equilibrium state, only N of the 2N variables
are independent. Once N phase rule variables are specified, the
remaining N variables can be determined by simultaneous solution of the
N equilibrium relations of the form ;Y = #t

where £ = fugacity
v

vapour phase
L

liquid phase

y1$;YPy and for a component in

For a component in a vapour mixture £y

a liquid solution f;% = x;»,'f ot

where $, = fugacity coefficient
Pt = total pressure
73 = liquid phase activity coefficient
Xi,Y¥:i = mole fractions in liquid and gas phases
To satisfy the criterion for equilibrium, vyi®;YP: = x;?;'F;°". At low

pressures, wWhen the critical region is not approached, the assumption
can be made that the liquid phase properties ?; and f:i° are independent
of pressure. For phase equilibrium at high pressure, or where the
critical region is approached, the thermodynamic functions for the
liquid phase cannot be assumed to be independent of pressure. The simple
tro term virial equation 1is no longer satisfactory (at high pressures)

for the calculation of vapour—-phase properties.

The first realistic general method, based on thermodynamics, w®as
proposed for this calculation by Chao & Seader (1961). Several
refinements have been proposed since then (Robinson & Chao, 1971; Lee et

al., 13973). The basic equation is given below.

Yitg ot
K =
EXR Where K = y;/x1;
The fugacity coefficient is defined as 4; = $;/P¢. Substituting for the

fugacity gives

A The

¥,
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This implies that here the standard state fugacity is the fugacity of
pure liquid i at the temperature and pressure of the system. In order to
determine the phase equilibria ?;, ¢; and 8, need to be determined at
the desired temperatures and pressures. The procedures used to determine

these parameters are given in Appendix D.

There are three classes of vapour-liquid equilibria problems. These are

the bubble point, dewpoint and flash calculations.

For the bubble point calculations, from a known liquid composition and
pressure, the temperature and vapour phase (equilibrium) composition can
be found wusing the equations discussed above. This can be done at many
pressures. In the dewpoint calculations, the temperature and 1liquid
phase compositions are found from given gas phase compositions at each

pressure. A phase diagram can therefore be drawn up.

In the flash calculations, from a mixture with a knowrn composition and
at a given temperature and pressure, the mole fractions of each

component in the vapour and liquid are determined.

In order to determine whether there was any liquid phase present in any
of the experiments in this study, a phase diagram was plotted for the
experiment most 1likely to have any liquid phase present. The experiment
used was Run 4 of Section 2.5.13.1 where a mixed propene/iso-butene
feed was wused. The phase diagram is shown in Figure 2.17. Nitrogen is
not included in the phase calculation. The partial pressure of the
hydrocarbon mixture 1is less than 1.37 bar. (determined simply, from the
mole fractions 1listed in Section 2.5.13.1 and the total pressure used).
The dew point of this hydrocarbon mixture at 1. 37 bar is approximately
345 K (see Figure 2.17) and hence it can be concluded that no liquid
phase was present in any of the pulse experiments, since the operating

temperature was 473 K throughout.
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2.5 RESULTS AND DISCUSSION

2.5.1 Preliminary Results

2.5.1.1 Complete analysis of typical pulse experiment

A detailed analysis of a typical micro-catalytic pulse experiment is
given in order to 1indicate features common to all the experiments. Not
only does this analysis provide an indication of the stability of
various parameters in all the runs (e.g., the reproducibility of the gas
chromatographic separation), but it also 1indicates several features

inherent in the reaction (e.g., aspects of the reaction mechanism).

The experiment to be considered is that where the sample line is filled
up to a pressure of 500 kPa gauge with pure propene. The experimental

conditions are listed in Section 2.3.3.1.
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Component identification and separation

A sample slice is captured on the gas sampling valve 560 seconds after
the pulse was introduced into the nitrogen stream. The chromatographic
conditions are listed in Appendix A. A typical chromatograph is show®n in
Appendix E. Component identification is carried out using mass
spectroscopy. The mass spectrograph corresponding to the chromatograph
in Appendix E is shown in Appendix F. Note the overlap in some of the
peaks. As explained in Section 2.3.3.3, the separation is done according
to carbon chain length. The chromatographic¢ area count for each group
can be converted to mass using the calibration curves in Figures 2.5 and
2.6. These masses are converted to moles and molar concentrations (G.C.
sample loop size = 0.25¢m”). The area counts and concentrations are

listed in Table 2. 6.

Before the above concentrations (at sample 1loop conditions) can be
converted to their equivalent concentrations at the reactor exit (at
reactor conditions), the compressibility factor, Z, of the gases inside

the reactor must be calculated.

Table 2.6 Area counts and concentrations of a typical pulse.

Area counts Concentration in the loop
C (mole/1l]

propene 5954000 7.67x10° %
Ca 0 0

Cs 27410 1.3x107?

Ces 194600 7.7x1073

C7 61050 2.111073

Ca 40470 1.2x1073

Ceo 228200 6.1x107 7
Cto 24210 0.6x1073
Ci1t 5333 0.1x1073
Ci2 53960 1.1x10°?

TC = 7.87x1073

Assuming that the ideal gas law applies to the sample gas in the sample
loop, the total number of moles in a litre at loop conditions is given

by:
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13 146 kPa x 1000 cm®

RT 8319 x 423K

4,15x10"% mole/l at sample loop conditions

mhere R = 8319 kPaecm’+mole '«K™!
P = loop pressure, kPa
v =1 litre
T = temperature in loop, K

The total number of moles of propene and products in one litre at the

same conditions (in the sample slice) is given by:

Ne = ZC (Table 2.6)
= 7.87x10"% mole/l
Nt = total number of moles per 1liter at sample 1loop
conditions
Ne = total number of moles of propene + products at sample

loop conditions

The ratio of Ne to Nr 1is equivalent to a mole fraction of 0.19, the
balance being nitrogen. This particular example, by choice, represents
the largest hydrocarbon: nitrogen ratio encountered in these experiments
and therefore will represent the largest deviation from ideality. In the
majority of cases the mole fraction of hydrocarbons w®ill be less than
10%. For the purposes of calculating the lowest possible compressibility
factor, this example will be used. A detailed calculation of the
compressibility factor for a 4:1 (mole ratio) nitrogen: propene mixture
at the conditions listed in Section 2.3.3.1, is given in Appendix G.
Note that the procedure used can be extended to three or more component

systems.

The value of Z obtained is 0.999. Z can therefore be assumed to be equal
to unity throughout these experiments (both in the 1loop and in the

reactor).

The total molar concentration of nitrogen + hydrocarbons inside the
reactor is equal to 0. 4225 mole/l at 1.b6b MPa and 473K. The
concentrations of the gases, given at sample loop conditions in Table
2.6, can now be converted to concentrations at reactor conditions. The
results, together with mole fractions of each component, are shown in

Table 2. 7. Note»that these concentrations are at the reactor exit.
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Traces of hydrocarbons greater than Ci2 were detected, but are not

shorn, since they are smaller than the experimental error.

The amount of propene fed to produce the product spectrum showsn in Table
2.7, can easily be back-calculated (remembering that dispersion is
considered to be negligible). The only source of the reaction products
is propene. The amount of propene fed is therefore equal to 3.50 g/l
(ZCz2). The mass of propene in the sample slice is equal to 3.28 g/l (see
Table 2.7). It is assumed that there is no density change in the reactor
due to both the large amount of inert and the 1low conversions. The

fractional conversion of propene is given by:

3.50 - 3.28
Ip = —— x 100 = b6.3%
3.50

Table 2.7 Concentrations in the reactor exit.

Reactor concentrations

( mole/1] {gr/ll mole®
Cy C2 of products
propene 7.8x1Q07 2 3.28 —
Ca 0.0 0.0 0.0
Cs 1.3x10°* 9x107 3 6.5
Ce 7.9x10°* 6. 6x1072 38
Cr 2.1x10°* 2.1x10°2 10
Ca 1.2x10°* 1.3x1072 6.0
Co 6.2x10"* 7.8x10° % 30
Cio 5.9x107° g8x10”3 2.9
C11 1.2x107° 2x10°3 0.6
Ct2 1.1x10°* 1.9x10°2 5.3
€y =8.0x10°2 £C2=3. 496

It will be assumed that the reactor behaves differentially. The rate of
disappearance of propene, as the sample slice moves through the reactor

bed, is equal to :

Xa v Cao
(-rCilave = E—
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0.063 x 0.098 x 8.3x10°°

0. 707
7.2x10"* mole.hr !. gcat™!

where Y. = fractional conversion of propene = 0.063
v = volumetric flowrate of gas in the reactor
= 0.098 1/hr

Cao= concentration of feed at reactor conditions
= 8.3x10"% mole/l
H = mass of catalyst = 0.707g

The average concentration of propene in the reactor (which is determined
by taking the arithmetic mean of the inlet and outlet concentration) is
equal to 8.1x10"2 mole/l. Several rate-concentration data points would
enable the estimation of the reaction order from a simple power law fit,
remembering that the pulse reactor is in an unsteady state and that the
reaction order could quite conceivably differ from that obtained using a

continuous steady state technique.

2.5.2 Pure Propene Results

2.5.2.1 Product spectra

Product reactor concentrations from four experiments are shown in Table
2.8. The averaged reactor concentrations of the feed are shown in Table

2.9.

Table 2.8 Product spectra for pure propene at 473 K and 1.54 MPa.

Exit concentrations

(mole/1)x10* mole¥ in exit

Run 1 Run 2 Run 3 Run 4 Run 1 Run 2 Run 3 Run 4
Cs 0.4 0.6 1.0 1.3 11.9 10. 3 7.9 6.5
Ca 1.6 2.7 5.1 7.9 43. 4 42.8 40. & 38. 4
Cv 0.7 0.9 1.6 2.1 17 14.0 12. 6 10. 3
Cs 0.2 0.3 0.9 1.2 5.4 5.0 7.0 6.0
Ce 0.6 1.3 3.2 6.2 17.5 21.5 25.1 30.0
Cio 0.1 0.1 0.3 0.6 1.9 2. 4 2. 4 2.9
Cia 0.0 0.0 Q.0 0.1 0.3 0.3 0.3 0.6
Ci2 0.1 0.2 0.5 1.1 1.9 3.7 4.0 5.3
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Table 2.9 Averaged reactor concentrations of the feed.

Propene conversion 3.1% 3.8% 4, 8% b. 2%

Cs [mole/1)x102 2.7 3.9 6.4 3.3

The different propene conversions listed in Tables 2.8 and 2.9 are
obtained by 1injecting different sized pulses (separate experiments).
Figure 2.18 showxs the product concentrations in the reactor exit as a

function of propene concentration in the reactor.
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FIG 2.18 PULSE: PRGPENE PRODUCT SPECTRA RT 473 K

AND 1.54 MPR

2.5.2.2 Reaction pathways

Consider the reaction pathway network showsn overleaf. The purpose of the
network is to indicate those routes that are believed to be possible.
The reference to carton numbers, e.g., Cs implies the entire fraction

(all isomers) of that carbon chain length.
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Route
+C3 +C3
-+ (7 - Cyo0
—> Cs + Ca (1)
+C3 +C3
> Ca » Cy4
» Normal route
» Cs + C3 (2)
L—-*————~* Normal route
+C3
-+ Cio
» L7 + C2 (3
+C3
Cs
+C3
I » Cq14
» Ca + Cy (4)
Cz + C3 — Cs + C3 — (o
+C3
+Ca » Cy4
+C6 hd [
» C12 —> Ca + Cs (3)
[ +C3 +C3
% Cy » Cyo0
+C3
l — C1o0
* C7 + Cs (6)
[ +C3 +C3
» Ca + Cy4
| —> Normal route
* Co + C3 (7)
L-———-———-* Normal route
r’ I » Normal route
* Cs + Cs (8)
» Cio + C2 (9)

» C11 + G4 (10)
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Cracking of the Cy fraction.

The C¢ fraction could crack according to the routes shown above.
From examination of the product spectrum it seems unlikely that the
Ce would crack to C7 + C2 or Cs + Cy since neither Ci nor C: wWere
observed in the product spectra. Although it is possible for C2 to
react to completion with any C3, this is not thermodynamically
favoured at these conditions, particularly in view of the fact that

the concentrations of C2 and Cs would be extremely low.

The alkene 1isomers of C¢ that are actually produced are not known
and neither are the isomers of the Cr and Cs fractions; it 1is
therefore not possible to determine thermodynamically w®hich of the
routes above are most favoured under these conditions. Considering
Route (1), the cracked product, Cs, can combine with propene to
produce Cs and likewrise, the Cs4 to produce C;. No Cs wWas observed in
the product, although it 1is quite possible that it =®ould be
undetectable due to overlapping by the C3z peak. It is also possible
that the Cs could react to completion with the C3z. Due to the high
concentration of propene, it is quite possible that the Cio and Cit
fractions are formed by the following reactions as indicated in the

reaction network:

Cr + C3 — Cio
Cs + C3 —/ Cq1

At first glance, the occurrence of five consecutive reactions, e.g.,

(1) C3 + Cz3 —» Cs
(2) Co + C3 —» Cy
(3) Cey —> Cs + Ca
(4) Cs + Cz3 —» Cs
(5) Cs + C3 — Cy114

may seem unlikely. Table 2.8 shows however that extensive cracking
Was occurring. Although not shown above, it must be pointed out that
Cio and Cyy fractions could conceivably be produced from the

followring routes:

Cs + Ca —» Cio
Cs + Co — Ci1
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The concentrations of both the Cs and the Cs and Cs fractions were
extremely lor relative to the concentrations of propene and on this
basis it is unlikely that the these reactions would proceed to any

significant extent.

This mechanism requires that the total aumber of moles of Cs + Cs +
Cy11 is equal to the number of moles of Cs + C7 + Ci0. Examination of
the results in Table 2.8 shows that this condition is satisfied in
all four cases, with a maximum error of 10% in Run 1 where
experimental error was significant, due to the small concentrations.
It is assumed that the Cs4 fraction reacts to completion. Path (3)
also requires that this condition be met, yet for reasons previously

mentioned path (3) is considered to be unlikely at these conditions,

2. Cracking of the Cy2 fraction.
The Ci12 fraction can crack according to the routes given above. For
reasons previously mentioned it 1is unlikely that the Cyi2 cracked
according to routes (9) and (10) although thermodynamically this
could not be shown here. The cracking of the Ci2 fraction according
to routes (7) and (8) will not be discussed in detail since these
routes are simply the reverse of the normal oligomerization routes
and their extent can not be determined here. Hith regard to routes
(5) and (b)) the cracked products could combine with propene to
produce longer chain products. For route (6), where the Ci2 cracks
to Cs and Cr, the following condition (mole balance) must be
satisfied.
Cs + Cs + C4y = C7 + Cyo
This is essentially the same condition as for Ce¢ cracking. It has

been shown that this is satisfied.

For route (5), where the Ci12 cracks to Cs and Cs4, the Cs could crack
further to Cs + C3 and then react with the C3 (propene) to produce
Ci1. The Ca could react with the C3 to produce C7 and hence Cyo. The
folloring mole balance must be satisfied:

Cs + Cs + Cyy = C7 + Ca + Ciro
This is the same condition as that of Cy2 cracking to Cs + C7 and Ce

cracking to Cs + Ca.

It is clear from the above discussion that either route (5) of the Ce
cracking pathway, route (5) of the Ci2 cracking pathway or route (6) of
the Cy2 cracking pathray, or any combination of all three, could be
occurring. Based on these mechanisms, the equivalent oligomer

concentrations prior to cracking are listed in Table 2.10. Twro sets of
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oligomer fractions are shown., The first is for exclusive cracking of Cos
and the second for Ci2 cracking. (Either of the ¢two Ci2 cracking

mechanisms Will yield the results shorn in Table 2.10)

Table 2. 10 Pure 0Oligomer fractions prior to cracking.

Ce cracking {mole/l]x10* Ci2 cracking [mole/1)x10*
Run 1 Run 2 Run 3 Run 4§ Run 1 Run 2 Run 3 Run 4§
Cs 1.6 2.7 5.1 7.9 1.6 2.6 5.1
Co 1.3 5.1 0.6 1 2
Ci2 0.1 0.2 0.5 1.1 ) 1.2 3

3. Production of the Ci2 fraction:

From the results no clear indication can be obtained of the relative
rates of reaction of Ce¢ + C3 — Cy2 and

Cs + C4 —» Cy2.

2.5.2.3 Propene rate-concentration data

The rates of disappearance of propene and the respective averaged
reactor concentrations are listed in Table 2.11. (See Section 2.5.1.1

for analysis).

Table 2. 11 Rate-concentration data for propene.

Xa % rate {moleshr 'egcat ™11 C: concentration [{moles1"!]
1 1.2x10"* 2.7x10° 2

3.8 2.1x10°* 3.9x10°2

4.8 4. 3x10°* 6. 4x10° 72

6.2 7.2x10"* 8.1x10° %2

This data is fitted to a power-law function of the followring type:
('r‘cl)avn = kcln
Note that the H3POs4 concentration in all of these experiments was

maintained constant. The calculated value of n 1is equal to 1.7,
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indicating near second order dependence on propene concentration. It
Will be shown later that, for the continuous flow technique (which
operates under high propene concentrations), the rate of propene
disappearance has first order dependence on 1its concentration in the
reactor. This may be explained by the Langmuir-Rideal adsorption

mechanism (Haag, 1967).

Reaction between an adsorbed molecule and one that 1is not adsorbed
(Langmuir-Rideal mechanism) is very rare in gas phase kinetics (see
phase equilibria calculations in Section 2.4.10). If the dimerization

reaction is the rate limiting reaction, the mechanism ®Would yield:

Ks
B* = B + %
where A = monomer,
B = dimer.
The rate of formation of B is then r = k244" = k2' EaA?

1 + KaA + KgB
k2 KaA?

1 + Kal

Omitting KeB from the denominator is justified at 1low conversions

(A>>B). The limiting cases are:

high surface coverage: r = k2 A

k2 KaA? = kz"A?

1]

low surface coverage: r
The observed first and second order kinetics at high and 1low
concentrations respectively, are consistent with a Langmuir-Rideal

mechanism.

2.5.3 Pure 2-Methyl-1-Pentene

2.5.3.1 Product spectra

The product reactor concentrations for each experiment are shown 1in
Table 2.12, ~while the averaged concentrations of 2-methyl-1-pentene in

the reactor are listed in Table 2. 13.
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Table 2.12 Product sgspectra for 2-methyl-i1-pentene at 473 K and 1.54

MPa.
Exit concentrations
{mole/1llx10° mole% in exit
Run 1 Run 2 Run 3 Run 1 Run 2 Run 3
Cs 0.6 1.1 1.6 11.2 3.0 1.0
Ca 2.3 9.8 21.0 46. 3 27.0 24. 4
Cs 1.0 7.9 22.5 19. 4 21. 7 26. 2
Cy 0.0 8.5 22.6 0.0 23.3 26. 3
Csa 0.3 2. 4 5.0 6.2 6.6 5.8
Cq 0.0 0.0 0.3 0.0 0.0 0.3
Cio 0.0 0.2 0.5 0.0 0.7 0.6
Ct1 0.0 0.1 0.1 0.0 0.2 0.1
Cy2 0.8 6. 4 12. 4 17.0 17.6 14. 4

Table 2.13 Averaged 2-methyl-1-pentene concentration.

Run 1 Run 2 Run 3

2M1P Concentration 1.2 4.4 7.7
{mole/1) x10°

Figure 2.19 shows the product concentration in the reactor exit as a

function of the average 2-methyl-1-pentene concentration in the reactor.

2.5.3.2 Reaction mechanisms

The folloring can be noted from the results in Tables 2.8 and 2.12. It
should be noted that the comparison of the 2-methyl-1-pentene results to
the dimer of the C3 polymerization is valid only if the active dimer is
the 2-methyl-1-pentene, or if it is as active and selective as the other
Cse 1isomers. It will be shown later that the reactivities of the other
hexenes are not 1largely different from that of 2-methyl-1-pentene

(Section 2.5.4). It has also been shown previously (Section 2.4.9,2)
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that the four most stable hexene isomers under these conditions are 4-
methyl-trans-2-pentene, 2-methyl-2-pentene, 2-methyl-1-pentene and 3-
methyl-cis-2-pentene. It =®ill be shown in Section 2.5.4 that these
isomers of Cs all have similar rates of oligomerization over solid
phosphoric acid under these conditions. It is therefore quite reasonable
to expect the 2-methyl-1-pentene results to be fairly representative of

the Cs fraction.

From the use of hexene standards the Cs isomers, which are the result of
isomerization, were identified, not only in the 2-methyl-1-pentene feed
experiments but also the propene feed experiments. In both cases not
only were the same isomers identified but it was found that
approximately the same percentage of each isomer (with respect to the
total Cs fraction) was present. There w®ere essentially six isomers that
were identified, accounting for over 95% of the Cs fraction. Only one
isomer was not identifiable. The isomers identified and their respective

percentages of the total Cs fraction are given below.

4-methyl-1-pentene and 3-methyl-1-pentene 1%
cis-4-methyl-2-pentene 10%
2-methyl-1-pentene 10%
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2-methyl~2-pentene 50%
3-methyl-2-pentene 25%
unknowrn 4%

Thermodynamically, 4-methyl-2-pentene, 2-methyl-1-pentene, 2-methyl-2-
pentene and 3-methyl-2-pentene are the four most stable of the Cs

alkenes.

Consider the reaction pathways for the cracking of the Ci2 fraction

shown in Section 2.5.2.2 in conjunction with the data of Table 2.12.

1. The extent of Ci2 cracking was large (see Table 2.12).

2. The ratio of Ci2 to cracked products in Tables 2.8 and 2.12 wras
approximately the same at the higher concentrations of Ci2 (12x10°?
mole/l). In the pure 2-methyl-1-pentene experiments the ratio
appeared to remain approximately constant. The ratio however
decreased as the Ci2 concentration decreased in Table 2.8 (pure
propene experiments) indicating that as the Ci2 concentration
decreased the cracking from another source (possibly Ce¢) is became

more predominant (see Table 2. 14 below).

Comparing the concentrations in Table 2.8 with those of Table 2.12 an
estimate can be obtained of the expected fraction of cracked products
in Table 2.8 (pure propene experiments) that are due to Ci2 cracking.

The estimates which are only approximate are shown in Table 2. 14,

Table 2. 14 Estimated molar ratios of Ci2 to cracked products in Table

2.8 based on the results of both Tables 2.8 and 2.12.

Data From Table 2.8 Data From Table 2.12
Ci2 concentration
(mole/1)x10° 1.0 2.0 5.0 11.0 0.8 6.4 12.4
{ Ratio) x10? 7.1 10.5 13.1 20.7 19.0 21.0 16.8
Cracked products due to
Ci12 cracking (mole%) 35 55 65 100

3. The product spectra in Table 2. 12 suggest that the production of Cio
and C11 1in the pure propene case was not due to Cs + Cs and Cs + Cs,

respectively.
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In Table 2.12 the concentration of Ci2 is gpproximately related to
that of Cs by the following relationship:
[Ci2] = 0.19+[Ce1'"?

Using this relationship to obtain the expected amount of Ci2 formed
from 2-methyl-1-pentene, at a concentration of 3.9x10™* mole/l (this
is regarded as the average Cs, concentration in the reactor for the
pure propene Run 4 of Table 2.8) the amount of Ci2 expected 1is
0.15x10"2 mole/l. This is approximately 1.4% of the amount of Ci2
formed in the pure propene Run 4§, This implies that, if the
2-methyl-1-pentene (or some other isomer with similar reactivity)
were the active isomer and it reacted to the same extent in both the
pure propene and pure 2M1P cases, the production of Cy2 in the pure

propene case wWould be mainly due to Ce¢ + C3 under these conditions.

Consider again the reaction pathways discussed in Section 2.5.2.2 in
conjunction Rith the results of Table 2.12. The results in Table 2.12
support the postulate that there was little or no cracking of Ci2 to
either Cio, Ci1 or Ce as was predicted in Section 2.5.2. The results
also indicate that the Ci12 fraction did crack to both C7 + Cs and Cs

+ Ca.

The most likely mechanisms for the cracking of the Ci12 fraction are

as followrs {routes (1) and (2) of Section 2.5.2.2 for Ci12 cracking):

Ciz2 — C7 + Cs
Ciz —> Cs + Ca

A brief examination of the mole ratios in Table 2.12 indicates that

the Cs fraction is possibly cracking further as follows:

Cs — 2Cs

The production of the Cs could be from either of the following:

Cs — Cs + C3
Cy — Ca + C3

It 1is also possible that the 2-methyl-1-pentene cracked to some

extent.

It should be noted that the product concentrations in Run 1 were

extremely small. The accuracy of the G.C. detection at this level is

poor and unreliable.



2.5.3.3 2-methyl-1-pentene rate concentration data

The rate concentration data for the 2-methyl-1-pentene experiments are

shown in Table 2. 15

Table 2.15 Rate concentration data for 2-methyl-1-pentene.

Xa % Reaction Rate 2M1P concentration
[moleshr 'egcat ] [mole/1)

3.4 6.3x10°¢ 1.2x1073

8.6 5.6x107° 4. 4x10°3

10.8 1.3x10°* 7.7x10°3

From a simple power-law fit of the type (-rCsl)ave = kCs" , the value of

n obtained was n = 1.6 (linear regression coefficient, r? = 1.00),

2.5. 4 Results for Various Other Hexenes Isomers

The following Cs feeds rRere also investigated:

- 2-methyl-2-pentene

- 3-methyl-1-pentene

- 3-methyl-2-pentene

- l4-methyl-1-pentene

- ~cis-4-methyl-2-pentene

- 1-hexene
The product spectra and rate/concentartion data o the above hexenes are
shown in Appendix H. All except 1-hexene showed similar results to those
of 2-methyl-1-pentene. Product spectra were all similar and therefore
will not be presented here. The mechanistic discussions pertaining to
2-methyl-1-pentene are -equally applicable to all of these hexene

isomers, including 1-hexene.

The relative rates of reactivity were all similar, except those of
1-hexene. Figure 2.20 is a plot of reaction rate, as a function of
concentration, for each of the Cs isomers. Notice that Figure 2.20 is a
log-log plot. The slope of each 1line gives the value of n in the

folloring simple power-law function:

(-rCsd)ave = kCs"

The values of n for each of the isomers are listed in Table 2.16. It is

clear that there is no significant difference in the orders of these



LOG RATE

84

-3.85 4+ @

-4.12+

-4.394+

-4.66 1

COMPONENT

®=2-METHYL-1-PENTENE
A=2-METHYL-2-PENTENE

-4.934 +=3-METHYL-1-PENTENE
X =3-METHYL-2-PENTENE
®=4-METHYL-1-PENTENE
£=C15-4-METHYL-2-PENTENE
X =1-HEXENE

-5.20 +

| [l 1 i ] ]

1 |
-2.9 -2.7 -2.6 -2.4 ~2.2 -2.0

LBG [C6 CONC]

FIG 2.20 PULSE: RATE-CONCENTRATION DATA - HEXENES

reactions. It 1is also clear from Figure 2.20 that 1-hexene is far less

reactive than the other Cs isomers.

Table 2.16 Reaction orders for Cs isomer polymerization.

Cs Isomer Reaction order, n Cs Isomer Reac order, n
2-methyl-1-pentene 1.60 j-methyl-1-pentene 1. 75
2-methyl-2-pentene 1.60 cis-j-methyl-2-pentene 1.60
3-methyl-1-pentene 1.50 1-hexene 1.50

3-methyl-2-pentene 1.75

2.5.5 Pure 1-Butene Results

2.5.5.1 Product spectra

Product concentrations in the reactor exit are shorn in Table 2.17.

Averaged reactor concentrations of the feed are shown in Table 2. 18.
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Table 2.17 Product spectra for 1-butene at 473 K and 1.55 MPa.

Exit concentrations moles in exit
{mole/llx10%? {mole¥)

Run 1 Run 2 Run 3 Run 1 Run 2 Run 3
Cs 3.2 8.5 12.0 15.1 2.7 .0
Cs 4.3 11.5 31.9 20. 4 19 10.7
Cs 1.9 5.1 20. 2 3.0 8.1 .8
Cr 0.6 3.8 25.0 2.8 6.1 8.4
Cs 10. 6 37.5 190 50.2 59.9 63. 6
Ce 0.4 1. 4 7.8 1.9 2.2 2.6
Cio 0.0 0.2 2.0 0.0 0.3 0.7
Cii 0.0 0.0 1.5 0.0 0.0 0.5
Ci2 0.1 0.6 8.4 0.5 1.0 2.8
Table 2.18 Average reactor concentrations of the feed.

Run 1 Run 2 Run 3

1-butene concentration 4.8 9. 4 25.0

{moleel1”'1x10°

The averaged concentration of the feed in the reactor, given in Table
2.18, is simply the arithmetic mean of the inlet and outlet
concentrations. Figure 2.21 shows the product concentrations at the
reactor exit as a function of the averaged 1-butene concentration in the

reactor.

Due to the reactivity of the 1-butene, the conversions wmere high. At the
expense of operating under non-differential conditions it was decided
(for comparative purposes) to perform these experiments under identical

conditions to those of the other feeds.

2.5.5.2 Reaction mechanisms

Consider the reaction pathray network, shown overleaf, in conjunction

¥ith the product spectra in Table 2.17.
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The dimerization reaction of 1-butene was very much faster than the

trimerization reaction.

Similar to previous feeds, cracking was extensive.

Based on previous discussion there appears to be two major sources of
the cracked products. They could be the products of Cs cracking

(route (2)), or Ci2 cracking (route (3)), or both.

The cracking mechanism for Cs ®rRould be as follows:

Cs — Cs + C3
C: + C&« — (o
Cz + C& — (i1
Ca + Ca — C»
This mechanism requires that Cs + Co = C3z + C7 + Ci1 (mole balance)

This requirement is satisfied in all three experiments.

The cracking mechanism for Ci2 could be as follors:
Ciz2 —* C7 + Cs and/or Ci12 — Ca + Ca
Cr + Ca — Cy1

Cs + Ca — Cy
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—————— (10 + C2 (S)
P (11 + (4 (6)
e Cs + Cs (7)
I
+Ca

The cracking of Ci2 to Ca and Cs4 can neither be proved nor disproved
due to the cracked products being oligomers of the original 1-butene
feed. For the cracking of the Ci2 to C; and Cs The mechanism would

require that Cs + C9 = C7 + Cyy (mole balance). This requirement is



88

not satisfied and hence this route could not be the sole contributor

of the cracked products.

The results of the pure Cs experiments suggest strongly that there is
a significant amount of Ca cracking (note the Ci2 concentrations in
relation to the concentration of C3 and Cs) to Cs and Ci., The large
amount of Csy and C3 here (relative to those in the pure Cs
experiments) is indicative of the fact that Cs cracking must be

substantial.

No indication of Ci2 cracking according to the followring reaction can
be obtained since the reaction is simply the reverse of the original
forrard reaction but the reaction is expected to occur, based on the

pure 2-methyl-1-pentene experiments:

Ciz2 —> Cs + Ca

The cracking of the Ci2 fraction according to the following c¢an

neither be proved nor disproved:

Cit2 — Co + C3
It was indicated in Section 2.5.3.2 that the cracking of Cy2 to Ca
and Cs4 ®as quite likely. It was also indicated that C{2 did not crack
to C¢ + C3. This is quite likely here, since if Ci2 wWere to crack to
Ce + C3i, the required mole balances for the mechanisms in (4) and
{5) would not be satisfied.

6. The Cs presence is likely to be due to cracking of the Ci2 fraction.

7. As 1indicated in Section 2.5.3.2, the cracking of Ci2 to Ci¢ + C2 and

Ciy + Cy did not occur to any appreciable extent.

8. Based on the pure 2-methyl-1-pentene experiments it is unlikely that

there was any significant cracking of Cs to Cj.

2.5.5.3 Rate-concentration data for 1-butene

The rate concentration data are shorn 1in Table 2.19. 1~-butene
conversions were very high and hence no power-law fit Ras performed due
to the errors incurred in using an averaged reactor concentration of the

feed. Under these circumstances the reactor was probably no longer
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Table 2.19 Rate concentration data for 1-butene.

Ia % Reaction rate [(Calave
{moleshr tsgcat '1x10° {mole/1l]x10°
7.0 4.9 4.8
12.8 17.8 9. 4
20.0 77. 6 25.0

behaving as a differential reactor. It was not possible to determine the
extent to which the conversions ®Rere removed from equilibrium since the
exact alkene isomers were not known. Despite the large errors
incorporated by calculating the reaction rates using the assumption of a
differential reactor, the rates were still shown here, simply as a rough

estimate for comparative purposes.

It is quite clear from the data that the 1-butene polymerized at a

significantly faster rate than the C3 and Cs's under these conditions.

2.5.6 Pure Iso-Butene Results

2.5.6.1 Product spectra

The accurate G.C,. analysis of some of the smaller compounds was
difficult here due to the large extent of overlapping of the Ci, Cs and
Cs peaks. As a result, there may be some error in the quantification of
these peaks. The product concentrations at the reactor exit are showWn in
Table 2. 20. Averaged reactor concentrations (arithmetic mean of the
inlet and outlet reactor concentrations) of the feed are listed in Table
2. 21,

The calculated averaged feed concentrations in the reactor are the
arithmetic means of the inlet and outlet concentrations. Figure 2. 22
shows the product concentrations at the reactor exit as a function of

the average iso-butene concentration in the reactor.

2.5.6.2 Reaction mechanisms

Consider the reaction pathray showWwn in Section 2.5.5.2 in conjunction

With the results in Table 2.20. The following can be noted:
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Table 2.20 Product spectra for iso-butene at 473 K and 1.53 MPa.

Exit concentrations Moles in exit
{mole/11x10° [ mole%]
Run 1 Run 2 Run 3 Run 1 Run 2 Run 3

C3 8.5 19.0 34. 1 1.2 8.6 7.1
Cs 8.7 26.7 57.7 11.6 12.0 1.9
Ce 1.3 4.0 8.7 1.8 1.8 1.8
C7 3.7 12.7 30.9 5.0 5.7 6. 4
Cs 51.1 150 325 67.9 67. 8 67.3
Co 1.0 4.0 1.6 1.4 1.8 2. 4
Cio 0.2 1.0 2.6 0.3 0.4 0.5
Cit 0.0 0.7 2.3 0.0 0.3 0.5
Ci2 0.5 3.3 9.8 0.7 1.5 2.0
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Table 2.21 Averaged reactor concentrations of the feed.

Run 1 Run 2 Run 3

Iso-butene concentration 5.4 10.5 17.3
[mole/11x10°

1. The dimerization reaction of iso-butene was much faster than the

trimerization reaction.

2. Cracking was extensive.

3. The 1large amounts of C3 present indicate that Cs was most probably
cracking to Cs + C3. It is extremely unlikely, as was found in the
pure Cs experiments, that the C3z would be a product of Ci2 cracking

to C¢ + C3z, as indicated by the concentrations of Ce and Cs.
4. The cracking of Cs suggests that, despite the different products
obtained, there may well have been cracking of the Cs fraction in the

1-butene experiments,

5. The following two mechanisms could explain the cracked products:

Cs — Cs + Cs3
Cs + C&a — Cq
C3 + C&« — o
Cz + C&a — Cyy
Ciz2 — C7 + C»
Csa — Cs + C3
Cs + C&a — (s
Cz + C& — Ciy
Cs + C& —* Cy

Both of these mechanisms can be satisfied by the product spectra. Once
again it 1is not possible to predict from thermodynamics which is the
mcre likely reaction due to the lack of information about whiceh
isomers were present and the lack of thermodynamic data on alkenes of
chain length greater than Cs. There is therfore no evidence to suggest
which of these two mechanisms was more likely, but based on the pure
Cs experiments it appears that most of the cracked products wrere due

to Cs cracking.
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6. The Cs could be due to the cracking of the Ci2 fraction.

7. As in the 1-butene experiments, the following mechanism can neither

be proved nor disproved

Ciz2 —> Cas + Ca

8. The cracking of Ci2 to Ci1 + Ct and Cio + Cz2 is unlikely to occur as

mentioned in previous discussion. The GC results showed no traces of

Ct or Ca.

2.5.6.3 Rate-concentration data for iso-butene

The rate concentration data are shown in Table 2. 22

Table 2. 22 Rate—-concentration data for iso-butene.

IA% Reaction Rate [Calave
imoleshr 'egcat™t] [mole/11x10°

21.7 1.8x107* 5.4

31.9 5.6x10°* 10.5

40. 7 12.3x10°* 17.3

Similar to the 1-butene experiments, the conversions were very high and,
therefore, the reactor did not behave as a differential reactor. Again
the reaction rates were used only as rough estimates for comparative

purposes.

Comparison of the iso-butene rate-concentration data with that of

1-butene indicates that iso-butene was significantly more reactive,

2.5.7 Comparison of the Pure Feed Results

Figure 2.23 1is a plot of reaction rate, as a function of concentration,
for the following oligomerization reactions:

propene

1~butene

iso~butene

2-methyl-1-pentene

1~hexene
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The order of reactivities at these conditions is: iso-butene, 1-butene,
2-methyl-1-pentene, 1-hexene, propene. Although the reactor may have
been operating non-differentially, in some cases, Figure 2.23 serves
simply to indicate the relative reactivities of the various olefins

under these conditions. The 1log-log plot 1is used to provide a simpler

comparison.
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FIG 2.23 PULSE: RATE CONCENTRATION DATA FOR PURE

FEEDS

2.5.8 Propene + 2-Methyl-1-Pentene

Several experiments were carried out by keeping the 2-methyl-1-pentene
concentration constant and varying the propene concentration. The
relatively high propene concentrations resulted in a large overlap
between the propene and Cs« peaks. Some error may therefore be incurred

in the estimation o the C4 concentration in the reactor.

2.5.8.1 Feed and product spectra

‘The feed concentrations (inlet to the reactor) are listed in Table 2. 23.
Concentrations of the products at the reactor exit are shown in Table

2.24. It should be noted, from Table 2.23, that the 2-methyl-1-pentene
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inlet concentrations did vary, although it was attempted to keep the
concentrations constant. This should be borne in mind when comparing the

four runs.

Table 2.23- Reactant feed concentrations at the reactor inlet at 473 K

and 1.55 MPa.

propene 2M1P
tmolel™ ") {molel™']
Run 1 0 1.1x10°2
Run 2 1.3x10°2 9. 4x107*
Run 3 3.0x10°2 8.9x107°
Run 4 5.2x10-2 1.1x10°2

See Sections 2.5.2.2 and 2.5.3.2 for detailed discussions on the

respective pure propene and pure 2-methyl-1-pentene oligomerizations.

Table 2.24 Product spectra at reactor exit.

Exit concentrations Moles in exit
(molel”'1x10° [ %)
Run no. Run no.
1 2 3 4 1 2 3 y
Cs 3.3 —_ - i 2.7 - - -
Ca 30.1 19. 4 22.2 27.7 25.0 8.9 6.7 5.6
Cs 31. 7 21.1 18.6 20.5 26.3 9.7 .6 g1
Cr 30. 2 30. 2 33.7 40.9 25.1 13.9 10.2 8.3
Cs .7 13.6 21. 6 32.3 4.7 .3 6.5 6.5
Ce 0.7 117 213 334 0.6 54.1 b4.4 67.6
Cio 0.9 2.2 4.5 7.8 0.7 1.0 1.4 1.6
Ci4 0.3 0.4 0.9 1.6 0.2 0.2 0.3 0.3
Ci2 17.4 12. 7 16.3 29.5 14.5 5.8 4.9 6.0

Table 2.25 shows the averaged reactor concentrations of both the propene
and 2-methyl-1-pentene. As indicated previously, these averages are the
arithmetic means of the inlet and outlet reactor concentrations. The
conversions of each reactant are shown in Table 2.25. For these

calculations the 1initial concentrations of each feed had to be known.
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Feed concentrations at the entrance to the reactor were not determined
directly but indirectly. One method of determining the concentrations
was by injecting the pure feeds individually and measuring the area
counts corresponding to known injection sizes. The other complimentary
approach was to inject combined feeds but instead of using two alkenes
(as is done in this work) only one alkene and one alkane were injected,
e. &., hexane and 1-butene or propane and 2-methyl-1-pentene. The purpose
of this was to reduce, as far as possible, any doubt as to which
hydrocarbons corresponded to which feed, since the alkane was inert.
Once the feed concentartions had been calculated the conversions of each
feed in the mixture could easily be determined as described in Section
2.5.11. Conversions were high, especially those of 2-methyl-1-pentene
and as a result, the reactor might well not be operating differentially.
It is not known how close the reactor was operating to equilibrium.
Figure 2.24 shows the exit reactor concentrations of the products as a
function of changing propene concentration. (Note that the inlet 2-

methyl-2-pentene concentration was essentially constant.)

Table 2. 25 Reactant's reactor concentrations and conversion levels.

Propene 2-Methyl-1-Pentene

Concentration Conversion Concentration Conversion
{mole1l"'1x10? Xa imolel”'1x10? Xa
Run 1 0. 00 0 1. 04 11
Run 2 1.23 10.9 0. 83 23
Run 3 2.86 9.0 0.73 36
Run 4 4.97 9.1 Q. 86 43

2.5.8.2 Reaction mechanisms

The following can be noted from Tables 2. 24 and 2. 25, remembering that
Run 1 contained only pure 2-methyl-1-pentene as a feed. Consider, also,

the reaction pathway network in Section 2.5, 2. 2.

1. Cracking: Similar to previous experiments, cracking was extensive.

2. Rate of reaction of propene ®"ith 2-methyl-1-pentene: Comparing Run 1

in Table 2.9 (3.1% propene conversion) and Run 1 in Table 2.25 with

Run 3 in Table 2.25 and their respective product spectra, it is very
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clear that the rate of reaction of propene with 2-methyl-1-pentene
was very much greater (3 to 4 times in this case) than either of the

dimerization reactions (see Figure 2.24).

3. Conversion of propene: From Runs 2, 3 and 4 in Table 2.25 it can be
seen that the conversion of propene decreased very slightly as the
propene concentration increased. This is not surprising due to the
high concentrations of propene used (relative to 2-methyl-1-pentene).
In Run 2, the concentration of propene was about 1.5 times higher
than that of 2-methyl-1-pentene. 411 else being equal, each propene
molecule would have nearly as much chance of encountering a 2-methyl-
1-pentene molecule as a propene molecule. In Run 4, the propene
concentration was significantly higher than that of 2-methyl-1-
pentene. The driving force had therefore shifted to the
oligomerization of propene. Since the dimerization of propene is much
slower than the reaction of propene with 2-methyl-1-pentene, the

propene conversion fell as its concentration increased.

4. Cracking of Ce and Ci2: The possibilities of the C9 and C12 fraction

cracking w®ill now be examined.

(a) Ce¢ cracking: It has been shown that the C9 fraction is quite

likely to crack according to the following mechanism:
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Co — Cs + Ca
Cs + Ci3 —* Csa
Ca + Ci —F Ci
C3 + Cs — (o
Cr + C3 — Cio

The cracking of Cs¢ to Cs and Ci will not be examined in any detail
since this is simply the reverse of the main forward oligomerization

reaction.

Examination of Run 1 indicates, as shown previously, that the
formation of Cio and Cis is not very significant (compare the product
distribution of Run 3 in Table 2.12 with that of Run 2 1in Table
2.24). A mole balance for the cracking of Ce¢ rould give:

Cs + Ca + C11 = Cs + C7 + Cro
This mole balance is not satisfied. Cracking of the Cs only is

therefore not likely.

(b) Ci12 and Cs cracking only: A comparison between Run 3 of Table
2.12 and Run 2 of Table 2.24 indicates similar concentrations of Ci2
in the product. Assuming that the extent of Ci2 cracking was similar
in both cases (based on similar Ciz2 concentrations in the reactor
exit), the amount of Cs that cracked to Cs and Cs4 can be estimated.
The resultant ratio of Ci2 cracked to Ce¢ cracked would be 4.5:1. A
comparison of the Ca, Cs, C7 and Ca fractions in the above two Runs

indicates that the followring reactions did occur:

Cs + C3 — (7
Cs + C3 — Cs

It is clear from Run 1 that the following reactions occurred:

Csa = 2Ca

Ca = Cs + Cs3

In the presence of relatively large concentrations of C3z, however, it
is likely that the forward reaction, Cs + Cs — Cs, will

predominate over the reverse.

It has been shomn 1in Section 2.5.3.2 that Ci2 cracked primarily
according to the following mechanism:
Ci2 — C7 + Cs

Ciz2 — Ca + Ca
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A brief examination of the results in Table 2.24 shows that the two
reactions can easily produce the observed product spectra, but there
are also many combinations of these tRo reactions that will produce
the observed results. It 1is therefore not possible to determine the

extent to ®mhich Ci2 cracked to Cs and C;y as opposed to Cs and Csa.

Production of Ci2: It is uncertain as to which of the folloring twro

reactions is responsible for the production of Ci2.

Cée + C¢ —> Ci2

C3 + Cy — Ci2
Examination of Runs 2 and 3 in Tables 2.23-2.25 showrs that:

a. The concentration of 2-methyl-1-pentene 1in the feed remains

roughly constant.

b. The concentration of 2-methyl-1-pentene in the reactor was lorer

in Run 2 than in Run 3.

¢. The Ci2 concentration increased Rith increasing Cz concentration.
This increase 1in Ci2 production can result from only one source
(note from Table 2.25 that the reactor concentration of Cs
remained approximately constant): i.e., C¢ + C3 —> Cy2 (provided
that the presence of C3 does not increase the rate of Cs
dimerization or that the C3 did not produce Cs isomers which
dimerize much faster than 2-methyl-1-pentene). A similar trend
occured in Runs 2 and 4. Based on the reactor concentration of the
2-methyl-1-pentene in Run 2 and the pure Cs and C3 data, it seems
that the Ci2 fraction 1in Run 2 was entirely due to the
dimerization of Cs. Using the same basis, about 50% of the Ci2
fraction in Run 4 1is formed from Cy + C3 and about 50% from Cs +

Cs. This will be discussed in more detail later.

Close examination of Run 4 in Table 2.8 and Run 1 in Table 2.12 shows
that the maximum expected amount of Ci2, produced by dimerization of
the Cs fraction in Run 4 of Table 2.8, is less than 0.05x10"* mol/1l
(provided the Cs presence does not enhance the dimerization of the C,
and does not produce Cb dimers that dimerize much faster than
2-methyl-1-pentene). If this is so then the Ci2 produced in Run 4 of
Table 2.8 was due primarily to C3z + Cq (>95%).
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The folloring method will be used to estimate how much Ci2 was
produced from Cs + Cs and Cgo + C3. At the conditions used in these
experiments it is known, from the pure feed experiments, how much Ci2
was produced from a feed of pure 2-methyl-1-pentene ( by extrapolating
the pure feed results). It ®mill be assumed that this wmas not affected
by the presence of propene, provided that the average reactor
concentration was constant. From the mixed feed results, the balance
of the Ci2 was produced from Ce + C3z. The amounts produced by each

reaction can therefore be estimated.

Figure 2.25 shows the product concentration of Cy12 as a function of
the 2-methyl-1-pentene concentration in the reactor (arithmetic mean

of the inlet and outlet concentration).

Table 2.26 shows, for each mixed feed run, the concentration of Ci2
due to Cs + Cs (Figure 2.25), the total Ci12 concentration and hence
the concentration of Ci2 due to C¢ + C3 (by mole balance). The
percentage contribution of C¢ + C3 to the total amount of Ci2

produced, for each run, is also shown.
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Table 2. 26 Fraction of Cy2 produced from Cs, + Cs and Ceo + Cs.

Ci2 from Cs+Cs Total Ci2 Ci2 from Ce+Ca

{molel" 1] [molel~1] [mole1"1] (%]
Run 2 1. 4x10°4 1.3x10°* —
Run 3 1.3x10°* 1.6x10* 0.3x10°* 21
Run 4 1.3x10°* 2.9x10°* 1.6x10"* 51

The total amount of Ci2 produced in Run 2 (Table 2.26) was less than
that produced by a pure Co feed at an equivalent concentration
( reactor concentration). This could imply that, in the presence of
propene the reactivity of 2-methyl-1-pentene is higher than that
Without the presence of propene. The difference may also be due to

experimental error.

The above calculations mere repeated using the assumption that only
the Ciz cracked (the case above is equivalent to the case where only
the C¢ cracked) and the amount of Ci2 ®mas taken as the total amount
produced prior to cracking (i.e., if there was no cracking at all).
These calculations produced similar results to those in Table 2. 26,
With a slightly smaller fraction of the Ci2 being formed from Co +

Ca.

Moving from Run 2 to Run 4 the ratio Ci/Ce¢ increased from about 10.5

to 15 and the ratio Ci/Cs increased from about 1.5 to 6.

2.5.9 Propene + 2-Methyl-2-Pentene

Similar experiments to the co-oligomerization of propene and 2-methyl-1-
pentene were carried out wusing 2-methyl-2-pentene. The results =were

found to be very similar and will not be discussed.

2.5.10 2-Methyl-1-Pentene + 1-Butene

Mixtures of 1-buteme and 2-methyl-1-pentene were pulsed into the
reactor. The concentrations of 1-butene (feed concentrations) were kept
constant to within 30%, while the 2-methyl-1-pentene concentrations wmere

varied.
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2.5.10.1 Feed and product spectra

The feed concentrations at the inlet to the reactor are listed in Table
2.27. Concentrations of the products at the reactor exit are listed in

Table 2. 28.

Table 2. 27 Reactant concentrations at the reactor inlet at 473 K and

1.53 HPa.
2-methyl-1-pentene 1-butene
{molel™ 1] {molel"1]
Run 1 0 1,22x10°%
Run 2 1.6x1073 1.71x10° %
Run 3 4. 0x10°% 1. 40x10" 2
Run 4 10.0x1072 1.42x10°2

Table 2.28 Product spectra at the reactor exit.

Exit concentrations Mols in exit
(mole1l'x10%] (mol%)

Run 17" Run 2 Run 3 Run 4§ Run 1 Run 2 Run 3 Run 4§
Cs 8.8 5.1 5.9 6.7 20.5 5.9 7.7 4.2
Cs 1.7 37.7 23.7 59.7 27.3 36.3 30.9 37.2
Cs 1.5 - - - 3.5 - - -
Cr 0.5 10.1 6.0 24. 8 1.2 11.5 7.8 15.5
Ca 19.1 21.6 31.2 22.1 4y. 5 24. 8 40. 6 13.8
Ce 0.7 3.7 3.1 6.1 1.6 4.2 4.1 3.8
Cio 0.1 12. 2 5.6 27.3 0.2 14.0 7.3 17.0
Cit 0.0 0.5 0.3 2.0 0.0 Q.5 a.4 1.3
Ciz a.5 2. 4 1.0 1.5 1.2 2.8 1.3 7.2

Table 2.29 1lists the averaged reactor concentrations of both the 1-
butene and the 2-methyl-1-pentene at each conversion level. Conversions
are too high to be regarded as differential. Figure 2. 26 showWs the exit
reactor concentrations of the products as a function of changing 2-
methyl-1-pentene concentration (the 1-butene concentration remained

approximately constant).
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Table 2. 29 Reactor concentrations and conversion levels of reactants.

1-butene 2-methyl-1-pentene
(molel”'1x10° Ia% (molel"'1x10° 1a%

Run 1 11.9 5.1 0.0 0
Run 2 16. 6 6.0 1. 41 24
Run 3 13. 7 3. 3. 74 13
Run 4§ 13.6 3. 40 12
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2.5.10.2 Reaction

mechanisms

The following can

also Figure 2.26).

1. Cracking: There

2. Cio production:

be

noted from

the data in Tables 2.27 and 2. 28 (see

Was a large degree of cracking.

From the pure feed experiments it was found that the

rate of 1-butene oligomerization was higher than the rate of 2-

methyl-1-pentene oligomerization. Not knowing the true mechanisms or
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rate equations of the reaction of 1-butene with 2-methyl-1-pentene,
it is difficult to compare the rate of Cio produced from the reaction
of 1-butene with 2-methyl-1-pentene to the rates of oligomerization
of the 1individual feedstocks. The presence of cracked products

further complicates any comparisons.

By comparing Run 2 of Table 2.24 with Run 4 of Table 2.28 it can be
seen that the rate of reaction of Ci + Cs was higher than the rate of
Cs + Ca4 (despite the larger extent of Cio cracking in the latter),
while noting that the average reactor concentrations of the feeds

were higher in the Cs + Cs4 experiments.
Conversions: the results in Table 2.29 indicate that:

a. The conversion of 2-methyl-1-pentene decreased significantly with
an increase 1in its reactor concentration (in the presence of 1-
butene). It was still significantly higher than when it reacted

alone.

b. Comparing Runs 3 and 4 (Table 2.29), it appears that the 1-butene
conversion decreased as the 2-methyl-1-pentene concentration was
decreased (1-butene concentration remained approximately
constant). Examination of the pure 1-butene run indicates a
relatively higher conversion of 1-butene shen compared ®ith the
conversions of Runs 3 and 4 (where 2-methyl-1-pentene was
present). Although it may seem that Run 1 contradicts the results
of Runs 3 and 4 this may not necessarilly so. It is quite possible
that the presence of the 2-methyl-1-pentene {(or possibly the Cs +
Cs reaction) inhibits the rate of 1-butene dimerization or simply
that the rate of 1-butene dimerization is not only faster than the
rate of 2-methyl-1-pentene dimerization (which it is) but also
faster than the rate of 1-butene + 2-methyl-1-pentene. This could
then explain why the conversion of the 1-butene would drop in the
presence of the 2-methyl-1-pentene. Hhether the inhibition be true
or not it is still resonable to expect that the conversion of 1-
butene could increase with an increase in the concentration of 2-
methyl-1-pentene (®hile the concentration of 1-butene 1is being
held constant); since the increase shifts the driving force of the
reaction (Cs + C4+ —™ Ci10) to the right. Run 2 is not compared due
to the higher concentration of 1-butene and, hence, the higher

conversion of 1-butene.
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4., Cracking of Ci2: The cracking of Ci2 has previously been discussed in
detail (Sections 2.5.3.2 and 2.5.8.2). No further discussion of Ci2

cracking w®ill be given here.

5. Cs production: The large presence of Cs indicates that there was some
degree of Cio cracking. The simultaneous cracking of the Ci{2, Ci1o0 and
Ca makes it impossible to determine the extent of each reaction under

these experimental conditions.

6. Production of Ci1: It is probable that the Cyy1 fraction ras produced
from Ca + C». It has been shown previously that rate of Cs + Cs was
small (relative to the amount of Ci1 produced). The concentrations of
Cs and Cz were small and not likely to contribute to the Ci1

production.

7. Production of Ci12: The Ci12 can be produced either by Cs + Cs or Cs +
Cs. Judging from the pure feed experiments it appears that the
majority of the Ci12 was produced by dimerization of the 2-methyl-1-

pentene.

2.5. 11 2-Methyl-1-Pentene + Iso-butene

The experiments in this section wRere carried out by maintaining a
constant iso-butene concentration (at the entrance to the reactor) and
varying the 2-methyl-~-i-pentene concentration. Some degree of overlap was
found on the following chromatographic peaks w®hich, in some cases, made
integration and identification difficult:

1. Cs and C» 3. Cio and Cq1

2. C? and Cs 4., C44 and Ci2

2.5.11.1 Feed and product spectra

The feed concentrations at the inlet to the reactor are listed in Table
2.30. Concentrations of the products at the reactor exit are shown in

Table 2. 31.

Table 2.32 1lists the averaged reactor concentrations of both the iso-
butene and 2-methyl-1-pentene, and the corresponding conversions of
2ach. Figure 2.27 shows the exit reactor concentrations of the products

as a function of changing 2-methyl-1-pentene concentration.
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Table 2. 30 Reactant concentrations at the reactor inlet at 473 K and

1.54 MPa.
2-methyl-1-pentene iso-butene
[molel"t] {mole1"1]
Run 1 —_— 1.25x10°2
Run 2 1.8x10°° 1. 4x10° 2
Run 3 3. 6x107 3 1.1x10" 2
Run U 9. 2x1073 ' 1.0x10°2
w
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2.5.11.2 Reaction mechanisms

The following can be noted from Tables 2. 31, 2.32 and Figure 2.27.

1. Cracking: Similar to all other pulse experiments performed, cracking

Ras extensive,
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Table 2.31 Product spectra at the reactor exit.

Exit concentrations Mols in exit
{molel"'x10%] { mol%]
Run 1 Run 2 Run 3 Run 4§ Run 1 Run 2 Run 3 Run §

Ca
Cs
Cs

Cs

Co

Cio

Ci2

19.0 23.3 18.9 15.9 8.6 7.5 7.3 4.7
26.7 63.1 78.1 138 12.0 20. 2 30.2 43.3
3.9 - — - 1.8 - - -
12. 7 9.1 7.8 9.6 57 2.9 3.0 3.0
150 189 119 87 67.8 60. 7 46.1 27.3
4.0 9.8 10.1 14.0 1.8 3.1 3.9 4.4
1.0 12. 3 20.1 42.1 0.4 3.9 7.8 13.3
0.7 0.5 0.6 2.0 0.3 0.1 0.2 0.6
3.3 4.5 3.6 10. 3 1.5 1. 4 1.4 3.2

Table 2.32 Averaged reactor concentrations of the reactants.

2-methyl-1-pentene Iso-butene
{molel"1] Ia% {molel" 1] {Za%]
Run 1 — —_— 10.5x10° 3 32
Run 2 1,5x10° 3 32 12x10°3 34
Run 3 3.2x10°° 21 / 9. 3x10°3 31
Run 4 8.5x10° 3 16 8.4x10"3 32
2. Cracking of Ci2: The cracking of Ci2 ®Will not be discussed (see

Sections 2.5.3.2 or 2.5.8.2 for detailed discussion).

Ci production: Examination of the pure feed experiments indicates
that the extremely high concentrations of Cs, in Run 2, are largely a
result of Cio —> 20Cs. An estimate, based on the pure feed results,

of the source of Cs in Runs 2 and 4 would be:

Run 2 Cs from Ci2 —» C7 + Cs 20%
Cs from Ca — Cs + C3 10%

Cs from Cio — 2Cs 70%
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Run 4§ Cs from Ci2 —™ C7 + Cs 50%
Cy from Cs ™ Cs + Cs3 10%
Cs from Cio — 2Cs QO%

Rate of Cio production: The results of Run 2 in Table 2. 32 indicate
that the iso-butene and 2-methyl-1-pentene had similar averaged
reactor concentrations. The concentration of the iso-butene was
slightly higher. The reactant concentrations at the reactor inlet
indicate that the iso-butene concentration in Run 2, was about 25%
higher than that of 2-methyl-1-pentene. The concentration of Cs in
the product spectra, for the same run, was about 8 or more times
higher than that of Ci12, indicating that C4 + Cs4 was much faster than

Cs + Cs (see Figure 2.27).

Examination of the Cio concentration indicates that it was
approximately half that of Cs. Taking cracking into account, it would
appear that the Cs and Cio concentrations (pre-cracking) were
gimilar. Therefore there is no clear indication as to which of the

two reactions was faster.

A comparison between the rate of production of Cio and Ci2 cannot be
made, since the respective rate equations are unknown. Although four
times as much Cio was produced as Ciz2, the combined initial
concentration of Cs4 + Cs wWas more than double that of Cs and, not
knowing the concentration dependence of these twrRo reactions, no
comparison can be made, For a general comparison regarding the rates

of reactions, knowrledge of the rate equations is essential.

Conversions: In a similar manner to the other mixed feed results, the
conversion of 2-methyl-1-pentene increased as its concentration
decreased (rRhile the iso-butene concentration remained approximately
constant). The iso-butene conversion, however, remained constant (see

Table 2. 32).

Cio cracking: It 1is likely that some of the Cio cracked to Cz + Cs.
It is difficult to estimate due to the simultaneous cracking of Ci2

and the repolymerization of Cs.

Production of Ce: It is not clear from the data in Table 2. 31 whether

the Ce¢ fraction was produced by Cs + Cs4, C¢ + C3z or both.
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8. Production of Ci2: Based on the pure feed analysis, the production of
Ci2 is 1likely to be due to both Ces + C4 and Cs + Cs. In Run 2, the
bulk of the Ci12 was produced by Ce + Co.

2.5.12 Propene + 1-Butene

Four experiments were carried out by maintaining a constant (or as
constant as possible) 1-butene concentration and varying the propene
concentration. Chromatographic overlap was observed between the

following peaks:

1. C3 and Ca fractions 4, Cs and Cyo fractions
2. C7 and Cs fractions 5. Cio and Cyy fractions
3. Cs and Ce fractions 6. C11 and Cy2 fractions

2.5.12.1 Feed and product spectra

Feed concentrations at the inlet to the reactor are listed in Table
2.33. Product concentrations at the reactor exit are listed in Table
2.34, Due to the high feed concentrations, the Ci and C4 produced are

not detected.

Table 2. 33 Reactant concentrations at the reactor inlet at 473 K and

1.53 MPa.
propene 1-butene

Imolel™ ') [molel™ ']

Run 1 1.16x10° 2
Run 2 0.61x10°2 1.50x10" 2
Run 3 1.27x10" 2 1. 46x10" 2
Run 4 2.48x10°2 1.17x10°2

Table 2.35 1lists the averaged reactor concentrations of both the 1-
butene and the propene and the corresponding conversions of each. Figure
2. 28 shows the exit reactor concentrations of the products as a function

of the propene concentration.

2.5.12.2 Reaction Mechanisms

The following points can be noted from the results in Tables 2.33, 2.34
and 2. 35 and Figure 2. 28.
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Table 2.34 Product spectra at the reactor exit.

Exit concentrations mols in exit
{molel1~'x10%] {mol%]
Run 1 Run 2 Run 3 Run 4§ Run 1 Run 2 Run 3 Run 4§

Cs 8.8 - — — 20.5 - - —
Cs 11.7 12. 4 12.5 10. 8 27.3 22.8 20. 6 15.9
Cs 1.5 9.0 12. 2 20. 2 3.5 16. 7 20. 2 29.8
Cy 0.5 9. 4 10.7 10.0 1.2 17.3 17.7 14.9
Csa 19.1 17.9 17.1 14. 2 4y. 5 32.8 28.3 21.0
Ce 0.7 3.3 3.9 7.1 1.6 6.0 6.5 10.5
Cto 0.1 1.3 2. 4 4.0 .2 2.3 4.0 .9
Ctt 0.0 0.6 0.8 0.5 0.0 1.1 1.3 0.8
Ci2 0.5 0.5 0.5 0.8 1.2 0.8 0.9 1.1
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Table 2.35 Averaged reactor concentrations of the reactants.

propene 1-butene
(molel™*] Xa % (molel™ 1) Xa %
Run 1 — — 1.13x10°2 5.5
Run 2 0.59x10" 2 5.0 1.52x10" 2 5.1
Run 3 1. 2431072 3.9 1.43x1072
Run 4 2.43x107 % 4.1 1.15x10° 2 3.7

1. Previous results: The followming have been discussed in several other
sections and thus ®ill not receive attention here:
- cracking in general
- Cy2 cracking and the production of Ci2
- Ca cracking to Cs + C3

- the production of Cs, Cs, Cio0 and Ci

2. Conversions: The concentration-conversion data in Table 2.35 show

similar trends to the data for other mixed feeds.

3. Rates of Cs + Cs, Cs + Cs and C3z + Cs: The pure feed analysis has
shown that the rate of Cs + C3 was significantly lower than the rate
of 1-butene dimerization. Examination of the Ca and Cs fractions in
Run 3 (similar initial C3 and Cs4 concentrations) supports this
finding (remembering that a large fraction of the Cs cracks to Cs +
C3). It would appear from Run 3 that the rate of C3 + Ca4 Ras
significantly lower than the rate of 1-butene dimerization. (Thi. run
is used here because the initial concentrations of C3 and Cs4 were
similar.) However, it would appear from this run that the rate of Cs3
+ Cs wWas similar to the rate of propene dimerization. Using the
parallel of a truly heterogeneous catalyst with the corresponding
acid sites, this could represent the rate limiting adsorption of the

propene onto the acid sites.

2.5.13 Propene + Iso-butene

Four experiments were carried out, maintaining a constant iso-butene
concentration and varying the propene concentration. Overlap on the
following chromatographic peaks was observed:

(a) propene and the Cs4 fraction (e) Cs and C7 fractions

(b) Ca and Ce¢ fractions (ad) C7s and Cs fractions



2.5.13.1 Feed and product spectra

Table 2.36 1lists the propene and iso-butene concentrations at the inlet
to the reactor. Product concentrations at the reactor exit are listed in

Table 2. 37

Table 2.36 Reactant concentrations at the reactor inlet at 473 and 1.55

MPa.
propene concentration iso~-butene concentration
(molel™ '] (mols1"11
Run 1 —_ 1.21x10°%
Run 2 0.80x10"2 1.17x10°2
Run 3 1.31x10°% 1.29x10°?
Run 4 2.50x10°2 1.31x10°%

Table 2. 37 Product spectra at the reactor exit.

Exit concentrations Mols in exit
(mols1-1x10%) (mol®)

Run 1 Run 2 Run 3 Run 4 Run 1 Run 2 Run 3 Run 4
Ca 19.0 — — - 8.6 - — —
Cs 26.7 37.3 38.6 32.9 12.0 11.2 9.1 6.7
Ce 3.9 37.3 49.0 659.0 1.8 11.2 11.6 12.0
C7 12.7 85.3 134.0 179 5.7 25.6 31.7 36.6
Cs 150 152 17 172 67.8 45.7 40.6 35.1
Ce 4.0 5.7 6.7 8.5 1.8 1.7 1.6 1.7
Cso 1.0 8.4 14.7 28,2 0.4 2,5 3.5 .8
Ci 0.7 1.6 2.5 3.3 0.3 0.5 0.6 0.7
Ci2 3.3 5.0 5.7 6.7 1.5 1.5 1.3 1.4

The averaged reactor concentrations of the iso-butene and propene, and
the corresponding conversions of each, are listed in Table 2.28. Figure
2. 29 showrs the exit reactor concentrations of the products as a function

of the propene concentration.
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Table 2. 38 Averaged reactor concentrations and the conversions of the

reactants.
propene iso-butene
molel™! Ia% mole1l~1! A%
Run 1 —_ — 1.02x10° 2 32
Run 2 0. 66x10° 2 34 0.96x10" 2 36
Run 3 1.18x10° % 19 1.01x10" 2 4y
Run 4 2.26x10° 2 19 1.04x10" 2 41
w
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2.5.13.2 Reaction mechanisms

The folloRing discussion is based on the results in Tables 2.36, 2.37

and 2, 38 and Figure 2. 29

1. General: Cracking in general, Ci2 cracking, the production of Ci2, Cs
cracking and the production of Cs, Ce, Cio and Ci1y will not be

discussed as they have already been discussed in detail.
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Conversions: The results of Table 2.38 show similar trends to those
of previous mixed feeds. As the propene concentration decreased, its
conversion rose as expected (since it was reacting mostly with the
more active iso-butene, and the dimerization of propene was slower
than the reaction of propene ~®rRith iso-butene). The 1iso-butene
conversions showxed a different trend to those of other mixed feeds.
The conversion in Run 1 ( pure iso-butene) was lower than in the other
three runs (unlike previous mixed feeds). This lower conversion is to
be expected if the propene did not inhibit the iso-butene conversion
in any way. The C3 then provides an additional reaction pathway,
leading to higher total iso—butene conversions. The conversion of
iso-butene to Cs was constant in all four runs (noting that the
initial iso-butene concentration in Runs 2 and 3 was higher than that
in Runs 1 and 4). These findings are not general, but are limited to

the specific cases mentioned here.

Rate of C3z + C3, C4 + C4 and C3z + C4: Examining the product spectra
in Table 2.37, it 1is quite clear, as was shorn for the pure feed
experiments, that the rate of dimerization of iso-butene wras much
faster than the rate of propene dimerization. It can also be seen
that the rate of iso-butene dimerization was faster than the rate of
production of C7 from propene + iso-butene. The rate of production of
C7 from propene + iso-butene ®as in turn much faster than the rate of
propene dimerization. Although these results are specific to these
experimental conditions, it is quite likely that they w®ould hold

under most conditions.

Propene activity in the presence of iso-butene: Comparing the data of
Run 2 in Tables 2.36 and 2.37 ®ith the data of Run 1 (3.1% conversion
run) in Tables 2.8 and 2.9, it can be seen that the concentration of
propene in the former case was lower than in the latter. However, the
production of Cs in the mixed feed run (propene + iso-butene) w=as
significantly higher than in that of the pure feed. The production of
Ce was slightly higher and the production of Ci2 was dramatically
higher (clearly due to the increased C, concentration). Examination
of the pure iso~butene Run 2 (36.9% conversion level) in Table 2.19
shows that its effect on the production of C¢ is minimal. Its effect
Ras not minimal Rith respect to the production of C¢ and Ci2. It is
clear, therefore, that the propene was very much more active in the

presence of iso-butene than when it was alone.
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2.6 CONCLUSIONS

Extrapolation of the pulse experimental results to other operating
regions of interest, such as regions of higher alkene partial pressures,
lower weight hourly space velocities and typical steady state operating
conditions as would be found in industrial fixed bed reactors (With
their accompanying mass and heat transfer limitations) could possibly
lead toi'smF%‘%an :;ogxple, as one moves from a system of low alkene partial
pressure to a system of high partial pressure it would not be
unreasonable to experience a shift in the order of a particular
reaction. This could quite conceivably result in a particular alkene
being more reactive than another at low pressures but less reactive at
high pressures. Although this could not be checked for many of the
alkene isomers, such as the hexenes (due to the extremely small
quantities available), examination of the results in Chapter 3 indicates
that the same order of increasing reactivities found there, at the
higher partial pressures, for propene and the butenes is maintained here

in the pulse experiments.

It has been shown thermodynamically that at the conditions used in the
pulse experiments (very low partial pressures of alkenes) extensive
cracking is favoured. The large extents of cracking that were observed
in the pulse experiments were therefore expected. Due to the lack of
thermodynamic data (particularly heats of formation) for many branched
alkenes of carbon chain length greater than 6, the determination of the
thermodynamically most stable isomers and hence the most likely cracking
reaction pathways followed could not be adequately substantiated in this
way and are therefore based mainly on the particular product spectra

obtained.

In the examination of cracking reactions attention was mainly focussed
on the cracking of the hydrocarbons to non-oligomeric products, i.e.,
reverse reactions were not examined in detail due to the difficulty in
determining the extent of such reactions, although it was quite clear
from many of the experiments that reverse reactions were not

insignificant.

2.6.1 Oligomerization of pure olefins

It was found from the pure propene and pure 2-methyl-1i-pentene
experiments that the amount of cracked products which depended on the
concentrations of the C¢ and Ci2 fractions (particularly the Ci:2

fraction) were due mainly to Ci2 cracking at Ci2 concentrations above
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1x10"* molesl, despite a constant C12/Ce mole ratio. This implies that,
under these conditions, the relative fractions of cracked products were
insensitive to the ratio of Ci12/Cs 1in the reactor. It can also be
concluded that, at these conditions, the rate of Ci2 cracking was far
more concentration sensitive than wras Cs, viz., the Cy{2 cracking rate

equation had a higher order than that of Cs.

From the pure propene, 1~butene, iso-butene and 2-methyl-1-pentene
results, it has been found that the following cracking reactions for Ct2
were the most likely:

Ct2 — C7 + Cs,

Ci2 — Ca + Ca.
It has also been showrn, for the feed consisting of pure propene, that
the C7 and Ca fractions did recombine to some extent with the propene to

form Cio and Cy.

Rith respect to the cracking of Ce the most likely route is as follows:

Coy —» Cs + Ca.

Isomerization of the Cs alkenes was rapid and, 1irrespective of the
starting isomer, the final hexene fraction (after reaction) consisted of
approximately the same fractions of each isomer, hence the similar
results obtained w®ith each of the isomers. The four most abundant
isomers produced were, in order of decreasing mole fraction; 2-methyl-2-
pentene, 3-methyl-2~pentene, 2-methyl-1-pentene and cis-4-methyl-2-

pentene., Thermodynamically this has been shown to be reasonable.

An interesting feature of the reverse reactions was that from the 2-
methyl-1-pentene and the butene experiments it was found that the rate
of the reaction: Ci2 —» Csy + C3 was very small relative to other
cracking reactions, despite the 1large amounts of Ci2 cracking that did
occur. This result suggests that under normal operating conditions,

Rhere cracking 1is far 1less likely to occur, this reaction can be

ignored.

Rith regard to the oligomerization of 1-butene and iso-butene it was
found in both cases that, unlike propene, the dimerizstion reactions
were extremely fast relative to the trimerization and the
tetramerization reactions. Ahereas the oligomerization of 1-butene
resulted in significant isomerization of the dimer and trimer, the

reverse was true of iso-butene.
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In comparing the relative rates of oligomerization of the various
olefins it was found that the Cs alkenes, with the -exception of 1-
hexene, oligomerized at comparable rates. This is almost certainly due
to the rapid isomerization that takes place. At best the 1-hexene will
isomerize to 2-hexene or 3-hexene, hence always giving rise to secondary
carbonium ions, whereas the methyl-pentenes will always give rise to
tertiary carbonium ions and thus the slower rate of 1-hexene
oligomerization. The differences that did occur can be attributed to the
fact that equilibrium was probably not reached. Taking the entire group
of olefins examined, the order of decreasing reactivity ras found to be
as follows (although the rates of 1-butene and 2-methyl-1-pentene were
found to be fairly comparable):

iso-butene

1-butene

2-methyl-1-pentene

1-hexene

propene

From the pure feed results, no conclusions could be reached regarding
the relative rates of the followming other than to say neither was
negligible with respect to each other:

Cse + Co¢ — Cq2

Cz3 + Co —> Cq2
To sumarize, the reaction pathwmays for the pure propene and pure 1-
butene/iso-butene oligomerization are re-ilustrated here. Accompanying
each pathway 1is a symbol which serves to indicate which of the pathways
are believed to be very likely, those that are believed to be unlikely
and those about which no conclusions can be reached. The symbols and

their designations are as follows:

8 = significant
i = insignificant
u = significance unknorn

Most of these three symbols are followed by a number. The number refers
to the Section number from which the decision ras based regarding the
significance of that particular pathwray, e.g., s(5) indicates that the
pathway being considered was considered to be significant and this
decision was based mainly on the results and discussion of Section

2.5.5. By implication then, any number ($8) refers to Section 2.5.3.

Care should be taken in interpreting these indicators, e.g., the
production of €7y and Cio from the cracking of Ces in the pure propene
experiments wmas considered to be significant rRhich means that of the Cs

cracked it is believed that a significant proportion cracked via this
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+C3 +C3 s(2)
{ — (7 » Cio s(3)
» Cs + Cs s(2)
+C3 +C3
» Cs » Ci114 s(2}
» Normal route
— Cy + C3 (2) u(2)
L————————* Normal route
+C3
| » Cto
— C7 + C2 i(2)
+C3
Cs
+C3
‘ L4 Clt
—» Cs + Ci i(2)
— Co
+C3 s(2)
+C3 » Ci1 s(3)
v s(2)
Cizg ——> (Cs + Ca s(3)
+C3 +Cs
» Cy » Cio s(2)
+C3
» Cio s(2)
l s(2)
» C7 + Cs s{3)
I +C3 +C3
> Ce —p c’,], S(2J
l » Normal route
—» C¢ + C3 1(3)
L—‘—-—————* Normal route
I l » Normal route
» Co + Cq u(2)
u(3?
—» Ci10 + C2 i1(2)
— Ci11 + Cy i(2)
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—— C4 + Ca

— C; + Cy

—— Cs + C2

L——“‘—* Cz — Ci4

+Ca

+Cs
» C7
+Ca
t—————* Cy2 — > (9 + C3
l——‘c, + Ca

o
-
-

———————> (7 + Cs

————"Cil +Cl

Ci114

i(5)

i(35)

u(S)
s{(5)
s(b8)

i(3)
i(8)

u({b)
u(s)

i(35)
i(6)

i(3)
i(8)

i(3)
i(6)

i(3)
i(8)

8(9)
s(6)
u(S)
u(é)

i(35)
i(6)

i(5)
i(6)

u(S)
u(d)
u(5)
ul(é)
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route, the relative amount (relative to the other cracking routes) being
subject to the concentrations in of the hydrocarbon in question. The
production of Ci2 from both the dimerization of Cs and the reaction of
propene with Cs wWas considered to be significant since it is belived
(from the results of Sections 2.5.2 and 2.5.3) that the contribution
from each route was significantly dependent on the concentrations of Cs,
C; and Ce¢. For this reason the production of Ci2 from both routes was
considered to be significant. It is quite clear from these examples that
care must be taken as to the context in which some of the reactions are

considered to be either significant or insignificant.

2.6.2 Mixed feeds oligomerization

Similar conclusions to the above Rere found using mixed feeds. It wras
also found that the rate of production of Ce¢ from propene + 2-methyl-1-
pentene was faster than the rate of Cio production from 1-butene + 2-
methyl-1-pentene. It was found, wWhen using a mixed feed of either of the
butenes as the one feed and either propene or 2-methyl-1-pentene as the
other and maintaining the butene concentration constant, that as the
concentration of Cs or Cs was increased the butene conversion fell. This
is not only indicative of the slower rate of propene or 2-methyl-1-
pentene oligomerization compared to that of the butenes, but also of the
slover rate of propene + butene and 2-methyl-1-pentene + butene

polymerization.

It mas found that the rate of propene dimerization was faster in the
presence of iso-butene than it was when propene was reacted alone (pure

feed).

In the propene + 2-methyl-1-pentene experiments it was found that at the
lower propene concentrations, where the ratio of propene to 2-methyl-1-
pentene was approximately 1.5:1 and the propene to Cs ratio was
approximately 10:1, the Ci12 fraction was produced solely from the
dimerization of the 2-methyl-1-pentene. At higher propene
concentrations, where the respective ratios were approximately 6:1 and
15:1, about 50% of the Ci2 fraction was estmated to be produced from Cs
dimerization and 50% from propene + Cs polymerization. This might
suggest that in an industrial reactor (fixed bed), at the top of the
reactor, where +the ratio of propene to Cs and Cs is high, most of the
Ci2 fraction could be formed from propene + Cs polymerization, wrhilst as
the reaction mix moves further down the bed and the ratio of C3 to Cs
and Ce drops the production of the Ci2 fraction could be largely due to

the dimerization of the C¢ alkene fraction.
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KINETIC STUDIES USING AN INTERNAL GAS RECIRCULATION REACTOR

3.1 INTRODUCTION

3.1.1 The Use of Gradientless Reactors to Obtain Intrinsic Kinetic

Data

Before kinetic data can be obtained, several performance tests must be
carried out to determine the significance of the various transport
processes and to determine the degree of mixing. These are necessary to
ensure that the reactor behaves as an ideal CSTR and that it is the

intrinsic kinetics that is being determined.

Heat and mass transport effects lead to temperature and concentration

gradients in the following regimes:

intraparticular - mithin the catalyst particle

interphase - between the external surface of the catalyst
and the adjacent bulk fluid phase

interparticular - between local bulk fluid regimes and from

catalyst particle to catalyst particle

Interparticular effects are manifested by radial and axial temperature
and concentration gradients. These effegts are difficult to analyse. In
inter~ particle
this work the significance of interphase effects was not examined
directly but the ratio of catalyst bed height to catalyst particle
diameter was greater than 100 in almost all experimental runs.
Doraiswamy and Tajbl (1974) have noted that axial dispersion and axial
heat conduction can be neglected if this ratio is greater than 30. The
large superficial gas velocities encountered in internal recycle
reactors significantly reduces radial and axial effects significantly,
Temperature measurements in and outside the catalyst bed showed that the
reactor as a whole and the catalyst bed were operating iéothermally,
giving a further indication of the insignificance of interparticular
heat and mass transfer effects. Based on these measurements and the
catalyst bed height to particle diameter it was assumed that
interparticular effects ®Rere negligible and therefore were not examined

directly.

The measurement of intraparticular temperature gradients is very
difficult for very small catalyst particles. For intraparticular

effects, however, the concentration gradient within a catalyst particle
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is more serious than the temperature gradient. For gas-solid systems if
the reaction is fast enough to introduce non-isothermal effects, then
the temperature gradient occurs primarily across the gas film, not
Rithin the particle (Hutchings & Carberry, 1966; McGreavy & Cresswell,
1969a, b; McGreavy & Thornton, 1970; McGreavy, 1970). He may therefore
expect to find a significant film AT, before any AT within the particle
becomes evident. The significance of intraparticular effects can
therefore be determined by examining the significance of intraparticular

diffusion.

Temperature gradients can occur either across the gas film or within the
particle. For gas-solid systems, however, the most likely temperature
effect to intrude on the rate will be the temperature gradient across
the gas film. Consequently, if experiments show that gas film resistance
is absent, then we may expect the particle to be at the temperature of
its surrounding fluid and hence isothermal conditions may be assumed to

prevail (Levenspiel, 1972).
The following characterization procedures are necessary:

1. Residence time studies to determine the degree of mixing in the

reactor (how close the vessel approaches perfect CSTR behavior).
2. Testing for interphase transport effects (with and without reaction).
3. Testing for intraparticular diffusion effects.
4, The estiéation of linear gas velocities through the bed and the

calculation of the recycle ratio.

3.1.1.1 Residence time distribution studies

One parameter models

The tanks-in-series model is a one parameter model widely used to
represent non-ideal flow (Levenspiel, 1972). The fluid is viewed to flow
through a series of equalized, perfectly mixed tanks, and the one
parameter of this model is the number of tanks in the chain. For N tanks
in series, it can be shoRn (Levenspiel, 1972) that their variance is

equal to

=
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Rhere t = mean residence time in the N tank

system.

The most important measure of characterizing a distribution is the
location or mean value of the distribution. For a concentration-time

curve, the mean residence time is given by

% C dt

r

¢ dt

Jo

If the distribution curve 1is known only at a number of discrete time

values ti then

2 tiCifAty

o
0

3 Cildt,

The spread of the distribution is commonly measured by the variance, 02,

Rhich is defined as

o~ r

© - -]
(t-t)? ¢ dt t? ¢ dt
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o = = - t?
. o
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The variance represents the square of the spread of the distribution and

has units of (time)?.

Rhere t: time elapsed at stage 1

Ci

concentration at time ti
Aty = the time difference betmeen the

various ti's along the curve.

Having calculated t and o? from the distribution, the number of tanks in
series can therefore be calculated. Obviously, N can only be greater

than or equal to one. The greater the value of N the less well mixed is

the reactor.
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The mean residence time, t, calculated from the residence time

distribution, should be equal to V/v

rhere V = reactor volume

volumetric flow rate of fluid.

<
n

Discrepancies can arise due to error in flowrate measurements, error in

volume available for fluid, tracer not being inert, or leaks.

Multi parameter models

These models have the advantage that, unlike the one parameter models,
they should not only give an indication of the degree of non-ideality of
the reactor, but should also identify the type of non-ideality. There
are many multi-parameter models available (Hen and Fan, 1975). The model
used in this study wras a five parameter model based on the model
proposed by Cholette and Cloutier (1959), developed by Claasens (1983)

and is to some extent an extension of the tanks-in-series model.

The model was developed to handle a series of stirred tanks. A schematic

diagram of the model is shown in Figure 3.1.
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Figure 3.1 Schematic diagram of the extended tanks-in-series model.

The following five parameters are modelled:
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1. An 'active', perfectly mixed region (Va)
2. A completely 'dead' region W®With no transfer to the other region
(Va)

A certain fraction of the feed which bypasses both regions (Qsy)

= W

Backmixing (Qback)

5. Time lag at the inlet to each reactor (t)

Bypassing

In a CSTR, bypassing may result from inefficient baffling or mixing. It
may decrease the conversion in a reactor considerably. Levenspiel (1972)
and Himmelblau & Bischoff (1968) have shorn howr bypassing may be
detected.

Backmixing

This phenomenon wusually occurs in packed, liquid-liquid, liquid-gas and

fluidized reactors. It can be compared to axial dispersion.

Dead volume

Himmelblau and Bischoff (1968) have shown a number of ways that dead

volume may be modelled.

Time lag

The tracer injection point will rarely be situated at the inlet to the

reactor and therefore the measured response will be delayed.

A complete mathematical development of the model has been given by
Classens (1983). The model parameters are obtained from the given inlet
and outlet tracer concentration curves and flowrate. The method 1is

illustrated in the following algorithm:

1. Enter inlet and outlet tracer concentration curves as discrete
functions in time.

2. Enter flomrate of fluid through reactor and volume of reactor.

3. Enter an estimated set of parameters.

4. Calculate the outlet tracer concentration curve from the input data
parameters by solving a set of differential equations using the Euler
method.

5. Compare the calculated output curve W®With the experimental output

curve.
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6. Guess a ner set of parameters and repeat from step 4. until a
preset criterion is satisfied.

7. Output the parameters.
End.

A non-linear optimization routine (Nelder & Mead simplex) was used to
search for a set of parameters that would minimize the difference
between the experimental and the model outlet tracer concentration
curves. The sum of the squared errors at equally spaced time steps was
used to calculate the difference between the model and experimental

curves. Occasionally problems of instability and local minima resulted.

Some of the parameters may lie only between certain limits to ensure
meaningful results. The number of tanks in series, for example, may not
be less than one. The folloring constraints were placed on the

parameters:

1. The number of tanks, N, 2 1 and only integers.

2, 0 = a(bypassing), b(backmixing) = 0.5. These parameters must be less
than or equal to one, but in order to obtain stability, they were
limited to 0.5.

3. 0 = C = 1; for the sake of obtaining stability, however, the limits of
C (active volume) were set to 0.6 = C =1,

4. Time lag, t, 2 0 and only integers.

The model ~which was w®Written in computer language FORTRAN (level 8) was

executed on a mainframe SPERRY (UNIVAC 1100).

3.1.1.2 1Interphase transport effects

Napthalene sublimation can be used to estimate mass transfer
coefficients in an internal recycle reactor. The determination of mass
transfer coefficients in this way has been carried out by several
researchers (Periera & Calderbank, 1975; Brisk et al., 1968; Caldwrell,
1982, 1983a).

Typically the catalyst basket is loaded with napthalene pellets of known
surface area. At a given set of conditions and stirrer speed, the
cverall mass transfer coefficient can be determined. The overall mass

transfer coefficient can be defined as (Bird et al., 1963):

Nasa = ke (Pac — Pas)
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where Nago = moles transferred per unit area per unit time
Pac = equilibrium saturation pressure of A in the bulk phase
Pas = pressure of A in the bulk phase
ks = gverall mass transfer coefficient = k¢
RT
Faso = Nago x a

|

where a = surface area (e. g., naphthalene)

Fago = F x Pas
1
where II = total pressure
F = total molar flowr rate

Substituting for ke, Nasa and Faso gives:

Pas FRT
Ke = X
(Pac — Pase) all

If the concentrations are to be measured by GC which, for a fixed sample
size, mill give relative concentrations, the mass transfer coefficient,

Kc, can be expressed as follows:

GC response FRT
ke = X
GC response at F=0 - GC response all

In this may, the variation of ke ®with stirrer speed can be determined.

The significance of film mass transfer (interphase mass transfer) can
also be estimated wunder reaction conditions. For an internal recycle
reactor with an internal blower, the maximum theoretical head, AHge¢n,

generated by the blower is given by:

M2 (r22-ri?) N2

BHgen =
1800g
rhere N = impeller speed, revs/min
ri = inner radius of blades, cm
r2 = outer radius of blades, cm
g = acceleration of gravity, cmes”!

provided all kinetic energy imparted to the blades 1is converted to

pressure energy,
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As AHyen increases, the pressure drop across the bed increases and the
superficial gas velocity is increased. The film mass transfer
coefficient, kc, Wwill also increase. If the film mass transfer 1is
significant and influences the rate, then as AHgen is increased, so the
reaction rate W®Will also increase. If the film mass transfer does not
influence the rate, then the reaction rate should not increase as [Hgen
is increased. The theoretical head increases or decreases as N 1is
increased or decreased, respectively. In this manner, by increasing N
from zero, the limiting value of N can be found (for a given set of
conditions and reactions) where the film mass transfer is rapid enough

not to have any influence on the reaction rate.

3.1.1.3 Intraparticular diffusion effects

To measure how much the reaction rate is 1lowered because of the
resistance to pore diffusion, the effectiveness factor, €, is defined as

(Levenspiel, 1972):

actual reaction rate wmithin pore

rate if not slowed by pore diffusion

The use of the effectiveness factor in establishing a reaction model and
energies of activation in experimental work can be a source of error,
especially when high gradients occur within the catalyst. Where
isothermal conditions prevail throughout the catalyst, the effectiveness

factor is always less than unity (Hougen, 1961).

For first order reactions it can be shown that, in the region of strong

pore resistance,

€ = 1/ML (Levenspiel, 1972)

where L

|

length of pore
(k/d -2

k = first order rate constant (volume/time)

X = diffusivity

The dimensionless quantity ML is called the Thiele modulus.

Comparing the rates, in this region, of a bed of catalyst particles of

size Ri (radius) to ancother of size Rz will yield:
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Therefore the reaction rate varies inversely w®ith the particle size.

Comparing the rates in the region where pore resistance is negligible

(€=1) would yield:

-ra’'t €1

-ra’2 €2

It can be shown that, in the region of strong pore resistance, an n-th

order reaction behaves like a reaction of order (n+1)/2.

Temperature dependency of reactions is also affected by strong pore
resistance. The observed activation energy for reactions influenced by
strong pore resistance is approximately one half the true activation

energy (Levenspiel, 1972; Hougen, 1961),

The effectiveness factor, as a function of ML wunder isothermal
conditions, is shown in Figure 3.2 for various catalyst shapes and for

volume change during reaction.

Prater (1958) has shown that, for particles with temperature gradients
inside the pore, the change in temperature across the pellet as a whole
is given by:

AT’artlcll = (Tcentre = Ts)

DQ(CAB ~ CA centre) ("Aﬂr)

Kets

Singfe pore or flat plate with sealed ends
Cylinder with sealed ends
Sphere

Effectiveness factor &

0.l AN
AN
. AN
Volume change on reaction: N,
v,
y«=1+sx=1mommmme//;> N
" = 2, volume doubles
= }. volume halves N
AN
\\
0.01 ! ! i N
0.1 1 10 100

Thiele modutus: mL = L &/ D

Figure 3.2 The effectiveness factor as a function of the parameter ML
for various catalyst shapes and for volume change during

reaction (Aris, 1957; Thiele, 1939).
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where Kes¢+ the effective thermal conductivity within the particle

De

the effective diffusivity.

For temperature gradients within particles alone, the corresponding
non-isothermal effectiveness factor curves have been calculated by
Carberry (1961), HReisz and Hicks (1962) and others. Figures 3.3 and 3.4
illustrate the sequence of events which occur with exothermic reactions
as heat effects become pregressively more severe. This sequence can
result from raising the reaction rate or raising the temperature of the
ambient fluid, Tg. The effectiveness factor refers to the rate for a
particle bathed wuniformly in reactant fluid at temperature Tg. Thus the
effectiveness factor accounts for both reactant depletion within the

particle and non-isothermal effects (Levenspiel, 1972) as follows:

Cpand T

3
10 T T T T T

Isothermal Particle hotter than sorrounding fluid

S
]
iz
&
—t—

<«
£ Possible hysteresis k
a regime A —')
2 107 Lk -
[~
¥
>
-
2
=
(Y]
10-61— ! -
I
L {
No diffusion | Strong pore | Resistance to pore ¢ Film mass
effects resistance diffusion and film transfer controls
- heat transfer
107 | ! (oo ranste !
103 1 10 108 10° 101 10

Thiele modulus, mL = L \/k/<,

Figures 3.3 and 3.4. Different rate controlling regimes for strongly
exothermic reactions in porous catalysts (McGreavy

& Cresswrell, 1964b).

1. For slow reaction rates relative to intraparticular diffusion the

concentration of reactants and products is uniform throughout the
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pellet and the heat generated is removed rapidly enough to Kkeep the

pellet at the temperature of the gas.

2. For an increased reaction rate, pore resistance becomes the first
non-uniformity to intrude. The temperature is almost wuniform and

hence the use of the isothermal effectiveness factor.

3. For even higher reaction rates, the particle, still uniform 1in
temperature, becomes progressively hotter than the surrounding gas.
Pore diffusion effects become more pronounced and most of the
reaction occurs in a thin shell close to the catalyst surface. Here
the heat generation rate may well outstrip the heat removal rate,
yielding autothermal behaviour With an accompanying temperature jump

and hysteresis effect.

4, For extremely high rates the particle 1is hot enough so that all
reactants are consumed as they reach its exterior surface. In this
region the supply of reactants becomes the slor step and mass

transfer through the gas film ®Will control the rate of reaction.

Haynes (1983) has noted that for a batch of catalyst of mixed particle
sizes the wuse of a mean particle size is strictly valid only in the
asymptotic limit of strong intraparticular diffusion resistance (or in
the case where € 1is unity, in all particles). Outside this region,
calculations that are based on a mean particle size are only

approximate.

3.1.1.4 Superficial gas velocities and the recycle ratio

The assumption of a perfectly mixed CSTR is valid only for recycle
ratios, R, greater than 20 (Berty,1974) to 2% (Li et al., 1980;
Carberry, 1964). The determination of recycle ratio, R, is therefore
very useful in determining the degree of mixing. The minimum R for
perfect mixing 1is not a constant and varies with feed rate (Ke-Chang &

Nobile, 1986).

The superficial gas velocity through the bed can be calculated di:ectly
from the recycle ratio, R, for a given set of operating conditions. The
superficial velocity 1is not only useful in comparing different internal
recycle reactors, but also in comparing the performance of these
reactors to industrial reactors. The superficial gas velocity can be
calculated theoretically (based on the maximum theoretical head

generated by the blower) from various pressure drop equations (depending
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on whether the flow is laminar or turbulent), e.g., Blake-Kozeny
( Hougen, 1961), Ergun (Leva, 1959) and Leva {Leva, 1959). Superficial
velocities can also be estimated from measured mass transfer
coefficients using the correlations of Hougen (1961) and Drivedi &
Upadhay (1977). Comparisons between the theoretical and calculated

values can give an indication of internal blower efficiency.

The flowrate through the catalyst bed can be calculated by means of
devices designed by Berty (1974) or Ke-Chang & Nobile (1986). The flow
device, for measuring pressure drop versus flowrate, of Ke-Chang &

Nobile, is shown in Figure 3.5.

A catalyst charge ®"ith a given particle size to be calibrated can be
placed in the device and the relationship betreen pressure drop, Op,
(measured by an inclined tube differential manometer) and flowrate, G,

( measured by flowmeter) determined. The charge can then be moved into

4

5 G:ni(g])

| -

ke

Figure 3.5 Flom device for measuring pressure drop versus flowrrate
through the bed in an internal recycle reactor (Ke-Chang &

Nobile, 1986).

the reactor. Pressure drop across the catalyst bed can then be measured
(using pressure taps on either side of the catalyst bed) vs impeller
speed. Thus by establishing the relationship between pressure drop and
impeller speed, the relationship betwmeen flors through the bed and
impeller is established. Under a fixed set of conditions, therefore, the

recycle ratio can be determined.

Once the above characterization procedures have been completed and the
cperating region, rhere both intrinsic kinetics and good CSTR
performance can be found, has been determined, the gradientless reactor

can be used to obtain (intrinsic) kinetic data.



132

In the desired operating region (isothermal conditions with uniform
concentrations, minimal transport resistances and good CSTR performance)
the determination of reaction rates is simple. As already mentioned
( Mahoney et al., 1978), the reaction rate can noW be calculated, for
each steady state experiment (at known reactor concentrations), from the

ordinary difference equation:

.| Xu-xt
F re
3.1.2 The Modelling of Kinetic Data Obtained from Gradientless
Reactors

3.1.2.1 Background to kinetic models

The ultimate goal of kinetics is to develop a fundamental rate equation
that fits the observed kinetic data and is consistent wmith observations
of the reaction mechanism (Anderson, 1968). Howmever, the attainment of
more limited objectives is valuable in understanding and wusing the

catalytic process.

For any reacting system an entire spectrum of models is possible, each
of mhich fits certain overlapping ranges of the experimental variables.
This spectrum includes the purely empirical models, models accurately
describing every detail of the reaction mechanism and many models

betreen these extremes (Kittrell, 1970).

The followii ¢ points should be kept in mind when building and testing

kinetic models:

1. The effects of chemical and physical processes should be separated.

2. The results from numerical curve fitting should be examined
critically to ensure that an inconsequential correlation has not
been obtained.

3. Certain partial pressure terms, especially those of small magnitude
compared wmith experimental uncertainties, may be eliminated from an
equation in systematic fashion to determine the simplest equation
capable of reproducing the data with moderate accuracy.

4. Does the reaction approach equilibrium?

5. Generally, kinetic data at different operating pressures are very

useful in determining the form of reasonable kinetic equations.
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6. It would be most useful to put the models through a tough test
by examining their extrapolating abilities for variations in
conversion, temperature, pressure, concentrations of reactants, etec.

7  The mechanism and rate controlling step may change in the various
parts of the operating region.

8. Many authors find that the use of nonlinear regression techniques to
solve complex equation sets is rather unreliable and can give
spurious results.

9. In internal recycle reactors one can get falsification of kinetic
data in operating regions where, at a given recycle ratio, the

conversions are high.
There are two major aspects to modelling (Kittrell, 1970):
a) Developing the functional form of the rate equation (models).

b) Solving and testing the models.

3.1.2.2 Building Kinetic Models

Rhen a heterogeneous catalytiec reaction occurs, several physical and
chemical processes must take place in proper sequence. Hougen & Hatson
(1947), and others, have broken down the steps that occur on a molecular

scale in the following manner:

1. Mass transfer of reactants from the main body of the fluid to the
gross exterior surface of the catalyst particle.

2. Molecular diffusion and/or Knudsen flor of reactants from the
exterior surface of the catalyst particle into the interior pore
structure.

3. Chemisorption of at 1least one of the reactants on the catalyst
surface.

4, Reaction on the surface (This may involve several steps).

5. Desorption of (chemically) adsorbed species from the surface of the
catalyst.

6. Transfer of products from the interior catalyst pores to the gross
external surface of the catalyst by ordinary molecular diffusion
and/or Knudsen diffusion.

7. Mass transfer of products from the exterior surface of the particle

into the bulk of the fluid.

There are many common model types, the most common being power function

models, for example Hougen-Fatson and Langmuir-Hinshelwood. The model
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must not be too simple or too complex (Kittrell, 1970). It must include
as much theory as possible and confirm any substantial extrapolation by

experiments. More than one set of models is quite possible.

The error in the data is generally not the 1limiting factor 1in
interpretation (Kittrell, 1970). Rather, the locations at which the data
are taken most severely hinder progress towards a mechanistic model.
Some of the more standard model types are listed below:
1. Purely empirical models.
2. Power laws.
3. Langmuir-Hinshelwood type models.
Langmuir models:
a) Single species adsorbing
b) TWo or more species adsorbing
c) Dissociation of A as it adsorbs
The Langmuir isotherm ignores the following:
a) Surface non-uniformity
b) Interaction between neighbours
c) Multilayer adsorption
4, The BET approach - takes multilayer adsorption into account.
The heuristic approach.
Hougen-Ratson type models— Chemical reaction controlling. In addition
to the assumption implicit in the use of the Langmuir isotherm, the
following assumption is applicable to all Hougen—-Ratson models: The
reaction involves at least one species chemisorbed on the catalyst
surface. If reactibn takes place betwmeen two adsorbed species, they
must be adsorbed on neighbouring sites in order for reaction to
occur. The probability of reaction betreen adsorbed A and adsorbed B
is assumed to be proportional to the product of the fractions of the

sites occupied by each species.

One of two mutually incompatible assumptions is usually chosen as a
basis for the analysis. The two limiting cases are as follows:
1. Those in which adsorption equilibrium is maintained.

2. Those in which it is not.

Category 1: Adsorption equilibrium is maintained. Examples are:

(1) A — 1R (irreversible)

(ii) A+ B — R + S (4 and B on the same type site)
(iii) A+ B— R + S (different site types)

(iv) A + B — R + 3 (A adsorbed, B in fluid)

(v) A=R + S (all adsorbed)

There are many more examples.
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Category 2: No adsorption equilibrium (adsorption and desorption are
rate controlling).

Example:

1. A+B & R+ 8§
(A has not reached 1its adsorption equilibrium. Note,
however, that it is very different for the case where

desorption of a product is rate controlling.)

6. Yang and Hougen (1950) have presented a classification of a multitude

of possible models.

To choose a model using adsorption isotherms the following procedure

should be used (Reller, 1975):

1. Choose a particular surface reaction as rate limiting.

2. Assume that a conventional mass action lar applies to such surface
reactions.

3. Assume that some isotherm equation relates the surface concen-
tration of any species to the observable partial pressures of all
species in the bulk phase.

4. Deduce the corresponding rate equation relating the global kinetics

to the observable partial pressures.

Rith respect to the above procedures and assumptions, the folloring
should be noted:

(i) The assumptions used are severe.

(1i) There are many different rate equations that can be used with the

above (Hougen & Hatson, 1947; Yang & Hougen, 1950).

3.1.2.3 Solving and analysing kinetic models

In general, parameter estimation techniques can be divided into three

categories (Ratanabe & Himmelblau, 1883):

1. The extended Katman filter

2. Iterative methods in w®hich iterative numerical integration of a set
of ordinary differential equations 1is followed by an iterative
optimization algorithm (Himmelblau et al., 1967; Froment, 1975;
Seinfeld, 1970; and

3. Non-iterative procedures in mhich a process model is discretized by a
proper integration formula and then the set of resulting algebraic

equations is solved simultaneously (Glomrinski & Stochi, 1981).
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In the analysis of kinetic models, problems can be encountered when one
relies too heavily on 1linear or non-linear methods. There are several
methods available ®ith shich kinetic models can be solved. A summary of
some of the more common methods is given by Himmelblau et al. (1967).

These methods will be briefly mentioned.

Taking a proposed kinetic model and some sets of ordinary non-linear
differential equations in time, which are linear in the coefficients to
be estimated, there are six methods that can be used to estimate the

coefficients:

1. Analytical integration (exact or approximate) of the set of
differential equations and subsequent application of iterative,
non-linear least-squares regression techniques.

2a. Linear regression for fitting the empirical data, differentiation
of the empirical regression equation, followed by linear regression
to estimate the coefficients.

2b. Differentiation of . the empirical data directly and subsequent
application of linear least-squares regression techniques.

3a. Numerical integration of the sets of differential equations using
empirical data directly, followed by iterative non-linear least
squares.

3b. Linear regression to fit the empirical data, followed by numerical
integration of the set of differential equations.

q, Trial and error search using analog computers to match the empirical
data.

5. Method of differential correctness.

Quasi-linearization.

Rith respect to the above procedures method (1) can handle only small
and simple sets of data. Method (2) generally results in too much error.
Method (3) is too time consuming and does not lead to clear cut measures
of best fit. Method (4) is good and ~wridely used. The best example is
that of Nei and Prater (1962) for first order reactions. They showed how
the set of linear differential equations can be reduced by matrix
transformations to an alternate set, each of which contains only one
dependent variable. These can then be integrated to give, one by one,
the usual exponential type of solution. To carry out the calculation the
rate coefficients must be used and so an iterative calculation is
required. Method (4) extends beyond the first order. It is limited to

some extent by the number of coefficients it can handle.
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3.1.2.4 Tests for model accuracy

The estimated parameters in the model must be reasonable, e.g.:

a) Adsorption and rate constants must be consistent.

b) Log k vs 1/T must be linear rith negative slope.

¢) The log of the adsorption constant vs 1/T (abs) should be linear with
positive slope.

d) The model should adequately fit the data.
The conventional methods of testing the ability of a model to fit a
particular set of data are the analysis of variance and the test of

residuals (Kittrell, 1970).

Analysis of variance

The analysis 1is used to compare the amount of variability of the data
itself. By such a comparison it can be determined whether:
a) The overall model is adequate

b) Each portion of the model under scrutiny is necessary.

Residual analysis

More subtle model inadequacies c¢an exist, even though the overall
goodness of fit is quite acceptable. These inadequacies can often be
detected through an analysis of the residuals of the model. A residual
is defined as the difference betWween the observed and predicted values

of some response of interest.

3.1.2.5 Use of diagnostic parameters

Diagnostic parameters allowk a discrimination among several rival models.
These parameters can be grouped into two broad classes - those that are
inherently present in the model and those that are introduced solely for

the purpose of model discrimination (Kittrell).

There are twro primary advantages to the use of diagnostic parameters in
reaction rate modelling. First the use of these parameters allows an
easy analysis of the adequacy of the model. Second, in some cases, the
diagnostic analysis will not only indicate a model's inadequacies but

also can suggest the precise nature of the inadequacy.
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3.1.2.6 Empirical modelling techniques

Empirical analysis of the data can be very useful (Anderson, 1968) with

regard to the following:

1) To delineate the general character of the kinetics.
2) To provide guidelines for choosing fundamental rate equations.

3) To test data consistency.

There are methods to obtain quantitative mathematical representations of
the entire reaction rate at the surface. These models can be entirely
empirical, bearing no direct relationship to the underlying physical
phenomena generating the data. In certain cases empirical models can
describe the characteristic shape of the Kkinetic =surface and thus
provide information regarding the reaction mechanism. The empirical
model may, for example, require a given reaction order or a maximum in
the rate surface, each of which can eliminate broad classes of

mechanisms (Kittrell).

3.1.2.7 Examples of kinetic studies and modelling

Many kinetic studies have been carried out on heterogeneously catalyzed

reactions ( Himmelblau et al., 1967; Domnesteanu, 1982; Ramage et al.,
1980; Orr et al., 1983; Raghavan & Doraiswamy, 1977; Young & Greene,
1977; Petrus et al., 198Y4; Skrzypek et al., 1985; Meier & Gut, 1978;

Sundaram & Froment, 1977; Outi et al., 1981; Groeneveld et al., 1983;
Martin & Hill, 1976; Li, 1985; Maatman, 1976; Temkin, 1979; Froment,
1986).

Box & Hill (1967) developed a sequential procedure in wxhich calculations
made after each experiment determined the most discriminatory process
conditions for use in the next experiment. The method 1is used to
discriminate amongst a number of possible mathematical models. Glowinski
& Stochi (1981) have described a calculation technique for estimating
initial parameters for a set of non-linear first order differential
equations. The method consists of the minimization of a suitable
criterion function. Katanabe & Himmelblau (1983) have described a quick
estimation technique for parameters in kinetic models by means of
process discretization and evaluating errors engendered by the
technique. Froment (1986) has recommended that the Hougen-Hatson
approach be used for expressing rates of catalytic reactions, since
porer lar equations insufficiently account for the interaction of the

reacting species with the catalyst. The application of this approach is
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shown by examples drawrn from hydrodesulphurization, butene
dehydrogenation and methanol synthesis. Ratkowsky (1985) has shown that
there is a general form of parameterization for the Hougen-Hatson
approach that corresponds to a "close to linear" model, i.e., one whose
statistical properties approach that of a linear model even for small
samples. Spencer (1981) has noted that the kinetics observed in systems
far from equilibrium can be very different from equilibrium kinetics. He
derived exact constants for first order kinetics and found limits to

individual rate constants in two component systems only.

A very good case study comparison using non-linear parameter estimation
is given by Biegler et al. (1986). Five models are compared in a

parameter estimation problem formulated by the Dow Chemical Company.

Choudhary and Doraiswamy (1975) used a gradientless reactor (Carberry
type) to study the isomerization of n-butene to iso-butene over
florinated 3-alumina. Two kinetic models were discussed. The modelling
of kinetic data obtained from internal recycle reactors has received
significant attention (Santacesaria et al., 1981; Gut & Jaeger, 1982;

Santacesaria & Carra., 1983).

Paynter & Schutte (1971) examined the kinetics of the polymerization of
mixed alkenes over solid phosphoric acid in a fixed bed reactor. The
experiments were, however, carried out in the presence of mass transfer-
limitations and the ortho-phosphoric acid concentration was not

measured.

3.1.3 ~Literature Review of Kinetic Studies on the Catalytic

Polymerization over Solid Phosphoric Acid

Control variables of importance in olefin polymerization with phosphoric
acid catalysts include catalyst acid strength, reaction temperature,
pressure, contact time and feedstock composition. These variables
control the extent of conversion, the quality and the composition of the
polymer. Reliable quantitative data are limited ( McMahon et al., 1963);
in most published studies the level of some important variable has
either been 1left uncontrolled or has not been reported ( McMahon et al.,

1963).

Langlois & Halkey (1951) studied the kinetics of the polymerization of
propene and mixed n-butenes as catalyzed by phosphoric acid on quartz

chips using a pilot plant sized fixed bed reactor (of w®hich the
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dimensions were not given). They correlated their data against an
empirical rate equation that is approximately first order With respect

to monomer:

(1+BC) % dc k

J(1-02%2 + 0.3C(1-0) s

where C = fractional conversion of monomer

S = space rate in gas volumes at reaction conditions per volume

1

of catalyst voids per hour, hrs ' (void volume is assumed to

be 42% of the bulk volume).
k = specific reaction rate constant, hrs™!
B = fractional increase in the number of moles per unit mass for

complete reaction of the monomer, i.e.,

Ma
B = Ne X — -1
M,
where Na = mole fraction of monomer in the feed
Ma = molecular weight of the monomer
My = molecular weight of the polymer

Langlois and Halkey (1951) did not tabulate their data so it is

impossible to judge the quality of fit of their rate expression.

Bethea and Karchmer (1956) studied the kinetics of propene
polymerization with 1liquid phosphoric acid as catalyst in a pilot plant
sized reactor (3.3m long). They correlated their data in terms of a

modified first order rate equation:

Ni 1 1 1 kVrP

No n 1-f n NoZRT

where k first order rate constant, volume of olefin per volume of
reactor per hour.

Ni = gram moles inerts fed per hour.

No = gram moles olefins fed per hour.

n = gram moles olefins required to produce 1 mole of polymer

f = fraction of olefins converted.

Yr = reactor volume, litres.

P = absolute reactor pressure, atmospheres.

Z = average compressibility factor of hydrocarbons in reactor.
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gas constant, atmel”'eE™?,

]
1]

absolute reactor temperature, K.

-
i

McMahon et al. (1963) compared graphically, the rate constants of both
Langlois & Ralkey and Bethea & Karchmer at equivalent acid
concentrations (see Figure 3.6). The rate constants of Langlois & Ralkey

appeared to be about five times greater than those of Bethea & Karchmer.
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Figure 3.6 Comparison of the rate constants of both Langlois & Ralkey

and Bethea & Karchmer at equivalent acid concentrations.

Friedman & Pinder (1971) carried out a kinetic study on the
polymerization of a mixture of propene and butene isomers to their
dimerized products over solid phosphoric acid on kieselguhr. The purpose
of their work was to obtain a rate equation which mould describe the
polymerization of an industrial mixture of olefins on a commercially
available solid phosphoric acid catalyst. The mechanism of the reaction
Was not considered. They found that the following empirical equation

gave a reasonably good fit to their data:

(1-x3) 2

r = kC,
(1+x) 2
vhere r = rate of reaction, mole olefinehr 'ecmicat
k = reaction rate constant, cm® olefinehr ‘ecm3cat
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initial olefin concentration, moles olefinecm®feed

Co

fractional conversion of olefins

X

The phosphoric acid concentration was not controlled.

3.1.3.1 The effect of phosphoric acid concentration

The rate of olefin polymerization is dependent on acid concentration
(McMahon et al., 1963). The rate constant of Langlois and Halkey
increases by a factor of 4 as the acid concentration (%H3zPOs) 1is

increased from 100 to 110% where

weight of phosphoric acid in sample if all
phosphorous was present as HaPOs
%H3P0s = x 100
actual weight of sample

The rate of olefin polymerization ¢triples, in terms of Bethea &
Karchmer's rate constant, as the acid concentration is increased from

100 to 110% (Figure 3.7).
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Figure 3.7 Bethea & Karchmers' rate constant as a function of the

ortho~-phosphoric acid concentration.
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3.1.3.2 The effect of space velocity, pressure and olefin concentration.

Both Bethea & Karchmer (1956) and Langlois & Halkey (1951) studied the
effect of pressure and §pace velocity on the rate of polymerization of
propene. Both arrived at definitions of specific reaction rate constants
that were independent of pressure, residence time and olefin
concentration. Their residence times Rere based on volumes of
hydrocarbon in the reactor under reaction conditions. Friedman & Pinder

(1971) did not examine the effect of pressure or space velocity.

3.1.3.3 The effect of temperature

In their study of the effect of temperature on the rate of propene
polymerization over phosphoric acid on quartz chips, Langlois & Halkey
(1951) did not specify the acid concentration employed in their
experiments. Bethea & Karchmer (1856) determined the effect of
temperature on the rate of propene polymerization at the followring

liquid phosphoric acid strengths: 98%, 103% and 109% HzPOas.

McMahon et al. (1963) adjusted the above sets of data to the same basis
and deduced that the data of Langlois & HRalkey were obtained at 98%
H3POs. The Arrhenius plots are shown in Figure 3.8. The plots indicate

an activation energy of about 5000 cal.mole”! (20.93 kJ/mole).

Friedman & Pinder (1971) examined the effect of temperature on the rate
of their mixed feed polymerization. Their acid concentration ®as neither
measured nor controlled. From an Arrhenius plot they found an activation

energy of about 7500 calemole™! (31.4 KJ/mole).

3.1.3.4 The effect of feed composition

The polymerization of ethylene is not only slowm but also leads to the
formation of conjunct (non-oligomer) polymers (Ipatieff & Pines, 1935).
Internationally there is 1little commercial incentive to polymerize
pentenes since they are already valuable for blending into gasoline
( McMahon et al., 1963), althoﬁgh there are examples of Where this is

done, e. g., SASOL.

Of the propene and butene olefins, propene polymerizes the most slowly,
n-butenes polymerize at about twice the rate of propene and iso-butene

polymerizes very much faster than the n-butenes (McMahon et al, 1963;
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Figure 3.8 Arrhenius plots of both Bethea & Karchmer and Langlois &
Ralkey.

Langlois & Halkey, 1951). Rates of polymerization for mixed feeds cannot
be predicted from the behavior of single components (McMahon et al.,
1963). The rate of reaction of mixtures of n-butene and propene is a
linear function of the butene content. Langlois & Halkey (1951) found
that iso-butene accelerates the rate of the mixed feeds considerably,

especially in the low conversion region (conversion levels not given).

Friedman & Pinder found that the order of 1increasing reactivity was
trans-2-butene, cis-2-butene, propene, i1so-butene and 1-butene. Their
results do not agree with those of previous workers 1in the field
(Ipatieff, 1935; Langlois & Walkey, 1951). Friedman & Pinder suspect
that the 1lack of agreement 1is possibly due to the isomerization

reactions which occur. It appears, however, that these comparisons were
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made on the basis of mixed feed experiments. No comparison is valid
under these conditions due to the wide difference in concentration
betreen the components. At the very least, an approximate comparison can
be made only by comparing each component's activity based on equal feed
concentrations. A true comparison, however, can be made only by
examining the activity of each component over a wide range of individual

concentrations.

McMahon et al. (1963) predicted rate constants for mixed and single
component C3-Cs feeds, based on the data reported graphically by
Langlois & Halkey (1951) for feeds containing propene, n-butenes and
iso-butene (Figure 3.9). They obtained a correction factor, F, which is
a multiplicative term used to adjust the rate constant k in the Bethea &
Karchmer rate expressions for propene; 1i.e., the rate constant for a
mixed feed, according to McMahon et al. is equal to k, read from Figure

3.6, multiplied by F, read from Figure 3. 9.

CORRECTION FACTOR, P

|

pas rae] 20 40 i €0 70 80 20 il
SUTENE CONTENT OF CLEFIN FRACTICON, %

Figure 3.9 Rate constant correction factor of McMahon et al. (1963).

McMahon et al. tested the validity of their calculation method by
comparing their rate constants Rith those for a mixed olefin and also ;
pure butene polvmerization over a copper pvrophosphate catalyst reported
by Steffens et al. (1949). Their calculations were made on the basis of
a reactor volume equivalent to the total phosphoric acid potentially

available in the catalyst.
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A comparison of their observed and predicted rate constants is shown in
Figure 3.10. The range of uncertainty is indicated. McMahon et al.
consider the agreement between the observed and predicted rate
constants to be satisfactory due to the uncertainty of the acid strength
and also due to the wide range of olefin concentrations, feed
compositions and temperatures. The results of Steffens et al. were
predicted (copper pyrophosphate catalyst) by combining the propene data
of Bethea & Karchmer (liquid phosphoric acid) with the data of Langlois
& NHalkey (phosphoric acid on quartz). McMahon et al. believe that all

phosphoric acid catalysts are essentially the same.
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Figure 3.10 A comparison of the observed and predicted rate constants

produced by McMahon et al. (1963).

3.1.3.5 The effect of process variables on product yield and quality

There is very little published data on the effect of process variables
on product vyield and quality and yet it is clear that yield and quality

are rather insensitive to operating conditions (McMahon et al., 1963),

Bethea & Karchmer (1956) concluded that the product octane number and
gasoline fraction in the total polymer wmere primarily determined by acid
strength - 1low acid strength being desirable for high octanes. McMahon
et al. have pointed out that this conclusion is questionable since in

Bethea & karchmer's experiments the extent of conversion also increased
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Rith acid strength. The product quality is certainly dependent on

conversion.
Commercially, lor temperatures, high pressures and low conversions per
pass all favour high vyields of gasoline range products and high octane

numbers.

3.1.3.6 The effect of transport resistances

Friedman & Pinder (1971) conducted their experiments in a 2" diameter,
12" long fixed bed reactor. By carrying out experiments at different
flor rates, but constant V/F (V=volume of catalyst and F=feed flowrate),
they found the conversion to be independent of flowrate, indicating that
gas film resistance was not important. By performing experiments at
different catalyst sizes, they found that pore diffusion was quite

appreciable.

Langlois & Halkey (1951) obtained their data from pilot plant
experiments using a fixed bed reactor of unspecified dimensions. They

did not test for transport resistances.

Bethea & Karchmer (1956) conducted their experiments in a pilot plant
sized reactor. The reactor was constructed from an 11 foot length of
Hastelloy alloy B pipe. Measurement of transport processes in a liquid
phase system (liquid phosphoric acid) is difficult. Bethea & Karchmer
noted however that, with a four-fold increase in the acid (H3POs)
recirculation rate, the conversion of olefins increased from 87 to 97%.
They suggested that it =®as due to better dispersion of gaseous
hydrocarbon in the more viscous catalyst. This is a bulk diffusion
transport problem. The conversions were, however, too high to obtain a
good indication of the significance of mass transfer, but it was clear

that there was some degree of diffusional resistance.

3.2 OBJECTIVES OF THE KINETIC STUDIES

The objectives of the kinetic studies are twro-fold.

In the first instance it is of primary interest to obtain intrinsic
kinetic data for the oligomerization of propene and butenes over solid

phosphoric acid on kieselguhr and from the data to postulate basic
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mechanistic pathways. Intrinsic kinetic data, by definition, must be

free from mass and heat transport resistances.

Secondly, it is also the objective of this study to model the kinetic

data.

The objectives of this study may therefore be listed as follows:

1. To construct a laboratory reactor system that can be used to obtain
intrinsic kinetic data for the oligomerization of lom chain length

olefins.

2. To completely characterize the reactor system and determine an

operating region where transport effects are minimal.

3. To obtain 1intrinsic kinetic data for propene oligomerization at
different propene partial pressures,  reactor temperatures and HzPOas
concentrations.

4. To obtain intrinsic kinetic data for butene oligomerization at
different butene partial pressures, reactor temperatures and HzPOs

concentrations.

5. To model the kinetic data obtained in respect of (3) and (4) above.

3.3 EXPERIMENTAL APPARATUS AND PROCEDURE

The reactor used for the residence time distribution studies, the mass
transfer studies and the kinetic studies =®as an internal recycle
reactor. The reactor was built at the Council for Scientific and
Industrial Research, Pretoria, South Africa. The reactor which was
designed by Dr. L. Caldwell is a Berty type reactor (internal recycle,
fixed catalyst basket). The amendments to the standard Berty type design
Were made in order to improve the gas side (bulk phase) mass transfer

coefficients. The reactor will be discussed in detail in Section 3. 3. 2.
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3.3.1 The Reactor System

3.3.1.1 The reactor system used for the residence time distribution

studies

The reactor system used is shown schematically in Figure 3.11, and

consists of the reactor and ancillary equipment.
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FIGURE 3.11 REACTBR SYSTEM USED FBR RESIDENCE TIME STUDIES

Using classical residence time distribution techniques (Levenspiel,
1972), a pulse of ethylene was introduced by gas syringe into a nitrogen
carrier stream immediately upstream of the reactor. The pulse rRas
carried into the reactor, was mixed and left through an 1/8" stainless
steel pipe directly to an F.I.D. on a gas chromatograph ( VARIAN model
3700). A magnetic drive (A Magnedrive) rotated the internal blower. The
F.I.D. analyzed for the mass of ethylene. Mass was found to be
proportional to area count wmithin the linear range of the detector. The
carrier florrate was kept constant for each experiment and hence mass
Rmas proportional to concentration. & chart recorder {(JJ Instruments,
CR600) which was attached to the gas chromatograph recorded the decaying
concentration-time plot. For experiments with very high flowrates (which
mould have resulted 1in the F.I.D. flame being blown out) a flow
splitter upstream of the detector controlled the flow to the detector.
The splitter flow was controlled by adjusting the size of an orifice in

a bleed off line.
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3.3.1.2 ‘The reactor system used for the mass transfer studies (no

reaction).

The reactor system used for the mass transfer studies, using napthalene

sublimation is shown schematically in Figure 3.12.
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FIGURE 3.12 THE REACTBR SYSTEM USED FOGR THE MASS TRANSFER STUDIES

The performance of the reactor in this regard was assessed by measuring
mass transfer coefficients (kc) from the sublimation of napthalene into
a stream of flowring air or nitrogen. Under normal operation the nitrogen
or air, which was stored in high pressure cylinders, was sent to the
reactor in 1/8" stainless steel pipes. The gas entered the reactor, was
mixed and left via 1/8" stainless steel tubing. The napthalene was
stored in the catalyst basket. The rotational speed of the reactor
blorer was controlled by an A magnedrive. The system pressure was
controlled by regulators on the high pressure cylinders. A metering
valve situated immediately after the reactor was used to set the
florrate. The exit gas, after leaving the valve, passed directly to a
gas chromatograph ( VARIAN model 3700). Samples were captured using a gas
sampling valve (similar to the procedure described in Section 2. 3.2).
Samples wRere analyzed by F.I.D.. Sample integration was performed on a

VARIAN CD101 data system.
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3.3.1.3 The reactor system used for the kinetic studies

The reactor system used for the oligomerization experiments 1is shown

gchematically in Figure 3.13.

The feed was stored as a liquid under its vapor pressure in an inverted
Cadac No.7 domestic gas cylinder (3 kg capacity) which was heated by
ISOPAD heating tapes (ITH-33, 115H, 220V) and controlled by a Eurotherm
temperature controller (model 101). The output from the controller was
passed through a Yokoyama variac ( No. 3046, 0-250V) which was set at
100Y. This restricted the maximum temperature to 328 K and hence

prevented overheating of the cylinder.

The vapour pressure of the feed was thus raised by heating and this
avoided any cavitation in the pump by maintaining the olefins in the
liquid phase. A pressure relief valve was attached to the exit line from
the feed cylinder and was set to open at 1.8 MPa. The Cadac cylinder ras
rated to 3.0 MPa and had been tested to 6.0 MPa. In the unlikely event
of temperature runaway and a rise in vapour pressure to 1.8 MPa, the
pressure relief valve would have opened and the entire contents of the

cylinder would have been vented.

From the cylinder the feed flowed over 34 molecular sieves and a 60
micron filter to a high pressure diaphragm pump (Lewa model FLM-1). A&n
ethylene glycol water solution <(at 283 K) was wused to chill both the
feed prior to reaching the pump as well as the pump head. During normal
operation the pump head and the fluid being pumped were maintained at
approximately 286 K. The pump raised the system pressure to that set by
the back-pressure regulator and controlled the flowrate. From the pump
the feed passed to a water bath where the feed was bubbled through a
bath of wmater. The water bath temperature was controlled by a continuous
stream of water which was contained in a jacket around the bath. The
water stream could either be heated or cooled. The temperature of the
water bath controlled the vapour pressure of the water in the bath and
hence the wrater content in the feed. The temperature of the outlet line
from the water bath to the reactor ras controlled. The line was heated
by ISOPAD heating tapes (ITH-150). From the water bath the feed passed

via a metering valve to the reactor and on to a dome loaded
diaphragm-type back pressure regulator (Grove, Mity Mite model 591 XIHW),
where the system pressure was released to the atmosphere. The exit
line from the reactor, up to and including the back pressure regulator,
was heated by heating tapes (ISOPAD, ITH-150). The exit line was heated

to maintain the reactants and products in the gas phase and the back
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pressure regulator was heated to prevent freezing as the pressure was

released to the atmosphere (especially at the higher conversions).

The water vapour content of the feed wmas measured. On the inlet line to
the reactor prior to the metering valve a bleed was taken off. The bleed
flowrate was controlled by an identical metering valve. Downstream of
this valve the pressure was obviously reduced to atmospheric. The stream
wWas passed over an aluminium oxide sensor. The sensor signal was
converted to a dew point reading by a Panametrics model 700 hygrometer.
The stream then passed through a gas flowmeter, a gas sampling port and
was vented. The temperature up to and including the bleed metering valve
Ras controlled at the same temperatures as the feed inlet lines to the

reactor by the same set of heating tapes.

A bursting disk on the inlet 1line, positioned immediately after the
pump, wWas set to burst at 4.0 MPa. The reactor was rated to 5.0 MPa. In
the event of 4.0 MPa being reached, the disk would have burst and the

entire gaseous contents of the reactor system would have been vented.

The 2-phase reactor effluent was separated in a jacketed catch-pot which
wWas maintained at approximately 283 K by coolant. After separation in
the catch-pot, the effluent gas passed through a surge tank to a wet gas
flow meter, a gas sampling valve and was finally vented. Liquid product

which collected in the catch-pot was drained as desired.

The entire piping system was constructed of 1/8" stainless steel tubing.
Temperatures Rere measured at the back pressure regulator, the
catch-pot, the reactor exit 1line, inside the reactor (2 measurements),
the water bath, the 1inlet line to the reactor, the ret gas flow meters
and the feed cylinder. Pressures were measured at the exit of the feed

cylinder, the inlet to the reactor, and at the exit from the reactor.

3.3.2 The Reactor

An internal recycle reactor (Berty type) developed by Caldwell (1983a)
was used in this study. The reactor blower Ras driven by a magnedrive
( Magnedrive II assembly model 75-2). The reactor and magnedrive are

shown in Figures 3.14 and 3.15.

The reactor =was a modified version of the standard Berty design. Unlike
the Berty design, this reactor had a larger diameter impeller (7Cmm),
longer blade 1length (12mm) and a close-sided 1impeller construction

(Caldwrell, 1983a). The reactor incorporated sixteen blades of length



154

© 9 i

2
/
7

- - r

A
NN

= s

/_
7
/

N\

NN

J ’
N\
‘x?)&m

N

ool B°

N
.

o

FIGURE 3.14

REACTOR BODY &. HUB 11. INSULATION

REACTOR LID 7. MAGNEDRIVE 12. 1/16" CONNECTOR
BASE PLATE 8. NUT 13. HELICOFLEX SEAL
BASKET 9. KEY 14. CERAMIC BAND HEATEK
IMPELLER 10. CAP SCREW

77mm, with the tips of diameter 180mm, The blades Rere enclosed on both
sides and flor was directed upwards at the periphery. The impeller was

driven by an A (Autoclave Engineers) magnedrive,

An insert plate was located immediately above the impeller (clearance
<imm). This plate had 12 holes, approximately 26x20 mm, equally spaced
around the periphery for the upward flow of gas from the impeller, and a

central hole of 30mm diameter in which the catalyst basket sat. The hole

THE INTERNRL RECYCLE RERCTOR RSSEMBLY
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24. DRIVE SHAFT COMPLETE

25. BEARING

26. GASKET

FIGURE 3.15 DETRILED DIAGRAM OF MAGNEDRIVE ASSEMBLY
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was tapered at the top. The catalyst basket had an overall length of 41
mm, an internal diameter of 26 mm and the base was drilled with thirty 3
mm diameter holes. Four ports permitted the entry of gas to the top of
the basket. A central tube 3.2 mm o.d. was welded to the base of the
basket permitting the passage of a thermocouple to measure exit gas
temperature. In assembly the thermocouple was first threaded into this
tube, the basket was then screwed into the reactor bed, and finally the
basket was located at the insert plate when the reactor lid was bolted
down. A second thermocouple port in the reactor 1id permitted the

measurement of the gas temperature at the inlet to the basket.

The seal between the reactor body and the basket was obtained with a
Helicoflex seal, outside diameter 208.8 mm, taurus 5.6 mm and copper
lined (double 1lining) wWith inconel wire. The vessel was constructed of
stainless steel 316 and was rated for 5.0 MPa at 773 K. Gas entered and
left by diametrically opposed ports above the insert plate. & three
sectioned 4KR ceramic band heater was clamped around the reactor body,
and the entire assembly was insulated with 25 mm asbestos plate. A&
counterreight connected to the 1id via pulleys facilitated the lifting

of the reactor 1lid.

The & magnedrive assembly was designed to fulfill additional
requirements not obtained in conventional packed drives. Leakage,
contamination and packing heat generation problems were eliminated. The
high speed rotary agitation was affected by the rotation of external
magnets which actuated internal magnets fastened to the shaft. The
external drive magnet assembly consisted of an outer aluminium holder
containing the stator magnets. This outer holding was placed over a
pressure sealed housing containing the encapsulated rotor magnets ®hich
mere mounted on a center rod. A strong magnetic field made the inner
center rod rotate at the same speed as the outer holder. The drive had

the following specifications:

maximum allowable working pressure - 6000 psi
maximum RPM - 3000

maximum horsepower capacity - 0.76

It was found that operating the magnedrive above 2000 RPM shortened
bearing life considerably which resulted in regular fouling of the
impeller on the base plate. The magnedrive was therefore seldom operated
at rotational speeds above 2000 RPM. The inner shaft of the drive was
lubricated by three carbon graphite bearings which wmere designed to run

dry. Cooling water which flowed through the coolant jacket maintained
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the shaft and magnets cool. The seal at the shaft end was provided by a

teflon "0" ring.

The controlling thermocouple ras placed betmeen the outer reactor body
and the ceramic band heater. This was found to be the most reliable
position despite the slor heating rates. 0Oscillation and temperature
overshoot were avoided in this way. The temperature was controlled using
a Eurotherm temperature programmer-controller system (model 101). The
porer from the controller was sent to the three sections of the heater.
Each section of the heater could be sritched on or off at will depending

on the heating requirements.

The temperatures in the reactor mere measured by both a Digitron digital

thermometer, and a Honeywell recorder.

3.3.3 Experimental Procedure and Analysis

3.3.3.1 Residence time distribution studies

Using standard techniques, pulses of ethylene (100 pl at STP) were
introduced by syringe into a nitrogen stream entering the reactor. Five
sets of tracer experiments rRere carried out. In each case the pulse size
was kept constant. The outlet N2 and ethylene mixture which was passed
directly to the F.I.D. was detected and recorded on the chart recorder
(nitrogen is not detected). The following sets of tracer experiments

mere carried out:

(a) Basket empty
1. Runs at varying impeller speeds
2. Runs at different flowr rates

3. Runs at different temperatures

(b) Basket filled with 4 mm spherical glass beads
1. Runs at different impeller speeds

2. Runs at different flow rates
Runs at different pressures wWere not possible due to the use of a hand
injected syringe (low pressure) through a rubber septum. Higher pressure

injections resulted in the leakages at the septum and poor input pulses.

3.3.3.2 Mass transfer studies

It was concluded by Caldwell (1983) that due to the larger and more

effective impeller, performance in this reactor is a considerable
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improvement over comparable and commercially available Berty and
Carberry type reactors. Due to the controversy surrounding this claim
(Caldwell, 1983b; Berty, 1983; Carberry, 198%5) and the fact that the
reactor used in this study was only the second one produced, it was
decided that the results of Caldwell needed to be confirmed. The
procedure followed is therefore quite similar to that of Caldrell

(1983a) and is described belonw.

Mass transfer coefficients were determined for the napthalene-hydrogen
system, Experiments were carried out for the basket filled writh
spherical glass beads (diameter, 4 mm) plus two randomly placed
napthalene pellets, and also w®ith the empty basket apart from the two
pellets. The filled bed depth was 21 mm wWith a void fraction of 0. 41.
Only two napthalene pellets were employed per experiment, the external
surface area being determined by micrometer measurements. The average
loss in surface area per run was S5%. Results obtained for losses above
10% were discarded. The calculation of k¢ took into account area

changes.

Gas concentrations were measured by F.I1.D. The saturation response for
napthalene was determined by measurement for each k. value, instead of
being calculated from vapour pressure data. This procedure had the

following advantages:

(a) Errors in temperature became relatively unimportant

(b) There was no need for accurate vapour pressure data

(c) Detector calibration was not necessary because the calculation of ke
involved only a ratio of responses.

(d) Problems associated with calibration drift were largely eliminated.

The saturation response was determined by plotting the reciprocal of the
response against gas flowrate at constant stirrer speed and taking the
intercept value. An example is shown in Figure 3.16. This was performed

at the following conditions:

non~diffusing component: hydrogen
RPM: 2400

Pr: 103 kPa

Temp: 294 K

a: 0.861 cm?
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FIG 3.16 CARLCULATION OF MASS TRANSFER COEFFICIENTS

from Figure 3.16: response at 3.53x10°* moles™! = 0.211
response at zero flow = 0. 329
0. 211 RT
Ke = x 3.53x10"* x —
0. 329-0. 211 aP

17.4 cmes™?

3.3.3.3 Kinetic studies (and mass transfer wRith reaction)

The general procedure for the oligomerization reactions is presented

below. Individual kinetic experiments varied with regard to the moisture

content of the feed, feed type, reaction temperature and feed

concentration. Reactor

characterization experiments varied with respect

to the 1impeller speed, particle size and water content of the feed. The

feed flowrate, catalyst mass and reaction pressure were not varied.

Phosphoric acid on a kieselguhr support (solid phosphoric acid)

for all

was used

experiments. The catalyst was supplied as cylindrical pellets

ranging from 2 to 12 mm in length and with an approximate diameter of 7
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mm. The pellets were crushed and sieved into the appropriate size
fractions. For the intra-particular studies various size fractions were
used while a size fraction of 0.11 to 0.18 mm was used for the kinetic
experiments. Six grams wWere packed into the catalyst basket for each
experiment. The base of the basket was lined with gauze of mesh size
0.11 mm. The bed occupied, on average, a volume of 6.3 em® with a bulk
density of 0.95 g-cm”. The reactor was cleaned thoroughly before each
run. The magnedrive permitted 1limited build wup of 1liquid at its base
(due to the low temperatures there) and was therefore drained and wiped
clean before each run. No water wWas used in the cleaning process due to
the effect that this could have had on the acid strength during
~operation. Once the catalyst had been 1loaded into the basket and the
basket attached to the reactor 1lid, the 1lid was immediately bolted dowmn
and sealed. The urgency here was to limit the contact time between the
extremely hydrophillic catalyst and the "wet" atmosphere. (Although
difficult to quantify, this procedure improved the reproducibility of
the experiments.) Following this the reactor was pressurized with high
purity nitrogen up to 2.0 MPa and tested for 1leaks. Once the leak tests
fere complete the system pressure was dropped to atmospheric. The
pressurizing with nitrogen had the added advantage of diluting the air
inside the reactor approximately 20 times with dry nitrogen thus

reducing the concentration of the wmater contained in the air.

Each run wras started by first heating up the reactor and feed cylinder
to the required temperatures. Approximately two hours were required to
bring the reactor up to the desired temperature (within 10 K of set
point). FRhile the reactor was being heated all coolant flors were
sWitched on. During this period all inlet and outlet lines that required

heating wWere brought up to their required temperatures.

Once the desired reactor temperature had been reached the pressure
setting of the back pressure regulator was raised to 1.53 MPa (absolute)
and the reactor filled ®ith feed at a controlled rate ( by adjustment of
the metering valve on the inlet side to the reactor). HWhile filling, the
impeller Ras started and its speed gradually increased up to the desired
set point. It wmas necessary to start the impeller at this point to avoid
any temperature runaway in the catalyst bed. Care had to be taken when
raising the impeller speed to ensure that no catalyst was blown out of
the bed and that no fouling occurred between the impeller and the
internals of the reactor. Once the reactor was filled, feed was pumped
into the reactor, bringing the reactor up to the set pressure. The bleed
1

line to the hyg&rometer was then opened and set to approximately 1gehr”

after which the pump wras set to the desired flowrate. Once the desired
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flowrate had been set the water bath temperature was adjusted to the
approximate value required. The water bath required -approximately
fifteen minutes to reach a semi-stable condition at which time the
catch-pot mas emptied. This time was considered time zero for the
reaction. At time zero a gas sample was collected and the feed cylinder
was disconnected from the system, weighed and returned. The removal of
the cylinder had no noticeable effect on the stability of the system.
During the initial few hours the system was fine-tuned to the desired
operating conditions. This would sometimes involve small adjustments to

the pump flowrate, the bleed flowrate and the water bath setting.

It should be noted that the procedure used here, viz. first heating the
reactor up to the desired temperature and only then introducing the
feed, was necessary to avoid condensation of the feed which would have
occurred were the feed introduced first followed by raising of the

pressure and heating of the reactor.

From time zero the following data were recorded at various regular

intervals:

1. The gas meter reading and effluent gas temperature,

[\%]

The mass of liquid sample collected.
3. Measurable temperatures, pressures and the dew point of the water
in the feed (at atmospheric pressure).

4. Gas chromatographic analysis of gas and liquid samples.

At some point after steady state had been reached the reaction was
terminated by isolating the pump from the reactor. The reactor was

cooled over approximately 5 hours to below 323 K.

At the chosen end point for each experiment, final samples and readings
Rere taken, all equipment wras swRitched off, except coolant flows, and
the feed cylinder was wWeighed. Once the reactor had cooled to below 323
K the coolant flowrs were switched off, the system pressure was released
and the reactor opened up. All condensables that had accumulated both as
a result of condensation during the reaction and the cooling of the
reactor after the run had been terminated, were collected. The catalyst

Ras also reighed.
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3.3.3.4 Product analyses

The composition of the gaseous and liquid effluents were determined by

GC (Gow Mac and Varian 3400 respectively).

The analysis of the effluent gas and feed streams wWas determined using a
& mm long SS (stainless steel) column packed with n—octane/poracil C.
Details of the method and relative response factors used are given in
appendix E. All isomers of the hydrocarbon gases up to and including Cs
were separated and identified. The Cs fraction was grouped.

Identification was achieved using gas standards.

Liquid products wWere separated on a 2.8 mm long, 6 mm O.D. glass column
packed with 3% silicone/0V-101 on Chromosorb R-HP, 100/120 mesh. The
products were separated into approximate oligomer fractions.
Identification of the chromatographic peaks w®as achieved by mass
spectroscopy. The gas chromatograph detector used was identical to that
used in the pulse experiments (section 2.4.1). As a result, all response
factors were taken as unity. Dietz (1967) and Froment (1983) have sho®n
that this 1is reasonable. For similar reasons to those shown in Section
2.3.3. 4, peaks were grouped according to chain length, A typical gas
chromatograph and mass spectrograph are shown 1in appendices B and C,

respectively.

3.3.3.5 Reaction data workup

Due to the method of feeding and the unavailability of a mass flowmeter
the feed flowrate during the oligomerization experiments was estimated
by back calculating from the effluent mass flowrate. As will be shown
later, mass balances were good (>95%) and hence 1little error was
introduced by using this procedure. In the final analysis of the run
data a corrected estimate was used by taking into account condensation

inside the reactor and mass loss.



163

3.4 RESOLTS

3.4.1 Reactor Characterization Rithout Reaction

3.4.1.1 Residence time distribution studies

Three sets of tracer experiments were carried out:
1. Runs ®Rith varying impeller speed
2. Runs with varying florrates
3. Runs with varying temperature _
Sets 1. and 2. were carried out under two sets of conditions:
(a) Busket empty
(b) Basket filled mith 4 mm spherical glass beads

All runs were carried out at atmospheric pressure.

1. The effect of varying impeller speed

The runs =were carried out at the following impeller speeds: 0, 600,

1200, 1800 and 2400 rpm.

The analysis of these curves was made using both standard E curve
analysis techniques with the tanks in series one parameter model as wWell
as a five parameter model discussed in Section 3.1.1.1. The results are

shown in Tables 3.1, 3.2 and 3. 3.

Table 3.1 Equivalent N (number of tanks) for various mixing speeds (one

parameter model).

Temperature 290 K Flowrate 0.97cm’+s”!

N (number of tanks in series)

Impeller speed, rpm Basket full Basket empty
0] 1.3 1.3
600 1.3 1.3
1200 1.2 1.3
1800 1.1 1.0
2400 1.0 1.0
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Five parameter model analysis for varying impeller speeds:

basket empty.

Temperature 290 K

Flowrate 0.98 cmies”

1

Mixing rate, rpm
1] 600 1200 1800 2400
N 1.0 1.0 1.0 1.0 1.0
A 0. 00 0. 00 0. 00 0. 00 0. 00
B 0. 20 0. 00 0. 00 0. 00 0. 00
c 0.95 1. 00 1. 0G 1. 00 1. 00
T 0. 0g 0. a0 0. 00 0. 00 0. 00
where N=number of tanks in the chain
A=the fraction of the feed that bypasses the
reactor
B=the fraction that is back-mixed
C=The fraction of the total volume that is
the active volume
t=time lag
Table 3.3 Five parameter model analysis for varying impeller speeds:
basket full.
Temperature 293 K Flowrate 1.01 cmiesg™!
Mixing rate, rpm
0 600 1200 1800 2400
N 1.0 1.0 1.0 1.0 1.0
A 0. 06 a. 02 0. 02 0. 00 0. 00
B 0.12 0.1 0.10 0. 08 0. 00
c 0.93 0. 95 0. 96 0. 99 1.00
T 0. 00 a. 00 0. 00 0. 00 a. 00
The above results wmere calculated for normalized concentration-time
curves ®"here C (normalized concentration) varied between 1 and 0.015,

omitting the long tail as recommended by most workers in the field.

value of t (mean residence time)

where

1000 cm?

0.98 cm3es™?

<t
[}

<
1]

volume of reactor = 1000 cm?

calculated from V/v gave:

volumetric flowrate of gas through the reactor

The
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The values of t calculated from each concentration-time distribution

(see Section 3.1.1.1) varied from t=15.2 mins to t=17.3 mins. The
variation can be the result of several factors such as the long tails,

imperfections in the injection technique, or leaks.

The N sets in Table 3.1 indicate that there was 1little difference
between the full and empty basket. It rould appear from the values of N
that the reactor mas becoming well mixed above 1200 rpm and by 1800 rpm

could be regarded as being very well mixed.

The results from the five parameter model analysis indicate for an empty
basket that the reactor was perfectly mixed above 600 rpm. The one
parameter tanks in series model produced an N value of 1.3 at this
impeller speed. This model also produced an N value of 1.3 at zero rpm
while the five parameter model indicated a significant amount of back-
mixing and a small "dead volume" fraction. This tends to indicate that
the one parameter model could be insensitive and provide only a rough

estimate of the quality of mixing.

For the full basket the five parameter model indicates, similar to the
one parameter model, that ideal CSTR conditions wmere achieved only at

about 1800 rpm (under those conditions).

It must be pointed out that in the experiments at the lower impeller
speeds (1200 r.p.m and less) 1in the full basket experiments,
reproducibility of the five parameter model results was not very good.
The value of B (backmixing) in particular was rather inconsistent. The

results quoted are the arithmetic means of several experiments.

2. The effect of varying flowrates

Runs were carried out at the following flowrates: 6.0, 11.4, 18.0 and
26.7 cmies™ !, The temperature and impeller speed mere held constant at
291 K and 2400 rpm, respectively. The results are shown in Tables 3.4,
3.5, and 3.6.
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Table 3.4 N, the number of tanks in series, for various flowrates (one
parameter model).
Temperature: 291 K Impeller speed: 2400 rpm
N, number of tanks
Flowrate, cm3. s-1 Basket full Basket empty
6.0 1.3 1
11. 4 1.3 1.0
18.0 1.1 1.1
26. 7 1.0 1.0
Table 3.5 Five parameter model analysis for varying flowrates: basket
full.
Temperature: 291 K Mixing rate: 2400 rpm
Flowrate, cm3es™!
6.0 11. 4 18.0 26. 7
N 1.0 1.0 1.0 1.0
A 0. 00 0. 00 0. 00 0. 00
B 0. 00 0. 00 0. 00 0. 00
c 1. 00 1. 00 1. 00 1. 00
T 0. 00 0. 00 0. 00 0. 00
Table 3.6 Five parameter model analysis of varying flowrates: basket
empty.
Temperature: 291 K Mixing rate: 2400 rpm
flowrate, cm3es™?
6.0 11.0 18.0 26.7
N 1.0 1.0 1.0 1.0
A 0. 00 0. 00 0. 00 0. 00
B 0. 00 0. 00 0. 00 0. 00
o] 1. 00 1. 00 1. 00 1. 00
T 0. 00 0. 00 0. 00 0. 00

The one parameter tanks in series model indicates an improvement in the

quality of

mixing as

the flowrate

Ras increased (notably for the full
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basket) yet as the flowrate was increased the recycle ratio decreased
rhich should have resulted in a poorer degree of mixing. This seems to
be another indication of the insensitivity of the one parameter model to
changes in the degree of mixing or it could be ¥ measure of the accuracy

of this method.

The five parameter model indicates that, for both the full and empty

basket, perfect mixing was obtained at all of the flowrates employed.

3. The effect of varying temperatures

Three runs wWere carried out in an empty basket at the following

conditions:

mixing rate: 900 rpm
nitrogen flowrate: 0.73 cm’ss™?
temperatures: 303 K, 373 K and 418 K

The results are shown in Table 3.7

Table 3.7 N, number of tanks in series, for various temperatures:

basket empty.

Temperature (K) N, number of tanks in series
303 1.1
373 1.1
418 1.0

The results indicate no significant change in the quality of mixing over
the temperature range examined. It is quite clear from previous results

that a change of 0.1 in the value of N is not significant.

From these results it 1is clear that at atmospheric pressure and an
impeller speed of 2400 rpm the reactor was well mixed at flowrates of up
to at least 26.7 cm’<s”' irrespective of temperature (over the range

examined).

3.4.1.2 Interphase mass transfer studies using napthalene

Mass transfer coefficients were obtained for napthalene-hydrogen and
napthalene-air by the following technique used by Caldwell (1983a) (see
Section 3.3.3.2).
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The results are shown 1in Figures 3.17 and 3.18 for an empty and full
basket (filled with 4 mm spherical glass beads). The results obtained
show good agreement with those of Caldwell. Also shown are the results
obtained by Caldwrell (1982) wusing a Carberry type reactor (spinning
basket). In all cases the particle size was the same but bed depth was
not. The experiments Were carried out at slightly different temperatures

and pressures (100 kPa and 293 K).

The variation of kc with total pressure is shown in Figure 3.19., These

results compare favourably with those of Caldwell (14983a).

The original conclusions reached by Caldwell based on his results have
been discussed (Berty, 1983; Caldwell, 1983a, b; Carberry et al., 1985).

The results presented here illustrate that in this reactor:

1. The mass transfer coefficient varied linearly with stirrer speed.
2. The mass transfer coefficient dropped with increasing pressure (in
the range 100 to 500 kPa).

These results are discussed in detail in Section 3.5. 2.
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3.4.2 Reactor Characterization with Reaction

3.4.2.1 Detailed analysis of a typical run

In this section a detailed analysis of a typical oligomerization
experiment is given in order to indicate some of the features common to
all the experiments. Some of the features, although dependent on the
other experimental parameters being investigated, can be considered to
represent the trends of other runs. Althcugh some of the parameters
(e. 8., temperature versus time) provide indications of the system's
stability, a detailed analysis of system stability and the factors
affecting it will not be given in this section, but will be addressed
elserhere. The mass balance is critical and relatively small changes in
the mass balance can have significant effects on the calculated reaction
rate depending on whether the mass was lost as feed, liquid product,
tail gas or a combination of these. For this reason, the procedures
followed in determining the mass balances will be discussed separately

in the next section.

Hith the initial reactor characterization experiments, teething problems
Were experienced in obtaining stability during experiments and
reproducibility between different experiments. Some of the more
pertinent problems will be discussed later. The experiment examined here
18 oOne which has been carried out after these characterization
procedures had been completed. Less than 1.6% of the total mass fed was

unaccounted for.
The experimental conditions for this run are listed in Table 3. 8.

1. Conversion and HHSV versus time

Due to the internal recycle in this reactor HHSV takes on a different
meaning to that of a fixed bed reactor. For the purposes of these
discussions HHSV will be defined as the total mass hourly flowrate per
gram of the catalyst. Initially the RHSV was low, but stabilized quite
rapidly. Once stable, the maximum deviation from the mean was X2%.
" Conversion followed a similar pattern. Figure 3.20 shows the conversion

and RHSV as a function of time during the reaction.
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Table 3.8 Experimental Conditions for Typical Oligomerization Run of

Section 3.4.2.1.

Catalyst
Type Phosphoric acid
Mass, & 6.0
Size, microns 106-180
Bed density, g/cm® 0. 95
Bed depth, mm 12
Dew point, K 264
H3PO+4 concentration, % 103
Reaction
Feed 98. 6 mole % propene
1.4 mole % propane
Flow, g/hr 38.5
RESV 6.4
Temperature (set), K 463
Inside bed, K 4oy
Outside bed, K gou
Pressure, kPa 1.53
Mass balance, % 98%
Impeller speed 2000

2. Catalyst bed temperature versus time

Due to the generally 1loR conversions obtained in the internal recycle
reactor, maintaining the catalyst bed temperature constant and at the
desired et point was simple. No temperature difference between the bulk
gas phase and the bed could be detected. The reactor bed temperature
profile and conversion versus time are shown in Figure 3. 21.

3. Product spectrum versus time

The product spectrum was quite insensitive to the changing conditions as
the system ~®as stabilizing. Hithin the short space of about 2 hours
after start up, the product spectrum had stabilized and from that time
remained unchanged throughout the run. The product spectrum is shorn in
Figure 3. 22. Produgts are grouped according to carbon number and only
the most abundant are shown. The 1liquid products &enerally contained

entrained monomer (2-4%), but this has been removed in the calculation.

The seeming insensitivity of the product quality to the initial change
in conversion may be misleading. Initially the rate of condensation in

the ‘cold’ magnedrive shaft was likely to be high, resulting in an
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5. Product quality

Product quality resulting from the oligomerization of alkenes over solid
phosphoric acid on kieselguhr and other phosphoric acid catalysts is
relatively insensitive to most operating variables (M.Mahon et al.,
1963). Since the introduction of polymerization catalysts, the quality
of the products produced from the oligomerization of olefins over
phosphoric acid has been ®idely reported (Ipatieff et al., 1935; Egloff,
1936; Ipatieff & Corson, 1936; Sullivan et al., 1935; Ipatieff, 1935a;
Ipatieff & Pines, 1936; Ipatieff and Schaad, 1938; Shanley & Egloff,
1939; Ipatieff & Schaad, 1948; Reinert & Egloff, 1948; Steffens et al.,
1949; Langlois, 1953; Bethea & Karchmer, 1956; Langlois & Halkey, 1951;
Egloff & HReinert, 1951; M°Mahon et al, 1963; Ebeid et al., 1976). Since
the quality of the fuel in terms of ASTM (or SABS) specifications was
not a primary objective of this study and due to the wealth of

information, the ASTM quality of the fuel will not be examined.

6. Dew point of water in the fesed versus time

Control of the rater content in the reactor was essential in fixing the
H3PO4 strength inside the reactor. The monitoring of the dew point of

the water contained in the feed was therefore critical. Figure 3.24

BL/HR



175

shows the change in measured dewpoint with time. The high initial
dempoint was not due to the water in the feed, but was due to moisture
that had built up on the probe and tube walls around the probe between

experiments. The settled value was equivalent to about 103% H3POa.

7. Feed composition versus time

Feed samples were analyzed as often as product samples in most cases.
The propene concentration in the feed was found to vary between 98.6 and

98.8 % (mole %) with an average of 98.6 %,

3.4.2.2 Mass balance over the reactor system

Due to the sensitivity of reaction rate to the mass balance, especially
at low conversion, it was essential to ensure that any masses that could
be accounted for were done so correctly and accurately. The mass balance
equations were FWritten as a computer program on a SPERRY UNIVAC 1100

mainframe computer. The following is a summary of the program functions:
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a
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O 266. 1
263. +
+— } t } }
0.0 12.0

3.0 6.0 9.0
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1. To read in the necessary data
2. To calculate compressibility factors for the
following:
(1) The gas mixture in the reactor at steady state

(2) The tail gas
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To perform a mass balance over the reactor
To calculate florrate versus time data

To calculate conversion versus time data

[s S ) B A YY)

To determine the concentrations of the reactants and

products inside the reactor at steady state (grouped

according to carbon number)

7. To calculate the rate of propene disappearance versus
time an stream.

8. To calculate the average reaction rate, propene

conversion etc and the deviations from the mean.

(1) To print out the results.

A more detailed description of the procedure followed by the program is

given in Appendix K.

3.4.2.3 Catalytic activity of the empty reactor

The reactor body was made of 316 stainless steel and the Helicoflex seal
consisted of an inconel x 750 spring which was double lined with copper.
The activity of the reactor system was carefully measured under two sets
of conditions using propene and one set of conditions using iso-butene.
In the first case, for propene, the reactor was maintained at 503 K
(maximum temperature used under reaction conditions), 1.53 kPa and 2000
R. P. M. Propene was fed at 40g/hr and water was introduced such that, had
there been catalyst in the reactor, the H3iPOasa concentration would have
been maintained at the 108% level. In the second case With propene only
the amount of wWater injected was changed. Here water was injected such
that, had there been catalyst in the reactor, the HiPOs concentration
Would have been maintained at the 102% level. The iso-butene run was
carried out under the same conditions as the first propene run described

above.

In all three experiments, ®mhich were carried out over 6 hours, no

detectable activity of the empty reactor mas observed.

3.4.2. 4 Reproducibility and steady state behaviour of experiments

1. Acid concentration

Initially many problems were experienced with both the steady state
behaviour of the reactor system and the reproducibility of experiments.
It "as as a direct result of the H3POs concentration that the system
behaviour was unstable. FHRith control and measurement of the acid

concentration the steady state behaviour of the system improved
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dramatically and could have been considered to be excellent. Examples of
system stability (measured in the form of reaction rate) versus time on
stream for two runs where the acid concentration w®as controlled and
uncontrolled (no water addition and hence gradual dehydration of the
catalyst) are shown in Figure 3.25. Different feed concentrations were

used for each of these experiments.

0.12+
0.09
0.06
0.03
RUN TYPE
O®=UNCONTROLLED H3PO4
A= T P04
0.00 4 CONTROLLED  H3PQ
] ! } 4 ! i
I ) L ] 1 1
0.0 12.0 18.0 24.0 30.0

“TIME ON STREAM, HRS

FIG 3.25 STERADY STATE BEHAVIBUR OF THE INTERNAL

RECYCLE REACTOR: THE EFFECT OF
CONTROLLING RACID CONCENTRARTIGN

The gradual increase in the activity of the uncontrolled H3POs
concentration run was not entirely unexpected. The gradual loss in water
resulted in a higher Hz:POs4 concentration and hence an 1increase in
activity, The dehydration would have, however, ultimately resulted in a

more rapid deactivation of the catalyst.

2. Hater balances

Considering the 1importance of acid concentration control it was decided
to carry out a water balance over the reactor. The determination of the
acid concentration and its relation to water content in the reactor is
described in detail in Section 2.3.3.3. An example of the dew point
response versus time on stream is shown in Figure 3.24 of Section

3.4.2. 2.
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The water balance was determined by measuring the dew points of the
water in the feed and in the exit tail gas during the steady state
period of a particular set of runs. The water content of the liquid
product mas analyzed on a Metrolin semi-automatic analyzer using the
Karl-Fischer technique. The balance was performed on t®ro separate runs.
The results are listed in Table 3.9. The masses shown are based on ®hat
was fed over a 4 hr period during both experiments which were performed

at identical conditions.

Table 3.9 Rater balance over the internal recirculation reactor.

Rater in Rater in Rater in Mass
feed tail gas liquid product Balance
Run no. gx107 gx10°? gx10? %
1 84. 1 73.0 10. 8 99. 7
2 82.3 71.1 10. 4 99, 2

The results indicate excellent w®ater balances over the reactor system
and also indicate that the bulk of the water in the exit remains as a

vapour in the tail gas.

3. Control of operating variables

In obtaining accurate and reproducible data, good and stable control of
all operating variables such as catalyst mass, temperatures, pressures,
mass losses, impeller speed, flowrates, acid concentrations and feed

composition is essential.

Rith practice and experience the accurate control over reactor
temperatures and pressures, feed flowrrates, impeller speeds and catalyst
mass proved quite straight-forward. Feed mixtures were made up
accurately from pure component feeds and regular analysis during
experiments enabled accurate determination of the compositions. The mass
balance has been determined in detail 1in Section 3.4.2.2 and both the
effect and control of HiPOs4 concentration has already been discussed in
that section. Good control of the above variables not only provided
excellent (stable) steady state behavior of the system, but resulted in

reasonable reproducibility of experiments.
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4., System induction time

Due to the relatively large volume of the reactor and the changing
conditions during the first fews hours of operation (such as the changing
acid concentration, changing reactor temperature and the condensation of
products in the magnedrive shaft) the system exhibited an induction
period before attaining steady state. The example of reaction rate
( propene disappearance) versus time on stream in Figure 3.26 is a very
representative example of the time required for the system to reach its
steady state. The time required to reach steady state wmas generally

about & to 7 hours.

The result in Figure 3.26 also shows that the steady state value
obtained after & to 7 hours w~as maintained and was not a temporary
steady state period. Several other runs wmhich wWere operated for up to 30
hours have shorn similar results indicating that the system had indeed

stabilized completely after the first 6 to 7 hours.

5. Reproducibility of experiments

Figure 3.27 shows the reproducibility of three reactor runs all carried
out under the same conditions. These experiments were carried out after
the reactor had been completely characterized, i.e., the system =was
stable, mass balances wWere all within 3 % and all reactor operating
' variables were controlled accurately and with good stability. It can be
seen from Figure 3.27 that the reproducibility is satisfactory with a
maximum steady state deviation between the rates of about & % The feed

used was an 80: 20 propene-propane mixture.

3.4.2.5 Equilibrium conversions and phase equilibria

The methods used to obtain equilibrium compositions and phase equilibria
are described in detail in Sections 2.4.9 and 2.4.10. It was pointed out
in Section 2.4.9 that free energy and heat of formation data for the
longer chain 1length branched alkenes is limited. The examination of the
straight alkene data (Figures 2.11, 2.12 and 2.13 of Section 2.4.9),
horever, indicates quite clearly that at the higher pressures used in
the kinetic experiments (1.55 to 1.65 MPa) the reaction of propene to
completion is thermodynamically favourd. In the kinetic experiments the
conversions Rere kept as low as possible. In some cases significantly
higher conversions than desired (>50%) were wused, e.& , in the high
H3POs« and high temperature experiments. In general, for most of the

experiments, conversions of between 20% and 30% were maintained.
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The phase diagram in Figure 2.17 of Section 2.4.10 is representative of
a propene and iso-butene feed (initial molar ratio of propene: iso-butene
was approximately 2:1) and related products mixture. The products are
representative of a 41% conversion of iso-butene and a 19% conversion of
propene. From Figure 2.17 it can be seen that at approximately 1.6 MPa
( pressure of the kinetic experiments) and above 430 K, no liquid phase
is present. The bulk of the kinetic experiﬂ%&;s were performed at either
similar or lower conversions and also at lower temperatures, indicating
that in these cases no liquid phase was present. In some of the more
stringent kinetic experiments where higher conversions wWere obtained

(such as those at the high H3iPO« concentrations) it is possible that

some liquid phase may have been present.

3.4.2.6 Mass transfer with reaction

It was noted in Section 3.1.1 that if intra-particular transport effects
are present then it is likely that the concentration gradient within the
catalyst particle will be more serious than the temperature gradient.
The significance of intra-particular transport effects can therefore be

determined by examining the significance of intra-particular diffusion.

The other significant transport problem is transport across the gas
film. It was also pointed out in Section 3.1.1 that if experiment shows
that that gas phase resistance 1is absent then we may expect the
temperature to be that of its surrounding fluid, and hence isothermal

conditions may be assumed to prevail (Levenspiel, 1972).

If it can be shown therefore that intraparticular mass transfer and bulk
gas phase mass transfer (interphase) are absent in a certain operating
region then the reaction rates found in this region can be regarded as
being the intrinsic reaction rates devoid of any heat and mass transfer

influences.

1. Bulk gas phase (interphase) mass transfer

Tro sets of experiments were carried out, one at a high H3PO.
concentration and the other at a low HiPOs concentration. In both sets
of experiments the impeller speed Was varied between 800 and 2000. This
has the effect of changing the superficial gas velocity w®ithout

affecting the catalyst to feed ratio. The conditions used for both sets
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of experiments are shown in Table 3.10. The results are shown in Figures

3. 28 and 3. 29.

Table 3.10 Experimental conditions for bulk g&as phase mass transfer

experiments.
Set 1 Set 2

Catalyst: mass, g 6. 00 6. 00

size, um 106-180 106-180

H3iPOs conec, % 101.5 and 101.2 109.5
Feed: composition 99% propene 99% propene

flowrate, g¢*hr-1 38-40 38-40
Reactor: temperature, K 4oy 478

pressure, MPa 1.53 1.53
Impeller speed, rpm variable variable

The results in Figure 3.28 show that the reaction rate no longer
increases at impeller speeds above approximately 1800 rpm. The data

point at 2000 rpm represents the identical value obtained from two

independent runs (100% reproducibility). The results in Figure 3.29
indicate that the rate remains approximately constant above an impeller
speed of about 1600 rpm. The operating conditions for the set of
experiments 1in Figure 3.29 represent the most extreme conditions
encountered in the kinetic study. This implies that the significance of
bulk gas phase mass transfer (interphase mass transfer) is negligible

above an impeller speed of 1800 rpm.

2. Intraparticular diffusion

Two sets of experiments were carried out to examine the significance of
intraparticular transport by varying the catalyst particle sizes. The
conditions used are listed in Table 3.11 and the results are shown in

Figures 3. 30 and 3. 31.

The results in Figure 3. 30 indicate clearly that the reaction rate does
) ) mm

not increase at particle sizes below a range of 0.2 to 0.3 sm at these

conditions. The conditions used for these experiments encompass the

conditions used in most experiments. There Were however some experiments
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Table 3. 11 Experimental conditions used for intraparticular diffusion
experiments.
Set 1 Set 2
Catalyst: mass, § 6. 00 6. 00
size, um variable variable
H3PO4 conc, % 101.2 and 101.5 114
Feed: composition 98. 6% propene 98. 6% propene
flowrate, gehr ! 38-u0 38-40
Reactor: temperature, K 4oy 477
pressure, MPa 1.53 1.83
Impeller speed, rpm 2000 2000

that used more extreme conditions (higher H3POs concentrations and
temperatures) than those used to generate Figure 3. 30. The experiments
of Figure 3.31 encompass even the most extreme of cases. The results
show that the reaction rate remains approximately constant belor a
particle size range of 106-180 microns (1log=-0.84). This demonstrates
that intraparticular transport is insignificant for size ranges equal to
or smaller than 106-180 um.

In summary, if the reactor system is operated at an impeller (internal
blower) speed of 1800 rpm or higher and with a catalyst size fraction
equal to or greater than 106-180 pm at conditions as extreme as or less
extreme than those used here then the effects of interphase transport
and intraparticular transport on the reaction rate are insignificant. In
these regions the reaction rate can be regarded as the intrinsic

reaction rate.

It should be pointed out that to avoid fouling of the impeller inside
the reactor the maximum impeller speed that could be used was 2200 rpm.
For this reason it Ras decided not to use an impeller speed of more than
2000 rpm. Aith respect to the catalyst size fraction it was found that
at sizes below 75 to 90 microns catalyst spillage became a problem. The
best choice of catalyst size fraction is obviously the largest possible
size (lower pressure drop through bed) that 1is not accompanied by
intraparticular effects. The size fraction chosen was the 106-180 um

fraction.

The system pressure chosen for all experiments was approximately 1.5
MPa. This was chosen by determining the highest pressure that could be

used without the problem of condensation of liquid products inside the
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reactor. In some of the higher conversion experiments this did prove to

be a problem.

3. Estimation of recycle ratio

The recycle ratio in the reactor under normal operating conditions is
estimated using the Leva pressure drop equation as described in Section
3.5. The reactor conditions used are those described in Table 3.11 with
a catalyst size fraction of 0.106-0.180 mm. The maximum theoretical head
generated is equal to 1811 cm of propene (assumed pure propene). The
voidage fraction is equal to 0.3 and the shape factor is taken as 0.9.

From the Leva equation the superficial gas velocity is calculated as:

U = 15.4 cmes™ !
The density of propene in the reactor under these conditions is equal to
1.735x10"2 gecm® and hence at a feed flowrate of 40 gehr ! the recycle

ratio (R) is equal to 38.

This is significantly higher than the minimum of 20 (Berty, 1974) or 25
(Li et al., 1980; Carberry, 1964) required for perfect mixing.

3.4.3 Preliminary Results

Due to the initial delay in the delivery of the hygrometer, which was
used to determine accurately the dew points of water in the reactor
feeds, it was decided to carry out a preliminary investigation into the
qualitative effects of the ortho-phosphoriec acid concentration,
determined by the vapour pressure of the water in the reactor, on the

reaction products and reactor system behavior

It has already been pointed out in Section 3. 4. 2.4, that control over the
acid concentration is essential 1in obtaining reproducible and stable
steady state behavior of experiments. It has also been shorn by other
workers in the field (McMahon et al., 1963) that the reaction rate

increases strongly Rith an increase in the acid concentration.

Six experiments were carried out at the reaction conditions shown in
Table 3.12. The hydration level of the catalyst (H3POs« concentration) in
each of the six experiments was varied as indicated below., Estimates of

the H3PO4 concentration are given in brackets in each case.
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Table 3.12 Experimental conditions used to examine the effect of

catalyst hydration on reactor behavior.

Catalyst size, pm 106-180
mass, & 6. 00
Feed: type 99% propene
flowrate, gehr! 38-~40
Reactor: pressure, MPa 1.53 (abs)
temperature, K 4oy
Impeller speed, rpm 2000
HiPOs concentration, % unknown but variable
Run 1. The catalyst was loaded into the reactor "as 1is” and the

experiment carried out. No water was injected during the run ( ZH3POa

gradually increasing throughout run).

Run 2. Here the catalyst was "dried” 1in the reactor for 45 hours at
4oy K during which time high purity nitrogen was passed through the
reactor. The reaction was then carried out with no addition of water to

the reactor (%H3POas 2 114%).

Run 3. Here the catalyst was "dried"” for 15 hours as in Run 2 and the

reaction carried out with no addition of water (%H3POs 2 110%).

Run 4, The catalyst was loaded into the reactor and the run was started
Without any pretreatment. Throughout the experiment, however, water was
introduced ®Rith the feed by passing the feed over the water in the water

bath which was held at 313 K ( ¥H3POs = 103-104%).

Run 5. The procedure in Run 4 was repeated but here the water bath was

held at 325 K (XH3POs < 101%).

Run bo. Here the catalyst was dried in the reactor for 64 hours.
Following this the run was started, throughout which the water bath was

held constant at 313 K (%HiPOs = 103-104%).

For each of these experiments, reaction rates versus time on stream are
shown in Figure 3.32 and the major oligomer products are shown in Figure
3.33. Only the trimer and tetramer are shown since, firstly, these are
the major oligomer fractions and secondly, to limit congestion on the

graphs. Only the product spectra of runs 1, 3 and 6 are shown.



188

0.18 4 RUN TYPE RUN
®=CATALYST USED AS 1S 1
&=CAT DRIED: 45 HRS 2
+=CAT DRIED: 15 HRS 3
= oas4+ X=N@ PRETREAT: WATER BATH AT 313 K 4
o N ©=N@ PRETRERT: WATER BATH AT 325 K &
((5’ £=CAT DRIED: 64 HRS; BATH AT 313 K 6
* 0.2+
4
T
~
_10.004+
=
=
'Y 0-06"’"
Ll —
}_— N
(-
& 0-03
0.00+
| H 1 i 1 { 1
¥ 1 1 I | i 1
0.0 3. 12.0 5.0 18.0

0 6.0 8.0 1
TIME ON STREAM, HRS
FIG 3.32 THE EFFECT OF HYDRATION OGN REACTIGN RATES

70.0+
/
N 60.0+
=z
o 50.0+
p—
— GLIGOMER RUN NO.
0 O®=TRIMER 1
O 0.0t A=TRIMER 3
& +=TRIMER 6
™ X =TETRAMER 1
®=TETRAMER 3
L] 30.0 # =TETRAMER 6
_J
©
> 20.0+
10.0+
1 1 | H 1 1 )

0.0 4. 12.0 16.0 0.0 24.0

0 8.0 2
TIME ON STREAM, HRS
FIG 3.33 THE EFFECT OF HYORATION ON PROOUCT SPECTRA



189

From runs 1, 2 and 3 (Figure 3.32) it can be seen that steady state
behavior was not been obtained after 10 hours on stream. In run 1 the
activity was quite stable for the first few hours but jumped quite
dramatically after approximately 4.5 hours on stream. This is possibly
due to the loss of rater from the system which results in an increase in
the HiPOs concentration. In Run 2 where the catalyst was "dried" for 45
hours the initial high activity mas to be expected due to the very high
H3P0Os4 concentration. The high concentrations, however, resulted in the
formation of polyolefinic tars which coated the catalyst and reduced its
activity (McMahon et al., 1963). The dehydration of the orthophosphoric
acid also yields a series of acids of variable P20s content (Jameson,
1959). The rapid deactivation 1is therefore expected. The lower initial
activity of Run 3 compared with Run 2 is expected, since, due to the
shorter "drying" period, the initial H3POs concentration is lower.

A comparison between Runs 4 and 6 indicates that despite the 64 hour
"drying" period (Run 6), once rehydrated, it appears as though the

expected H3POs concentration Was re—-established completely.

Run 5 1indicates, as expected, that at the higher hydration level (lorer

H3POs concentration level) the activity of the catalyst was lowered.

Comparing the product spectra of Run 1 with Run 3 it would be expected
that if the differences between the spectra were due solely to the
conversion levels then the product spectra would be quite similar from
about 8 hours on stream until the end of the Runs. Despite the fact that
the product concentrations are still changing during this period it

appears that the product spectra are becoming quite similar.

3.4. 4 Propene 0Oligomerization Experiments

The primary function of the propene oligomerization studies w®Was to
obtain intrinsic kinetic data that could be used, in the first instance,
to develop a rate equation relating the rate of disappearance (by
reaction) of propene to its reactor concentration, the reactor
temperature and the phosphoric acid (H3POs4) concentration and in the
second instance to develop a kinetic model Rhich wWould relate the rate
of production of the primary products to the propene reactor

concentration, the reactor temperature and the H3iPO« concentration.

For these purposes kinetic data wRere obtained at various:
1. propene reactor concentrations;
2. temperatures; and

3. H3POs4 concentrations.
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For each set of experiments the folloring results are reported here

either in tabular or graphical form:

1. Rate of propene disappearance versus its reactor concentration and,
at each propene concentration, the reactor concentrations of the

products (grouped according to carbon chain length).

2. Plots of the rate of propene disappearance versus either its reactor

concentration, the reactor temperature or the BiPOs acid strength.

3. A plot of the product reactor concentration versus the propene

reactor concentrations.
In this section only the raw data are shown either in tabular or
graphical form. The wmorkup and modeling of the data is described in

Section 3. 5.

3.4.4.1 The effect of propene concentration at 103% H3POs concentration

Several experiments were carried out by varying the propene feed
concentration and maintaining all other conditions constant. The

conditions used are listed in Table 3.13

Table 3.13 Experimental conditions used to determine the effect of

varying propene concentration.

Phosphoric acid catalyst:

mass, & 6. 00
size, microns 106-180
HaPOs« concentration, % 103
Feed:
type propane/propene
flowrate, g/hr 38-u41
HESV, h™! 6.3-6.8
Reactor:
temperature, K 464
catalyst bed temperature, K Loy
temperature outside bed, K boy
pressure, HPa 1.53 (abs)
impeller speed, rpm 2000

The inlet feed concentration was varied by diluting with propane., The

mass balances on propane indicated that wunder the reaction conditions
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used in these experiments there was very little or no alkylation or
propene hydrogenation and hence these reactions may be ignored. It is
possible that good propane balances wmere the result of equal amounts of
alkylation and propene hydrogenation. However this is extremely unlikely

given the wide set of concentration ratios of propene and propane used.

Runs with a 5% mass loss or more were discarded. Of the results used the
average mass loss Ras 3.4% with a minimum of O0.8% and a maximum of 4. 83%.
Table 3.14 lists the rate of propene disappearance and product

concentrations as functions of the propene reactor concentrations.

Table 3.14 Internal recycle reactor: product reactor concentrations and
rate of propene reacticn as functions of propene reactor

concs at 103% H3POs.

Propene reactor concs, [mole-1"'}x10°

382 354 299 191 251 273 171 369 289

Feed flowrate, g/hr 40.6 39.1 39.9 38.1 41.1 38.7 38.1 38.1 37.7

Fraction of propene 98.6 93.6 79.4 5u4.1 68.1 73.7 u48.2 99,1 80.8
in feed, mass%

Propene conversion, 264 29.4 24,8 26.9 25.3 26.2 25.7 28.3 29.4
mass®

Mean residence
time, hrs .y .46 . 45 . u8 .4y Y] .48 .47 . 48

Reaction rate
[MOIE/hP/Sca!]X102 y, 2 4.3 3.1 2.2 2.8 3.0 1.9 4.2 3.5

Product concentrations

[molee1"*1x10°

Butenes 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 4.0
Pentenes 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0
Hexenes 4.6 4.2 3.1 1.9 2.2 2.9 1.4 4,3 4.1
Heptenes 0.6 0.6 0.5 0.3 0.4 0.5 0.3 0.5 0.4
Octenes 1.2 1.2 0.9 0.5 0.7 0.8 0.4 1.1 1.1
Nonenes 25,0 26.7 17.6 10.8 14.6 18.7 10.3 27.3 21.%6
Decenes 0.9 0.9 0.7 0.8 0.8 0.7 0.6 0.9 0.8
Un-~deceres 1.1 1.0 0.8 0.5 0.7 0.7 0.5 1.1 0.9
Do-decenes 8.9 10.5 6.8 5.7 6.2 6.0 4.0 9.5 7.7
Tri-decenes 0.0 0.1 0.1 0.2 0.1 0.0 0.1 0.2 0.2
Tetra-decenes 0.1 0.1 0.0 0.2 0.1 0.1 0.1 0.1 0.1
Penta-~decenes 0.8 0.9 0.6 0.5 0.5 0.5 0.5 0.8 0.7
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The rate of propene disappearance with respect to 1its reactor
concentration is plotted in Figure 3.34%. The order ®ill be examined in
detail in Section 3.5. The reactor concentration of the products

relative to the reactor concentration of propene are showrn in Figure

3. 35.

3.4. 4,2 The effect of propene concentration at 114% HiPOa

concentration

To determine the effect of propene concentration at an H3POa
concentration of 114% and a temperature of 464 K, experiments Rere
carried out in a similar manner to those of Section 3. 4.4.1. Experiments
performed at these extremely high acid concentrations resulted in less
stable performance of the reactor system due to the less stable activity

of the catalyst.
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The feed concentration was controlled in a similar manner to that of

Section 3.4.4.1. Runs with mass losses of 5.2% or more were discarded.
The average mass loss was 3.2% with a maximum of 5.2% and a minimum of
1.2%. The rate of propene reaction and product reactor concentrations
are shown as functions of the propene reactor concentration in Table

3.15.

The rate of propene reaction is plotted in Figure 3.36 as a function of

the reactor concentration of propene.

The trend in Figure 3.36 is quite similar to that in Figure 3.34. The
detailed analysis will be examined in Section 3.5. Figure 3.37 shows the
reactor concentrations of the products as functions of the propene
reactor concentrations. Note that the rates at these higher HiPOs.
concentrations are much higher than those at the lower HiPO«

concentrations (Figure 3. 34)
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Table 3.15 1Internal recycle reactor: product reactor concentrations and
rate of propene reaction as functions of the propene reactor

concentration at 114% HaPOs.

Propene reactor concs, (moles1-'1x10°

227 263 177 170 131 129 102 61

Reaction rate,

({mole/hr/gcatlx10? 6.2 7.9 5.3 4.0 3.5 2.8 2.2 1.4
Feed flowrate, g/hr 36.1 44.0 40.6 39.2 39.8 42.4 40.4 u0.2
Propene in feed, % 77.8 84.1 63.2 57.1 47.0 42.3 34.4 21.9

Propene conversion, mass% 56 54 52 45 L7 39 39 4o
Mean residence time, hrs .50 .41 4y . 4o .46 .43 . 45 .46

Product concs,

[moleel”']x10°

Butenes 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0
Pentenes 0.0 0.2 0.1 0.1 0.1 0.0 0.0 0.0
Hexenes 5.2 5.4 3.2 2.3 2.1 1.3 1.0 0.6
Heptenes 1.6 1. 4 0.8 0.5 0.6 0.4 0.3 0.2
Octenes 3.4 3.5 2.2 1.5 1.3 1.0 0.7 0.4
Nonenes 45.8 u8.6 30,3 21.6 17.8 12.0 9.2 6.0
Decenes 3.2 3.5 2.0 1.4 1.2 0.8 0.6 0.4
Un-decenes 3.9 0 2.6 1.7 1. 4 0.9 0.8 0.5
Do-decenes 22.4 24 .3 15.4 11.5 9.9 7.4 6.2 3.8
Tri-decenes 0.6 8 0.4 0.4 0.3 0.2 0.2 0.1
Tetra-decenes 0.4 0.5 0.4 2 0.2 0.2 0.1 0.1
Penta-decenes 1.9 2.0 1.1 0.9 0.7 0.6 0.4 0.2

3.4.4.3 The effect of temperature at 111% H3POs4 concentration

These experiments were conducted at similar conditions to those listed
in Table 3.13 but at an ortho~phosphoric acid concentration of 111% and
using a pure propene (99%) feed. In a similar manner to Sections 3. 4. 4. 1
and 3.4. 4.2, runs with mass losses above 5.2% were discarded. The
average mass loss was 3.5% with a maximum of 5.2% and a minimum of 0. 7%.
The rate of propene disappearance and product reactor concentrations as

functions of reactor temperature are shomn in Table 3. 16.

The rate of propene disappearance 1is plotted as a function of
temperature in Figure 3.38. Examination of the curve indicates that the

rate doubles over approximately &0 K. A similar result mas found by
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Bethea and Karchmer (1956) and Langlois & Halkey (1951) using liquid

phosphoric acid and phosphoric acid on quartz respectively.

The reactor concentrations of the products are shown as a function of

temperature in Figure 3. 39.

Table 3.16 Internal recycle reactor: product reactor concentrations and
rate of propene reaction as functions of reactor temperature

at 111% H3POs.

Reactor temperatures, K

472 508 486 454
Propene concentration, 338 281 299 374
{moles1”'1x10°
Feed flowrate, g/hr 37.1 42.3 40. 6 39.8
Propene in feed, % 98. 8 98. 8 98. 8 98. 8
Propene conversion, mass$% 48.8 65. 3 60. 4 33.7
Mean residence time, hrs .48 .42 .4y . 45
Reaction rate,
[mole/hr/gcat)x10? 7.1 10.8 9.6 5.3
Product concentrations,
{mole~1"')x10°
Butenes 0.0 0.0 0.0 0.0
Pentenes 0.0 0.0 0.0 0.0
Hexenes 8.2 17.7 13.7 3.5
Heptenes 2.3 7.5 4.3 0.8
Octenes 3.9 9.1 6.0 1.6
Nonenes 54,7 92. 4 78.1 31. 4
Decenes 2.9 §.1 .0 1.9
Un~decenes 3.1 5.9 y. .7 1.4
Do-decenes 22.7 30.3 30. 1 15.5
Tri-decenes 0.6 1.0 0.6 0.3
Tetra-decenes 0.4 0.8 0.6 0.2
Penta-decenes 1.9 2.0 2.5 1.3
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3.4.4.4 The effect of temperature at 102% H3POa

A similar set of experiments was conducted to those in Section 3.4.4.3
but at an H3POs concentration of 102%. A pure propene feed (99%) wras
used. No run had a mass loss of greater than 3.9%. The average mass loss
was 1.2% with a minimum of 0% The rate of propene disappearance and
product reactor concentrations as functions of reactor temperature are

listed in Table 3.17.

Table 3.17 Internal recycle reactor: product reactor concentration and
rate of propene disappearance as functions of reactor

temperature at 102% H3POs.

Reactor temperature, K

4oy 473 453 443

Propene concs, [moleel”!1x10Y 371 371 381 390

Reaction rate, [mole/hr/gcatlx10? 3.8 4,2 3.4 2.9

Feed flowrate, g/hr 36. 1 36.8 37.6 35.9

Propene in feed, mass#® 99, 2 99.1 399.1 99,1

Propene conversion, % 27.7 27.2 26. 3 23.0

Mean residence time, hrs . 49 .47 . u8 .47
Product concs, [moleel”*1x103

Butenes 0.0 0.0 0.0 0.0

Pentenes 0.0 0.0 0.0 0.0

Hexenes B .2 4.9 2.9 1.6

Heptenes 0.5 0.6 0.3 0.2

Octenes 1.0 1.1 0.7 0.4

Nonenes 27.5 26. 3 22.0 18. 8

Decenes 0.8 0.7 0.7 0.6

Un-decenes 1.1 0.9 0.6 0.7

Do-decenes 9.0 7.6 7.8 7.3

Tri-decenes 0.1 0.1 0.1 0.1

Tetra-decenes 0.1 0.1 0.0 0.1

Penta-decenes 0.7 0.6 0.6 0.6

Similar plots to those in Figures 3.38 and 3.39 are shown in Figures
3. 40 and 3. 41, The relationship between the rate of propene
disappearance and reactor temperature in Figure 3. 40 can be seen to be
very similar to that in Figure 3.38 with a forecasted doubling in the

rate over a temperature rise of 50 K.
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3.4.4.5 The effect of ortho-phosphoric acid (H3P0s4) concentration using

a pure propene feed.

Similar experiments to those carried out in Section 3. U4.4.5 were carried
out at U464 K but with a pure propene feed and covering a much wider
range of H3POs concentrations. The average mass loss over a five run
series was 1.3% with a minimum of 0.8% and a maximum of 5.0%. The
results are tabulated and plotted in an identical manner (Table 3.18 and

Figures 3. 42 and 3.43) to those of Section 3.4.4.5.

Table 3.18 Internal recycle reactor: product concentrations, propene
concentrations and reaction rate as functions of H3iPOas

concentration for a pure propene feed.

H3POs concentration, %

104. 5 106. 4 107 102 103
Propene concentration, 357 355 347 37 368
(mole+1-'1x10°3
Reaction rate,
(mole/hr/gcat)x10° 4.9 5.5 5.8 3.5 4.0
Feed flowrate, g/hr 36.0 37.7 36. 7 36.1 37.8
Propene in feed, mass% 99. 1 99. 7 99. 7 99.1 99.1
Propene conversion, % 34. 0 36. 4 39. 4 28.2 29.3
Mean residence time, hrs .49 .47 .48 . 49 . 47
Product concentrations,
[molee1”'x10%]
Butenes 0.0 0.0 0.0 0.0 0.0
Pentenes 0.0 0.0 0.0 0.0 0.0
Hexenes 4.9 5.6 5.4 4.1 4.2
Heptenes 0.8 0.9 1.1 0.5 0.5
Octenes 1.5 1.7 2.0 1.0 1.1
Nonenes 31.3 34.5 38.5 27. 4 27.6
Decenes 1.5 1.6 2.0 0.8 1.0
Un—~-decenes 1.8 2.0 1.8 1.1 1.3
Do~decenes 12.1 13. 4 15. 6 9.0 9.7
Tri-decenes 0.2 0.3 .3 0.1 0.2
Tetra-decenes 0.2 0.2 0.2 a.1 0.1
Penta-decenes 1.1 1.2 1.2 0.7 0.9
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3.4. 4. 6 Low conversion experiments

Tro experiments rere carried out at low conversions primarily to examine
the effect of conversion on liquid fuel composition. The experiments
were carried out by varying the mass of catalyst. A comparison betwreen
the data obtained is listed in Table 3.19. There were some variations in
the acid strengths between these experiments with the acid strength
varying betrReen 102.5% and 104%. The results depicted in Table 3. 22 have
been adjusted to the same acid strength egquivalent of 104%. Figure 3. 44
shoRs a comparison between the major oligomer fractions of each

experiment as functions of the degree of conversion.

Table 3.19 Product spectra, reaction rate and propene concentration as

functions of propene conversion.

Propene conversion, %

5.0 13.7 32.0
Catalyst mass, g 1.0 3.0 6.0
Propene conc,{mole«l”'1x10°? 372 367 360
Reaction rate,[mole/hrlgcatlx102 4.9 4. o6 4, 7
Product concs, (mole+1”'1x10°?
Butenes 0.0 0.0 0.0
Pentenes 0.0 0.0 0.0
Hexenes 0.3 2.0 4.7
Heptenes a.0 ag.2 0.7
Octenes 0.0 0.4 1.3
Nonenes 3.7 12.1 30.2
Decenes 0.1 0.3 1.3
Un-decenes 0.2 0.6 1.6
Do~decenes 1.5 3.6 11.0
Tri-decenes 0.0 0.0 0.2
Tetra-decenes 0.0 0.0 0.2
Penta-decenes 0.1 0.3 0.9
3.4.5 1-Butene Oiigomerization Experiments

The primary function of these experiments was similar to that of the
propene experiments, namely, to develop a rate equation relating the
rate of reaction of 1-butene to process variables and to develop a
kinetic model which would relate the rate of reaction of 1-butene and

the rate of production of products to process variables.
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The following sets of data were obtained:
1. Rate-concentration data at different 1-butene concentrations.
2. Rate-concentration data at different temperatures.

3. Rate-concentration data at several H3zPOs concentrations.

The raw data are reported in the folloring form:

1. Tables of either 1-butene concentrations, temperatures or acid

concentrations as functions of product concentrations and rates of

reaction of 1-butene.

2. Plots of the rate of 1-butene reaction as a function of either

1-butene reactor concentrations, reactor temperatures or acid

concentrations.

3. Plots of product reactor concentrations versus either 1-butene

reactor concentrations, reactor temperatures or acid concentrations
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Only the data in its raw form will be presented in this section.

Analysis and modeling of the data will be described in Section 3.5.

The non-variable experimental conditions used throughout these

experiments are listed in Table 3. 20.

Table 3.20 Conditions used for the oligomerization of 1-butene.

Phosphoric acid catalyst:

mass, & 6. 00
size, microns 106-180
Feed:
composition propane/1-butene
flowrate, gehr™! 38-42
RHSY, hr! 6.3-7.0
Reactor:
pressure, MPa 1.53
impeller speed, rpm 2000

In a similar manner to the propene experiments, feed concentration wras
controlled by diluting with propane. Propane balances were good,
indicating little or no alkylation. No 1-butene hydrogenataion was

observed from GC analysis.

In general, product chain 1length was shorter than that of propene and
hence there was even less condensation in the magnedrive shaft. The
solubility of the monomer was significantly higher than that of propene,
and hence greater care had to be taken with the product analysis to

ensure accurate determination of the dissolved gas content.

3.4.5.1 The effect of 1-butene concentration

Experiments were carried out by varying the 1-butene concentration (by
diluting the feed with propane) and maintaining all other process
conditions constant. The temperature was maintained at 464 K and the
acid concentration at 103%. The average mass loss was 1.7% w®ith a
maximum of 3.3% and a minimum of O0.4%  Table 3.21 1lists the rate of
1-butene reaction and the product concentrations as functions of the
1-butene reactor concentration. In the product concentrations £ Table

3.217 the concentration of any propane or propene (resulting from
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Table 3.21 Internal recycle reactor: product reactor concentrations and
rate of 1-butene reaction as functions of 1-butene

concentrations,

1-Butene reactor concs, [molesl”'1x10°

115 375 225 122 378 229 162

Reaction rate,

(mole/hr/gcat1x10? 1.7 5.6 4.7 1.8 5.9 3.8 2.6
Feed flowrate, g/hr 37.1 38.0 u40.8 38.5 38.7 38.0 38.86
1-butene in feed, mass% 1.3 99.1 76.0 43.5 99. 8 73.6 56.0
1-butene conversion, % 36. 6 49.8 50.9 36.9 51.0 45.2 40.7
Mean residence time, hrs . 60 .70 . 60 .58 .69 . by . 60

Product concentrations,

{moles1”*1x10°

Pentenes 0.0 0.0 0.0 0.0 0.0 0.0 0.0
Hexenes 0.4 3.0 2.2 0.4 3.2 2. 4 0.9
Heptenes 0.3 2.6 2.0 0.4 2.7 1.8 8.6
Octenes 21.0 130 79.4 23.9 134 62. 3 36.0
Nonenes 1.4 6.4 3.8 1.3 6.8 3.4 2.1
Decenes 0.9 4.3 3.0 0.9 4.6 2. 4 1.5
Un-decenes 0.7 2.6 1.8 0.5 2.7 1.4 0.8
Do-decenes 4.7 21.2 13. 4 4.6 24. 3 11.3 7.0
Tri-decenes 0.0 0.0 0.0 0.0 0.0 0.0 0.1
Tetra-decenes 0.0 0.0 0.0 0.0 0.4 0.0 0.0
Penta-decenes 0.0 0.4 0.3 0.0 0.0 0.1 0.0
Hexa~-decenes 0.4 1.7 1.3 0.5 1.7 1.4 0.9

cracking) is not reported since these peaks on the chromatograph would
be swamped by the large propane peaks present in most cases. Figure 3. 45
shows the rate of 1-butene reaction as a function of the reactor
concentration of 71-butene. The reaction order will be examined in detail
in Section 3.5. The reactor concentration of the products relative to
the 1-butene concentration are shown in Figure 3. 46. A comparison
between Figures 3.46 and 3.43 highlights the lower boiling polymer of
the 1-butene.

3.4.5.2 The effect of temperature

To examine the effect of temperature, experiments were carried out at

similar conditions to those 1listed in Section 3.4.5.1 but using a pure
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1-butene feed (99%), an acid concentration of 103% and varying the
temperature over a 40 K range. The average mass loss mas 2.7% with a
maximum of 5.1% and a minimum of 0.3% The rate of 1-butene reaction and
product reactor concentrations are shown as functions of reactor

temperature in Table 3. 22.

Table 3.22 Internal recycle reactor: Product reactor concentrations,
1-butene reactor concentrations and reaction rates as

functions of reactor temperature.

Reactor temperature, K

465 42y 433 454 4y7
1-butene concentration,
(moles1”'1x10° 375 455 446 411 423
Feed flowrate, g&/hr 38.0 40. 7 38.9 40.7 39.8
1-butene in feed, mass% 99.1 99. 3 96. 3 99.3 99. 3
1-butene conversion, 2% 49.8 13.0 18.8 37.7 29. 4
Mean residence time, hrs .70 . b5 .68 . 65 . b7
Reaction rate,
(mole/hr/gcatlx10? 5.6 1.6 2.2 4.y 3.7
Product concentrations,
(moleel1”'1x103
Pentenes 0.0 0.0 0.0 0.0 0.0
Hexenes 2.9 0.2 0. 26 1.2 0.9
Heptenes 2.5 0.3 0.4 1.5 1.1
Octenes 130 21.1 32.7 85.1 76.0
Nonenes 6. 4 1.1 2.0 i, 3 3.7
Decenes 4.3 0.9 1.5 2.8 2.5
Un-decenes 2.6 0.5 0.8 1.6 1.5
Do-decenes 21.3 5.4 7.7 13.5 12. 4
Tri-decenes 0.0 0.0 0.0 0.0 0.0
Tetra-decenes 0.0 0.0 0.0 0.0 0.0
Penta-decenes 0.4 0.1 0.1 0.0 0.0
Hexa-decenes 1.7 0.5 0.7 1.2 1.0

The rate of 1-butene disappearance 1is plotted as a function of
temperature in Figure 3. 47. The reactor concentrations of the products

are shown as a function of temperature in Figure 3. 48.
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3.4.5.3 The effect of acid concentration

Several experiments Rere carried out over a range of H3POa
concentrations using a pure 1-butene feed. The experiments were carried
out at the conditions listed in Table 3. 20. A temperature of 446.5 K was
used. The average mass loss was 3.3% rRith a maximum of 3.7% and a

minimum of 3.0%. The results are shown in Table 3. 23.

Table 3.23 Internal recycle reactor: product concentrations, reaction
rates and 1-butene concentrations as functions of HiPOas

concentration.

H3POa concentration, %

106 102 103 104
1-Butene concentration,
[moles1”'1x10° 394 432 423 392
Reaction rate,
[mole/hr/gcatlx10? 5.3 3.4 3.7 4.4
Feed flowrate, g/hr 39. 4 40.0 39.8 39.4
1-butene in feed, mass% 99. 8 99. 8 99. 3 99. 4
1-butene conversion, % 45.5 2R8.8 29. 4 34.8
Mean residence time, hrs .67 .67 . b7 .67
Product concentrations,
[molesl '1x103
Pentenes 0.0 0.0 0.0 0.0
Hexenes 2.1 0.6 0.9 1.3
Heptenes 2.1 0.8 1.1 1.5
Octenes 115 61.6 76.0 94. 0
Nonenes 6.0 2.7 3.7 4.6
Decenes 3.9 1.7 2.5 2.9
Un-decenes 2.1 1.0 1.5 1.6
Do-decenes 17.0 10. 2 12. 4 14.6
Tri-decenes 0.2 0.2 0.0 0.0
Tetra—-decenes 0.2 0.1 0.0 0.0
Penta-decenes 0.0 0.0 0.0 0.0
Hexa-decenes 2.5 1.2 1.0 1.8

The rate of disappearance of 1-butene as a function of HiPOs acid
concentration is shown in Figure 3. 49. The product concentrations are

shoAn as functions of the H3POs« concentration in Figure 3.50. A
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comparison between Figures 3.42 and 3.50 shows that the rates of
reaction of 1-butene and propene have similar dependencies on the
ortho-phosphoric acid concentration. Run times were 1long enough to
obtain steady state but not long enough for the catalyst to start

deactivating.

3.4.6 The Oligomerization of Iso-Butene

It ras originally intended to study the kinetics of the oligomerization
of iso-butene in a similar manner to that of propene and 1-butene.
However, due to the extremely high reactivity of the iso-butene over
phosphoric acid at the experimental conditions of interest, extremely
small quantities of catalyst had to be used to provide conversion levels
that could be regarded as reasonable for kinetic studies. As a result
two additional problems arose. Firstly due to the very small mass of
catalyst, reproducibility problems became significant not only due to
the problems of some catalyst spillage (despite the fact that the
catalyst wmas dispersed amongst 300 um glass beads) but also due to the
difficulty in obtaining a consistently representative sample. The second
problem was the catalyst lifetime, when compared to the other feeds wras
dramatically reduced. This was not unexpected since the total liquid
production per gram of catalyst was of the order expected, viz., it is
possible that the high reactivity of the iso-butene could have resulted
in the rapid formation of long chain polyolefinic tars which could have

coated the catalyst and hence resulted in its deactivation.

It was clear from the results that rere obtained that reliable kinetic
data for the iso-butene/phosphoric acid system could not be obtained
under these conditions. It was therefore decided not to examine the
kinetics of the oligomerization of iso-butene. The results of a single
experiment are shown below. The reaction rate is estimated at about 2.0
moleshr '+ g.at (rate of iso-butene reaction) at the conditions listed
belor. (This 1is an estimate of the rate during the first fer hours of
the reaction.) This is approximately 50 to 70 times higher than that of

propene and 1-butene at these conditions.

The typical product spectra of an experimental run is listed in Table
3.24. The conditions used for the experiment mere similar to those
listed in Table 3. 20 with the following changes:

feed: 99% iso-butene

catalyst mass: 0.1¢

reactor temperature: 413 K

acid concentration: 108%
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The run wras stopped after seven hours on stream after the conversion

iso-butene had dropped from 31% to 20%. It was found that the prod

of

uct

spectra did not change significantly over this period despite the loss

of activity. The product spectra are listed in Table 3.24 and are showrn

graphically in the form of a bar chart in Figure 3.51.

Table 3.24 Internal recycle reactor: iso-butene product spectra.

Product carbon chain length

Cs Co Crz Ca Co Ci0 C1t Ciz Cia Cis Cis Cis
Mass fraction, % 0 0 0 76.9 O 0 0 22.0 O 0 0 1.1
3.4. 7 The Oligomerization of 1-Hexene
A single experiment Ras carried out using pure 1-hexene as the feed. The
purpose of the experiment was to obtain an indication of the products
obtained and the rate of reaction of the 1-hexene. Due to the high
boiling point of the mixture at 15.3 atmospheres control of the water
concentration in the feed and hence the H3iPOs concentration was
difficult. The conditions used are similar to those listed in Table 3. 20
but ®"ith a reaction temperature of 465 K and an estimated H3POs
80.0+
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concentration of 108%. The 1-hexene conversion, reaction rate,

concentration and product concentrations are listed in Table 3. 25.

Table 3.25 Internal recycle reactor: 1-hexene product spectra and

reaction rate.

Reaction rate, [mole/hr !'/gcat™']x10? 1.0
1-Hexene concentration, [molee1”'1x10° 397
1-Hexene conversion, % 11
Product fractions, mole%
Propene 8.0
Butenes 4.0
Pentenes 9.6
Heptenes 10. 3
Octenes 2.0
Nonenes 2.7
Decenes 4.0
Un-decenes 2.2
Do-decenes 57.3

Due to the onset of catalyst deactivation, the experiment was terminated
after 5.4 hours and the variation in product spectra was slight. The

product concentrations are shown graphically in Figure 3.52.
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3.5 DISCUSSION

The results of the residence time distribution studies together with the
mass transfer studies indicate that mass and heat transfer limitations
can be significantly reduced using the internal gas recirculation reactor
and that good CSTR performance can be obtained in this reactor. The bulk
of the kinetic studies were performed in operating regions where good
CSTR performance and good mass and heat transfer rates (relative to the

rate of reaction) were found to occur.

The modeling of the kinetic data will be carried out in this section from
two points of view. The first 1is the development of a simple rate
equation relating rate of monomer reaction to monomer concentration,
reaction temperature and H3POs concentration. The second is the
development of more complex rate equations relating, not only the rate of
monomer reaction, but also the rate of formation of the oligomeric
products to the monomer concentration in the reactor. The results will be

discussed in the following order:

1. Residence time distribution studies
Mass transfer studies
General qualitative findings

Simple power law modeling of the rate of monomer reaction

woE e

Modeling of the rate of monomer reaction and the rate of product
formation

6. The choice of the best models and their usefulness.

3.5.1 The Residence Time Distribution Studies

These studies, which were developed to indicate whether the reactor
system could achieve ideal CSTR status under relatively ideal conditions,
have shown that the reactor is quite capable of behaving as an ideal CSTR
under a wide range of conditions. Firstly it was shown that the reactor
approaches ideal CSTR behaviour at impeller speeds of between 500-1200
rpm at room temperature, N2 feed flowrate of 0.98cm’/s and atmospheric
pressure. The recycle ratio at 500 rpm is equal to approximately 20. (The
flowrate through the catalyst bed is determined by using the Leva
pressure drop equation to estimate the superficial gas velocity through
the bed, as is done in section 3.4.1.2). It was also shown, however, at
room temperature, atmoﬁpheric pressure, 2400 rpm and a nitrogen flowrate
of 2b.7cm’/s that ideal CSTR behavior was obtained. This set of operating

conditions corresponds to a recycle ratio of approximately 15. It would
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appear, therefore, that the minimum recycle ratio required for perfect
mixing would fall within the range of 15 to 25. This is in reasonable
agreement with minimum recycle ratios found by Berty (1974}, Li et al.

(1980) and Carberry (1964).

3.5.2 Mass Transfer Studies

3.5.2.1 Mass Transfer Studies Using Napthalene

It was pointed out in section 3.1.1 that, of the possible temperature and
concentration effects that could influence the oligomerization reaction,
if intra-particular and interphase mass and heat transport effects could
be shorn to be minimal, then all other mass and heat transport effects
could be assumed to be negligible. It was also noted that, if interphase
mass transfer was negligible, then interphase heat transfer would
probably be negligible as well. For these reasons it was decided to
determine the regions in which intra-particular and interphase mass
transport was negligible. The mass transfer experiments using napthalene
sublimation wmere carried out to coanfirm the results obtained by Caldwell
(1983a). The results showed good agreement with those of Caldwell. It was
found that the mass transfer coefficient varied linearly with stirrer
speed and the mass transfer coefficient dropped mith increasing pressure

(in the range 1-5 bar).

4 likely explanaiion for the linear variation of kc with impeller speed
is that the flow through the bed is largely laminar. Equation (4) used by

Caldwell is as follows:

0.3
Y-S
ke « Sc"%/°3 _x — xNxr
1-€ L

where kc.=mass transfer coefficient
Sc=Schmidt number
¢ =shape factor
€ =bed voidage fraction
d, =particle diameter
L =bed depth
N =impeller speed

r =radial distance

This equation is obtained by combining Hougen's equation for low Reynolds

number (laminar) with the Blake-Kozeny equation (Hougen, 1961). This
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equation is applicable only for laminar flow and shows that k¢ « N in

this region.

The drop in ke wWith increasing pressure has two possible explanations. In
the laminar region based on the above equation, k¢ is independent of
pressure (the Schmidt number has little dependence on pressure). However,
in the turbulent region the mass transfer coefficient decreases wmith an
increase in pressure. It was suggested above (at atmospheric pressure)
that the flow here 1is laminar <(since k¢ « impeller speed). As the
pressure is increased so too does the gas density (while the head
generated is not changing) and so the mass florrate increases. It is
possible that the k¢ versus impeller speed experiments were carried out
at the upper end of the 1laminar region. If this is so then as the
pressure is increased the flow drifts into the more turbulent region.
Hith this shift the resistance to flow would gradually change from linear
to quadratic relationships, hence the linear velocity would drop and w®ith
it the mass transfer coefficient (Berty, 1983). Caldwrell also found that
the mass transfer coefficient obtained in the Carberry type reactor did
not change with pressure. If these experiments were carried out at the
upper limit of the laminar region then it is quite reasonable to expect
that the experiments in the Carberry type reactor Were carried out well
into the 1laminar region and hence despite the increase in pressure, flow

Ras still laminar.

An alternative explanation for the drop in ke With increasing pressure is
the possibility that the correlating factor could be the diffusivity
rather than the Schmidt number as suggested by Caldwrell (1983a) ¢to
explain the higher mass transfer coefficients found w=ith hydrogen
compared to air. Several workers have suggested that this is possible
(Mehta 8 Sharma, 1966; Vidwans & Sharma, 1967; Yadav & Sharma, 1979).
Mehta & Sharma (1966) pointed out that when the pressure is increased for
a particular system, the Schmidt number remains substantially the same
but the diffusivity varies inversely with the pressure and hence the mass
transfer coefficient should decrease with an increase in pressure at a
given superficial gas velocity. This would also qualitatively explain why
Caldwell obtained, as he pointed out, higher mass transfer coefficients

for hydrogen than for air under identical conditions.

In a similar manner to that used by Caldwell (1983a) the superficial gas
velocities for the napthalene-air system at a stirrer speed of 2000 RPM
are calculated. The mass transfer coefficient obtained and the conditions

used are shown in Table 3. 26.
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The velocities are calculated as follows:

(a) From the head generated by the impeller combined with the Leva and
Ergun equations respectively, and
(b) From measured mass transfer coefficients inserted in the correlations

of Hougen (1961) and Drivedi & Uphaday (1977).

The maximum theoretical head is developed ~rhen all the kinetic energy
imparted by the blades to the gas is converted into pressure energy. For

an impeller speed of N RPM this is given by (Caldwell, 1983a):

Table 3.26 Conditions used to obtain superficial gas velocities for the

napthalene-air system

Parameter Yalue
Mass transfer coefficient, ke 8.5 cmes”!?
Bed depth 2.1 cm
Temperature 296 K
Pressure 1.0 bar
air density 1.0x10"?% gecem™?
Voidage fraction 0. 41
Air viscosity 1.8x10"* geem™t.s™!
Shape factor, ¢ 1
Schmidt number 1.80
M3 (ri?2 -~ rH) W2
Bhgen =
1800 g

®here ri=outer radius of impeller blade, cm

rz2=inner radius of impeller blade, cm

g =acceleration of gravity, cmes”?

The Ergun pressure drop equation is given by (Leva, 1959; Hougen, 1961):

op D €3 1-€
- & — 150 _— +1.75
L gU, 1-€ Re

1

where AP=pressure drop, lbert~2
L=bed depth, ft

8c=32.2 lbmes?e1bf 'eft™!

De=particle diameter, ft

G=pu,, lbeft 2e5”!
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p=density of fluid, lbeft”?
uo=superficial gas velocity, ftes™!
€=bed voidage fraction

Re=reynolds number

The Leva pressure drop equation is given by (Leva, 1959):

Ap 3.50G6 " Tpl-t(1-€)t-!

L Dpi‘1¢.l.lpgce3

Where the terms are as described previously and

¢: =shape factor.

The Hougen equations are given as follows ( Hougen, 1961):

0.84Re"°"3! (0.01¢Re<50)

Jo =
jo = 0.57Re"°"*! (50¢Re<1000)
KcSc 2’3
jo = —
Uo
puD,
Re = ————
6(1-€) ¢p

where the terms are as previously described and
jo=mass transfer number

Sc=Schmidt number

1-1
PDe

k.=gas side mass transfer coefficient, ftes™!

The folloring equations were proposed by Drivedi & Uphaday (1977):

€jp = 1.1068Re"°"72°% (popr Re<10)

€jo = 0.4548Re™%*%°%? (for Re>10)
kgngl:

jp = ———

Uo
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DeUop

Re =

The results are also compared with those obtained by Caldwell (1983a)
using Berty and Carberry type reactors. The results are shown in Tables

3. 27 and 3. 28.

Table 3.27 Superficial velocities estimated from various pressure drop

equations
Radius ABgen Bed depth Ergun Leva
cm cm air cm
A Carberry 1. 75 68.5 1.8 25.1 30.8
A Berty 3.50 273.9 1.6 65. 2 67. 4
Caldwell 9. 00 1810 2.1 153 146
This study 9. 00 1810 2.1 139 145

Table 3,28 Superficial gas velocities estimated from mass transfer

coefficients.
Ke U ( Hougen) U (Dwivedi)
cmesg™!? cmesg™! cmesg™!
A Carberry 1.2 3.4 4.9
A Berty 2.0 9.1 11.1
Caldwell 8.8 158 135
This study 8.5 137 104

It should be noted that the expected superficial gas velocities
calculated from the pressure drop equations of Ergun and Leva are lower
than those of Caldwell due to the smaller bed voidage fraction. The
superficial gas velocities calculated from the mass transfer coefficient
combined with the Hougen formulation compares very favourably with the
maximum superficial gas velocities expected from the Ergun and Leva
equations. The correlation of Dwivedi & Uphaday (1977) gives lower values
of k¢ for both Caldwell's results and the results obtained here. Drivedi
& Uphaday have noted however that their generalized correlations, which
are based on the results of many workers, have deviations of 23.15% for

Re < 10 and 16.83% for Re > 10. This could explain the large difference
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(25%) between the two calculated superficial velocities. Taking an
average calculated superficial velocity of 121 emes™! this would imply
that at 1least 85% of the theoretical head generated is converted to

pressure (all of which is used in the internal recycle).

The estimated and calculated values of the superficial gas velocities for
the Berty (3" impeller) and Carberry type reactors are those calculated
by Caldwell (1983a). Both show significantly lowrer values of U, than this
reactor, but what is rather striking is the difference between the
calculated and the theoretical values. Caldrell attributes this to

significant bypassing.

Berty (1983) has correctly pointed out that the comparison between his 3"
and Caldrell's reactor under these conditions 1is not quite justified
since the 3" design wmas designed to be operated at higher impeller speeds
(10000 rpm) and it 1is the diameter times the impeller speed that 1is
important. At 10000 rpm using a Berty type reactor with a 3" impeller the
mass transfer coefficients (based on the results in Table 3.28) obtained
should be quite similar to those obtained in Caldrell's reactor, It has
howrever been noted by Berty that the open sided construction of his
impeller is a disadvantage. (Caldmell's reactor has a close sided
construction). This éertainly contributes to the poorer efficiency of the

blower in Berty's reactor.

Regarding pressure, Berty (1974, 1983) has recommended that: "For lower
limits of pressure, 45 1bein~? gauge 1is recommended, because at lower
pressure and corresponding lower gas densities it is difficult to
maintain good mass velocities". Caldrell (1983b), however, has pointed
out that it is not necessary to operate at high pressure since the mass
transfer coefficient is not improved. He noted that if flow is laminar
then the mass transfer coefficient is independent of gas pressure while
if flow 1is turbulent then the mass transfer coefficient is expected to
decrease Rith an increase in pressure. Caldrell (1983b) has noted that an
advantage of operating at high pressures is the iancrease in residence

time and hence the recycle ratio.

3.5.2.2 Intra-particular and Interphase Mass Transfer with Reaction

It has been shoRn in section 3. 4.2.6, under the most extreme conditions
used in these experiments, that interphase mass transfer was negligible
at impeller speeds of 1800 rpm or g&reater. HRith respect to intra-
particular mass transfer it was found, at the more extreme conditions of

acid concentration (109.5% H3POs) and temperature (478K), that the
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reaction rate still increased, to a small extent, as the particle size
was reduced to below a size fraction of 106-180 microns. At an acid
concentration of 101.5% and a reactor temperature of 464K it was found
that the reaction rate no longer increased with a decrease in particle
size to below a size range of 106 - 180 microns. Although this method of
monitoring reaction rate as a function of particle size does not
necessarily provide conclusive proof of the absence of intra-particular
diffusion short of carrying out rigorous and time consuming studiss, it
does provide a very good indication as to the significance of intra-

particular diffusion.

Based on these results, it can be accepted under most of the conditions
used in this study (using a catalyst size fraction of 106-180 microns)
that intra-particular diffusion was negligible. The areas where intra-
particular diffusion starts to intrude are in the experiments where both
high acid concentration (109% H3POs) and high temperatures ( >#73K) were

employed.

These results are also assumed to be valid for the 1-butene
oligomerization experiments, despite the fact that the 1-butene molecule
is longer that the propene, since the 1-butene products have lower chain

lengths (on average) than those of propene.

It should be re-emphasized that, at catalyst size fractions below 106-180
microns, catalyst spillage from the basket became a serious problem and
hence, taking this into account, together with the mass transfer results,
a catalyst size fraction of 106-180 microns was chosen for the kinetic

experiments.

3.5.3 General Qualitative Findings

3.5.3.1 Propene Experiments

From the preliminary results of section 3.4.3 it is quite clear that acid
concentration has a dramatic effect on both reaction rates and catalyst
life, and 1its control is critical. As is well known, too high or too low
an HiPOs concentration has a detrimental effect on the catalyst life. It
does appear as though, once underhydrated, the catalyst can be re-
hydrated to the desired 1level (desired HiPO« concentration) without any
significant effect on reaction rate. The relationship between acid
strength and product spectra cannot be deduced from Figures 3. 32 and 3. 33

due to the differences in reaction rates.
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From the results of sections 3.4.4.1 and 3.4.4.2 it is clear that, as the
propene concentration was increased from one experiment to another (all
else being equal), there 1is a modest decrease in the average molecular
meight of the liquid product as the conversion increases. The trend

appeared to be more marked at the higher acid concentration levels.

A similar trend, although 1less marked, was found with the increase in
reaction temperature, which was accompanied by an increase in reaction

rate.

Examination of the rate versus H3zPOs concentration experiments (section
3.4.4.6), yields a different trend to the above. Here there was a modest
shift to a higher molecular weight product as the acid concentration wras
increased ( vhich was accompanied by an increase 1in rate of propene
reaction). Closer examination of the results in sections 3.4.4.1 and
3.4.4, 2 confirm that the shift is not linked to a change in conversion
level. Comparing runs in these two sections of similar rates of propene
reaction at similar feed reactor concentrations, yields the same trend as
was found above. The results of the "low conversion experiments" 1in
section 3.4. 4.7 indicate no clear direction of a shift in product
molecular meight as the conversion of propene was increased from 5 to
33%. It seems likely, therefore, that the shift in product spectrum,

although modest, was due to the change in H3POs acid concentration.

3.5.3.2 1-Butene and Iso-Butene Experiments

Hith the 1-butene experiments, the only detectable shift in the product
spectrum mas a very slight shift to a lower molecular wReight product writh
an increase 1in temperature (between the temperature range of 424 to U465k
- see section 3.4.5.2). There was no noticeable shift with changes in 1-
butene concentration or B3P0s strength (accompanied by the appropriate

changes in conversion).
Due to the problems of deactivation rith the iso-butene experiments, the
qualitative effect of process variables on product spectra could not be

examined.

3.5.4 Simple Power Law Modeling of the Rate-Concentration Data

3.5.4.1 Modeling of the propene data

The first approach to the modeling of the propene rate/concentration data

was to model the rate of monomer reaction as a function of monomer
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concentration, reaction temperature and HiPOs4 concentration by using a

simple power law function of the following form:

-rC3 = k' «{ %H3P04/1001% e 5/ RTocy"

"here k' = pre—exponential factor
4H3P04 = concentration of HiPO4, %
E = activation energy
R = universal gas constant
T = reaction temperature, K
Cs = concentration of propene, mo/l
n = reaction order
m = constant

The division of the H3P04% by 100 ®as only done to simplify the handling
of the constant n. The above rate equation at constant temperature and
HiPOs4 concentration simplifies to: -rC3z = keCi". A straight line plot of

1n(C3) versus la(-rCi) would have a slope of n and an intercept of 1ln k.

Using the data of Table 3. 14, 1n(C3) was plotted as a function of

In(-rC3) in Figure 3.53. The straight line correlation coefficient ras
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CONCENTRATION DATA OBTAINED AT 464 K
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equal to 0.984. The reaction order was found to be 1.03 and the rate

constant ®as equal to 0.117 mol~%:%3¢1':°3.npr teg., (", andthereaction
order—was—found-to—be-3-—03.

The dependence of the rate constant, k, as determined above, on H3POa
concentration and reaction temperature will be assumed to be of the

following form: k = k'e+[%H3P04/1001%«e &/RT

A straight 1line plot of 1ln [ ¥H3zP04/100] versus 1ln k (determined at 464 K
and based on the data of Table 3.18) will have a slope of m and a y-axis
intercept of 1n (k'e ®/RT). A plot of 1n [ ¥H3PO4/100] as a function of k
is shown in Figure 3.54. The linear least squares correlation coefficient
mas found to be 0.998. From the slope and y-axis intercept the values of

-E/RT

m and K'e Rere found to be: m = 8.65 and k'e ®/*T = g9 ,5x10°%

mol=0:03.11: 03, ppmt g -t

The rate constant, k, is assumed to have an Arrhenius type dependence on
temperature as has already been indicated above. A straight line plot of
ln 1/T versus 1ln k (based on the data of Table 3,17 (102% H3POW)) will
have a slope of -~E/R and a y-axis intercept of 1ln (Kk'<{%H3:P0+/100]1"). &
plot of 1n 1/T versus ln k is shown in Figure 3.55. The linear least
squares correlation coefficient was found to be 0.991. The values of E/R
and k' <[ ZH3P04/1001" Rere found to be 3060 K and / 76. 4

mol~%:%3.11- %3 . hpr"teg .t ”!, respectively

Therefore, from the data in Tables 3.16, 3.19 and 3.21 the values of n,

m, k', ki and E can be found. The values as indicated above are as
follows:
n = 1,03,
m = 8. 65,
K' = 66.9, mol %" %3113 pp teg. !
and E/R = 3060 K.

It must be pointed out that the value of the pre-exponential factor, k',
can be calculated from both the rate/temperature data and the rate/%H3POa4
data. Two values were found 1in this way, i.e., k' = 69.5
mol %311 %Fenp tege,e™t and k' = 64.4 mol 0 %31 0F.pptteg Tl It

was decided therefore to take an arithmetic mean of these two values.

The general rate equation therefore, for the rate of reaction of propene

at the conditions used in this work can be given as follows:
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-rCs = K' «[ %H3P04/1001%+e ®/RTocs"
mhere k' = 66.9 mol % %%e1' - %3enr tegea !,
E/R = 3058 K,
m = 8. 65,
and n = 1,03.

Prediction at 464 K and 114% H3POs4 over a range of C3 concentrations

The rate equation developed above was tested on the data of Table 3.15
which was obtained at a constant temperature (464 K) and a constant H3POs
concentration (approximately 114%) but over a range of propene
concentrations. The experimental and predicted results are 1listed in
Table 3.29 and are plotted in Figure 3.56 as functions of the propene

reactor concentration.

Table 3.29 Predicted and experimental rates of propene reaction at 464 K

and 114% H3POs.

Propene concentration [(mol/l}, x 103
227 263 179 170 131 129 102 61

Experimental rates,
molehr 'egcae”! x 102 6.2 7.9 5.3 4.0 3.5 2.8 2.2 1.4

Predicted rates,

legeat™! x 102 6.3 7.2 4.8 4.6 3.5 3.5 2.7 1.6

moles hr”

It should be noted that the H3POs4 concentration used wmas well outside the
range over which the rate equation was determined. For the purposes of
determining the deviation of the predicted from the experimental data,
the experimental data was smoothed. Maximum and average deviations were
then calculated based on the smoothed curve. The maximum deviation of the
predicted curve from the experimental (at propene concentrations above
0.06 mol/l) was approximately 20% (i.e., 20% of the experimental value).
In order to determine the average deviation of the predicted rate
equation from the experimental data a form of error analysis was
performed. The result is shown graphically in Figure 3.57. Figure 3.57 is
simply a plot of percentage deviation of the predicted rate from the
experimental rate as a function of propene concentration. In the
determinations of the percentage deviations in this plot the actual
experimental results are used (not the smoothed results). The percentage
deviation is given by:

deviation, ¥ = predicted rate - actual rate

x 100
actual rate
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Ideally the averaged %deviation would be equal to zero, indicating that
the deviations were due to experimental data scatter. From Figure 3.57 it
can be seen that the data has a scatter generally above the =zero
%deviation line with an average of +5.6%, indicating that, on average,
over this region (at these conditions) the rate equation over-predicts

the experimental data by 5. b%.

Prediction at 111% H3PO4 and over a range of temperatures

The rate equation Ras tested in a similar manner to that above, using the
data of Table 3.16. The predicted and experimental reaction rates are

indicated in Table 3. 30 and are plotted in Figure 3.58.

In this instance both the H3iP0Os4 concentration and the reactor temperature
extended outside the range over which the rate equation wmas determined.
The error analysis plot is shown in Figure 3.59. Although the data is
limited it does appear that the slopes of the experimental and the
predicted rates versus temperature curves (Figure 3.58) are distinctly

different.
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Table 3.30 Predicted and experimental rates of propene reaction at 111%

H3POs.

Reactor temperature, K
472 508 486 454

Experimental rates, .
molshr tegcae™! x 107 7.1 10. 8 9.6 5.3

Predicted rates,

legeat™! x 102 8.2 10. 8 8.8 7.1

moles hr”

3.0
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ERROR .,
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FIG 3.59 PERCENTRAGE ERROR ANALYSIS AS DETERMINED FROM
PREDICTED AND EXPERIMENTAL PROPENE REACTION
RATES RS FUNCTIONS OF REACTOR TEMPERATURE
AT 1117 H3PO4

The average #%deviation as indicated in Figure 3.59 is equal to 6.9%. It
is extremely likely that the data Would have a significant scatter due to
the fact that at these extremely high H3POs concentrations it is
difficult to control the H3POs« accurately due to the small quantities of
make up water (for the reactor during reaction) required for this
purpose. Another difficulty ®Ras the accurate measurement of the water

concentrations at these levels and also the relatively short times over
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which steady state was maintained due to the rapid deactivation of the

catalyst at these high acid concentrations.

Despite the difficulty in obtaining accurate data at H3iPOs concentrations
of 111 and 114%, examination of the Bethea and Karchmer rate constant in
Figure 3.7 makes it quite clear that the relationship between HzPOa
concentration and the rate constant is expected to change at the higher
H3POs4 concentrations. The model wrould therefore be expected to over
predict the rate at the higher H3PO4 concentrations, which it did as
indicated by the average %deviations given above. Although the rate
equation would be expected to over-predict to an even greater extent at
114% than at 111%, this was not observed. This is probably due to the
even greater errors incurred in the accurate determination of HiPOs
concentration at the 114% level and the further complication of even more

rapid deactivation.
It must be pointed out that the extreme conditions over which the rate
equation was tested are unlikely to be encountered industrially, but the

conditions were used to merely test the equation at extremities.

3.5.4.2 Modeling of the 1-butene data

The 1-butene data was modeled in an identical manner to that of the
propene using an identical form of rate equation. The data was taken from
Tables 3.21, 3.22 and 3.23. The appropriate plots of ln ~ra versus ln Ca,
ln k versus 1ln [%H3P04/100] and 1n k versus 1/T, rhere k is similar to
that used for the propene rate equation, are shown in Figures 3.60, 3.61
and 3.62. The rate equation and the appropriate constants are given

below:

~rCa = k' +[%H3P04/1001%«e 8/ Tog,"
where k' = 2,38 x 107 mol % 2% 1' 2%eppr tegeay !
E/R = 8780 K,
m = 18.1,

and n = 1. 24,
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3.5.5 Modeling of the Rate of Monomer Reaction and Rates of Product

Formation

3.5.5.1 Modeling of the propene rate data

Several models were examined and tested for their ability to fit not only
the rate of propene reaction but also the rate of production of the major
oligomer products. Five models in total were examined, two of w®hich were
purely empirical. Although the primary criterion for discrimination
between the models was the quality of the fit to the experimental data,
it was considered to be of great importance to choose, if at all
possible, a model that could be described by mechanistic considerations.
In general the following reactions were considered for each of the

models:

4
Ci + C3 += C(C,
k2
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k3
C: + Co6 = Co
Ka

ks
C3 + C9 += Ci2
ke

k7

Co + Co6 += Ci2

Ksa

ke
Ci2 — Cis + cracked products

For all of the models tested, the assumption was made that the bulk of
the cracked products were produced from the cracking of the Ci2 fraction.

Each of the models ®Rill nowr be discussed individually.

MODEL P1 (PROPENE 1)

The basis for this model has two major assumptions besides the assumption
regarding the cracking of the Ct2z fraction (an assumption w®hich is

inherent in all of the models to be discussed). The assumptions are:

1. Reverse reactions were considered to be negligible.
2. All of the oligomerization reactions (dimerization, trimerization and

tetramerization) were considered to be elementary reactions.

The following set of reactions were therefore considered:

| {1
C3 + C3 —* (o

k3
C3 + C6 —* C3

Ci + C9 — Cy2

Co + Co46 —* C(Cy2

ke
Ciz —* Cis + cracked products

The resultant rate equations Rere as follows:

-dC3/dt = ki1C3? + k3C3Cs + ksCeC3
dCe/dt = X¥kiC32 - k3C3Cse ~ k7Ca?
dCe/dt = k3C3Cs - ksC3Cso
dCi2/dt = KksC3iCe + %k7Ce? - keCi2
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where Ci = concentration of i
-dCs/dt = rate of propene reaction
dCci/dt = rate of production, Where i = 6, 9 or 12

It was decided to obtain the solution to this model by using the least
squares technique and solving the resultant set of non-linear
simultaneous equations by using the Nelder and Mead optimization
technique (simplex optimization) for the desired constants. A detailed

analysis of the above model is given in Appendix L.

From the rate concentration data of Table 3.14 the following constants
Rere obtained for k¢, ki, ks, k7, and ke, this being the set that gave
the best fit to the data:

ki = 1.28 mol™*enr™*

49. 4 mol 'ehr!
2.74 mol 'ehr !
k7 = 19.3 mol 'ehr~!

k3
ks

1]

ke 0.55 hr™!

The quality of fit was observed by reinserting the above constants into
the original set of rate equations and using the equations to predict the
concentrations of the products, the mean residence time (because it was
necessary to express the rates in terms of concentrations and mean
residence time in order to solve the set of non-linear simultaneous
equations), and hence the prate of reaction of propene and the rates of
formation of the products as functions of the propene concentration in
the reactor, the propene concentration being an independent variable. For
this purpose, the initial concentration of propene in the feed (at
reaction conditions) and the conversion, must be known parameters. The
details of these calculation are shown in Appendix L. It should be noted
that in the determination of the concentrations and rates the change in
density of the system must be taken into account (Appendix L). The model
can noR be used to predict the necessary concentrations and rates at the
conditions used 1in the experiments of Table 3.14. It should be noted,
horever, that since the model predicts product concentrations as well as
mean residence time it 1is effectively also predicting, by default,
reaction rates. For this reason the comparison betreen predicted and
experimental results must include rates as =rell as concentrations. For
this model, and hence for each model examined, two graphs were plotted,
one showing a comparison between predicted and experimental product
concentrations (as functions of propene reactor concentrations) and the
octher a comparison between predicted and experimental rates. The
compariscns for model P1 are shorn in Figures 3.63 and 3. 64. The data for

each of these figures is listed in Appendix M.
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6.0 g of catalyst were used for all of the experiments in question
(including the 1-butene experiments) and so it was decided to simply

quote the rates as mol/hr as opposed to molehr 'egcat” ! for brevity.

MODEL P2

This model is quite similar to that of model P2 but with the reverse
reactions included. As before, it was assumed that all reactions were

considered to be elementary reactions.

The model is described by the following reaction scheme and rate

equations:
k¢
C3 + Cz3 += Cs
k2

k3
C; + Cs = Co
Ks

ks
Ci + Ce += Ci2
Kes

kz
Cs + Co46 +— Ci2
ka

ke
Ci2 — Cis + cracked products
k1C32 - 2k2Cs + k3C3Cs - kaCo + ksCoeCs - kaCi2
%¥k1C3? - k2Cs =~ k3C3Cs + kaCo - k7Cs? + 2kaCi2

-dCz/dt
dCs/dt
dCe/dt
dCy2/dt

k3C3Cs - k4Co =~ KksC3Ce + ksCi2
ksC3C9 - koeCi2 + %k7Cs - kaCiz - koCi2

The solution procedure is identical to that used for model P1. In the
optimization search, however, the routine attempted to assign negative
values to some of the rate constants. As a result, a penalty function was
introduced into the model in the form of a large objective function value
(in the simplex), thus forcing the search away from these regions. The

following values were found for the rate constants:

ke = 1.38 mol tenp? ke = 8.6 x 10°1° k7 = 33.9 mol '+hr!
kz = 2.05 hr ! ks = 3.21 mol tenp™? ks = 6.67 x 10”2 hr!
ks = 48,3 mol 'shr? ke = 0.623 hr™? K¢ = 0.58 hr™!

Based on the optimized constants the model was used to predict rates and
concentrations in a similar manner to and at the same conditions as model

P1. The relevant rates and concentrations are plotted as functions of
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propene concentration 1in Fighres 3.65 and 3.66. The data for these

figures is listed in Appendix M.

MODEL P3

Due to the relatively poor fit of model P1 and Model P2 to the
experimental data it was decided to examine an empirical model. In order
to keep the model as simple as possible it was decided to consider only
the forward reactions. The following reaction scheme was considered:

k1
C3 + C3 — C,

k3
Ci3 + C46 —» Cy

ks
Ci + Co —» (Cq2

ke
Ciz —® Cys + cracked products

The essential difference between this model and model Pt is that this
model accepts that the reactions are not elementary although an
alternative mechanism is not discussed in this model, i.e., the reaction
orders chosen are those that best fit the data. Another major difference
between this model and model P1 is that this model assumes that the Ci:
fraction is produced entirely from the reaction of propene with its
trimer fraction, i.e., Cs + Co — Cy2 does not occur. The rate equations

for this model are as follows:

-dC3/dt = kiCs' + k3(C3Ca)® *? + ks(CesC3)?'3
dCs/dt = XkiCa' - k3(C3Cs)?:*?

dCs/dt = Kk3(C13Cs)%"*? - Kks(C3Cs)°3

dCi12/dt = Kks(C3Ce)%' 3 - ke(Cr2)!'?

The following values were found for the rate constants (optimized
solution) using the data of Table 3.17:
ki = 0.401 hr™! ks

K3 1.85 mol®%-1%¢1°-2%4pp-! ')

0.088 mol®:*«1% bepp-t

1.52 mol % 2+1'-2.pp~!

Using these constants the model was used to predict rates and
concentrations at identical conditions to those used in Models P1 and P2.
The results are shorn 1in Figures 3.67 and 3.68. The data for these

figures are listed in Appendix M.
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MODEL Py

Model P4 1is also an empirical model, similar to model P3 ®ith only one
major difference. In this model, unlike model P3, it is assumed that the
Cyi2 fraction is produced entirely from the dimerization of Cs. The

reaction C3 + C¢ —> Cy2 is assumed not to occur. The reaction scheme is

as follors:

ki
C3 + Cs — C,

k3
C3 + C6 — Co

k7
Ce + Co46 — Ci2

ke
Ci2 — C(Cys + cracked products

The rate equations are as follows:

-dC3/dt = KkiC3®'? + Kk3(C3Ce)®?

dCe/dt = %k1C3%'% - Kka(C3Ce)®"® - Kk7Cs°-?
dCe/dt = Kkia(C3Ce)?-?

dC12/dt = %k7Ce%'3 - keCi:2

Using the data of Table 3.17 the following optimized values for the
constants were found:

ki = 0.459 mol® ‘enr™!

ki = 1.08 1lehr™?

k7 = 0.63 mol®-*enr”!

ke = 0.55 hr™?

Predicted and experimental rates and concentrations are plotted as
functions of the propene reactor concentration in Figures 3.69 and 3. 70.

The data is listed in Appendix M.

It is quite clear from the graphical presentations that models P3 and P4
provide better fits to the experimental data. An error analysis was
performed on each of the predicted and experimental data sets for both
the rates and concentrations. The analysis ras based on the data of Table
3.17. The results are showrn for all four models for each of the followring

cases:
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Predicted versus experimental concentrations for the dimer

-
.

Predicted versus experimental concentrations for the trimer
Predicted versus experimental concentrations for the tetramer
Predicted versus experimental rates for the rate of propene reaction
Predicted versus experimental rates for the rate of dimer production

Predicted versus experimental rates for the rate of trimer production

N o U oFE WN

Predicted versus experimental rates for the rate of tetramer

production

The results are shown in Figures 3.71 to 3.77. The average percentage
deviation lines are not shorn in these figures but are given in Table

3.31.

From the model predictions and the error analysis presentations it is
quite clear that the empirical models P3 and P4 have significantly better

fits to the data than models P1 and P2. The ability of models to predict
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Table 3.31 The average percentage deviation lines for the error analysis
plots of both the oligomer concentrations and rates of

reaction/production for the models P1 to P4,

Concentration deviations, % Rate deviations, %
Cs Ce Ciz2 Cs Ces Ce Ci2
MODEL NO.
P1 9.3 5.6 3.2 -6.9 -0.1 -2.9 -17.3
P2 7.5 8.4 3.2 -5.2 1.2 §. 7 -3.1
P3 0.1 -5.2 ~-0. 2 2.1 3.2 -2. 4 2.1
P4y 2.5 ~4.0 §, 7 -1.5 2.6 -5.2 3.9

can be misinterpreted if based solely on the deviation data listed in
Table 3.31, since this table does not take into account the degree of
spread around the 2zero deviation line. This can only be detected
accurately from Figures 3.71 to 3.77. It is still quite clear from Table
3.31 that models P3 and P4 have a better fit to the data. The error
analysis plots in combination with the deviation data of Table 3. 31 show
that models P1 and P2 do not give satisfactory fits to the experimental
data. Deviations =®hich regularly exceeded 20% &®ere considered to be

unacceptable.

At this point models P1 and P2 were discarded and model PS5 vwas
formulated. It was hoped from the empirical models that some mechanistic
pointers could could have been obtained, which ®sould have helped in the
formulation of model PS5 which is a model based on a fundamental acid site
type approach. The model is based on the t®o step catalytic approach used
by Boudard (1972). In each of the oligomerization reactions it is assumed
that there are only two kinetically important steps. Here it is assumed
that the rate determining step in each of these reactions is the reaction
of the adsorbed molecule wWith the alkene and it is also assumed that the
reactant is in adsorption equilibrium with the surface. For the
dimerization of propene, for example, the folloring two steps would be

considered to be important:

K« _
Cz + * &= (3 where the equilibrium constant K1 is given by
Cs
ke _ K: =
Cs + Cz3 == C, Cas*

*
n

total number of free acid sites

and Ci = adsorbed species i
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Following this procedure for the formation of each each of the oligomers
yields the following set of rate equations:
-dC3/dt = k1C3C3 + kiCeC3z + ksCsCa
dCe/dt = %k1C3Cz ~ kiCsCa - k7CsCs
dCes/dt = k3C3Cs - ksCiCs

dci2/dt = ksCiCe + X¥k7CeCe - keCi2

The total number of acid sites can be set equal to unity as follows:

C3 + Co + Co + Ci2 + * = 1 and therefore by substituting for each of the
adsorbed species terms using the expressions for each of the equilibrium
constants gives the followming relationship for total number of acid

sites:
(K1C3 + K2Cs + K3Co + K4Ci12 + 1)e* = 1

If « is defined as 1/(K1C3z + K2Cs + KiCe + KsCi2 + 1) then the rate

equations can be expressed as follows, in terms of measurable parameters:

-dC3/dt = K1 kixC32 + KkiK2cxCsC3 + kuK3ixCeC3
dCe/dt = X¥XKk1K1oxC32 ~ k3zK2xCsC3 ~ k7K20¢Cs2
dCe/dt = k3K2cxC3zCe - kuK3cxC3iCe

dei12/dt = ksK3xC3C9 + %k7K2xCe2 - koKsxCi2

This model can noR be solved for the rate constants ki, ki, ks, k7, and
ke and the equilibrium constants K, K2, K3, and K. using the
optimization procedures used for models P1, P2, P3 and P4, This solution
procedure wmas attempted but it was found that due to the complexity of
the model it was not able to reach a global minimum in the minimum error
functions due to the 1large number (9) of constants that required
optimization. Two solutions to this problem were considered, viz.,
redicing the number of independent variables that required optimization
and secondly by using a manual trial and error search. Hith respect to
reducing the number of independent variables it was found that no
reasonable basis for either the removal or the fixation of any of the
variables could be made. Therefore, for the sake of avoiding unreasonable
agsumptions it was decided ¢to try fixing the values of the equilibrium
constants and thus by using a mide range of equilibrium constants obtain
an optimized set of rate constants, k1, k3, k5, k7, and k9 at each of the

equilibrium constants.
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Trenty sets of equilibrium constants were used and it was found that
these results did not improve on the fit of models P1 and P2 to the data,
although the best results obtained, using this procedure, ®were

approaching similar goodness of fits to the data as models P1 and P2.

Based on the findings for model PS5 it was not possible to determine
conclusively whether this model was satisfactory or not. It could only be
concluded that the severe complexity of the model had to be reduced
before a satisfactory optimized solution could be found, such as by

reducing the number of constants.

The rate constants of models P3 and P4 only (since these two models gave
the best fits to the data) were then examined for their temperature and
H3POs concentration dependency. HWith respect to the temperature
dependency of the rate constants, an Arrhenius type dependency was
assumed to exist. The dependence of the rate constants on H3POs
concentration was assumed to be of the form used in Section 3.5.4, i.e.,
k = k'+«(%H3P04/100)" at constant temperature. The following relationship
Was therefore assumed to exist for each constant:

K = k' «(%H3P04/100)"ee E/RT,

The solution to this type of equation, for the constants k', m and E, has
been described in Section 3.5.4. To determine the temperature dependence
of these constants, the data of Table 3.17 was used (102% H3PO4). And to
determine the dependence on H3zPOs concentration the data of Table 3.18

fere used (u4b64 K).

Dependence of the constants ki, ki, ks and ke of model P3 on temperature

and H3POs concentration.

Each of the rate constants, ki, ks, ks and k¢, were determined at each

temperature. The rate constants are shown in Table 3.32.
A straight 1line plot of 1ln k versus 1/T ®mill have a slope of -E/R and a
y-axis intercept of lnik'+(%H3P0s4/100)"). From the Arrhenius plot the

following results wWere obtained:

535+ " E/RT  ppt where E/R

Ki = = 3354 K
r2 = 0.99
ks = 0.269e %/"T mol®:14.10 86,pp"1 where E/R = -643 K

r? = 0.88
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Table 3.32 The calculated rate constants ki, k3, ks, and ke of model P3

at various temperatures calculated from the data of Table

3.17.

Temperature, K

ubYy 473 453 443

Rate constants
ki, hr! 0. 39 0. 49 0. 33 0. 27
k3, mol®-14.1°-86.pp"t 1.07 1.06 1.08 1.17
ks, mol?-%«1°-¢enpr-! 0. 081 0. 085 0. 078 0.073
ke, mol?-2.1'-2.pp”! 1.57 1, 60 1.53 1.50
ks = 0.743e % /?T mol?-%e1%:%.npr"! ®here E/R = 1026 K

r? = 0.99
ke = 4,22 %/?T mol®:2¢1'-2.pp! ®here E/R = 459 K

r? = 1,00

The units of the rate constants are not indicated above but are as
indicated previously. It must be remembered that the constants preceding
the activation energy terms are dependent on the concentration of Hi1POa,
e.g., from the Arrheniu; relationship for ki it must be remembered that

Ki'*(%¥H3P04/100)™ = 535, hr-!

The activation energy for the production of the trimer sas found to be
negative. This surprising result must be considered in the light of the
data in Table 3.32. Close examination of the rate constant/temperature
data in the temperature range of 453 to 473 indicates quite clearly that
this reaction is very insensitive to changes in temperature, and that the
rate constant, ki, found at 443 K is not consistent ®ith the values of k3
found at the other temperatures. This is verified by the poor linear
least squares correlation coefficient (r2 = 0.88) obtained from the

arrhenius plot for this reaction.

The solution procedure to determine the dependency of rate constants on
XH3P0s has been described in detail in Section 3.5.4. The rate constants
as determined at each acid concentration (of Table 3.18) are listed in

Table 3.33.
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Table 3.33 The calculated rate constants ki, ki, ks, and ke of model P3

at various HiPOs concentrations calculated from the data of

Table 3. 18.
H3POsa concentration, %

104.5 106, 4 107 102 103
Rate constants
ki, hr!? 0. 47 0.53 0.58 0. 39 0.42
ki, mol®-1%.1%:-86,pp"! 1.17 1. 26 1.37 1.07 1.14
ks, mol?-%+1%%.pp"! 0.10 0.11 0.12 0. 08 0. 09
ke, mol®-2.1t':2,pp ! 1. 45 1.54 1. 46 1.56 1. 60

The following power laW relationships were found for each of the rate

constants as functions of HiPOs conc

correlation coefficient, r?, is given

ki = ki'e 8/ RT e[ gH3P04/10017% hr™!

ki = ka'e ®/RTe{%H3P04/1001* ' *" mo1°"

ks = ks'e &/ RTe{ SH3P04/10017 73 mol?"

ke ke'e ®/RT.I 4H3P04/1001"''2 mol®"

entration. The Linear least squares

for each constant.

where r? = 0,99

kx'e'E/RT = 0. 33

14,1086, pp"t where r?® = 0.96

kz'e E/RT = 4 02

4419 6.pp! where r? = 0,99

k5ve'E/RT = 0.07

241+ 2epp? where r? = 0,59

ke'e ®/RT = 9 60

The dependency of the rate constant ke on the H3POs4 concentration gave a

very poor fit to the power law relationship assumed. This result must be

taken in the context of the results as indicated in Table 3.33. It would

appear from the ke values in this table that the rate constant, ke,

despite the 1large fluctuations, is quite insensitive to changes in the

HiPO4 concentration and hence the possibility of a poor fit to the power

law relationship was not entirely surprising.

The linear ieast squares correlation
above is extremely poor. Examination
to indicate that the rate constant ke

concentration. The various k' values

coefficient, rz, for the ke case

of the ke data in Table 3.33 seems
has little dependence on the HiPOs

can noR be determined from the
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results given above. Taking ki for example, the value of ki' can be found

from each of the following equations separately:

ki'*(%H3P04/100)" = 535 hr™!

kt"Q-E/RT = 0'33 hr‘"

The values of k' found in this way are:

ki' = 456 nr™!

ks' = 0.251 mol® '%e¢1%-Bé.pp!
ks' = 0.637 mol?°*+1% %cpp~!
ke' = 4.31 mol®:2e¢1'-Zopr!

This now completes the description of model P3. A similar treatment
regarding temperature and HiPOs4 concentration dependency of the constants

of model P4 was carried out.

Dependence of the constants ki, k3, kv and ks of model P4 on temperature

and H3iPOs concentration.

Each of the rate constants, ki, ks, k7 and ke, wWere determined at each

temperature. The rate constants are shorn in Table 3.34.

Table 3.34 The calculated rate constants ki, k3, ks, and ks of model P4y
at various temperatures calculated from the data of Table

3.17.

Temperature, K

46y 473 453 443
Rate constants
ki, mol®-tenr ! 0. 45 0529 0. 38 0. 31
X3 lehr~! 1.16 1.07 1.18 1.29
k7 mol®‘Yenr? 0. 61 0.53 0. 66 0. 76
ke hr ! 0. 54 0. b8 0. 48 0. 38

From the Arrhenius plot the folloring results were obtained:
Ki = ki'*(%H3P04/100) %+ €/*T po1%-tenpr™!
vhere E/R

3580 K
r? = 1.00
Ki'+( $H3PO4/100) "

[}

1007 mol®!teppr~!
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ks = k3'*(%H3P04/100)"+e &/*T jenr!
Rhere E/R = -7778 K
r? = 0,83
k3' *(%H3P04/100)" = 6.4 x 10°% lehr!
k7 = k7' *(%H3P04/100) e & /*T mol®-3enr~?
xhere E/R = -2400 K
r? = 0.99
k7' +(%¥H3P04/100)® = 3.36 x 10" mol®**enr™!
ke = ko' +(%H3P04/100)"+e € '"*T mol°*3enr-?

shere E/R = 2360 K
r? = 0.91
ko' +(%H3P04/100)" = 83.4 mol® 3enr~?

It can be seen from the above activation energy data that the activation
energies of the rate constants ki and k7 were decisively negative. Unlike
the rate constant k3 of model P3 (where the temperature dependency of the
rate constant ki was found to be very small) the rate constants ks and ka
show a significant drop with increasing temperature. This could be an
indication that model P4, although empirical, does not describe the set

of reactions adeqately as a result of this inconsistency.

The rate constants as determined at each acid concentration (of Table

3.18) are listed in Table 3.35.

Table 3.35 The calculated rate constants ki, k3, k7, and ke of model P3
at various H3zPOs4 concentrations calculated from the data of

Table 3. 18.

H3?04 concentration, %

104.5 106. 4 107 102 103

Rate constants

ki, mol®-t‘enr? 0.55 0. 862 0. 68 0. 44 0. 49
k3, lehr™! 1.22 1.26 1.37 1.16 1. 21
k7, mol’*3enr!? 0.75 0.83 0.87 0. 61 0. 69
ke, hr”! 0.57 0. 49 0. 49 0.53 0.57

The folloring power law relationships were found for each of the rate
constants as functions of H3POs concentration. The linear least squares

correlation coefficient, rz, is given for each constant.
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ki = ki'e E/RTo[ %H3P04/1001%°%% mol® 'enr™?

0.99
0.38 mol%*'enr?

where r?

kx'e'E"”

kK3 = k3'e E/RTe{%H3P04/1001%2°%2 1enr~!

2

where r‘ = 0. 91
ks'e €/RT = 1,09 1ehr!
k7 = ks'e E/RTe{ %H3P04/1001%%% mol® *enr™*
where r? = 0.99
k7'e /%7 = 0.55 mol® *enr!?
ke = ke'e E/RTe[ %H3P04/10017 237 pp~?
where r? = 0.70
ke'e /""" = 0,60 hr?

The porer law relationship between ke (and to a much lesser degree ki)
and the H3zPOs concentration as indicated above, resulted in a rather poor
fit to the experimental data (r2 = 0.70). This suggests that some degree
of error will be introduced when using this relationship. The values of

k' were determined as follows:

ki' = 850 mol®’-tenr?

ks’ =5.9 x 10°% 1lehr!

k7' = 3.0 x 10°° mol%*?enr™!
ke' = 92,3 hr!

Prediction of model P3 and P4 at 464 K and 114% HiPOs over a range of Cs

concentrations

Using the above relationships between rate constants and HiPOs
concentration and reaction temperature, models P3 and P4 were used to
predict oligomer product concentrations, rates of formation of the
oligomeric products and the rate of reaction of the monomer at the same
conditions as were used to find the data of Table 3.15. This data was
obtained at approximately 114% H3POs and U464 K. The experimental and
predicted data are shown in Appendix M. This data is plotted for model P3
in Figures 3. 78 (product concentrations versus propene concentration) and
3.79 (rates as functions of propene concentration), and for model P4 in
Figure 3.80 and 3. 81. The jump 1in the product concentrations aand the
rates at a propene concentration of 0.13 mol/l1 1is a result of two

experiments having been performed at identical concentrations but having
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had different mean residence times. It should be noted that the predicted
curves are based on predictions at the conditions of each experimental

point and as a result the predicted curves are not smooth.

Examination of the results in Figures 3.78 to 3.81 shows that both models
P3 and P4 give similar predictions of the experimental data at these
conditions, both models tending to overpredict the experimental
concentrations and rates, as would be expected at these high HiPOa

concentrations.

Prediction of model P3 and P4 at 111% HiPO« and over a range of

temperatures

In a similar manner to that above, both models P3 and P4 wmere used to
predict product spectra and rates at identical conditions to the
experiments of Table 3.16. The data 1is 1listed in Appendix M. The
predicted and experimental data are shown in Figure 3.82 to 3.85. As has
been previously pointed out it was not expected that the models would
predict the experimental data accurately at these extremely high acid
concentrations, not only due to the changing relationship between %H3PO«
and the rate constants but also due to the rapid deactivation of the
catalyst at these conditions, making the measurement of the reaction
rates difficult. Model P3 prdicted the experimental concentrations of
dimer, trimer and tetramer as well as the rates of production of dimer,
trimer and tetramer with reasonable accuracy. The model P3 prediction of
the rate of propene reaction, however, had significant scatter ~®rhen
compared to the experimental data, but in general tended to overpredict
the rates as would be expected at these high H3iPOa concentrations. The
prdiction of model P4 at these conditions can be seen to be significantly
poorer than that of model P3 wRith respect to both rates and

concentrations of reactant and products.

3.5.5.2 Modeling of the 1-butene rate data

The 1-butene data was modeled in a similar manner to the propene data.
Four models were tested, one of them being an empirical model. The first
model tested, B1, Ras similar to the propene model P1. Models B2 and B3
Were variations of model B1 whereas the empirical model, B4, Ras simply a
model that fitted the data as best as was possible, but had no
mechanistic background as its basis. The rate/concentration data was

taken from 3.21 of Section 3.4.5.1 (determined at 464 K and 103% H3POa)
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MODEL B1 (1-BUTENE MODEL 1)

This model wWas based on three major assumptions which are as follows:

1. Reverse reactions were considered to be negligible.

2. All of the oligomerization reactions were considered to be elementary
reactions.

3. All of the cracked products were assumed to be formed from the

cracking of the Ciz fraction alone,

The following set of reactions was therefore considered:

k1
Ca + C4 — Cs

k3
Cs + Cs — Ci2

Ks
Ci2 — cracked products

The resultant rate equations were as follows:

n

-dCs/dt = kiCa? + k3CaCa
dCs/dt = %ki1Cs2 - k3CaCs
dC12/dt = k3CaCa — ksCi2!

where Ci = concentration of i
~dCasa/dt = rate of 1-butene reaction
dCi/dt = rate of production of oligomer; i = 8 or 12

The solution procedure was identical to that of the propene models P1 to
P4. The set of rate constants that gave the best solution to the model

are as follows:

ki = 2.53 1%2emol”tepr~?
ks = 0.68 1%2emol " tenr!?
ks = 0.84 hr™!

MODELS B2 AND B3

Model B2z was very similar to model B:, the only difference being that the
rate of production of Cs from Cs was taken to be of the form %k(Ca! as
opposed to %k1Cs4? as in model By. Model B3 was equivalent to model B: but

With the reverse reaction of Ks
Ci2 — Cs + Cs4 included.

The rate equations wRith the optimized constants are as follows:
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Model B2 Model B3
-dC4/dt = ki1Ca' + kiCaCa -dCsa/dt = ki1Ca? + k3CaCs

dCa/dt = X¥kiCa® - kiCeCa dCa/dt = %ki1Ca? + KaC12z - k3CaCs
dCy2/dt = k3aCaCs - ksCy2! dCi12/dt = k3C4Cs — Ka4Ci2z — ksCi2!
ki = 0.87 nr™! ki = 2.53 1%emol " 'shr!

ki = 0.68 1%emol " 'enr! ki = 0.72 1%.mol " 'enr-?

ks = 0.84 hr™! ke = 3.2 x 10°% hr!

ks = 0.84 hr!
MODEL B4

Model B4 was purely an empirical model consisting of the following set of

equations:

ki
Ce + C4 — Cs

k3
Ca + Ca — Ci2

ks
Ci2 —™ cracked products

The resultant rate equations were as follows:

-dCa/dt = K1Ca" + k3(CaCs)" where m = 0. 415
dCa/dt = %Kk1Ca" =~ k3(CsCs)" n=1.26
dCy2/dt = k3(CaCa)™ - ksCi2* p = 0.77

The folloxing set of optimized constants were obtained:

ki = 0.94 mol %-2%cppteyt-26

0.096 mol® !7ehpr t.1°-83

0.139 mol®*23ehp~1.1°:77

k3
ks

The quality of fit of the models to the data

Models B1, B2 and B3 gave very poor fits to the experimental data. Model
B4 gave quite a reasonable fit to the data. Of models B1, B2 and B3 only
the predictive concentrations from model B2 will be shown (since this
model gave the best fit of thnese three). The experimental data (Table
3.21) and the predicted data from models B2 and B4 are shown in Tables
3.36 and 3.37.
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Table 3.36 Experimental and predicted concentration data for 1-butene

models B2 and B4.

1-butene concentrations

mol/1 x 10
Product concs 1.15 3.75 2.25 1.22 3.78 2.29 1.62
mol/l x 10°
Experimental
Cs 20 130 79 24 134 62 36
Ci2 by, 7 21 13. 4 4.6 24 11.3 7.0
Predicted Model B2
Cs 32 160 106 35 168 87 53
Ci2 0.5 12 4.9 0.6 13 3.5 1.3
Predicted Model B4
Cs 21 128 74 23 134 62 36
Ci2 4.6 22 16 4.8 24 12.6 7.7

It can be seen from the above data that the fit of model B2 (and hence B1
and B3, as was mentioned previously) to the data is extremely poor. For
this reason a residual analysis was performed only on model B4, The
predicted versus experimental rates and concentrations for model BY4 are
plotted as functions of the 1-butene concentration in Figures 3. 86 and
3.87. The residual analysis plots for the concentrations of Cs and Ci2
and for the rate of reaction of Cs4 as wWell as the rates of production of
Cs and Ci2 are shown in Figure 3.88 for model BY4 only. The average
percentage deviations for this analysis are shown in Table 3. 40. Two sets
of deviation data are shown in Table 3.38. The first set comprises all of
the data whereas the second set has one of the experiments removed as it
is quite clear from Figure 3.88 that the worst deviation point is due to
a poor experimental run and therefore the removal of this experiment from

the analysis is quite justified.
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Table 3.37 Experimental and predicted rate data for 1-butene models
P2 and Py
1-butene concentrations
mol/l x 10

1.15 3. 75 2. 25 1.22 3.78 2. 29 1.62
Reaction rates
Experimental
-dCs/dt, mol/hrx10® 100 335 280 110 350 225 160
dCs/dt, mol/hrx10® 32 116 96 37 120 74 51
dC.2/4dt, mol/hrx10%® 7.2 19 16 7.1 22 13.6 9.9
Predicted Model B2
dCs/dt, mol/hrx10® 299 990 586 310 1000 590 410
dCs /dt, mol/hrx10? 145 426 265 150 420 270 200
dCy2/4t, mol/hrx10° 2.1 31 12 2.4 32 10.7 4.8
Predicted Model B4
~dCe4/dt, mol/hre10°® 99 346 203 106 350 206 142
dCs/dt, mol/hre10° 31 118 by 34 119 70 46
dCy2/dt, mol/hre10° 6.8 21 13 7.2 21 14.1 9.9
Table 3.3L The average percentage deviations for the residual analysis

plots for the rates and

concentrations of model B4

Concentra ion deviations, % Rate deviations, %
Cs Ci2 Ca Cs Ci2
-1.0 -6.9 -8.4 -1.9
-0.1 y -3.5 -4, 2 0.9
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Examination of Figures 3.88 and the results in Table 3.38 indicates
clearly that this model predicts the data adequately with deviations that
are not severe. The dependence of the model constants on temperature and

H3zPOa concentration will noRrR be examined.

Dependence of the constants ki, ks and ks of model Ba on temperature and

H3POs concentration.

In a similar manner to models P3 and P4 the rate constants ki, ki and ks
Were determined at each of the temperatures of Table 3. 22. The rate
constants are shown in Table 3.39. From the Arrhenius plot the followring

results were obtained:

ki = Ki'+(%H3P04/100)%+e " ®/"T mo1=%-2%epp-te1t-2¢
Rhere E/R = 7440 K
r’ = 1.00
ki'+(¥$H3P04/100)® = 8.07 x 10° mol™%-2%.pp~teyt-2¢
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Table 3.39 The calculated rate constants ki, ki and ks of model B4 as
calculated at the conditions of the experiments in Table

3. 22.

Temperature, K

465 u2y 433 usy uy7
Rate constants
ki mol % 2%.pp teyt-26 0.875 0.192 0. 275 0. 634 0. 500
ks mol® '7epp te10-83 0. 0867 0. 056 0. 064 0. 075 0.073
ks mol®-23epp te1%-77 0.132 0.100 0.112 0.137 0.123

ks = K3'*(%H3P0a/100)"+e 5 /RT mo1% '7epp te10-83
where E/R = 1984 K
r’ = 0.99
K3' *( %¥H3P04/100)" = 6.1 mol® '7epnpr te10-23
ks = ks'+(%H3P04/100)"+e 8 /T mo1%-23epp~1e1°-77
where E/R = 1445 K
r’ = 0.94

s' *(%H3P04/100)* = 3.1 mol®*23enp 1e1°:77
In a similar manner, using model B4, the rate constants were determined
at each H3POs concentration of Table 3.23. The rate constants are listed

in Table 3.40.

The following power law relationships wmere found for each of the rate
constants as functions of H3zPOs4 concentration. Linear least squares

correlation coefficients, rz, are given for each constant.

Table 3.40 The rate constants ki, ki, and ks of model B4 at various

H3POs4 concentrations calculated from the data of Table 3. 23.

B3P0« concentration, %

102 103 104 106
Rate constants
ky mol %-2%.pp-t.yt-26 0. 461 0. 500 0.579 0. 794
ks mol® '7epp t.10-83 0. 065 0. 073 0. 075 0. 082

ks mol®:23snpte1°-77 0.119 0.123 0. 130 0. 159
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ki = K1'e B/RTe(%$H3P04/1001'* % mol % 2%epp teyt-26
0. 99

kl'e-E/RT = 0.335 mol-o.zﬁ.hr‘l.ll-zé

where r?

ki = ka'e ®/RTe[ 4H3P04/1001°"%° mol® '7ehp ts1°-23
where r? = 0. 96
k:'e-E/RT = 0.060 m°10.17'hr-1.10.63

ks = ks'e B/ RTe[4HB3P04/10017 7! mol1®-%3.pp~1.10-77

2

where r 0.97

ks'e E’RT = 0 10 mol® 23epp 141977

The values of k' were found to be as follows:

ki' = 5.52 x 10° mol™ % ?4epp™te1t-2¢
kJ' =5.13 molo-t7.hr‘1.l°-‘3
k,' = 2.51 molo-z:.hr-l.10.77

A comparison between the dimerization, trimerization and Ci2 cracking
reactions rate constants of the 1-butene model B4 and the propene model
P3 indicates that the activation energies of each of the 1-butene rate

constants are significantly higher than those of propene,

Attempts were made to relate the orders of the reactions in the
empirical model B4 to possible orders of reactions arising from

mechanistic models but no relationships could be found.

3.6 CONCLUSIONS

It has been found from the residence time distribution studies and the
mass transfer studies that, over a wide range of operating conditions,
mass and heat transfer limitations can be significantly reduced and that

the reactor performed as a perfect continuous stirred tank reactor.

Residence time distribution studies have shown that, at atmospheric
pressure and ambient temperature, using a spiked nitrogen feed flowrate
of 0.98 cmss™! (v = 0.28 hrs.), the reactor approaches ideal CSTR
behaviour at impeller speeds betmeen 600 (recycle ratio of approximately
20) and 1200 rpm. It has also been found that at a recycle ratio of
approximately 15 (2400 rpm, 26.7 cm3+*s-1, atmospheric pressure arnd

ambient temperature) that ideal CSTR behaviour was obtained thus
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confirming the results found by other workers (Carberry, 1964; Berty,

1974; Li et al., 1980).

The mass transfer results using napthalene confirmed the results
published by Caldrell (1983a). 1Iit was found that the mass transfer
coefficient varied 1linearly ®Rith stirrer speed up to 2400 rpm and
dropped with increasing pressure up to 5 MPa. It is believed from these
results that at atmospheric pressure the flow through the bed may have
been at the upper end of the laminar range (approaching turbulent
conditions) and hence the linear variation of Kc with impeller speed.
Rith the increase in pressure the flow becomes turbulent and a decrease

in R with increasing pressure is expected.

An alternative explanation for the drop in K. ®Rith pressure as has been
postulated by other workers in the field (Mehta & Sharma, 1966; Vidwans
8& Sharma, 1967; Yadav & Sharma, 1979) is that the correlating factor
could be the diffusivity rather than the Schmidt number. Caldwell also
suggested this possibility when, under identical conditions, he found
higher mass transfer coefficients in hydrogen than in air. Comparisons
between superficial gas velocities estimated from Ergun and Leva
pressure drop equations and- those estimated from mass transfer
coefficients using the Hougen equations showed very good agreement as
®as found by Caldwell. Hence good CSTR conditions and high mass transfer

coefficients can be obtained using this reactor.

Intraparticular diffusion and interphase mass transfer studies at 1.5
MPa, 2000 rpm, 464 K and 101.5% H3POs showed that both of these
transport effects were insignificant. At the severe oligomerization
conditions of 1.5 MPa, 2000 rpm, 114% H3POs4 and temperatures of up to
503 K interphase mass transfer ®was insignificant and intraparticular

diffusion was largely eliminated.

The ortho-phosphoric acid concentration of the catalyst was found to
have a dramatic effect on both reaction rates and catalyst life. Control
of the ortho-phosphoric acid concentration was therefore extremely
critical in obtaining reproducibility. From the preliminary studies it
was found that if the catalyst was under-hydrated it was possible to
rehydrate to the desired ortho-phosphoric acid concentration level
without affecting the performance of the catalyst. It has aiso been
shown that there is a small but measurable increase in the in the
molecular weight of the product as the ortho-phosphoric acid

concentration is increased.
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,
The average molecular weight of the product decreased as the conversion

of the propene feed increased. This trend was more marked at the higher
temperatures. It is postulated that the reason for this trend lies in
the fact that at the higher conversions the fraction of the reactor
contents which is in the liquid phase is increasing., Although it has
been shown that mass transfer limitations are insignificant at these
conditions, it 1is possible that the 1longer chain products begin
experiencing diffusional problems as the liquid phase fraction in the
reactor increases as the conversion is increased sufficiently. It mill
be shown Chapter 4 that in the fixed bed reactor experiments when the
system pressure was raised from 1.6 MPa to 4.4 MPa the average molecular
Weight of the product dropped significantly thus supporting this
postulate. As a result of the above discussion in order to raise the
average molecular weight of the products it would be necessary, contrary
to thermodynamic expectations, to shift the reaction mixture towards the
gas phase, either by lowering the conversion, lowering the pressure or

decreasing the reaction temperature.

The average molecular weight of the product spectra from the 1-butene
and iso-butene oligomerization reactions was lower than that from the
polymerization of propene. Dimer was found to be the major oligomer
product in the butene oligomerization whereas the trimer followed by the
tetramer were found to be the major oligomers from the polymerization of
propene. The reasons for this trend could possibly be due to steric
hindrance experienced by monomer molecules obtaining access to the
adsorbed species or could also be due to the heats of adsorption of the
Cs and Co9 fractions which may be similar and result in the preferential

desorption of these molecules.

The butene products were found to be less sensitive to changes 1in
reaction conditions than the propene products. The only detectable shift
Was a slight decrease in molecular weight of the product as the reaction
temperature was increased. This trend is consistent with the behaviour

observéd the propene products,

4 power 1law model of the propene rate concentration data yielded the
following rate equation, which 1is first order in the concentration of
propene. This equation described the rate of propene reaction

adequately:
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-rC3 = k' +[{ %H3P04/1001%-0 %/ RTeg3"

mhere k' = 66.9 1'°°3emol™%-%%enr™? gcat™!
m = 8.65
E/R = 3060 K
n = 1.03

Due to the nonuniformity of catalyst surfaces and lack of accurate
knowledge of the structure of chemisorbed species and their
concentrations it 1is debatable hoR much detail should be postulated in
formulating equations for rates of reaction. The most simple approach,
wholly empirical, Rould be to use the powrer-law form of the rate
equation. Frequently, but not always, such an equation can correlate
experimental rates just as accurately, and with fewer adjustable

parameters than more elaborate methods (Smith, 1981).

At the other extreme the adsorption and surface reaction steps could be
separated. The resultant equations are not only extremely complex but
dependent on so many assumptions that the results may be no more

meaningful than the power-law approach (Smith, 1981).

have In using this model to predict reaction rates at 464 K, 1.6 MPa and
114% H3POs4 it was found that the model over-predicted, by an average of
5.6% in the propene concentration range of .06 to 0.28 mol/l. This over-
prediction was considered to be very reasonable since these conditions
of temperature and H3POs4 concentration are severe and based on the
findings of Bethea and Karchmer (1956) with the use of liquid phosphoric
acid the relationship that was found between rate constant and H3iPOs4 was
not expected to hold at these conditions. Using 111% ortho-phosphoric
acid in a range of reactor temperatures of 454 to 508 K, the model over-
predicted the experimental data by 6.9%. at the lower temperatures in
this range. At the high acid concentrations employed here it was

expected that the model would over-predict.

Using a similar power law fit the following rate equation was found to

fit the butene oligomerization data adequately:

-rCa = K'+{%H3P04/1001%e B/ RTag,"

mRhere k' = 2.38 x 107 1'-2*emol % 2*+hr™'. gcat ™!
m = 18.1
E/R = 8780 K
n = 1.24
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Five kinetic models rRere examined for their ability to fit and predict
the propene feed and product concentrations and rates. In each of the
models, only the oligomerization reactions were considered with the
addition of one other reaction, which w®as the cracking of the Ci:2
fraction to cracked products. The production of Cys from Cyi2 was also
incorporated in the line describing the rate of Ci2 disappearance.
Although the quantities of cracked products and Cis were small it was
necessary to include these terms for mass balance purposes. The five

models tested are described briefly belon:

1. Model P1 was formulated on the basis of the forwrard reactions only
with the assumption that each of the reactions are elementary

reactions.

2. Model P2 was based on model P1 but in this model the reverse

reactions were considered.

3. In the formulation of model P3 the production of Cy2 wWas based only
on the reaction of propene rRith the Ce¢ fraction. The model did not
consider the production of Ci2 from the dimerization of Cs. This
constraint was imposed not because it was believed that this would be
representative of the mechanism but was imposed merely to serve as a
guide, when compared to model P4, as to which of the two possible
major reaction pathways for the production of Ci2 might be dominant

under these conditions.

4, Model P4 was formulated on the same basis as model P3 but here the
Ci12 fraction was considered to be solely produced by the dimerization

of Cas.

5. Model PS5 was based on a more fundamental approach of taking into
account the formation of the carbonium ions in the model formulation,

Again, only the forward reactions were considered.

Based on error analysis data and the deviations about the zero error
line, models P3 and PY gave the best fits to the data. The error
analysis has shown that the weakness in models P1 and P2 lay
particularly in their inability to fit the data at the lower propene
concentrations used (below G.24 mol/l). Although the ability of mocdels
P1 and P2 to fit the data at higher propene concentrations was
considered to be acceptable, models P1 and P2 were discarded on the

basis of their relatively poorer overall fit to the data.
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Model P5 proved to be an extremely difficult model to solve due to the
inclusion of four equilibrium constants in addition to the five rate
constants considered. Therefore the attempts to solve for nine unknowns
Was found to be too complex to handle and although solutions were
obtained from the optimization routines, it is found that the solutions
Here always close to the initial estimates (as required by the
optimization routine) of each of the parameters to be optimized. This
indicated that only local minima (based on the least error squared) rere
being found and that a global minimum was not. Due to the 1lack of
published information on equilibrium constants of these complex
reactions no basis could be found to simplify the model by reducing the
number of independent parameters. The second alternative wmhich was to
fix the equilibrium constants in the optimization and to use many
different sets of these constants was attempted, In the use of 20 sets
of equilibrium constants it was found that the best fit to the data had

errors of slightly larger magnitude than those of models P1 and P2.

In the discrimination between models P3 and P4 it was found on the basis
of the error analyses that discrimination between these two models wras
subtle due to their similarities. Based purely on error analysis,
neither of the two models could be rejected. It has been found, however,
on the basis of rather limited data that in the comparison of the
predictive capabilities of these twro models at the extreme conditions
(H3POs4 concentrations) of 464 K and 114% H3POs4 and also at 111% HiPOs
(over a range of temperatures) that at the former set of conditions both
models P3 and P4 had quite similar predictive capabilities. At the
latter set of conditions it was found that model P3 gave a significantly
better fit to the data than model P4. Hith respect to the fit of both
model P3 and P4 to the data at these conditions it was expected that
neither of these models =®ould predict ~wrell due to the high H3zPOs
concentrations and the high temperature in the 111% H3iPOs4 runs. The
quality of the fit was considered to be better than expected except the
fit of model P4 in the 111% HiPO4 experiments and the rates of propene

reaction of both models at these conditions.

It was sho®n in the pulse studies, that at propene to Cs and Cs ratios
ef 1.5:1 and 10:1 respectively, the Ci2 fraction was produced
predominantly from the dimerization of C, whereas at ratios of 6:1 and
15: 1 respectively, it wmas estimated that approximately 50% of the Ct2
fraction was produced from Cs dimerization. The molar ratios of propene
to Cs and Cs used in this study for the determination of the model
solutions varied from approximately 83:1 and 15:1 to 122:1 and 17:1. On

the basis of the findings of the pulse experiments it would be expected
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that the bulk of the Ci2 fraction in this reactor would be produced from
the reaction of propene with the Cs fraction and hence model P3 would be

the better model to use on this basis.

It was found from examination of the empirical models P3, P4 and the
mechanistic model PS5 that no relationship could be found between the
fundamental rate equations of model P5 and the orders of the empirical

model rate equations.

From the activation energy data of models P3 and P4 it has been showrn
that the highest activation energy occurs in the dimerization of the
propene. This together with the low value of the dimerization rate
constant suggests that this reaction is possibly a rate limiting step in
the rate of propene disappearance. In support of this it will be shown
in Chapter 5 that in the one dimensional modelling of the fixed bed
reactor it was found that the first order rate equation gave reasonable
results. Several inconsistencies were found in the activation energy
data of models P3 and P4 in that the activation energy of the
trimerization reaction of model P3 and that of the trimerization and
tetramerization reaction of model P4 were negative. Close examination of
the k3 rate constant/temperature data of model P3 (unlike model P4)
indicate that this rate constant is extremely insensitive to temperature
and hence very small errors could result in negative values being
found. This provides further support for the choice of model P3 rather

than P4 at over the conditions used in this experiment.

In all of the models it was found that the rate constant for the
production of trimer was larger than for the production of dimer,
possibly indicating that the dimerization of propene, as is expected,

Ras the more difficult step of the two.

From the 1-butene data, which was modelled in a similar manner to the
propene data, it was also found after examination of several models that
the empirical model, B4 which modelled the dimerization, trimerization
and the cracking of the Ci12 fraction, gave a good fit to the data. No
relation could be found between the orders found in this empirical model

and those resulting from a mechanistic model.

It is thus concluded that the intrinsic rate of Jdisappearance of propene
and butene in this study is first order. No definite conclusions can be
drawn Rith respect to the detailed mechanism but suitable empirical
models have been proposed. Purely mechanistic models were not found to

fit the data as accurately.
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ALKENE OLIGOMERIZATION REACTIONS OVER SOLID PHOSPHORIC ACID, USING

A FIXED BED REACTOR

4.1 INTRODUCTION

In a fixed bed integral reactor (as opposed to a fixed bed differential
or micro-reactor) the variations in reaction rate within the reactor are
so large that they must be accounted for in the method of analysis.
Unlike the internal gas recirculation reactor under reasonable operating
conditions, the integral reactor can have 1large temperature variations
from point to point. This is particularly true of gas-solid systems. This
reactor is very useful for modelling the operations of larger packed beds

®ith their heat and mass transfer limitations.

A detailed revier of alkene oligomerization reactions over solid
phosphoric acid, wusing fixed bed reactors, will not be given here, but
the reader is referred to the general revies given in Section 1.5, A
brief summary w®ill now be given of the important control variables in
olefin polymerization with phosphoric acid catalysts, as well as their
effect on the product quality and feed conversion. A brief outline of the
findings of the more relevant rorkers in this field will also be given,

but a more detailed discussion can be found in Section 3.1.5.

The followring variables are of importance in olefin polymerization with

phosphoric acid catalysts:

catalyst and strength (H3zPOs4 concentration)
reaction temperature

reaction pressure

Reight hourly space velocity

feed composition

As pointed out by McMahon et al. (1963), it is these variables that
control the degree of feed conversion, and the quality and composition of
the polymer. They noted, however, that reliable quantitative data are

limited.

Using liquid phosphoric acid in a doanfloa packed reactor, Bethea &
Karchmer (1956) concluded that the research octane number increased with
a decrease in H3POs4 strength. This conclusion is questionable (McMahon et

al., 1963). In general, lor temperatures, high pressures and 1low
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conversion'per pass all favour high yield of gasoline range products and

high octane numbers.

In studying the kinetics of the polymerization of propene and mixed n-
butene over phosphoric acid on quartz chips, in a pilot plant sized
reactor, Langlois & Walkey (1951) correlated their data against an
empirical rate equation that is approximately first order mith respect to
the monomer. The rate equation is given in Section 3.1.5. They found that
the reaction conditions (mithin the typical operating region) had little
effect on the octane number of the polymer. They also found that
increased temperature and pressure resulted in a lower boiling polymer
and that the character of the polymer did not change significantly in the
acid concentration range of 100 to 108% They also found that propene

polymer was usually higher boiling than was butene polymer.

In their study on the polymerization of propene with liquid phosphoric
acid in a downflow packed reactor, Bethea & Karchmer (1956) correlated
their data in terms of a modified first order rate equation (which is

shown in Section 3.1.5).

Friedman & Pinder (1971) studied the polymerization of a mixture of
propene and butene isomers over solid phosphoric on kiesulguhr, using a
fixed bed reactor of 2" in diameter and 12" long. They correlated their
data with an empirical equation (given in Section 3.1.5). They found that
the effect of pore diffusion in their work was quite appreciable using

pellets of screen size between 4. 76 and 6. 73mm.

Rith regard to the industrial catalytic polymerization of propene and
butenes, Heinert & Egloff (1948) have presented a summary of the UOP

(Universal 0il Products) catalytic polymerization units, these being:

1. The low pressure regenerative type
2. Small high pressure units (non-regenerative)

3. Tubular or reactor unit type

Reinert & Egloff (1948) have also given a summary of the process factors

affecting the polymerization of propene and butenes over phosphoric acid.

Steffens et al. (1949) examined the polymerization cof propene & butenes
over a copper pyrophosphate catalyst on a commercial scale plant. They
correlated their operating variables graphically, by presenting a chart

for predicting the weight percent conversion of the olefins in the total
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feed, for a wide range of operating conditions. They found that the
conversion of the olefins increased with:
acidity
1. increase in catalyst aetiwvity
2. increase in reactor temp
3. decrease in olefin space velocity
4. decrease in total space velocity
5. decrease in rReight ratio of propene and normal butenes to

isobutene.

They found no relationship between the operating variables and the octane

number of the polymer produced.

Langlois (1953) has reviewmed the polymerization of olefin hydrocarbons,
using acidic catalysts, He also presented a reaction mechanism embracing
both Friedel-Crafts and acid-type catalysts. The reaction conditions
which favour true polymerization, copolymerization and conjunct

polymerization, are also discussed.

McMahon et al. (1963), besides reviewing the mechanism of propene
polymerization, the properties of phosphoric acid, polymerization process
variables and the kinetics of olefin polymerization over phosphoric acid
(Section 3.1.5), also invéstigated the effect of process variables on
product yield and quality and on catalyst life. They noted that yield and

quality are quite insensitive to operating conditions.

4.1.1 Modelling the Behavior of Fixed Bed Catalytic Reactors

The degree of complexity of reactor models can range from the simplest
pseudo-homogeneous, one-dimensional models to complex heterogeneous, twmo-
dimensional models. Although the purpose of a model is to give the best
description of the physical and chemical processes occurring in the
reactor, simplifications are important to keep the complexity to a

reasonable limit,

Baiker & Epple (1986) have pointed out that, although the behaviour of
fixed bed reactors, with strongly exothermic reactions, have usually been
described by heterogeneous models (Gros 8 Bugarel, 1977; EKaranth 3
Hughes, 1974), both Sharma & Hughes (1979) and Smith & Carberry (1976)
have shown that the temperature gradient between the fluid phase and the
catalyst has often only a 1limited 1influence on the mean reactor

temperature, and can thus be ignored.
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The choice of whether a one-dimensional or a two-dimensional model should
be used to model a non-adiabatic, non-isothermal reactor has been
discussed by several authors (Gros & Bugarel, 1977; Finlayson, 1971;
Baiker & Bergougnan, 1985; Lee & Agnew, 1977). According to Finlayson, if
the Biot number, hw*R/K.,

where h, = heat transfer coefficient through
reactor wall, Jem 2es”'eg™!,
R = radius of reactor tube, m
and ke = radial heat conductivity, Jem—1es-1¢K-1

is smaller than 1, 75% of the heat resistance lies in the reactor wall,
and hence the reactor behavior can be described quite accurately using a
one-dimensional model. Baiker & Epple have noted, however, that ~with
larger Biot numbers, a one-dimensional model can be used wmith reasonable
accuracy, if a mean cross-secticn temperature can be defined (Baiker &

Bergougnan, 1985).

4,2 OBJECTIVES OF THE FIXED BED REACTOR STUDIES

The objectives of the fixed bed reactor studies are essentially three-

fold.

The first objective is to briefly examine the typical product spectrum
obtained in this type of reactor, and to do so at a few H3POs
concentrations and reactor pressures, for each of the pure propene and 1-
butene feeds. It is also intended to examine briefly the activity of iso-
butene in this reactor. It has been found by other workers in the field
(Eriel, 1986) that changes in the H3POs« cconcentration, when wusing
commercial sized pellets of solid phosphoric acid in pilot sized
equipment, had no effect on the catalyst activity. Two experiments wrere

carried out here to examine this finding.

The second objective is to compare the products obtained in this reactor
With those obtained in the internal gas recirculation reactor, noting
that mass and heat transfer effects will be intruding in the fixed bed

reactor.

The third objective is to model the behaviour of the fixed bed reactor
using both a one-dimensional model and the rate esquation obtained from

the internal gas recirculation reactor data.
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The objectives of this study may therefore be listed as follows:

1. To examine the product spectra obtained in this reactor at a few

reactor pressures and H3POs concentrations, using a pure propene feed.

2. To repeat the investigation in 1., using pure 1-butene feed and a pure

iso-butene feed.

3. To investigate the influence that catalyst particle size has on the

response of the system to changes in HzPOs4 acid concentration.

4. To investigate and compare the product spectra obtained in this

reactor, wWith those of the internal gas recirculation reactor.

S. To model the behaviour of the fixed bed reactor using a

one—-dimensional model.

4.3 EXPERIMENTAL APPARATUS AND PROCEDURE

4.3.1 The Reactor System

The Reactor system used for these oligomerization experiments is showrn
schematically in Figure 4.1, and consists of the reactor (which will be

discussed in detail in Section 4.3.2) and ancilliary equipment.

In a similar manner to the kinetic studies wusing an internal gas
recirculation reactor (Section 3.3.1.3), the feed is stored as a liquid
under its vapour pressure in an inverted Cadac No. 7 " domestic gas
cylinder (3kg capacity) which is heated by heating tapes (ISOPAD ITH-33,
115H, 220V) and controlled by a Eurotherm temperature controller (model
101). The maximum cylinder temperature is restricted, as described in
Section 3.3.1.3. By heating the feed cylinder, the feed vapour pressure
is raised, hence avoiding any cavitation in the pump. The pump head is
cooled to approximately 283 K. A pressure relief valve on the exit line
is set to open at 1.75 MPa. This is a precautionary measure to protect
the feed cylinder, which is rated to 3 MPa and tested (nondestructively)

to & MPa.

From the cylinder, the feed passes over 3A molecular sieves and a 30
micron filter to a high pressure diaphragm pump (Lewa model FLM-1). An
ethylene glycol-water solution (ca. 10 K) is used to chill the feed prior

to reaching the pump and the pump head. Similar to the gas recirculation
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reactor system, the pump raises the system pressure to that set by the
back pressure regulator and controls the flowrate, From the pump, the
feed passes to a water bath, where the feed is passed over a bath of
water, the temperature of which is controlled (as explained in detail in

Section 3.3.1.3).

From the water bath the feed passes, via a metering valve, to the
reactor. Reactants and products then move on to a dome loaded diaphragm-
type back pressure regulator (Grove, Mity Mite model 591 XW), where the
system pressure 1is released to atmospheric. The pipes and valve from the
Water bath to the reactor are heated to reactor temperature. The exit
line from the reactor 1is not heated, but the back pressure regulator is
heated to about 323 K (to prevent freezing as the pressure is released to
atmosphere) with warm wmater carried in rubber tubing w®hich is coiled

around the regulator.

The water vapour content of the feed is measured in a similar manner to
that described in Section 3.3.1.3, by taking a bleed from the inlet line
and passing this over the aluminium oxide sensor (see Section 3.3.1.3 for
details). The bleed gas flowrate and temperature is monitored by means of

a wet gas flow meter.

In this system, the bursting disk on the inlet line is set to burst at ?
* .7 MPa. The 2-phase reactor effluent is also separated in a jacketed
catch-pot which is maintained at approximately 283 K by coolant. After
separation, the flue gas passes directly to a wet gas flow meter, a gas
sampling tube and is finally vented. Liquid product can be drained from

the catch-pot as desired.

This piping system is also constructed of 1/8" stainless steel tubing.
Temperatures are recorded at the feed cylinder, inside the reactor (by
means of a thermowell), the water bath, the inlet line to the reactor and
the wet gas flom meters. Pressures are recorded at the exit of the feed
cylinder, between the pump and the reactor entrance and at the back

pressure regulator.

4.3.2 The Reactor

A micro-reactor (Figure 4.2) developed by Srel (1982) has been modified
for use 1in this study. The catalyst basket has been extended to a depth
of bcm, at the expense of shortening the preheat section. 4 further

modification has been the removal of the tube bundle used by Snel (1982)
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Inner tube A , Ou
1. Nut, M42 x 2,5S316 11
2. Thermocouple well, 240 x 2.2mmid, SS EN58E
3. Inlet tube, 25 x 4.2 mm id, SS ENS8E 12
4. Quick connector, Swagelock-pat’d QF4-B/S, SS316
5. Wire basket, 58316 13.
6. Inner tube body, 227 x 18 mm id, SS316 14.
7. Heat exchanger tubes, 190 x 1 mmid, SS EN58E 15.
8. Catalyst chamber, 30 x 18 mmid, 58316 16.

9. Screen, 100 mesh, SS316
10. Adjustable support plate, 17 x 16 mm id, SS316 17.

ter rube B

. Helico flex seal, HN 220, 24 9 mmid, 3 3 terus inconel
H b
nimonic, Joints fargére industrie

. Outer tube head, 22 x 22.5mm id, top recess 31.5 x

2.5mm deep, M42 x 2 thread outside SS316

Quuter tube body, 230 x 22.5mmid, SS316

Beatsink, 203 mm x 68 mmod x 26.8 mm id, copper
Grub screw, M8 x 1.25

Wire mash, Diren-RL, ¥W = 020 mm, DR = 0.12 mm,
SS316

Reactor bottom, 53 x 16 mmid, SS316

18. Quick connecter, Swageick-pat’d QF-B/S, SS316

Figure 4.2 Micro-reactor developed by

Snel (1982)

to achieve 1liquid distribution and heat transfer in the preheat section.

Instead, 2 and 4mm diameter glass

beads are packed in this region to

achieve the same effect. The overall 1length of the preheat section is

18em.

The reactor was identically packed for every experiment performed in this
study (although the quantity of catalyst was changed, depending on the
feed), thus ensuring identical feed distribution. In all experiments,
only one catalyst bed section was used. Tro 750 W cartridge heaters and a
controlling thermocouple were inserted into the copper blocks surrounding
the reactor body. The cartridge heaters (0. 96cm diameter) extend the full

length of the copper heat sink and prcvide a stable and uniform reactor.

Temperatures in the preheat and catalyst bed sections of the reactor are

measured by inserting a thermocouple dorn the central thermowell to the
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desired position. These temperatures are measured ®ith a Digitron digital

thermometer.

4.3.3 Experimental Procedure and Analysis

4.3.3.1 Run procedure

The general procedure for the oligomerization reactions 1is presented
below. Individual experiments varied 1in regard to the H3POs acid
concentration, mass of catalyst, feed type, reaction temperature,
catalyst size and reaction pressure. Some variation in feed flosrate wras

observed, although this was not an intended variable, as such.

The catalyst was sieved, and the appropriate mass of the 106-180 micron
fraction was packed in one section of the reactor. Glass beads fill the
void above the catalyst bed. The complete packed reactor is schematically
indicated in Figure 4.3. The catalyst bed had a bulk density of 0.95g+cm”
3. Once packed, the reactor was assembled, sealed and installed in the
cylindrical furnace. It was connected to the reactor line via Swagelok

quick-connectors.

Each run was started by first heating up the reactor and feed cylinder to
the required temperatures. Approximately 1hr was required to bring the
reactor up to the desired temperature (wWithin 283 K of the set point).
Khile the reactor was being heated, all coolant flows were switched on.
During this period, all inlet and outlet lines that required heating were

brought up to their required temperatures.

Once the desired reactor temperature had been reached, the pressure
setting of the back pressure regulator was raised to 1.53 MPa (absolute)
and the reactor filled with feed at a controlled rate (by adjustment of

the metering valve on the inlet side of the reactor).

Once the reactor was filled, feed was pumped into the reactor, bringing
the reactor wup to the set pressure. The bleed line to the hygrometer was
then opened and set to approximately 1g+hr~!, after shich the pump ras
set to the desired flecwrate. Once the desired flowrate had been set, the
Water bath temperature was adjusted to the approximate value required.
The water bath required approximately fifteen minutes to reach a semi-
stable condition, at which time the catch pot was emptied. This time was

considered to be time 2zero for the reaction. At time zerc, a gas sample

Was also collected.
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Hereafter the folloring data were recorded at various intervals:

1. The gas meter readings and effluent gas temperatures.

2. The mass of liquid product collected.

3. The temperature at various points above, in and below the
catalyst bed.

4, A gas and liquid sample were collected and analysed by gas
chromatography.

5. Dempoint of water in feed.

A1l relevant temperatures and pressures.
The reaction is terminated, when desired, by isolating the pump from the
reactor and releasing the back-pressure. The reactor cooled, over

approximately 2 hours, to below 323 K.

4. 3. 3.2 Product analyses

The compositions of the gaseous and liquid effluents were determined by

GC (Gow Mac and Varian 3400, respectively).

The analysis of the effluent gas and feed streams was performed using a
émm long SS (stainless steel) column, packed with n-octane/poracil C.
Details of the method and relative response factors used, are’éiven in

Appendix I. The analysis is identical to that described in Section

3.3.3. 4,

Liquid products were separated on a 2,8mm long, 6mm O0.D, glass column
packed with 3% silicone/0V-101 on Chromasorb HR-HP, 100/120 mesh, as
described previously, 4 typical gas chromatograph and mass spectrograph

are shown in appendices E and F, respectively.

4,3.3.3 Reaction data workup

The average feed flowrate, over an entire run, was calculated by dividing
the total mass fed (measured by weighing cylinder, before and after each
run) by the total run time. During the oligomerization experiments, the
feed flowrate was estimated by back-calculating from the effluent mass
flowrate. As w®ill be shown later, mass balances were good (97.5 * 2. 5)
and hence little error was introduced by using this procedure. In the
final analysis of the run data, a corrected estimate was used, by taking

into account condensation inside the reactor and mass loss.



284

4.4 RESOLTS

4oy 1 Preliminary Results

4.4.1.17 Reproducibility of experiments

Although the feed flowrate was intentionally varied in some of the
experiments, in many of the experiments it was intended to keep the
florrate constant. Some degree of flowrate variation was, howRever,
experienced (up to 10% maximum, i.e., 5%, deviation from the derived
flowrate). This variation was found to have little effect relative to the

effects of acid concentration, reactor pressure and feed type used.

Two reproducibility runs were carried out, using a pure 1-butene feed, at

the folloring conditions:

mass of catalyst 38

catalyst size 106-180 microns

reactor temperature 462-473 K (spread over bed)
reactor pressure 15.5 to 16.5 atm (abs)
H3POs concentration 108%

feed flow rate 278/hr

1-Butene conversion 1is shown, as a function of time on stream, for these
two experiments in Figure 4.4. The initial differences 1in conversion
levels were due to different initial hydration levels on the catalyst,
different initial reaction temperatures and feed flowrates. The rapid
drop in the conversion at 2.5 hrs. on stream was due only to a manual
adjustment of the pump speed (see Figure 4.6) thus giving rise to an
increase in the WHSY and hence a decrease in the conversion. The
subsequent correction to the pump speed can be seen in Figure 4.6. Once
the systems had been stabilized at the desired operating conditions, the
reproducibility, as can be seen in Figure 4.4, Ras considered to be
satisfactory. This was despite the somewhat different temperature
profiles 1in each catalyst bed, measured at steady state. These
temperature profiles are shown in Figure 4.5 as functions of the catalyst

bed depth (moving down the bed).

4.4.1.2 Complete analysis of a typical oligomerization run

4 detailed analysis of a typical oligomerization experiment is given here
in order to indicate features common to all the experiments. The analysis
provides an 1indication of the stability of various parameters in all the

runs (e. g, flowrate stability).
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The experiment to be considered is Run B2, presented in Figures 4.4 and

4.5, The experimental conditions used are listed in Table 4.1.

Table 4.1 Experimental conditions for typical oligomerization run of

Section 4.4, 1. 2.

Catalyst
Type Solid phosphoric acid
(on kiesulguhr)
Mass, & 3.0
Size, microns 106-180
Bed density, g/cm? 0.95
Bed depth, mm 12.5 to 13
Reaction
Feed >99% 1-hutene
Flow, RHSV 3.0 - 9.3
Temperature (set), K 464
Temperature (mean), K 466
Pressure, MPa 1. 65
Mass balance, % 97

HESV and conversion versus time

Despite the variation in the HHSV during the first few hours (due to
manual alterations to the pump setting), the set HESV of 9 was easily
maintained during steady state. It should be noted that the rapid
increase in KHSV at 2.5 hrs. on stream, as can be seen in Figure 4.6, was
due to a manual adjustment of the pump speed. The accompanying increase
in the conversion of 1-butene can also be seen in Figure 4.6. The RHSY
Was readjusted back to 9 at approximately 3.4 hrs. on stream as can be
seen. The variation over the steady state period (which is indicated in
the latter portion of Figure 4.6) was slight (12%) despite the large

fluctuations between 2.5 and 4.5 hrs.

Catalyst bed temperature versus time

It ras found that there wmas very little change in the catalyst bed
temperature profile during the course of the run. The change in bed
temperature with bed depth was found to be significant, and has been

shosn in Figure 4.5 (Run B2).
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Product spectrum versus time

It wmas found that, during the entire length of the run, the product
spectrum remained approximately constant, indicating that the reaction
remains quantitatively wunchanged during this period. This is shown in

Figure 4. 7.
Given the results in Figure 4.7 and the RHSV in Figure 4.6, it is clear
that the rate of production of the various oligomers remained

approximately constant, once steady state was reached.

4.4.2 Propene Oligomerization

Four experiments were carried out using pure (>99%) propene as a feed.
Three of these experiments were carried out at conditions similar to
those used in the internal recycle reactor, with the variables being acid
concentration (102% and 108% H3PO4) and reactor pressure. The

experimental conditions used are listed in Table 4, 2.

;{

CONV,

TENE

i—-BuUi
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Table 4.2 Experimental conditions wused for propene oligomerization
experiments.
Run P1 Run P2 Run P3 Run P4
Catalyst
Type < Solid phosphoric acid >
Mass, g 3 1 3 3
Size, um < 106 - 180 >
Bed density, g/cm?® 0.95 --== -—= ===
Bed depth, mm 12-13 25-27 31 31
Reaction
Feed < 95% propene >
Flow, HHSV 9 11-13 9 9
Temperature (set), K 4oy 4oy uoy 464
Temperature (mean), K 465 463 460 464
Pressure, MPa 1.63 q.4 1. 068 1.68
HiPOs4 conc., % 103.5 102 108 101
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The following should be noted when examining Table 4. 2.

1. It was decided in Runs P2, P3 and P4 to disperse the catalyst amongst
300 pm (diameter) glass beads (thus resulting in a larger bed depth)
to enable easier control of the catalyst bed temperature (due to the

highly exothermic nature of the reaction).

2. In Run P2 the feed flowrate was controlled in such a way as to provide
the same propene conversion level as Run P1, and hence the higher HHSV
due to the higher operating pressure (since conversion increases with

pressure).

4.4.2.1 The effect of H3zPOsa concentration

Although it was not the direct intention of this work to study the effect
of H3iPOs concentration, three H3POs4 concentration runs were carried out
to provide an indication of the effect of HiPOs4 concentration in this
reactor and also to indicate whether the influence of mass and heat
transfer effects have any significant effect on the expected activity
level of the catalyst. The steady state conversion level of propene, as
Rell as the steady state compositions of the liguid product, are listed
in Table 4.3 for Runs P1, P3 and P4. The product compositions, in terms
of dimer, trimer, tetramer and pentamer, are plotted as functions cf

reaction time (on stream) for Runs 3 and 4, in Figure 4.8.

Table 4.3 Propene conversion and liquid product oligomer concentrations

of Runs 1, 3 and 4 of Section 4.4, 2.

Run P1 Run P3 Run P4

Propene conversion, % 22.0 20. 2 11. 2
HaP0e conc., °le 103.5 10g 1ot
Liquid compositions, mole%

Ce 14.5 9.0 10. 8

Ce 54. 6 57.5 58.5

Ci2 18. 1 22. 7 19.2

Cis 1.8 2.6 1.8

b 4 2.2 The effect of reaction pressure

Two runs were carried out, at 1.68 MPa and 4.4 MPa. It was attempted to

maintain the conversion level 1in the 44 bar experiment (Run P2) at a
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similar level to that of Run P4 (1.68 MPa). The conversion level at 4.4

MPa, however, was somewhat higher than at 1. 68 MPa. Steady state propene

conversion levels and liquid product compositions are listed in Table

4. 4. Product compositions of Runs 2 and 4 are plotted as functions of

reaction time in Figure 4. 9.

Table 4.4 Propene conversion and liquid product oligomer compositions of

Runs P1, P2 and P4 of Section 4.4, 2.

Run P2 Run P4
Propene conversion, % 26.5 11.2
Liquid compositions, mole%
Cs 18. 1 10. 8
Cs 71.2 58.5
Ciz 7.5 19. 2
Cis 0.2 1.8

4.

4.3 1-Butene Oligomerization

In total, seven experiments were carried out using a pure 1-butene feed.
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Runs wWere carried out to examine the effect of the folloring:

1. HiPOs concentration ®ith runs at 102% and 108% H3:POs, each of which
Was reproduced.

2. Reaction pressure with runs at 1.55 and 4.55 MPa.

3. Catalyst particle size with runs using crushed catalyst of 106-180 um

and also industrial sized catalyst pellets (6x6. 4 mm).

The experimental conditions used for each of these runs are listed in
Table 4. 5. The catalyst bed depth and bed density are not given in Table
4.5 since, 1in each experiment, the catalyst was mixed with glass beads
( 300um) .

4.4, 3.1 The effect of H3POs concentration

Four experiments were carried out (Runs B1, B2, B3 and B4) at two H3POs
concentrations. Two of these runs Nere reproducibility runs.
Reproducibility has been discussed in detail in Section 4.4.1,1. Steady

state 1-butene conversion and product concentrations are listed in Table
i. 6.
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Table 4.5 Experimental conditions used for 1-butene oligomerization

experiments.
Run numbers
B1 B2 B3 By B5 Bé6 B7
Catalyst
Mass, & 3.0 3.0 3.0 3.0 1.0 3.0 3.0
Size, um {————— 106-180 > 6000-6400
H3yPOs4 conc., % 102 108 102 108 1027103 102 108
Reaction
Feed < 1-butene >
Flomr, RHSV 8.7 9.0 9.2 9.2 10.7 9.2 9.4
Temp (set), K 4oy 4ok 4oy 4oy 4oy 4oy 4oy
Temp (mean), K 463 463 462 ho2 460 461 461
Pressure, MPa 1. 65 1. 65 1.55 1.55 4.55% 1.52 1.52

Table 4.6 1-Butene conversion and 1liquid product oligomer

concentrations of Runs B1 and B2 of Section 4.4, 3,

Run B1 Run B2
1-Butene conversion, % 22 40
Liquid product composition, mole%
Cs 82. 4 81.3
Ci2 12.6 12.5
Cist 1.3 0.5

4. 4.3.2 The effect of pressure

Tro experiments ~mere carried out, one at 1.65 MPa and the other at 4.55
MPa. 1-Butene conversions and liquid product compositions (all at steady

state) are listed in Table 4. 7.



293

Table 4.7 1-Butene conversion and 1liquid product oligomer

concentrations of Runs B1 and B5 of Section 4.4. 3.

Run B1 Run BS
1-Butene conversion, % 22 21
Liquid product composition, mole%
Cs §2. 4 84.5
Ci2 12. 6 11.1
Ciat 1.3 1.5

4.4.3.3 The effect of particle size on activity (intra-particular

diffusion) and HzPOa concentration.

A total of four experiments wmere carried out, two experiments wusing
catalyst pellets (6x6.4 mm), one experiment at an H3POs concentration of
102% and the other at 108% and the other twmo experiments using 106-180 um
phosphoric acid particles also at 102% and 108% HiPO«. The results are
shown 1in Table 4.8. The experimental conditions at ~w®hich these

experiments were carried out are listed in Table 4.5.

Table 4.8 1-Butene conversion and liquid oligomer concentrations of Runs

B6 and B7 of Section 4. 4, 3.

Run B1 Run B2 Run Bé Run B7
1-Butene conversion, % 22 40 8.5 10.1

Liquid product composition, mole%

Ca 82. 4 81.3 64. 2 64.7

Ci2 12.6 12.5 24,6 23.7

Ciat 1.3 0.5 3.2 4.5
.44 Iso-Butene Oligomerization

In total, four experiments were carried out, using pure iso~-butene and
mixed iso-butene/propane feeds. Due to the extremely high reactivity of
the iso-butene over phosphoric acid, extremely small amounts of catalyst
(0.1 g) had to be used, rendering good reproducibility potentially
difficult. The experiments were carried out at the conditions listed in

Table 4. 9.
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Table 4.9 Experimental conditions used for iso-butene oligomerization

experiments,
Run C1 Run C2 Run C3 Run C4
Catalyst
Mass, g 0.1 0.1 0.1 0.1
Size, um < 106-180 >
H3POs4 cone., % 106 105 107/108 102
Reaction
Feed < iso-butene >
Flow, WHSY 410 280 300 55
Temp (set), K 413 464 4oy Loy
Temp ( mean), K 415 uel y72 ue62
Pressure, MPa 1.52 1. 60 4. 65 1.55

It can be seen from Table 4.9 that the WHSV is dramatically high. It was
necessary to maintain these high levels in order to keep the conversion
levels reasonably 1low. In Runs B1, B2 and B3, where a pure iso-butene
feed wmas wused (>99%, w®/®W), it was found to be very difficult to control
the acid concentration, due to the rapid deactivation of the catalyst. An
example of the rapid deactivation can be seen in Figure 4.10 rhere the
iso-butene conversion of Run C1 is plotted as a function of time on

strean.

The rapid catalyst deactivation is not entirely unexpected, since it
appears as though the total amount of fuel produced in these experiments,
per gram of catalyst, Rould eventually approach that expected in a
commercial reactor (1000-1700 g per gram of catalyst (McMahon et al.,
1963)) despite the lowr pressures in many of the experiments. Figure 4.11
shors the cumulative total mass of fuel produced in Run C1 as a function

of reaction time.

The product spectra (Cs, Ci12 and Ci1s fractions) of Runs Cy, C2, Ci and
C4 are shown in Figure 4.12. These three fractions constitute more than
97% (®"/®) of the products in each of the four cases. A& striking feature
of the iso-butene product spectrum is the noticeably small number of Ca
and Ci12 isomers that are produced, unlike the propene or 1-butene product

spectra.
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4.5 DISCUSSION

It must be emphasized that the integral reactor studies were not intended
to be exhaustive either qualitatively or quantitatively. The results were
intended to provide some 1indication of the differences 1in behaviour
between the internal gas recirculation reactor and the fixed bed reactor
With respect to both conversion levels observed and product quality (in
terms of carbon chain length). A simple one dimensional analysis was
performed on the fixed bed reactor, providing, amongst other things,
evidence of the significance of mass transfer at the operating conditions

used.

4.5.1 The Effects of Process Variables

From the propene oligomerization runs it was found that changes in the
H3iPOs+ concentration had minimal effect on the product spectrum observed,
despite the increase in propene conversion as the acid concentration was
increased. An interesting feature of the results in Table 4.3 is that,

although the conversion in Run 1 was expected to be higher than that of
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Run 4 {(due to the higher acid concentration), the differences in
conversion were greater than expected. It was is also expected that the
conversion in Run 3 should be significantly higher than that in Run 1

despite the fact that the temperature in Run 3 was 5 K lower. Although
the HHESV, reaction temperature and pressure Fwere essentially the same,

Run 1, 1in spite of its 1low acid concentration, gave the highest
conversion. It is believed that this arose from the fact that in Runs 3
and 4 glass beads ~Were used to disperse the catalyst, hence providing an
wert surgace
i In this fixed bed reactor it is quite 1likely that a
temperature gradient existed from the bulk phase to the catalyst
particles. The glass beads, providing aa Q::izzink, could then serve to
lessen this gradient and therefore at similar bulk temperature levels the
catalyst particles which were dispersed amongst glass beads would have

lower surface temperatures, resulting in lower reaction rates and

conversion levels.

The results in Table 4.4 indicate quite clearly that as the pressure ras
increased from 16,8 bar to 44 bar, the average molecular weight of the
liquid product decreased quite significantly as the product spectrum
shifted from the tetramer to the trimer. This result has been observed by
several researchers (Jacobs, 1987; Harms, 1987) using other acid
catalysts. It is believed that the shift occurs due to the shift in the
products from the gas phase to 1liquid phase, thus resulting in more
severe mass transfer limitations. It should be noted from Table 4. 4 that
the conversions were not maintained constant. However the differences in
conversion levels in Table 4.4 are not unlike those in Table 4.3, where

it can be seen that the product spectra are quite similar.

The 1-butene experiments showed a similar trend to the propene
experiments (bearing in mind the 4 K temperature difference between Runs
P3 and P4) wmith regard to H3iPOs concentrations, indicating an approximate
doubling of the 1-butene conversion w®ith an increase 1in the H3zPOs
concentration from 102 to 108%. Unlike the propene experiments, the
effect of pressure was examined by maintaining the conversion levels
constant. Very 1little change in the product spectrum was observed with a

change in the pressure from 16.5 to 45.5 bar.

The 1-butene particle size experiments (Table 4.8) indicated clearly that

for particies sizes of b6x6.4 mm, there were significant intra-particular
L . Conversion

mass transfer limitations, a&thoughxtower bempopaiuces Rere expected to a

small degree since the HHSYV was higher and the temperatures and pressures

Were lower, in Runs 6 and 7 than in 1 and 2 (compare the results of Table

4.8 to 4.6). Using the laréer industrial sized pellets, it was found that
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changes in acid concentration provided rather surprising results. The
results here revealed that the increase in conversion as the acid
concentration was raised from 102% to 108% was unexpectedly minimal. One
distinct possibility is that due to the larger particle sizes used, the
catalyst particles could take longer to attain the set acid
concentrations, i.e., the time taken for the catalyst particles to
dehydrate to the required 1level may be longer due to the slow rate of
mass transfer through the larger catalyst. The run times used in these
experiments wWere based on the times taken for the 106-180 micron catalyst
fraction to reach equilibrium. The run times may therefore have been too
short for the 6.0-6.4 mm catalyst particles to reach equilibrium.
Although this possibility seems quite likely, a similar result was found
by Kriel (19886), in oligomerizing propene over solid phosphoric acid
using a pilot plant sized reactor. Eriel found, up to 24 hrs after the
reactor hydration level had been changed (such that the H3POas
concentration should have increased from 102% to 108%), that the

conversion level had not changed significantly.

In the examination of particle size effgcts using a 1-butene feed, it was
found that as the particle size =was Sggggfsad from 106-180 um to 6000-
6400 pym the decrease in conversion was accompanied by an increase in the
average molecular weight of the product as the trimer yield increased at
the expense of the dimer. This 1is consistent with the results of the

internal gas recirculation reactor experiments in Chapter 3.

As expected, the iso-butene experiments showed the 1iso-butene to be
dramatically more reactive than either the propene or the 1-butene. The
extremely high activity re:ulted in rapid deactivation of the catalyst,
so much so that a steady state period was not obtained before the
catalyst started deactivating (see Figure 4.11). It can be seen from
Figure 4.13 that there was very 1little change in the product spectrum

despite the variation in operating conditions.

Similar to the results of the kinetic experiments in Chapter 3, the
average molecular weight of the product spectra from the 1-butene and
iso-butene oligomerization reactions was lower than that from the
polymerization of propene. In this reactor dimer wras also found to be the
major oligomer product in the butene oligomerization whereas the trimer
followed by the tetramer w®Were found to be the major oligomers from the
polymerization of propene. The reasons for this trend as suggested in
Chapter 3 could possibly be due to steric hindrance experienced by

monomer molecules obtaining access to the adsorbed species or could also
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be due to the heats of adsorption of the Cs and Ce¢ fractions which may be

similar and result in the preferential desorption of these molecules.

4.5.2 Comparison of the integral reactor results with those of the

internal gas recirculation reactor

Hith respect to changing HiPOs concentration for propene oligomerization,
the results obtained with the two reactors were found to be quite similar
Wwith respect to both product quality and conversion. Pressure effects
Xere not examined in the internal gas recirculation reactor because it
was necessary to maintain everything in the gas phase, or as much of it
as possible; hence the pressure was not raised above 1.6 MPa. No
noticeable differences between the two reactors were observed.
N

For 1-butene conversion, both reactors gave similar results for different
H3POs concentrations. (The internal gas recirculation reactor results had
to be extrapolated up to the 108% H3POs 1level.) Both reactor studies
confirmed that intraparticular diffusion was significant when using
pellets of 6000-6400 um. In both reactors it was found that as the
particle size was decreased from 6000-6400 um the average molecular
weight of the product decreased w®ith the accompanying increase 1in

conversion.

The iso-butene results, which have been described, were quite similar in

both reactors.

4.5.3 One dimensional analysis of the integral reactor

A simple one dimensional model was used to predict the conversion and
temperature profile down the catalyst bed. This was done to test the
simple power 1law rate equation obtained from the kinetic experiments of
the previous chapter and to obtain an indication of the severity of mass
and heat transport effects, if any. It must be emphasized that it was not
intended to perform a rigorous analysis, It was from this point of view

that some of the assumptions were made.

Being a one dimensional model, radial temperature and concentration
gradients were not examined. The model 1is based on the simultaneous
solution of the following three equations at various depth increments

moving down the catalyst bed:

1. Rate equation describing the rate of propene reaction as a function of

propene concentration and reaction temperature.
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2. Mass balance.

3. Energy balance,

The three equations are given as follows
Rate equation: -rCsz = f(Xa,T) = koe &®/RT [C31"
Mass balance: -rCidwm = FC3dXa

Energy balance: FtCsdT = (=rC3)dw(-AH)

where -rCz3 = rate of propene reaction
[C3] = propene concentration
n = 1.03
kKo = 29.49 mol % %31t %3eepp?
E/R = 2568 K

A complete description of the model and the solution procedure is given
in Appendix J. The model was wused to predict the conversions and bed
temperatures for propene oligomerization at conditions identical to those

of Run 1 in Table 4.2. The following assumptions were made in the model:

1. The heats of formation for the Ce¢ and Cy2 fractions were assumed to be
those of the normal straight alkenes due to the lack of heat of
formation data on any other alkene isomers.

2. The product composition was assumed to be constant throughout the
reactor. This assumption had to be made due to the lack of information
on the changing product composition as the reaction front moved down
the bed.

3. The fractions of Ci2 formed from Cs + Cs and Ce¢ + C3 wWere assumed to
be constant irrespective of position in the catalyst bed. For the
result shown below the entire Ci2 fraction was assumed to be formed
from Ce + C3. Using the assumption of the Ci2 fraction being formed
solely from the dimerization of Cs would result in a catalyst bed
temperature of 471 K and a predicted bed depth of 13.5 mm at the 22.5%
propene conversion level.

4. The reactor was assumed to behave adiabatically.

The results of the model prediction are shown in Table 4.10.

The actual experimental results are as follows:

total catalyst bed depth: 12. 6 mm
propene conversion at exit from reactor: 22. 0%
reactor temperature at exit from catalyst bed: 472 X

The modelled results show very good agreement with the experimental

results. This could be an indication that firstly, the effects of mass
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Table 4.10 Results of the one dimensional model analysis for propene
oligomerization at the conditions described for Run 1 in

Table 4. 2.

Conversion, % Bed depth, mm Temperature, K

1.5 1.978 4541
3.0 1.981 454. 3
4.5 2,97 usy. 7
6.0 3.97 455. 2
7.5 4. 96 455.8
9.0 5.93 456. 7
10.5 6.9 us57.7
12.0 7.8 468. 9
13.5 8.7 460. 2
15.0 9.6 461.8
16.5 10.5 463.5
18.0 11.3 465. 3
19.5 12.1 467. 4
21.0 12.8 469. 6
22.5 13.5 472.0

and heat transfer are not severe and secondly that the rate equation
adequately describes the rate of propene reaction. For comparative
purposes the model was also tested by using a second order and also a
first order rate equation in propene concentration. Using the second
order rate equation and taking the propene conversion to be the
independent variable, the second order rate equation predicted a bed
depth of 37.7 mm and an exit reactor temperature of 467.5 at the 22.5%
propene conversion 1level. The =zero order rate equation predicted a bed
depth of 13.9 mm and an exit reactor temperature of 468 at the 22.5%
propene conversion level. These predicted results w®hich do not compare
favourably with the first order results and hence the experimental

results.

It has been pointed out that the effect of heat of reaction in the
production cf Cy2 depending cn whether the Ci: fraction was assumed to
have been formed from the dimerization of Cs or the reaction of propene

with Ce¢ had no significant effect on the model prediction.
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The assumption of the average composition of the reaction products was
found to be significant. The results presented in Table 4.10 are based on
the constant molar compositions in the liquid product of 50% dimer, 40%
trimer and 10% tetramer. Using the constant molar compositions of 30%
dimer, 60% trimer and 10% tetramer results in a predicted bed depth of
13.9 mm and an exit reactor temperature of U468 K at the 22,5% propene
conversion level. The predicted bed depth in this case is 3% higher and
the exit reactor temperature is 1.5% lower than the predictions of Table

4.10.

The rate equation developed by Bethea and Karchmer wusing 1liquid
phosphoric acid predicted that the expected fractional conversion of
propene in this fixed bed reactor wmould be approximately 40% at these
conditions. This 1is significantly higher thén that predicted using the
solid phosphoric acid catalyst in the internal gas recirculation reactor

and is therefore not comparable in the one dimensional modelling.

It must be emphasized that the good agreement between the modelled and
the experimental results does not necessarily imply that the assumptions
made above were good (despite the fact that they were necessary). Only a
thorough test of the model over a range of experimental conditions would

confirm or refute this.

4.6 CONCLUSIONS

The fixed bed reactor studies have shown over the range of conditions
used in this work, that the quality of the oligomerization products from
both propene and 1-butene oligomerization is quite insensitive to changes

in reaction conditions.

For identical masses of catalyst the conversion decreased with the
introduction of glass beads in the catalyst bed. It is believed that the
glass beads may have provided a heat sink thus lessening the temperature
gradient between the bulk gas phase and the catalyst particles and by
doing so may have resulted in 1lower catalyst surface temperatures,

resulting in lower reaction rates and conversion levels.

Although product quality was found to be quite insensitive to change in
reaction conditions the fixed bed results confirmed the findings of the
kinetic experiments in Chapter 3 in that the average molecular weight of

the product was found to decrease ®ith an increase in conversion,
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particularly when conversion was increased as a result of operating at
higher reactor pressures. It was postulated in Chapter 3, at the
conditions used in these studies, that the increase in conversion which
was accompanied by an increase in the fraction of liquid phase in the
reactor was therefore accompanied by poorer mass transfer coefficients
particularly for the longer chain products. Therefore although mass
transfer may have been shown to be negligible at the conditions used in
the kinetic experiments it is possible that at the higher conversion
levels, such as at the very high temperatures and H3POs concentrations,
the 1longer chain products, particularly Ci2, may have started
experiencing diffusional resistances. The 1-butene product spectra did
not change W®ith an increase in the system pressure from 16.5 to 45.5
Rhile the conversion was maintained constant. From the above postulate it
Ras expected that the average molecular weight of the product should have
decreased by some extent since the increase in the pressure the liquid

phase in the reactor would have increased.

The industrial sized H3iPOs4 pellets were accompanied by significant mass
transfer limitations as was found in the internal gas recirculation
reactor experiments of Chapter 3. These sized particles were also very
insensitive to changes in H3POs concentration at the conditions used in
this work. This ‘has also been found by Kriel (1986) wusing solid
phosphoric acid catalyst at similar temperatures but at higher pressures
and over longer experimental periods. It is possible, due to the poorer
mass transfer coefficients, that these industrial sized particles would
have required significantly longer times than were used to attain the set
H3POs concentration levels. [he tesking of emaller sized catalysk Parhicles on Pilot Plant smle,
although Costly, could vroueAcévuntageous.

From a one dimensional analysis it was found that the exit reactor bed
temperature, the propene feed conversion and the catalyst bed depth could
be predicted to within 0-10% of the experimental results. The model was
particularly limited by the 1lack of heat of formation data for branched
alkenes. Inherent in the model rere the assumptions that the reactor
behaved adiabatically, that the 1liquid product (Cs+) composition was
constant throughout the reactor. The assumption of how much of the Ciz2
fraction was produced solely from the dimerization of Cs and how much was
produced from the reaction of propene with trimer was found to have very

little effect on the predicted results.

The good fit of the predicted data to the experimental data may be an
indication that mass transfer limitatioas at the conditions used were not
very significant. It mas expected that intraparticular effects were

negligible since a 106-180 um catalyst size fraction wWas used for the
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model prediction comparisons and secondly, a rReight hourly space velocity

of 9 was used.

The rate equation of Bethea and Karchmer (1956), at the conditions used
for the model prediction, which was obtained by using liquid phosphoric
acid, predicted a propene conversion of approximately 40% This was

significantly higher than that obtained in the fixed bed reactor. It
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5. CONCLUDING REMARKS

This section summarizes some of the salient points of this work. Detailed
and complete conclusions can be found at the end of each discussion
section viz., Sections 2.6, 3.6 and 4.6 for the pulse, internal gas

recirculation and fixed bed reactors respectively.

This work examined, inter alia, the oligomerization of C3, Cs4 and Cs
alkenes over solid phosphoric acid, the primary objective being to
examine the 1intrinsic kinetics of propene and butene oligomerization
using an internal recycle reactor in which mass and heat transfer effects
have been minimized. The oligomerization of propene, butene (1-butene and
iso-butene), and various C¢ alkene isaomers wWas also studied using a pulse
reactor wmith a vier to examining the relative reactivities of the
reaction intermediates w®ith a view to determining the mechanistic
pathrays followed. The empirical rate equations developed for propene
oligomerization in the internal gas recirculation reactor were used to
predict the propene conversions and reactor temperatures at given bed
depths in a fixed bed reactor wusing a one-dimensional model. The

predicted results wmere compared to the experimental results obtained,

The internal gas recirculation reactor which wras designed by Caldrell
(1983a), was based on the Berty design writh several modifications aimed
at improving the performance of the blower. This reactor Ras
characterized by performing residence time studies and and mass transfer

studies wmith and without reactions.

The residence time distribution studies and the mass transfer studies in
the internal recycle reactor confirmed that this reactor 1is easily
capable of operating as a perfect stirred tank reactor. The reactor
approaches ideal CSTR behaviour at recycle ratios between 15 and 20.
Superficial gas velocities for the napthalene-air system estimated at
atmospheric pressure and 2000 rpm from various pressure dreco equations
and also from mass transfer coefficients, confirmed the results of
Caldwell (1983a). High superficial gas velocities and mass transfer
coefficients can be obtained such that mass and heat transfer limitations
can be rendered insignificant. Good comparisons between the superficial

gas velocities estimated from pressure drop equations and those estimated
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from mass transfer coefficients served to indicate that the blower
(impeller) in this reactor was at least 85% efficient at these conditions
mhere efficiency is defined as the percentage of the theoretical head

generated that is converted to pressure.

As a result of the linear variation of the mass transfer coefficient with
impeller speed and the drop in mass transfer coefficient wRith increasing
pressure (up to 5 MPa) it is possible that the flow through the bed was
at the upper end of the laminar range (hence the linear variation of Kec
Rith impeller speed) and as the pressure rRas increased so the flow became
turbulent, accompanied by a decrease in Kc. It' is possible that the
diffusivity rather than the Schmidt number is the correlating factor as

suggested by Caldwmell (1983a).

Intraparticular diffusion and interphase mass transfer effects are
insignificant when propene is oligomerized over solid phosphoric acid at
1.5 MPa, 2000 rpm, 4b4 K, 101.5% H3iPO4 and using a catalyst size fraction
of 106-180 um. At the extreme <conditions of 114% H3POa, 503 K and at
1.5MPa, 2000 rpm with a catalyst size fraction of 106-180um, interphase
mass transfer wmas insignificant and intraparticular diffusion was largely

eliminated.

The pulse experiments were carried out at low alkene partial pressures.
As a result cracking, Rhich was thermodynamically favoured at these
conditions, was fairly extensive. At a pressure of 1.65 MPa (total system
pressure mhich was due to the nitrogen carrier), reaction temperature of
473 K, constant Ci{2/Cs mole ratios and Ci2 concentrations above 1x10-4
mol/1l, the bulk of the cracked products wmere a result of Cy2 cracking.
Hith respect to the cracking of the Ce¢ and Cy2 fractions it was found

that at these conditions the following initial routes were the most

likely:
Ci2 — C7 + Cs,
Ciz — Cs + Ca
and for Cs cracking Ce — Cs + Ca

In the pulse reactor isomerization of the Cs alkenes over phosphoric acid

catalyst was extremely rapid. The relative lack of change in reactivity
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between 2-methyl-2-pentene, 3-methyl-1-pentene, 3-methyl-2-pentene, Y-
methyl-1-pentene and cis-4-methyl-2-pentene is attributed to the very
rapid rate of isomerization of each of these hexenes. Slight changes in
reactivities are attributed to the possibility that the isomerization
reactions have not reached equilibrium. The slower rate of 1-hexene
oligomerization relative to the rates oligomerization of the methyl-
pentenes can be attributed to the formation of the secondary carbonium

ion,

Taking the 2-methyl-1-pentene as being representative of the rates of
reaction of the methyl-pentenes, the alkenes were found to oligomerize in
the following order of decreasing reactivity in the pulse reactor: iso-
butene, 1-butene, 2-methyl-1-pentene (although the 1-butene and 2-methyl-
1-pentene were found to oligomerize at similar rates), 1-hexene and

propene.

In the presence of iso-butene, propene was found to oligomerize at a

faster rate than when only a pure propene feed was used.

In the pulse reactor it was found that the percentage of Ci2 formed from
the dimerization of Cs as opposed to the reaction of propene rith Ce
depended on the molar ratios of both propene to C¢ and propene to Ci2. At
473 K, 1.63 MPa and propene and 2-methyl-1-pentene reactor concentrations
(averaged reactor concentrations) of 1.23x'°"2 mol/1 and 0.83x'°"% mol/1
(viz. propene: 2 Me1P ratio of 1.5) in addition to propene: Cs molar
ratios of 10: 1, the Ci2 fraction =Rras produced solely from the
dimerization of 2-methyl-1-pentene. At the higher propene concentration
of 4.97x10-2 mol/l and a 2-methyl-1-pentene concentration of O0.86x10-2
mol/1l, (molar ratios of 6:1) and C3:Cs molar ratios of 15:1, it was
estimated that approximately 50% of the Ci12 fraction was produced from Cs

dimerization.

The Ci12 fraction is therefore unlikely to be produced from only one of
the above two routes in an industrial fixed bed reactor. The industrial
reactors are operated at high conversions and, as a result, the ratio of
propene to Cs and Ci2 Rould change dramatically as the reaction front
moves doRn the catalyst bed. It 1is probable that at the top of these
reactbrs, the bulk of the Ci12 is produced by the reaction of propene with

Ce¢. At the bottom of the reactor, the majority of the Ci2 is produced by
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the dimerization of the Cs fraction. This shift in mechanism occurs as
the reaction front moves dowkn the bed and is due to the corresponding

drop in the concentration of propene.

In Section 2.6 suggested routes of the basic reaction pathways believed
to be most likely for the oligomerization of propene and butene (and also
for the resultant cracking reactions) at these conditions Rere presented

in the form of twrRo reaction pathray netrorks.

The activity and lifetime of the catalyst is extremely dependent on H3POs
concentration, high acid concentrations resulting in rapid deactivation
of the catalyst. Control of the H3iPOs concentration 1is therefore

critical.

The average molecular weight of the 1liquid product in the 1internal
recycle and the fixed bed reactor decreased moderately wmith significant
increases in the conversion of the propene feed. It is suggested that
this could be due to a shift in the phase of the reactor contents torards
the liquid phase accompanied by the possible onset of diffusional
hindrances for the longer chain 1length products. The mass transfer
results, however, have confirmed that, w®Rith respect to the rate of
propene reaction, mass transfer was insignificant at these conditions.
The possibility of a shift in the mechanism for the production of the Ci2
as the propene concentration decreases (to the dimerization of Cs) cannot

be ignored.

The butenes oligomerize mainly to dimers wrhereas propene oligomerizes
predominantly to trimers and also tetramers. It is suggested that this
could be due to steric hindrances experienced by monomer molecules in
obtaining access to the adsorbed intermediate, or could also be due to
the heats of adsorption of the Ca and Cs fractions which wmould be similar

and result in the preferential desorption of these molecules.

The results obtained from the kinetic studies in the recirculation
reactor wmere used to develop rate expressions. Simple porer larR modelling
of the rate of propene reaction over the temperature range 443 to 473K,
H3POs range of 102 to 107% and at a pressure of 1.53MPa yieldad a rate
equation ~wrhich was close to first order wsith respect to propene

concentration. At extreme conditions of temperature and H3iPOa
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concentration (up to 114% H3iPOs and 508 K) the rate equation, although
fitting the data reasonably well, tended to over-predict. The rate of
1-butene reaction fitted a similar pomer law rate equation which had an

order of 1.24 with respect to 1-butene concentration.

Five models were examined in the modelling of the rates of formation of
products and the rate of propene disappearance. Tro of the models
{referred to as P1 and P2) were based on each of the reactions being
elementary, the one model taking the reverse reactions into account. Two
more of the models (P3 and PH§) were purely empirical, model P3 having
been based on thev production of the Ci2 fraction from Cs dimerization
only and the other based on the production of Ci2 from the reaction of
propene with Ce. The fifth model(P5) was based on a more fundamental
approach, taking, for each reaction, the adsorption equilibrium into
account and assuming the rate of reaction of carbonium ion ®ith alkene to

be rate limiting.

The empirical models (P3 and PY4) fitted the rate data significantly
better than did models P1, P2 and P5. Model P3 predicted the rate and
concentration data more accurately than model P4 at the extreme
conditions of temperature and HiPOas concentration. Based on this result
(% error analysis) and the finding of the pulse experiments - that at the
high ratios of propene : Cy9, the Ci2 formed from C3z + Ce¢ becomes
substantial - it is concluded that model P3 is probably the better of the
two models. It is suggested that in the reaction sequence 1t is the
dimerization of the propene that is possibly rate 1limiting due to the
relatively high activation energy of this reaction and the relatively

small value of the rate constant (which was found in all cases).

Attempts were made to fit a proposed mechanistic model with the empirical

models obtained but no adequate correlations wmere found.

The 1-butene models were formulated in a similar manner to those of
propene. Similar conclusions can be drasn from the 1-butene modelling
since the empirical model B4 gave the best fit to the data. Activation
energies in each of the 1-butene oligomerization reactions were found to

be consistently greater than those found from the propene reaction

netwrork.
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The fixed bed reactor results have confirmed the internal recycle reactor
results in that products of oligomerization from propene and butene
oligomerization were found to be the same. In a similar manner to the
results obtained in the internal recycle reactor, it was found in the
fixed bed reactor that as the conversion of propene increased, the
average molecular weight of the product decreased. This was found to be
particularly true of the increase in conversion accompanying the increase
in pressure from 1.63 to 4.4 MPa. Mass transfer 1limitations were
significant when industrial sized catalyst pellets were used. These large
(6.0 to 6.4 mm) cylindrical shaped pellets were found ¢to be very
insensitive to changes in H3iPOa concentration as opposed to the fine

particles used in the internal recirculation reactor.

Preliminary studies ~were carried out using a one dimensional analysis of
the fixed bed reactor based on the powrer rate law developed for propene
oligomerization obtained from the internal recycle reactor data. The.
model predicted the catalyst bed depth and the exit reactor temperature
as functions of propene conversion. The model inco}porated the following

assumptions:

1. The heats of formation data for the Cs and Ci2 fractions were based on
straight chain heat of formation data due to the difficulty of
obtaining heat of formation data on branched alkenes.

2. The 1liquid product composition (Cs+) was assumed to be constant
throughout the reactor.

3. The fractions of Ci2 formed from the dimerization of Cs and the
fractions formed from the reaction of propene with Cs were assumed to
be constant throughout the reactor.

4. The reactor was assumed to behave adiabatically.

Notwithstanding these rather over-simplifying assumptions, the model,
®hich ~was by no means intended to be -exhaustive, predicted the

experimental results to wmithin 10%.
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APPENDIXY A GC METHOD FOR MICROCATALYTIC PULSE ANALYSIS

Instrument

Column
Length
Diameter

Packing

Temperature
Injector (GSY)
Detector

Column
Gas Flows
Hydrogen
Air
Nitrogen

Range

Attenuation

Varian 3700 Gas Chromatograph

5.6m (glass)
émm (O0.D.)

3% silicone/0V-101 on chromasorb K-HP

100/120 mesh

448 K (maximum value temperature)

573 K
313 K (5 min),

30 mlemin~!

300 mlemin™!

30 mlemin!?

10"1'° amps.mv”

1

10 Eemin™ 1,

473 K (0 min)
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Table B.1 Equilibrium conversion data for straight alkenes at 433 K
Temperature = 433 K
Pressure, KPa/100
0. 001 0. 01 0.1 10
Propene 0. 991 0.978 0. 939 0. 423 0. 009
Cis-2-butene 0. 009 0.019 0. 040 0. 045 0. 000
1-Pentene 0. 000 0. 002 0. 008 0.010 0. 000
1-Hexene 0. 000 0. 001 0. 005 0.018 0. 000
1-Heptene 0. 000 0. 000 0. 003 0. 023 0. 000
1-Octene 0. 000 0. 000 0. 002 0. 025 0. 004
1-Nonene 0. 000 0. 000 0. 001 0. 028 0. 009
1-Decene 0. 000 0. 000 0. 001 0. 030 0.018
1-Undecene 0. 000 0. 000 0, 000 0. 033 0. O4Yy
1-Dodecene 0. 000 0. 000 0. 001 0. 234 0. 295
1-Tridecene 0. 000 0. 000 0. 000 0. 040 0.128
1-Tetradecene 0. 000 0. 000 0, 000 0. 043 0.198
1-Pentadecene 0. 000 0. 000 0. 000 0. 050 0. 295
Table B.2 Equilibrium conversion data for straight alkenes at 458 X
Temperature = 468 K
Pressure, KPa/100
0. 001 0.01 0.1 1 10

Propene 0. 995 0. 988 0.972 0. 868 0. 026
Cis-2-butene 0. 005 0. 011 0. 022 0. 042 0. 004
1-Pentene 0. 000 0. 001 0. 003 0.013 0. 000
1-Hexene 0. 000 0. 000 0. 001 0. 011 0. 004
1-Heptene 0. 000 0. 000 0. 001 0.010 0. 004
1-Octene 0. 000 0. 000 0. 000 0. 008 0. 004
1~-Nonene 0. 000 0. 000 0. 000 0. 006 0.013
1-Decene 0. 000 0. 000 0. 000 0. 006 0. 026
1-Undecene 0. 000 0. 000 0. 000 0. 005 0. 047
1-Dodecene 0. 000 0. 000 0. 000 0. 024 0. 316
1-Tridecene 0. 000 0. 000 0. 000 0. 004 0.124
1-Tetradecene 0. 000 0. 000 0. 000 0. 002 0.179
1-Pentadecene 0. 000 0. 000 0. 000 0. 002 0. 261




331

Table B.3 Equilibrium conversion data for straight alkenes at 483 K

Temperature = 483 K

Pressure, KPa/100
0. 001 0. 01 0.1 1 15
Propene 0. 997 0. 993 0. 385 0. 956 0. 057
Cis-2-butene 0. 003 0. 006 0.013 0. 029 0. 004
1-Pentene 0. 000 0. 000 0. 002 0. 007 0. 00y
1-Hexene 0. 000 0. 000 0. 000 0. 004 0. 004
1-Heptene 0. 000 0. 000 0. 000 0. 002 0. 004
1-Octene 0. 000 0. 000 0. 6ao 0. 001 g. 008
1-Nonene 0. 000 0. 000 0. 000 0. 001 0.016
1-Decene 0. 000 0. 000 0. 000 0. 000 0. 028
1-Undecene 0. 000 0. 000 0. 000 0. 000 0. 049
1-Dodecene 0. 000 0. 000 0. 000 0. 001 0. 326
1-Tridecene 0. 000 0. 000 0. 000 0. 000 0.114
1-Tetradecene 0. 000 0. 000 0. 000 0. 000 0.159
1-Pentadecene 0. 000 0. 000 0. 000 0. 000 0. 224
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APPENDIX C EQUILIBRIUM CONVERSION OF Cs AND Cs ALKENES

Table C.1 Equilibrium conversion of a group of Cs alkenes

TEMPERATURE
Cs ISOMER 443 K 463 K 483 K
2~-methyl-1-butene 0. 104 0.105 0. 106
3-methyl-1-butene 0. 488 0.508 0.527
2-methyl-2-butene 0. 363 0. 338 0.314
cis-2-pentene 0.018 0.019 0. 021
trans-2-pentene 0. 025 0. 026 0. 028
1-pentene 0. 002 0. 003 0. 00y

Table C.2 Equilibrium conversion of a group of Cs alkenes

TEMPERATURE
Cs ISOMER 433 K 443 K 453 K 473 K 493 K
2,3-methyl-1-butene 0.019 0. 020 0. 020 0. 020 0. 021
3, 3-methyl-1-butene 0. 000 0. 000 0. 000 0. 000 0. 000
2,3-methyl-2-butene 0. 040 0. 039 0. 038 0. 037 0. 035
2-ethyl-1-butene 0. 041 0. 042 0. 043 0. 04y 0.045
cis-2-hexene 0. 081 0. 083 0. 08y 0. 087 0. 08¢
cis-3-hexene 0. 009 0. 010 0.010 0. 011 0.012
trans-2-hexene 0. 063 0. ObY4 0. 065 0. 067 0. 068
trans-3-hexene 0. 038 0. 038 0. 039 0. 039 0. 040
1-hexene 0. 004 0. 004 0. 004 0. 005 0. 006
4-methyl-1-pentene 0. 003 0. 003 0. 004 0. 004 0. 004
4-methyl-cis-2-pentene 0.043 0. 043 0. 04y 0. o4y 0. 045
4-methyl-trans~2~pentene 0. 080 0. 079 0.078 0. 076 0. 074
2-methyl-2-pentene 0. 244 0. 239 0. 233 0. 222 0. 211
3-methyl-cis-2-pentene 0. 140 0. 138 0.137 0.133 0. 130
2-methyl-1-pentene 0.180 0.180 0.180 0. 180 0.180
3-methyl-1-pentene 0. 015 0.017 0. 021 0. 029 0. 040
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APPENDIX D VAPOUR LIQUID EQUILIBRIA DETERMINATION

The procedures developed by Chao & Seader (1961) to determine liquid
fugacity coefficients, $it, vapour phase fugacity coefficients. #;, and

liquid phase activity coefficients, 7;.

1. Determination of liquid fugacity coefficients, ¢;"

The following correlation is used:

logéi" = loge; ‘®’ + wiloge; ‘Y’

where the quantities are dependent only on reduced temperatures and

pressures and are approximated as follows:

log4; ‘%’ = Ao + Ay/Te + A2Te + A3Te? + AaTe? + (A3 + AsTe + AT %)Pr +
(As + A9Tc)Pe? - logP-

log#; ‘'’ = -4.23893 + 8.65808T. - 1.22060/T. - 3.15224Tr° -
0.025(P. - 0.6)

Hhere Ao = 5.75478 As = 0.08427
Ay = -3.017061 hs = 0. 26667
A: = -4, 98500 A7 = -0.31138
Az = 2.02299 As = —0.02655
As = 0 As = 0.028383

Special coefficients are required for methane and hydrogen.

2. The vapour phase fugacity coefficients. 3§,

These are based on the Redlich-Kwong equation of state and are calculated
az follows (Zmith & Van Ness, 1375):
a5 .
o~ bi a bi “k—( ykalk)

Iind; = — (z-1) - 1ln(z - zh) + - 1n(1+h)
b bRTS'? b a

where a and b are the empirical mixing rules:

L = 2(7.by)

1

<7 ;‘l{ylyiall)
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The bi's are the constants for the pure components and the ai;j's involve
both a's for the pure components (like subscripts) and cross

coefficients. (There are no b cross coefficients.) These are given by:

0. 0867RT. . 0. 4278R3 T ;23
by = —mmm , aij =
Pei Peij

Tcij and P.i; are as calculated in Section 3.4.1.1. The compressibility

factor z is given by:

2 =|— - X khere h =
1-h BRT3/? 1+h zRT

3. Liquid phase activity coefficients, 7,

The 1liquid phase activity coefficients are derived from the
Scatchard-Hildebrand theory (Prausnitz, 19609) which 1s based on the
concept of a regular solution (Hilderbrand et al.. 1970). The activity

coefficient is given by

vy Zi (V.80
iln?; = — x (3, - 5?2 where & =
RT Sio(xa VO
V.= molar volume

$i= solubility parameter of pure liquid i

.5

&ULVQD

Oy
"

V.

AUY*? is the internal energy change of vapourization of pure component i.

Values can be determined from heats of +vapourization.

§i - § is only weakly dependent on tz2mpsrature so 3i and V; are evaluated
at 25°9C and treatcd as constants (independent of both temperature and
pressure). The parameters 5.'s are determined from purs component data.
For non-polar, nnon-dilcsoclating componentc these methods usually provide
acceptable approximations, spplications  ars zznerally limited to

hydrocarbonc.

The molar o lume Ziven by M2 whera2 M = molscular we2ight

> - 3donciter
The liguid dencits can be cctimated UL on approximation given by Yen &
Hoods (1980 with 3 0.3% =rror. The equaticn is +3lid up to the criticsal

peint.
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1
17.

Rhere A

211z.7 for z. = 0.26

334,

+ 107, 4384z, 2
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GC CHROMATOGRAM OF TYPICAL PROPENE OLIGOMER PRODUCT
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APPENDIX F MASS SPECTROMETER TRACE OF TYPICAL OLIGOMER PRODUCT

—— MOLECULAR MASSES

168
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0O-DECENES
TRI-DECENES

280 320
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-
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FIGURE F.1 MARSS SPECTROMETER TRACE OF TYPICAL
OLIGBMER PROBUCT
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APPENDIX G DETERMINATION OF THE COMPRESSIBILITY FACTOR, Z

The following method is used to calculate the compressibility factor for
a 4:1 (mole ratio) nitrogen: propene mixture at the conditions described
in Section 3.2.3.1. The procedure used has been described in detail by
Smith & Van Ness (1975). The following critical data for propene and

nitrogen are taken from Smith and Van Ness (1975).

Parameter Propene ‘ Nitrogen
Tc 365.0 K 126.2 K
Pc 45.6 atm 33.5 atm
Ve 181 cmdegmol”™! 89.5 cm®+gmol”!
Zc 0. 275 0. 290
w 0. 148 0. ou0

The second. virial coefficient of a gaseous mixture 1is related to

composition by
B = ZZ(YlYJBlJ)
ii

Where y 1is:;used to represent mole fraction in a gas mixture. The indices
i and j identify components in the mixture. The virial coefficient By
characterizes a bimolecular interaction between a molecule i and a
molecule j, and therefore Bi; = Bji. For a binary mixture the expansion
is given by:

B = y1?B11 + 2y1y2Bi2 + y2°Ba22

where Bi1 and B22 represent the virial ceefficients of pure compounds.

The simplest correlation proposed by Pitzer for pure components is for
second virial coefficients. It 1is based on the simplest form of the
virial equation which may be written:

BPC PI‘

x —
RT. Te

Z 1+
The use of this correlation is limited to a range of reduced temperatures
and pressures (see Smith & Van Ness, 1975). Pitzer proposed a correlation
of the form

BPec

—— = Bo + wB: ¢
RTc
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where Bo and By are well represented by the equations

0. 422
B® = 0.083 -

Tri.b

0.172
B' = 0.139 -

Tr4.2

Prausnitz (1969) extended Pitzer's correlation for the second virial

coefficient to mixtures as follows

RTci
Bij = (Bo *+ wi;B1)
Pciy

where Bo and B1 are the same functions of T, as given above. The mixing

rules proposed by Prausnitz for the calculation of «wij, Tcij and Pci

are:
wi t wy
Wi j =
2
Teiji = (Te1Tey) %03
Zcij RTeiy
Peiy = ——————
Veiy
Zey + Zcey
Zeyy = —————
2
3
Ve %% + §¢,0-3
Veiy =

2

The second virial coefficients can now be calculated. The results are

shorn below.

Table G.1 Second virial coefficlients and compressibility factor for

propene-nitrogen mixture.

Parameter Value Parameter Value
B11 11.063 By 2 -10. 89
B22 -120. 8 YA 0. 999

The value of Z can therefore be assumed to be equal to unity
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APPENDIX H PRODUCT SPECTRA AND RATE/CONCENTRATION DATA FOR VARIOUS
ALKENE ISOMERS

1. Pulse Data for 2-Methyl-2-Pentene

Table H.1 Product spectra for 2-methyl-2-pentene,

Exit concentrations Moles in exit
{molel '1x10% {mol%)
Run 1 Run 2 Run 3 Run 1 Run 2 Run 3
Cs 0.4 0.7 1.1 4.7 2.6 2.0
Ca 3.5 6.9 13.0 41.9 26.5 24, 2
Cs 1.6 6.9 13.6 19. 6 0.1 25. 4
Cy 1.2 5.1 14.1 14,1 19. 3 26. 3
Ca 0.0 1.8 3.0 0.0 .0 )
Ce 0.0 0.1 0.1 0.0 0.5 .3
Cio 0.0 0.2 0.4 0.0 . b 0.7
Cit 0.0 0.0 0.1 0.0 0.0 0.1
Ci2 1.6 4.5 8.2 19. 7 17.1 15.3
Table H.2 2-Methyl-2-Pentene rate/concentration data.
Reaction rate 2M2P concentration Conversion
Tmolehr tege,e ! [molel"1} &3]
Run1 1.2x10°°? 1. 630173 4.9
Run2 3.9x107? 3.8x10° 3 7.1

Run3 8.0x10"? 5. 6x10"° 9.8
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2. Pulse Data for 3-Methyl-1-Pentene

Table H.3 Product spectra for 3-methyl-1-pentene.

Exit concentrations Moles in exit
{molel™'1x10° { mol%]

Run 1 Run 2 Run 3 Run 1 Run 2 Run 3
Cs 0.3 0.7 2.0 3.3 2.3 2.0
Cs 3.3 7.9 24.1 35.9 26. 2 24, 3
Cs 1.7 7.7 25.3 18.5 25.6 25.7
Cy 1.6 7.7 25.5 17. 4 25.6 25.9
Ca 0.7 2.1 5.2 7.6 7.0 . 3
Cq 0.0 0.0 0.3 0.0 0.0 0.3
Cio 0.0 0.2 0.5 0.0 0.7 0.5
Ctt 0.0 0.0 0.2 0.0 0.0 0.2
Ct2 1.6 3.8 14, 3 17. 4 12. 6 14,5
Table H. 4 3-Methyl-1-Pentene rate/concentration data.

Reaction rate 3M1P concentration Conversion

(molehr tegcae '] (molel" 1] [ %]
Run1 1.3x10°° 1.9x107° 5.0
Run2 4, 2x10° 3 4, 4x10°° 6.9

Run3 13.9x107 3 9.0310°° 11.0
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3. Pulse Data for 3-Methyl-2-Pentene

Table H.5 Product spectra for 3-methyl-2-pentene.

Exit concentrations Moles in exit
{mole1~t'1x10° {mol%)
Run 1 Run 2 Run 3 Run 1 Run 2 Run 3
Cs 0.2 0.5 1.5 3. 4 3.1 1.8
Cs 3.0 5.4 19. 6 42.9 33.5 24.0
Cs 1.6 3.6 20.5 22.9 22. 4 25. 4
Cy 0.8 3.2 21. 7 12.9 19.9 26.9
Cs 0.0 0.9 5.3 0.0 6 6.6
Ce 0.0 0.1 0.3 0.0 o] 0.4
Cio 0.0 0.0 g.6 0.0 0.0 0.7
Ciy 0.0 0.0 0.2 0.0 0.0 0.2
Ci2 1.3 2. 4 11.0 18. 6 14. 9 13.6
Table H.&6 3-Methyl-2-Pentene rate/concentration data.
Reaction rate 3M2P concentration Conversion
{molehr 'egcac™ 1) {mols1"1) [ %]
Run1 9.1x107¢ 1.8x10°° 3.8
Run2 2.3x107? 2.9x10°° 5.7

Run3 1.2x10°* ?7.5x10°3 10,9
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4. Pulse Data for 4-Methyl-1-Pentene

Table H.7 Product spectra for 4-methyl-1-pentene.

Exit concentrations Moles in exit
[molel”'1x103 { mol%)
Run 1 Run 2 Run 3 Run 1 Run 2 Run 3
Cs 0.4 0.9 1.1 5.1 3.1 3.0
Ca 3.1 8.4 10.0 43.9 30.0 27.6
Cs 1.5 6.3 8.7 21.2 22.5 24,0
Cr 1.0 7.0 8.9 14,2 24. 9 24. 6
Cs 0.0 1.7 2.4 0.0 6.1 6.6
Cq 0.0 0.1 0.1 0 .3 .3
Cio 0.0 0.0 0.1 0.0 0.2 0.3
Ci1 0.0 0.0 0.0 0.0 .0 .0
Ci2 1.1 3.4 b, 7 15.6 12.8 13.5
Table H.8 4-Methyl-1-Pentene rate/concentration data.
Reaction rate UM1P concentration Conversion
{molehr tegcat™ 1) tmole1"1] 3
Run1 9.3x10"°% 2.0x10°3 3.5
Run2 3.8x107° 4.5x10°° 6.2

Run3 5.0x10°° 5.3x10 6.9
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5. Pulse Data for Cis-U4-Methyl-2-Pentene

Table H.9 Product spectra for cis-4-methyl-2-pentene.

Exit concentrations Moles in exit
tmol.1 *1x10° {mol%)
Run 1 Run 2 Run 3 Run 1 Run 2 Run 3
Cs 0 0.9 1.1 5.3 2.5 2.0
Csa 2. 4 10.3 13.1 42.8 28.8 23.7
Cs 1.1 8.5 13.5 19.6 23. 8 24. 4
Cv 0.7 9.0 14.5 12.5 25.2 26. 3
Cs 0.0 2.4 3.2 0.0 6.7 . B
Cq 0.0 0.0 0.0 0.0 0.6 0.0
Cio 0.0 0.2 0.3 0.0 0.6 0.5
Ci11 0.0 0.0 0.1 0.0 0.0 0.2
Ci2 1.1 4.4 9.7 19. 6 12. 3 17.6
Table H.10 Cis-4-Methyl-2-Pentene rate/concentration data.
Reaction rate Cis-4M2P concentration Conversion
[molehr tegcae !l {molel™ 1) { %]
Run1 7.6x107 ¢ 1.4x107°3 4.0

Run2 5. 2x10°° 4. 7x10°3
Run3 8.3x10°° 6.0x10"?
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6. Pulse Data for 1-Hexene

Table H.11 Product spectra for 1-hexene.

Exit concentrations Moles in exit
{mols1"'ix10? {mol¥)

Run 1 Run 2 Run 1 Run 2
Ca 0.6 2.2 4.7 3.8
Cs 4.9 19.8 38.3 34.2
Cs 2.5 13.3 19.5 23.0
Cz 2.7 14.0 21.1 24. 2
Ca 1.3 4.1 10. 1 7.1
Cs 0.1 0.2 0.8 0.4
Cto 0.1 0.5 0.8 0.9
Ci1 0.0 0.0 0.0 0.0
Ci2 0.6 3.7 4.7 2.6

Table H.12 1-hexene rate/concentration data.

Reaction rate 1-hexene concentration Conversion
{molshr tegecat '] [{molel™ 1) (%)
Run1 1. 6x10-5 3. 6x10-3 3.3

Run2 7.5x10-5 9. 8x10-3 5.6
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APPENDIX I GC METHOD FOR GAS ANALYSIS
Two gas chromatographs were wused for the gas analysis, at different
periods in time. The operating conditions used and response factors

determined with each of the instruments are described below.

Gas chromatograph A

Instrument : Varian 3700 gas chromatograph
Column : 6 mm O.D. 5.7 m glass
Packing : n-Octane/Poracil C
Temperatures
Injector ¢ 423 K
Detector : 523 K
Column : 323 K (5 min), 10 Kemin~', 400 K (4 min)

Gas flows
1

Hydrogen : 30 mlemin”
Air : 300 mlemin~!?
Nitrogen : 30 mlemin™! (345 KPa guage)

Relative response factors (mass):

Methane : 0 1.13
Ethane : 1.09
Propane 1. 00
Propene 0.77
Iso-butane 0.71
n-Butane 0.78
1-Butene 0. 80
Iso-butene 0.98
Trans-2-butene 0. 82
Cis-2-butene 0. 89

Cs+ 1.0



Gas chromatograph B

Instrument
Column

Packing

Temperatures
Injector
Detector

Column

Gas flows
Hydrogen
Air

Nitrogen

347

Gow Mac series 750 P Flame Ionization Detector
3.5 m 1/4" stainless steel

n-Octane/Poracil C

423 K
523 K
323 K (10 min), 10 Kemin~', 398 K (4 min)

30 mlemin~!?

300 mlemin~!

1

40 mlemin™" (345 KPa guage)

Relative response factors (mass):

Methane

Ethane

Propane
Propene
Iso-butane
n-Butane
1-Butene
Iso-butene
Trans—-2-butene
Cis-2-butene

Cs+

1.18
1.09
. 00
.78
. 65
76
g2
98
.83
. 86

—_

O 0O © 0O O 0 O
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APPENDIXY J ONE DIMENSIONAL ANALYSIS OF FIXED BED REACTOR

Here, a method is described for the one dimensional analysis of the fixed
bed reactor in Chapter 4. The solution is specific to the oligomerization
of propene over solid phosphoric acid at the conditions used in Run 1 of

Table 4, 2.

Consider the reactor flowsheet given below.

— Jo
X4
X2
l — T
products

where To = feed inlet temperature, K

Tt

reaction mixture outlet temperature, K

The solution to the model consists of the simultaneous solution of the
rate equation, the mass balance and the energy balance at incremental bed

depths moving down the catalyst bed. The three equations are as follows:

Rate equation: -rCs = £(X,T) = koe &/"T¢c;3"
Mass balance: ~rCadrw = Fc3dia
Energy balance: FeCpdT = -rCizdw(-AH)
where -rCs = rate of propene reaction, mole-hr"“gcu'l
ko = rate constant
T = reaction temperature, K
W = mass of catalyst, g
Fcs = molar flomrrate of propene into reactor, molehr !
Xa = conversion of propene, fraction
Ft = total molar flowrate, moleehr™!
Cp = heat capagity of component, calemole 'e.°C”!
-A8 = heat of reaction, calemole”!

Ca = propene
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APPENDIX E GC CHROMATOGRAM OF TYPICAL PROPENE OLIGOMER P
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27}
]

activation energy, cal/mole

universal gas constant, calvmole '+ !

o=
il

The concentration of propene 1inside the reactor must be expressed in
terms of propene conversion. The expansion factor, ¢a (which takes into
account the <change in volume of the system between no conversion and
complete conversion of reactant), needs to be calculated for this
purpose. Assuming linear expansion/contraction =®ith propene conversion,

the expansion factor, ¢£a, can be expressed as:

Veaas — Vua=o

€a =
Vxa=ou

Cs can now be expressed in terms of Xa by means of the followring
equation:

1 - X.q
Ca = Cao

1 + taXa
where Cao 1s the feed concentration at the reaction temperature and
pressure. The compressibility factor, Z, for the propene feed at these
conditions, which is needed to determine the feed concentration, is equal

to 0. 95.

The calculation of ¢a 15 based on the folloring reaction network:

Ci + Cz —* C,
Ci + Co — Cy
Coe + Co — Cy22
Cz + Co — C.;

The value of . calculated in this way is equal to -0.675.

By rearrangement and combination, the following equations can be

cbtained:

rhere 2 = 5ulk dencity of the catal,;zt bed, gecm °

i¢ = crccs cectional area of catalyst bed, cm?

he sclution to the model can be performed as follows:
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1. Choose a fractional conversion of propene, e.g., 0.1.

2. Using equation (A) (conversion = that chosen in 1. above), calculate
AT and hence T: (AT = T{-To), which is the temperature at the end of
the slice at which point the fractional conversion of propene is equal
to that chosen in (1).

3. Using the rate equation, calculate the average rate over the slice.

4., Using equation (B) calculate the bed depth at this point.

5. Continue to the next conversion increment, i.e., repeat the process

with the new fractional conversion (chosen) e, g., 0.2,

Data required for the model solution

The reaction rate constant, activation energy and the reaction order, n
are those obtained using the internal gas recirculation reactor. The bulk
density and catalyst cross sectional area are measured. The data used are

given below:

ke = 29.49
E/R = 2568
n = 1.03
P = 0.95
Ac = 2.5
Fcs = 0.681
Fto = 0.681
To = 4bHhy
Tf = 472

Determination of heat capacities and heats of formation
Heat capacities and heats of reactions must be calculated from
correlations. The correlation used for each of the oligomers 1is as

follors (API Project 44, 1952):

Cp = x + BT + ¥T2 where T is in K

Cp is in calemole '.oC"!
The values of «, B and ¥ used for each of the oligomers are those for
propene, a weighted average for the hexene isomers, 1-nonene and 1-
dodecene. Unfortunately, for the Cs and Ci2 the data for branched alkenes
could not be obtained and therefore the values for the straight 1-alkenes

had to be used. The values of «, BBand % used are g%ven below:

(e,
propene 3. 253 45.12x10°°3 -13. 74x10"°¢
hexenes 6. 399 95, 75x10°° -30.12x10°°
1-nonene 9. 689 145, 74x1073 ~46.11x10"°

1-dodecene 12.98 195. 74x10° 3 -62.13x10° %
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Heats of reactions are calculated from standard heats of formation
(AH®¢29a) at 25°C, and the change in heat capacities of the reactants and
products between 25°C and reaction temperature. The heat capacities are
calculated as indicated above. Standard heats of formation (at 25°C) are
taken from the American Process Industries, Project 44 (1953). The heat

of formations are as follows:

AH®¢298 kcalemole™!

propene 4,879
hexenes -14. 33
1-nonene -24.7
1-dodecene -39.5

The heat capacities and the heats of reaction are temperature dependent,
and therefore must be recalculated at each bed depth increment moving
dorn the catalyst bed. Like the reaction rate, and total molar flowrate,
it is the mean value of the heat capacities and the heats of reaction

that should be used for each slice.

Note that the mean heat capacity of a mixture is generally given by the
equation:

Cp = ZmiCp; where m¢{ is the number of moles of component i

It is therefore necessary to know the composition of the reaction mixture
as 1t moves through the catalyst bed. For the purposes of this
calculation the product composition is assumed to be constant throughout

the reactor. The composition used is as follons:

Mass fraction, %

dimer 50
trimer 40

tetramer 10



352

APPENDIX K DESCRIPTION OF PROCEDURES FOLLORED BY MASS BALANCE PROGRAM

The general procedures folloked by the mass balance program are
described. For the purposes of the description it will be assumed that
the feed 1is a propane/propene mixture. In general the procedure remains

approximately the same for other feeds.

1. Data required for the program

The following data is required:
-The number of samples taken including the sample taken at

start up (t=0)

-The sample number, time on stream (hrs), Xpropane and propene in tail

gas. This is done for every sample taken, starting from t=0 hrs.

-The liquid product composition for every sample taken,i.e., mass % of

C3, Ca, Cs ... Csas.

~The name of the catalyst

The day, month and year

The catalyst mass in grams (initial)

The reactor temperature (K)

The reactor pressure (bar)

Impeller speed (R.P.M)

Total mass fed to the system

The total volume of tail gas recorded leaving the system

The mass of liquid product collected

The number of the run being analyzed (for record
purposes)

The reactor volume

-The mass of liquid collected and the wet gas flow meter
readings (tail gas volumes) recorded at each sampling

time, starting at t=0.

~The mass (total) of liquid knockout measured after the
reaction run has been completed (grams)

The initial mass of catalyst (grams)

The final mass of catalyst (grams)

The steady state temperature inside the catalyst bed (‘o

The steady state temperature inside the reactor ')
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The steady state temperature on the surface of the
reactor (' C)

The steady state temperature on the feed cylinder
surface ( C)

The pressure in the feed cylinder (bar)

The steady state tail gas temperature and pressure.

-The title of the run, run group, feed type and catalyst

size (mm)

-The sample number which designates the start of steady

state

2. Calculation of the compressibility factors

The procedure followed is that described in Section 3.4,1.1 for a two
component system. The extension to a three or more component system is

quite straight-forward.

The tail gas 1is regarded as a two component mixture. For a
propane/propene feed these are the two components considered. These two
components will generally account for more than 96% of the tail gas. The
procedure here 1is 1identical to that wused in Section 3.4.1.1. The

fractions of the two components are determined by GC analysis.

For the calculation of the compressibility factor inside the reactor
under steady state conditions the hydrocarbons inside the reactor are
assumed to represent a three component mixture. For a propene/propane
feed the three components are propane/propene, Cs and Ci2. The Cs
fraction is taken as Cas + Cs + Cio and the Ci2 fraction is taken as Ci1 +

Citz + Cy3.,

Although there 1is some Cs and Ci:s, the amounts are small and thus are
ignored. For the Cs feeds the three components are taken as propane/Ca
(averaged critical data), Ce and Ci2. The composition of the mixture in
the reactor 1is based on the steady state analysis of the exit stream
(since for a CSTR the exit concentration is equal to the concentration
inside the reactor). From the exit analysis, the mole fractions of the
three components can be calculated. The molecular weights used for this
calculation are based on the assumption that all of the products are
unsaturated. (Mass spectrometry results 1indicate that this is correct).

Once the mole fractions have been calculated the compressibility factor
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can be calculated for the three component system based on the procedure

in Section 3.4.1.1.

3. Mass balance procedure

The followring mass of materials can be accounted for over the entire

length of a run

1. The total mass change in the feed cylinder.

2. The mass of feed lost when disconnecting the feed
cylinder from the system in order to weigh the
contents at the start of the run.

3. The total mass of tail gas in the exit.

4. The total mass of the liquid products collected.

5. The mass of material that accumulated in the reactor
over the length of the run due to density change.

6. The total mass of liquid that remained in the reactor
after the reactor had been sealed and cooled.

7. The gain in catalyst mass over the length of the run.

The difference between 1 and 2 gives the mass of feed that entered the
reactor over the entire 1length of the run. Experience and persistent
checking has shown that no mass is lost between the feed cylinder and the

reactor entrance.

The total mass of materials that left the reactor or were accumulated in
the reactor which can be accounted for can be calculated from 3, 4, 5 and
6. Knowing the composition of the material at the reactor exit, both at
the start and at the steady state period of a run, enables the
calculation of the accumulation in the reactor (excluding condensation)
due to the density change arising from changes in conversion and product

composition.

Knowing the total mass of liquid that remained in the reactor after it
had been sealed and cooled, enables the determination of the mass of
liquid condensation 1in the magnedrive shaft during the run. This 1is
calculated by simply determining the mass of product in the reactor at
steady state (which would be in the gas phase at reaction conditions, but
in the 1liquid phase after cooling). This mass 1is subtracted from the
total mass of liquid collected in 6. to give the mass of liquid that

condensed during the run.
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The mass loss is therefore given by:

(1-2) - (3+4+5+1liquid in shaft+7)

x 100 %
(1-2)

4. Feed flowrate versus time

The average feed flowrrate into the reactor is determined by dividing the
total mass fed by the total time of the run. From the mass balance
calculations and the outlet flowrate the feed flowrate is calculated for

each time interval over which a sample is taken.

Experience and extensive checking has shown that the mass, when lost, is
not lost between the feed cylinder and the reactor or between the reactor
exit and the flare, but generally from the reactor, usually at the flange
seal between the lid and the body. This loss is therefore assumed to be
material of the same composition as in the reactor. The mass loss is

assumed to occur at a fixed rate.

It should be noted that the importance of knowing the flowrate is to
determine the reaction rate (rate of propene disappearance) at steady
state conditions. It is therefore important that the calculated flowrate
®ill represent the correct florrate at steady state conditions. At steady
state, condensation of product in the 'cold' magnedrive shaft has been
shokn to be negligible, (This has been found time and time again by
noting that the total exit flowrate 1is constant at steady state and is
equal to the feed flowrate less the mass loss Flowréte) The accumulation
of gaseous material in the reactor 1is also zero at steady state since
conversion or product spectrum 1is no longer changing, Finally, the
accumulation of mass on the catalyst, which is extremely small relative
to the total mass fed (never exceeding 0.4 mass%), is assumed to be

complete by the time steady state has been reached.

For these purposes, therefore, the flowrate is calculated (for each time

interval) as follows:

Mass of Mass of Mass lost over
liquid out + gas out + this time period

time period

Initially, when there is accumulation and condensation taking place this
floWrate will be less than the true flowrate (see Figure 3.19). Hhen,
however, the reactor does reach steady state conditions, the calculated

value will be extremely close to the true value. TKOo experiments were
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conducted to test this by weighing the feed cylinder, not only at the
start and end of the run, but also as steady state was reached. The
difference between the calculated and actual flowrates over the steady
state period was less than 1.5 % in both cases. The reason why this Ras
not done for all the experiments was to avoid any disturbance to the

system.

5. Conversion versus time

It was observed for almost all runs , as mentioned in (d) above, that
when leaks did occur, they occurred around the Helicoflex seal between
the flanges of the reactor 1lid and its body. Although mass losses wWere
small (any run showing a mass 1loss above 5 % was discarded) it was
decided to account for them in calculating the feed conversions. By doing
so, the accuracy of the conversion data was improved marginally. Since
the losses Rere qualitatively found to be issuing from around the reactor
seal, at reaction temperatures they were regarded as having the same
composition as the gases 1in the reactor. The conversion of propene, for

example, over a sample period was calculated as folloxrs:

Mass of propene feed (Based on

input flowrate and feed composition) = Pin
Mass of propene out in tail gas = Py

Mass of propene out in liquid

(contained in entrained gas) = P2

Mass of Propene contained in mass loss = P3

Pin - (Py + P2 + P3)
Conversion = x 100 %
Pin

The above calculation is cross checked by performing a second calculation
based on the same observations, but here using the mass of products

formed.

6. Reactant and product concentrations

Not knowring the volume 1increase coefficients, Ea, for the reactions
taking place, standard reaction kinetics methods cannot be wused to
calculate the reactor concentrations of the components. As a result, the
folloring procedure 1is used to calculate the reactor concentrations of
the reactants and each product component (grouped according to carbon

number and known to be unsaturated) for each discrete time interval.
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1. Using the compressibility factor determined in (b},
the total number of moles in the reactor at steady
state can be calculated.

2. From the total mass out over the particular time
interval, from the GC analysis and from the carbon
number groupings, the mole fractions of each component
in the exit, and hence inside the reactor, can be
calculated.

3. Knoring the reactor volume, the mole fractions and the
total number of moles inside the reactor, the

concentrations can be calculated.

Since it has been qualitatively observed that mass losses occur from the
reactor, and since these are not only regarded as having the same
composition as the reaction mixture, but are very small, they have no

influence on the calculation of the reactor concentrations.

7. The rate of disappearance of reactants

Based on the performance equation for a CSTR, as discussed in Section
3.4.2.1, the rate of propene disappearance, for example, over a discrete

time interval, is given as follors:

Xa Fao
“ra = —————
R
rhere Xa = fractional conversion of propene as discussed
in (e)
Fao = molar feed rate of propene (ml/hr) based on the
flowrates as discussed in (d)
H = mass of catalyst (g)

The rate is calculated over each time interval (sample period)

8. Average reaction rates and concentrations

Over the steady state period of the run several discrete samples were
taken and hence several reaction rate and concentration values Rere
obtained. Arithmetic means were determined for each of the component
concentrations and the rate of reactant disappearance, The following
three statistical analyses were performed: the variance, the standard

deviation and the expected deviation from the mean
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The variance indicates the degree to which a value (x) varies about the
group mean (x). It is the mean of the squared deviations from the group

mean. It is calculated as follows:

(x-x) 2

s? = 2

N -1

The standard deviation is simply the square root of the variance and the
deviation from the mean 1is, in practical terms, the expected deviation
that a specific point ®ill have from the mean and 1is calculated as

follows:

standard deviation

estimated deviation from the mean =
( number of points)°'5

The expected deviations from the mean were calculated as percentages of

the mean. The number of readings averaged is also calculated.

9. Print out of results

The following results are printed out by the computer program:

- Tail gas compositions and liquid product compositions
versus time on stream (mole %)

= The run number and date

~ Catalyst information: type of catalyst
form of catalyst
size fraction used
mass (initial) (g)
final mass (&)

- Reactor conditions : Temperature in the catalyst bed
("o
Temperature outside the catalyst
bed (°C)
Temperature of the reactor body
("o
Reactor pressure {(atm)

- Cylinder conditions: Feed cylinder temperature (°C) and
pressure {(atm)

- System conditions : The impeller speed (R.P. M) and the
overall weight hourly space

velocity (hr™1!)



- General information:

- Reactant data

- Mass balance data

- Flowrate data

- Conversion and

reaction rates

- Concentrations

- Averaged rates

and concentrations
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Mass of gases (knockout) in the
reactor at steady state (g)
Compressibility factor of the tail
gas and the reactor gases

Mass of reactant fed (g)

Mass of reactant in exit (g)

Total mass fed (g)

Mass of tail gas out (g)

Mass of liquid out (g)

Mass of knockout (g)

Mass of catalyst gain (g)
Accumulation (g)

Total mass out (&)

% mass lost

Calculated feed flowrate (g/hr)
versus time on stream (hrs)

Tro sets of conversion and reaction
rate versus time on stream, The one
conversion set is based on reactant
disappearance and the other on
product formation.

Concentrations versus time on
stream for each component in the
reactor

The averaged (arithmetic mean)
steady state values of the
component concentrations and
reaction rate - for each of these
the variance, standard deviation
and estimated deviations from the

mean (%) are also printed out,

The starting time and end time
(end of run) of the steady state
period as well as the number of
readings averaged is also printed

out.
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APPENDIX L OPTIMISED SOLUTION OF EKINETIC MODEL "A"™ OF SECTION 3.4.5.1

The model consists of the following set of equations:

k1
Ci + C3 — C,

ks
Ci + Co6 — Co

ks
Cs + Co —/ Cq2

k7
Ce + Co — Cy2

ke
Ci2 — Ci1s + cracked product

with the following set of rate equations:

-dC3/dt = ki1C3? + kisC3Ce + ksCsCs ..., (1)
dCe/dt = %kiC3? - k3CiCe - ksCe”> ... (2)
dCs/dt = kiCsCs - ksCsCes L. (3
dCi2/dt = ksCiCs + %k7Ce? =~ keCi2z ..., (W)
mhere Ci = concentration of 1

-dC3/dt = rate of propene reaction

dCi/dt = rate of production, where i = 6, 9 or 12

Model Solution

As previously mentioned, the optimum set of constants 1is obtained by
using the 1least squares technique and using a Nelder and Mead routine to
optimise the resultant set of non-linear simultanecus equations. The data

used to fit the model is listed in table 3.17.

The above rate equations can be expressed in a more general form as

follows:
Y = kqu + k3p1 + ksx, + qux ........ (5)
where qu = C3° in equation (1)
qi = %C3? in equation (2)
q: = 0 in equation (2) and (Y4) etc

Equation (5} can be rearranged to give
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yi - Kiqi =~ kapi - ksxy - kezy =0 ..., (6)
Using a set of constants, the error in equation (&) will be given by:

ei = yi - (kiqi *+ kipi i Ksxy + kKezy) L iil.. (7
Using a set of data, the sum of the error squared rill be:

2e; = 2(ys ~ (kiqi + Kapi + ksx; + ke2¢)) L., (8)
To provide an optimised solution, this error squared must be minimised.
The minimum is obtained by differentiating equation (8) ®ith respect to
each constant, and thus equating to zero (best =solution). After

differentiating and equating to zero the followring four equations are

obtained:

ZYIQI - klZQiz - kzZq:p: - ksZQtXt - k4ZQ121 =0 i .. (9
ZYipt - kiZQlDi - kzZth - RJZXIDI - k42p121 =0 ... (10)
2Y111 - klZQiX1 - k22p1X1 - kstiz - k42xxzi =0 .. (1)
2yi1zi - Ki2qi2i - Ke2pizi - KiZxizg - Ke2zi2 =0 ..., (12)

The above set of equations can be solved wusing the Nelder and Mead
optimization technique. The technique wuses an objective function as its
criterion for goodness of fit and thus tries to minimize this objective
function. The objective function in this case would be a minimization of
the LHS (left hand side) of‘equations (9), (10), (11) and (12). The left
hand sides of these equations must be squared to ensure that each is of
the same sign, hence avoiding the determination of a false minimum (when
positive and negative errors cancel each other out). The terms can also
be weighted, for example, equation (1) could be divided by 100 (LHS and

RHS) in order to provide comparable values for optimization purposes.

For each experiment the following set of data is required:

-dCs/dt Cs
dCes/dt Ce
dCe/dt Ce

dCy2/4dt Ci2

The values of Cs, Cs, Co, Ci2 and ~d4Ca/dt (as mol/hr.g cat) appear
directly in Table 3.17. The rate of production of products can be

calculated as follows:
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Rate of production of product i, e. g, Cs = F x f30o x X3 x fs
MAcs
where F = Total flowrate (g/hr)
f3o = Mass fraction of propene in feed
X3 = Fractional Conversion of propene
fse = Mass fraction of Cs in product

MAcs = Molecular weight of C,

Hith respect to the production of Cis and the non-oligomeric products,
although individually they do not warrant consideration, collectively
they form a reasonably significant "product" and therefore it was decided
to account for them by assuming that they were all produced from Ci:z.
From the experimental data the maximum possible rate of reaction of Ci2
along the route could be determined (knowing the total mass of cracked
and Cts products). This calculated 1limit was therefore added as a

constraint to the oligomerization routine.

Model prediction

Once a set of constants have been found, the model can be used to predict
the product concentrations and reaction rates as functions of the propene
reactor concentration (within the 1limits of the conditions under which
these constants were found, i.e., at 103% H3yPOs« and 464 K). For the
purposes of using the model to predict, the rates in equations (1), (2),
(3) and (4) must be expressed in terms of concentrations. In order to do
this, the change in density of the system must be taken into account. It
wWill be assumed that the change in density varies linearly with the
propene conversion. Therefore, in a variable volume reactor, the
fractional change in volume, £a., is given by:
Vyxa=1 = Vx3=o

ga = T e (14)
Via=o

where Y3 = propene conversion

From this it can be shown that:

Cizo(1-X3)

g = Cs

X3

The rates 1in equations (1), (2), (3) and (4) can therefore be expressed

as follows:

Rate of propene reaction = -dCiz/dt = -ra = Cage*VeX3

T
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where Cao concentration of propene in the feed at reaction

conditions

v = reactor volume
Ya = fractional conversion of propene
T = mean residence time

Rate of production of Cs = dCa/dt = (Cs ~ Cso) x V(1+caeXa)

T
where Cs = concentration of Cs in the reactor
Cso = concentration of Cs in the feed (which in these

experiments is always equal to zero)

The calculations for the C¢ and Ci2 fractions are similar to that of the

Cs fraction.

Cio can be calculated from the known reactor temperature, pressure and
feed composition. Non-ideality must be taken into account at these

conditions.

For the purposes of the model prediction at identical conditions to the
experiments listed in Table 3.17, the conversions can be taken from those
already quoted. For the purposes of predicting into unknown regions, the
conversions can be calculated from the general rate equation given in
Section 3. 4. 4, All other parameters are knowrn except Cs, Cs, Ci2 and 7t

which must be solved for in the prediction calculation.
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APPENDIX M EXPERIMENTAL AND PREDICTED RATES AND CONCENTRATION DATA FOR
EACH OF THE MODELS OF SECTION 3.5.5
"
Listed here, are the experimental and predicted rates and concentration
data for each of the models used in Section 3.5.5. The experimental and
predicted data for each of the propene models are based on the
experimental conditions and the experimental data of Table 3.14, The
1-butene results are based on the data of Table 3.21 and the associated
experimental conditions. The experimental data for the propene models is
therefore the same for all of the model and likewise for the 1-butene

models.

Table M.1 Experimental and predicted concentration data for propene

model P1.
Propene concentrations
mol/l1 x 10

Product concs 3.8 3.5 3.0 1.9 2.5 2.7 1.7 3.7 2.9
mol/1l x 10°
Experimental

Ces 4.6 g, 2 3.1 1.9 2.3 2.9 1.4 4.3 4.2
Ce 25 27 17.6 10.8 15 19 10.3 27 22
Ci2 8.9 10.5 6.9 5.7 6.2 6.0 4.0 9.5 7.7
Predicted

Cs 4.4 4.1 3. 4 2. 4 2.9 3.1 2.0 4.3 3.3
Ce 25 24 20 13 17.5 18 14 24 20

Ci2 9.6 9.3 7.0 6.0 6.2 6.5 5.2 8.8 7.3
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Table M. 2 Experimental and predicted rate data for propene model P1

Propene concentrations
mol/l1 x 10
3.8 3.5 3.0 1.9 2.5 2.7 1.7 3.7 2.9

Reaction rates

Experimental

-dC3/dt, .25 .26 .19 .13 .17 .18 .11 .25 .21
dCs/dt, mol/hrx10® 8.4 7.3 5.9 3.6 4.5 S§.2 2.7 7.5 7.3
deg/dt, mol/hrx10° 4& 46 33 20 29 34 20 48 38

dCy2/dt, mol/hrx10? 16 18 13 11 12 11 7.6 17 14
Predicted
~-dC3/dt, . 30 .29 17 .14 .12 .15 .10 .32 .19

dCs/dt, mol/hrx10° 9.7 8.1 6.1 4.8 4.0 65,0 2.9 9.2 53
dce/dt, mol/nrx10® Sb u7 35 26 2y 29 17 52 32
dCi2/dt, mol/hrx10°® 21 18 12 12 8.7 10 7.2 19 12

Table M.3 Experimental and predicted concentration data for propene

model P2.
Propene concentrations
mol/l x 10

Product concs 3.8 3.5 3.0 1.9 2.5 2.7 1.7 3.7 2.9
mol/1l x 10°

Experimental

Cs 4. o 4.2 3.1 1.9 2.3 2.9 1. 4 4.3 4.2
Cse 25 27 17.6 10.8 15 19 10.3 27 22
Ci2 8.9 10.5 6.9 5.7 6.2 6.0 4.0 9.5 7.7
Predicted
Cs W5 4.1 3. 4 R 2.9 3.1 2.0 4.3 3.3
Cs 26 25 21 -_ 19 20 14 25 20

Ci2 9.6 9.3 7.0 B 6.3 6.5 5.2 8.8 7.3
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Table M. 4 Experimental and predicted rate data for propene model P2.

Propene concentrations

mol/1l x 10
3.8 3.5 3.0 1.9 2.5 2.7 1.7 3.7 2.9
Reaction rates
Experimental
-dCz/dt, .25 . 26 .19 .13 17 .18 .11 .25 .21
dCe¢/dt, mol/hrx10® 8.4 7.3 5.9 3.6 4.5 5.2 2.7 7.5 7.3
dce/dt, mol/hrx10° 46 46 33 20 29 34 20 48 38
dCy2/dt, mol/hrx10® 16 18 13 1 12 11 7.6 17 14
Predicted
-dCz/dt, .29 .28 .16 —_— .10 .14 .11 .31 .19
dCe/dt, mol/hrx10® 9.6 7.8 5.7 — 3.6 4.5 3.6 9.0 5.3
dce/dt, mol/hrx10° 56 48 34 — 2y 28 25 52 y2
dCi2/dt, mol/hrx10° 21 17 11 — 7.8 9.3 9.4 18 12
Table M.5 Experimental and predicted concentration data for propene
model P3.
Propene concentrations
mol/l x 10

Product concs 3.8 3.5 3.0 1.9 2.5 2.7 1.7 3.7 2.9

mol/l x 10°

Experimental

Ceq 4. b6 b, 2 3.1 1.9 2.3 2.9 1.4 4.3 4,2
Cs 25 27 17.6 10.8 15 19 10.3 27 22
Ci2 8.9 10.5 6.9 5.7 6.2 6.0 4.0 9.5 7.7
Predicted

Cs 4.5 4.2 3.3 1.9 2.6 2.9 1.5 4.3 3.2
Cs 25 24 17 11.9 14.5 16 10.9 24 18
Ci2 9.0 8.7 7.0 b, 2 6.4 6.6 4.3 8.4 7.3
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Table M. 6 Experimental and predicted rate data for propene model P3.

Propene concentrations

mol/1 x 10
3.8 3.5 3.0 1.9 2.5 2.7 1.7 3.7 2.9
Reaction rates
Experimental
-dCs/4dt, .25 . 2b .19 .13 7 .18 .11 .25 .21
dCe/dt, mol/hrx10® 8.4 7.3 5.9 3.6 4.5 52 2.7 7.5 7.3
dece/dt, mol/hrx10° 46 46 33 20 29 34 20 48 38
dCy2/dt, mol/hrx10°® 16 18 13 1 12 11 7.6 17 14
Predicted
-dC3/dt, . 25 . 26 .20 .12 .16 .19 .12 .27 .22
dCe/dt, mol/hrx10° 8.3 7.3 6.6 3.4 4.9 58 3.1 8.1 5.9
dee/dt, mol/hrx10°® 46 42 35 21 27 32 22 4y 33
dC¢2/dt, mol/hrx10? 16 15 14 11 12 13 8.8 16 14
Table M. 7 Experimental and predicted concentration data for propene
model PYy.
Propene concentrations
mol/l x 10

Product concs 3.8 3.5 3.0 1.9 2.5 2.7 1.7 3.7 2.9

mol/l x 10°

Experimental

Cs 4.6 gy, 2 3.1 1.9 2.3 2.9 1. 4 4.3 4,2
Cs 25 27 17.6 10.8 15 19 10.3 27 22
Ci2 8.9 10.5 6.9 5.7 6.2 6.0 4.0 9.5 7.7
Predicted
Ce 4.6 4.3 3.3 1.9 2.7 3.0 1.6 u. 4 3.2
Cs 27 26 17.2 12.1 14 16 9.6 25 19
Ct2 3.6 9.3 7.1 6.1 6. 4 6.7 5.2 8.8 7.6
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Table M. 8 Experimental and predicted rate data for propene model PY4.

Propene concentrations
mol/1l x 10
3.8 3.5 3.0 1.9 2.5 2.7 1.7 3.7 2.9

Reaction rates

Experimental

-dc3/dt, .25 .26 .19 .13 .17 .18 .11 .25 .21
dCs/dt, mol/hrx10% 8.4 7.3 5.9 3.6 4.5 52 2.7 7.5 7.3
dce/dt, mol/hrx10°® 46 46 33 20 29 34 10 48 38
dCi2/dt, mol/hrx10%® 16 18 13 11 12 11 7.6 17 14
Predicted

-dC3/dt, .23 .24 .19 .12 .17 .19 .11 .26 .21
dCs/dt, mol/hrx10°® 7.9 7.0 6.6 3.3 53 59 31 7.8 58
dce/dt, mol/hrx10° 45 y2 34 21 28 31 18 By 33
dCi12/dt, mol/hrx10® 16 15 14 1 13 13 9.9 16 13

Table M. 9 Experimental and predicted concentration data for propene

model B1.
1-butene concentrations
mel/l1 x 10

Product concs 1.15 3.75 2. 25 1,22 3. 78 2.29 1.862

mol/1 x 10°

Experimental

Cs 20 130 79 24 134 62 36
Ci2 4.7 2.1 13. 4 4.6 24 11.3 7.0
Predicted
Cs 32 160 1086 35 168 87 53

Ci2 . 6.5 12 4.9 0.6 13 3.5 1.3
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Table M.10 Experimental and predicted rate data for propene model B1.

1-butene concentrations
mol/l x 10
1.15 3.75 2. 25 1.22 3.78 2.29 1.62

Reaction rates

Experimental

-dCs/dt, 100 335 280 110 350 225 160
dCa/dt, mol/hrx10° 32 116 96 37 120 74 51
dci2/dt, mol/hrx10? 7.2 19 16 7.1 22 13.6 9.9
Predicted

-dC4/4dt, 299 990 586 310 1000 590 416
dCs/dt, mol/hrx10° 145 426 265 150 B20 270 200
dci12/dt, mol/hrx10° 2.1 31 12 2. 4 32 10.7 4.8

Table M. 11 Experimental and predicted concentration data for propene

model B2.
1-butene concentrations
mol/1 x 10
Product cones 1.15 3.75 2. 25 1.22 3.78 2.29 1.62
mol/l x 10°
Experimental
Csy 20 130 79 Zﬁ 134 62 36
Ci2 4.7 2.1 13. 4 4.6 24 11.3 7.0
Predicted
Cy 21 128 74 23 134 62 36

Ci2 4.6 22 16 4.8 2y 12.6 7.7
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Experimental and predicted rate data for propene model B2.

1-butene concentrations

mol/l x 10
1.15 3.75 .25 1. 22 3. 78 2.29 1.862
Reaction rates
Experimental
-dC+/4dt, 100 335 280 110 350 225 160
dCs/dt, mol/hrx10° 32 116 96 37 120 74 51
deg2/dt, mol/hrx10° 7.2 19 16 7.1 22 13.6 9.9
Predicted
-dCs /4dt, 99 346 203 1006 350 206 142
dCs/dt, mol/hrx10° 31 118 by 34 119 70 1Y)
dey2/dt, mol/hrx10°® 6.8 21 13 7.2 21 4.1 9.9
Table M13 Experimental and predicted concentration data at 464 K and
114% H3POs for model P3 and the data of Table 3.15.
Propene concentrations
mol/l x 10

Product concs 2.3 2. 1.8 1.7 1.3 1.3 1.0 0.6

mol/l x 10°

Experimental

Cs 5.2 5.4 3.2 2. 4 2.1 1.3 1.0 0.6
Cs 46 49 30. 3 21. 6 17.8 11.9 9, 2 6.0
Ct2 22 24 15. 4 11.5 9.9 7.5 b. 2 3.8
Predicted

Cs 5.2 b. 2 3.7 3.3 2.4 2.2 1.7 0.9
Cq y2 L7 26 20 15 11 8.2 4.3
Ci2 25 26 18 14 13 9.0 7.7 5.6
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Table M14 Experimental and predicted rate data at 464 K and 114% H3POas
for model P3 and the data of Table 3.15.

Propene concentrations
mol/1l x 10
2.3 2.6 1.8 1.7 1.3 1.3 1.0 0.6

Reaction rates

Experimental

-dC3/dt, mol/hr .37 .48 .32 .2y .21 .17 .13 .08
dCs/dt, mol/hrx10® 6.7 8.3 5.2 2.4 3.8 2.7 1.9 1.3
dce/dt, mol/hrxi10® 59 75 50 22 32 2y 18 12

dCi2/dt, mol/hrx10%® 29 37 25 1.5 18 15 12.2 7.7
Predicted

-dci/dt, mol/hr .36 .41 .28 . 26 .21 .20 .20 .15
dCe/dt, mol/hrx10° 6.4 8.2 5.3 6.4 4.4 5.5 4.0 2.0
dce/dt, mol/hrx10® 52 63 38 38 27 27 20 9.8
dCi2/dt, mol/hrxi0® 31 35 27 27 23 22 18 13

Table M15 Experimental and predicted concentration data at 464 K and

114% HiaPO« for model P4 and the data of Table 3. 165.

Propene concentrations

mol/l x 10

Product concs 2.3 2.6 1.8 1.7 1.3 1.3 1.0 0.6
mol/1l x 103

Experimental

Cs 5.2 5.4 3.2 2. 4 2.1 1.3 1.0 0.6
Ce 46 49 30.3 21. 0 17.8 11.9 9.2 6.0
Ci2 22 24 15. 4 11.5 9.9 7.5 6.2 3.8
Predicted

Cs 4.9 5.9 3.4 3.1 2.2 2.1 1.5 -
Co Ly 43 27 19 15 10.5 7.8 —_—

Ci2 23 29 20 15 14 10 8.4 —_—
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Table M16 Experimental and predicted rate data at u4bl4 K and 114% HiPO«
for model P4 and the data of Table 3.15.

Propene concentrations

mol/1 x 10

2.3 2.6 1.8 1.9 1.3 1.3 1.0 0.6
Reaction rates
Experimental
-dC3/dt, mol/hr .37 . u8 .32 .2y .21 .17 .13 .08
dCs/dt, mol/hrx10® 6.7 8.3 5.2 2. 4 3.8 2.7 1.9 1.3
dee/dt, mol/hrxi0°® 59 75 50 22 32 24 18 12
dCyz2/dt, mol/hrx10® 29 37 25 11.5 18 15 12.2 7.7
Predicted
-dC3/dt, mol/hr .36 .41 .28 .27 .21 .21 17—
dCs/dt, mol/hrx10°® 6.0 7.9 5.1 6.1 3.9 5.2 3.7 ——
dee/dt, mol/hrx10® 5y oY y1 37 27 26 20 —_—
dCs2/dt, mol/hrx10°® 31 38 30 30 25 25 21 —

Table M17 Experimental and predicted concentration data at 111% H3zPO«
for model P3 and the data of Table 3. 16,

Reactor temperature, K

Product concs y72 508 486 45y
mol/1 x 10°

Experimental

Ce 8.2 18 14 3.5
Ce 55 92 78 31
Ciz2 23 30 30 16
Predicted

Ce 9.2 25 14 4.9
Ce 56 89 77 343

Ci2 23 32 30 15
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P3 and the data of Table 3. 16.

and predicted rate data at 111% H3iPOa for model

Reactor temperature,

y72 508 486 45y
Reaction rates
Experimental
-dC3z/dt, mol/hr .43 . 65 .68 .4y
dCs/dt, mol/hrx10° 11 22 17 8.6
dce/dt, mol/hrxi0? 72 113 99 75
dCy2/dt, mol/hrx10° 30 37 38 35
Predicted
-dC3/dt, mol/hr .47 .63 . 51 . 39
dCs/dt, mol/hrx10° 13 29 15 7.0
dce/dt, mol/hrx10? 81 106 86 65
dCy2/dt, mol/hrx103 34 38 34 30

Table M19 Experimental

and predicted

for model P4 and the data of Table 3. 16.

concentration data at 111% HzPOas

Reactor temperature,

472 508 486 45y

Product concs

mol/l x 10°

Experimental

Ce 8.2 18 14 3.5
Cs 55 92 78 31
Ctz2 23 30 30 16
Predicted
Cs 12 - 24 3.7
Co 50 - 55 55
Ci2 28 - 40 20




Table M20
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P4 and the data of Table 3.16.

Experimental and predicted rate data at 111% HiPOa for model

Reactor temperature,

4

472 508 486 454
Reaction rates
Experimental
-dC3/dt, mol/hr .43 . b5 .58 .4y
dCs/dt, mol/hrx10° 11 22 17 8.6
dce/dt, mol/hrx103 72 113 99 75
dCy2/dt, mol/hrx10° 30 37 38 35
Predicted
-dC3/dt, mol/hr .47 - .50 .43
dCs/dt, mol/hrx103 17 - 26 5.0
dee/dt, mol/hrx10° 72 - 59 73
dCy2/dt, mol/hrx10° 41 - uy 27

8 FEL 10pg

¢
¢





