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1.2.3.2 Organic - Aqueous Dispersion

Dispersion in a mixer vessel refers to the ability of a mixer vessel to create an organic-aqueous
dispersion that is conducive to mass transfer of valuable species between the two phases. In order
for mass transfer to take place between the two phases, a large surface arca needs to be created.
Without this large surface area, the overall process would become mass transfer rate limiting. As
the two phases enters the mixing vessel and accumulates in the low-pressure regions behind the
rotating impeller blades, droplets are sheared off by the action of the impeller. It is this shearing
action that is responsible for the creation of very small organic in aqueous droplets or aqueous in
organic droplets depending on which phase is the continuous phase. Further droplet breakage
occurs in the turbulent conditions in the impeller zone and droplets are dispersed into the mixing
vessel by the bulk fluid flow caused by the pumping action of the impeller. In the bulk region of the
vessel droplets may collide and coalesce, recirculate back to the impeller region, descend under

gravity or rise to the top due to density differences.

The organic-aqueous dispersion is the single most crucial parameter within a mixer-settler since it
has the most profound influence on not only the distribution of the desired species between the
organic and aqueous phases, but also the physical characteristics when it comes to the settler and
the required phase disengagement therein. Without proper dispersion, inadequate contact between
organic and aqueous phases results and therefore the efficiency of the solvent extraction process is

dramatically reduced.

Impeiler speed is of vital importance to organic-aqueous dispersion. When the mixed phase enters
the impeller region, it is the action of the impeller that controls organic-aqueous dispersion and the
consequent droplet size. Increasing the impeller speed leads to smaller droplets, which improves
the rate of solvent extraction mass transfer. It is well known that the geometry and scale of the
vessel and impeller, agitation rate as well as the physical properties of the mixed phases, determine

the breakage and coalescence rates and resulting drop size distributions.

It is important to run the impeller at speeds above the lower critical speed to prevent phase
disengagement to occur within the mixer vessel and therefore a change in phase hold-up ratio. This

change in phase hold-up ratio may cause a continuous phase inversion.

In applications where dispersion is required, turbines are most often used followed by propellers

and very rarely paddle type impellers (Sandler and Luckiewicz, 1987).



Chapter 1 Literature Review 18

1.2.3.3 Phase Disengagement

The final process of solvent extraction within a mixer-settler is the separation of the two phases that
were mixed in the mixer vessel. During this stage, the droplets created in the mixing vessel
coalesce to form bigger drops and eventually separates into two phases. If the mixing by the
impeller is too intense, very small droplets could be formed that could not coalesce fast enough
under gravity in the residence time of the settler. In the extreme situation, a stable emulsion may
even form, rendering the settler non operational and forcing the plant to shut down. There is
therefore a fine balance between achieving a very good dispersion for maximum mass transfer and
fast kinetics and creating a dispersion that is either very slow to settle or in the worst case a stable

emulsion.

Nagel (1999) highlighted that a settler is normally chosen (based on industry standards) which
generates a dispersion band depth of approximately 10-15% of the settler depth and that the

corresponding settling rate coefficient is calculated according to Equation 1.5 in m*/(m” hr)

60
S

area

K. =(0,+0,,) (1.5)

Charlesworth (1981) highlighted that the thickness of the dispersion band depends on a number of

factors including the mixing conditions, the composition of the phases and the flow rates.

Another issue related to dispersion is the concept of phase stability. Nienow (2004) indicated that
two simple rules have been reported when it comes to phase stability:

o Ifeither phase is < 30% v/v it will be dispersed

o Ifan agitator is started in a phase, it tends to be continuous.
What must be noted though is that although an agitator may be started in one phase (rule 2), after

some time rule 1 may take over leading to inversions due to coalescence.

Reeve and Godfrey (2002) states that in mixer-settler applications a specific continuity is often
preferred for reasons of lower entrainment in the coalesced phases leaving the settler. When the
organic/aqueous flow ratio is high (80-90%) only organic continuous operation is possible.
Conversely, at low flow ratios (20-40 %) only aqueous continuous operation can be achieved. At
intermediate ratios either continuity can be achieved. A decrease in rotational speed reduces the

stability of organic continuous dispersions.
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Hydrodynamics, dispersion and coalescence are strongly influenced by the two key hydrodynamic
variables of impeller speed and type. These two variables have an enormous effect on each of the
sub processes occurring in a mixer-settler and subsequently on the stage efficiency, purity and
throughput of a mixer-settler plant. The effect of these two important hydrodynamic variables on
the solvent extraction process will be discussed further in Section 1.5 and represents the central

focus on mass transfer of this thesis.
1.3 Mass Transfer in Liquid-Liquid Dispersions

Mass transfer is a very important aspect in solvent extraction systems and poor mass transfer of a
desired species from one phase to another would have a detrimental effect on the overall
performance even if the chemical reaction kinetics were rapid. The overall extraction rate is a
function of the both the chemical reaction rate and the mass transfer rate. The slower of the two
would determine the maximum rate. The system can therefore be either mass transfer rate limiting
or chemical reaction rate limiting. The chemical reaction rate is a function of temperature and
concentrations of specics, organic and aqueous and is usually fixed by extensive research
programs. The aim is therefore to maximize the overall mass transfer rate, within limits, in order to

minimize its effect on the overall extraction rate.
1.3.1 Mass Transfer Theories

A number of theories exit on mass transfer across liquid-liquid interfaces. These include the
penetration theory, surface renewal theories and the two film theory (Perry and Green, 1999,
Godfrey and Slater, 1994).

1.3.1.1 Penetration Theory

This theory proposes that as a freshly formed liquid surface (sphere) of one phase moves through
the other phase, mass transfer decreases until it is mixed again at the next discontinuity. This theory

allows for a random distribution of surface residence times.

According to the penetration theory, the liquid phase mass transfer coefficient is given by:

k, =2 | 2L (1.6)
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1.3.1.2 Surface Renewal Theories

These theories propose a mechanism of mass transfer involving the movement of eddies from the
bulk of a fluid to the interface, followed by a short period at the interface during which time
unsteady state molecular diffusion controlled by solute transfer takes place. Further eddies then

arrive to displace fluid at the interface.

Surface renewal theory gives the liquid phase mass transfer coefficient as:
k.= D.s a.7n

1.3.1.3 Two Film Theory

Whitman’s two-film theory has long been used as a basis for measuring mass transfer coefficients
and for designing equipment. If phase equilibrium has not been achieved and the reaction is fast
compared with the rate of mass transfer, there would be two liquid films on either side of the
interface between the phases which offer resistance to mass transfer. Thus, the reaction occurs as
the solute diffuse through the films into the bulk of the other phase. This model assumes a steady
state in which the local flux across each element of area is constant; 1.e., there is no accumulation

of the diffusing species within the film.

In film theory, the liquid phase mass transfer coefficient is given by:
D
k, = —L (1.8)
s

Penetration theory is more difficult to use than film theory when the reaction process is very
complex. The predictions or correlations based on the film model are often nearly identical to
predictions based on the penetration and surface renewal models. Thus, in view of its relative
simplicity, the film model is normally preferred for purposes of discussion or calculation (Perry
and Green, 1999) and will be further discussed in the following section.

1.3.2 Mass Transport Across Interfaces

The following section explains the two film theory and its application to mass transport across a

liquid-liquid interface. The section starts with the concept of flux across an interface and ends with
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the methodology which was used to calculate the overall volumetric mass transfer coefficients in
this thesis.

Mass transfer across an interface can be described in terms of a flux equation.

j=k, AC (1.9)

where ki is a mass transfer coefficient and AC is the concentration difference (driving force)

between the bulk solution and the interface.

This concept is illustrated in Figure 1.10.

> Aqueous
phase

Organic
phase

Interface

Figure 1-10 Hlustration of the flux across a organic-aqueous interface (Nicol, 2004).

The flux across the liquid-liquid interface under steady state conditions can be written as (Nicol,
2004):

j — ko (Cb,o - Cs,o ) = ka (Cs,a - Cb,a ) (110)

where k., k. are mass transfer coefficients in each phase, C,, is the concentration in the bulk
organic phase, Cy, is the concentration in the bulk aqueous phase, C,, is the concentration in the

organic phase at the interface and C,, is the concentration in the aqueous phase at the interface.

Equilibrium at the interface requires that:

C,,=D,C (1.11)

5,0 ¢ s,a
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where D, is the distribution coefTicient of the desired species between the two phases. If we assume
that C,, >> C,,, i.e. we start with no desired species in the aqueous phase, we can rearrange

Equation 1.10 to give (Nicol, 2004):

= Ko ko Do C (1.12)
T Dk, b '
and
k k D
—_"a e "¢ 1.13
Yk D, +k, (.15

Equation 1.13 highlights the dependence of the overall mass transfer coefficient on the aqueous
phase mass transfer coefficient, organic phase mass transfer coefficient as well as the distribution

coefficient of the desired species.
The mass transfer rate equation for batch operation is as follows:

dC

—E:KLa(C -D,.C, ) (1.14)

org out a9 out

where Ky a is the overall volumetric mass transfer coefficient and D, is the distribution coefficient.

A similar approach can be followed for continuous operation. The mass transfer rate equation for

continuous mixer-settler operation can be derived as follows:
0., 'Caqow =K,a (Corgm“ - D, 'Caqo.,,) Vo (1.15)

V. 1s an indication of the effective vessel volume, which is a function of macro-mixing and takes
into account any dead zones. The overall mass transfer coefficient K; is influenced by turbulent
flow, the buik flow shear and drop size. The interfacial area per unit volume parameter (a) is a
function of the dispersion created and macro-mixing, which dictates phase hold-up and droplet
sizes (Deglon, 2004).

The overall volumetric mass transfer coefficient (K;a) is a useful transport characteristic and is

important in scale-up and equipment design. Transport characteristics depend on the physical
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properties of the dispersion and on the equipment geometry and therefore the choice of impelier

type is very important (Linek ef al, 2002).
1.4 Dimensional Analysis

Dimensional analysis is central to the hydrodynamic study of mixer-settlers and is used in both the
design and scale-up of such systems. The basis of dimensional analysis is such that similar fluid

motion for different fluids or geometrical conditions can be compared.

An overview of dimensional analyses will be given in the following sections to clarify concepts

that will be used later in Section 1.5.
1.4.1 Overview of Dimensional Analysis

One of the biggest problems faced when designing a plant based on laboratory scale results is the
influence of variables on the scaled-up system. To circumvent this problem it is required to make
use of a dimensional analyses technique, which will be discussed in this section. The basis of
dimensional analysis is such that similar fluid motion for different fluids or geometrical conditions
can be compared. This is possible if all variables describing a fluid system can be expressed in
terms of the three fundamental units (mass, length and time). The number of variables in a mixing
system can be restricted if only power requirements are considered. The remaining variables can be
summarized into a number of main categories such as linear variables, fluid variables and dynamic

variables (Rushton et al, 1950a; Rushton et al, 1950b).
1.4.1.1 Linear Variables

The main linear variables are listed in Table 1.1.

Table 1-1 Linear variables.

Variable Meaning T
T “ JA Tank Diameter
{\—D Impeller Diameter
H Liquid Depth 7
C

Impeller Height Above Tank BottomT
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Pitch of the Impeller

Length of Impeller Blade
Width of Impelier Blade
Baffle Width
Number of Blades on Impeller

Number of Baffles

ﬁ
m W o= B ow

The variables in Table 1.1 are independent and systems can be designed where all the linear
variables are a specific ratio of a dimension chosen as a reference. The dimensionless groups
formed by the ratios of any of these variables to the reference dimension will have constant values.
A system that is based on specific ratios to a reference dimension or dimensions is referred to as a

geometrically similar system.

1.4.1.2 Fluid Variables

Table 1.2 summarizes the relevant fluid variables.

Table 1-2 Fluid variables.

Variable Description 1
Porg Organic Liquid Density
Pag Aqueous Liquid Density |
Horg Organic Liquid Viscosity
Hag Aqueous Liquid Viscosity

The variables such as average emulsion density and viscosity are functions of the variables listed
above. Chemical concentrations for example, are taken into account by their effects on the

variables summarized in Table 1.2.

1.4.1.3 Dynamic Variables

Table 1.3 summarizes the relevant dynamic vanables.
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Table 1-3 Dynamic variables.

Variable Description
N | ImpellerSpeed |

P Net Power Input — Agitation power only

G Gravitational Forces

From the above tables of linear, fluid and dynamic variables, it is clear that power (P) is the only

dependent variable and is a function of the other variables.

1.4.2 Dimensionless Numbers

A series of important dimensionless numbers can be formed with the variables mentioned in
Section 1.4.1. These numbers can and are frequently used for the designing and characterizing of

mixing systems such as mixer-settlers.

Table 1-4 Dimensionless groups used in characterising mixer-settler mixing systems.

Dimensionless Group Formula Physical Meaning

I R B S
Power Number (Np) P/puN’D’ Ratio of actual to theoretical

power consumption
L
Froude Number (Ny,) N°D/g T Ratio of inertial to T

gravitational forces

Impeller Reynolds pmD N/ pupt Ratio of inertial to viscous
Number (Ng.) forces
Flow Number (N,) Qi Qu)/ND’ Combined flow rate to
impeller pumping rate
Head Number (N, 2gH/Up%or | Ratio of impeller head to tip
2gH/n*N°D? speed

Post (2003) indicates that only three dimensionless numbers are needed to distinguish SX pumpers.
These are the power number, the flow number and the head number. Together the three
dimensionless numbers describe two characteristic plots: power-flow and head-flow. These plots
are determined by experimentation. The advantage of these dimensionless plots is that they are
valid for all sizes of geometrically similar pumpers and can be used to design and scale-up solvent

extraction mixing systems.
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The power number is well known in both the mineral and chemical engineering literature. The
power number is considered to be an important scale-up criterion in the design of agitated vessels
as it defines a critical ratio between the absorbed power and the theoretical power draw which
should be independent of vessel size (Deglon et al, 2000). A higher power number indicates a
higher power input, which results in a higher shear rate and an increase in overall mass transfer
rate. Impellers of similar design but different sizes will have equal power numbers under

dynamically equal conditions.

The Froude number is defined as the ratio between the centrifugal or inertial forces due to the
pumping action of the impeller and the gravitational forces due to hydrostatic head in the agitated
vessel. As a result, similar Froude numbers in different size vessels imply that hydrodynamic
conditions between the two vessels are largely equivalent (Deglon ef al, 2000). The dimensionless
Froude number is used to describe the extent to which vortexing occurs and is a measure of the
ratio of inertial stress, which is the flow of momentum created by bulk fluid motion and
gravitational force per unit arca acting on the fluid (Clemson University Website, 2004). The

Froude number is used to correlate data at Reynolds numbers above 300 (Rushton et a/, 2000b).

The Reynolds number is commonly used in fluid dynamics to determine the type of flow regime
(whether laminar, turbulent or in transition between the two) in a pipe, where it is defined as R, =
D.v.pi/pu. In hydrodynamics, the impeller Reynolds number is the ratio of inertial forces, due to
fluid flow, to the viscous forces. In agitated vessels, it is common to define the reference length as
the impeller diameter and the reference velocity as revolutions per minute (of which tip speed is a

function)

For the Reynolds number, the mean viscosity can be calculated as follows for unbaffled vessels
(Perry 1999; Turnley 1970):

/la 6#07 ¢or

i, = [1+ £ g] ; B, >04 (1.16)
Py Horg + My,
#or I'S#a ¢a

Uy, =—= [1— ! qJ ; P, <04 (L.17)
Porg Koy + Moy

The mean density can be calculated as follows:
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pM :porg ¢org +paq ¢aq (118)

A number of additional hydrodynamic parameters can be formed using the variables mentioned in

Section 1.4.1. These variables are summarized in Table 1.5

Table 1-5 Hydrodynamic properties.

Property Formula
" Power Intensity ’W/m®) | P/V
Impeller tip speed (Us,) (m/s) aDN |
Mean residence time V/Q
Residence time distribution BTD function

The power input per unit volume, or power intensity, is believed to be one of the more important
parameters due to its effect on metallurgical performance and mixer-settler operating costs.
Impeller tip speed is an important scale-up parameter, as it affects the velocity at which fluid leaves
the impeller, and therefore affects dispersion and emulsion circulation (Deglon et al, 2000). The
mean residence time and residence time distribution within the mixing vessel has a huge effect the

overall stage efficiency.
1.5 Hydrodynamic Effects in Mixer-settler Mixers

This section is not a comprehensive overview of hydrodynamics, but focuses on hydrodynamic
effects of relevance to this study i.e. the influence of impeller speed and type on mass transfer in a
mixer-settler. The major sub processes occurring in mixer-settlers are hydrodynamics, organic-
aqueous dispersion and phase disengagement (cf. Section 1.2.3). These sub processes all occur
simultaneously in the mixing vessel and are strongly interdependent. However, organic-aqueous
dispersion and phase disengagement are primarily affected by vessel hydrodynamics as this
provides a suitable environment for each of these sub processes to occur. If the mixer vessel and
impeller dimensions are fixed then hydrodynamics is primarily affected by the impeller speed,
which strongly influences the power input to the mixing vessel. The following sections present an
overview of the various hydrodynamic effects in mixer-settlers and the influence thereof on the

parameters V., a and K as was highlighted in Section 1.3.
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1.5.1 Power Input

Power input is discussed in the following section under power intensity and power number. Power
intensity is a function of impeller speed and type and is an indication of how much power is being
put into the system. Power number is a function of impeller type and is an indication of how power

is being put into the system.
1.5.1.1 Power Intensity

The power input to a mixer vessel defines the rate at which energy enters the vessel due to the
action of the impeller. As the impeller turns it creates flow patterns within the vessel, where radial
jets generated by the impeller strike the wall and separate into upper and lower wall jets, eventually
dissipating the kinetic energy into heat. The power input reflects the rate at which energy is
transferred to the fluid, which is the main driver for hydrodynamics in a mixing vessel. Power
consumption is influenced as follows:

e Power consumption increases with increasing impeller diameter.

e Power consumption increases, with increasing impeller submergence.

¢ Power consumption increases with increasing the impeller speed.

e Anincrease in dispersion specific gravity results in a direct increase in power consumption.

¢ Tank dimensions have no influence on the power consumption for a given impeller profile.

The clearance (the distance between the bottom of the tank and the impeller), though, has a

marked effect on power consumption.

The power intensity (P/V) is defined as how much power is put into a specified volume of fluid and
is the driving force for hydrodynamics, mixing and dispersion. From the literature it is evident that
it is difficult to measure some of the individual variables such as the interfacial area per unit
volume (a) in order to formulate models and therefore most researchers correlate the power
intensity directly to the overall volumetric mass transfer coefficient (Kpa) via empirical

correlations.

Linek et al (2002) highlighted that the overall volumetric mass transfer coefficient (K a) can be

correlated to the power intensity (and gas superficial velocity) as follows:
K,a=C,e)v,” (1.19)

where
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e=e_+e (1.20)

imp gas

and

imp

P
e == (1.21)
v

Equation 1.21 can be applied to solvent extraction systems, but without the gas velocity term, as

follows:
C
P 2
K,a=C, [;) (1.22)

where C,, C, are constants.

Moucha et al (2003) found the that the values of constant C, ranged from 1.13x10™ to 2.86x10™
and that the values of C2 ranged from 0.88 to 1.25 when a Na,SO, solution was subjected to

various multiple-impeller configurations.

Equation 1.22 shows that the higher the power input into the mixing vessel or power intensity, the
higher the shear and therefore the higher the overall mass transfer rate when the constant C; is

greater than 1.

Another useful parameter is the specific power input (g), also known as the rate of energy
dissipation, which is similar to the power intensity. Specific power input can be expressed in terms
of fluctuating velocity (which reflects turbulence) and impeller diameter through a semi-empirical

formula.

e=C— (1.23)

Equation 1.23 shows that higher power intensities cause more turbulence which means better drop
break-up and micro-mixing. Measurements of mean and fluctuating velocity can be carried out

accurately by means of hot-wire, hot-film or Laser-Doppler anemometry.

The maximum energy dissipation rate can be calculated as follows (Pacek et al, 1999):
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(81 ) = (&1 )y =— (1.24)
P

M 7 imp

Equation 1.24 highlights that the highest power intensity is in the impeller region which is relevant
to droplet break-up as most break-up occurs in this region.

Sandler and Luckiewicz (1987) indicated that the typical power intensity for emulsification /
dispersion is in the order of 5 — 9 kW/m’.

1.5.1.2 Power Numbers

As discussed in Section 1.2.3, the power number defines a critical ratio between the absorbed
power and the theoretical power draw which should be independent of vessel size for the same type
of impeller. Different types of impellers generally have different power numbers and thus the

power number is an indication of how the power is put into the vessel.

High power number radial flow impellers such as the Rushton turbine establishes high shear and
turbulence in the impeller zone, high turbulence in the bulk vessel and induces medium pumping.
The Rushton turbine is therefore well suited for drop break-up, drop coalescence and both micro-
mixing and macro-mixing. These types of impellers give high overall mass transfer coefficients
(Ky) as well as high interfacial area per unit volume (a) and good effective volumes (V.s) for mass

transfer. A Rushton turbine is illustrated in Figure 1.11.

il

5\

Figure 1-11 Illustration of a Rushton turbine (Post, 2003).

Moderate power number axial flow impellers such as the marine propeller generate low shear in the
impeller zone and low turbulence in the bulk vessel. These types of impellers produce high
pumping rates and although they do not produce small droplets or give good overall mass transfer
coefficients (K.) they are very good for bulk mixing. The interfacial area per unit volume (a)
created by this type of impeller is also small due to low shear and low turbulence in the impeller

zone as well as low turbulence in the bulk vessel. The overall mass transfer achievable with these
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types of impellers is relatively poor. Axial flow impellers are better than radial flow impellers when
high mixing intensity performance is required (Moucha et al, 2003). A Lightnin A110 propeller is
illustrated in Figure 1.12.

Figure 1-12 Hlustration of a Lightnin A110 propeller (Post, 2003).

Low power number ultra high shear (UHS) impellers such as the spinning disc impeller establishes
ultra high shear in the impeller zone, low turbulence in the bulk vessel and induces low pumping.
The spinning disc impeller is therefore well suited for drop break-up, gives small droplets and low
drop coalescence. These types of impellers give low overall mass transfer coefficients (Kr) due to
low bulk flow and induced turbulence. They do on the other hand produce very high interfacial
area per unit volume (a). Due to low pumping the macro-mixing is low and because of low
turbulence the micro-mixing is also low resulting in poor effective volumes (V.g) for mass transfer.
Pacek et al (1999) found that low power number agitators of the high flow or ultra high shear type
(Chemineer axial flow hydrofoil impeller — HE3, Chem Shear CS2 and CS4) produce much smaller
drop sizes and narrower drop size distributions than “high shear”, high power number agitators
such as the standard Rushton turbine and the six-blade disc impeller at the same mean energy
dissipation rates and do so more rapidly. The low power number impellers also achieve droplet size
equilibrium more rapidly. Their findings highlighted that there are processing advantages to be
gained for choosing a low Np impeller when small drops of narrow size distributions are required.

A Chemineer Chemshear impeller is illustrated in Figure 1.13.

Figure 1-13 Illustration of 8 Chemineer Chemsheer impeller (Post, 2003).

Moderate power number radial flow impellers, which are intermediate in characteristics, fall

between the Rushton turbine and the high speed spinning disc impellers. One of the designs is the
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so-called pump mixer. The function of this impeller is to firstly pump fluid into the mixing vessel
due to centrifugal forces exerted by the impeller blades on the liquid below the impeller, creating
radial fluid jets and secondly to supply enough mixing to disperse the organic and aqueous phases
enough for good mass transfer to occur. A Holmes and Navier and a curve bladed pumper is

illustrated in Figure 1.14.

Figure 1-14 Hlustration of a Holmes and Navier and a curve bladed pumper (Post, 2003).

In general, the high power number impellers such as the Rushton turbine gives the best overall
volumetric mass transfer coefficients (Kia) due to the high overall mass transfer coefficients (Ky),
high interfacial area per unit volume (a) and effective volumes (V.g) for mass transfer achieved. A

typical power number for a full-scale solvent extraction plant is 2.3.

1.5.2 Mixing

Mixing in mixer-settlers can be classified as macro-mixing or micro-mixing. Macro-mixing is
related to the bulk mixing of fluids within the mixing vessel and micro-mixing refers to the micro
phenomena caused by turbulence. Both macro-mixing and micro-mixing and their influence on

mass transfer will be discussed in more detail in the following sections.

1.5.2.1 Macro-mixing

Macro-mixing refers to the bulk fluid flow within the mixer vessel and primarily affects the
effective volume available for mass transfer (V) as it ensures that all parts of the mixer vessel
contains dispersed organic or aqueous. Improved macro-mixing generally increases mass transfer
by increasing the effective volume available for mass transfer (V.y) and can lead to higher

interfacial areas for mass transfer.

Higher impeller speeds generally improve macro-mixing, especially for impellers with reasonable

pumping rates, such as Rushton turbines or axial flow propellers. However, low pumping rate



Chapter 1 Literature Review 33

impellers such as high speed spinning discs will not give good macro-mixing, even with increases

in impeller speed.

1.5.2.2 Micro-mixing

Micro-mixing affects the overall mass transfer coefficient (K;) and also affects the effective
volume for mass transfer (V.x). However, micro-mixing can reduce the effective interfacial area
per unit volume (a) because it can increase drop coalescence within the mixing vessel. Ultra high
shear impellers, which create small droplets with little turbulence, produce lower overall mass
transfer coefficients (K;) than Rushton turbines which create similar small droplets and high

turbulence.

In the characterization of turbulence it is clear from Equation 1.23 that the power, and therefore
impeller speed, has a large effect on the fluctuating velocity and, therefore, on the efficiency of
micro-mixing in the mixing vessel. Hence, the impeller speed affects the power input to a mixing

vessel, which in turn affects the level of micro-mixing.

1.5.3 Organic-Aqueous Dispersion

As discussed in Section 1.2.3, organic-aqueous dispersion refers to the ability to disperse the two
phases in a manner conducive to enable mass transfer to take place between the two phases.
Dispersion can be divided into two sub processes which include drop breakage and drop
coalescence. Both these two opposing processes have an influence on the interfacial area per unit
volume (a). Drop break-up increases the resulting interfacial area per unit volume (a) and drop
coalescence reduces the interfacial area per unit volume. The degree of dispersion also affects the

effective volume available for mass transfer (Veg)

Both the Rushton turbine type impellers and the spinning disc type impellers produce high
interfacial area per unit volume (a), but the spinning disc creates less effective volume available for
mass transfer (V. than the Rushton turbine (i.e. macro-mixing is poorer). Based on this, the
Rushton turbine should therefore facilitate better mass transfer. However, ultra high shear spinning
disc impellers typically generate smaller droplets and therefore higher interfacial areas than

Rushton turbines.
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1.5.4 Scale-up

Scale-up is not the focus of this study, but in order to scale-down the full scale plant mixer-settler
to a pilot plant scale mixer-settler it is important to understand the key variables and parameters
that are influenced by the different plant sizes. Scaling therefore needs to be discussed in some
detail, for two major reasons. Firstly, hydrodynamics is central to the scale-up of mixer-settlers
and, secondly, the main objective of the experimental rig used for generating the results for this

thesis is to assist in scale-up.
1.5.4.1 General Scale-up Criteria

Two main criteria exist when changing the scale of equipment with the goal of obtaining the same
mixing performance at the new scale. These are:
e Geometric similarity should be preserved — dimensional ratios should be the same in the
pilot plant unit as it is in the full-scale unit.
e Dynamic similarity should be preserved —Reynolds numbers should be the same in the

pilot plant unit as it is in the full-scale unit.

Podgorska and Baldyga (2001) investigated the variance in drop size distributions in different sized
agitated tanks based on various scale-up criteria. The criteria and major findings are listed below.

e Scale-up on equal power per unit volume (P/V) and geometrical similarity (D/T). The
average circulation time (t.) increases on scale-up and larger drops are formed in larger
scale systems due to domination of coalescence effects as a result of the increased
residence time (t) in the bulk. An increase in D/T decreases the difference between the
drop size in the impeller and the bulk zone. An increase in power input per unit volume
increases the difference between the drop size between the impeller and bulk zone.

o Scale-up on equal average circulation time (t) and geometrical similarity (D/T). The
power per unit volume increases with scale-up and much smailer drops in larger tanks are
formed. The difference in the drop size between the impeller and the bulk zone increases
when scaling- up.

e Scale-up on equal power per unit volume (P/V), equal average circulation time (z.) and no
geometrical similarity (D/T). This results in a rather small increase in drop size when
scaling up and a small difference in the drop size between the impelier and the bulk zone.

e Scale-up on equal impeller tip speed (ND) and geometrical similarity (D/T). Scaling up

varies both the power input (P/V) as the average circulation time (t.). This results in a
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significant growth in drop size when scaling up due to the combined effects of increased

circulation time (t.) and decreased power per unit volume (P/V).

Based on the above findings by Podgérska and Baldyga it is clear that considerable thought should
go into the process of selecting a scale-up criteria to ensure that the required drop size obtained is
not only conducive to mass transfer, but also large enough for coalescence to take place within the

settler residence time.

When scaling up or down, turbulence should be induced to entrain slow moving parts within faster
moving parts. Turbulence is the highest near the impeller and liquid should be circulated through
this region as much as possible. A vortex should be avoided because adjoining layers of circulating
liquids travel at similar speed and entrainment does not take place — the liquids simply rotate

around the impeller (Young, 2001).

1.5.4.1.1 Geometric Scale-up

Geometric scale-up implies that the pilot plant and the full-scale operation should be geometrically
similar, in other words, the one should look exactly the same as the other except for size. Sandler
and Luckiewicz (1987) highlighted the following parameters to be considered when specifying
agitators:

¢ Impeller diameter

e Impeller revolutions per minute

e Impeller type

e Vessel volume

e Vessel geometry

¢ Agitator location with reference to the vessel

e Vessel internals — baffles etc.

1.5.4.1.2 Hydrodynamic Scale-up

The starting point of hydrodynamic scale-up is geometrical scale-up. For hydrodynamic scale-up to
apply, geometrical similarity between laboratory and full-scale mixer vessels should apply.
Hydrodynamic scale-up takes geometrical similarity further by attempting to reproduce the
hydrodynamic conditions that exist within the laboratory mixing vessel in the industnal size

version. This rests on the premise that, if certain hydrodynamic conditions produce a certain
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metallurgical result in a laboratory test, then those same conditions will produce the same

metallurgical result in a full-scale mixer-settler.

Hydrodynamic scale-up makes use of a number of dimensionless groups. The most important of
these groups are the power number, the impeller Reynolds number and the Froude number as
highlighted in Section 1.4.2. Another criteria frequently being used when scaling up mixer-settlers
is constant tip speed.

It is clear then that hydrodynamic scale-up is largely based on ensuring that the ratio of actual to
theoretical power consumption remains constant, that the ratio of inertial to gravitational forces are
the same and also to ensure that the ratio of inertial to viscous forces are comparable on both pilot

and full scale plant operations.

1.6 Influence of Impeller Speed and Type on Overall Mass

Transfer

The following section highlights the influence of impeller speed and type on the overall mass
transfer of species from one phase to another in liquid-liquid extraction. Both the impeller design
and its rotational speed have an influence on the mixer-settler hydrodynamics and therefore the

overall volumetric mass transfer coefficients.
1.6.1 Impeller Speed

An increase in impeller speed (N) results in an increase in impeller power (P) according to
Equation 2.1 and therefore will also result in an increase in the power per unit volume (P/V). It is
this power intensity or power per unit volume that causes turbulence within the mixer vessel.
Higher power intensities result in higher turbulence and therefore better micro-mixing. The
increase in micro-mixing results in an increase in the mass transfer coefficient (K ). An increase in
impeller speeds results in higher shear and turbulence in the impeller zone which results in an
increase in drop break-up and an increase in the interfacial area per unit volume (a) and therefore
the overall volumetric mass transfer coefficient (Kpa). An increase in the impeller speed also

increases macro-mixing, which improves the effective volume (V.q) for mass transfer.

1.6.2 Impeller Type
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Different impellers have different shear, turbulence and pumping characteristics which affects the

mass transfer of species between organic and aqueous phases.

High power number radial flow impellers such as the Rushton turbine establishes high shear and
turbulence in the impeller zone, high turbulence in the bulk vessel and induces medium pumping. It
is therefore well suited for drop break-up, drop coalescence, both micro-mixing and macro-mixing
and gives high mass transfer coefficients (K;) as well as high effective volumes (V) for mass

transfer. This type of impeller can therefore give good overall volumetric mass transfer coefficients

(Kra).

Moderate power number axial flow impellers such as marine propellers generate low shear in the
impeller zone and low turbulence in the bulk vessel. This type of impeller produces high pumping
rates and does not give good mass transfer coefficients (Ky). The interfacial area per unit volume
(a) created by this type of impeller is also small due to low shear and low turbulence in the impeller
zone as well as low turbulence in the bulk vessel. The mass transfer achievable with these types of

impellers is relatively poor.

Low power number ultra high shear (UHS) impellers such as the spinning disc impeller give low
mass transfer coefficients (K.) due to low bulk flow and induced turbulence. They do on the other
hand produce very high interfacial area per unit volume (a). Due to low pumping the macro-mixing
is low and because of low turbulence the micro-mixing is also low resulting in poor effective
volumes (V.y) for mass transfer. UHS impellers can therefore give reasonably good overall

volumetric mass transfer coefficients (K a).

Moderate power number radial flow impellers such as being used in the solvent extraction industry
and PMR have intermediate characteristics between the Rushton turbine and the high speed

spinning disc type impellers
1.7 Scope of Thesis

From the reviews presented in this chapter it should be clear that mixer-settler hydrodynamics,
driven by the central hydrodynamic variables of impeller speed and type has profound effects on
mixing in a mixer-settler. However, comparatively little work has been performed on quantifying
the effect of these variables in stripping of palladium from a typical palladium organic. It is

believed, therefore, that it is important to obtain a better understanding of the way in which power
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mput, as influenced by impeller speed and type, affects the kinetics of the palladium stripping

reaction.

The aim of this thesis is to categorize the effect of hydrochloric acid normality and temperature on
the thermodynamics of the palladium stripping reaction and secondly to determine the effect of
impeller speed and type on the kinetics of the stripping of palladium from a typically loaded
palladium organic. The thesis explores the effects of impeller speed and type on hydrodynamics,
palladium stripping rates and overall volumetric mass transfer coefficients. The study was carried
out using a 1/5-scale palladium mixer-settler pilot plant manufactured at the Anglo Platinum

Research Centre using typical plant feed and palladium organic.
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2 Experimental

This chapter presents details of the experimental program and equipment used for the study on
palladium stripping kinetics and the mass transfer of palladium from a typical palladium loaded
organic to the stripping acid. Section 2.1 describes the feed preparation, which includes organic
make-up, palladium feed solution preparation, loaded palladium organic preparation and strip acid
preparation. Section 2.2 deals with sample analyses and Section 2.3 covers the palladium stripping
characterization experimental program, which includes the experimental design, equipment as well
as the experimental set-up. Section 2.4 covers the influence of impeller speed and type on the

hydrodynamics and therefore the mass transfer of the palladium stripping reaction.
2.1 Feed Preparation

In order to eliminate as much of the experimental variability associated with the feed variability,
feed preparation was necessary to generate enough homogenous feed for the whole of the
experimental program. The feed preparation done for the experimental program is discussed in the

following sections.
2.1.1 Organic Make-up

The palladium organic was made-up using the supplied constituents as being used by the Anglo
Platinum PMR refinery. It was decided against the use of previously made-up plant organic, since
contamination and organic degradation would impact significantly on the results obtained. The
palladium extractant was mixed together with the diluent and catalyst was added according to the
standard PMR industrial procedures using the following method. The density of each of the
constituents was determined using an Anton Paar DMA 5000 density meter. From the acquired
densities, the required constituent volumes were converted to mass and the required mass of each
of the constituents was weighed on a Sartorius Genius ME415S laboratory balance before being
mixed together. A sample from the “fresh” bulk palladium organic was taken, loaded to its
maximum capacity with copper and was analyzed for the palladium extractant to verify it’s
concentration in the bulk organic. A Titralab 900 titration system was used for the analyses by
titrating with 3N NaOH and calculating the palladium extractant concentration by means of an H”

mass balance.
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2.1.2 Pd Feed Solution Preparation

The palladium feed solution as received from the PMR plant was filtered through Whatman 540
filter paper in order to remove any post precipitated PGM and base metals. The filtered feed was
sampled and analyzed in duplicate for PGM and base metals using a Spectro Ciros ICP.

2.1.3 Loaded Palladium Organic Preparation

To be able to do the stripping experiments, the “fresh” bulk organic had to be loaded with
palladium to a predetermined concentration, thereby mimicking the extraction section of the PMR
palladium solvent extraction plant. The “fresh” bulk palladium organic was contacted with filtered
palladium feed solution using a Heidolph R2020 overhead stirrer for two hours. This extended
contact period may not have been necessary, but ensured extraction to the equilibrium. The organic
and aqueous was phase separated using separation funnels and the organic phase was filtered
through Whatman PS1 filter paper to trap any entrained aqueous solution. The loaded organic was
sampled and the sample stripped with 32% HCI using five contacts. The loaded strip acid was
analyzed for palladium using a Spectro Ciros ICP and the result was used to calculate the palladium

concentration in the bulk loaded organic by means of a mass balance.

A second loaded organic sample was taken, prepared using glacial acetic acid and analyzed for
palladium content using a Varian Vista-Pro ICP-OES. The palladium in the loaded organic
analyses from the Varian ICP was compared to the mass balanced result from the Specto Ciros
ICP. The concentration of Pd in the loaded organic was also determined by mass balance from the

bulk palladium feed concentration and aqueous and organic volumes.

The two palladium ICP analyses using the methods described above corresponded to within 97% of
the mass balance and therefore indicated a high degree of accuracy on the methods used and also
both the accuracy of the Spectro Ciros and Varian ICPs. This loaded organic containing 11.7 g/

palladium forms the basis of all the subsequent experiments.

2.1.4 Strip Acid Preparation

Strip acids were prepared at five different HCI concentrations for all the subsequent experiments
using Merck 32% HCI1 and ultra pure water for dilution purposes. The required HCI concentrations
were 4N, 4.5N, 5N, 5.5N as well as 6N. The concentrations of each of the acids were determined

using an Anton Paar DMA 5000 density meter since a direct correlation exists between acid
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strength and density. Table 2.1 summarizes the relationship between HCl concentration and

density.

Table 2-1 Acid normalitiy and corresponding density.

[HC] Density g/cm’
6N 1.09787

5.5N 1.09006
5N 1.08215

4.5N 1.07415
4N 1.06606

The prepared strip acid normalities were checked using a Titralab 900 titration system by titrating
with 3N NaOH.

2.2 Sample Analyses

All samples taken during the test work were analyzed at the Anglo Platinum Research Centre’s
Process Research Laboratories using a variety of laboratory equipment. The results obtained were

verified by duplicate analyses and rigorous instrument calibration, diagnostics and drift standards.
2.2.1 PGM and Base Metal Analyses

All the PGM and base metal analyses were done using either the Specto Ciros ICP or the Varian
Vista-Pro ICP-OES. Throughout the experimental program, the ICP diagnostics program was run
to verify that the instrument was operating correctly before each set of samples was analyzed. The
ICP was also calibrated using cight standards (four PGM, one base metal, one amphoteric, one
blank and one drift standard) before analyzing samples and a drift standard was read after every ten

samples to detect any instrument drift.

All the samples were diluted with 3N HCI using a Microlab 500 series auto diluter before being
subjected to ICP analyses. Scandium was used as the reference clement since scandium is not

prevalent in the samples being analyzed.
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2.2.2 Density Analyses

The density of samples was measured in triplicate using an Anton Paar DMA 5000 density meter
which was calibrated against ultra pure water with a density of 0.99820 + 0.00001 g/cm’ at 25°C.
Both organic and aqueous samples were analyzed using the same instrument, but after every
sample the instrument reading was checked with ultra pure water and if any drift was noted the
instrument was rinsed with copious amounts of ethanol, ultra pure water and was dried by blowing

air through the instrument before recalibration.
2.2.3 Normality Analyses

The normality of samples was analysed using a Titralab 900 titration system by titrating with 3N

NaOH. All samples were analyzed in duplicate.
2.2.4 Tracer Analyses

All samples taken during the residence time distribution test work were subjected to a Varian Cary
50 UV-vis spectrometer for concentration analyses. The wavelength used was 515 nm which

corresponds well with the red dye (Moir’s red food colourant) used for the concentration profiles.
2.3 Palladium Stripping Characterization

This section presents the experimental procedure and experiments done to determine the palladium
stripping rate by varying two process variables, namely temperature and strip acid (HCI)
concentration. It must be noted that other variables such as palladium concentration and palladium
organic extractant concentration also influences the thermodynamics, but these fall outside the
scope of this study and requires a more fundamental research effort. A set of optimal operating
conditions based on the findings of this test work was used in subsequent test work to determine

the influence of impeller speed and type on hydrodynamics and mass transfer cocflicients.
2.3.1 Experimental

The purpose of this experimental program was to characterize the palladium stripping reaction rate
in terms of different operating temperatures and stripping acid concentrations. Due to accelerated

organic degradation at elevated temperatures, the maximum operating temperature was limited to
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40°C. The strip acid normality range was kept between 4.0 N and 6.0 N based on plant experience.

The experimental conditions are summarized in Table 2.2

Table 2-2 Experimental conditions.

HCI}/ T Temp 1 Temp 2 Temp 3
N1 6N, 35°C | 6N, 25°C 6N, 15°C

N2 5.5N,35°C | 5.5N,25°C | 5.5N, 15°C

L N3 5N,35°C | 5N, 25°C 5N, 15°C
N 4 4.5N,35°C | 45N, 25°C | 4.5N, 15°C

F NS5 4N, 35°C | 4N, 25°C 4N, 15°C

The experimental setup consisted of a 60mm x 60mm x 100mm Perspex mixing vessel (umt cell)
nserted into a water bath. A Heidolph R2020 (0-1800 RPM) overhead stirrer fitted with a titanium
4-bladed turbine was used to generate the liquid-liquid dispersion needed for the distribution of
palladium species between the organic and aqueous phases. The experimental setup is illustrated in
Figure 2.1. The water bath temperature was controlled by a Selecta Frigiterm water controller at the
desired experimental temperature. The water temperature controller is illustrated in Figure 2.2.

Figure 2-1 Experimental setup.
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Figure 2-2 Selecta Frigiterm water controller.

A scouting experiment was done with 6N HC] at 25°C to determine the reaction rate. This rate then
dictated the sampling frequency to be used in the fifteen experiments in order to get enough

samples spread out over the reaction time under review.

Depending on the temperature at which an experiment was to be performed, the Selecta Frigiterm
water controller temperature was set higher than 15, 25 or 35 °C to cater for heat losses to the
environment. The water bath was run for at least an hour and the water temperature checked with a
thermometer before the start of an experiment to verify that the water temperature was at steady

state.

The loaded organic as well as the strip acid were placed in another water bath to preheat both the
loaded organic and aqueous feed to the desired experimental temperature. The Perspex mixing
vessel was placed in the water bath and the 4-bladed turbine fitted to the overhead stirrer by
aligning it to approximately 3mm from the bottom of the mixing vessel. The stirrer was started to
check for alignment and switched off. The preheated organic (155ml) was then added to the mixing
vessel and the agitator started and run at 100 RPM. After 10 minutes a thermometer was used to
check that the organic was at the required experimental temperature before the agitator speed was

adjusted to 1600 RPM, the strip acid (45ml) was added and sampling commenced.

Sampling of the dispersion in the mixing vessel was done at 1, 2, 3, 4, 5, 10 and 30-minute
intervals. If the reaction was slow according to visual inspection of the strip acid colour, sample
taking was extended to 40, 50 and even 60 minutes to complete the profiles. The samples (10 ml)
were phase separated using phase separation funnels. The aqueous fractions were then filtered
through Whatman 540 filter papers to remove any entrained organic. The filtered aqueous fraction
was then analyzed for PGM and base metals using the Spectro Ciros ICP.
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Equilibrium experiments were done by contacting different volumes of loaded organic with 6N
strip acid in separation funnels for four hours using a Labcon shaker. The organic and aqueous
phases were then phase separated and filtered through Whatman PS1 and Whatman 540 filter paper

respectively. The organic and aqueous fractions were then analyzed by ICP.
2.4 Hydrodynamic Characterization

This section presents the experimental procedure and experiments done to determine the influence
of impeller speed and type on the hydrodynamics and therefore the overall palladium stripping rate.
A set of operating conditions (6N HCI and 25°C) based on the findings of test work in Section 2.3

was used throughout this test work program.
2.4.1 Experimental

The purpose of this experimental program was to determine the influence of different impeller
speeds and types on the hydrodynamics as well as the stripping rate of palladium from a typically
loaded palladium organic in a mixer-settler. The experiments were done at 25°C using 6N HCl as
the stripping medium. These conditions were chosen based on the results and discussion in Section

3.1.2

In Section 1.5.1.2 the three types of impellers (high N;, Rushton turbine, moderate N, propeller and
low N,, spinning disc) were discussed to illustrate the extremes of expected behaviour for different
impellers. Only the Rushton turbine and a 4-bladed radial disc impeller were selected for the
experiments used in this study because of their common application in the solvent extraction and
mixing industries. The Ruston turbine was selected because it gives high mass transfer coefficients
(Kyp) as well as high interfacial area per unit volume (a) and the 4-bladed radial disc impeller was
selected because it is a solvent extraction pump-mix standard which has intermediate
characteristics between a Rushton turbine and a high speed spinning disc impeller as a result of the

disc and the low height blade design.

A propeller was not chosen as it is poor for dispersion generation and gives poor mass transfer
coefficients. A high speed spinning disc was also not chosen because although it generates very
high interfacial area per unit volume (a), it does not give a very high mass transfer coefficient (K;)
and more pertinently, the small droplets generated could result in coalescence problems in the

settler due to stable emulsion formation.
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A 1/5 scale Perspex mixer-settler was manufactured based on the stripping mixer-settler design
drawings from the operating plant. A 1/5 scale “PMR” 4-bladed radial disc impeller as well as a 6-
bladed Rushton turbine was also manufactured. The 1/5 scale mixer-settler is illustrated in Figure
2.3 and the Figure 2.4 illustrates the 1/5 scale “PMR” 4-bladed radial disc impeller as well as a 6-
bladed Rushton turbine.

Figure 2-3 1/5 scale Perspex pilot plant mixer-settler.

Figure 2-4 4-bladed radial disc impeller as well as a 6-bladed Rushton turbine.

The feed rate of both the organic and aqueous phases to the pilot plant mixer-settler used for all the
experiments was controlled using two Masterflex positive displacement pumps. The required flow
rates were obtained using Masterflex modular controllers and the flow rates were calibrated using
50ml and 100 ml volumetric flasks and monitoring the time required to fill them. The controllers
were then fine tuned to give the required flow rates of loaded organic as well as strip acid. Figure
2.5 and Figure 2.6 illustrates the Masterflex pumps and modular controllers used for the required

flow rates.
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Figure 2-5 Masterflex metering pumps.

Figure 2-6 Masterflex modular controllers.

The power draw by the impeller motor cannot be used for the power intensity calculations since the
it must be noted that the value of P is that exerted on the impeller shaft and not that of the motor
driving the impeller due to motor inefficiencies. To be able to determine the power exerted on the

shaft, a correlation between torque and RPM can be used.

Power =2 & N Torque @10

The torque can be measured using a dynamometer and rotational speed using a tachometer
(Rushton et al, 1950a).
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A Heidolph R2020 laboratory overhead stirrer was used for all the experiments and the stirrer was
modified to enable the determination of torque exerted onto the impeller. This was done by
removing the retort stand connection that comes standard with the stirrer. The stirrer was mounted
onto a bearing enabling the stirrer to turn “freely” around the impeller shaft axis. A grooved disc
was attached to the overhead stirrer and a string was attached to the disc and was inserted into the
groove. The other end of the string was connected to a reference weight that was placed on a
Sartorius balance. Any movement by the “free” running overhead stirrer could therefore be
detected by noting the difference in the reading of the balance due to a decrease in the measured
wetght as a result of the overhead stirrer pulling on the string that is connected to the reference
weight. From this weight difference the impeller torque could be calculated using Equation 2.1.
Figure 2.7 illustrates the Heidolph R2020 overhead stirrer and Sartorius laboratory balance setup.

Figure 2-7 Modified Heidolph R2020 overhead stirrer and Sartorius balance setup.

The complete experimental setup highlighting the 1/5 scale mixer-settler, modified overhead
stirrer, balance, pumps and controllers is illustrated in Figure 2.8.
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Figure 2-8 Experimental setup for hydrodynamic characterization experiments.

All the experiments were done under equivalent conditions and these are tabled in Table 2.3 below.

Table 2-3 Standard experimental conditions.

Condition Value Units
Organic flow rate 2.69 1/hr
Aqueous flow rate 0.78 1/hr

Temperature 25 °C
Strip Acid (HCI) 6 N

The first set of experiments was done using a 4-bladed radial disc impeller and increasing the
impeller rotational speed from 900 to 1300 RPM using increments of 100 RPM per individual
experiment. This corresponds to an 11.1% increase in tip speed per experiment based on the tip
speed at 900 RPM. The full scale plant impellers run at 200 RPM, which is equivalent to 1000

RPM on the pilot plant. The experimental matrix is summarized in Table 2.4.

Table 2-4 Experimental matrix for 4-bladed radial disc impeller.

Experiment | 4-bladed radial

number disc turbine
(RPM)

900

1000

1100

1200

1300

N| &l W | -

The second set of experiments was done using a Rushton turbine with the same dimensions as the
scaled down 4-bladed radial disc impeller. The experimental rotational speeds were varied from
790 to 1040 RPM to approximate the same power per unit volume as was obtained by the 4-bladed
radial disc impeller. The required rotational speeds for the Rushton turbine was determined on the
basis of adjusting the RPM, measuring the resulting torque exerted on the impeller shaft and
calculating the resultant power per unit volume (P/V). An iterative process was followed by

changing the impeller shaft RPM until the calculated P/V of the Rushton turbine corresponded to
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that of the corresponding 4-bladed radial disc impeller experiment. The experimental matrix is

summarized in Table 2.5.

Table 2-5 Experimental matrix for Rushton turbine.

Experiment Rushton
number turbine
(RPM)
=790
~ 830
=910
=970
=~ 1040

Nl & W N -

Each experiment was run for 90 minutes (4x mean mixer vessel residence times) before a 20 ml
sample of the dispersion was taken from the mixer vessel. This sample was phase separated using
phase separation funnels. Each fraction was filtered through Whatman PS1 and Whatman 540 filter
paper respectively to remove any entrainment. The organic and aqueous fractions were then

analyzed by ICP.

The data recorded during the experiments can be seen in Appendix B.
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3 Results and Discussion

The results presented in this chapter arc derived from and are applicable to the experimental
program outlined in chapter 2. Palladium stripping characterization results are presented in
Sections 3.1 and hydrodynamic characterization and mass transfer results are presented in Section

3.2. The data and calculations for this charter are attached in Appendix A and B.
3.1 Palladium Stripping Characterization

This section presents the data obtained from the palladium stripping characterization experiments
as outlined in Section 2.3. The results of the stripping kinetics experiments and the palladium
stripping isotherm are presented in Section 3.1.1 and 3.1.2 respectively. The results for the fifieen
batch palladium stripping characterization experiments are presented in Appendix A and are
summarized in Figure 3.1. The palladium stripping equilibrium isotherm for 6N strip acid at 25°C
is presented in Section 3.1.3 and a McCabe-Thiele construction at the same conditions is presented

in Section 3.1.4.
3.1.1 Stripping Kinetics Experiments

Figure 3.1 is a graph of palladium concentration in the aqueous phase versus time and is based on
the results obtained from contacting fifteen batches of loaded organic with strip acid at various

normalities and temperatures.
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Figure 3-1 Strip acid concentration vs. time (O:A — 3.5:1).

From Figure 3.1 it is evident that the palladium stripping rate increases as the temperature increases
and also with an increase in strip acid concentration. The average plant stripping mixer vessel
residence time is approximately 20 minutes at the 100V/hr strip acid flow rate (see vertical line)
which highlights the requirement for a stripping rate that is sufficiently fast in order for the process
to be done in the operating plant counter current mixer-settlers. The stripping rates of all the
experiments done at 4N, the experiments done at 4,5N and low temperatures as well as the
experiment done at SN and 15°C are too slow to be implemented, since it would require additional

mixer-settlers to achieve the required separations.

From these results it is evident that the palladium stripping reaction rate is relatively fast at the
higher temperatures and strip acid normalities. It must be noted that these reaction rates were done
under conditions with no mass transfer limitations due to the 4-bladed turbine being run at 1600
RPM.

3.1.2 Stripping Isotherms

Based on the observations in Section 3.1.1 and taking into account organic degradation at high acid
strengths and high temperatures the best operating strip acid normality would be somewhere
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between 5.5N and 6N HCI at temperatures above 25°C and not exceeding 40°C. Figure 3.2

highlights the percentage stripping achievable at various temperatures and strip acid strengths

within a twenty minute mixer vessel residence time.
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Figure 3-2 Percentage Pd extraction as a function of temperature and strip acid normality at 20

minutes mixer vessel residence time.

Again it should be noted that stripping with >5N HCI is adequate at temperatures above 25°C, but

the percentage stripping achievable in a mixer-settler becomes very low at temperatures below
25°C.

From Figure 3.2 it is evident that the difference in extraction achievable with 6N HCI strip acid at
25°C and 35°C is negligible. All the subsequent experiments were done with 6N HCI at 25°C due
to the reactions being fast enough to ensure that the real system will be mass transfer limiting. It is
also unnecessary to have high reaction rates at conditions which damage organic and are a safety

hazard while the real system is mass transfer limiting.
3.1.3 Stripping Equilibrium Isotherm (6N HCl, 25°C)

The next step in characterizing the palladium stripping reaction at 25°C and 6N strip acid normality
is to construct a palladium stripping equilibrium isotherm, from which a McCabe-Thicle
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construction can be done to evaluate the required number of counter current palladium stripping
mixer-settlers. The equilibrium experimental data are presented in Appendix A. Figure 3.3

indicates the relationship between the palladium concentrations in the aqueous and organic phases.
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Figure 3-3 Pd stripping equilibrium isotherm (25°C, 6N HCI).

It should be noted that the distribution coefficient is not constant and the equilibrium line can be
approximated by a function of the form: ¥ =a X ® The data was fitted using DataFit version 8.0
software from Oakdale Engineering and the function is as follows:

Pd,, =0.0876Pd, """,  R*=09993 3.1)
and D, = [Pd]or / [Pd].q where D, varies between 0.027 and 0.081

3.1.4 Stripping McCabe-Thiele Construction

The equilibrium data as highlighted in Section 3.1.3 can be used to construct a McCabe-Thiele

construction to determine the minimum number of counter current stages that would be needed
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under ideal conditions (100% stage efficiency) to strip palladium from the loaded organic leaving
very low concentrations in the final stripped organic.

Figure 3.4 and Figure 3.5 illustrates such McCabe-Thiele constructions highlighting the required
seven ideal stages. Figure 3.5 is a zoomed section of the region of the origin in Figure 3.4.
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Figure 3-4 McCabe-Thiele construction (Ideal at 100% stage efficiency).
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Figure 3-S5 McCabe-Thicle construction at low concentrations (Ideal at 100% stage efficiency).

From Figures 3.4 and 3.5 it is clear that the operating line and the equilibrium line are very close to
each other below a palladium in organic concentration of 0.1 g/l and this necessitates a large
number of mixer-settlers to get to low concentrations within the organic phase. This problem can
be alleviated by decreasing the O:A ratio to approximately 2.5:1. By doing this, the residence time
in the mixers would increase, allowing more time to reach stage equilibrium, but the overall plant
throughput would decrease and the need to further concentrate the strip acid by means of

evaporation processes downstream would increase.
3.2 Hydrodynamic Characterization

The results presented in this section are derived from and are applicable to the experimental
program outlined in Section 2.4. Section 3.2.1 covers power input and power intensity whilst
mixing is covered in Section 3.2.2. Section 3.2.3 deals with mass transfer and the stripping of
palladium as a function of impeller speed. The experimental data and calculations for this section
are attached in Appendix B.
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3.2.1 Power Input

The first set of experiments was done using a 4-bladed radial disc impeller at various impeller
rotational speeds. The impeller speeds was varied between 900 to 1300 RPM using increments of
100 RPM per individual experiment. Figure 3.6 illustrates the tip speed and power intensity as a
function of impeller rotational speed.
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Figure 3-6 Power intensity and tip speed as a function of impeller RPM.

From Figure 3.6 it is clear that the power intensity of both the 4-bladed radial disc impeller and the
Rushton turbine increases with an increase in impeller speed. The Rushton turbine has a lower tip
speed than the 4-bladed radial disc impeller at equivalent power intensities. It can be seen from
Table 3.1 that the power per unit volume of the 4-bladed radial disc impeller at 1000 RPM is

approximately 2.7 kW/m’ based on an effective mixer vessel volume of 1.24 liter.
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Table 3-1 Power Input for the 4-bladed radial disc impeller.

Impeller Dispersion T
speed Power Density PN
(RPM) LN (s') | D(m) W) (kg/m3) | (kW/md) Np
- 900 150 | 0.078 | 2762 9337 223 0.304
1600 16.7 | 0.078 | 3.376 9337 272 0.271
1100 183 | 0.078 | 4558 9337 368 0.274
1200 200 | 0.078 | 5525 9337 457 0.256
1300 217 | 0078 | 7.581 9337 6.94 0.277

Table 3-2 Power Input for the Rushton turbine.

[ Impelier Dispersion
speed Power Density PNV
(RPM) N(s") | D(m) W) (kg/m3) | (kW/m?) Np
791 T 132 | 0078 | 2711 9337 2.19 0.439
L 828 138 | 0078 | 3.346 9337 2.70 0.472
910 152 | 0078 | 4515 9337 364 Lo.4ao
968 161 | 0.078 | 5.397 9337 4.48 0.477
DOTQ 175 | 0078 | 7513 | 9337 | 687 0.522

58

From Table 3.2 it can be seen that the power numbers for the Rushton turbine are higher than that
of the 4-bladed radial disc impeller due to the slower rotational speed. The power numbers are
considerably lower than those in the literature, but these depend on the mixer vessel set-up. Since
the impellers are used as pump-mix impellers on the operating plant, drawing organic and aqueous
mnto the mixing vessel (such as a centrifugal pump) as well as mixing the two phases, the impellers
are installed close to the bottom of the mixer vessels. Oldshue (1983) showed that the distance off
bottom of the impeller has a significant influence in the calculated power number and “proximity
factors” less than 0.5 apply when the impeller is very close to the bottom of the vessel due to the
throttling of suction for the bottom half of the impeller. The power number for an impeller that is
installed close to the bottom of a mixing vessel, such as in these mixer-setters can therefore be of
an order of magnitude less than the same impeller installed one third from the bottom as is

generally found in the literature.

3.2.2 Mixing

Before the main experiments could be commenced a set of experiments was done to determine

whether the pilot scale mixer-settler has the same mean residence time distribution as the PMR














































































