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Synopsis

In this thesis it was demonstrated that the current L-lysine fermentation technology can be
enhanced by continuously withdrawing spent medium while recycling the biomass in the
culture suspension to the bioreactor. The biomass in the reactor outlet stream is separated
from the spent medium using cross-flow filtration. The objective of this thesis was to study,
understand, model and optimise the performance of the L-Lysine fermentation with
biomass retention using cross flow filtration.

Following a review of the factors affecting cross-flow filtration and modelling approaches
available, the most suitable filtration flux estimation equation was selected. The impact of
filtration on microbial performance was assessed and approaches to modelling the lysine
fermentation overviewed, leading to the selection of an appropriate model. Thereafter a
rigorous approach to the optimisation of the biomass recycling system for lysine production:
was conducted and experimentally validated.

A generic form of Hermia's blocking laws was found to be well suited to the description of
the initial stages of cross-flow microfiltration. A constant term (the pseudo steady state
flux) has been included to provide a semi-empirical correlation of the cross flow filtration
flux. The pseudo steady state flux is based on Darcy's law and a combination of the shear
induced diffusion and surface transport models. The presented model adequately
described the experimental data.

The qualitative effects of the increased hydrodynamic shear stress experienced in the
filtration recycling loop on the growth, metabolism and morphology of Corynebacterium
glutamicum cells have been investigated. It was found that the cell volume increases under
increased hydrodynamic shear although increased shear does not alter the cell shape. The
apparent specific growth rate, the yield of biomass from threonine and the specific lysine
productivity of the cells exposed to hydrodynamic shear in the filtration system decreases
at increased hydrodynamic shear. Using a bioreaction network (BRN) model, it was
postulated that increased hydrodynamic shear causes a shift in cellular metabolism from
oxidative phosphorylation to substrate level phosphorylation and glycolysis. Furthermore it
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is postulated that increased hydrodynamic shear causes an increase in the flux of carbon
towards the cell wall to either repair or strengthen the cell wall.

Fermentation models were developed based on mass and volume balances coupled to
either a set of empirical correlations of the cellular metabolism developed from
experimental data or a bioreaction network. The impact of filtration-associated
hydrodynamic stress on the cellular metabolism was modelled based on a linear
relationship between the metabolic impact and the average energy dissipation rate per unit
cell mass. A critical average energy dissipation rate was identified below which no impact
on the fermentation performance relative to conventional batch fermentations was
detected.

The fed batch fermentation with biomass recycling using cross flow filtration was optimised
using an equation-based dynamic simulation package (QPROMS). The predicted optimum
represented a 26% reduction in variable cost of production compared to the conventional
fed-batch fermentation technology (R14.50/kg vs. R10.65/kg). The predicted optimum was
physically achievable and the experimental results obtained when a fermentation was
conducted at the optimal conditions corresponded well with that predicted by the proposed
model. '

The model parameters were re-established for the industrial lysine producing strain

(AEC94). At the optimum conditions the model predicted a 12% improvement in variable
cost of production while a 14% improvement was realised from experimental data.
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Retention of Fermentation Biomass for Extended L-
Lysine Fermentations

L-lysine is an essential amino acid in monogastric animal nutrition. The bulk of L-lysine
production throughout the world depends on the direct fermentation of carbohydrates by
auxotrophic and regulatory mutants of Corynebacteria and Brevibacteria species. Amino
acid fermentations are intensive in raw material usage. Hence the process yield and
productivity are critical measures of performance and economic viability (Kiss &
Stephanopoulos, 1991).

The overall fermentation performance have been improved by using fed-batch strategies
whereby the cells are maintained in the L-Lysine overproduction metabolic state by
continuously feeding the substrate to the reactor (Hadj et al. 1988; Rutkov, 1984, Hirao ef
al. 1989; Kiss & Stephanopoulus, 1991). The fermentation is stopped when the bioreactor
reaches the maximum volume. A large portion of the production cost contributes to
establishing a viable biomass population. To maximise the volumetric productivity and
reduce production costs, feed and bleed strategies are often employed. However, since L-
lysine is predominantly a secondary metabolite, the maximum vyield of L-lysine from
carbohydrates is achieved at very low growth rates. This implies that viable biomass, still
capable of L-lysine production is lost in bleed. The reactor volume as well as the inability of
the process to retain the microbial population limits the productivity and conversion of
carbohydrates to L-Lysine.

In this thesis it was demonstrated that the L-Lysine fermentation performance can be
enhanced by continuously withdrawing spent medium while recycling the biomass in the
culture suspension to the bioreactor. The biomass in the reactor outlet stream was
separated from the spent medium using cross-flow filtration. The objective of this thesis
was to study, understand, model and optimise the performance of the L-Lysine
fermentation with biomass retention using cross flow filtration.

Following a review of the factors affecting cross-flow filtration and modelling approaches
available, the most suitable filtration flux estimation equation was selected. The impact of
filtration on microbial performance was assessed and approaches to modelling the lysine
fermentation overviewed, leading to the selection of an appropriate model. Thereafter a
rigorous approach to the optimisation of the biomass recycling system for lysine production.
was conducted and experimentally validated.

Two L-Lysine producing strains (ATCC 21253 and AEC 94), two ultrafiltration (150 kD and
300 kD) and two microfiltration (0.22 um & 0.45 um) tubular ceramic membranes were
used. Fermentations were conducted on 10-litre scale using both a chemically defined and
an industrial fermentation media composition.
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Following an overview of lysine production by Corynebacterium glutamicum and
Brevibacterium sp., the factors that influence the cross flow filtration flux of suspensions of
C. glutamicum were investigated. It was found that the pseudo-steady state flux decreases
as the complexity of the solvent increases. The flux increases with increasing trans-
membrane pressure drop (AP) until a critical value is reached beyond which an increase in
the pressure drop does not result in a proportional increase in the flux. An increase in flux
was also reported on increasing cross-flow velocity.

Membrane fouling can be divided into internal and external fouling phenomena. The
hydraulic resistance that results from pore plugging (internal fouling) was found to depend
on the membrane pore size and the fraction of near sized particles. External fouling is
mainly due to the build-up of a fouling cake layer on the membrane surface. The hydraulic
resistance caused by the cake layer increases with increasing complexity of the feed
suspension and increasing trans-membrane pressure drop. A decrease in the cake
resistance was found with increasing cross-flow velocity that could be attributed to a
decrease in cake weight.

The understanding of the fouling phenomena encountered during cross-flow filtration of C.
glutamicum suspensions served as a basis for the development of a semi-empirical model
describing the system’s behaviour. A generic form of Hermia's (1982) blocking laws
(Equation 3-90) was found to be well suited to the description of the initial stages of cross-
flow microfiltration. A constant term (the pseudo steady state flux) was included to provide
a semi-empirical correlation of the cross flow filtration flux (Equation 3-91). The pseudo
steady state flux is based on Darcy's law (Equation 3-92) and a combination of the shear
induced diffusion and surface transport models. Darcy’s law divides the total hydraulic
resistance into the membrane resistance (or the impact of the membrane on the filtration
flux), the pore plugging resistance (or the interaction between the feed suspension and the
membrane) and the cake resistance (or the impact of the feed suspension on the filtration
flux). The model presented adequately described the experimental data. Bayesian analysis
was used to illustrate that the “hybrid model” developed exhibited the highest probability of
predicting the cross flow filtration flux of suspensions of C. glutamicum when compared to
some previously developed models.

Although these mathematical models can provide useful descriptions of the decline in flux
observed during membrane filtration, it is not currently possible to obtain, a priori,
estimates of the key parameters in these equations. In addition, these models do not
provide a quantitative basis for understanding the effects of solution properties or
membrane characteristics on the flux decline. These models also provide little insight into
the actual physical and chemical mechanisms by which the filtration flux declines during
the filtration process.

The qualitative effects of the increased hydrodynamic shear stress on the growth,
metabolism and morphology of Corynebacterium glutamicum cells have been investigated.
It was found that the cell volume increases under increased hydrodynamic shear although
increased shear does not alter the cell shape. It was also found that the effects of
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hydrodynamic shear stress on the cell's morphology were reduced at increased biomass
concentrations.

The apparent specific groMﬁ%’rﬁgztae, the yield of biomass from threonine and the specific
lysine productivity of the cells exposed to hydrodynamic shear in the filtration system
decreases at increased hydrodynamic shear. The reduced specific lysine productivity and
the increased glucose uptake rate of the cells exposed to increased shear in the filtration
loop implies a reduced cumulative yield of lysine from glucose. These effects were less
pronounced at the higher biomass concentrations (25 g/l DCW).

The fermentation data provided convenient sets of extracellular flux to elucidate the impact
of increased hydrodynamic stress caused by biomass recycling on the biochemistry of L-
lysine synthesis through intracellular flux analysis (BRN). The excess ATP (ATP produced
above the consumption level accounted for by the BRN) for cells exposed to increased
hydrodynamic stress due to cell recycle was reduced relative to that found in the
“conventional batch” process. The reduction in ATP formation is postulated to be a result
of a shift in cellular metabolism from oxidative phosphorylation to substrate level
phosphorylation and glycolysis.

The flux of carbon through PPP was reduced at increased hydrodynamic shear due to a
reduction in the requirement for NADPH of the cells exposed to hydrodynamic shear in the
filtration module. Exposure to hydrodynamic shear in the membrane unit did not have an
impact on the split of carbon at the PEP or OaA nodes. At the Pyr node the flux of carbon
to lysine and the flux of Pyr to AcCoA were reduced at increased hydrodynamic shear,
while the flux of pyruvate into other amino acids increased. Thus, under increased shear
conditions the total flux of carbon toward the TCA cycle decreased.

From the qualitative analysis presented it was postulated that increased hydrodynamic
shear causes an increase in the flux of carbon towards the cell wall to either repair or
strengthen the cell wall.

The effect of exposing the cells to increased hydrodynamic shear in the cross flow filtration
system was quantified in Chapter 6. Two fermentation models were developed to predict
the fermentation performance as a function of the controllable variables. The models
consist of a mass and volume balance coupled to two sets of metabolic equations. In the
first approach, the cellular metabolism is modelled by approximating the cell as a “black
box™ and using empirical correlations developed from experimental data to depict the cells’
response to changes in the extracellular environment. In the alternative approach tne
metabolism is modelled based on a bioreaction network of the intracellular central carbon
distribution. Some critical nodes within this network were identified and the carbon split
ratios around these nodes were fixed or modelled based on extracellular conditions. From
this information the cells response to changes in the extracellular environment could be
predicted.
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The impact of filtration associated hydrodynamic stress on the cellular metabolism was
modelled based on a linear relationship between the metabolic impact and the average
energy dissipation rate per unit cell mass. A critical average energy dissipation rate was
identified below which no impact on the fermentation performance relative to conventional
batch fermentations were detected. Above this critical energy dissipation rate, a reduction
in growth rate and specific productivity and an increase in the yield of biomass from
threonine were modelled as linear functions of the turbulent energy dissipation divided by
the biomass concentration.

The Bayesian approach was used to illustrate that the model using empirical correlations
to estimate the metabolic behaviour of the cell exhibits a higher probability of predicting the
system'’s performance. The model with the empirically estimated metabolism was used to
optimise the entire system’s performance.

The fed batch fermentation with biomass recycling using cross flow filtration for the
production of L-lysine was optimised using an equation-based dynamic simulation package
(gPROMS). The variable cost of production (VCOP), defined as the cost to produce a
kilogram of lysine, was used as the objective function for the optimisation process. The
predicted optimum represented a 26% reduction in variable cost compared to the
conventional fed-batch fermentation technology (R14.50/kg vs. R10.65/kg).

The predicted optimum was physically achievable and the experimental results obtained
when a fermentation was conducted at the optimal conditions corresponded with that
predicted by the proposed model (Figure 7-4 to 7-9). This indicated that the fermentation
model as proposed was sufficiently accurate, with enough resolution for optimisation of the
fermentation process.

The VCOP of the lysine fermentation can be minimised by maximising the biomass in the
bioreactor and retaining all the biomass produced in the bioreactor, while feeding glucose
at a rate close to the maximum glucose uptake rate. The specific sugar feed rate
represents a trade-off between increased yield at lower feed rates and increased
productivity at higher feed rates. None of the auxotrophic amino acids are to be included in
the feed during the fed-batch operation for minimal VCOP.

The permeate flow rate from the cross flow filtration system matched the total feed rate,
thus maintaining a zero or minimal bleed rate. Furthermore, it was evident that at optimal
conditions the fermentation is to be conducted at residual sugars concentration
approaching zero. Since spent medium is continuously withdrawn from the bioreactor, a
residual sugar concentration of zero maximises the yield of lysine from the sugar fed. The
duration of the fermentation process is limited by the strain’s ability to sustain its
performance and not by the residence time of the biomass in the bioreactor as found in the
feed and bleed system.

The model parameters were re-established for the industrial lysine-producing strain
(AEC94). The model was then used to optimise the fermentation performance of a
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conventional fed-batch process with a feed and bleed strategy as well as that of a fed-
batch process with biomass recycling using cross flow filtration. The model predicted a
12% improvement in VCOP while a 14% improvement was realised from experimental

data.

The linear approximation used to model the impact of filtration on fermentation
performance is limited to application of hydrodynamic shear experienced in cross flow
filtration systems and cannot be transferred to other hydrodynamic stress impacts. The
model parameters are empirical in nature and must therefore be redeveloped for each
strain. Although this is a tedious process, the methodology allows for process optimisation
that produces a physically realisable optimum. Biomass recycling using cross flow filtration
improves the variable cost of production of the lysine fermentation process by at least 12%
compared to the current fed-batch technology.
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Nomenclature

1. ABBREVIATIONS

Ac Acetate -

AcCoA Acetyl-coenzyme A

AEC S-(2—aminoethy|)-L-cysteine

akKG a-Ketogluteraldehyde

Ala Alanine |

Asp Aspartate

ATCC American Type culture collection

ATP Adenosine tri-phosphate

BSA Bovine Serum Albumin

CCRD Central Composite Rotational Experimental Design

DCW Dry Cell Weight

E4P " Erytrose-4-phosphate

EMP Embden Meyerhof Parnas Pathway (Glycolysis)

FAD Flavin adenine dinucleotide

Fru6P Fructose-6-phosphate

G3P 3-Phosphoglycerate

GaP Glyceraldehyde-3-phosphate -

Glc6P Glucose-6-phosphate

Glum Glutamine

Glut Glutamate

IsoCit Isocitrate

Lac Lactate

LysE Extracellular lysine

Lysl Entracellular lysine

Mal Malate

MF , Microfiltration

NAD Nicotinamide adenine dinucleotide

NF Nanofiltration _

NMR Nuclear magnetic resonance
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A7
Aplock

Adeposit

Air
Amedia
dn

Ao

dpore

Nomenclature "X

OaA Oxaloacetate
PEP Phosphoenolpyruvate
PPC Phosphoenolpyruvate carboxylase
Pyr Pyruvate
Rib5P Ribose-5-phosphate
RibudP Ribulose-5-phosphate
RO Reverse Osmosis
Sed7P Sedoheptulose-7-phosphate
SEM Scanning electron microscope.’
Suc Succinate
SucCoa Succinyl-coenzyme A
TCA Tri-carbocylic acid cycle
Trehal Trehalose
t-RNA Transfer Ribonucleic acid
UF Ultrafiltration
Val Valine
SYMBOLS
[m] Particle radius

[m>/s]
[mmol I h"]
[-]

[m?]

[M3m3]

Empirical factor for electricity usage in membrane unit
Membrane area

m x n matrix of stoichiometric coefficient

Constant in Eq. 5-12

Function of impeller geometry

Number of pores that are blocked per unit filtrate volume
Fraction of particles convected to the membrane that
actually adds to the deposit

Air flow rate

Constant in mass transfer correlation

Coefficients in Eq. 3-1

Clean membrane area

Pore volume of foulant that deposits on the interior pore
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walls per unit of filtrate volume

b [-] Dimensionless distance from the wall. Eq. 3-49
b’ [m? N7 Constant in Eq. 3-19
be [m] Short ellipsoidal semi-axis
Bleed [I/h] Bleed rate
BDF Backwards difference formula
bss [h] Constant in $olids flux model
citocs Constants in the specific lysine productivity equation Eq. 6-
30
Cas [g/1] Ammonium sulphate concentration in the AS feed stream
Co [a/1] Concentration of foulant species in the feed
Ce [g/1] Solids concentration of foulant species in the cake layer
Ce [m] “Long ellipsoidal semi-axis
Ce [g/1] Permeate concentration
Cr [a/1] Fouling layer concentration
Caluce | [g/1] Glucose concentration in the glucose feed stream -
| Ca [-] Hydrodynamic correction factor to Stokes law
Coz [mMol/l] Dissolved oxygen concentration
Co2,sat [mMol/l] Saturation dissolved oxygen concentration
Ci [-] Correction factor to Stokes law
Crmg [mol/] Total Mg?* ion concentration
C1.NHa [mol/l] Total NH4" ion concentration
Crpos [mol/l] Total PO, ion concentration
Crhr [a/1] Threonine concentration in the threonine feed stream
Cw [g/1] Concentration of foulant in the boundary layer above the
fouling layer
d [m] Turbulent eddy size
D [cm?s™) Diffusivity
Dmem [m] | Membrane cross sectional diameter
D Vector of specific design variables
Do [cm?s™] Brownian diffusivity
deq [m] Equivalent sphere diameter
dn [m] Height of protrusion in surface transport model
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dhyd
Dimp
DO

DP
dpipe
DP,

o |

Cave

Ecso

Ex

Cmem
€react
€t
Er
€y
€valve
Cw

f

F
fapp
Fas

FGluc

[cm]
[m]
[%]

[Pa]
[m]
[Pa]

[m]

[cm?/s]
[m?/s?]

[m?/s%]
[m?/s°] |
[J/m3]

[m?/s?]
[m?/s?]
[m?/s?]
[m?/s®] -
[m?/s?]
[m>/s]
[m?/s?]
[m?/s]
[m?/s?]
[kg / mol s]
-]

[-]

[I/h]

[I/h]

[N]

Nomenclature ©OXi

Hydraulic diameter of the channel
Impeller diameter
Percentage of the saturation dissolved oxygen

concentration

_ Pipe pressure drop

Pipe diameter

Pressure drop across needle valve

Characteristic separation between the bulk protein and the
deposit at which the process are just able to overcome the
repulsive interactions

Shear induced diffusivity

Energy dissipation rate per unit mass

Rate of energy dissipation due to the mean velocity
gradients

Average energy dissipated in the bioreactor system
including the recycle loop

Total viscous energy dissipation per unit volume at which
50% of the original biological activity are maintained

Total kinetic energy per unit mass

Energy dissipated in the laminar sublayer

Average energy dissipation rate in the membrane module
Average energy dissipated in the bioreactor

Turbulent energy dissipation rate

Total energy dissipation rate

Viscous energy dissipation rate

Average energy dissipation rate in the needle valve
Maximum energy dissipation rate

Frictional coefficient

Dimensionless Perrin shape factor

Apparent friction factor

AS feed rate

Glucose feed rate

Normal drag force
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fepp [m/m]

fsph [kg/mol s]

f

Fy [N]

Froe [I/h]

G [s%/m]

Gj [-]

Gluc [g/l]

Gluc, [g/1]

H [mmol/l/Pa]

H’ [-]

Ho [m]

| [-]

[ [#]

J [m/s]
(re) [ms]

J' [m/s]

Ji'1d2’ [-]

Ji [m/s]

Jo [m/s]

Jo [m/s]

Jow [m/s]

Jss [m/s]

Jss [m/s]

Jss. iso [m/s]

k

K’ []

kK'a [mmol/h/kPa]

ki [9/1]

k2 [9/1]

ks [J / mol K]

Nomenclature " Xii

Fraction of g|ucoée that enters the PPP
Frictional coefficient for sphere

System vector continuously differentiable in all arguments
Tangential drag force

Threonine feed rate

Defined in Eq. 2-14

Combined growth effect of limiting substrates
Glucose concentration in the bioreactor

Initial glucose concentration in the bioreactor
Henry's Constant

Shape function for ellipsoid

Half height of split or radius of tubular conduit
Constant in X correlation

Number of absorbed layers inside membrane pores
Permate flux

Local flow rate through pore of size r

Modified flux as defined in Eq. 3-16

Ratio of clean membrane and fouled membrane modified
fluxes

Permeate flux after cleaning

Flux through membrane at t=0

Clean membrane flux

Pure water flux

Pseudo steady state flux

Pseudo steady state flux

Pseudo steady state flux at the iso-electric point
Stages of the optimization problem

Constant in Eg. 2-11 and 3-9

Volumetric mass transfer coefficient

Saturation constant in growth rate equation
Saturation constant in growth rate equation

Boltzman constant
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KeL [-] | Constant in Eq. 2-13
Ke [-] Constant in Eq 3-82
Ke [-] Adjustable parameters in Eq. 3-89
kde;n [h'1] Membrane cleaning constant
kq [h] Death constant
Kdeciine [h'] Flux decline constant
ke [-] Cohstant in Eq. 3-56
ks [-] Constant in Eq. 4-24
Ki [-] Constant in Eq. 4-21
Ki; [-] Adjustable parameters in Eq. 3-89
Ki [-] fnertial lift proportionality constant
Ki [cm 3'1] ' Local mass transfer coefficient (Eq. 3-34)
k'a [mmol h"kPa™']  Volumetric mass transfer coefficient
kia [h™"] Liquid interface mass transfer coefficient
Kiam [-] Erpirical constant in Eq. 3-51
Kkuys [-] Constant in Eq 6-30
Km [g/1] Saturation constant in Monod kinetics (Eq. 5-35)
Km [mMol] Michalis Menten kinetics constant
kmy [a/1] Saturation constant for cell growth under threonine limited
conditions
Kp [m™] Permeability of the porous medium
Kpd [-] Constant in Eq. 3-81
Kpd [-] Constant in Eq. 3-81
Krate [s7] Empirical constant describing the rate of cake formation
Ks [-] Adjustable parameters in Eq. 3-89
Ksi -] Constantin Eq. 4-22
Ksp [-] Constant in Eq. 4-25
Kt [m] Constant in Eq. 3-99
Kihick [m] Thickness of an absorbed multilayer inside a pore
Kiur [-] Empirical constant in Eq. 3-52
Kui -] - Constantin Eq. 4-23
#q [-] Constantin Eq. 3-87
Lmem [m] Membrane length

Retention of Fermentation Biomass for Extended Lysine Fermentations



Nomenclature " xiv

LMH [lm?h Filtration flux

LMOPP  [kPa] Log mean oxygen partial pressure

LMOPP, [kPa] Log mean oxygen partial pressure at the time when the DO
probe was calibrated

I [-] Exponent in Eq. 3-87

L - Scalar function — Lagrangian loss function

Lo [m] Pore length

Lpipe [m] Pipe length

Lres [m] Resultant turbulent macroscale

Lys [9/] Lysine concentration

Mo...M3  [-] Empirical constants used to estimate kgecine as a function of
Jo, Vand X

Mec kg m'z] Mass of cake formed on membrane surface

mc" [kg m™] Maximum cake mass at steady state

m; Polynomial order for approximation of control variable |

Msp [-] Constant in Eq. 4-25

My (-] Constant in Eq. 4-23

n(rp) [-] LLog normal pore size distribution

N* [#] Number of pores

Ne [-] Exponent in cake compressibility equation (Eq. 2-12)

Npe [-] Constant in Eq. 2-13

Ngeciine [-] Constant in Eq. 3-86

Ny [-] Constant in Eq. 4-24

niL [-] Exponentin Eq. 3-48

Np [m] Nurmnber of pores per unit area

Npd [-] ' Order of the polymerisation reaction in Eq. 3-81

Npower [-] Power number

NS Number of stages in optimal control problem

Ns.n [-] Constant in Eq. 3-53

Nsi -] _ Constant in Eq. 4-22

Nsp [-] Constant in Eq. 4-25

Ny [-] Exponent in J vs. v relationship (Eq. 2-2)

Nl [-] Constant in Eq. 4-23 '
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Qchiliing
QGluc
QL
QuLys
Qiys,obs
Qo

Qo2
Gpore
Qs

Q1hr

-]
[mMol/I/h]
[mmol/l/h]
[-]
(-]

[-]
[-]

[m*/s]
[1/h]
[m¥/s]
[I/h]
(W]
(W]
[Pa]
[C*J7]
[-]

[W]
[9/g/h]
[m*/s]
[9/g/h]
[9/9/h]
[]
[mmol/g/h]
[m]

[-]
[9/9/h]
[m?]
[mol/h]

[m]

Nomenclature XV

Constant in Eq. 4-25

Oxygen transfer rate

Oxygen uptake rate

Probability of event A

Constant that compensate for concentration profiles in
broth (Eq. 3-99)

Constant in cake resistance estimation

Constant that compensate for the stickiness of the particles
in the cake layer (Eq. 3-99)

Ellipsoidal shape factor

Vector of explicit algebraic variables

Volumetric permeate flow rate

Permeate flow rate

Volumetric permeate flow rate at t=0

Volumetric permeate flow rate at t=t

Gassed power input into the bioreactor

Ungassed power input into bioreactor

Oxygen partial pressure

Permittivity of the solvent

Solubility product Eq. 2-4

Heat to be removed from bioreactor

Specific glucose feed rate

Volumetric flow rate through recycle system
Specific lysine productivity for unstressed conditions
Observed specific lysine productivity
Dimensionless constant in Eq. 3-55

Specific oxygen uptake rate

Pore size distribution

Solubility quotient Eq. 2-4

Specific threonine feed rate

Specific cake resistance per unit cake thickness
m-dimensional metabolite accumulation rate vector

Mean membrane pore radius
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R? [-] Correlation coefficient

Re [m™] Cake resistance

R¢ Im™ kg™ Hydraulic cake resistance per unit cake mass per unit area
re [moi/h] Extracellular metabolite accumulation rate

Re [] _Pipe flow Reynolds number

Rev [s™] Impeller speed

Rew (] Wall Reynolds number

ri [mol C/h] Accumulation rate of metabolite i

ri [mol/h] Intracellular metabolite accumulation rate

Rm [m'1] Intrinsic membrane resistance

Mo [m] Membrane pore radius

R, [m™] Pore plugging resistance

'y [m] | Mean membrane pore size

Mp.STDEV [m] ' Membrane pore radius standard deviation

Moo [m] Clean membrane pore radius

RQ (] Respiration quotient (Ratio of carbon dioxide evolution rate

to oxygen uptake rate)

R; [m"] Total hydraulic resistance

Rugosity  [um] Height difference between the deepest troughs and highest
peaks on a surface

s [-] Solids fraction in the feed suspension

S Surface in phase space

S1and [g/g] Stoichiometric constant in AS feed rate

S2

Se [-m2/m] Specific surface area of the cake layer

Si [kg/s/m?] Solids flux

Sm [m?/m?] §pecific surface area of membrane

Suby [g/1] Limiting substrate concentration

Suby [g/1] Limiting substrate concentration

t [s] Time

T K] Temperature

T [-] Time space

t [h] Time
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tr Ferment [h] Final fermentation time

tt permt [h]_ Total recycle time

telean [h] | Duration of the membrane cleaning process

Thr [g/] L-Threonine concentration (All the other auxotropic amino

acids will be in present in the stream in stoichiometric

amounts as calculated for C. glutamicum ATCC 21253)

Thr, [g/] Initial L-Threonine concentration

toerm [h] ' Duration of the filtration process in the cell recycling

terment [h] . | Fermentation time

Tdur [h] Membrane cleaning frequency

u [m/s] Linear velocity

u? [m/s] Mean square turbulent velocity at a point

@(d) [m/s] Root mean square velocity difference for eddies of

_ diameter d in the viscous dissipation range

Gz(d) [m/s] Root mean square velocity difference for eddies of
_ diameter d in the inertial convection subrange

U [m/s] Mean velocity

Uc [] Input control vector

Ucijk Control variable j, parameter i, for stage k

ug® [-] Control variable j during stage k

Ue Allowable control function

Ue [-] Subset of input functions

Ui [m/s] Average velocity at a point

Urms [m/s] Root mean square turbulent velocity

u* [m/s] Parameter in Eq. 5-29

U [m/s] Fluctuating velocity at a point

Ui [m/s] Instantaneous velocity at a point

Umax [m/s] Maximum linear velocity in flow profile

Vv : [m/s] Average cross flow velocity

Vv [m/s] Cross flow velocity through membrane module

Vi Time invariant parameters

\Y [litre] Broth volume
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Ve Cost function
VCOP [R/kg] Variable cost of production
Vo [litre] Initial bioreactor volume
V't [litre] Volume of filtrate collected
Vactual [m/s] . Measured cross flow velocity
Vp [m/s] Back flow velocity -
Vs [m?] Volume of filtrate collected
A [m?] Volume of laminar sublayer
Vio [m/s] Inertial lift velocity
Vmax [nmol.min.mg  Michalis Menten kinetics constant
DCW™
ymax [litre] ~ Maximum bioreactor volume
Vimem [m?] Membrane volume
Vreact [m?] Bioreactor volume
Vvaive [m?] Valve volume
W Constraints of the system
X [em] Axial coordinate along channel length
X [/l DCW] Biomass concentration
Xn [-] Variables in stepwise multiple regression Eq. 3-1
x(t) | [mol/h] n-dimensional flux vector
X (-] State vector of the system
’ X [-] State space
X Vector of explicit algebraic variables
Xer [cm] Critical distance from filter exit where cake formation starts
X [mol C/h] Rate of flux through reaction i
y Algebraic variables in the model
y [m] Distance from centre of tube Eq. 3-30
: Y Vector of differential variables
| Y wrrhe [a/g] Yield of biomass on threonine for unstressed conditions
Y x/Thr.obs [g/g] Observed yield of biomass on threonine
z [-] Empirical constant in Eq. 3-52 and Eq 3-53
Z, [-] Variable combinations in stepwise multiple regression Eq.
3-1
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3. GREEK SYMBOLS

o [-] Constant in mass transfer correlation

oy [-] Stoichiometric coefficient

Clo2 [-] Variable in mass transfer equation

Bo2 [-] | Variable in mass transfer equation

B [m?] Cake compressibility constant, (Eq 2-12)

Bo [-] Constant in mass transfer correlation

B’ A [m'1 kg'1] Cake compressibility constant, (Eq. 3-11)

Sa [m] Thickness of monolayer absorbed inside membrane pores
Sc [m] Thickness of the cake layer on the membrane surface
Om [m] Membrane thickness

6{ [m] Thickness of laminar sublayer

A [s] Components if the mean rate of deformation tensor for

compressible flows

AT [Pa] Osmotic pressure difference across the membrane
AP | [Pa] Trans-membrane pressure drop

AP actual [Pa] Trans-membrane pressure drop

APcrit [Pa] Critical trans-membrane pressure drop

Em [-] Void fraction of the membrane

Ec -] Void fraction of the cake layer

b [-] Solids volume fraction of the feed

e [-] Solids volume fraction of the cake

dw [-] Solids volume fraction of the boundary layer

o™ _ Lagrange polynomials of order m

Y°o [$'1] Shear rate at the wall

o [s] Local shear rate

n State of the system

n(t) Function of t from adjustable input variables

Nult, Xo. Motion of system state passing through X, at time t, under
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to) action of control u,

Mo [-] Probability density of radius r,
Mv [-] Probability density of radius r
K1 ] - Constant in Eq. 3-66

K2 [-] Constant in Eq. 3-67

K [m] Debye length

A [m] Kolmogorov length

i [h™] Specific growth rate

Hmax [ Maximum specific growth rate
Hobs h't Observed specific growth rate
) [deg] Angle between normal drag force and the tangent to the

protrusion. Fig. 3-3

P [kg/m®] Density

PE [kg/m®] Feed density

Ps [kg/m?] Solids density of the particles comprising the cake
o [kg/m?] Filtrate density

o [M%/m°] Blocked permeate area per unit permeate volume

Co [Pa] Osmotic reflection coefficient

GSTDEV [-] Standard deviation of measured data

K- [s/m] Time constant

T [s] Time constant

T, Normalised time of stage k

v [Pa] Reynolds shear stress

To [Pa] Wall shear stress

Tj [Pa] Newtonian viscous stress tensor

Tw [Pa] Wall shear stress

v | [Pa s] Permeate viscosity

LF | [Pas] Feed viscosity

v’ fem?s™] Kinematic viscosity

v [cm?s™] Kinematic viscosity

® Scalar function of terminal cost
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[-] Particle shape factor
Y ' [-] Parameter in Bayesian inference
¥ Measurement noise covariance matrix associated with r
Cs [mV] Zeta potential / Surface Charge
a(t) - Moving target
g [Cm™] Surface charge density
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Introduction 1

Retention of Fermentation Biomass for Extended L-
Lysine Fermentations

L-lysine is an essential amino acid in mono gastric animal nutrition. Many plant products
used as livestock feeds are deficient in L-lysine. L-lysine is therefore added as supplement
to the feed (Hopwood 1981). The world market for L-lysine of 436 000 ton L-lysine per
annum (2000) is currently growing at a rate of between 5 and 10% each year (Weuster-
Botz et al. 1997; BBC, 2000). The bulk of L-lysine production throughout the world
depends on the direct fermentation of carbohydrates by auxotrophic and regulatory
mutants of Corynebacteria and Brevibacteria species. )

Amino acid fermentations are intensive in raw material usage. This means that the process
yield and productivity are critical measures of performance and economic viability (Kiss &
Stephanopoulos 1991). Previous research activities, aimed at improving the performance
of the L-lysine fermentation processes with respect to L-lysine yield, volumetric productivity
and L-lysine concentration have focussed primarily on strain manipulation (Shimazaki et al.
1983; Matsumoto 1985; Nakayama 1985; Beppu 1986; Nakanishi et al. 1987; Yokata &
Shiio 1988, Hirao et al. 1989; Schrumpf et al. 1992; Yoshihara et al. 1993; Oh et al. 1993a;
Nakano et al. 1994; Nakayama 1985; Sano et al. 1987; Cremer et al. 1988; Menkel et al.
1989; Eikmanns 1992; Gubler et al. 1994; Sahm 1995; Eggeling 1994). Several
investigators attempted to improve amino acid fermentation performance, by process
manipulations (Akashi et al. 1979; Hilliger & Hanel 1981; Radjai et al. 1984; Hilliger et al.
1984).

The overall fermentation performance have been improved by using fed-batch strategies
whereby the cells are maintained in the L-Lysine overproduction metabolic state by
continuously feeding the substrate to the reactor (Hadj et al. 1988; Rutkov 1984, Hirao et
al. 1989; Kiss & Stephanopoulus 1991). The fermentation is stopped when the bioreactor
reaches the maximum volume.

A large portion of the production cost is spent to establish a viable biomass population. To
maximise the volumetric productivity and reduce production costs, feed and bleed
strategies are often employed. However, since L-lysine is predominantly a secondary
metabolite, the maximum yield of L-lysine from carbohydrates is achieved at very low
growth rates. This implies that viable biomass, still capable of L-lysine production are lost
in bleed. The reactor volume as well as the inability of the process to retain the microbial
population limits the productivity and conversion of carbohydrates to L-Lysine.

Biomass re-use, recycling or retention offer important advantages when the process micro-

organisms are either slow growing or strongly affected by product inhibition (Hammer
1982; Karel et al. 1985;Kargupta et al. 1998). In an effort to extend the productive life span
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of the biomass, Sweeting ef al. (1990) re-used Corynebacterium, biomass for 6 Leucine
production cycles in the presence of the auxotrophic amino acids.

In this thesis it was demonstrated that the L-Lysine fermentation performance can be
enhanced by continuously withdrawing spent medium and recycling of the biomass in the
culture suspension to the bioreactor. The biomass in the reactor outlet was separated from
the spent medium using cross-flow filtration before being recycled to the reactor. The
objective of this thesis was to study, understand, model and optimise the performance of
the L-Lysine fermentation with biomass retention using cross flow filtration.

Two L-Lysine producing strains (ATCC 21253 and AEC 94) have been used in this study.
The ATCC 21253 strain is auxothropic for L-Threonine, L-Methionine and L-Leucine. The
metabolism and biochemistry of ATCC 21253 have been intensively studied (Vallino &
Stephanopoulos 1993). The AEC 94 strain is an industrial strain developed by AECI (Pty)
Ltd. The characterisation of this strain is confidential and all performance variables related
to this strain are reported in a normalised manner.

Two ultrafiltration (150 kD and 300 kD) and two microfiltration (0.22 um & 0.45 um ) tubular
ceramic membranes were used. These membranes are steam sterilisable, a requirement
of the monoseptic process conditions. Fermentations were conducted on 10-litre scale
using both a chemically defined and an industrial medium composition.

Chapter 1 of this thesis provides an overview of the published approaches to improve the
L-Lysine fermentation performance. The factors that influence the cross-flow filtration flux
through the ceramic membranes were studied and reported in Chapter 2. This is followed
by the development of fundamental and empirical filtration models in Chapter 3. The most
suitable filtration model is selected in Chapter 4, based on Bayesian inference.

In Chapter 5, the qualitative impact of cross-flow filtration on the L-Lysine fermentation
performance is described, followed by the development of a mathematical model that
predicts the fermentation performance of a L-Lysine producing bioreactor with biomass
recycling in Chapter 6. Chapter 7 reports on the mathematical optimisation of the process
model and illustrates that the predicted optimum can be realised experimentally using the
two strains.
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Chapter 1 1-1

The Production of L-Lysine via a Fermehtation Route

1 Introduction

L-lysine is a limiting amino acid in monogastric animal nutrition. L-lysine is produced by the
direct fermentation of carbohydrates by auxotrophic and regulatory mutants of
Corynebacteria and Brevibacteria species.

Amino acid fermentations are intensive in raw material usage. This means that the process
yield and productivity are critical measures of performance and economic viability (Kiss &
Stephanopoulos 1991). Previous research activities to improve the performance of L-lysine
fermentation processes with respect to L-lysine yield, volumetric productivity and L-lysine
concentration have focussed primarily on strain manipulation by mutation and selection for
regulatory deficient mutants (Shimazaki et al. 1983; Matsumoto 1985; Nakayama 1985;
Beppu 1986; Nakanishi ef al. 1987; Yokata & Shiio 1988; Hirao et al. 1989; Schrumpf et al.
1992; Yoshihara et al. 1993; Oh et al. 1993b; Nakano et al. 1994) and recombinant genetic
technology for the amplification of key enzymes (Nakayama 1985; Beppu 1986, Sano et al.
1987; Cremer et al. 1988; Menkel et al. 1989, Eikmanns 1992; Gubler et al. 1994; Sahm
1995; Eggeling 1994). Although these approaches have produced mutants exhibiting
increased rates of product formation, they do not necessarily improve the fermentation
yield. Increasing the yield of L-lysine from sugar requires redirecting the cellular
metabolism in favour of the desired product as opposed to biomass or other side product
formation (Kiss & Stephanopoulos 1991).

Several investigators attempted to improve amino acid fermentation performance, by
process manipulations. These studies have examined the effects of the environmental and
process parameters on the vyield, specific productivity of the cells and volumetric
productivity of the bioreactor. Parameters such as initial medium composition, dissolved
oxygen concentration, culture redox potential, power input and aeration rates have been
studied in batch cultures (Akashi et al. 1979; Hilliger & Hanel 1981; Radjai et al. 1984;
Hilliger et al. 1984). ' '

The overall fermentation performance have been improved by using fed-batch strategies
whereby the cells are maintained in the L-lysine overproduction metabolic. state while
substrate is continuously fed to the reactor. These strategies have been further improved
by studies on the effects of sugar concentrations, optimal feed rates, aeration and dilution
rates (Hadj et al. 1988; Rutkov 1984; Hirao et al. 1989, Kiss & Stephanopoulos 1991).
Researchers have applied metabolic activity control with respiratory measurements and
feed rate manipulation to achieve optimal yield and volumetric productivities (Kiss &
Stephanopoulos 1991). Continuous fermentations have been used to research process
- kinetics with very little industrial application (Oh & Sernetz 1993a). '

The Production of L-lysine via a Fermentation Route
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The impact of biomass recycling on the overall L-lysine fermentation process performance
and economic viability was investigated in this study. This chapter provides an overview of
the L-lysine production metabolism. The metabolic stages of Corynebacterium glutamicum
during the L-lysine fermentation will be described followed by a discussion of the major
metabolic and process improvements of the L-lysine fermentation that have been
published.

2 Metabolism of Corynebacterium glutamicum

The yield and productivity of L-lysine fermentation can be improved by strain manipulation.
These techniques have ftraditionally been very empirical and iterative. Quantitative
measures have focussed primarily on final titres, yields and average volumetric
productivities (Tosaka et al. 1978; Nakayama 1985; Beppu 1986; Yokata & Shiio 1988).
With the advent of genetic engineering techniques, it became possible to achieve a better
understanding of the physiology on the molecular level. New characteristics of C.
glutamicum were discovered and quantified by biochemical work. This section will review
the metabolism of C. glutamicum leading to L-lysine excretion to allow a better
understanding of the mutated strain behaviour and impact of process parameters on the
fermentation performance.

2.1 Energy generation in C. glutamicum

The metabolic pathways responsible for energy generation in the cell as described by
Prescott et al. (1996) is discussed below. C. glutamicum utilises the Embden-Meyerhof-
Parnas (EMP) pathway (glycolysis) to break glucose down to pyruvate. The catabolic
pathways of C. glutamicum are illustrated in Figure 1-1. Stored energy and reducing power
in the form of 2 molecules of ATP and 2 molecules of NADH result from a single pass
through the overall EMP pathway. The pathway also provides carbon skeletons as starting
materials in cellular biosynthetic reactions.

Respiration is the energy producing process in which pyruvate is oxidised by oxygen. The
reactions peculiar to respiration start with pyruvate. Additional reducing power is generated
from pyruvate by converting it to acetyl co-enzyme A. The first phase of the oxidation is
carried out in the tri-carboxylic acid cycle (TCA) cycle. Acetyl-CoA is oxidised to CO,. In
each pass around the TCA cycle, four pairs of hydrogen atoms are liberated. Three pairs
are transferred to NAD and the fourth to FAD. The TCA cycle serves an important function
in providing a pool of precursors for biosynthetic reactions.

In the second phase of respiration, the hydrogen atoms are passed through a sequence of
reactions in the respiratory chain, during which ATP is generated, from ADP. At the end,
the hydrogen atom combines with O, to give H,O. Respiration potentially makes available
to the cell 30 molecules of ATP compared to 8 molecules of ATP made available during
glycolysis on a single pass through these pathways respectively.

The Production of L-lysine via a Fermentation Route
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Figure 1-1. Primary metabolism of C. glutamicum (Adapted from Vallino 1991)

2.2 Metabolic pathways for L-lysine production

The bacterial synthesis of L-lysine starts from the central metabolite L-aspartate, which is
oxaloacetate by
transamnination. Aspartate is activated via phosphorylation by aspartate kinase and
reduced to give aspartate semialdehyde. This intermediate is an important branch point to
L-threonine, L-methionine and L-isoleucine synthesis or the further reactions of L-lysine
synthesis. The latter are the condensation of aspartate semialdehyde with pyruvate by
dihydrodipicolinate synthase and its reduction to piperideine-2, 6-dicarboxilate.

derived from the tricarboxilic acid cycle

At this step, the bacterial diaminopimelate pathway of L-lysine synthesis is at variance. E.
coli and other bacteria (Weinberger & Gilvarg 1970) use the succinylase variant with its
four specific reactions to make the ultimate L-lysine precursor D, L diaminopimelate
(Figure 1-2). The second variant, known as the acetylase variant is a minor modification

The Production of L-lysine via a Fermentation Route
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where an acetyl group replaces the succinyl group. This is used, for example in Bacillus
subtilis (Eggeling 1994). In the dehydrogenase variant, D, L-diaminopimelate is
synthesised in one single step by the action of D-diaminopimelate dehydrogenase (Misono
& Soda 1980), as is the case in Bacillus sphaericus.

The metabolic pathways of the three variants rejoin at D, L-diaminopimelate. This
metabolite is another branch point since it is used either for cell wall synthesis or
decarboxylated to L-lysine. This process is depicted in Figure 1-2.

The peculiarity of C. glutamicum is that both the succinylase and the dehydrogenase
variants are used (Schrumpf et al. 1991). Gene-directed inactivation of dehydrogenase by
integration of vector sequences (Schrumpf et al. 1991) verified that the dehydrogenase
variant is dispensable. Corresponding genes have not yet been cloned to enable gene-
directed mutagenesis to ascertain the necessity of the active succinylase variant (Eggeling
1994). In different attempts to clone genes of the split pathway by the use of an
appropriate E. coli mutant, the gene encoding D-diaminopimelate dehydrogenase was
always isolated (Ishino et al. 1988, Yeh et al. 1988). This is probably due to specific
promoter structures of the genes of C. glutamicum opposed to those used in E. coli
(Eikmanns 1992).

Sonntag et al. (1993) found that 30% of the L-lysine finally accumulated is synthesised
over the dehydrogenase variant. The succinylase variant was found to be the dominant
pathway for both the wild type and the investigated mutant over-producers. Since strains
with widely different L-lysine production rates were analysed, it might be suggested that
the flux ratio is independent of the total flux. However, the instantaneous partition
coefficient determined at various cultivation times showed that at the beginning of
cultivation the flux partition coefficient over the dehydrogenase variant is 72% decreasing
to 0% at the end of cultivation (Sonntag et al. 1993). Use of varying initial ammonium
concentrations and replacement of free ammonium with an organic nitrogen source
verified that the dynamic changes of this ratio during cultivation are due to a decrease in
the ammonium concentration (Sonntag et al. 1993).

Misono et al. (1979) have shown that D-aminopimelate dehydrogenase has a weak affinity
for ammonium. It thus follows that the in vivo activity of the dehydrogenase enzyme is
directly linked to the flux distribution. It was therefore postulated that the use of the
dehydrogenase variant of L-lysine synthase is kinetically controlled by the availability of
ammonium. In contrast to the well known control of enzymes of nitrogen metabolism in C.
glutamicum at the genetic level (Sung et al. 1999) this is thus an example of flux variation
in direct response to changing environmental conditions (Cremer et al. 1988; Schrumpf et
al. 1991).

The Production of L-lysine via a Fermentation Route
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Figure 1-2. Biochemistry of L-lysine overproduction by Corynebacterium glutamicum .
(Adapted from Eggeling 1994)
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2.3 The lysine excretion system

C. glutamicum effectively excretes L-lysine when the internal L-lysine concentration is
elevated. Broer & Kramer (1991) investigated L-lysine efflux using selected mutants, which
were not able to regulate L-lysine biosynthesis by feedback inhibition. Secretion of L-lysine
was not the consequence of unspecific permeability of the plasma membrane but was
mediated by a secretion carrier, specific for L-lysine. This carrier function according to a
secondary transport mechanism, the driving force being the membrane potential, the L-
lysine gradient and the proton gradient. At low external L-lysine concentrations, the total
export activity is mainly~dependent on the membrane potential. L-Lysine and proton
gradients come into play at high external L-lysine concentrations. This is due to the
mechanistically different steps of binding, release and reorientation of the carrier,
influenced differently by the three forces. ' '

Broder and Kramer (1991) characterised the L-lysine export of C. glutamicum ATCC 13032
(wild type) as having a high activation energy, followed by Michaelis- Menten type kinetics
with an internal Ky of 20 mM and Vmax of 12 nmol.min.mg dry cells’. Excretion can
proceed against a pre-existing chemical gradient and against the electrical potential. L-
Lysine excretion was also observed in the wild type strain, especially under conditions of
peptide up-take. The possible physiological function of L-lysine excretion may be related to
regulation of internal amino acid concentrations under special growth conditions (Broer &
Kramer 1991).

| 3 Batch fermentation profile of a typical L-lysine overproducing strain
of Corynebacterium glutamicum

The fermentation profile depends on the nature of the specific strain. For this study C.
glutamicum (ATCC 21253) auxotrophic for L-leucine and L-homoserine without the
feedback kinase modification, was used. A typical media formulation as reported by Kiss &
Stephanopoulos (1991) was used. The details of the media formulations used in this study
are discussed in Appendix A.2. A typical fed-batch fermentation profile for C. glutamicum
(ATCC 21253) is presented in Figure 1-3 below. The data was obtained from experimental
work conducted by Kiss & Stephanopoulos (1991).

The Production of L-lysine via a Fermentation Route
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Figure 1-3. Typical batch fermentation profile for C. glutamicum (ATCC 21253) as reported
by Kiss & Stephanopoulos (1991) ,

The fermentation can be broken down into four separate phases as shown in Figure 1-3.
Phase 1 of the fermentation is marked by balanced (exponential) growth with no or little
byproduct accumulation (except CO;). The duration of phase 1, and the biomass
concentration attained during this phase is governed by the initial supply of the auxotrophic
- amino acids which, in concert with L-lysine, inhibit aspartate kinase and prevent the
overproduction of L-lysine.

Phase 2 commences at the depletion of L-threonine, as evident by the increase in the
respiration quotient (carbon dioxide release / oxygen uptake) and is marked by high L-
lysine and low biomass production rates. The duration of phase 2 depends on the
extracellular environmental conditions in the bioreactor. Various feed strategies have been
suggested to maintain the L-lysine overproduction state in fed-batch operated
fermentations (Kiss & Stephanopoulos 1991). The slight increase in biomass during this
phase is probably due to either scavenging of L-threonine reserves or the accretion of
cellular constituents including total protein. Changes in cellular morphology that
accompany extracellular L-threonine depletion are quite complex and very important in L-
lysine synthesis but has not been investigated.

Phase 3 of the culture commences as growth plateau’'s and is marked by high lysine
production rates and decreasing respiration and respiration quotient (RQ).

Phase 4 of the culture represents the death phase. This is evident from the gradual
reduction in L-lysine production, a decrease in biomass concentration and a redirection of
glucose metabolism to byproduct formation. Byproducts such as pyruvate, acetate, alanine
and valine as well as small amounts of a few unidentified metabolites have been found
(Kiss & Stephanopoulos 1991). It is believed that the decrease in L-lysine synthesis in this

The Production of L-lysine via a Fermentation Route
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phase results from the decay of primary enzymes such as phosphoenolpyruvate
carboxylase (PPC), that can no longer be regenerated due to the lack of L-threonine and
the loss of protein turnover (Kiss & Stephanopoulos 1991).

4 Enhancement of L-lysine production

To increase L-lysine fermentation performance, essentially two approaches can be
followed:

e manipulation of the strain to improve single cell yield and productivity or

e process manipulation to allow for the extracellular conditions that will maximise yield
- and productivity of the cell population.

In the next section a review of the improvements of the L-lysine fermentation performance
is discussed, superficially classified as explained above.

4.1 Increase in the L-lysine flux by strain improvement

Since the wildtype of Corynebacterium glutamicum does not overproduce or excrete L-
lysine under normal fermentation conditions, some metabolic mutation is required.
Previously random mutagenesis was the standard practice for strain improvement. Even
though this technique yielded various strains with industrial application, recombinant
" genetic technology allowed a more fundamental approach to strain manipulations. The
three most basic and major L-lysine producing strain improvements with regard to the
wildtype, C. glutamicum will be discussed in the next sections.

411 Flux increase by deregulated aspartate kinase

The aspartate kinase reaction handles 25% of the total carbon incorporated into
cellular material (Neidhardt 1990). Four amino acids arise from the activated aspartate
molecule. The large flux and the localisation of the kinase at the entry of the C4 unit
into the highly branched pathway suggest a sensitive control of the overall activity of
the enzyme. In C. glutamicum the enzyme activity is allosterically controlled by the
combined presence of L-threonine plus L-lysine (Shiio & Miyajima 1969b), whose
concentrations in the cell control the availability of these amino acids in the two major
branches of the pathway.

The tight control of the kinase activity can be overcome by using the general
procedure of isolation of mutants, which are resistant towards an analogue of a
regulatory amino acid. Mutants of C. glutamicum resistant to the L-lysine analogue, S-
(2-aminoethyl)-L-cysteine (AEC) have been obtained (Sano & Shiio 1970). These
clones included those that are impaired in the uptake of S-(2-aminoethyl)-L-cysteine
by the L-lysine import system (Seep-Feldhaus et al. 1991), and those with increased

The Production of L-lysine via a Fermentation Route
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availability to degrade the analogue (Rossol & Puhler 1992). The important clones are
however those with the mutated aspartate kinase gene, rendering the protein
insensitive to allosteric control by L-lysine plus L-threonine. Bréer et al. (1993) found
that the strain with the adapted aspartate kinase produced 29 mM of L-lysine and no
L-threonine. This shows the sufficient, but simple control of L-lysine synthesis in the
wild type of C. glutamicum, whereas more than one enzyme tightly controls the flux of
the C-4 unit, aspartate, towards L-threonine or iso-leucine.

These strains can be used profitably to produce L-lysine when the L-threonine
concentration is low (Shiio & Sano 1969b). The L-threonine limitation can be
introduced into the fermentation by chemical engineering techniques (Kiss &
Stephanopoulos 1991).

It also has to be considered that a general limitation might be advantageous for
overproduction as has long been known for Klebsiella. pneumoniae, which can excrete
pyruvate, oxoglutarate or acetate depending on the kind of growth limitations (Tempest
& Neijssel 1992). Patek et al. (1994) found that strains with reduced L-leucine
production accumulated higher quantities of L-lysine. This is in accord with the idea
that a general limitation is advantageous for overproduction.

4.1.2 Flux increase by increasing the dihydrodipicolinate synthase activity

Within the pathway of L-lysine synthesis, there are two split nodes to other amino
acids (Figure 1-2). One is the branch point at the level of D, L-diaminopimelate to cell
wall synthesis. Little is known on the regulation of this branch point in C. glutamicum,
except that diaminopimelate decarboxylase and arginyl t-RNA synthetase forms an
operon (Marcel et al. 1990; Sharp & Mitchell 1993). A biological role for this connection
is unclear, but the gene arrangement is suggestive for an interconnection of amino
acid synthesis at a different level than carbon flux.

The second branch point is at the level of aspartate semialdehyde where it has long
been known that L-homoserine dehydrogenase is inhibited in its activity by L-threonine
and repressed in its synthesis by L-methionine (Miyajima et al. 1968, Follettie et al.
1988). Recently it has been shown that dihydrodipicolinate synthase is also involved in
flux control (Eggeling 1994), since over-synthesis of the wild type enzyme resulted in
L-lysine excretion in the wild type background (Cremer et al. 1991). It must therefore
be concluded that the total amount of enzyme is critical.

If a stationary picture of flow can be drawn at all, then the synthase could function as a
kind of barrier. The homoserine dehydrogenase has a high affinity towards the
aldehyde, but the synthase a low one (Tosaka et al. 1979). The dehydrogenase
therefore preferentially converts the aldehyde to L-threonine. When the
dehydrogenase activity decreases in response to L-threonine, an increased aspartate
semialdehyde concentration becomes available to the synthase to be converted to L-
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lysine. In accord with this critical control of the synthase, the amplitude of its variations
is at best threefold (Cremer et al. 1988). Also the structural elements in front of the
gene point to a tight control mechanism (Bonnassie et al. 1990; Pisabarro et al. 1993).
This renders the aldehyde branch point as a very good candidate for manipulation.
Synthase over-expression also results in increased L-lysine yields in strains with
feedback resistant aspartate kinase (Cremer et al. 1991).

413 Attempts to quantify and optimise the total metabolite flux

3

Deregulation of the L-lysine synthesis, however, does not result in the maximum yield
of lysine on glucose (75% molar) (Kiss & Stephanopoulos 1991). Although these
previously discussed approaches have produced mutants exhibiting increased rates of
product formation, they do not necessarily improve the fermentation yield. Increasing
fermentation yield presents additional difficulties, for it requires redirecting the cellular
metabolism in favour of the desired product, opposed to biomass or other side product
formation. This required analysis of the entire flux in the cell from the glucose
substrate to the amino acid product.

Ishino et al. (1991) compared glutamate and L-lysine excreted by mutants of C.
glutamicum by the use of 13-C labelled glucose. From the finally accumulated label in
L-lysine, it was estimated that 60-70% of the carbon flux is via the pentose phosphate
pathway while only 20% of the flux proceeds to glutamate formation.

In an entirely different approach, Vallino & Stephanopoulos (1993) used metabolite
balances to calculate the absolute flux rates through the main biochemical pathways
by assuming a simplified metabolism. The data are in accord with the general view
that the pentose phosphate pathway (Yamaguchi et al. 1986) and
phosphoenolpyruvate carboxylase (O'Reagan et al. 1989) may support significant
fluxes for L-lysine synthesis.

Peters et al. (1993) showed that phosphoenolpyruvate carboxylase inactivation does
not effect L-lysine or glutamate secretion. This implies either that the previous
assumptions used for modelling were incorrect or the cell has an enormous flexibility,
which still has to be discovered.

Flux analysis techniques primed work for the modification of enzymes of the primary
metabolism such as citrate synthase (Shiio et al. 1959), the pyruvate dehydrogenase
complex (Ozaki & Shiio 1983; Tosaka ef al. 1985), pyruvate kinase (Shiio et al. 1990;
Shiio et al. 1987) and phosphoenolpyruvate carboxylase (Yokota & Shiio 1988). These
modifications have resulted in a strain that produces L-lysine at a 55% molar yield
(Shiio et al. 1984b) although it is not known in what respect this strain differs from the
parent strain.

The Production of L-lysine via a Fermentation Route
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4.2 Increase in the lysine production through process manipulation

The volumetric productivity and process yield of the L-lysine fermentation can also be
improved by manipulation of the process parameters. Knowledge of the impact of process
parameters on cell metabolism allows optimal operation of the fermentation process. In
this section, the effect of the environmental and process variables on the microbial
metabolism with regard to L-lysine production will be discussed followed by some fed-
batch operational strategies. Lastly biomass recycling, a relatively new technique for
improvement of the fermentation performance, will be discussed.

421 Effects of environmental and process variables

The major environmental and process variables that influence the fermentation
performance relate to the medium composition and the availability of oxygen.

4.2.1.1 Oxygen availability

Oxygen is required in large quantities by the microbial catabolism or energy
generation metabolism in C. glutamicum. In most amino acid fermentations, the
high metabolic requirement for oxygen, rendered oxygen mass transfer the single
most limiting process variable (Akashi et al. 1979). Oxygen is transferred from the
gaseous phase to the liquid phase where it can be utilised by the cells. The rate of
mass transfer to the liquid phase can be described by:

OTR = kla(Coz.sat - Coz) (1-1)

where kia is the liquid interface mass transfer coefficient (h'1), Co2sat is the dissolved
oxygen saturation concentration (mmol/l) and C,, the actual dissolved oxygen
concentration (mmol/l).

The volumetric liquid interface mass transfer coefficient (ka) depends on the
medium composition, viscosity and the hydrodynamic conditions in the bioreactor.
The impact of various variables, relating to the availability of oxygen to the cell, such
as dissolved oxygen concentrations (Akashi et al. 1979; Hilliger & Hanel 1981),
redox potential (Radjai et al. 1984) and power input (Hilliger et al. 1984) on the L-
lysine fermentation performance have been studied extensively.

Radjaj et al. (1984) found that the amino acid productivity can be influenced by the
availability of oxygen in the fermenter. Low oxygen availability generally favours
lactate formation while higher oxygen availability leads to L-lysine production. Since
it was not possible to measure the low dissolved oxygen levels of the fermentation
medium, redox potential was used as indirect measurement of the dissolved oxygen
concentration (DO). Radjaj et al. (1984) developed a control algorithm to maintain
the DO at a level ideal for L-lysine production.

The Production of L-lysine via a Fermentation Route
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The magnitude of the impact of oxygen availability is strain specific. Generally
however, oxygen limitation causes a decrease in biomass vyields, substrate
consumption and L-lysine production, concomitant with the formation of by-products
such as acetate, L-alanine and L-valine (Hilliger et al. 1984).

4.2.1.2 The impact of media compositibn on fermentation performance

It is well established that the external environment of the cell influences the cell's
metabolism. This environment is made up of the hydrodynamic conditions as well
as the chemical composition of the surrounding media. The effect of a specific
substrate on the cell depends on the metabolic state of the cell, the concentrations
of various other substrates present at that point in time as well as the history of the
cell and its surroundings. The large number of interacting variables cannot be
regarded as a simple system and any discussion with regard to the manipulation of
the extracellular environment must be seen in this context. The following discussion
therefore only gives a very general description of the impact of each of the major
external metabolites.

* Carbohydrate
In most of the published experimental work, glucose has been used as carbon
source. Glucose can however, be substituted by sucrose or even a combination
of sugars such as that found in molasses (Hadj Sassi et al 1988; Lee et al.
1995). Gluconate (Lee et al. 1995) lactic acid and acetic acid (Cocaign et al.
'1993) have been used as secondary carbon sources with different impacts on
the cellular metabolism.

In batch fermentations Hadj Sassi et al. (1988) found that at low glucose
concentrations (50-60. g/l) biomass production was favoured over L-lysine
formation. The biomass yield decreased while the L-lysine yield increased with
increasing glucose concentration. In continuous cultures, the same but more
marked effect was reported. No L-lysine formation was seen under glucose
limited conditions (Hadj Sassi et al. 1988; Coello et al. 1992). When glucose was
limited, the carbohydrates were converted mainly to biomass and both product
and by-product formation was minimised.

Weuster-Botz et al. (1997), however, showed that in fed-batch cultures a
constant set-point of 2-20 g/l glucose as well as a variable setpoint within this
range had no effect on the specific L-lysine production rate and differential L-
lysine selectivity. This was confirmed by Kelle et al. (1996). It is suggested that
as long as glucose remains available for L-lysine synthesis there is not an
optimum carbohydrate concentration that will allow maximal productivity and
product yields (Weuster-Botz et al. 1997). The availability of glucose to the cell
would however depend on the bioreactor configuration and the nature of the
feed (Lee et al. 1995). ‘
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» Auxotrophic amino acids
Due to strain manipulation, most of the industrial strains used for L-lysine
production are auxotrophic for some amino acids (L-threonine, L-methionine and
L-leucine). As the cell has lost the ability to produce the specific amino acids,
these must be supplemented to allow functioning of the cell's metabolism for
biomass production. Upon depletion, cell growth generally seizes and viability is
lost soon after (Lee et al. 1995).

Most L-lysine producing auxotrophic strains are susceptible to back-mutation or
reversion (Kiss & Stephanopoulos 1992b). The revertant cells no longer
overproduce the desired product (L-lysine), and are also not limited in their
-'growth;-bwﬂ?;i%g;lgﬂgjevels of the auxotrophic amino acid. Kiss & Stephanopoulos
(1992b) have shown that, although long-term culture demise is inevitable, the
dimensionless ratio of two limiting substrates controls the rate of take-over by
the non-productive cells. Their analysis demonstrated the importance of proper
medium design in delaying the onset of take-over.

» Nitrogen sources
The internal pathway followed for lysine production depends on the nature and
the availability of the nitrogen source (Eggeling 1994). Hadj Sassi ef al. (1990)
evaluated different inorganic nitrogen sources. They found that ammonium
sulphate gave the highest L-lysine productivity when compared to ammonium
chloride, tri-ammonium phosphate, di-ammonium hydrogenphosphate, di-
ammonium hydrogencitrate and urea.

= Phosphates
Phosphate is an important metabolite in the catabolism of microbial cells.
Despite being present in the cell wall, it also plays an important role in the
chemistry of ATP, the cell's universal energy carrier.

Bichs et al. (1988) showed that the phosphorus content of C. glutamicum has a
distinct influence on the cell wall properties of the cell, resulting in a variation on
the flocculation and adsorption behaviour. The cell wall of gram-positive cells
such as C. glutamicum, consists of teichoic acids in non-limiting phosphate
conditions. Under phosphorus deprived conditions the teichoic acids can be
almost completely replaced by teichuronic acids (Ellwood & Tempest 1972).

The phosphate content of the medium determines to a large extent the surface
properties of C. glutamicum cells. Cells saturated with phosphate are
hydrophobic and show a high tendency to flocculate and adsorb onto treated
glass surfaces due to hydrophobic interactions. Phosphate depletion of the celis
led to a more hydrophilic surface character and a comparatively low ability to
flocculate and to adhere. (Biichs et al. 1988)

The Production of L-lysine via a Fermentation Route



Chapter 1 114

Besides the effect on surface properties, phosphate depletion down to 20% of
saturation was shown to have no effect on growth rate and on amino acid
productivity (Blichs et al. 1988). In phosphate limiting conditions at low growth
rates, L-lysine production can be favoured (Coello et al. 1992).

4.2.1.3 Optimal media compositions

Various investigators used empirical approaches to optimise the media composition
for a specific strain (Hadj Sassi et al. 1988; 1990; Sweeting et al. 1990; Weuster-
Botz et al. 1997). Genetic algorithms, statistical surface response methods and
other statistical methods gave an optimum composition based on the experimenters
definition of optimality (Weuster-Botz et al. 1997). Truly optimal medium
compositions may vary with time during the course of the fermentation. Such
operating procedures can be realised by using fed-batch or continuously operated
fermentations.

4.2.2 Fed-batch fermentation techniques

Lysine overproduction is associated with a specific metabolic state of the cell (Kiss &
Stephanopoulos 1991; Kwong & Rao 1991; Rutkov 1984; Modak ef al. 1986; Liu et al.
1993). L-lysine productivity can be dramatically improved if the cells can be maintained
in the metabolic state of overproduction for longer periods.

Control of metabolic activity through manipulation of the environment is a useful
feedback controlled method of addressing the time varying nature of the optimal
fermentation rate. The most representative example of control of metabolic activity is
fed batch fermentation of baker's yeast. Overfeeding of sugars results in ethanol
formation and poor biomass yield, even under aerobic conditions (Crabtree effect),
while underfeeding causes starvation, deterioration of specific growth rate, leading to
low volumetric productivities. These opposing effects are optimally balanced by
regulating the sugar feed rate to maintain the optimal sugar concentration for growth.

Various restrained growth fed-batch fermentation techniques have been suggested to
maintain the L-lysine overproduction metabolic state. These are described below:

4.2.2.1 Fed-batch configuration at constant feed rate

The bioreactor is operated in batch model until L-lysine overproduction starts. At
that point the fed-batch configuration may be assumed at a constant feed rate. The
composition and feeding rates are calculated to correspond to the substrate
consumption rate for maximum L-lysine production. No measurements are taken
and the feed is normally initiated based on previous batch data. This approach is
very susceptible to process disturbances and the true optimum is never reached
due to inherent process variations (Weuster-Botz 1997).
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4.2.2.2 Substrate controlled fed-batch technique

In the substrate controlled fed-batch technique, a specific substrate (such as the
carbon source (Weuster-Botz et al. 1997)) concentration in the bioreactor is
controlled at a constant concentration. This concentration is selected from previous
optimisation experiments and economical considerations. A feedback control
algorithm is normally used to maintain this concentration. The substrate
concentration can either be measured (Weuster-Botz et al. 1997) directly or inferred
from a process model predicting the substrate concentration in the bioreactor based
on more accessible measurements (Yet-Pole et al. 1996; Linko et al. 1995).

4.2.2.3 Feed rate profiles — optimal control theory

Optimal control theory involves setting up a model to predict the fermentation
performance. Based on some easy measurements of some process variables, the
process performance is predicted. The manipulated variables are then adjusted
according to model predictions to allow for optimal operation (Ohno & Nakanishi
1976; Modak et al. 1986).

This type of approach depends critically on the quality of the mathematical model
used to describe the fermentation dynamics. In addition, the open loop structure of
optimal control is usually inadequate for biological processes due to the large
variability in inoculum quality, nature of the medium, and even bioreactor operation
(Kiss & Stephanopoulos 1991).

Formulation of the optimisation problem with a feedback structure would address
such inherent problems associated with open loop control but may require extensive
on-line bioreactor measurements. These measurements, such as biomass,
substrate, and product concentrations, are still largely unavailable online. Estimation
algorithms can reduce the number of required measurements but are complex and
subject to sensitivity and error propagation (Grosz et al. 1984).

4.2.2.4 Direct metabolic activity control

In this approach, key environmental parameters are manipulated to maintain a
specific metabolic activity. Direct approaches to metabolic activity -control include
the use of the respiratory quotient as an indirect measure of metabolic activity (Kiss
& Stephanopoulos 1991; Wang et al. 1977; Spruytenberg et al. 1979).

Kiss & Stephanopoulos (1991) manipulated the metabolism to favour the desired
pathway for L-lysine production through control of the microbial environment. The
control strategy aimed to provide an environment, which maximised the L-lysine
yield and specific productivity and maintained the cell population for extended
fermentation times. Because of the difficulty in finding a complete on-line bioreactor
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state estimate, respiratory measureménts were used as an indirect indicator of
metabolic activity.

4.2.3 Biomass récycling

Biomass re-use, recycling or retention offer important advantages when the process
micro-organisms are slow growing or strongly affected by product inhibition (Hammer
1982). Besides the wastewater industry, cell recycling has been applied successfully
to ethanol production (Kargupta et al. 1998).

Since L-lysine is predominately a secondary metabolite, maximum L-lysine yields from
carbohydrates are achieved at very low growth rates. To maximise the volumetric
productivity of fed-batch bioreactors, feed and bleed strategies are often employed.
Alternatively the fermentation is stopped when the bioreactor reaches the maximum
volume. Either way biomass discarded from the reactor is still capable of L-lysine
production. In an effort to extend the productive life span of the biomass, Sweeting et
al. (1990) re-used the biomass for 6 production cycles in the presence of the
auxotrophic amino acids.

~ In this thesis biomass recycling using cross flow filtration was studied to understand,

model and optimise the performance of the L-lysine fermentation.
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Factors Affecting the Cross-Flow Filtration Flux of
Suspensions of Corynebacterium glutamicum Cells

1 Introduction

The L-lysine fermentation performance can be enhanced by continuously withdrawing
broth and recycling the biomass to the reactor. The biomass in the reactor outlet can be
separated from the spent medium using cross-flow filtration before being recycled to the
reactor. ~ :

Cross-flow filtration is a pressure driven membrane separation process characterised by
the perpendicular flow of the feed suspension to the permeate flow. The filtration process
is based on a size exclusion mechanism whereby the solvent is forced through the
membrane (driven by the pressure difference across the membrane) while the larger
solutes (or suspended particles) are retained by the membrane.

Even though micro-filtration was commercialised as early as 1929 by Sartorius Werke
(GmbH) in Gottingen, Germany (Belfort et al. 1994), the principles governing the behaviour
of cross-flow filtration of microbial suspensions are as yet not clearly understood.
- Experimental research programmes have often used ill-characterised, complex feed
streams containing mixtures of molecules and particles, either or both of which may be
membrane foulants. As a consequence the published literature is often conflicting to the
extent that understanding the effects of even simple parameters such as the cross-flow
velocity and trans-membrane pressure drop remains largely unresolved (Tarleton &
Wakeman 1993). Theoretical work has been hampered by conflicting experimental data.
The models produced whilst attempting to solve an inherently complex problem seem to
be evaluated by their ability to interpret flux decline data and not on their description of
particle and deposit dynamics (Tarleton & Wakeman 1993). Previous work has shown that
the experimental data can be described by empirically derived relations between the flux
and process parameters (Tarleton & Wakeman 1993).

The objective of this investigation was to review previous cross-flow filtration data to obtain
an understanding of the published membrane fouling mechanisms and their reported
impact on the filtration flux. This was followed by an experimental investigation of the
factors that influence the cross-flow filtration flux of suspensions of C. glutamicum cells.
Based on the impact of these factors, fouling mechanisms could be inferred. These formed
the basis for a semi-empirical model to predict the filtration flux as a function of the
operating parameters.

Factors affecting the cross-flow filtration fiux
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2 Review of current knowledge base

In this section a review of the current understanding of the cross-flow filtration fouling
phenomena is presented. These include a review of filtration processes (2.1), and filtration
membranes (2.2). Applications of cross-flow filtration are discussed (2.3) with emphasis on
the use of cross-flow filtration in the separation of microbial suspensions. This is followed
by a discussion of the factors that influence the cross-flow filtration flux (2.5) including
membrane properties (2.5.1), feed stream properties (2.5.2) and operational parameters
(2.5.3). Some fundamental approaches to flux decline and fouling mechanisms are
discussed in the last section (2.6).

2.1 Membrane separation processes

A membrane is a thin layer of material that is capable of separating species as a function
of their physical and/or chemical properties when a driving force is applied across it.
Membranes may be classified by the range of materials separated and the driving forces
employed. Pressure-driven membrane separation processes can be subdivided according
to the size of species retained by the membrane. Table 2-1 summarises the various
pressure-driven membrane separation processes. Technically relevant parameters such
as the magnitude of the driving force, the mechanism of separation and the membrane
structure are used to further classify the membrane separation processes.

Table 2-1. Classification of pressure driven membrane separation processes

Membrane Driving Mechanism of Smallest Membrane
Operation Force Separation particles structure
retained
Reverse Pressure | Differences in solubility Monovalent | Dense
Osmosis 5-8 MPa | and diffusivity of and
(RO) materials in the multivalent
membrane (solution- ions such as
diffusion mechanism) Na*; CI',
Mg?* and
Ca®
Nanofiltration Pressure | Differences in size Molecules in | Micropores
(NF) 0.5-1.5 MPa | (sieving) the 200-500
kD range
Ultrafiltration Pressure | Differences in size Molecules in | Mesopores
(UF) 50-500 kPa | (sieving) the 1000 —
‘ 80000 kD
Microfiltration Pressure | Differences in size Particles and | Macropores
(MF) <500 kPa | (sieving) colloids
greater than
0.1 um

Factors affecting the cross-flow filtration flux
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2.2 Filtration membranes

Various materials are used in membrane manufacturing and can be best classified
according to the manufacturing process and application.

2.21 Manufacturing processes

Zsigmondy's original microporous membrane was solvent cast from cellulose nitrate
and cellulose acetate (Zsigmondy 1922). Depending on the application newer
polymers and inorganic membranes are available with wider pH and temperature
operational ranges. Typical membrane manufactuung processes are discussed by:
Aptel and Buckley (1996).

The membranes used in this thesis are produced from ceramic pastes derived from
alumina (Al;O3) and zircona (ZrO;). These pastes are extruded and then sintered at
high temperatures to give macroporous supports with pore diameters larger than 1 um.
Suspensions of submicron powders are then laid on the supports in successive layers
to obtain microfiltration membranes with smaller pore diameters (Aptel & Buckley
1996).

2.2.2 Membrane Structure

Since membrane filtration is a pressure-driven process, high mechanical stability is
required to withstand the forces involved. An increase in the membrane thickness
provides the added strength but also results in an increase in the resistance to
permeate flow through the membrane. Reduced hydraulic resistance and increased
mechanical stability can be obtained from membranes with a thin layer responsible for
the separation properties of the membrane on a thick macroporous support to increase
membrane strength (Aptel & Buckley 1996). This structure is schematically displayed
in Figure 2-1. '

Thin layer responsible for separation

Macroporous support layer

Figure 2-1. Schematic cross section of a membrane, with a thin layer responsible for the
separation properties of the membrane supported on a macroporous structure.

Factors affecting the cross-flow filtration flux
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2.2.3 Membrane Modules

The main requirements of a membrane module are to separate the feed suspension
from the permeate solution or suspension and to maintain sufficient pressure drop
across the membrane to obtain the desired flux and selectivity.

If the feed suspension flow is directed perpendicular to the membrane, usually with
one inlet port, dead-end filtration or impact flow filtration result. It is most often used for
laboratory applications or where the solid (or gel) cake formed on the membrane is the
desired product. The main advantage of dead-end filtration is simplicity. The feed
suspension is not recycled or passed across the membrane through costly inlet and
outlet ports. The permeation flux drags all the solutes, suspended and dissolved,
towards the membrane resulting in- solute intrusion and adsorption into and/or
deposition onto the membrane surface. A fouling cake of solutes thus forms on the
membrane surface that increases in thickness with the volume of permeate flux
collected. This cake offers additional resistance to flow. A point is reached at which the
cake thickness has increased such that the permeation rate is no longer economical.

It was realised in the 1960’s with reverse osmosis (RO), that moving the suspension
tangentially to the membrane surface resulted in much higher permeation fluxes
(Sieveka 1966). Re-entrainment of deposited solutes by wall shear stresses has been
used to explain this improved performance. This type of flow arrangement is referred
to as cross-flow filtration or tangential flow filtration. It is most often used for industrial
applications where the permeate is the desired product or where the unit operation
objective is to concentrate a process stream by solvent removal. The conceptual
difference between dead-end and cross flow filtration is illustrated in Figure 2-2.

Feed Flow
Retentate
,—Retained

= Cake

Dead-End Filtration \ // Cross-Flow Filtration
\Membrane

Permeate Flow

Feed Flow

Figure 2-2. Difference between cross-flow and dead-end filtration
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2.3 Applications of cross-flow filtration

Although there are some applications of cross-flow filtration using organic solvents, most
are with aqueous suspensions containing dissolved or suspended solutes. Common
variants from aqueous solvents include milk, blood, fermentation broth, paints and
effluents. The solutes can vary from macromolecular molecules such as proteins or
polysaccharides to particles ranging from less than 1 um to 20 mm. Table 2-2 summarised
the composition of the various streams treated by membrane cross-flow filtration

techniques.

Table 2-2. Solutes and colloids in industrial fluids most relevant to microfiltration

Industrial | Sizes of solutes, colloids and particles (m) ]
fluid 10°™0 10° 10°® 107" 107
(A) (nm) (um) (um)
Microfiltration

Whole milk Lactose Proteins Fat C?Se'”
salts globulets micelles

Whole Blood | Salts A”?'”o Pept@es and Platelets Erythrocytes

acids  proteins

Salts, Amino
glucose, . Bacteria and

Cell Culture | = ) acids . i

Broth vitamins and Proteins Mammalian
and linids cells
antibiotics P

Paints Surfactants Organic Latices

macromolecules

Salts and

Effluents humic and Viruses Particles
fulvic acids

(Adapted from Aimar et al. 1994)
2.3.1 Cross-flow filtration of microbial suspensions

Some common applications for microfiltration of microbial suspensions are given in
Table 2-3. It is important to notice that under normal operating conditions most
workers, including Grabler & Ryan (1985b), Hoffman et al. (1987), Le and Atkinson
(1985), Ryder et al. (1988) and Taddei & Howel (1989) have found that there is
generally no significant loss of viability during cross-flow filtration. Some viability loss
has been reported under high shear conditions (Nagata et al. 1989; Rebsamen et al.

1987; Tanny et al. 1980).
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Table 2-3. Microfiltration of microbial suspensions

Application Reference
Treatment of waste waters Cheryan 1986
Continuous product removal and | Grabler 1985a
cell recycle during fermentation
Downstream processing of
fermentation broth

Cell harvesting or broth | Grabler & Ryan 1985b

clarification 3

Cell washing Grabler & Ryan 1985b

Removal of debris after cell | Datar 1984; Quirck & Woodrow 1984

disruption

Product recovery, e.g.|Herak & Merrill 1989; Mattiasson &

affinity filtration Ramstrop 1984; Michales & Matson
1985

(Adapted from Lojinke et al.1992)

2.4 Flux decline in cross-flow filtration

The standard term for filtration rate is flux, exEressed in volume of permeate per unit area
of membrane per unit time (generally in I/m°h or LMH). The filtration rate may also be ®
expressed as a permeate velocity (in m/s). The filtration flux typically declines sharply over
the first 10-30 minutes, generally to a flux of 10-50 LMH, followed by an ongoing gradual
decline. This behaviour was noticed, for example by Gatenholm et al. (1988a), Le (1987),
Le et al. (1984a), Matsumoto et al. (1987) and Reismeier et al. (1987). In addition, a
pseudo-steady state may be reached, but some time may elapse before this happens
(Bauser et al. 1982; Hoffman et al. 1987, Le & Billiet 1984; Nagata ef al. 1989; Patel et al.
1987, Scott 1988; Taddei et al. 1990). Henry & Allfred (1972) found that up to 18 hours
could be required to reach the pseudo-steady state.

[t is generally believed that the flux decreases due to concentration polarisation, which is
an inevitable consequence of the filtration process. The water, salts, macromolecules and
the suspended material are convected towards the membrane surface where some or all
of the suspended material and some macromolecules are rejected depending on the
membrane pore size. The rejected material accumulates at the membrane surface, giving
rise to a local concentration, substantially greater than the bulk concentration. As the
concentration increases, a close: packed cake forms on the membrane surface. The
presence of this particulate cake at the membrane surface increases the hydraulic
resistance to permeate flow, and consequently decreases the permeate flux. ’

Factors affecting the cross-flow filtration flux
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Another source of increased permeation resistance and hence flux decline is fouling.
Fouling is a blanket term used to cover the physicochemical causes of flux decline, which
are not reversed when the trans-membrane pressure drop (AP) is relaxed. Fouling

phenomena include:

e Adsorption of solutes on the membrane, both within the pores and onto the

membrane surface

2.7

o Partial and complete plugging of the pores.

¢ Deposition of suspended material onto the membrane surface, followed by

adhesion

¢ Consolidation of the. concentration polarisation layer by chemical or physical

compaction.

2.5 Factors affecting the cross-flow filtration flux

The factors that influence the flux decline rate and the pseudo-steady state flux as well as
the decline rate have been classified according to the impact of the membrane properties,
the feed stream properties as well as the operational parameters. These factors and their
impact have been classified according to the structure depicted in Figure 2-3 for the

purposes of this discussion.

Factors affecting the cross-flow filtration flux

2.5.1. Membrane properties
2.5.1.1 Membrane pore size
2.5.1.2 Pore size distribution
2.5.1.3 Membrane surface

porosity
2.5.1.4 Surface structure and
composition
e Surface charge
e Hydrophobicity
e Surface
roughness

\ 4

T

2.5.3. Operational parameters
2.5.3.1 Particle and/or
macromolecule
concentration
2.5.3.2 Trans-membrane
pressure drop
2.5.3.3 Cross-flow velocity

2.5.2.

Feed stream properties
2.5.2.1 Particulate properties
o Particle size and rigidity
e Particle size distribution
e Particle shape
e Particle surface charge
2.5.2.2 Solvent composition
2.5.2.3 Macromolecule properties
2.5.2.4 Temperature

Figure 2-3. Classification of the factors that influence the cross flow filtration flux
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2.51 Membrane Properties

The permeate flow through the membrane can be modelled by Darcy’s law (Equation
2-1), which states that the flow through the membrane is proportional to the driving
force (trans-membrane pressure drop) and inversely proportional to some resistance.
The resistance to permeate flow is the product of the permeate viscosity and the
hydraulic resistance of the membrane. The hydraulic resistance on its part is the sum
of the intrinsic membrane resistance, the pore plugging resistance and the cake
resistance (See Figure 2-4).

AP
J=—
OR, (2-1)
R =R, +R,+R,

where J is the permeate flux (m/s), v is the permeate viscosity (Pas), R; is the total
hydraulic resistance (m™), R. is the cake resistance (m™), R, is the pore plugging
resistance (m™) and R, is the intrinsic membrane resistance (m™). _

'Figure 2-4. Hydraulic resistances to permeate flow through a fouled membrane

The impact of the membrane properties on the permeate flux depends on the
magnitude of the hydraulic resistance of the cake layer relative to the magnitude of the
intrinsic membrane resistance. The resistance of the cake layer can be more than two
orders of magnitude larger than the intrinsic membrane resistance in which case the
effect of the membrane would be insignificant (Lojinke et al. 1992). However, for some

Factors affecting the cross-flow filtration flux



-

Chapter 2 2-9°

low fouling applications the cake resistance and the membrane resistance have the
same order of magnitude. For such cases, several investigators have reported a
relationship between membrane properties and flux behaviour. These cases are
reviewed in the next section based on the impact of the membrane pore size, the pore
size distribution, the surface porosity and the membrane surface structure and
composition.

2.5.1.1 Membrane Pore size
The effect of membrane pore size appears to be system specific according to Table

2-4.

Table 2-4. The effect of membrane pore size

Impact of pore size on Particles Membrane Reference
flux Nature Size | Pore size | Material
(um) | (um)
Flux increase with Eschericia Coli 0.22 Reismeier
increasing pore size (1989)
Flux increases with pore | Blood 0.8-1.1 Glass Sakai et al.
diameter below 1um but (1989)
plateau at this value
Flux: 0.45um > 0.2um Saccaromyces | 5 0.2 and Scott (1988)
cerevisiae in 0.45
cider
Flux: 0.45um < 0.2um Saccaromyces | 5 0.2 and Le (1987)
cerevisiae in 0.45
beer
Flux: 0.45um > 0.6um > | Ps. 0.2,045 Le et al.
0.2um fluorescens and 0.6 (1984)
Steady state reached Filamentous 0.45 and Haarstrick
with 0.45um pore size fungus: 1.0 etal (1991)-
membrane but not with | Schizophyllum
1.0um. commune

There are two possible phenomena that can account for the apparently random

behaviour of permeate flux with changes in membrane pore size:

e During the initial period of filtration, before the cake layer is established, smaller
particles. may be trapped inside the membrane pores causing irreversible
fouling. These particles effectively reduce the total area available for permeate

Factors affecting the cross-flow filtration flux
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flow, resulting in a significant increase in the total hydraulic resistance and
subsequently a decrease in the flux. This means that the impact of the pore size
depends on the fraction of particles that are of the same order of magnitude as
the membrane pores. The flux would be most favourable if the membrane pores
are significantly smaller than the smallest particles present in the feed stream
(Tarleton & Wakeman 1993, Lojinke et al. 1992, Le 1987, Haarstrick et al. 1991
Tarleton & Wakeman 1993).

e Reismeier et al. (1990), filtering E. coli and S. cerevisiae, found that the specific
resistance of the cell layers deposited onto the membrane surface decreased
markedly as the pore size of the membranes increased. This led to the
conclusion that the membrane pore size determines the nature of the particles
that are retained. The retained particles then act as a dynamic membrane that
determined the rejection as well as the permeate flux.

2.5.1.2 Pore Size Distribution
The mean membrane pore size does not fully characterise the membrane pores

. with respect to their impact on membrane fouling. For UF membranes, it was found

by Fane et al. (1981) that 50% of the flow passes through only 20% of the pores.
The larger pores contribute significantly more to the permeate flux compared to the
smaller ones (Michaels 1968). Generally, the larger pores are constricted by the
smaller particles in the feed. Fane et al. (1981) proposed that the ratio of the 95%
percentile of pore sizes to the 5% percentile of particle sizes can be used to predict
the internal fouling probability of the feed suspension and membrane combination.

2.5.1.3 Membrane Surface Porosity

Fane et al. (1981) used Poiseuille flow to estimate the surface porosity of two
commercial UF membranes (Amicon XM100A and XM300). They found that the
membrane surface for many of the commercially available membranes couldn’t be
estimated as being a continuum of pores. For the track-etched membranes they
found that the average space between two pores were between 6 and 15 pore
diameters. This indicates that there are severe differences in the surface porosities
of different membranes.

The membrane porosity may have an influence on the permeate flux. Fane et al.
(1990) found that the specific resistance of the cake layer appeared greater for less
porous membranes. They suggested that sparse porosity implies that the permeate
must flow laterally through the cake to reach a pore and the longer flow path is
responsible for the apparently greater specific resistance.

Fane et al. (1981) found that 50% of the flux flowed through the upper 20% of the
pores. From this conclusion, it can be inferred that blocking of the upper 10% of the
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membrane pores would result in a larger decrease in the flux. This effect is
exaggerated by sparse membrane porosity.

Membrane porosity not only influences the fouling behaviour of the membrane but
also the nature of the cake formed on the membrane surface. The nature of the
cake depends to some extent on the number of particles competing to enter a single
pore. When each pore is approached by a small number of particles penetration of
the fines into the pores are more likely than when a large number of particles all
compete to enter the same opening in the membrane surface. Thus, when the
number of particles approaching each opening increases the penetration of the
pores may be prevented by particles forming bridges over the membrane pores.
These properties are however also dependent on the feed composition. (Tarleton &
Wakeman 1993)

Pores that are far apart may also cause.inhomogeneous cakes to form on the
membrane surface. Particles will tend to deposit over the area of greatest suction. If
these points of suction are significantly removed from each other, particles may
clump or deposit primarily around these regions. This results in higher surface
roughness, which again might affect the deposition of particles comprising the cake
layer, as described in the next section. (Tarleton & Wakeman 1993)

2.5.1.4 Surface Structure and Composition

The chemical composition of the membrane can influence the sorption properties of
macromolecules as well as the affinity of the membrane for particles in the feed.
The chemical composition of the membrane also influence properties such as
surface charge, hydrophobicity and the surface roughness of the membranes which,
will on their part influence the filtrate flux.

¢ Surface charge
Membrane surface charge can be determined by streaming potential or
electro-osmotic flow techniques which measure the zeta potential of
membranes in contact with solutions of known ionic composition and pH. The
zeta potential of membranes varies with pH to a degree dependant on the
properties of the membrane material and the solution in which they are
immersed. (Tarleton and Wakeman 1994a)

A charged membrane surface with a similar charge to the foulants in the feed
stream could prevent cake formation and fouling by electrostatic interactions.
Only minor differences in the flux performance over the range of membrane
surface charges have been observed experimentally for microfiltration
applications (Tarleton & Wakeman 1994b). .

Factors affecting the cross-flow filtration flux’
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e Hydrophobicity
The hydrophobicity or wettability of the membrane is a measure of the
surface energy of the membrane as well as the affinity of the membrane for
water. Membrane wettability is an intrinsic property of a membrane and is not
influenced by pH, or the presence of solids in the feed stream (Tarleton &
Wakeman 1993).

Membrane hydrophobicity can influence the pure water flux as well as the
interaction between the particles or macromolecules in the feed stream and
the membrane surface. Pure water fluxes of hydrophilic UF membranes are
generally higher than that of hydrophobic membranes. Furthermore,
hydrophobic particles tend to adhere to hydrophobic surfaces and vice versa.
Therefore the affinity between hydrophobic particles and a hydrophobic
membrane surface would be more severe that that between hydrophobic
particles and a hydrophilic membrane. It has also been suggested that
hydrophilic particles form a water layer around them that could act as a buffer
between the particle and the hydrophobic membrane to prevent cake
formation or fouling. (Tarleton & Wakeman 1993, Fane et al. 1990,
Gatenholm et al. 1988b; Defrise & Gekas 1988)

Various investigators (Tarleton & Wakeman 1994b) found that hydrophobic
UF membranes generally produce higher fluxes during the initial period of
microfiltration of hydrophilic particles (such as microbial suspensions)
(Tarleton & Wakeman 1994a; Fane et al. 1990; Gatenholm et al. 1988b;
Defrise & Gekas 1988). '

It has however been observed that for microfiltration membranes these
effects disappear and both hydrophobic and hydrophilic membranes exhibit
the same fluxes under the same operating conditions (Tarleton and
Wakeman 1994b).

e Surface roughness

The membrane structure might give an indication of the primary mechanisms
by which the flux declines (Tarleton & Wakeman 1993). Depending on the
manufacturing process, membrane surfaces can have a variety of surface
rugosities. Nucleopore membranes are generally smooth while cast
membranes have a very tortuous uneven surface. Inorganic membrane
surfaces generally have a rugosity between 5 and 40 microns (Liberge et al.
1994).

Liberge et al. (1994) observed pseudo steady-state flux differences between
inorganic membranes with the same pore size rating and different rugosities,
filtering yeast suspensions. They reported easier particle deposition on
membranes with more uneven surface structures. Stamatakis & Tien (1993)
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developed a model emphasising the role of rugosity on particle deposition.
The model calculated the probability of particle deposition based on the
availability of a constriction extending high enough above the membrane
surface. These constrictions can either be particles deposited earlier or
membrane surface irregularities.

The surface rugosity effects have only been reported for microfiltration
membranes although various investigators (Tarleton & Wakeman 1994b;
Stamatakis & Tien 1993, Liberge et al. 1994) suggested that it might also
apply to ultrafiltation.

2.5.2 Feed stream Properties

The feed stream can contain any combination of particulate matter, macromolecules or
dissolved salts in both aqueous and other solvent mediums. The impact of the feed
stream properties on the filtration flux would be discussed under the following
headings:

e particulate properties

e solvent composition

e macromolecular properties

e temperature

2.5.2.1 Particulate Properties

The nature of the particles and/or colloids in the feed stream can influence the
nature of the cake that forms on the membrane surface (Tarleton & Wakeman 1993;
Belfort et al. 1994, Lojinke et al. 1992). Factors such as the particle size, size
distribution, shape and surface charge can have an impact on the permeate flux.

e Particle size and rigidity (Tarleton & Wakeman 1993).

According to Tarleton and Wakeman (1993) the particle size determines the
extent of internal fouling as well as the cake properties. Internal fouling will occur
if the particle size corresponds to that of the membrane pore size. This will allow
the particles to enter the pores and be trapped inside the membrane to decrease
the area available for permeate flow.

The size and the elasticity of the particles comprising the cake influences the
resistance of the cake formed on the membrane surface (Tarleton & Wakeman
1993; Belfort et al. 1994). According to the Carman-Kozeny equation, the
specific hydraulic cake resistance is inversely proportional to the square of the
rigid particle diameter. Reduced particle size will therefore result in lower overall
fluxes.

Factors affecting the cross-flow filtration flux
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The cake resistance increases as the rigidity decreases (Tarleton & Wakeman
1993). Less rigid particles will deform easily to reduce the void space in the cake
and subsequently reduce the permeability of the cake.

These effects are less significant at higher cross-flow velocities and
concentrations (Tarleton & Wakeman 1993; Belfort et al. 1994; Lojinke et al.
1992).

o Particle size distribution

Various investigators (Tarleton & Wakeman (1993); Romeo & Davis (1991);
Fischer and Raasch (1986); Lu and Ju (1989)) found that the mean particle size
of the cake is less than that of the feed. Furthermore, the cake particle size
decreases as the cross-flow velocity increases leading to thinner cakes with
generally higher resistances (Fischer et al. 1985). The smaller particles in the
feed are therefore predominantly responsible for the formation of the cake or
fouling layer. It therefore follows that some size fraction less than the mean
should be used to characterise the feed, as this is more indicative of the fouling
potential of the feed.

Tarleton & Wakeman (1993) also found that a wider particle size distribution
leads to reduced cake voidage and therefore a higher hydraulic resistance. This
effect was most pronounced at low cross-flow velocities and concentrations.

¢ Particle shape

Tarleton & Wakeman (1993) investigated the effect of particle shape on the flux
decline pattern. They used platelet shaped china clay suspensions and found
that irregularly shaped particles could have a significant impact on filtration flux.
The cake formed during filtration was predominantly composed of particles lying
with their faces parallel to the membrane surface. This apparent uniform
orientation of the particles comprising the cake resulted in cakes with higher
hydraulic resistances and subsequently lower filtration fluxes when compared to
cakes formed from apparently randomly orientated particles.

Tanaka et al. (1994) found that rod shaped (Bacillus) cells in the cake layer were
orientated towards the direction of circulation flow compared to the almost
random packing of ellipsoidal cells (C. glutamicum). The parallel arrangement of
the cells resulted in a cake layer with increased hydraulic resistance compared
to the randomly packed cell layer.

Although the influence of the particle shape can be demonstrated, Tarleton &

Wakeman (1994a) reports that it is difficult to predict its effects a priory. For
example Tarleton and Wakeman (1994a) found that suspensions of irregularly
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shaped aragonite particles exhibited very similar filtration performance to its
polymorph calcite which has a rhomboidal shape.

-~ o Particle surface charge

Similar to membrane surface charge, particle surface charge can be determined
by streaming potential or electro-osmotic flow techniques which measure the
zeta potential () of the particle surface in contact with solutions of known ionic
composition and pH (Tarleton and Wakeman 1994a).

Suspensions of “stable” particles or macromolecules, with high Cs-potential
values, are invariably more difficult to filter than suspensions containing
“unstable” particles or macromolecules with low {¢-potential values (Baker et al.
1985; Bowen & Clark 1984). Tarleton and Wakeman (1994a) suggested that
these highly charged foulants are well dispersed by mutually repulsive
electrostatic forces. For the initial period of the filtration process, any foulant
which are discrete due to high surface charge and within the immediate vicinity
of the membrane will tend to move with the permeate flow toward the membrane
pore throats. These particles and/or macromolecules are likely to penetrate the
relatively open pore entrances on the membrane surface, leading to irreversible
fouling due to pore blocking and/or constriction. Suspensions containing low Cs-
potential particles or macromolecules tend to agglomerate, due to mainly
attractive van der Waals forces. The fouling deposit thus formed has a lower
overall resistance due to the larger effective size (Bansal et al. 1991; Palacek &
Zydney 1994b).

2.5.2.2 Solvent Composition

During cross-flow filtration of microbial suspensions, the flux is influenced by the
composition of the medium used to suspend the cells. Cells suspended in
cultivation media are more difficult to filter than cells re-suspended in buffers
(Hoffman et al. 1987; Patel et al. 1987). Furthermore Nipkow et al. (1989), have
shown that complex fermentation media exhibited lower fluxes than minimal media.
These effects can be ascribed to the presence and interaction among
macromolecules and salts within the media (solvent) that can also contribute to the
fouling nature of the feed stream.

2.5.2.3 Macromolecule Properties

Most feed streams encountered in the filtration of microbial suspensions contain
large amounts of proteins and other macromolecules. Ofsthun et al. (1990) obtained
data for the filtrate flux as a function of time during cross-flow filtration of yeast cellis
suspended in bovine serum albumin (BSA) through different polymeric membranes.
Although cakes of yeast cells formed on the membrane surface, the flux decline
was essertially the same as that obtained during a cell free BSA filtration under
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identical conditions. This suggests that much of the flux decline observed was the
result of some type of protein-membrane interaction. Generally, the size and shape
of these macromolecules did not play a significant role in the permeation flux
(Belfort et al. 1994).

2.5.2.4 Suspension temperature

As noted by Gabler & Ryan (1985); Henry & Alfred (1972); Schutte et al. (1983) and
Scott (1988); flux increases with increasing temperature. This increase is attributed
primarily to the decrease in fluid viscosity with increasing temperature.

253 Operational parameters

The operational parameters used in most cross-flow filtration applications include the
particle and/or macromolecule concentrations, the trans-membrane pressure drop and
the cross-flow velocity. The impact of these operating parameters on the cross flow
filtration flux would be discussed in the following sections.

2.5.3.1 Partic[e and/or macromolecule concentration

The filtration flux generally decreases as concentration of foulants increases (Henry
& Alfred 1972; Hoffman et al. 1987; Kroner & Nissinen 1988; Le et al. 1984b;
Mateus & Gabral 1989; Matsumoto et al. 1987; Nagata et al. 1989; Patel et al.
1987, Schutte et al. 1983). Plots of the permeate flux versus the feed concentration
for batch experiments are often sigmoidal (Hoffman et al. 1987, Schutte et al. 1983)
or concave upward (Kroner & Nissinen 1988; Le et al. 1984b; Matsumoto et al.
1987). A fast initial decline in flux with increasing feed concentration is followed by a
period of gradually declining flux, which may be followed, by a second sharp decline
(Lojinke et al. 1992). Typical curves as shown in Figure 2-5.

Lojinke et al. (1992) reports that most of the investigators agree that the initial
decline in flux with increased concentration can be explained by the higher solid fiux
toward the membrane wall at higher bulk concentrations, if there is no significant
change in the feed viscosity. According to Lojinke et al. (1992), no explanation for
the intermediate plateau was offered by any of the investigators who reported the
effect.

Scott (1988) reported an increase in the flux after the plateau, which can be

attributed to a rise in the trans-membrane pressure drop as the viscosity of the
suspension increased with increasing concentration.
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Figure 2-5. Typical flux vs. feed concentration plots for microbial suspensions.
Adapted from Lojinke et al. (1992) based on the data of Kroner et al.
(1984)

Pritchard (1991) reported that at very high concentrations the increased shear
stress (due to higher viscosity because of increased concentration) could be
sufficient to induce an increase in the flux. Pritchard (1991) compared the effect of
increased concentration on the filtration flux of baker's yeast in a tubular module
with data for the same suspension in a flat sheet module. The flux declined during
the first 30 min and reached a region where the flux was virtually independent of
concentration. It extended up to a point where the flux sharply decreased for the
tubular module and increased for the flat sheet module. The concentration at which
this occurred varied with the cross-flow velocity. For the tubular module, the
Reynolds number at the point of transition was always around 2300. According to
Pritchard (1991) the decline in flux for the tubular module can be attributed to the
transition from turbulent to laminar flow. This transition was attributable to the
increase in viscosity with increasing concentration. The data for the flat sheet
module (in which conditions were always laminar) showed an increase in flux at the
end of the plateau region. The increase corresponded with a wall stress of 50 Pa.
The increase in the laminar shear rate was attributable to the increase in
concentration. Thus, for this particular system there is a marked increase in flux
when the wall stress exceeds a threshold value. Presumably, the upper layers of
‘the cell cake are sheared away. Similar results were not obtained with cider lees,
which is shear thinning. Similar results (Pritchard et al. 1992) were however
obtained in an ultra-filtration module during the processing of xanthan gum and
pectin solutions.
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2.5.3.2 Trans membrane pressure drop (AP)

Although the trans-membrane pressure drop (AP) provides the driving force for
filtration, increases in AP do not always result in increased flux. Generally, the flux
increases linearly with increasing AP at low pressures up to a critical or limiting
pressure (Belfort et al. 1984; Lojinke et al. 1991) after which conflicting behaviour
has been reported. Above the critical pressure drop:

e the rate of increase may decrease (Forman et al. 1990; Grabler & Ryan
1985b; Henry & Allfred 1972; Kroner & Nissinen 1988; Le et al. 1984a;
Patel et al. 1987; Reismeier et al. 1987 and Tanny et al. 1980),

e the flux may be independent of pressure drop (Le ef al. 1984; Ofsthun &
Colton 1987; Sakai et al. 1989 and Taddei et al. 1990) or

o the flux may decrease with increasing pressure drop (Forman et al. 1990,
Sakai et al. 1989).

The value of the critical pressure drop depends on cross-flow velocity (Le et al.
1984), the membrane pore size (Forman et al. 1990; Le 1987) and concentration of
foulants in the suspension (Forman et al. 1990; Patel ef al. 1987). Table 2-5
summarises some values of critical trans-membrane pressure drops for microbial
suspensions.

Table 2-5. Critical values of the trans-membrane pressure drop (AP) for the filtration
of microbial suspensions

Organism Membrane pore | Critical AP Reference
size (um) (kPa)

0.2 >250 Gatenholm et al. (1988b)
E. coli
E. coli 0.2 70-140 Tanny et al. (1980)
E. coli 0.2 40-60 Reismeier et al. (1987)
Disrupted E. coli 0.45 >400 Grabler & Ryan (1985b)
Disrupted E. coli 0.45-0.65 25 Forman et al. (1990)
Micrococcus sp. 0.22 60 Henry & Allred (1972)

0.45 100-250 Le et al. (1984a)
Disrupted Ps.
fluorescens

0.2 20+ Kroner & Nissenen (1988)
S. cerevisae
S. cerevisae 0.2 50-150 Patel et al. (1987)
S. cerevisae 0.22 600 Taddei et al. (1990)
Blood 0.35 4-8 Ofsthun & Colton (1987)
Bovine blood 0.8-1.1 4 Sakai et al. (1989)

(Adapted from Lojinke et al. 1992)
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The most common explanation of the flux behaviour above the critical trans-
membrane pressure drop, as reported in various review papers (Belfort et al. 1984;
Lojinke et al. 1991) is that at low trans-membrane pressure-drops the flux increases
due to the increasing driving force. Beyond the critical pressure-drop an increase in
the driving force does not only increase the solid flux towards the membrane
surface but also serves to compress the cake layer. The higher solid flux then
serves to increase the cake thickness while the compression causes an increase in
the specific cake resistance. Both these effects will reduce the permeate flux. The
relative magnitude of the increased driving force, the compressed cake and the
increased cake thickness can explain the flux behaviour above the critical pressure
drop.

2.5.3.3 Cross-flow velocity

The cross flow velocity is the average linear velocity of the bulk flow in the filtration
module.  Different effects of cross-flow velocity on the permeate flux have been
reported for different feed streams (Belfort et al. 1984, Romero & Davis 1991;
Lojinke et al. 1991). According to Tarleton & Wakeman (1993) feed streams
containing a higher proportion of “larger” particles, will result in decreased cross-
flow filtration flux when the cross-flow velocity is increased. If the portion of fines are
however increased higher cross-flow velocities results in improved filtration fluxes.
In this context, “large” means more than an order of magnitude larger than the
membrane pores, while fines are particles within the size range of the membrane
pores.

Tarleton and Wakeman (1993) suggested that the effect of cross-flow velocity can
be best explained by considering “large” and “small” feed suspensions separately.

e ‘Larger particle” feed suspensions:

It has been reported that the mean particle size of the cake decreases with
increasing cross-flow velocity (Tarleton & Wakeman 1993; Romeo & Davis
1991; Fischer and Raasch 1986; Lu and Ju 1989). Zydney and Colton (1986)
explained this phenomenon in terms of hydrodynamic diffusion or “particle
classification”. It is known that the cake layer is formed from the finer particies in
the feed stream (Tarleton & Wakeman 1993; Lu & Ju 1989). The axial velocity
gradient generated across the flow channel, causes the larger particles to
migrate away from the membrane surface at a faster rate than the smaller ones.
As the cross-flow velocity increases, more of the larger particles, which were
potential foulants, remain in the retentate stream. Another explanation, as
proposed by Green and Belfort (1984) and supported by the observations of
Wakeman (1994) is that larger particles may be removed from the foulant layer
by the scouring action of the cross-flow stream. Irrespective of the mechanism(s)
responsible for the classification, at higher cross-flow velocities, the cake layer is

Factors affecting. the cross-flow filtration flux



Chapter 2 2-20°

composed of progressively finer particles, which results in higher hydraulic
resistances and lower filtration rates.

e “Smaller particle” feed suspensions:
A large number of workers have reported that an increase in cross-flow velocity
leads to an increase in the filtration flux (Bauser et al. 1982; Datar 1984; Forman
et al. 1990; Harris et al. 1988; Le & Billet 1984, Le et al. 1984a; Le et al. 1984b;
Nagata et al. 1989; Sakai et al. 1989; Scott 1988, Taddei et al. 1990; Tanny et
‘al. 1980).

Several of these workers have suggested a power law relationship between the
cross-flow velocity and the flux:
Jocv™ (2-2)

where J is the permeate flux (m/s), v is the average cross flow velocity (m/s) and
ny is the exponential parameter.

The values of the exponent n,, for some microbial suspensions are summarised
in Table 2-6. '

Table 2-6. Power law dependence of flux on cross-flow velocity for microbial
suspensions.

Organism or cell | Membrane pore Exponent in Reference

size (um) power law

relationship (n,)

Micrococcus sp. 0.22 0.5;0.75° Henry & Alfred (1972)
Ps. fluorescens® | 0.45 0.5 Le et al. (1984a)
S. Cerevisiae 0.2-1.2 0.4;0.7" Taddei et al. (1990)
S. Cerevisiae 0.22 1.1 Le (1987)
Bovine blood 0.8-1.1 0.9 Sakai et al. (1989)

"Two different feeds same module
’Same feed, two different modules
3Lysate, i.e. cells were disrupted prior to processing
(Adapted from Lojinke et al. 1992)

Wakeman (1994) explained the increase in flux with increasing cross-flow
velocity by the increased shear rate caused by higher cross-flow velocities. The
higher shear forces decreased the cake thickness and subsequently the
hydrodynamic resistance of this layer. Since the hydraulic resistance of the
smaller particles are already at a maximum value due to the high packing
density of the fines the reduction in cake thickness leads to an increased flux.
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Based on the reduction in cake thickness by increased cross-flow velocity,
Green & Belfort (1980) suggested that for fine particles or macromolecular
suspensions there is a cross-flow velocity beyond which fouling could be
avoided. This velocity would correspond with the shear rate required to remove
the entire cake layer from the membrane surface. Evidence of such velocities
has been found for non-interacting fine particles (Green & Belfort 1980; Tarleton
& Wakeman 19943a).

2.6 Fundamental approaches to flux decline and fouling mechanisms

Various investigators attempted to describe the fundamental processes governing the
filtration flux decline pattern and to predict the value of the pseudo-steady state flux. Flux
decline is thought to be caused by concentration polarisation and fouling, while the steady-
state flux is influenced by the relative motion of foulants towards and away from the
membrane surface.

2.6.1 Concentration polarisation and fouling

Concentration polarisation is the reversible build-up of dissolved or suspended solutes
in the solution phase near the membrane-solution interface (Wankat 1990; Belfort et
al. 1984; Lojinke et al. 1991, Aptel & Buckley 1992; Howell et al. 1993; Mulder 1991;
Rautenbach & Albrecht 1989). This layer of increased concentration is established due
to an imbalance between the convective drag force towards the membrane and the
back transport away or along the membrane surface. The concentrated layer acts as a
barrier to the filtration flux that increases the hydraulic resistance.

On the other hand solute and particle deposition onto and into the porous membrane
is likely to occur when-the permeate flux is high relative to the back transport
mechanisms. This phenomenon together with macromolecular adsorption onto the
membrane is termed membrane fouling. Various investigators (Belfort et al. 1984,
Lojinke et al. 1991; Aptel & Buckley 1992; Tarleton & Wakeman 1993) characterised
the two phenomena by defining concentration polarisation as a reversible- and fouling
as an irreversible process.

2.6.2 Mechanisms explaining concentration polarisation and fouling

The mechanism of fouling can be explained by differentiating between the role of the
particulate and the macromolecular components in the feed suspension. Particulate
fouling mechanisms include deposition and intrusion of the particles into and onto the
" membrane surface. Particle deposition is the process by which particles are being
trapped onto the membrane surface leading to cake formation. Intrusion effects refer
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to pore narrowihg and pore plugging due to some of the smaller particles being
trapped inside the membrane pores.

Filtration flux decline caused by the macromolecules present in the feed stream can be
attributed to one or more of the following phenomena:

e Macromolecule adsorption, which involves a specific interaction between the
macromolecule and the membrane, occurs in the absence of any convective
flow through the membrane.

e Macromolecule deposition, which refers to any additional macromolecules
that become associated with the membrane (either the outer surface or
internally in the membrane pores) during filtration over and above that which
would be adsorbed to the membrane in a static system

e Macromolecule deposition on an already established particulate cake layer.
(Arora & Davis 1994; Mochizuki & Zydney 1993 and Bowen & Gan 1991)

e Macromolecule mass transfer limitations (often referred to as concentration
polarisation or boundary layer effects), which refers to the accumulation of
retained macromolecules or particulate matter at the upper surface of the
membrane.

2.6.2.1 The physical phenomena associated with flux decline

Nagata & Herouvis (1989) described the physical phenomenon associated with
each period of flux decline as observed in experimental literature.

e Rapid internal fouling
Fast internal sorption of macromolecules, and pore constriction due to pore
plugging and constriction by smaller particles and colloids causes the permeate
flux to decline very rapidly during the initial stages of the filtration process
(Opong & Zydney 1991; Bowen & Gan 1991; Clark et al. 1991; Bansal et al.
1991; Persson et al. 1993; Belfort et al. 1994). Tanaka (1993) described this
process as irreversible and stochastic in nature.

e Initial foulant build-up on the membrane surface

As the permeation flux drags suspended particles and/or macromolecules
towards the membrane surface these particles and/or macromolecules begin to
deposit onto the membrane surface. Various single particle models using a force
and momentum balance on a single particle in a tangential flow field has been
used to explain the deposition of this layer (Stamatakis & Tien 1993; Davis &
Birdsell 1987; Leonard & Vassilieff 1984; Lu & Ju 1989).

e Build-up of multi-layers — Cake formation

During this period, particles are dragged towards the membrane surface by the
convective forces of the permeate flux where particles larger than the effective
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membrane pore size are retained. The particles accumulate on the membrane
surface in a growing cake layer.

The cake formed on the membrane surface acts in itself as a membrane with
most frequently a cut-off much smaller than that of the clean membrane. This
leads to the accumulation of smaller particles on the cake surface during the
quasi-steady state period, since these particles would have passed through the
membrane during the earlier stages of the filtration process. (Shimizu et al.
1989; Tanaka et al. 1998). This implies that the rejection coefficient of the
system increases with time. Arora and Davis (1994) demonstrated that yeast
cakes formed on macroporous supports by either gravity settling or vacuum
filtration are able to retain proteins during subsequent dead-end filtration. This
effect has also been reported experimentally by Tanaka et al. (1998) for the
cross-flow filtration cakes formed by Corynebacterium glutamicum cultivated in a
complex, protein-containing medium. They found a gel layer of most likely
proteins and polysaccharides on a cake that caused the increased hydraulic
resistance and the subsequent flux decline.

Although these cakes (deposits) formed by flocculated colloids and particles
remain permeable, a distinct drop in permeation flux is seen during this period.
Various investigators believed that the flux decline pattern observed during this
phase corresponds to that of conventional dead-end filtration (Belfort et al. 1994;
Davis 1992).

e Reaching the pseudo-steady state flux

During conventional dead-end filtration the cake continues to grow until the
resistance is so high that it is virtually impermeable. During cross-flow filtration
the tangential flow arrests the formation of the cake layer due to either back
transport mechanisms or preventing the further growth of the cake due to
hydraulic shear forces acting on the cake surface. At this point the pseudo-
steady state flux is reached. The exact reason for the establishment of steady
state cake thickness is not yet fully understood (Belfort et al. 1994).

Traditionally it was believed that the rate of deposition of particles dragged to the
cake interface was balanced by the rate of particle removal from the cake layer.
Various back transport mechanisms have been suggested including; Brownian
diffusion, inertial lift, shear-induced diffusion and erosion mechanisms (Belfort et
al. 1994). Most of these theories have been evaluated experimentally with
varying degrees of success.

To oppose the particle back transport explanations for the steady state flux it is
argued that the rate of deposition decreases as the cake thickness increases
(Belfort et al. 1994; Tarleton & Wakeman 1993 1994a 1994b). Based on visual
observations of particles in cross-flow filtration modules, various mechanisms
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have been used to explain this phenomenon (Wakeman 1994). These include
particle trajectory (Stamatakis & Tien 1993; Davis & Birdsell 1987; Leonard &
Vassilieff 1984; Lu & Ju 1989; Mackley 1992) mechanisms whereby the forces
acting on a single particle in the cross-flow filtration hydraulic regime have been
used to determine the trajectory of the particle as it flows through the membrane
module. As with the back transport mechanisms mathematical models based on
these mechanisms do not predict the filtration flux behaviour observed
experimentally (Belfort et al. 1994; Tarleton & Wakeman 1994b).

e Densification of sub-layers

During the pseudo steady state period, the flux declines slowly. This may be due
to a combination of a slower growing cake layer and the compression of the
formed cake layer due to the applied pressure (Nagata & Herouvis 1989). Both
these mechanisms would cause a subsequent increase in the specific hydraulic
resistance, leading to the slow flux decline observed.

3 Membrane selection

The criteria used in selection of the most appropriate membrane for the recycling of C.
glutamicum for extended L-lysine fermentations are summarised below:

The L-lysine fermentation is operated monoseptically to prevent foreign organisms
from competing for the carbohydrate source. Therefore, it is a prerequisite that the
membrane should be easily sterilisable and capable of operating aseptically.
Sterilisation using ethanol or peroxide solutions is feasible for some polymeric
membranes but are rather expensive in terms of industrial operating costs when
compared to heat sterilisation using low-pressure steam (> 2 bar). Most polymeric
membranes can only sustain temperatures up to 80 °C, compared to inorganic
membranes that can withstand temperatures up to 250 °C. This implies that the
most suitable membrane would most probably be inorganic in nature.

The membrane should be capable of delivering a high flux (>30 LMH), under a low
(<150 kPa) trans-membrane pressure drop. The trans membrane pressure drop is
generated by maintaining a positive pressure in the bioreactor. Large bioreactor
back-pressures would increase the dissolved CO; concentration in the fermentation
broth that is toxic to the cells (Hadj Sassi et al. 1996). High permeate fluxes would
minimise membrane area and subsequently capital cost. Inorganic microfiltration
membranes are generally operated at lower trans-membrane pressure drops when
compared to organic membranes at similar permeation rates (Aptel & Buckley
1996).

To allow for easy cleaning during the short turn around times available, fouling
should be limited and irreversible internal fouling should be avoided. Inorganic
membranes can be cleaned with aggressive cleaning solutions ranging from pH 1
to 14 at high temperatures (>100°C). Most organic membranes will decompose at
these extreme conditions (Aptel & Buckley 1996).
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¢ The membrane module should allow for easy scale-up and should therefore be
representative of actual industrial applications. Tubular membranes are most
readily scaled-up since large scale hydrodynamic conditions can easily be
reproduced on laboratory scale (Aptel & Buckley 1996).

Based on the criteria as explained above it was decided to evaluate tubular ceramic
membranes. These membranes are constructed from titanium oxide, supported on
macroporous aluminium oxide. Both ultrafiltration and microfiltration membranes were
evaluated. The exact details of the membranes are summarised in Tables 2-7 and 2-8
below.

Table 2-7. Physical properties of the tubular ceramic membranes

Support ‘
Material Alumina
Burst Pressure >60 bar
Average pore diameter 3.5 um
Max operating pressure 10 bar
pH range 0-14
Temp <350 °C

Active Membrane

Material Titanium
Area 95.2 cm?
Channels 3
Diameter 3.6 mm

The membranes were housed in a cross-flow filtration rig. The cross-flow filtration set-up
was designed to evaluate the impact of the operating parameters on the filtration flux. The
design of the system is described in Appendix B-1.

4 Experimental Design

The experimental design was done according to a central composite rotational design
(CCRD) (Haaland 1989; Khuri & Cornell 1987). This statistical experimental design fits a
quadratic model to the measured data where each variable are evaluated on essentially
five levels. From the fitted equation, the linear and the extent of non-linear dependence of
the measured variable on the manipulated variables as well as the degree of interaction
can be determined. A few repeated mid point experiments were performed to determine
the intrinsic experimental variability.
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5 The factors that influence the pseudo-steady state cross-flow
filtration flux of Corynebacterium glutamicum suspensions.

The effect of the membrane pore size, the solvent and the operating parameters on the
cross-flow filtration flux of C. glutamicum suspensions, were evaluated experimentally
using the cross-flow filtration rig.

5.1 Effect of the solvent and the membrane pore size

Two micro-filtration (0.22 um & 0.45 um) and two ultra-filtration (150 kD & 300 kD) tubular
ceramic membranes were evaluated. The filtration flux at a cross-flow velocity of 2 m/s, a
trans-membrane pressure drop of 100 kPa and 35 g/l dry cell weight suspended in:

1) a 0.9% saline solution

2) a defined minimal media formulation and

3) atypical industrial media formulation
are illustrated in Figure 2-6. Details of the media composition are given in Appendix A-2.

The following exponential function was used to estimate the pseudo steady state flux from
the experimental results (Liberge et al. 1994).

t-t, )(y o) (2-3)

I =+ () = J el

where J(t1) is the flux value at time, t; when the modelling begins with the exponential
function (dJ/dt) is the slope value at t; and Jg is the adjustable parameter (limit of the
function when t 2 ). The experiments were continued until no visible change in the flux
was observed. The last data points were then modelled with Equation 2-3 to determine the
value of Jgs — the steady state flux — by using a least squares fit.

Each data point represents the average of the results obtained in 5 experiments. The
membranes were cleaned in between runs, using 5% nitric acid and a 10% caustic solution
at elevated temperatures (60°C) as described by the supplier (Appendix B-6). The pure
water flux of each of the membranes evaluated at 100 kPa and 2 m/s are summarised in
Table 2-8
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Figure 2-6. The effect of the membrane pore size on the permeate flux evaluated at 2m/s
cross-flow velocity, 100 kPa and 35 g/l DCW suspended in 1) a 0.9% saline solution, 2) a
minimal media formulation and 3) an industrial media formulation. Each data point
represents the average pseudo-steady state flux obtained using Equation 2-3 of five
experiments.

Table 2-8. Pure water flux (J, ) at 100 kPa

Pure Water Flux at 100 kPa
300 kD [m/s] 1.11x 10°
150 kD [m/s] 1.09 x 1077
0.45 micron | [m/s] 1.23x 107
0.22 micron | [m/s] 1.09 x 107

The feed suspension for the filtration trials contained cells that were cultivated in either a
minimal or an industrial media formulation. A generalised composition of the cultivation
media is given in Table 2-9. The cells suspended in the 0.9% saline solution was cultivated
in the minimal media formulation, removed by centrifugation and re-suspended in the
saline solution. The composition of the solvent for the filtration feed suspensions in minimal .
and industrial media formulations correspond to that given in Table 2-9 except that the
carbohydrates would have been consumed and lysine (10-15 g/l) would have been
produced. '
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0.9% Minimal | Industrial
Component Unit Saline Media Media
Ammonium Sulfate [9/1] 5 40
Antifoam [g/] 0.12 0.12
Biotin [g/] 0.0005 0.001
CaCl, [9/1] 0.055
Citric acid [a/1] 1.14
CSL [g/1] 50
FeS04.7H20 [g/1] 0.02
Glucose [g/] 20
HTM [g/] 700
K,HPO4 [g/] 8 4
KH2PO4 [g/l] 1 2
Leucine [g/1] 0.1 1.5
Methionine [a/] 0.04 0.6
MgS04.7H20 [g/1] 0.2
Mineral salts [a/1]
NaCl [g/1] 9 1
Thiamine [g/l] 0.001 0.002
Threonine [g/1] 0.15 0.7

The feed suspension was further qualified by measuring the mean particle size in each of
the suspensions. The particle size distribution as measured in each of the feed
suspensions by the Malvern particle sizer (Method described in Appendix C-1) is displayed
in Table 2-10. The size of a single Corynebacterium glutamicum cell in the stationary
growth phase as measured under a light microscope at 1000 times magnification was
approximately 0.7 by 1.2-um. During the early growth phase, these cells are rod-shaped
(Figure 2-7) but as the fermentation progresses, the cells become increasingly circular

(Figure 2-8). The cells are often seen in v-shaped pairs.
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1.0 um

Figure 2-7 Corynebacterium glutamicum cells suspended in 0.9% saline solution in growth
phase

LRPTH

1.0 um

Figure 2-8 Corynebacterium glutamicum cells suspended in 0.9% saline solution in
stationary phase

Table 2-10. Particle Size analysis of stationary phase cells suspended in various solvents

D(n,0.1) | D(n,0.5) | D(n,0.9)
0.9% Saline 0.71 1.08 1.97
Minimal Media 0.70 1.07 1.95
Industrial Media 0.49 1.38 3.25

5.1.1 Cells suspended in 0.9% saline

The cells suspended in 0.9% saline solution were cultivated in the minimal media and
separated from the spent medium by using centrifugation prior to re-suspension. The
effective median size as measured by the Malvern particle sizer was 1.08 micron. This
compared well with the size of single cells as measured under the light microscope.
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This indicates that the re-suspension of the cells after centrifugation was sufficient to
mimic the clumping behaviour of the cells during the cultivation process. This was
confirmed by the similar median particle size of the cells cultivated in minimal media as
measured by the Malvern particle sizer (1.07-micron). No morphological changes were
observed microscopically during the first two hours after re-suspension. After roughly
two hours, the cells became elliptical with a single swollen end. No cell lysis was seen
microscopically.

From Figure 2-6 it is clear that when the cells are suspended in the saline solution, the
micro-filtration membranes exhibits a much larger steady state flux compared to the
ultra-filtration membranes. No difference could be noted between the steady state
fluxes measured for the 150 kD and 300 kD, UF membranes although for the MF
membranes, the 0.22 micron membrane exhibits a larger flux than the 0.45 micron
membrane.

5.1.2 Cells suspended in the spent minimal media

The cell size measured in the spent minimal media agreed with that measured in the
saline solution (Table 2-10). The fluxes however, for both UF and MF membranes
were lower for cells cultivated in minimal media compared to the cells re-suspended in
saline. The 0.22-micron membrane exhibited the highest flux, while the other
membrane allowed a lower flux. There was very little difference in the flux between the
other membranes (0.45 pm 150 kD and 300 kD).

513 Cells suspended in the spent industrial media

The industrial media#éffhulation contains a large portion of foreign particles causing a
wider particle size distribution. All the steady state, fluxes measured for cells
suspended in industrial spent medium were lower than that of any of the other
suspensions. The effect of the membrane pore size at 100 kPa and 2 m/s was less
apparent when compared to cells suspended in either saline solution or minimal
media. An 8% difference between the flux through the 150 kD and 300 kD UF
membrane and a 30% difference in flux between the 0.22 and 0.45-micron MF
membrane were detected. The 0.45-micron MF membrane exhibited the lowest flux
almost 30% less than that of the 0.22-micron membrane. There was however only a
5% difference between the fluxes through the 0.22 micron and the 150 kD
membranes.

514 Discussion

The pseudo steady state flux decreases as the complexity of the solvent increases.
The effect of the membrane pore size can largely be ignored for the more complex
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solutions. It is therefore clear that it is not only the cells that influence the fouling
behaviour of the membranes. The minimal media components as well as the
macromolecules and other particulate matter present in the industrial media have a
significant impact on the cross-flow filtration flux.

It has been reported that a particulate cake formed from a wider size distribution would
form a less permeable fouling layer due to the denser packing thereof (Tarleton &
Wakeman 1993). Tanaka et al. (1998) observed a macromolecular gel layer on a layer
of C. glutamicum cells during cross-flow filtration trials. Although the gel layer was only
a few micro-meter thick, the hydraulic resistance was orders of magnitude higher than
that of the cell layer. It was postulated that the gel layer consisted of proteins and
macromolecules associated with the complex spent media composition. This could
explain the reduction in flux with increasing solvent complexity.

Choo and Lee (1996) identified struvite (MgNH4PO,.6H,0) as the major inorganic
foulant in microbial systems. The conditional solubility product of struvite as a function
of pH was calculated by Stum & Morgan (1981) and is plotted in Figure 2-9. The ionic
strength and activity coefficient in aqueous solutions was calculated based on Russel’s
derivation and the extended Debye-Hiickel approximation respectively (Snoeyink &
Jenkins 1980). Using the composition displayed in Table 2-9 the solubility quotient (Qs)
for the actual concentration of struvite is obtained:

Qs = Crmg x Crnha x Crpoa (2-4)

Where Crmg, Crnra @and Crpos are the total concentrations of magnesium, ammonium
and orthophosphate ions respectively.

20—
4
6
10 |-~
-12 —

log Ps

~=—Ps for low ionic strenght B Qs for struvite in minimal media
A Qs for struvite in industrial media

Figure 2-9. Conditional solubility product of struvite at the ionic strength of 0.1 and
products of the actual concentrations of ammonium, magnesium and orthophosphate
in minimal and industrial media formulations
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The predicted solubility quotient (Qs) for both the minimal and industrial media
formulations significantly exceeded the conditional solubility product (Ps). The
difference between Qs and Pg can be assumed to precipitate out as struvite. The
minimal and industrial media have an increased fouling potential due to the possibility
of inorganic precipitation leading to the reduced filtration flux observed.

The membrane with the largest pore diameter (0.45-micron) exhibited the highest
reduction in flux due to the presence of foreign matter in the feed suspension. This is
consistent with the findings of Tarleton & Wakeman (1993); Lojinke et al. (1992); Le
(1987) and Haarstrick, et al. (1991). Micro-filtration membranes are more susceptible
to internal fouling by particulate matter compared to UF membranes (Tarleton &
Wakeman 1993). Although the UF membranes exhibit a lower pure water flux than the
MF membranes, the steady state flux for the cells suspended in the industrial media
formulation is nearly 30% higher through the UF membranes due to the differences in
internal fouling.

5.2 Effect of operating parameters on the steady state flux

The effect of the trans-membrane pressure drop and the cross-flow velocity on the filtration
flux of cells suspended in the industrial media formulation was determined using the CCRD
experimental design. The steady state flux, surface response for 150 kD and 0.45 um cut-
off membranes as predicted by the fit are illustrated in Figures 2-10 and 2-11 respectively.

Effect of Operating Parameters
150 kD
2.00E-05

1.50E-05 |-

Flux
[m/s]

5.00E-06-
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', flow

Pressure Drop * 2 @ S @ velocity
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0.00E+00 =z

Figure 2-10. Surface response of the pseudo-steady state flux of cells suspénded in
industrial media through a 150 kD UF membrane under different cross-flow velocities and
trans-membrane pressure drops as predicted by the CCRD fit.
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Effect of Operating Parameters
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Figure 2-11. Surface response of the pseudo-steady state flux of cells suspended in
industrial media through a 0.45-micron MF membrane under different cross-flow velocities
and trans-membrane pressure drops as predicted by the CCRD fit.

The quadratic CCRD model for each of the membranes is given below.

Flux (150 kD) = -3.55 x 10°®
+2.17 x 108 APaqwal
+8.86 x 10 V actual
-1.96 x 10™"° APactuar®
- 1.45 x 107 Vacuar?
+1.75 x 10° APacual-Vactual (2-5)

Flux (0.45 pm) = +2.86 x 10®
+3.31 x 10 AP,al
+1.34 x 10 vaeal
-8.77 x 107" APactual
-9.54 x 1078 Vacwal®
+9.46 x 10-9 AP actual- Vactual (2'6)

If the pressure drop and the cross-flow velocity are scaled to a number between —-1.41 to
+1.41 using a linear conversion the relative values of the quotients can be compared
(Khuri & Cornell 1987). These equations are depicted below.

NOW APconv = 70.7 APactual + 100 (2'7)
Veony = 1.41 Vat_:tual +2.0 (2-8)

Wlth APactual in [kPa], and Vac[ua} |n m/S
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Flux (150 kD) = 1.21 x 10
+1.24 x 10 APcony
+6.81 x 10 veony
-9.82 x 107 AP¢ony 2
-2.89 x 10 vegny 2
+1.75 x 10 APconv Veonv (2-9)

Flux (0.45 um) = 9.49 x 10°®
+2.44 x 108 APcony
+2.70 x 10" Veony
- 4.38 X 10-7 APconv 2
-1.91 x 107 veony 2
+9.46 x 107 APconv Veony ‘ (2-10)

The percentage error of each of the two fits is depicted in Figures 2-12 and 2-13. From

these graphs, it can be seen that the model fits the experimental data within 5% over most
of the tested range.

e
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Figure 2-12. Percentage error as a function of the operating conditions for the 150 kD
membrane CCRD experiment
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Figure 2-13. Percentage error as a function of the operating conditions for the 0.45-micron
membrane CCRD experiment

521 Discussion

The effect of the trans-membrane pressure drop (AP) and the cross-flow velocity (v)
depends on the membrane pore size. The effect of these parameters on the flux
through the 0.45-um membrane is more linear and exhibits fewer interactions than the
flux through the 150 kD membrane.

For the 150 kD membrane the critical pressure drop or the pressure drop beyond
which an increase in pressure drop does not result in a proportional increase in the
flux, increases with increasing cross-flow velocities (Figure 2-10). The cross-flow
velocity has an almost linear effect on the filtration flux.

There is much less interaction between the cross-flow velocity and the trans-
membrane pressure drop for the 0.45-micron MF membrane (Figure 2-11).
Furthermore, the non-linear terms in Equation 2-10 are an order of magnitude smaller
than the linear terms indicating that the response is largely linear in the tested range.
The increased error surrounding the evaluated range of parameter values indicates
that beyond the evaluated range the impact cannot be fitted to a quadratic model.
Nevertheless, it can still be seen that the critical pressure drop increases at increased
cross-flow velocities. Although the effect of the cross-flow velocity is almost linear over
the entire range of pressure drops the slope is much reduced at reduced pressure
drops. Le et al. (1984b), Belfort et al. (1994) and Lojinke et al. (1992) reported similar
phenomena for cross-flow filtration of microbial suspensions.
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For both membranes, a critical pressure drop has been defined as the pressure
beyond which an increase in the driving force does not result in a proportional increase
in flux through the membrane. This has previously been explained by considering that
the cake layer on the membrane surface is compressed at higher trans-membrane
pressure drops (Belfort et al. 1994; Lojinke et al. 1992). The more dense cake layer
leads to an increase in hydraulic resistance that balances the increased driving force.

Two explanations for the increase in critical pressure with increasing cross-flow
velocity will be given:

e It has been recognised by various investigators that the mean patrticle size of
the cake decreases with increasing cross-flow velocity (Wakeman 1994, Belfort
1994; Lojinke et al. 1992). Furthermore, cakes comprising smaller particles are
less compressible due to their closer approximation of cubic close packing. The
reduction in compressibility implies an increased critical pressure drop.

e Tanaka et al. (1994) showed that at higher cross-flow velocities rod shaped
cells would align towards the direction of flow. This arrangement of the cells
increased the specific resistance of the cake and decreased the compressibility
thereof. As with the previous explanation the reduced compressibility implies an
increased critical pressure drop.

-6 Cross-flow filtration fouling mechanisms

In the next section the fouling mechanisms are investigated to attempt an understanding of
the impact of the operating parameters on the cross flow filtration flux.

All pressure driven membrane separation processes must follow Darcy’s law (Equation 2-
1). This law states that the flux is proportional to the driving force and inversely
proportional to the hydraulic resistance. The hydraulic resistance is made up of the
permeate viscosity and the combined total membrane resistance (Ry). The total membrane
resistance can be broken up into the intrinsic membrane resistance (Ry), the pore blocking
resistance (Ry) and the cake resistance (Rq).

The intrinsic membrane resistance (Rn) is determined by measuring the pure water flux
under a known driving force. The total resistance (R;) is measured directly during the
filtration process. To determine the pore blocking resistance (R,) the cake layer on the
membrane surface is removed physically using cotton wool plungers followed by the
measurement of the water flux through the fouled membrane. The cake resistance is then
determined by difference. The impact of the membrane pore size, the solvent composition
and operating conditions on these resistances are discussed below.
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6.1 The intrinsic membrane resistance (R,)

The intrinsic membrane resistances (Rn) for each of the membranes were determined
using pure water flux data. These values are summarised in Table 2-11 below. The
intrinsic membrane resistance is independent of the trans-membrane pressure drop and
the cross flow velocity.

Table 2-11. Intrinsic membrane resistance

Intrinsic membrane resistance
300 kD [1/m] 9.00E+11
150 kD [1/m] 9.20E+11
0.45 micron | [1/m] 8.00E+10
0.22 micron | [1/m] 9.20E+10

6.2 The hydraulic cake resistance (R.)

The resistance of the cake layer that forms on the membrane surface is calculated as the
difference between the total hydraulic resistance and the pore and intrinsic membrane

resistance.

Figure 2-14 shows the effect of the membrane pore size and the solvent composition on
" the measured cake resistance.

8.00E+12

7.00E+12 4[90.22 mm’ -~
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Figure 2-14. Effect of membrane pore size and solvent composition on the cake resistance
at a cross flow velocity of 2 m/s, a trans-membrane pressure drop of 100 kPa with 35 g/l of

DCW.
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The cake resistance depends on the nature of the solvent. This is consistent with the
findings published by Hoffman et al. (1987); Patel et al. (1987); Nipkow et al. (1989) and
Tanaka et al. (1998), who also found that the cake resistance increases with increasing
complexity of the media suspension.

For incompressible cakes, the porosity and the resistance are independent of the imposed
differential pressure. The specific cake resistance per unit thickness (R in m™?) may then
be estimated by the Carman-Kozeny equation

R =K'(1-2.)* 2% | @-11)

where ¢ is the void fraction of the cake and S is the solid surface area per unit volume of
solids in the cake (m%m®). For rigid spherical particles of radius a (m), the specific surface
area S.=3/a, the void fraction of a randomly packed cake is 0.4 and the constant K' is 5.0
(Grace 1953). If these assumptions are used the cake layer thickness is calculated to be
2.2 mm for the saline suspension. This would mean that the entire tube would be one thick
cake layer. This is clearly not possible.

Microbial cells are however highly compressible, exhibiting a decrease in void volume and
an increase in specific resistance as the differential pressure is increased. The effects of
. cake compressibility are often estimated by assuming that the specific cake resistance is a
power law function of the imposed pressure drop

Re =B - (AP)™ (2-12)

where B is a constant related primarily to the size and shape of the particles forming the
cake. The cake compressibility (ng) varies from zero for an incompressible cake to a value
near unity for a highly compressible cake.

These quantities have been measured in dead-end filtration experiments over a trans-
membrane pressure drop range of 40 to 300 kPa. The results are reported in Table 2-12. It
should be recognised that the resistance as measured in dead-end and cross-flow filtration
may differ significantly at high cross flow velocities with non-spherical particles (Xu-Jiang
et al. 1995). Tanaka et al. (1994) however, reported that at modest cross-flow velocities
(<3 m/s) the specific cake resistance calculated in dead-end filtration experiments can be
used to model the cake resistance of a Corynebacterium glutamicum suspension in a
complex media formulation. The same assumption did however not hold true for the rod
shaped Bacillus species.
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Table 2-12. Specific cake resistance of C. g/utamicum cell cakes suspended in various
solvents

Nature of the Solvent ne: B Specific
cake
Resistance
@ 50 kPa
(m) (m”)
Cells in 0.9% Saline 0.59 | 1.98E+10 | 1.18E+13
Cells in minimal media 0.60 | 2.68E+10 | 1.81E+13
Cells in industrial media 0.45| 1.98E+11 | 2.57E+13
Cells in complex media — Tanaka et al. (1994) 0.32 | 1.10E+12 | 4.33e+13

The specific cake resistance increases as the complexity of the feed stream increases.
The macromolecules and smaller particles present in the industrial media allow very dense
packing of the cake on the membrane surface (Hoffman et al. 1987; Patel et al. 1987;
Nipkow et al. 1989). The macromolecules also act as a binding agent between the cells to
reduce the available pore volume (Tanaka et al. 1994). It has also been reported that the
macromolecules can form a gel layer on the cake surface that is virtually impermeable
(Tanaka et al. 1998). For the minimal media it has already been shown that struvite
precipitation is thermodynamically possible. Choo and Lee (1996) reported that the
precipitation of struvite in the cake layer was responsible for hardening the cake layer at
the membrane surface where the strong binding and solidification leads to pronounced
- external fouling.

From Figure 2-14, it is also evident that the membrane pore size has very little impact on
the cake resistance. Reismeier et al. (1990) found that the specific resistance of the cell
layer deposited onto the membrane surface decreased as the pore size of the membrane
increased. The did however not distinguish between the pore plugging and the cake
resistance and explained this phenomena by stating that the membrane pore size
influences the nature of the particles that are retained during the initial stages of the
filtration process. In this study these two hydraulic resistances were determined
separately and as such this finding does not contradict that of Reismeier ef al. (1990).

6.3 Pore plugging resistance (Rp)

The pore plugging resistance was determined by physically removing the cake layer from
the membrane surface with cotton wool plungers and measuring of the water flux through
the fouled membrane. The pore plugging resistances of suspensions of C. glutamicum
cells in various solvents through tubular ceramic membranes are depicted in Figure 2-15.
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Figure 2-15. Membrane pore plugging resistance for cells suspended in various media
formulations, measured at a cross-flow velocity of 2 m/s and a AP of 100 kPa

The pore plugging resistance is largely dependent on the membrane pore size. The MF
membranes exhibited a much higher pore plugging resistance than the UF membranes.
Since the cell size is orders of magnitude larger than the pore size for UF membranes, the
internal fouling of the UF membrane should theoretically be zero for cells suspended in
- saline solution. A non-zero value is however measured. It should be kept in mind that this
resistance is measured by physically removing the cake layer with a sponge plunger. The
Rp value as reported here therefore represents the internal fouling resistance as well as
the external resistance that was not removed by the physical method employed.

6.4 The impact of the operating parameters on the hydraulic resistances

The effect of the operating parameters on the hydraulic resistances for the cells
suspended in an industrial media formulation through the 0.45-micron membrane is
illustrated in Figures 2-16 and 2-17.
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Figure 2-16. The effect of AP on the cake and pore resistance through a 0.45-micron MF
membrane at a cross flow velocity of 2 m/s

The cake resistance increases with increasing trans-membrane pressure drop until a
critical value is reached. The specific cake resistance as measured in dead-end filtration
(Table 2-12) is of the same order of magnitude as that measured in cross-flow filtration. If
cake compressibility is modelled by a power law (Equation 2-12), the compressibility
- coefficient of the cross-flow filtration cake is 0.7. This is significantly larger than the
compressibility of the cake layer measured during dead-end filtration (0.45). Jiang et al.
(1995) reported that cakes formed in the cross-flow mode are generally more permeable
and more compressible than cakes formed in the dead-end mode. The higher
compressibility was ascribed to the open filamentous structure of the cake formed during
cross-flow filtration. Houi et al. (1986) and Schmitz et al. (1993) published computer
simulations to illustrate these situations. The deposit formed in dead-end filtration was a
compact low permeability cake, which would not be sensitive to pressure. The deposit
formed in the cross-flow mode, where particles are captured in an open filamentous
structure, was more permeabile but very susceptible to deformation under pressure. SEM
photographs as reported by Tanaka et al. (1994) did not show this difference as clearly. In
fact Tanaka et al. (1994) reported that the specific cake resistance measured in dead-end
filtration could be used to estimate the cross-flow filtration flux if the cake thickness is
known. It should be mentioned however that Tanaka et al. (1994) performed experiments
at very low pressures (49 kPa) and that the compressibility difference had not been
investigated.

Factors affecting the cross-flow filtration flux . .



Chapter 2

2-42

1.0E+13
—4—Rc —8~Rp |

TTReTRTRe

BOE+12 | - e o e -

|

£ 6.0E+12

‘E.' i

[v 4

& 4.0E+12 -

m .
20E+12 | - f e e 8
0.0E+00 : ‘

' 0.0 0.5 1.0 15 2.0 2.5 3.0 35 40

Linear velocity (m/s)

45

Figure 2-17. The effect of cross-flow velocity on the cake and pore plugging resistance
through a 0.45-micon MF membrane, using a industrial media formulation and a trans-

membrane pressure drop of 100 kPa.

The cake resistance decreases with increasing cross-flow velocity. Although it is
recognised that the specific cake resistance of cross-flow and dead-end filtration cakes
might have different compressibility characteristics the absolute values are in the same
- order of magnitude. If the dead-end filtration resistance is used, the cake weight on the
membrane surface can be calculated from the measured flux. The cake weight per unit
membrane area as a function of the cross-flow velocity is displayed in Figure 2-18.
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Figure 2-18. Cake weight as calculated using the specific cake resistance measured using

dead end filtration as a function of the cross-flow velocity
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The cake weight decreases with increasing cross-flow velocity. If it can be assumed that
the cake is evenly spread over the membrane surface, this would imply that the cake
thickness is reduced by increasing the cross-flow velocity. This is probably due to the
larger shear forces experienced at elevated cross-flow velocities. Tanaka et al. (1998)
reported a similar impact for the weight of C. glutamicum cells on the membrane surface
as a function of the cross flow velocity.

The pore plugging resistance is largely independent of the cross-flow velocity (Figure 2-
17). Although an increase in the cross-flow velocity would result in a flatter trajectory of
particles toward the membrane surface (Tarleton & Wakeman 1993), the increase in cross-
flow velocity brings smaller particles to the membrane surface that allows for easier
internal fouling (Zydney & Colton 1986). Thus although an increased velocity would imply a
reduced solid flux toward the membrane surface, there is an increase in the flux of smaller
particles to the membrane surface. These two opposing effects could explain the
insensitivity of the pore plugging resistance to the cross-flow velocity.

7 The factors that influence the decline of the cross-flow filtration flux
of C. glutamicum suspensions.

In previous sections, the factors that influence the pseudo-steady state cross-flow filtration
flux were investigated. In this section, the flux decline pattern and the factors that influence
it are investigated to shed more light on the mechanism of the fouling process. A typical
flux decline pattern is illustrated in Figure 2-19 below. The flux declines sharply over the
first 200 seconds and then reaches the pseudo steady state value.

Various investigators (Belfort ef a/.1994; Redkar & Davis 1993) have proposed that the flux
decline seen in cross-flow filtration can be described by the same fundamental principles
used to explain dead-end filtration behaviour. Hermia (1982) developed four constant
pressure, blocking laws that are commonly encountered in dead-end filtration applications.

The following characteristic form of the blocking filtration laws was identified

d2t ~ k £ Npe

dv?  %ldy, (2-13)
where t is time in seconds, Vi is the filtrate volume (m®) and ks. and npe are constants
characteristic to each of the filtration laws (Table 2-13).
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Figure 2-19. Typical cross-flow filtration flux decline pattern, for cells suspended in minimal
media, filtered at a cross-flow velocity of 2 m/s, a trans-membrane pressure drop of 100 kPa
at 35 g/l DCW through a 0.45-micron tubular ceramic membrane.

Table 2-13. The values of the constants kg, an npe in Equation 2-13

Law KsL Npe

Cake Filtration Ecpps 0
AR Perm,(1-ms)
Intermediate o 1
4
Standard Law 2C,Perm?? 1.5
Loem A

Complete Blocking VG 2

where R, Specific cake resistance per unit cake thickness (m™)
Pp Permeate density (kg/m>)
'S Solid fraction in feed
o Blocked membrane area per unit permeate volume (m%m?)
Rm Intrinsic membrane resistance (1/m)
Permg Permeate volumetric flow rate (m3/s)
m Mass of cake formed on membrane surface (kg/m?)
Co Concentration of foulant species in feed (g/l)
Lmem Membrane length (m)
A Membrane area (m?)
Y Cross-flow velocity (m/s)
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Cake filtration occurs when the retained solutes accumulate onto the membrane surface in
a cake layer that increases the hydraulic resistance to permeate flow. The specific
resistance of the cake layer that builds up on the membrane surface is given by the
Carman-Kozeny equation. The flux decline is indirectly proportional to the rate of build-up,
which is proportional to the rate at which particles reach the membrane surface. This rate
is often approximated by the product of the retained solute concentration and the volume
of filtrate.

The complete blocking law is based on the assumption that every particle that reaches the
membrane participates in the blocking phenomenon by pore sealing, implying that particles
are not superimposed. The blocked membrane area is then proportional to the volume of
filtrate. The reduced filtrate flow rate is a result of the reduced area available for permeate
flow. '

The intermediate blocking law allows particles to settle on other particles. The model
therefore evaluates the probability of a particle blocking a pore. The probability decreases
as the extent of fouling increases due to the reduced availability of unblocked pores.

The standard blocking law assumes that the pore volume decreases proportionally to the
filtrate volume by particle deposition on the pore walls. The membrane is assumed to
consist of a set of pores of constant diameter and equal length. The decrease of pore
volume is then equal to the decrease of pore cross section. Poiseuille’s equation is used to
- find the flow through the membrane.

In Figure 2-21 the derivative of the inverse of the permeate flow rate (G as defined in
Equation 2-14) is plotted against the volume of filtrate collected for the experimental data
presented in Figure 2-19.

gt 2-14)
v (2-
where t' is the time (hours) since the start of the filtration process and V¢ is the total

permeate volume (in litres) collected at time t'.

G

Figure 2-20 indicates that there might be two fouling mechanisms at work during the flux
decline observed in Figure 2-19. From Equation 2-13 it is clear that if the log of G is plotted
against the logarithm of the inverse of the permeate flow rate a straight line would indicate
that one of the blocking laws can be used to describe the fouling mechanism at hand. The
slope of the line yields the constant npe as specified in Table 2-13 while the intercept
indicates the logarithm of kg, as defined in Equation 2-13.

In Figure 20 the log of G (the inverse of the second derivative of the permeate volume) is
plotted against the log of the inverse of the permeate flow rate.
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Figure 2-20. Classification of the fouling mechanisms involved during the cross-flow
filtration flux decline for cells suspended in minimal media, filtered at a cross-flow velocity
of 2 m/s, a trans-membrane pressure drop of 100 kPa at 35 g/l DCW through a 0.45-micron
tubular ceramic membrane.
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Figure 2-21. A plot of the log of G against the log of the inverse of the permeate flow rate
for cells suspended in minimal media, filtered at a cross-flow velocity of 2 m/s, a trans-
membrane pressure drop of 100 kPa at 35 g/l DCW through a 0.45-micron tubular ceramic
membrane.
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The two regions on both sides of the peak in Figure 2-20 represents two different
predominating fouling mechanisms. To the left of the peak, Figure 2-21 shows that G vs.
the inverse of the permeate flow rate is a straight line with a slope of 1.16. This
corresponds to the intermediate blocking filtration law. It should be noted that this is not the
only fouling mechanism but merely the predominating fouling mechanism during this
period. To the right of the peak the slope of the line for the next two points is zero,
corresponding to the cake filtration law. The large negative slope corresponds to the
pseudo steady state region.

From the presented graph, it seems that the initial flux decline is governed by the partial
blocking of the membrane pores. This period is followed by the build-up of a cake layer on
the membrane surface until the pseudo steady state flux is reached. '

The values of the “npg” factor in the constant pressure blocking law (Equation 2-13) and
the fouling constant “kg." as a function of the membrane pore size and the feed

suspension are summarised in Figure 2-22 and 2-23.
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Figure 2-22. Values of the constant “npe” (as defined in Equation 2-13) as a function of the
membrane pore size and the feed media at a cross-flow velocity of 2 m/s, a trans-membrane
pressure drop of 100 kPa at 35 g/l DCW.

The values of the constant, “npe” are all around 1 for the MF filtration membranes while the
value decreases to roughly 0.6 for the UF membranes. The npg-value of 1 corresponds to
the intermediate blocking law as defined in Equation 2-13 by Hermia (1982). As the value
of npe decreases, cake filtration becomes more predominant. This implies that the MF
filtration membranes are fouled internally following predominantly the intermediate blocking
law, while the UF membranes are fouled by cake build-up.

It is interesting to note that the value of npg for microfiltration membranes increases as the
media complexity increases. The standard and the complete blocking laws (Hermia 1982)
are based on pore blocking and constriction. Thus as the value of npe increases, internal
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fouling becomes more predominant. The increase in the value of npeg with increasing media
complexity could therefore be a result of the larger proportion of fines and macromolecules
present in the complex media. These particles cause internal fouling leading to the
increased value of npe. The npeg value of the 300 kD ultrafiltration membrane was larger
than that of the 150 kD membrane. Similarly, the value of npe for the 0.45-micron
membrane was larger than that of the 0.22-micron membrane. It would seem that
increased membrane pore size leads to an increase in the probability of internal fouling.
This is consistent with the findings of Tarleton & Wakeman (1993); Lojinke et al. (1992); Le
(1987); Haarstrick et al. (1991) and Tarleton & Wakeman (1993).

The values of the constant “kg " in Equation 2-13 as determined for both ultra and
microfiltation membranes are shown in Figure 2-21.
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Figure 2-23. Value for the fouling constant, “kg_"” (as defined in Equation 2-13) as a function
of membrane pore size and solvent composition for cells filtered at a cross-flow velocity of
2 m/s, a trans-membrane pressure drop of 100 kPa at 35 g/l DCW

From Figure 2-23 it seems that the kg value is a function of the type of solvent. Very little
impact of the membrane pore size has been detected on the fouling constant. Shirato et al.
(1979) has shown that the constants kg and npe (as defined in Equation 2-13) are
influenced by the composition of the feed. According to Hermia (1982) the cake filtration
constant, kg depends on the specific cake resistance, the thickness of the cake layer and
the clean membrane resistance. For the intermediate filtration law the filtration constant
(ks) is a function of a factor, o depicting the blocked area per unit filtrate volume (m?%m?)
and the clean membrane area (See Table 2-13). According to the theoretical analysis of
Hermia (1982), ksL should increase with increasing complexity (specific cake resistance «
complexity of media for cake filtration and ¢ « complexity of media for the intermediate
filtration law) and increase with increasing membrane pore size (decreasing membrane
resistance). Both these effects were detected qualitatively in Figure 2-23.

Factors affecting the cross-flow filtration flux:



Chapter 2 2-49

Figure 2-20 showed a local maximum at the point beyond which the straight-line fit of
Figure 2-21 could not be extended. This maximum point corresponds to the point when the
predominating fouling mechanism changes from internal fouling to cake build-up. The
filtrate volumes at which the predominating fouling mechanism changes are summarised in
Figure 2-24.
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Figure 2-24. The filtrate volume at which the predominating fouling mechanism changes
from pore blocking or constriction to cake build-up at a cross-flow velocity of 2 m/s, a trans-
membrane pressure drop of 100 kPa at 35 g/| DCW.

The critical filtrate volume at which the dominant fouling mechanism changes is a function
of both the membrane pore size and the nature of the solvent (Figure 2-24). Generally, the
volume is reduced for the UF membranes compared to MF membranes and increases with
increasing solvent complexity. Thus as the complexity of the feed suspension increases
more foulant reaches the membrane surface per unit filtrate volume increasing the rate of
fouling. Furthermore as the membrane pore size decreases less particles are deposited
prior to cake formation and the establishment of the pseudo steady state flux. Belfort et al.
(1994); Tarleton & Wakeman (1993); Lojinke et al. (1992); Ficher and Raasch (1986),
Rautenbach (1988); De Balman ef al. (1990) and Hermia (1982) all suggest that this
process is stochastic in nature and depends on the availability of either an open
membrane pore or a protrusion on the membrane surface where the particle can be
deposited or entrapped. The latter depends to a large extend on the operating parameters
that dictates the shear forces experienced by the cells on the cake surface.

8 Conclusions

The membrane pore size and the feed suspension complexity and pore size distribution
have an impact on the cross-flow filtration flux. The pseudo-steady state flux decreases as
the complexity of the solvent increases. The effect of the membrane pore size on the
pseudo steady state flux can largely be ignored for the more complex solutions. Internal
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fouling as seen by the values of R, was more severe for the MF membranes than for the
UF membranes. ‘

The flux increased with increasing AP (below the critical AP) and also with increasing
cross-flow velocity. The effect of these operating parameters were predominantly linear for
the MF membrane while for the UF membranes the effects were highly non-linear in the
tested range. For both MF and UF membranes the critical pressure drop increased with
increasing cross-flow velocity.

Membrane fouling has been divided into internal and external fouling phenomena. Internal
fouling involves pore plugging and constriction. The extent of the internal fouling was
measured as the pore plugging resistance (R;). The pore plugging resistance depends on
the membrane pore size and the fraction of particles of similar size to the membrane pores
in the feed. The pore plugging resistance increases with increasing AP to a maximum
where it remains constant as a pressure independent value. The cross-flow velocity did not
significantly influence the pore plugging resistance.

The cake resistance depends on the solvent compaosition. The resistance increases with
increasing complexity of the feed suspension. The cake compressibility is however
reduced for the industrial media suspension compared to the minimal and saline solvents.
The cake resistance increases with increasing pressure drop until a pressure independent
value is reached, while the resistance is reduced with increased cross-flow velocity. It has
been found that the cake weight decreases as the cross-flow velocity increases.

The filtration flux typically declines sharply over the first 200 seconds and then reaches a
pseudo-steady state value. From a fiux decline analysis it has been found that, the initial
period of flux decline is predominantly a result of internal fouling. The decrease in flux has
been described by Hermia’s (1982) intermediate filtration law. The initial flux decline is
followed by a period of cake build-up. During this period, the flux decline follows Hermia’s
(1982) cake filtration law. This is continued until the cake thickness corresponding to the
cross-flow velocity is reached. At this point the flux remains relatively constant declining at
an almost undetectable rate.

The critical filtrate volume at which the predominate fouling mechanism changes is a
function of both the membrane pore size and the nature of the solvent. Generally, this
volume is reduced for the UF membranes compared to MF membranes and increases with
increasing solvent complexity. '

The understanding of the fouling phenomena encountered during the cross-flow filtration of
C. glutamicum suspensions serves as a basis for the development of a fundamental model
describing the system behaviour. This model is discussed in the next chapter.

\
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Modelling of the Cross-Flow Filtration Flux of
Suspensions of Corynebacterium glutamicum Cells

1 Introduction

The objective of this thesis was to study, understand, model and optimise the performance
of the L-lysine fermentation with biomass retention using cross-flow filtration. In the
previous chapter the factors that influence the cross-flow filtration flux of suspensions of
Corynebacterium glutamicum cells were studied. The impact of these factors led to a
discussion of the mechanisms involved in flux decline. In this chapter these mechanisms
form the basis of a set of mathematical equations to model the flux decline observed
experimentally.

Various other attempts to model the cross-flow filtration flux of microbial suspensions have
been made. Most of these approaches have been described in review papers (Lojinke et
al. 1992; Belfort et al. 1994). These models were reviewed and tested against the
experimental data obtained in this study.

In the next chapter, Bayesian inference was used to select the most appropriate filtration
- model based on the available experimental data.

2 Review of the existing filtration models

Two approaches have been used to model the filtration process. The first involves
empirical correlations of the measured permeate flow rate under different operating
conditions. The form of the correlation has no physical meaning and is entirely dictated by
the measured data. These models generally predict the experimental data very well but
are not suitable for scaling-up and limited to the specific raw material and filter geometry
(Liberge et al. 1994; Romero & Davis 1990; De Balmann 1988).

On the other hand various investigators have proposed fundamental physical and chemical
processes that explained and described the flux decline pattern during filtration of cell
suspensions. Unfortunately there are very few, if any models available that accurately
describes all the available data (Wakeman 1994; Tarleton & Wakeman 1993; Belfort et al.
1994; Zydney & Colton 1994; Lojinke et al. 1992). )

Some examples of these modelling approaches are discussed in the next two sections.
The structure for the discussion of the existing filtration models is depicted in Figure 3-1.
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2. Existing Filtration Models

2.2. Fundamental Models _ 2.1. Empirical Models

—» 2.2.1. Hydraulic resistance models

2.2.1.1. Intrinsic membrane resistance
- 2.2.1.2. Cake resistance

2.2.1.3. Pore plugging resistance

> 2.2.2. Equal particle deposition and removal rates

2.2.2.1. Fluid mechanics in cross-flow filtration

2.2.2.2. Concentration polarisation and Brownian diffusion
2.2.2.3. Shear induced diffusion

2.2.2.4. Inertial lift

2.2.2.5. Flowing cakes and surface transport

2.2.2.6. Growing of thick layers for cross-flow microfiltration
2.2.2.7. Cornbinations of the above

— 2.2.3. The solids flux model

» 2.2.4. Poiseuille flow through constricted membrane pores

| 2.2.5. Models incorporating flux decline

2.2.5.1 Modelling of flux decline of macromolecule containing
‘ suspensions

2.2.5.2 Modelling of flux decline of particulate suspensions

Figure 3-1. Classification of the existing filtration models for the purpose of this discussion
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2.1 Empirical Models

Empirical power laws have been suggested by several authors to predict the permeate flux
through micro-filtration membranes (de Balmann 1988; Romero & Davis 1990; Liberge et
al. 1994). Liberge et al. (1994) suggested a stepwise multiple regression program to
estimate the coefficients of the following equation:

Ln(Perm) = ag + a;xy + axxz +...+ anXn (3-1)

where the variables x; were chosen among Z;; In(Zy); ZiIn(Z;). With Z; Z; e [Parameters that
influences the filtration flux Jand i #j

The terms Z or In Z account for the main influence of the possible operating parameters
and the terms Z In Z test for possible interactions among them. This approach was
adapted for the purposes of this study so that Z; Z; € [cell concentration — X in g/l DCW,
lysine concentration — Lys in g/l, cross flow velocity — v in m/s, trans-membrane pressure
drop - AP in Pa and time —tin h] and i # . The experimental data obtained in the previous
chapter was used together with a multiple regression module in the “STATISTICA”
software package to develop a power law prediction of the permeate flux. It was done for
suspensions of C. glutamicum cells in industrial media formulations through a 150 kD cut-
off tubular ceramic membrane.

The multiple regression program uses a least squares method to adjust the coefficients in
Equation 3-1. The total variance between the proposed values and the experimental data
can be separated into explained (by the model) and the residual variance. The correlation
coefficient (R?) is defined as the ratio of the explained to the total variance. A correlation
coefficient close to one indicates that the proposed equation explains the experimental
data while values approaching zero would indicate that the variance in the data cannot be
explained by the equation.

Using a variance analysis of the regression, the program tests if the proposed variables
are significant for each regression. A variable is sngmﬂcant for the regression if it produces
a significant increase in the correlation coefficient (R?). The optimal solution is that with the
highest R? value with all its coefficients significant at a specific confidence interval (95%).

With all 13 the parameters in place a correlation coefficient of 0.9568 was found, the
optimal solution (with the ascending stepwise regression used) had 7 parameters with a
correlation coefficient of 0.9429. These solutions are presented below (Equation 3-2 and 3-
3).

Modelling of the cross-flow filtration flux
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Perm X 3.6 X 109 - e7.09+7.42v+0.07t-0‘020 t0‘15-0.01C+0.05v V-4.71+0.26C-0.07t X0.10-0.01t-2.67v (3_2)
R? = 0.9568

Perm X 36 X 109 = e10‘77 t-0‘01C X-1‘52 V-0.58+0.020+0.01t (3_3)
R? = 0.9429

where Perm is the permeate flow rate (litre/h); v is the cross-flow velocity (m/s); X is the
dry cell weight biomass concentration (g/l); AP is the trans-membrane pressure drop (Pa)
and t is the time (h).

Each of the coefficients in the optimal solution was found to be significant at a 95%
confidence interval. A comparison of the measured versus the predicted data with the
optimal empirical solution is presented in Figure 3-2.
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Figure 3-2. Comparison of the measured and predicted permeate flow rate of a 35 g/l (DCW)
suspension of C. glutamicum cells through a 150 kD, ultrafiltration membrane. The
predicted permeate flow rate was determined by using the optimal empirical correlation

From Figure 3-2 it is clear that the empirical model adequately predicts the flux behaviour
of a specific fed suspension through a specific membrane. In this case a suspension of C.
glutamicum cell in an industrial media formulation through a tubular ultrafiltration
membrane. ' _
The presented equation would be valid within the tested range of the operating parameters
and cannot be extrapolated beyond that range. Therefore the window of operating
paramters as well as the spread of data within that window is presented in Table 3-1.

Modelling of the cross-flow filtration flux _
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Table 3-1. Operating parameters for cross-flow filtration evaluation

Time | Concentration | Velocity

(t) (X) (v)

[h] [9/1] [m/s]
Average 20.8 404 1.9
Standard deviation 17.5 7.3 0.3
Minimum -0 20.7 1.6
Maximum 63.0 - 536 2.4
50% Percentile 16.0 423 2.0
10% Percentile 0.3 30.3 : 1.6
90% Percentile 47.9 48.7 2.4

2.2 Fundamental Models

Most fundamental cross-flow filtration models fall into two main classes: resistance models
and particle back-flux models. These models were developed to explain the following
phenomena observed experimentally (Tarleton & Wakeman 1993; Belfort et al. 1994,
Zydney & Colton 1994; Lojinke et al. 1992):

« A constant pseudo steady state flux is reached, after an initial sharp decline.

* The steady state flux is not linearly dependent on the trans-membrane pressure drop
and under some conditions it is pressure independent.

¢ The steady state flux has a power law relationship with cross-flow velocity.

2.21 Hydraulic resistance models

The hydraulic resistance models are based on Darcy’s law (Belfort et al. 1992). When
a suspension is filtered through a membrane the permeate flux through the membrane
is given by the driving force divided by the hydraulic resistance (Equation 3-4). The
driving force for ultra and micro-filtration is the pressure drop across the membrane.
The hydraulic resistance is made up of the viscosity of the permeate and some
hydraulic resistance associated with the membrane and the extent of fouling. This
resistance can be considered as a combination of the membrane resistance (Rp), the
resistance due to pore blocking (Rp) and the cake resistance (R¢). The flux can
therefore be given by: .

_lav, AP
Adt uR,+R,+R,)

(3-4)

where J(1) is the bermeate flux (m/s) at time t, V¢ the total volume of permeate
collected (m®) at time t, A the membrane area (m?), t the filtration time (s), AP the
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trans-membrane pressure drop (Pa), v the permeate viscosity (Pa's), Rm the intrinsic
hydraulic resistance of the membrane (m™), Rp is the resistance caused by membrane
pore constriction (m™) and R. the hydraulic resistance due to the formation of a cake
layer on the membrane surface (m™.

In the next sections the parameters that influence these resistances are discussed as
well as the equations that could be used to estimate these resistances.

2.2.1.1 The intrinsic membrane resistance (R,)

The intrinsic membrane resistance depends on the membrane thickness, its
‘nominal pore size and various morphological features such as the tortuosity,
porosity and pore-size distribution. If. it is assumed that the membrane pores are
cylindrical capillaries of uniform radius perpendicular to the face of the membrane,
the membrane resistance can be estimated from Poiseuille’s equation.

86

m

=
/
N g

m

(3-5)

where 8n is the membrane thickness (m), N, the number of pores per unit area and
1, the pore radius (m) (Belfort et al. 1993; Davis & Grant 1992).

This equation holds when the entrance and exit pressure drops are negligible and
porosity is low. For a membrane with uniform cylindrical pores, the void fraction (gm)
can be estimated by:

m

_ 2
€, =N, nr, _ (3-6)

The specific surface area (Sr, in m?/m?) of the pores is:

Y N
2ar, N,

s, = el e (3-7)

The membrane resistance can then be expressed in terms of the void fraction and
the specific surface area as: '

— 2(1_8111)2511215:: (3—8)

m 3

€

m

R
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For normal membranes, this expression may still be used but the factor 2 should be
replaced by a constant, K' which depends on the membrane morphology and pore
structure (Gutman 1987). In practise the membrane resistance is often determined
form Equation 3-4 using flux measurements obtained with pure water as feed.

2.2.1.2 Cake resistance (R;)

The cake resistance depends on the nature of the feed solution and the membrane
pore size. An incompressible cake is formed on the membrane surface when the
porosity and therefore the resistance is independent of the imposed differential
pressure drop across the membrane. The specific cake resistance per unit
thickness of such a cake can be estimated by the Carman-Kozeny equation
(Carman 1938).

R.=K'(l-¢.)’S ¢} : . (3-9)

where R. is the specific cake resistance per unit cake thickness (m); . is the void
fraction of the cake and S. is the solids surface area per unit volume of solids in the
cake (mz/m3). For rigid spherical particles of radius a (m), the specific surface area
is given by S¢ = 3/a (m?/m?), the void fraction of a randomly packed cake is gc = 0.4,
and the constant K’ is typically 5.0 (Grace 1953). It is often convenient to define:

Re =R (p,o.) (3-10)

where ps is the mass density of the solids comprising the cake (kg/m>), ¢ ¢ = 1- ¢ is
the solids volume fraction of the cake and R'; is the cake resistance per unit mass
deposited per unit area (m kg™").

“Most materials such as flocculated clays and microbial cells are however highly
compressible. They exhibit a decrease in void volume and an increase in the
specific resistance as the differential pressure is increased. The effects of cake
compressibility can be modelled by a power law function of the imposed pressure
drop (Porter 1977, Belter et al. 1988)

R. = p'(aP)™ (3-11)

where B’ is a constant (m/kg) related primarily to the size and shape of the particles
forming the cake, AP is the trans-membrane pressure drop in (Pa) and n. is the
cake compressibility which varies from zero for an incompressible cake to a value
near unity for highly compressible cakes.

Maodelling of the cross-flow filtration flux
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Various investigators have reported that the initial cake build-up and flux decline
during cross-flow filtration can be described by the same equations used to describe
conventional dead-end filtration (Davis 1992). In this analysis it is assumed that the
initial phase of the filtration process starts with a clean membrane on which a cake
layer of rejected particles accumulates with time as the filtration proceeds. It is
assumed that no internal fouling occurs and therefore the cake resistance and the
membrane resistance are the only contributors to the total hydraulic resistance.

Two approaches have been followed to model the growth of the cake layer on the
membrane surface during dead-end filtration. In the first approach, the cake mass is
determined from a mass balance over the membrane surface to yield:

A-m. =C,V, (3-12)

[

where A is the membrane area (mz), mc is the total cake mass per unit membrane
area (kg/m2), Cs the bulk concentration of the particles comprising the cake (kg/m?)
and V¢ the total volume of permeate collected (m°).

In this approach it is assumed that all the particles in the bulk that have been
associated with the permeate would be deposited onto the membrane surface. For
dead-end filtration where the suspension flow is perpendicular to the membrane this
is a valid assumption provided that the particles in the feed does not settle faster
than the permeate to increase the particle flux to the cake layer. This assumption is
not valid for cross-flow filtration where a large portion of the particles is removed
with the tangentially flowing retentate.

If R¢' is the specific cake resistance per unit mass (m/kg) then the total hydraulic
resistance of the cake layer would be given by:

_ R;:vaf

RC
A

(3-13)

With the membrane resistance known, the flux can be estimated using Darcy’s law
as described in Equation 3-4.

In the second approach, cake growth during dead-end filtration through a
membrane, which completely rejects the particles forming the cake may be
determined with the aid of a particle mass balance at the edge of the growing cake
layer:

W +Boye = ¢ L (3-14)
dt dr
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where 8. is the cake thickness (m), Cb is the solid concentration in the suspension
(kg/m®) being filtered, and C. is the solid concentration in the cake (kg/m®).
Combining Equations 3-4 and 3-14 yields a first order ordinary differential equation
for the cake layer thickness on a flat filter:

ds,  CJ C,AP (3-15)

dt (C.-C,) (C.-C,)u(R,+R.)

subject to the initial conditions of 6. = 0 at t = 0 with AP the trans-membrane
pressure drop in Pa, and v the viscosity in Pas.

If the trans-membrane pressure drop (AP in Pa) is kept constant, integration of
Equation 3-15 yields:

ARG, AP J 1 (3-16)

R, =Re8.(t)=R,, [“m

In performing the integration, it is assumed that R (m™), C. (kg/m®), C,, (kg/m°) and
R. (m™) are constant.

It should be stressed that these equations were developed for dead-end filtration
applications. This means that these equations would only be valid for the initial
period of cross-flow filtration (Visvanathan & Ben Aim 1989) provided that no
internal fouling occurs. Contrary to dead-end filtration a pseudo steady state flux is
reached in cross-flow filtration (Baker et al. 1985). The existence of a steady state
flux is explained by quantitatively assuming that the cake reaches a steady state
thickness, controlled by the retentate cross-flow (Schneider & Klein (1982),
Reismeier et al. (1990)).

2.2.1.3 Pore blocking resistance (Ry)

It is well known that the internal fouling of especially microfiltration membranes
occurs when particles and macromolecules partially constrict the flow of permeate
through the membrane pores.

Hermia (1982) suggested four blocking laws to describe the reduction in the
permeate flux with time for dead-end filtration applications. As mentioned before it
has been postulated that the initial period of flux decline observed for cross-flow
filtration may be explained by the laws that govern flux decline during dead-end
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filtration applications (Davis 1992; Visvanathan & Ben Aim 1989). Hermia (1982)
developed four blocking laws that apply to dead-end filtration depending on whether
the predominate fouling mechanism is internal or external. Hermia's (1982)
“Complete,” “Intermediate” and “Standard” blocking laws apply to internal fouling
while the “Cake Filtration” law applies to cases where the cake layer forms the
predominate hydraulic resistance.

o Complete blocking law

In the complete blocking taw it is assumed that each particle reaching the
membrane participates in the blocking phenomenon by pore sealing. This leads

~ to the assumption that particles are not superimposed one upon the other. When
a filtrate volume, V¢ has been filtered, it has blocked a portion of the membrane
area equal to 6V, where o (m?*m?) is given by:

o =15 PiS B (3-17)

where ps is the solids density (kg/m?), p is the feed suspension density (kg/m?),
deq is the equivalent sphere diameter (m), s is the solids fraction in the feed and
¢ is a dimensionless particle shape factor.

This approach implies that the effective membrane area (m?) is given by:

A=A0_O-Vf ' (3'18)

Combining this with Equation 3-4, the permeate flow rate (Perm in m®s) can
therefore be given by:

AP AP
Perm = A -oV,)=———A
(3-19) uRm( o ~oV) oR,+R,)

where Ay is the clean membrane area (m?) and Perm is the volumetric permeate
flow rate (m%/s).

The pore plugging resistance is therefore given by:

R, =R, {L - 1} (3-20)
A, -oV,
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e Intermediate blocking law

As with the complete blocking law, it is still assumed that each time a particle
reaches an open pore it seals it. The model is however less restrictive in the
sense that particles are allowed to settle on other particles. The probability for a
particle blocking a pore is calculated based on the number of pores available to
be blocked and the flux of particles toward the membrane surface. The
probability of a particle reaching an open pore can be estimated by the ratio of
the available membrane area to the total clean membrane area multiplied by the
permeate flow r"gf‘éThe available membrane area at time t+dt is therefore given
by: '

0

ALy =A —o(Perm~dt)[-§’—] | (3-21)
Combining this with Equation 3-4 implies that the available membrane area at

time t can be estimated by:

Ay

(P, (3-22)
VR '

A=

m

The pore plugging resistance (R, in m’') is therefore given by:
_ oAP
9]

R

p

£ (3-23)

o Standard blocking law

In the standard blocking model, particles pass into the filter material and some
are deposited or adsorbed to reduce the pore volume and subsequently
decrease the filtration flux. The decrease in pore volume is assumed to be
proportional to the volume of filtrate that passed through the membrane. From a
mass balance on the solid particles the following relation can be derived:

Nz (r2y = 1,28, = 9V, (3-24)

where N* is the number of pores, 6, is the pore length (m), rpo is the clean
membrane pore radius (m), r, is the pore radius (m) and ¢y, is the volume of
particles deposited per unit volume of filtrate.

Combining Poiseuille’s equation with Equation 3-4 yield the initial permeate flow
rate:

Perm, = N * [E. r:")AP] | (3-25)
.=

8 wvo,
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If Equation 3-25 is then combined with Equation 3-4, the pore plugging
resistance can be estimated by:

P m —[1 j K\/f ]2 (3-26)

where K = (2Cy/8mAo) in (kg/m®)

It should be stressed that these laws were developed for dead-end application and
would only be applicable to cross-flow filtration during the initial stages if cake build-
up is not the predominating fouling mechanism. Matsumoto et al. (1987) tested
these laws with yeast suspensions and the standard blocking law explained
comparatively well the filtration behaviour over the first ten minutes. Visvanathan &
Ben Aim (1989) filtered stable colloids (diameter 12 nm) with a 0.2-pum membrane at
a cross-flow velocity of 0.2 m/s. The flux deviated from the standard blocking model
for the first five minutes, then appeared to follow the model for 15-20 minutes before
deviating again. The results of Tanny et al. (1979) were similar. They observed
standard blocking behaviour for at least the first ten minutes when filtering
Pseudomonas diminuta through a 0.45 pum filter.

2.2.2 Equal Particle deposition and removal rate models

The most general approach to model cross-flow filtration is to assume that particle
deposition is balanced by another mechanism of particle transport from the membrane
surface. At steady state, the flux of particles towards and away from the membrane is
assumed to be equal. The mass transfer equations are often solved by simulation of
the single-phase flow field in the feed channels and coupling the solution of the flow
field to the solute mass transfer balance through convective-diffusive equations. Thus,
the continuity equation, the Navier Stokes equation and the initial and boundary
conditions are solved for a pre-chosen channel geometry to yield the filtration flux.
Kleinsteuer and Belfort (1984) summarised the governing equations and various
methods of solution.

In this section fluid mechanics in cross-flow filtration are discussed followed by a
discussion of some of the equal particle deposition and removal rate models.

2.2.2.1 Fluid mechanics in cross-flow filtration.

The behaviour of fluid flowing in a porous channel with suction is different from that
in @ nonporous channel. Mellis et al. (1993) have measured axial pressure drops for
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water flowing in porous micro-filtration tubes under all regimes of flow as a function
of wall suction and axial flow rates. At low axial flow rates (Re < 1000), low values
of wall suction (Rey = (pp J Ho) / v < 0.25), have a minimal effect on the axial
pressure drop, where H, is the channel half height. At high axial flow rates (Re >
20000), all values of wall suction had minimal effects on the pressure drop. Wall
suction has its maximum effect on the axial pressure drop at intermediate flow rates
(1000 < Re < 15 000), Moreover, wall suction is stabilising so that the value of Re,
for transition to turbulence increases with Re,,. It was therefore concluded that due
to the stabilising effect of wall suction the Poiseuille velocity profile relationship
remains valid for fully developed laminar flow of Newtonian suspensions in cross-
flow applications.

ll = (jlllﬂx[] - y_7 }
H, (3-27)

where y (m) is the distance from the centre of the tube of inside radius H, (m) or a
slit of half height H,. For flow in a tube the maximum velocity is twice the average
velocity (v in m/s) Umax=2V, whereas Unax=3v/2 for a slit.

Based on the veloci'ty profile, the nominal shear rate at the membrane surface }jo in
s can be estimated:

Yo =—7" (3-28)

A limiting assumption in the analysis above is that this expression neglects the
distortion of the flow profiles due to concentration polarisation. In particular the
polarisation layer near the membrane surface is likely to have a high viscosity and
will flow with a reduced shear rate. For concentrated suspensions of non-colloidal
particles in which the particle volume fraction exceeds ~0.1, non-Newtonian effects
such as normal stresses and shear thinning are important (Karnis et al. 1966).

Davis & Birdshell (1987) developed the following velocity profile to account for the
effect of perpendicular permeate flow:

sl 0K =

Theoretical research has focussed primarily on the various mechanisms by which
the tangential shear force arrests cake growth. Leading to different models for
predicting the permeate flux (Belfort et al. 1994). The focus has been on laminar
flows with particle transport occurring due to Brownian diffusion, shear induced
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transport, inertial lift and surface transport. These mechanisms will be discussed in
the following sections.

2.2.2.2 Concentration polarisation and Brownian diffusion

The earliest work in cross-flow micro-filtration (Blatt et al. 1970, Porter 1972) was
based on the so called classical thin film Fickian diffusion theory. These models
assume a balance between convection towards the membrane and molecular back
diffusion from the membrane wall. This approach have been successfully applied to
the ultrafiltration of macromolecules as well as reverse osmosis applications (Porter
1972; Blatt et al. 1970).

The flux is thought to be limited by the formation of a concentration polarisation
boundary layer. This layer consists of a large concentration of particles that are
retained by the membrane and provides a hydraulic resistance to flow. At steady
state, the boundary layer is in dynamic equilibrium. If it is approximated by a
stagnant film, the rate of convection of particles normal to the membrane is
balanced by back diffusion into the bulk suspension.

Jc, =Dx10‘4-ddc" (3-30)
y

where D is the diffusivity in cm?/s

If this equation is integrated over the boundary layer thickness:

100-J =k, In[g—w] (3-31)

b

where J is the permeate flux in m/s, k; is the local mass transfer coefficient (cm/s)
between the bulk suspension and the membrane surface.

The particle concentration at the membrane wall, C, in the boundary layer
immediately above the thin fouling layer on the membrane surface may be
determined experimentally from a semi-log plot of flux vs. bulk particle
concentration. Alternatively, if the particles are non-adhesive, then C, can be
determined from the maximum random packing density (1-g.) of particles in the
adjacent cake layer. For rigid spherical particles of equal size, 1-.=0.6 and 0.8 < 1-
gc < 0.9 for compressive or poly-disperse particles.

For conditions typical of cross-flow micro-filtration the local mass transfer coefficient
for a linear velocity profile within the boundary layer and a constant wall

Modelling of the cross-flow filtration flux



Chapter 3 - 315

concentration can be evaluated form the analogous“heat transfer problem (Porter
1972; Leveque 1928) as:

L
%!

7 (3-32)
k(x)=0537 D T2
X

where x (cm) is the axial co-ordinate along the channel length, 7:0 (s7) is the wall
shear rate, D is the diffusivity in cm?s™, gives kin cm s™.

For turbulent conditions, the mass transfer coefficient can be estimated from the
Dittus Boelter equation (Green & Belfort 1980):

K (x) = o.ozs{m} (3-33)

. 47
gyi( |)04

where dnyq is the hydraulic diameter of the channel (cm), D the diffusivity (cm? s™"), v
the axial velocity (cm s™') and v’ the cinematic viscosity (cm?s™), gives k; in (cm s™).

Porter (1972) claimed that the transition from laminar to turbulent flow occurs at Re
= 2000. Schultz & Ripperger (1989) however, noted that while the transition occurs
at Re = 2320 in non-permeable tubes, this value can change in the case of
permeable tubes, especially with high permeation rates. Belfort & Nagata (1985)
found a value of Re = 4000 for conditions typical of microfiltration.

For sub-micron particles Brownian diffusion is important. The Brownian diffusivity,
Dgo, Of an isolated spherical particle in a fluid of viscosity is given by the Stokes-
Einstein relationship: ‘

kgT (3-34)

where Dg, is the diffusivity (m?/s), kg is the Boltzman constant (1.380 x 10 J/mol
K), T is the temperature (K) and f is the frictional coefficient (kg/s.mol). For hydrated
flexible macromolecules, obtaining an estimate of f is difficult (Cantor & Schimmel
1980). For rigid colloidal particles of dimensions much larger than the hydrated
layer, f can be obtained from the classical Stokes law and the dimensionless Perrin
shape factor F,

f = 3nud F | (3-35)
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where v is the liquid viscosity and deq the diameter of an equivalent sphere with the
same volume as the non-spherical solute (m).

f(1-p})"
T opAH (3-36)

F=
f

sph

where for a prolate ellipsoid with pe=be/ce, H'=In{[1+(1-pe2)"?J/pe}, and for an oblate

ellipsoid with pe=ce/be, H' = tan™ [(1-pe2)?] and where ce/be is the ratio of the long to
the short semi-axis. F has been plotted and tabulated as a function of pe by Cantor
& Schimmel (1980). For a sphere F=1.

Cornbiriing all these equations (3-32 to 3-36) for sub micron spherical particles then
yields, the following expression for the length averaged permeate flux in m/s.

1.
/3

voDZ% | (C, |
o o yA

J=0.114 % In[%] (3-38)
v'a mem b

where Lnem is the membrane length (m).

The predicted flux increases with shear rate, or feed velocity to the 1/3 power and
decreases with particle radius to the 2/3 power.

The Leveque solution was derived for linear shear flows near non-porous walls. For
porous walls, the concentration dependence of the viscosity causes a non-linear
velocity profile in the concentration polarisation layer, and the transverse
component of the velocity modifies the mass transfer rate. Trettin and Doshi (1980)
used a similar solution to derive numerical and asymptotic results which take the
transverse result into account (but not the viscosity variation). Their solution
asymptotes to that given by the Stokes-Einstein solution for concentrated
suspensions (Eq. 3-41) (Cy-Cp << C,,) whereas for dilute suspensions they showed

that:
C o VF
J=131 Yo Pely (3-39)
c,

mem
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These equations predict the filtration flux very well for ultrafiltration and reverse
osmosis applications. Predicted fluxes for micron-sized particles using the Brownian
diffusivity given by the Stokes-Einstein relationship were found to be one or more
orders of magnitude less than those observed experimentally (Blatt et al. 1970;
Porter 1972). For micron sized particles, plots of J vs. In Cy, are rarely linear. Green
and Belfort (1980) referred to this discrepancy as the “flux paradox for colloidal
suspensions”. It follows from the fact that the Brownian diffusivities of micron sized
particles in water are of the order of 10" m?s™. This diffusivity is three orders of
magnitude lower than the molecular diffusivities of typical macromolecules.

Experimental evidence for microfiltration of suspensions shows that the permeate
flux increases with particle size and that it increases with shear rate following a
power law with powers of 0.8-0.85 (Porter 1972; Taddei et al. 1990; Lojinke et al.
1992). Both these findings contradict the predictions of the concentration
polarisation model with Brownian diffusion.

Blatt et al. (1970) argued that this model fails because packed layers of large
particles at the membrane provides insufficient hydraulic resistance to account for
the dramatic reduction in flux compared to the pure solvent. At least in cross-flow
filtration of blood, previous studies of the hydraulic resistance of beds of red blood
cells (Zydney et al. 1986) indicate that the retained particles can in fact provide the
necessary resistance to flow. Porter (1972) added that if the particles did not limit
the flux, the flux should increase with increasing pressure, contrary to experimental
observations.

Several alternative mechanisms have been proposed to explain the flux paradox for
colloidal suspensions. The predictions of models based on the primary mechanisms
of shear-induced diffusion, inertial lift and surface transport are summarised in the
next sections.

2.2.2.3 Shear induced diffusion

Models based on shear induced diffusion are similar to the original thin film model in
that the convective drag of particles towards the membrane surface is balanced by
the shear induced diffusion of particles back into the retentate stream. The diffusion
coefficient for this process is not that of Brownian motion. Shear induced diffusion
results from hydrodynamic interactions of particles in the concentrated layer. A
particle in a shear field will tumble over other particles and thereby undergo a series
of displacements from the bulk average streamline. The effect of this motion is the
net migration of particles from high to low concentration (Zydney & Colton 1986).

Zydney and Colton (1986) proposed that the concentration-polarisation model could
be applied to microfiltration provided that the Brownian diffusivity was replaced by
the shear-induced hydrodynamic diffusivity as first measured by Eckstein et al.

(1977) for 0.2 < ¢ < 0.45
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D, =0.3ya’ (3-40)
The shear-induced hydrodynamic diffusivity (Ds in m?/s) is proportional to the
square of the particle size multiplied by the shear rate, whereas the Brownian
diffusivity is independent of shear rate and inversely proportional to particle size. As
a result, Brownian diffusion is important for sub-micron particles and low shear
rates, whereas it is overshadowed by shear-induced hydrodynamic diffusion in
microfiltration applications involving micron-sized particles. Zydney and Colton
(1986) used a linear velocity profile with the Leveque mass transfer coefficient to
solve for the length-averaged flux:

J=0.078y,(a* IL,..)"*In(C,, /C,) (3-41)
J=0.126 y,(a‘C, /L, C,)"> (3-42)

forCy>>Cp,

Zydney and Colton (1987) later developed a model accounting for the non-constant
viscosity in the boundary layer to compensate for the non-linear velocity profile. The
viscosity relationships were however specific to the filtration of blood and fitted
plasmaphoresis data quite well.

Leighton and Acrivos (1987a) showed that Eckstein’s diffusion coefficient was low
due to a wall limitation in the experiments for suspensions more concentrated than
20% (vol). Leighton and Acrivos (1987b) presented a modified expression for the
diffusion coefficient that predicted the same dependence on shear rate and particle
size as Eckstein (1977), but a stronger dependence on particle volume fraction at
high concentrations.

D, = 0.33y a%h,2(1+ 0.5e%%) (3-43)
where Ds is the shear induced diffusivity in m?/s, ¢p is the particle volume fraction in

the feed suspension ; is the local shear rate (s) given by ;: YO% where v is
F

the wall shear rate (s™), v is the permeate viscosity (Pas) and uf is the feed
viscosity (Pas).

Q
Davis and Sherwood (1990) described a convective-diffusive equation governing
the steady state concentration polarisation boundary layer in cross-flow MF of fine
particles, under conditions where shear induced diffusion is the dominant
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mechanism of particle transport. Their solution incorporates the concentration
dependent effective viscosity and shear-induced hydrodynamic diffusivity for
sheared suspensions of spherical particles reported by Leighton and Acrivos
(1986,1987). For dilute suspensions (¢, < 0.1) of monodisperse rigid spheres which
are non-adhesive and have a maximum random packing density in the boundary
layer of ¢, = 0.6, Davis & Sherwood (1990) found that:

1, 1

o 4 \'3 o 4 73
J:0.072yo[ 6.2 J =0.06oy0[ 2 ] (3-44)

b~mem

b™~mem

The equation is identical to that of Zydney and Colton (1986), except that the value.
of the leading coefficient is lower. This difference is primarily because the
concentration dependency employed by Davis and Sherwood (1990) leads to a
lower local shear rate and, hence decreases shear-induced diffusion in the
concentration polarisation boundary layer. As with the concentration polarisation
model, the analysis of Davis and Sherwood (1990) is restricted to applications
where the cake layer remains thin compared to the channel half height or tube
radius and has a large resistance which dominates the membrane resistance.

2.2.2.4 Inertial lift

Belfort and coworkers (Green & Belfort 1980; Altena & Belfort 1984; Altena et al.
1985; Belfort et al. 1985; Otis et al. 1986, Drew et al. 1991) have proposed that the
discrepancy between the predictions of the concentration polarisation modeis based
on Brownian diffusion and the experimental data was due to the augmentation in
particle transport due to a hydrodynamic lift force, causing particles to move away
from the wall.

The lateral movement of particles across streamlines as they are suspended in a
fluid flowing in a tube or slit was observed as early as 1836 (Green & Belfort 1980).
In that year, Poiseuille noted that the region immediately adjacent to the walls of the
capillaries tend to be free of blood corpses (Segre & Silberberg 1961). An important
study following on this discovery was that of Segre and Silberberg (1962), who
observed that neutrally buoyant rigid spheres in tube flow, migrated away from both
the tube wall and axis, attaining an equilibrium position about 0.6 tube radii from the
axis. They also measured the velocities at which, these particles of different sizes
and initial radial displacements migrated to this position. Karnis et al. (1966)
confirmed that non-spherical and non-rigid particles will also undergo lateral
migration. These observations stimulated a number of theoretical and experimental
papers which attempted to explain and quantify this effect (Brenner 1966)

Theoretical solutions for the lift velocity centre around solution of the Navier-Stokes
equation with inertial terms included (Brenner 1966; Rubinow & Keller 1961,
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Saffman 1965; Cox & Brenner 1968; Ho & Leal 1974). When these terms are
neglected, no lift is predicted. Thus theoretically, this phenomenon is of inertial
origin. More simply, lift can be viewed as arising from the pressure difference which
in turn arises from the difference in fluid velocity on either side of a particle in a non-
constant velocity field.

Virtually all studies of the lift phenomena, whether theoretical (Brenner 1966;
Saffman 1965; Cox & Brenner 1968; Ho & Leal 1974) or experimental (Segre &
Silberberg 1961; 1962; Thomas 1961; Karnis ef al. 1966; Theodore 1966; Rakow &
Chappell 1987) arrived at the following identical form for the migration velocity
expression.

Vio =Ky -v-Re [ %] f(y) (3-45)

Where a is the particle size (m), v is the average axial cross-flow velocity (m/s) and
H, is the tube radius (m). The value of ni_is close to 3. More recently this equation
was refined by Belfort et al. (1994) who presented the general form of the equation
as: :
30 :
v, = bpea’y, (3-46)
' 16v

where pr is the fluid density, }jois the shear rate at the tube wall and b is a

dimensionless function of the dimensionless distance form the wall. For Equation 3-
49 to hold a/(2H) << 1 and av/v << 1 are necessary conditions. In the region near
the wall, b is positive, indicating that the inertial lift velocity drags the particles away
from the wall. lts maximum value near the wall under slow laminar flow conditions
(channel Reynolds numbers small compared to unity) is b=1.6 for a slit (Ho & Leal
1974) and b=1.3 for a tube (Ishii & Hasimoto 1980). Particle trajectories calculated
from the resultant of axial flow and net lateral flow in the direction of the wall
compare very well with measurements over nearly two orders of magnitude in wall
flux (Otis et al. 1986). However most cross-flow filtration operations are carried out
under fast laminar flow conditions (channel Reynolds numbers large compared to
unity), for which Drew et al. (1991) have shown that the maximum value is given by
b=0.577.

The inertial lift velocity for fast laminar flow increases with the cube of the particle
size, and the square of the tangential shear rate. So is expected to be significant for
large particles and high flow rates. For the typical situation where the permeate flux
for a clean membrane exceeds the inertial lift velocity, a concentrated layer of
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deposited particles forms on the membrane surface. If this fouling layer has a high
resistance then it will reduce the permeate flux until it just balances the inertial lift
velocity.

For fast laminar flow with thin fouling layers, the steady-state flux predicted by the
inertial lift theory is then (Drew et al. 1991):

2

J=v,, =0.036p.a’y, /v (3-47)

where J is the permeate flux in m/s, v, is the inertial lift velocity in m/s, pe is the

feed density (kg/m?), v is the permeate viscosity (Pas) and }io is the wall shear rate

(s™).

The flux is therefore inversely proportional to the solution viscosity and independent
of the filter length and the concentration of particles in the bulk suspension. For
Equation 3-47 to hold a® Re << 1, where a = a/2H, and Re = 2H, v / v is a
necessary condition. For non-dilute suspensions, however, it is expected that the
inertial lift velocity would need to be modified to account for interactions among
particles.

Some empirical correlations have also been developed to predict inertial lift
velocities (Altena et al 1983, Green & Belfort 1980). The most general forms of
these equations are:
For laminar conditions:
V,, =K

lam

Covi2H, (3-48)

For turbulent conditions

Vio =K Co(v/2H,) - Re*” (3-49)

where K, Kiwr and z are empirical constants for the suspension, v the cross-flow
velocity (m/s), 2H, the inner diameter (m) and Re the Reynolds number.

2.2.2.5 Flowing cakes and surface transport

As an alternative to back transport of particles away from the membrane by
mechanisms such as diffusion and inertial lift, it is possible that the particles are
carried to the membrane surface by the permeate flow and then roll or slide along
the surface due to tangential flow. Both continuum and single particle models have
been developed to describe this mechanism.
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e Continuum approach

In the continuum approach, the rejected particles are assumed to form a flowing
cake layer. Convective flow, mathematical models describe the simultaneous
deposition of particles into the cake layer and the flow of this layer toward the
filter exit (Davis & Birdsell 1987; Leonard & Vassilieff 1984). The fully developed
laminar flow equations are solved for the velocity profiles in the bulk suspension
and in the cake layer from which the steady state cake thickness and permeate
flux are determined. In general, the cake thickness increases and the permeate.
flux decreases with increasing distance from the filter entrance and with
decreasing axial flow rate. '

This approach gives rise to some highly empirical models. Fane et al. (1982)
suggested that the flux enhancement that occurs when particle matter is added
to feeds containing dissolved solids might be done due to the scouring effect of
the particles on the concentration polarisation layer. By balancing the rate of
convective mass transfer towards the membrane against the rate of scour, they
derived:

J =ng,Cr2v"™ (3-50)
where ng 1, ns, 2 and ng 3 are unspecified constants.

This equation predicts a log-log relationship for flux vs. concentration rather than
a semi-log relationship as predicted by the conventional concentration
polarisation theory. Fane et al. (1982) found good correlations between
experimental data and the empirical model predictions for suspensions
containing rigid and deformable solids and droplets.

Leonard & Vassilieff (1984) developed a flowing cake model in which the fluid is
divided into two regions by a sharp boundary; a close packed region adjacent to
the boundary of concentration C, and a bulk fluid region where the
concentration is uniformly fixed at Cy,. The close packed region moves along the
membrane at a rate depending on the cake rheology. Cakes that behave as
Bingham plastics will consist of a stagnant lower layer and a flowing upper layer.
The flux prediction equation resulting from these postulations as presented by
Zydney and Colton (1986) is:

J=| Cu _q] Y8 (3-51)
Cb 2|—mem
A plasmaphoresis-specific version gave good agreement for plasmaphoresis

data (Zydney & Colton 1986). Wakeman (1994) questioned some of the model
assumptions:
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- An abrupt division between cake and bulk seems unlikely.

- Cell diffusion was neglected entirely and the resistance of a cell layer
thicker than a critical value of 5. was assumed to be infinite, both of
which are in conflict with experimental evidence.

e Single particle models

In single particle models, the basic concept is to consider a spherical particle on
the surface of the membrane, or on the surface of a stagnant cake layer and
perform force and torque balances on the particle to determine if it will adhere to
the surface or to be transported along the surface (Lu & Ju 1989; Stamatakis &
Tien 1993). The simplest of these models is that of Fischer & Raasch (1986),
who considered a single spherical particle deposited in a sieve mesh, subjected
to a drag force parallel to the membrane and a pressure force perpendicular to
the membrane. They derived a dimensionless number Q,, such that:

] |
Q=4 f(%} (3-52)

Yo

i

where ;o is the shear rate at the membrane surface, f(—a) is a function of the
r
P

ratio of the particle size to the membrane pore size.

For a given geometry, membrane and suspension, there should exist a critical
value of Q, below which particles are swept across the membrane so that a
cake does not form.

Rautenbach (1988) balanced the same forces to give:

ke =4.7x10° LRe'Jé.[_”_] (3-53)
ped,
where
2 0.44
J- k[d—aj (3-54)
) |

De Balmann et al. (1990) extended the force balance model to include the
effects of concentration. They suggested that when a particle lands on a pore, it
will remain in place if the suction force is strong enough to hold it; otherwise, it
will be released due to the tangential feed flow. If the particle is released,
another one can replace it. The frequency of replacements depends on the
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concentration of particles in the feéd, and thus the fraction of the time that the
pore is blocked should be proportional to the particle concentration.

De Balman et al. (1990) also considered the effect of pore and particle size
distributions. When a partlcle of a given size lands on a pore, three possibilities
exist:

- The pore is sufficiently smaller than the particle so that the particle
does not stop at the pore entrance; such pores pass a flux equal to
that of the pure solvent;

- . The pore is large enough for the suction force to arrest but not retain
the particle; such pores pass a reduced concentration-dependent flux

- The pore is large enough for the suction force to retain the particle,

such pores become blocked.

At a given concentration and pressure, decreasing the cross-flow velocity makes
the last two scenarios increasingly likely. There is a similarity between this work
and that of Le & Howell (1984) on UF.

More recently, Belfort ef al. (1994) complied a review on the latest developments

regarding single particle force models. Figure 3-3 shows a spherical particle of
radius, a, on the edge of a cake which has a non-uniform surface morphology.

U=Yo Y

o— "
S o)

j Membrane J

Figure 3-3. Schematic of forces acting on a spherical particle on the surface of
the cake.

The tangential drag force due to shear flow may be expressed as:
'F, = 3nva’ ;O C, (3-55)

where Ci is a correction factor to the Stokes Law due to the presence of the
cake, For a sphere on a smooth impermeable surface O'Neil (1968) found that
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Ci = 1.70, but the value is expected to differ for rough filter cakes. The normal
drag force due to the permeate flow may be expresses as:

F, =6rvaJC, (3-56)

where J is the permeate velocity (m/s) at the edge of the cake layer and C, is a
hydrodynamic correction factor to the Stokes law due to the presence of the
cake layer. Lu & Ju (1989) used a correction factor from Goren (1979):

17
2R 2 2

C, = [— +1 .15] (3-57)
3

where Ry is the total resistance offered by the underlying cake and mémbrane:

AP
Rt = — . -
"= (3-58)

The analysis of Goren (1979) is restricted to porous membranes which are thin
compared to the sphere radius, or which only permit flow in the direction normal
to the membrane surface. Sherwood (1988) considered the drag force on a
sphere touching the surface of an isotropic porous medium, which is thick,
compared to the sphere radius. :

C

n 2

a

= 0.36 [—”JA (3-59)

where kK, is the permeability of the porous medium. If there is no cake, then the
permeability is that of the membrane (k, = &m / Rm). For the more common
situation of a particle at the edge of the cake layer, the permeability is that of the
cake (kp = e/ Rq).

Under the simplest situation in which other forces, such as gravitational, lift and
adhesive forces, are negligible, the two components of the drag force are
balanced by contact forces at the locations where the test sphere is in contact
with the cake surface. For the critical condition where the sphere is just able to
roll along the surface, the contact forces are zero except at the pivot position. A
torque balance about this pivot position gives (Figure 3-4):

Fa-sind=Fa-cos8 (3-60)
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Figure 3-4 Schematic representation of torque balance around a pivot point of a
protrusion against a spherical particle

Combining Equations 3-56 to 3-60 for this critical condition yields the predicted
permeate flux after the cake layer has reached its steady state thickness:

J= 2.46};(62§c )’ cotf (3-61)

where cot 6 depends on the surface morphology. This equation uses the
hydrodynamic correction factors from O'Neil (1968) and Goren (1979) for
smooth surfaces, and so the constant value of 2.4 is expected to differ for
surface topologies, which are not smooth on the particle length scale.

The surface transport model predicts that the long-term flux increases linearly
with shear rate and particle radius. If there is a distribution of particle sizes, then
the smaller particles will continue to be captured after the permeate flux is
“reduced to a value where the larger particles are swept along the surface.
Consequently, the cake may become enriched in smaller particles as it grows.
Experimental measurements have observed that finer particles selectively
deposit in the cake at later times and higher cross-flow velocities (Mackley &
. Sherman 1992). This causes the specific cake resistance to be cross-flow
velocity dependent, and may even lead to decreased steady-state flux with
increased shear rate (Mackley & Sherman 1992; Fischer & Raasch 1985;
Wakeman & Tarleton 1991). In addition, the cake surface is expected to be
‘inhomogeneous, so that there is a distribution of protuberance heights, resulting
in a distribution in 6 values. This leads to the possibility of a particle rolling along
the cake surface until reaching an obstacle, which is sufficiently high to stop it.
This situation has been observed and analysed by Stamatakis & Tien (1993).

2.2.2.6 Combinations of the above

The permeate flux is a function of many variables including time, trans-membrane
pressure drop, cross-flow velocity, temperature, membrane pore size, porosity and
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surface chemistry and suspension concentration and composition. A universal and
comprehensive model for predicting permeate flux should take into account all of
these factors, which probably means that the global model needs an expression for
fouling, a cake layer sub-model and a back flux sub-model.

Models based on the addition of diffusive and inertial back fluxes over-predicted
both the flux at high shear rates, and the shear rate dependency of the flux (Lojinke
et al. 1992). Madsen (1977) suggested that the lift velocity and the filtration velocity
estimated from polarisation theory are additive, with the flux given as:

JX)=v,, + k,(x)ln[g—w] (3-62)

’b

Altena and Belfort (1984) showed theoretically that this equation is valid under flow
conditions typical of cross-flow micro-filtration in the limit of infinitely dilute
suspensions. :

Davis and Leighton (1987) incorporated the concepts of shear induced
hydrodynamic diffusion of particles and the transport along the membrane surface
of a fluid like concentrated particle layer whose viscosity is a function of particle
volume fraction. This particle layer may impart a hydraulic resistance to permeable
flow, which is modelled by standard filtration theory. Their model was a local model
— valid at any axial position in a cross-flow micro-filter. Romero and Davis (1988)
extended this to a global model by incorporating axial particle convection in the
boundary layer. They used acrylic and polystyrene beads filtered through a
rectangular glass walled microfilter and a ceramic tube bundle. It was assumed that
particle transport towards the membrane results in the formation of a stagnant cake
layer and a flowing cake layer, the thickness of both increasing longitudinally. They
showed that the stagnant cake forms on the membrane surface only for distances

from the filter entrance which exceed a critical value X = ;0 Dez I2 / (J? Cp) where D

= ;o a’ is the characteristic shear induced diffusivity. The presence of the stagnant

layer reduces the channel diameter, hence increasing the wall shear stress and
facilitating the axial flow of particles. The stagnant layer also provides a hydraulic
resistance to permeate flow, and reduces the transverse convection of particles into
the flowing layer. The measured steady state fluxes were in good agreement with
the theory using independent empirical correlations for the properties (diffusivity,
viscosity and specific cake resistance) of rigid non-adhesive spheres.

In 1990, Romero and Davis included the transient behaviour. A transient term
describing the increase in particle volume fraction near the membrane surface with
time was included in the mass balance for a thin slice of the particlulate layer. The
resulting partial differential equation (in the axial co-ordinate, x and in time, t) was
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solved. The resulting equation is useful for predicting the effect of material
properties and operating parameters on the rate of flux decline and cake layer build-
up. In general, more highly concentrated suspensions, higher-pressure drops and
larger specific cake resistances result in more rapid flux decline. Romero and Davis
(1991) . later found experimental verification of their model using acrylic and
polystyrene beads filtered through a rectangular glass walled microfilter and a
ceramic tube bundle. This experimental work was criticised by Wakeman (1994)
who argued that:

- Romero and Davis used oversized particles for the visualisation
experiments with respect to those normally encountered in
microfiltration

- the operating conditions evaluated fell on|y within a very I|m|ted range
of those normally encountered and that

- particle size effects were not evaluated experimentally, and are not
interpreted correctly by the model based on other investigator's
experimental data.

Schulz and Ripperger (1989) incorporated both back transport and resistance
theory. They assumed that membrane resistance can be ignored and back transport
of particles is proportional to both shear rate on the membrane and layer thickness.
From mass balances at steady state they derived:

{KIAP(PS ‘Cb)VJ | (laminar) (3-63)
(R, 15.)C,ud,

: 0.5
;. V{KzAP(PS ~cb>p,,}

vl (R,/8,)C, (turbulent) (3-64)

where k4 and k; are empirical constants.

The model is only useful once the constant and the specific hydraulic resistance of
the cake are known. Unfortunately, Schulz and Ripperger (1989) did not present
any experimental data to support their model.

According to Dharmappa et al. (1992) particle transport to and from the membrane
surface is equal when the steady state flux is reached. The rate of deposition or
particle transport towards the membrane was thought to be a result of convective
transport. The rate of re-suspension is a result of the back transport velocity,
containing three components, lateral migration, Brownian motion, and shear
enhanced diffusion. The S|gn|f|cance of these mechanisms depends on the size of
the particles.
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Dharmappa et al. (1992) presented these arguments in a semi-empirical model for
the prediction of foulant deposit thickness and concentration that would predict the
permeate flux in cross-flow micro and ultrafiltration, for polydispersed colloidal
suspensions. The model is based on a mass balance over the fouling layer on the
membrane surface, written as:

| %[(1-80)6;]—:Z(Cb,.(J+%((1-sc)50)—vbjcﬁ—Jcej.) | (3-65)

i

where g is the porosity of the cake layer, 3. is the thickness of the cake layer, Cy is
the bulk concentration, Cs is the fouling layer concentration, C. is the permeate
concentration, vy, is the backflow velocity and J is the permeate velocity.

Furthermore V, is comprised of the Brownian diffusion, shear enhanced diffusion
and lateral migration velocities as proposed by Wiesner (1989) and Werthle (1990).
The growth rate of the fouling layer was estimated using an empirical exponential
function.

Some significant deviations from the experimental data of Werthle (1990) and Jang
(1987) were observed by Dharmappa et al. (1992), especially when the influent
concentration was low. The main reasons for these deviations can be attributed to
the foIlowmg factors:

- Negligence of internal membrane fouling

- Limited understanding of back transport velocity

- Consideration of the foulant layer and bulk as completely mixed

- Negligence of concentration polarisation

- Negligence of actual hydraulic conditions

2.2.3 The solids flux model

Nagata ef al. (1989) postulated that if fouling is severe, then back migration may be
irrelevant and the decline in flux may be proportional to the rate of arrival of solids at
the surface, i.e. proportional to the flux itself. Such behaviour occurs during micro-
filtration of sticky particles (e.g. microbial cells) at high trans-membrane pressure
drops and low cross-flow velocities. Nagata et al. (1989) modelled this behawour as a
first order feedback inhibition process. For such a process:

J =J,exp(-b,C,) (3-66)

where J, is the pure water flux and bg is a constant describing the characteristics of
the sublayer. This suggests that a plot of In(J) vs. Cp should be linear. The slope gives
a value for bgs and the intercept at infinite dilution gives the pure water flux, J,. The
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solids flux to the membrane is the product of the solids concentration and the
permeation velocity:

S, =J,C, exp(-byC,) (3-67)

A plot of the solids flux against the solids concentration goes through a maximum at Cy,
= 1/bg, at which the solids flux is equal to Jo/(Cp €). (€=2.7218...)

Nagata et al. (1989) compared the gel polarisation and the solids flux model, using
data for the cross-flow micro-filtration of a phosphate buffer solution containing 3.5 ml/l
of 0.5 M HEPES buffer. Nagata et al. (1989) reported that the solids flux model
describes the data adequately.

224 Poiseuille flow through membrane pores constricted by particle
deposition and intrusion

Most of these models treat the membrane as an array of uniform cylindrical pores of a
single pore radius (Blatt ef al. 1970; Jonsson 1984).

Belfort et al. (1993) have extended this analysis to explicitly account for the presence
of a pore size distribution on the flux decline associated with pore constriction effects.
Following the approach of Meireles ef al. (1991) assuming a log-normal pore size

distribution n(r,) and assuming that the local flow rate through a pore j(rp) is given by
Poileuille flow, then the solvent flux is given by:

J = J'j(r )-n(r,)-dr (3-68)

where the number of pores of size r, per unit area is

1 —|log rp\/1+[rp-smfv r] Ir,
n | Iy stoev - ) g

nir)=—=2—\logl 1+| *» . ex

W o)) e o
’ 2log 1+[rp~STDEV/ J

/1

(3-69)
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and

. o locit A Prp2 2 .
i(r,) = velocity x area = 8u'5,. yil (3-70)

where 1, Is the probability density of radius rp, r,* is the mean radius, r,, stoev IS the
standard deviation of the distribution and v’ is the kinematic viscosity (Zydney et al.
1994). If Equations 3-69 and 3-70 are substituted into Equation 3-69, the modified flux

would be
/ 2
r .
-1/ —|log| r, 1+[F"STDE‘/’/ ] I,
2 @ /- rp

2
, J r ‘ 3
J'= EJ(—T{PJ = 27'('09[1 +[ pSTD%] \] X Jexp 2 rrp drp;
2| 1 pSTDEV
L | | Og[ +[ ST ] J

8v

()H/”

(3-71)

Assuming that kihick=ied, is the thickness of an adsorbed multilayer inside a pore and

~that §; is the thickness.of an absorbed layer (a dimension that can be estimated from
the molecular structure of a protein or macromolecule), then i is the number of
monolayers adsorbed in the pore. To account for the loss in cross sectional area for
flow though a pore, r, is now substituted for by rp-kinick In Equation 3-70. Since the
number of pores per unit area remains the same, Equation 3-69 is unaltered. Explicit
expressions for the modified fluxes with and without absorbed solute in the pores are
presented by Belfort ef al. (1993). Their ratio is:

2 3
J'I =1- 4 [kthick ] + 6 {kthick ] _ 4 [kthick J + 1 [kthick J (3_72)
J|2 qpore3 rp i qpor96 rp ¥ C]pore6 rp i qpore5 rP !
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The modified flux is given by:

e J
" (n, /L) (mAP/80) (3-73)

where Qpore = 1+(rp,s-rDEV/rp*)2. Equation 3-72 was conveniently used to obtain an
estimate for ki assuming that r, stpev is the same for the membrane with and
without absorbed solute (Belfort ef al. 1993). The model assumes that on average the
absorbed layer is uniform throughout.

Fane et al. (1981) developed a similar model for ultrafiltration. The model assumes
that the membrane surface is composed of a mosaic of regions of differing solvent
permeability. These regions arise from the relatively low free area, and size distribution
of open pores, which in turn depends on the manufacturing process, and structural
changes caused by usage, damage to the membrane surface, plugging.of pores, etc.
The conventional concentration polarisation model is assumed to apply to each region.

2.2.5 Models incorporating thé flux decline

Most of the models as mentioned above only model the pseudo steady state flux. In
the next section some of the models that describe the flux decline will be discussed.

2.2.5.1 Modelling flux decline of protein containing suspensions

Most fundamental flux decline patterns were developed for ultra-filtration and micro-
filtration of proteins. The mathematical analysis of the flux decline caused by pore
blockage, pore constriction or cake formation is generally performed assuming that
the membrane can be described by a single pore size with the details of these
analysis discussed by Hermia (1982). The starting point in the development of these
models is Darcy’s law which, can be written as (Belfort et al. 1994):

_ AP-o,Arm
v (R, +R, +R,)

(3-74)

- where o, and An are the osmotic reflection coefficient and the osmotic pressure
difference across the membrane, respectively.

The reflection osmotic coefficient is a measure of the membrane’s ability to retain
the macromolecule of interest; it varies from one for a fully retentive membrane to
zero for a non-retentive membrane. Particles generally would not have an osmotic
pressure due to the increased size thereof. The osmotic reflection coefficient for
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ultrafiltration of macromdlecules is close to ‘vne where for microfiltration it is close to
zero.

e Pore blockage
Chandavarkar (1990) described the early stages of bovine serum albumin (BSA)
fouling in microfiltration membranes with a pore blockage model in which the
number of blocked pores was assumed to be proportional to the volume of
solution filtered through the membrane. The filtrate flux was evaluated as a
function of time as: ’

J=J, exp[~ a”'°—,°\;‘J°é,t] (3-75)

p

where the constant apck is equal to the number of pores that are blocked per
unit filtrate volume and A is the area of the upper surface of the membrane.

Hlavacek and Bouchet (1993) found that a modified form of the pore blockage
model referred to as the intermediate blocking law (Hermia 1982) was in good
agreement with their data for the increase in pressure required to maintain a
constant flux during dead-end filtration of BSA solutions through four different
types of 0.2 um microfiltration membranes. '

e Pore constriction
Bowen and Gan (1991) used the pore constriction model, also referred to as the
standard blocking model (Hermia 1982) to describe the flux decline during
stirred cell filtration of BSA and YADH through 0.2 pm aluminium oxide
membranes. The reduction in pore radius was assumed to be proportional to the
filtrate volume with the flux given as:

J= ; (3-76)
apore"/o .
14+——£re ¢
anrp'5m

where apo. is the pore volume of protein that deposits on the interior pore walls
per volume of filtrate.

Bowen and Gan (1991) found that the volume of protein that deposited on the
interior pore walls per volume of filtrate increased with increasing bulk protein
concentration and with increasing pressure drop.

Modelling of the cross-flow filtration flux
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The pore constriction model has also been used by Tracy and Davis (1994) in
their analysis of the initial stages of BSA filtration through 0.2 um polycarbonate
membranes. They however also indicated that their flux decline data could be
effectively described by the pore blockage model.

o Cake filtration

The cake filtration model assumes that proteins deposit in a cake on the upper
surface of the membrane. The hydraulic resistance of the cake layer is assumed
to be proportional to the mass of the deposit analogous to the approach used to
develop classical dead end filtration cake resistance, yielding (Belfort et al.
1994):
4 "
—_ /2
J _ Jo[l + 2adepos/t R‘??CDA-AP t} (3 77)
LR

m

where Cy is the mass concentration of protein in the bulk solution, agepesit is the
fraction of protein convected to the membrane surface that actually adds to the
deposit and R’y is the specific resistance of the protein cake.

Tracey and Davis (1995) studied the flux decline associated with protein fouling
through 0.05 and 0.2 pum track-etch polycarbonate membranes. Their data
indicated that the initial flux decline is generally associated with internal fouling
(either pore blockage or pore constriction) while the long term flux decline was
due to cake formation, with the transition between these two mechanisms a
function of the membrane pore size and bulk protein concentration.
Chandavarkar (1990) successfully used a cake filtration model to describe the
long term flux decline observed during cross-flow microfiltration of BSA.

Howell and Velicangil (1980) used a cake filtration model to describe the flux
decline during BSA ultrafiltration through fully retentive membranes. Cake
growth was assumed to occur via a polymerisation reaction at the membrane
surface. The polymerisation reaction was modelled as:

g~ Hr ()" (378)

where my is the cake mass and C,, is the protein concentration immediately
adjacent to the membrane surface.

Suki et al. (1984) used a cake filtration model to describe protein deposition
during BSA, ultrafiltration with the growth of the cake layer evaluated using an
empirical expression of the form:

Modelling of the cross-flow filtration flux-
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am,

dt = Krate (mcmax _mc) (3_79)

where m.,"® is the maximum value of the cake mass at steady state and K;a is
an empirical constant describing the rate of cake formation.

This model predicts that the flux attains a steady state value at long filtration
times, which is in agreement with much of the available experimental data for
both ultrafiltration and microfiltration. Suki et al. (1986) subsequently developed
a more mechanistic model for the long term flux decline based on the
aggregation of proteins due to intermolecular interactions occurring at or near
the membrane surface. These models have however only been applied to
ultrafiltration.

Palecek and Zydney (1994) developed a simple model whereby protein
deposition continues to occur until the drag force on the proteins associated with
the filtrate flow is no longer able to overcome the intermolecular repulsive
interactions between the proteins in the bulk solution and those already in the
protein deposit. The flux was given by:

(5 z(rg;)e‘")“‘") (3-80)

where ' is the Debye length, ¢ is the protein surface charge density (C.m?),
Pperm is the permittivity of the solvent (=6.95 x 107'° C? J”' for water) and d; is the
characteristic separation between the bulk proteins and the deposit at which the
proteins are just able to overcome the repulsive interactions and add to the
deposit. Jss, iso IS the steady state flux at the protein iso-electric point.

The equation of Palecek and Zydney (1994) predicts that the steady state flux
increases linearly with the square of the protein surface charge density (a
function of the solution pH for any given protein). This was shown to be in good
agreement with experimental data for BSA, lysozyme hemoglobin and
ribonuclease A. This model is also consistent with the observed increase in the
steady state flux with decreasing salt concentration (i.e. increasing Debye
length).

2.2.5.2 Flux during cross flow filtration of feeds containing partfcles

The flux decline pattern of suspensions containing particles has in most cases been
modelled empirically using equations with the same form as that developed for the
filtration of protein containing suspensions.

Modelling of the cross-flow filtration flux
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Redkar and Davis (1993 1995 1996) assumed that flux decline during cross-fiow
filtration can be modelied using the equations derived for the flux decline in constant
pressure dead-end filtration. The flux decline due to cake build-up is therefore given
by:

t -0.5
o1+ k—) (3-81)

T

J=1J

where J, is the initial pure water flux and the time constant k. is given by:

k = (G =GRy (3-82)

" 2R.C,,

where C,, is the volume fraction of cells in the bulk suspension, C. is the volume
fraction of cells in the cake layer. The flux decline curve for an experiment with
unwashed yeast cells in water through a ceramic filter corresponded well with the
described model.

Mallubhotla and Belfort (1996) later used Redkar and Davis’ (1993) model to model
cross-flow microfiltration with periodic reverse filtration of a yeast suspension.

Liberge et al. (1994), used the generic form of Hermia’s filtration laws to model the
flux of a yeast suspension through different inorganic membranes.

‘Jo - ‘Jss (3-83)
(1 + k t' )ndecline

decline

J=J, +

where Jgs is the steady state flux.

They found the value of ngecine to be close to 1. The value of Kgecine Wwas modelled
empirically using a stepwise multiple regression program to find the impact of the
operating parameters. The value of Kgeqine depends on the initial flux, the trans-
membrane pressure drop and the cell concentration.

Murase and Ohn (1996) found that for polydisperse suspensions with a
concentration below a critical limit two stages of flux decline were observed. The
initial stage corresponds to the progressive clogging of the membrane pores. The
rate of pore plugging depends on the particle size to pore size ratio, the liquid
viscosity and the particle concentration. This initial stage is followed by thin cake
filtration, which occurs when a thin cake forms on the initial deposit. The rate of flux
decline during thin cake filtration is related to different process conditions expressed
in terms of trans-membrane pressure drop, shear stress at the cake surface and the
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each of the stages were based on Hermia’s (1982) blocking laws.

3 Comparison between models and experimental data

Table 3-2 compares the impact of each parameter on the pseudo steady state cross flow
filtration flux as predicted by each of the four transport mechanisms. It is assumed that the
feed suspensions are dilute and composed of non-adhesive spherical particles, which form
a cake layer, that dominate the membrane resistance. The equations have all been

transformed into the form:

Table 3-2. Dependence lo

mechanisms

J=1,(aP)" " C'zu'2a'+|'sp'e

Brownian Shear- Inertial lift Surface
Diffusion induced ' transport
diffusion :
Particle £, =-1/3 0y =-1/3 £,=0 £,=0
concentration
Cross-flow £s=1/3 £y =1 £y=2 03 =1
velocity -
AP £,=0 £,=0 £,=0 £,=0
Membrane £s=-1/3 D5 =-1/3 £5=0 £5=0
length .
Particle size | p. = o/3 £, =4/3 £,=3 4= 1
Suspension | p - 4 Os=-1/3 L = -1 0s=0
viscosity

The experimental data obtained by various investigators was grouped according to the

impact of each individual parameter.

3.1 Effect of the trans- membrane pressure drop (AP)

Although the trans-membrane pressure drop (AP) provides-the driving force for filtration,
increases in AP does not always result’in increases in the filtration flux. Generally, the flux
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increases with AP up to a critical value. Above the critical AP the rate of flux increase might
decrease (Forman et al. 1990, Grabler & Ryan 1985; Le et al. 1984a; Patel et al. 1987;
Reismeier et al. 1987 and Tanny et al. 1980), the flux may be independent of AP (Le et al.
1984a; Ofsthun & Colton 1987, Sakkai et al. 1989 and Taddei ef al. 1990) or the flux may
decease (Forman ef al. 1990; Sakkai et al. 1989). The value of the critical AP depends on
the cross-flow velocity (Le et al. 1984a), pore size (Forman ef al. 1990; Le 1987) and
suspension concentration (Forman et al. 1990; Patel et al. 1987).

All of the models predicted that the steady state flux would be independent of the applied
pressure drop (Table 3-2). This only applies to a portion of the experimental data found in
literature. It is therefore not possible to select the most suitable model based on the effect
of the AP. :

3.2 The effect of the cross-flow velocity

The cross-flow velocity directly affects the shear stress and hence the rate of removal of

the cake from the membrane surface. Several workers (Bauser et al. 1982; Datar 1984;

Forman et al. 1990; Harris et al. 1988; Le & Billiet 1984, Le et al. 1984a; Le et al. 1984b;

Nagata et al. 1989; Sakai et al. 1989; Scot 1988; Taddei et al. 1990 and Tanny et al. 1980)

found that increasing the cross-flow velocity increases flux. Several workers based on

experimental data reported a power law relationship between the flux and cross-flow
velocity (Table 3-3).

J o cross-flow velocity™ (3-85)

Table 3-3. The effect of the cross-flow velocity on the permeate flux.

Organism Pore size Value of n, | Reference

Bakers Yeast spherical 5 0.2 2.59-2.97 | Liberge et al. 1994

pm

Bovine blood 0.8-1.1 0.90 Sakai et al. 1989

Micrococcus sp. 0.22 0.5-0.75 Henry & Alfred 1972

Ps. fluorescens 0.45 0.5 Le et al. 1984a

S. cerevisae 0.2-1.2 0.4-0.7 Taddei et al. 1990

S. cerevisae 0.22 1.1 Le 1987

Bakers yeast, Bacillus Tubular 1.0 Shimizu et al. 1993

caldolyticus M1 and inorganic -

Methanogenic waste [0.1]

Bakers yeast (including 0.1 1.0 Shimizu et al. 1994

broken cells)

Corynebacterium Flat sheet 0.6 Tanaka ef al. 1998

glutamicum 0.45um

Activated sludge : Hollow fibres and | 1.0 Shimizu et al. 1996
tubular ceramic

- Modelling of the cross-flow filtration flux
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The experimental data for the coefficient n, varies over a relatively wide range 0.4 — 3.0.
The coefficient is however positive for all cases and are roughly 1.0, for most of the cases.
The largest value of n, (2) is predicted by the inertial lift models while both the surface
transport and the shear induced diffusion models predict a value of 1 for the coefficient
(Table 3-2).

The only reasonable conclusion that can be drawn from these observations is that a
tremendous gulf exists between the complexity of the available models and the complexity
of the effect of the cross-flow velocity on the flux. These models are derived for dilute
solutions of rigid, spherical, neutrally buoyant particles. This means that several effects are
ignored such as:

- Particle interactions

- Particle membrane interactions

- Membrane fouling

- Cake compression

- Concentration dependence of the feed properties especially viscosity

Based on the back transport velocities described by shear induced diffusion and the shear
rate dependence of fluxes observed experimentally it seems that shear induced diffusion
would be the most accurate model describing the physical phenomena during cross-flow
micro-filtration. _ '

3.3 Effect of biomass concentration

The effect of the cell concentration on the cross-flow filtration flux as found from
experimental data are shown in Table 3-4.

All the experimental results showed an impact of the biomass concentration on the cross-
flow filtration flux. Generally, the flux decreased with increasing concentration. Both the
inertial lift and the surface transport modeis predict that the biomass concentration should
not have an impact on the cross-flow filtration flux. These models do however recognise
the impact of the cell concentration on the suspension viscosity, which in its part influences
the shear force at the membrane surface. Brownian diffusion and shear induced diffusion
predict a —0.33 power law coefficient. This is low compared to the experimental values
reported in literature (Table 3-4).

Modelling of the cross-flow filtration flux
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Chapter 3
Table 3-4. The effect of the biomass concentration on the steady state flux
Organism Pore size Value of {; | Reference
in Eq 3-84
Bakers Yeast spherical 5 | LCL tubular ceramic -0.08v . | Liberge et al. 1994
um 0.2um
Bakers Yeast spherical 5 | Tech-Sep tubular -0.08v V| Liberge et al 1994
im Ceramic 0.2um
Bakers Yeast spherical 5 | SCT tubular ceramic -0.11v 9 TLiberge et al 1994
Lm 0.2um
Bakers yeast, Bacillus Tubular inorganic -0.5 Shimizu et al. 1993
caldolyticus M1 and membranes
Methanogenic waste [0.1]
Bakers yeast (including | 0.1 -0.5 Shimizu et al. 1994
broken cells)
Activated sludge Hollow fibres and tubular | -0.5 Shimizu et al. 1996
ceramic
Corynebacterium Flat sheet 0.45um -0.2 Tanaka et al. 1998
glutamicum

(v is the average cross flow velocity in the tubular membrane

‘ 3.4 Other Factors that are modelled and can influence the cross-flow filtration flux

The other factors that were considered in the modelling of the cross-flow filtration flux and
compared to the published experimental results included the particle size and the liquid
permeate viscosity. These are summarised below:

Shimizu et al. (1993 and 1994) found that the flux was proportional to the particle size
to the power 0.67. This corresponds to Brownian diffusion.

Devereux and Hoare (1986) found that the flux of soya protein precipitates (2.6 to 4.5
pum) through a 50 kD cut-off membrane was proportional to the particle radius.

McDonogh et al. (1988) carried out experiments with two different types of spherical
colloids of silica (0.012 — 0.023 um) and polystyrene latices (0.095 — 0.290 um). They
found that the flux first decreased and then increased with particle radius. On the
increasing part of the curve, the flux was proportional to the particle radius raised to the
power 0.4. The 0.023 um spheres gave the lowest flux. They attributed this behaviour
to electrokinetic and double layer interactions.

Vigneswaren & Pandey (1988) microfiltered kaolin clay slurries. Particle radii ranged
form 1.5 - 2.5 um and the flux increased with increasing radius.

Modelling of the cross-flow filtration flux -
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e Mateus & Cabral (1989) used anionic and cationic resins to flocculate heat-treated
Arthroacter simplex cells. Addition of the resins increased the flux 3-10 times.
Increased flux was attributed to reduction of the concentration polarisation layer and
increased porosity of the cake. This argument was supported by the marked decline in
protein retention that occurred when flocculating resins were added.

e In contrast to all the above results, Sims & Cheryan (1986) found that the flux
increased when particle size was decreased. During cross-flow filtration of Aspergillus
niger suspensions, reduction of the particle size distribution from 20-850 to 20-150 pum
increased the flux.

Again, there are large deviations between the experimental data and the available models.
Microbial cells are not rigid and are generally not spherical. Although not neutrally buoyant
in aqueous suspensions, the density difference is not large. More importantly, some
species secrete polysaccharides and are surrounded by a slimy gelatinuous capsule.
Particle size effects may be obscured by the formation of adherent compressible cakes
that are resistant to shear forces. Nagata et al. (1989) suspected that compaction of the
cake occurred during processing of B. polymyxa and Reismeier et al. (1987) observed
compaction of E. coli cakes with time. Ofsthun & Colton (1987) took electron micrographs
of the cell layer at the membrane surface and noted that the cells were tightly packed.

3.5 Conclusions

Quantitative comparisons between the modified polarisation model based on shear-
induced diffusion and the measured flux for plasmapheresis of whole blood were made by
Zydney and Colton (1982). The conventional polarisation model was modified to account
for the concentration dependent blood viscosity. The results showed very good agreement
between theory and experiment, including verification of the dependence of flux on shear
rate, cell concentration and filter length. Close observation of the data shows that each set
of measurements has a shallower slope than the diagonal. This suggests that the mean of
the data follows the trend but that the individual data do not. Zydney and Colton (1986)
also compared the modified concentration polarisation model with data from twelve
different studies of cross-flow filtration of suspensions including blood, bacteria, latex,
paint, platelets and clay (Zydney & Colton 1986). Good agreement was found over wide
ranges of concentrations, particles sizes, filter lengths and shear rates, with the average
error being about 40%.

Lojinke et al. (1992), concluded that the shear induced diffusion models appear to be the
most accurate predictors although there are many complicating features that need further
study. These features include the effects of particle adhesion, compressibility, shape and
size distribution.

Further support of the shear induced diffusion model has been provided for monodisperse
latex beads and for yeast cells by Romero and Davis (1991) and Redkar and Davis (1993).

Modelling of the cross-flow filtration flux
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They showed that the transient flux decline after the start of filtration is well described by
the dead-end filtration theory. The long term flux for latex particles of radii, 0.32, 0.47 and
0.70 um agree with the complete shear induced diffusion theory within an average error of
27%. For unwashed yeast cells with an average radius of 2.1 um, the long term flux was
found to be 2-4 times lower than the predictions of the shear induced diffusion model for
non-adhesive rigid spheres.

Because shear induced diffusion models and surface transport models have similar flux
dependencies on shear rate and particle size they may provide similar agreement with the
data. Indeed Stamatakis and Tien (1993) and Mackley and Sheman (1992) showed that
the flux decline could be described by surface transport models. Mackley and Sherman
(1992) observed particles rolling along the surface of the cake, with no evidence of back
diffusion. Davis and Leighton (1987) showed that the polarisation boundary layer thickness
for the relative large particle sizes, high fluxes and low shear rates as used by Mackley
and Sherman (1992) for optical observation is only a fraction of the diameter of a single
particle.

Although these mathematical models can provide useful descriptions of the decline in flux
observed during membrane filtration, it is not currently possible to obtain a priori estimates
of the key parameters in these equations. In addition, these models do not provide a
quantitative basis for understanding the effects of solution properties or membrane
characteristics on the flux decline. These models also provide little insight into the actual
physical and chemical mechanisms by which the filtration flux declines during the filtration
process (Belfort et al. 1994).

3.6 Flux decline data

Most of the flux decline data have been modelled by using Hermia’'s blocking laws.
Expressing the permeate flux as a function of time, three of Hermia’s blocking laws may be
written in the form:

Jt) = o . (3-86)
(1 + k t‘ )ndecllne

declinre

where J, is the initial flux of the membrane and the choice of (Kgecine, Ndeciine) is determined
by the predominant fouling mechanism; intermediate blocking (K; J,,1), complete blocking
cells (172 K¢ Jo'"%; 2) and cake filtration (2 K¢ Jo%;2) with the adjustable parameters K;, K,
and K. depending on the membrane and the solution.

The value of (Kgecine, Ndeciine) Was determined from the experimental data of various
investigators. These values are tabulated in Table 3-5.
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Table 3-5. Flux decline experimental data fitted to Equation 3-86
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| Liberge et | Liberge et | Liberge et | Redkar & Mallubhotla
al. 1994 al. 1994 al. 1994 Davis 1995 | & Belfort
1996
Nature of Bakers Bakers Bakers Yeast
particles Yeast Yeast Yeast
spherical 5 | spherical 5 | spherical 5
um Hm pm
Membrane LCL tubular | Tech-Sep SCT tubular PES
pore size ceramic tubular ceramic support
0.2um Ceramic 0.2um 0.2um
0.2um
| Jo/DP (Water) | 1200 600 2500-3000
| [LMH bar]
Kaeciine [100 0.007 0.025 0.004 0.0026 0.0025
kPa, 2 m/s,
0.1%] (1/h)
Ngecline 1 1 1 0.5 0.5

Most of the experimental data found on flux deéline used values of either 0.5 or 1 for Ngeciine
(Equation 3-86). This corresponds to either the intermediate blocking law or a hybrid

between the intermediate blocking law and cake filtration (Hermia 1982).

4 Development of an empirical correlation of the filtration data

The work of Hermia (1’9“8':2') serves as a fundamental basis for flux decline modelling. A

generic form of the flux decline equation is suggested in this work:

Several authors (Schneider & Klein 1982; Mietton-Peuchot 1992) found that this generic
(1982) law were well suited to the description of the initial stages of
cross-flow micro-filtration. A constant term Jgss has been included by Liberge et al. (1994) to

form of Hermia's,

J

J(t) =

o

(1+k

decline

t ) Ngecline

provide a semi-empirical ‘€8frelation of the cross-flow filtration flux:

is a dimensionless constant.

‘/o - “/ss

Jt) = J
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+
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where J is the permeate flux in m/s, Jss is the pseudo steady state flux in m/s, J, is the
initial permeate flux in M/s, Kqeciine is the decline constant in h'! tis the time in h and Ngecline

+k

decline

t ) Naectine

(3-87)

(3-88)
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This form should be considered as empirical in its application to cross-flow micro-filtration
because it is not based on a flow model and therefore the parameters Kyeciine @and Ngeciine
have no physical significance.

The steady state flux Jss was estimated based on Darcy’ law and a combination between
the assumptions of shear induced diffusion models and surface transport models.

Jp =22
LR,

R =R, +R,+R, (3-89)

where the trans-membrane pressure drop, AP is in Pa, the permeate viscosity v in Pas
and the total hydraulic resistance in m™.

4.1 The intrinsic membrane resistance (Rp,)

Rm is the intrinsic membrane resistance in m™. It is assumed to be a function of the
membrane and its properties and not influenced by the operating parameters or the nature
of the feed suspension.

4.2 The pore plugging resistance (Rp)

The model predicting the pore plugging resistance at the steady state flux is based on
Hagen-Poiseuille flow through an array of uniform cylindrical pores. The equation as
proposed by Belfort et al. (1993) would be used in this study. This analysis accounts for
the impact of a pore size distribution on the fiux decline associated with pore constriction
effects. The derivation of this law has been discussed in a previous section (2.2.4). Belfort
et al. (1993) presented the following explicit expression for the ratio of the modified flux
with and without constricted pores:

2 3
J" =1- 4 3 [kthic: }_{_ 6 : {kthic:} _ 4 g [kmfc:(] + 1 : [k“hin] (3-90)
I a«m\.j,-.z- Doore \ T Tpore \ 1o Qpore \ o Qoore \ 1o

where J' the modified flux is given by:

e J
C(n, /L)(mAP8V) - (3-91)

J'2/J'1 is therefore also proportional to (Rm+Rp) / Rm
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This means that:
Jl
Rp = Rm(J—,2 -1) (3-92)
1

where ry* (m) is a function of the membrane pore size, Quore (M) is given by 14+(r, sToev/Te*)?
and kiick (M) is the thickness of an absorbent multilayer inside a pore.

In this study it is proposed that the parameter ki (thickness of the absorbent layer inside
a pore) is to be estimated empirically from a least square fit of the experimental data.

4.3 The cake Resistance (R.)

The cake resistance, R is given by the intrinsic cake resistance R. and the thickness of
the cake layer, 6. (m).

Re =8 Re (3-93)

The value for R, for compressible cakes is dependent on the trans-membrane pressure
drop. This relationship has previously been described in dead-end filtration applications
and has been modelled using a power law relationship:

Re =B’ (AP)™ - (3-94)
where AP, the trans-membrane pressure drop is in Pa and B’ is in m

The thickness of the cake layer (8.) is based on single particle trajectory models (Section
2.2.2.5). In this study it is assumed that the thickness of the cake layer is a power law
function of the ratio of the tangential and normal convective forces (tan 6) multiplied by the
cell concentration (X) in the bulk stream:

&c = ky XP' (tan 9)™ (3-95)
Although the equations were derived based on the single particle trajectory and solid flux

models it is essentially an empirical equation. The factor p; compensates for concentration
profiles in the broth while the factor p, compensates for the stickiness of the particles.
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The tangential force (F; in N) is given by:

Fo=3nva’y, G (3-96)

where Ct is correction factor to Stokes law, v is the- I|qu1d viscosity in Pas, is the wall shear
rate (s') and a is the particle radlus in (m)

The force normal to the membrane surface (F, in N) is given by:
Fn = 6 Tova \Jss Cn (3_97)

where C, is a hydrodynamic correction factor to Stokes law due to the presence of the
cake layer.

A torque balance around the protruéion contact point yielded:

F sin® =F,cosH | (3-98)

from which 0, the angle between the normal force on a particle and the radius to the
contact point of the protrusion, could be estimated.

Assuming that yoois proportional to the cross-flow velocity, v and a fixed C; Equation 3-95
- can be rewritten as:

8¢ = ki X" (AP/Ret V)™ (3-99)
where & is the cake thickness in (m), k; s a constant that compensates for the correction
factors and the particle size of the suspension, X is the biomass concentration and p; and
p2 are empirical constants that compensates for the concentration profiles in the broth and
the stickiness of the particles.

From Equation 3-97 and 3-98, the cake resistance then becomes
Re = ki XP' (AP/(Rm+Rc+Rp) v) P2 AP ™ (3-100)
or

Re(Rm+Rc+Rp) P2 = ky X P AP ™<* Pey P2 (3-101)

The constant k; (m™') would take into account the drag coefficients, the value of B’ and the
viscosity of the permeate.
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If pais assumed to be 1 (typical for non-sticky particles) and R is significantly larger than
Rm and R, (common for microfiltration), the cake resistance R would be given by

Re = V(ke X P AP ey | (3-102)

For all other cases, no explicit solution for R. exists.

5 Experimental estimation of the parameters in the empirical
correlation

The parameters in the developed model were determined from experimental data based
on a least square fit. "

5.1 Predicting the pore plugging resistance

A parity-line for the measured R, values against the R, values as calculated by the model
is shown in Figure 3-5.

L4.0E+12 e
3.5E+12

3.0E+12

Calculated Rp [1/m]

2.5E+12

2.0E+12 .
2.0E+12 2.5E+12 3.0E+12 3.5E+12 4.0E+12

Measured Rp [1/m]

Figure 3-5. Parity-line for the pore-plugging resistance of cells suspended in industrial
media though a 0.45-um membrane.

A correlation coefficient of 0.95 was found for this data set. For all the other data sets an
average correlation coefficient of 0.95 and an absolute error of less than 10% was found.

The value of r,* of the four membranes tested in the study were obtained from the supplier
while r, stoev Was estimated from pure water flux experiments. The power law parameters
that determined the value of k did not show good correlation between the types of feed
suspensions or the impact of the operating parameters. Each experimental set (i.e.
membrane and feed suspension combination) had its own set of parameters. The
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parameters did not seem to be a function of either the membrane type or the feed
suspension. The values of these parameters are displayed in Table 3-6 and 3-7

Table 3-6. Values of the pore plugging parameters as determined from experimental results
for cells suspended in industrial media formulation, minimal media and a saline solution for
the microfiltration membranes.

Unit 0.45 um membrane 0.22 um membrane
Industrial| Minimal | Saline |[Industrial | Minimal | Saline
Eq. 3-90 —ry* (Lm) 0.45 0.45 0.45 0.22 0.22 0.22
Eq. 3-90 —ry stoev | (um) 0.30 0.30 0.30 0.14 0.14 0.14
Eq. 3-90 — dgpore (um) 1.44 1.44 1.44 1.40 1.40 1.40
Eq 3-90 — Kthick (um) '
[100 kPa, 2 m/s, 35 0.42 0.41 0.23 0.20 0.20 0.14
g/l]
Eq. 3-90 — J’»/J’4 0.14 0.15 0.52 0.09 0.12 0.39
Rp (m™)

[100 kPa, 2 m/s, 35 2.67E+12|2.44E+12|4.02E+11| 2.26E+12 |1.60E+12|3.31E+11

g/l DCW]

% Error 4% 8% 5% 10% 8% 8%

Table 3-7 Values of the pore plugging parameters as determined from experimental results
for cells suspended in industrial media formulation, minimal media and a saline solution for

~ the ultrafiltration membranes.

r
'

150 kD um membrane

300 kD um membrane

Industrial|Minimal |Saline Industrial [Minimal [Saline
Eq. 3-90 —r,* (um) 0.02 0.02 0.02 0.03 0.03 0.03
Eq. 3-90 - ry stoev | (um) 0.01 0.01 0.01 0.02 0.02 0.02
Eq. 3-90 — gpore (um) 1.44 1.44 1.44 1.44 1.44 1.44
Eq 3-90 — Kihick (um)
[100 kPa, 2 m/s, 35 0.0045 0.0043 | 0.0011 0.0099 0.0101 0.0025
n)
Eq. 3-90 — J’,/J’4 0.70 0.71 0.92 0.67 0.66 0.91
Rp (m™)
[100 kPa, 2 m/s, 35 8.80E+11|8.30E+11|1.76E+11| 9.89E+11 |1.02E+12|2.03E+11
g/l DCW]
% Error 10% 7% 10% 4% 8% 7%

5.2 Predicting the cake resistance

A stepwise multiple regression program was used to determine the empirical constants in
the cake resistance correlation. The program determined the largest data set that would
have a sufficient correlation coefficient with a single set of parameters. The program
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calculates the correlation coefficient for a single set of data. For example for the 0.45
membrane and the cells suspended in the industrial media formulation. The number of
data sets are then increased using a single set of parameter values until the correlation
coefficient is significantly reduced.

From this analysis it was found that p, » 1 (Eq. 3-102) for all the data sets. It was also
found that for the simplified equation (R; = R.) the constant k; (Eq. 3-102) dependent only
on the composition of the feed suspensions and not on the nature of the membrane or the
operating parameters. The values of py ki and n. for each of the membrane and cell
suspension combinations as determined from a least square fit of the experimental data
are depicted in Table 3-8

The measured R values for the micro-filtration of C. glutamicum cells suspended in
industrial media through the 0.45. membrane is plotted against the calculated R. values.
For the first data series it was assumed that the cake resistance is the predominating and
that the particles are not adhesive and therefore p, = 1 (Eq. 3-102). The full equation was
used for line 2 (Eq. 3-101).

. 1.0E+13
E
g
E 5.0E+12 Apvv;
©
T
[o}
=

0.0E+00

0.0E+00 5.0E+12 1.0E+13
Measured Rc [1/m]
® Eq.3-102_ £ Eq.3-101 —Pari-Line_

Figure 3-6 Measured vs. Modelled cake resistance (R.) values
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. Table 3-8 Values of the cake resistance (Rc) parameters (py, n. and k) as defined in Eq. 3-
102 as determined from experimental results for cells suspended in industrial media
formulation, minimal media and a saline solution for the ultrafiltration membranes.

Symbol P4 P2 | N ke
Unit 1] I a [m™]
Suspension

Industrial 067 (099 (045 |4.44x10™
Minimal 066 [1.02 1060 |1.73x10%
Saline 065 [1.01 [059 |1.18x10"

5.3 Prediction of the rate of flux decline
- The model used to estimate the rate of flux decline is depicted in Eq. 3-88.

J,-J
Jt) =J + 2 3-88
(1 + kdecﬁnet ) decline ( )
where Kgecline and Ngecine are parameters that depends on the membrane pore size, the
operating conditions and the suspension composition

The parameters in Eq. 3-88 (Kgeciine @nd Ngeciine) Was determined from a least square fit of
the experimental data for each membrane and suspension combination. These values are
- summarised in Table 3-9.

The value of ngeciine Was close to 1 for all the presented data. If it was assigned a value of
one the error of the prediction and the measured data was not significantly impacted. It
was therefore assumed that ngecine would be 1 for all the membranes and the suspensions.

A multiple regression program was used to find that the flux decline constant kgeine in h™”
for each suspension can be empirically modelled as a function of the initial flux, the cross
flow velocity and the biomass concentration.

k =myJtvmX™ (3-103)

decline

The values of mp...m3 was determined from a least square fit of all the experimental data
and are presented in Table 3-10.
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Table 3-9. Parameters in Eq. 3-88 (Kgeciine @and Ngecine) @as determined from a least square fit of
the experimental data for each membrane and suspension combination.

Membrane Industrial media Minimal media 0.9 % Saline
Ndecline Kdecline Ndecline Kdecline Ndecline Kdecline
[l [1/h] 1 [1/h] [ [1/h]
300 kD 0.98 0.013 1.00 0.010 1.01 0.008
150 kD 0.99 0.012 1.00 0.010 1.01 0.008
0.45 um 0.97 0.051 0.98 0.041 1.04 0.035
0.22 uym 0.98 0.047 0.99 0.038 1.03 0.032

Table 3-10. The values of m,...m; parameters in Eq. 3-103 as determined from a least square
fit of all the experimental data and are presented

Parameter Unit Industrial Minimal Saline -
Mo [1/rn] 0.53 0.47 0.43
m; ] 0.58 0.60 0.62
mp ] -0.25 -0.28 -0.30
ms [] 0.48 0.50 0.52

When the suggested approach (Eq. 3-88) is used to estimate the correlation parameters
there is a very good correlation between calculated and measured results for the cross-
- flow filtration flux. The cross-flow filtration flux obtained when filtering a suspension of C.
glutamicum cells through the 0.45 um membrane with an applied trans-membrane
pressure drop of 100 kPa at a cross-flow velocity of 1.6 m/s is illustrated below.

300 g
250 g
200 -
150
100

n
(@]

Permeate flow rate (mi/h)

(@]

40 60 100

Time (minutes)
— Predicted Flux Measured Flux

Figure 3-7. The cross-flow filtration flux as a function of time for 30 g/l (DCW) of
Corynebacterium glutamicum cells in an industrial media formulation through a 0.45 pm
tubular ceramic membrane. AP = 100 kPa, Cross-flow velocity 1.6 m/s.
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5.4 Prediction of the entire cycle of cross-flow microfiltration

A parity-line was constructed for all the data points collected, irrespective of time,
operating conditions or membrane pore size. :
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Figure 3-8. Parity-line for the cross-flow filtration flux of cells suspended in industrial media.
This represents all the data points for all the operating conditions, membrane pore sizes
over the entire flux decline cycle.

This curve shows that the empirical correlation developed above is adequate to describe
the cross-flow filtration flux of this specific suspension.

6 Conclusions

Two modelling approaches have been followed to predict the flux behaviour during cross
flow filtration. In the first approach the model is based on empirical correlations of the
experimental data. The form of the model has in itself no significance and is entirely
dictated by the data. On the other hand fundamental models are based on proposed
mechanisms of flux decline derived from first principles.

Quantitative comparisons between the modified polarisation model based on shear-
induced diffusion and the measured flux data for various systems showed good agreement
between theory and experiment. Close observation of the data suggests that the mean of
the data follows the trend but that the individual data do not. Because shear induced
diffusion models and surface transport models have similar flux dependencies on shear
rate and particle size they may provide similar agreement with the data. :

It was found that a generic form of Hermia’s blocking laws (Equation 3-87) is well suited to
the description of the initial stages of cross flow microfiltration. A constant term (the
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pseudo steady state flux) has been included to provide a semi-empirical correlation of the
cross flow filtration flux (Equation 3-88). The pseudo steady state flux can be estimated
based on Darcy's law (Equation 3-89) and a combination of the shear induced diffusion
and surface transport models. Darcy’s law divides the total resistance to the permeate flux
into the mernbrane resistance (or the impact of the membrane on the flitration flux), the
pore plugging resistance (or the interaction between the feed suspension and the
membrane) and the cake resistance (or the impact of the feed suspension on the filtration
flux).

The membrane resistance is estimated from pure water flux data. The pore plugging
resistance is based on Hagen-Poiseuille flow through an array of cylindrical pores. The
analysis accounts for the impact of a pore size distribution on the flux associated with pore
constriction effects (Equation 3-90). The cake resistance is given by the intrinsic cake
resistance, which is a function of the applied trans-membrane pressure drop, and the
thickness of the cake layer on the membrane surface (Equation 3-94, 3-95). The thickness
of the cake layer is based on single particle trajectory models. The thickness of the cake
layer is modelled as the product of power law functions of the ratio of the tangential and
normal convective forces and the cell concentration in the bulk stream (Equation 3-95) to
compensate for concentration profiles in the broth and the stickiness of the particles. The
presented model adequately described the experimental data.

Although these mathematical models can provide useful descriptions of the decline in flux
observed during membrane filtration, it is not currently possible to obtain a priori estimates
~of the key parameters in these equations. In addition, these models do not provide a
quantitative basis for understanding the effects of solution properties or membrane
characteristics on the flux decline. These models also provide little insight into the actual
physical and chemical mechanisms by which the filtration flux declines during the filtration
process.
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Selection of the Most Suitable Filtration Flux Estimation
Correlation

1 Introduction

There are various correlation’s (models) available to predict the cross-flow filtration flux.
Due to limited understanding of the complex nature of the fundamental processes that
occurs during cross-flow filtration, most models that are entirely based on fundamental
principles (i.e. with no parameters that must be estimated from experimental data) does
not predict the filtration flux very well.

Therefore, most attempts at modelling the cross-flow filtration flux are hybrids between
empirical correlation’s and fundamental models. The form of the equation is in most
instances determined by some fundamental assumptions about the processes that occur
during cross-flow filtration. The parameters in these equations are then estimated from
experimental data to yield the final model that can be used for flux estimation for scale-up
and design purposes. -

Choosing the most suitable model for a specific purpose from the array of different models
- can be seen as an optimisation problem. The objective would be to find the simplest model
(both in concept and in mathematical execution) that adequately describes the filtration flux
over the range of conditions of interest.

In this work Bayesian inference would be used to find the functional relationship (model)
with the highest probability of predicting the true filtration flux with the least number of
parameters.

2 Bayesian Inference

The problem of inference has been the subject of considerable attention since the
systematic study of probability theory began in the eighteenth century (O’ Hagan 1994).
Many different theories of inference have been proposed, and there has hardly been a
time when inference was not a matter of controversy. Classical or frequentist inference is
well known and was almost uncontested during the middle of the twentieth century. Since
about 1960 there has been a steady revival of interest in Bayesian inference to the extent
that the Bayesian approach is now a well established alternative to classical inference (O’
Hagan 1994).
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2.1 Classical vs. Bayesian inference

Classical inference theory is based on the frequency interpretation of probability, which
asserts that the probability of an event is the limiting relative frequency of occurrence of
the event in an infinite sequence of trials. Classical rules of inference are judged on their
long run behaviour in repeated sampling. In this approach, a point estimator has a
sampling distribution. The sampling distribution is defined as being unbiased if the mean of
that distribution equals the parameter to be estimated. The sampling distribution is
composed of frequency probabilities, where the infinite sequence of trials is a sequence of
hypothetical repetitions of the sampling process, which generated the data.

In order to follow the Bayesian method it is necessary to adopt a less restrictive
interpretation of probability. The principal alternatives to frequency probability are
described as logical probability and subjective probability. In both these theories,
probability represents a degree of belief in a proposition, based on all the available
information. :

In the Bayesian approach, some prior probability is given to the event or a prior distribution
of the value of a certain parameter. The event is then sampled and a posterior probability
calculated from the prior knowledge and the measured information. The posterior
distribution is then used to estimate a likelihood of an event or to construct a posterior
distribution of the parameter value. The posterior information is then used for inference.

- The fundamental distinction between classical and Bayesian inference is that in Baysian
inference the parameters are random variables, and therefore have both prior and
posterior distributions. In classical inference the parameters has unique values, although
these values are unknown, and it is not permitted to be treated as random variables with
probabilities (O’ Hagan 1994).

2.2 Ba yes’ Theorem

The Bayesian method of inferénce is based on Bayes theorem, stated below (O' Hagan
1994)

Consider two events, A and B. From the identity:
p(A)-p(B| A)= p(4,B)=p(B)-p(4|/B) (4-1)

The probability of A and B occurring is either the probability of event A multiplied by the
probability of event B given that A occurred or the probability of event B multiplied by the
probability of event A given that B occurred. The simplest form of Bayes theorem is
derived:

_p(B)-p(4]B) (4-2)

B| A
p(B|A) (A)
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The probability of event B given A is equal to the probability of event B multiplied by the
probability of A given B divided by the probability of event B.

2.3 The Bayesian Approach

Assume that an inferences with regard to event B is required, with some initial, prior
probability P(B) known. The occurrence of A is then observed. The proper description of
how likely B is when A is known to have occurred is the posterior probability P(B | A).
Bayes theorem can be understood as a formula for updating from prior to posterior
probability; the updating consisting of multiplying by the ratio P(A | B) / P(A). It therefore
describes how a probability change as new information becomes known (O’ Hagan 1994).

By far the most common inference scenario involves unknown quantities rather than
unknown features expressed as a discrete set of hypotheses. Any such unknown quantity
in a statistical problem is called a parameter and inference is therefore concerned with
statements regarding the values of parameters. Bayes’ theorem is therefore restated in
terms of random variables:

Consider a general problem in which data x is known and an inference about a parameter
6 is required. If in addition, it is assumed that every distribution possess a corresponding
density function this can be rewritten as (O’ Hagan 1994):

Hy | x) =

fy) f(xlv)
T (4-3)

f(x

f(x) can be interpreted as the normalising function, fixing the posterior distribution density
to have an unit area under the curve. This equation can therefore be rewritten as:

o 1) = @) Txw) w

Jf f(xy)-

This version of Bayes’ theorem is interpreted in the same way as for simpler events. The
prior density f(y) represents the prior information about y. When the data x is observed,
Bayes' theorem constructs the posterior density f(y | X) as proportional to the product of
the prior density and the likelihood f(x | v) (O’ Hagan 1994).

Form the posterior density f(y | x) suitable inference statements can be derived with
regard to parameter y. The posterior distribution encapsulates all that is known about v
following the observation of the data x and the prior knowledge about y. Unfortunately, the
posterior distribution codes this information in a very compact form and therefore it is
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helpful to express the properties of this distribution in terms of helpful summaries. These
include various statistical operators such as the mode, mean, median, variance skewness
and density plots.

In short the Bayesian method comprises the following steps.

2.4

Obtain some prior knowledge with regard to . The prior probability represents
the investigators knowledge about y before seeing the data. The Baysian
method requires prior probabilities to be given explicit values. A logical prior
probability must be the unique value logically implied by the available
information prior to seeing the data. Unfortunately, in most cases, this value
cannot be found; the necessary theory simply does not exist. The exception is
the case where prior information is non-existent or, more accurately, where there
is no prior information, which is relevant to the parameter . For this case there
exists some theory which can be used to construct prior distributions. However,
it is a matter of contention whether such a state of complete prior ignorance of v
can exist. Sufficient prior information always exists to identify y as a meaningful
quantity in the data generating. process, and to have some purpose in requiring
inference about it. Nevertheless, logical probabilities are often used as
approximations whenever prior information is very weak.

Obtain the likelihood function f(x | ). The likelihood function f(x | ), is
regarded as a function of y for fixed x. However individual values of this function
are obtained form the probability distributions of x for various . For a Gaussian
process in which the error is calculated at the difference between the assumed
value of y and the sampled value is normally distributed with mean zero and
standard deviation ostpev?, the likelihood function can be calculated using:

f,(X | W) = HCZT[GSTDEV ) /2 e( -Ermor? (20 srpey” ) (4_5)

Apply Bayes’ theorem to derive the posterior densi’ty fly | x)
Derive appropriate inference statements from the posterior distribution.

Model Comparison

The Bayesian method for comparing d|fferent models involves the application of Bayes’
theorem as explained below.

Consider models H € {1, 2, 3 ... N} and some observed data D
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Then,

pitt | p) = 2L POLED (4-6)

And for the parameters y of H

_pPly | D)-p(D|y,H)
p(y | D,H) = oD H) (4-7)

P(D | H) is referred to as the evidence for mddel H

Therefore,
p(H | Dy p(H)- p(D| H) (4-8)
where
p(D|H)= [p(y [H)-p(D]y.H)-dy (4-9)

A Bayesian factor or posterior ratio for model comparison can be defined as:

pH, D) _p(H) p(D|H)
p(H, D) p(H;) p(DIH))

(4-10)

Based on these ratios’ different models can be compared. Broadly speaking this ratio will
increase as the relative fit of model H; increases compared to model H;.

2.5 Computational issues in the Bayesian approach

Practical implementation of Bayesian methods requires substantial computation. The
computational requirement needs to deal with the large number of multi-dimensional
integration steps that are involved in the calculation of the Bayesian factor. For each
parameter in the model, calculation of the evidence requires integration of the posterior
distribution of the parameter estimation for all possible values of each of the parameters.
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2.5.1 Calculation of the likelihood

Assuming a Gaussian process with normal distributions the likelihood can be
calculated from:

X |‘V H 27TO-STDEV )1/2e(—Errorzl(zaSTDEV')) (4_1 1)

where the error is the difference between the measured data value and the value
predicted by the model when the parameter has a value v.

2.5.2 Calculation of the Evidenc.e

The evidence requires integration of the posterior distribution of the parameter
estimator:

p(D|H) = jwa p(D|y,H)-dy (4-12)

Some of the most common estimation techniques would be discussed in the following
sections.

2.5.3 Quadrature

Numerical integration, also known as quadrature is directly applicable to the estimation
of multidimensional integrals. To illustrate the principle, consider the one-dimensional
integral,

(4-13)
I=[f(x)ds

Quadrature methods essentially approximate / by calculating f(x) at a number of
points, X1, X2, X3... and applying some formula to the resulting values f(x1), f(x2), f(x3)...

The simplest and most common form is a weighted average
I=% wf(x) (4-14)

Different quadrature rules are distinguished by using different sets of design points
and/or different sets of weights.
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254 Monte Ca_rlo

A different approach to evaluating an integral, evaluates f(x) at random points. This
method is referred to as Monte Carlo integration. Suppose that a series of points x4, Xa,
X3...are drawn independently from the distribution with density n(x).

(s f(x)
/= [f(x)-dx = J{W}-n(x)-dx (4-15)

n(x) must be positive if f(x) is positive. The sample of points Xx;, Xz, X3... drawn
independently from 1 gives a sample of values f(x)/n(x). The integral is then estimated
from the mean of these values.

I =,7-'z% (4-16)

The variance for this estimate depends on how accurately the sampling density n(x)
mimics f(x). The objective is to obtain a density s such that it is feasible to draw a
sample from rj and so that n would be approximately proportional to f. For Gaussian
processes an obvious choice for s is the normal distribution.

2.5.5 Markov Chain Monte Carlo

A group of methods collectively known as Markov Chain Monte Carlo (MCMC)
methods have proved more powerful than either Monte Carlo integration or quadrature
and are capable of handling very highly dimensional problems. The essence of these
methods involves inference of the posterior distribution from a sample from this
distribution. ’

At least in an asymptotic sense a sample is drawn directly from the normalised
density:

f(x)

nx) = Jf(x)-dx

(3-17)

This is not truly possible for the purpose of Monte Carlo integration since numerical
integration would then not be possible. The explanation of this apparent contradiction
is that in Monte Carlo integration the density n(x) = f(x)//f(x)dx have to be known
explicitly and that implies that [f(x)dx is known. MCMC methods sample from the
normalised density without knowing and without deriving the normalising constant.
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Gibbs sampling would be described to illustrate the principles involved in MCMC
methods.

Let g(X) = f(X)/ [f(x)dx be the normalised joint density. Furthermore let:

fi(xi|Xi) = f(xi|x1.... X1, Xi+1...Xp) be regarded as a function of x; alone with the other
components X, fixed. In its normalised form gi(x|Xi) = fi(x|X;)/ Ifi(xilxi) dx, it is the
conditional density of x; given X; deriving from the joint density g(X). The Gibbs
sampler consists of sampling from these distributions in a cyclical way.

The iterative process starts with an arbitrary point X% = (X1...Xp) and generate a series
of random points X', X, X* where X™ is derived from X™ in the following way:

X™1, is randomly drawn from g(x+|x2", X3"... Xp")
X™1, is randomly drawn from g(xa|xs™" , x3™
X™3 is randomly drawn from g(xs| x:™", x2™", x4™...x,™)

All the random draws are performed independently. This is a stochastic process
replacing x; by a random draw from that conditional distribution. If this procedure is
repeated from the same starting point a different sequence of X™ would be obtained.
X™ can therefore be seen as a random variable whose distribution is determined by
the starting point and the distributions gi(xi|Xi). Another important property of the
sequence is that the distribution of X™ given all the previous values X° X'... depends
only on X™ This is known as the Markov property and the sequence is called a
Markov chain. We have a Markov chain with the same transition distribution f* =
f(X1|X°)for every step, which constitutes a homogeneous Markov chain. Markov chains
have been extensively studied (Feller (1968) and Grimmett & Stirzaker (1992).

One of the most important properties of Markov chains is that under rather general
conditions a homogeneous Markov chain converges. The distribution of X™ given the
starting point converges as m — < to a limiting distribution f°, which is independent of
X® and depends only on the transition distribution f*.

Various other sampling techniques are available such as metropolis update, hybrid
‘Monte Carlo and hybrid Monte Carlo with windows techniques.

In essence MCMC techniques comprises selection of X°, followed by determination of
an assumption of g=f(X)/[f(x)dx by m iterations. This will also yield a corresponding X™.
With X™ and the approximated g', a single value for g'/f(X™) can be calculated. The
final estimation of [f(x)dx can be obtained from the average of several g'/f(X™)’s.
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3 Data acquisition

The filtration models were evaluated by gathering experimental data form a laboratory
cross-flow filtration rig. The experimental plan was divided into two main categories. The
first evaluated the impact of single parameters on both the steady state flux and the rate of
flux decline. These parameters included the biomass concentration, cross-flow velocity
and trans-membrane pressure drop.

In the second set of experiments the filtration rig was coupled to a bioreactor and used to
recycle biomass to the reactor. The permeate flux through the membrane was measured
under different operating parameters. These included cross-flow velocities ranging from
0.5 to 1.2 m/s and transmembrane pressure drops around 100 kPa. Typical lysine and
biomass concentrations -experienced during the fermentation varied from 0-100 g/l and 0-
40 g/l DCW.

It was seen quite clearly form the data that the filtration experiments exhibited higher fluxes
at similar operating conditions than the filtration flux measured during the fermentation
process with biomass recycling.

The reason for this deviation can ascribed to the effect of cell viability on the hydraulic
resistance as well as the effect of by-products on the permeate.

- 3.1 Parameter Estimation

The experimental data was used to calculate an error defined as the difference between
the predicted and the measured flux for each of the data points. These errors were
squared and added to present a total square error. This error was minimised by selection
of the model parameters. This optimised solution was then used as a starting point for the
estimation of the Bayesian factor using MCMC methods.

The models were broadly divided into two groups, models of which the form of the model is
based on a fundamental understanding of the system behaviour and empirical models.
The model parameters for both these sections of models were however determined using
the procedure above. This implies that although the form of some of these equations are
dictated by fundamental principles the application of these models are highly dependent on
the available experimental data and thus in nature these models are all empirical.

3.1.1 Empirical Models

Empirical power laws have already been used with success by several authors to
predict the fouling resistance of permeate flux through micro-filtration membranes (de
Balmann 1988; Romero & Davis 1990; Liberge et al. 1994)
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A stepwise multiple regression program was used to estimate the coefficients of the
following equation:

In(Perm)=a, +a,x1 +a, X2 +...+ 8, Xn (4-18)
where the variables x; were chosen among

Z;; In(Z); Zin(Z)
With Z; Z; € |X, Lys; v; tland i # ]

The terms Z or In(Z) account for the main influence of the possible operating
parameters and the terms Z In Z test for possible interactions among them.

The program uses a least squares method to adjust the coefficients. In multiple
regression, the program also tests if the proposed variables are significant for the
regression. This is done using the variance analysis of the regression. The total
variance can be separated into explained (by the model) and the residual variance. A
variable is significant for the regression if it produces a significant increase of the R?
parameter, which is the ratio of the explained variance to total variance. The best
solution is the one with the highest R? with as few variables as possible.

3.1.2 Fundamental models

In cross flow filtration the flux typically declines sharply over the first 5-10 minutes,
followed by a pseudo steady state flux. This flux is referred to as a pseudo steady
state due to the slowly decaying nature thereof.

3.1.2.1 Steady state flux

Contrary to dead-end filtration the cross flow filtration flux does not decline to zero.
After some time, a pseudo steady state or slowly declining flux is achieved. Various
fundamental mechanisms have been suggested to explain the steady state flux. It is
generally believed that the cause of the flux decline is due to either fouling or cake
build-up. Fouling is defined as the irreversible internal blocking of membrane pores.
Cake build-up refers to a process by which a dense particle layer is formed on the
membrane surface increasing the hydraulic resistance to permeate flow.

The most general approach is to assume that particle or foulant deposition onto or
drag towards the membrane surface is balanced by some mechanism of back
transport from the membrane surface. The mass transfer equations are often solved
by simulation of the single-phase flow in the feed channels and coupling the solution
of the flow field to the solute mass transfer balance.
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The various approaches can be broken down into the following categories:
. Equal rate models

- Concentration polarisation

- Shear induced diffusion

- Inertial lift
. Flowing Cakes
* Solids flux .
* Pore constriction

Equal rate models refer to equal particle deposition and removal rates to and from
the membrane surface. Concentration polarisation is the oldest and simplest of
these models (Blatt et al. 1970 and Porter 1972). In short this model assumes that
particle transport to the membrane surface is driven by the convection force caused
by the permeate flux. A highly concentrated layer then builds up onto the membrane
surface. The solid flux towards the membrane surface is then balanced by diffusion
of particles from the membrane surface due to the concentration gradient generated
at the cake-feed stream interface. This theory is 'based on the so-called classical
thin film Fickan diffusion theory. This model has been used successfully in reverse
osmosis and ultrafiltration applications ailthough it has limited applicability for
microfiltration (Blatt et al 1970).

The model is based on the following particle balance:
dC,

JC, =D 4-19
» =D - (4-19)

Which can be integrated to give:
J=k, .ln(g—w) (4-20)

b

For conditions typical of cross-flow filtration the local mass transfer coefficient has
been evaluated by Leveque (1928) and Porter (1972) from the analogous heat
transfer problem. The diffusivity was estimated from the Stokes-Einstein relationship
for spherical particles. This gives rise to the following expression;

J — k,’ .uOJ} R /.L -0.66 In(g_w) (4_21)

b

with parameters; ki and C,,.

Zydney and Colton (1986) proposed that the diffusivity used in the concentration
polarisation approach is a result of hydrodynamic interaction of particles in a
concentrated suspension rather than Brownian motion as suggested by the Stokes-
Einstein relationship. A particle in a shear field will tumble over other particles and
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thereby undergo a series of displacements from the bulk average streamline. The
effect of this motion is the net migration of particles from high to low concentration.
From the shear induced diffusivity relationship developed by Eckstein et al. (1977)
and the Leveque mass transfer coefficient the flux becomes;

ng 1 C
J =k U™ In(Z") (4-22)

b

with parameters; kg, nsi and Cy,

Zydney and Colton (1987) later refined the model to account for the non-constant
viscosity in the boundary layer. Their model fitted plasmapheresis data well. This
approach was further developed by Leighton & Acrivos (1987) and Davis &
Sherwood (1990) with regard to the dependency of the diffusivity on the shear rate
at the membrane wall and a concentration dependent viscosity relationship in the
boundary layer.: ' '

Belfort and coworkers (Green and Belfort 1980; Altena and Belfort 1984; Altena et
al. 1983; Belfort et al. 1985; Ottis et al. 1986; Drew et al. 1991) have proposed that
the discrepancy between the predictions and the experimental data seen for the
concentration polarisation approach were due to the augmentation in particle
transport due to a hydrodynamic lift force. The lateral movement of particles across
streamlines as they are suspended in a fluid flowing in a tube or slit was observed
as early as 1836 (Green and Belfort 1980). Theoretical solutions of this lift velocity
centre around solution of the Navier Stokes equations with inertial terms included
(Brenner 1966, Rubinow & Keller 1961; Saffman 1965; Cox & Brenner 1968; Ho
and Leal 1974) When these terms are neglected no lift is predicted, Thus
theoretically this phenomenon is of inertial origin. More simply lift can be viewed as
arising from the pressure difference which arises from the difference in fluid velocity
on either side of a particle in a non-constant velocity field.

Virually all studies on the lift phenonema, whether theoretical (Brenner 1966;
Saffman 1965, Cox & Brenner 1968; Ho & Leal 1974) or experimental (Segre &

Silberberg 1961 1962; Thomas 1961; Karnis et al. 1966 Theodore 1966, Ratkow et
al. 1987) arrive at the following identical form for the migration velocity expression:

J=k, -uM.p™.p (4-23)
with parameters, ky;, hy and my,.
An alternative to back transport of particles away from the membrane by

mechanisms such as diffusion and inertial lift, it is possible that the particles are
carried to the membrane surface by the permeate flux and then roll or slide along
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the surface due to tangential flow. Both continuum and single particle models have
been developed to describe this phenomenon.

In the continuum approach, the rejected particles are assumed to form a flowing
cake layer. Davis & Birdsell (1987); and Leonard & Vassilieff (1984) developed
mathematical models to describe the simultaneous deposition of particles to the
cake layer and the flow of this layer to the filter exit. Leonard & Vassilieff's model
divided the fluid above the membrane into two regions. The first a close packed
region adjacent to the boundary of concentration Cm and a bulk fluid region where
the concentration is uniformly fixed at Cy. The close packed region moves along the
membrane at a rate depending on the cake rheology. Cakes that behave as
Bingham plastics will consist of a stagnant lower layer and flowing upper layer. This
flux was given by Zydney and Colton (1986) as:

ny Cw"C
I by U= (4-24)

with parameters, kg, ng and C,.

A plasmapheresis-specific model predicted experimental data adequately. Some of
the other assumptions underlying this model is however questionable.

In single particle models, the basic concept is to consider a spherical particle on the
surface of the membrane or on the surface of a stagnant cake layer and perform
force and torque balances on the paricle to determine if it will adhere to the surface
or to be transported along the surface (Lu & Ju 1989 and Stamatakis & Tien 1993,
Fischer & Raasch 1986 De Balmann et al. 1990).

The general form of the flux equations for this approach is:

Jy, =Ky -Re™ 0™ % (4-25)

with parameters, Ksp, Nsp, Msp and Osp.

If during the microfiltration of certain materials fouling is severe then back migration
may be irrelevant and the decline in the flux may be proportional to the rate of
arrival of solids at the surface, i.e. proportional to the flux itself. Such behaviour
occurs during microfiltration of sticky particles such as microbial cells. Nagata et al.
(1989) modelied this behaviour as a first order feedback inhibition process. For such
a process,

J=J e (4-26)
with parameter, bg;.
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The last approach followed is that of particle capture by the membrane, deposition
and intrusion. Most of these models treats the membrane as an array of uniform
cylindrical pores of a single pore radius (Blatt et al 1970; Jonsson 1984) Belfort et
al. (1993) have extended this analysis to explicitly account for the presence of a
pore size distribution on the flux decline associated with pore constriction effects.
Following the approach of Meirels et al. (1991) assuming a log normal pore size
distribution and assuming that the local flow through a pore is given by Poiseuille
flow. If the pore diameter is reduced by an absorbed multilayer inside the pore,
reducing the available area for permeate flow. The ratio of the clean membrane flux
to the fouled membrane flux is given by:

J} =1=— 4 }[kWT]+ 6 s[kWT]-__ 4 s{kWT]i+ 15[kWT] (427)
J 2 q pore ' rP - q pore rP q pore rP q pore rP

3.1.2.2 Flux decline

In the case of dead-end filtration, the constant pressure blocking laws discussed by
Hermia (1982) provide four equations of evolution through simple assumptions on
particle deposition. Expressing the permeate flux as a function of time, three of
them may be written,

J

J = = .
(1 + kdec/[netl )ndecline (4 28)

Several authors (Schneider & Klein 1982; Mietton-Peuchot 1984) found these laws
were well suited to the description of the beginning of cross flow filtration
microfiltration operations. A constant term for the limiting flux Jss reached at the
pseudo steady state is added to a transient term, which is initially equal to J,-Jss and
goes to zero according to Equation 4-28. The form of the equation should be
considered as empirical in its a application to cross flow filtration because it is not
based on a flow model and therefore the parameters Kgecine @nd Ngeciine have no
physical significance.

Jod, 4 Je T (4-29)
ss (1 + k t' )ndeclr'ne

decline

3.2 The Hybrid approach

This approach is fundamentally based on Hermia’s flux decline laws and Darcy’s law to
estimate the steady state flux. The form of the equation is the same as in Equation 4-29.
With Kgeciine @Nd Ngeciine being parameters estimated form the experimental data.
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The steady state flux is then estimated using Darcy's law:

AP

JSS =
HRy .
Re =R, +R, +R, (4-30)

Rm is estimated from the pure water flux. R, is determined through the pore plugging
equations described before.

Jl
R, =Ry(G=1)
- 2 3
J:l — 1 _ 4 5 {klhicf ] + 6 - [klhici( J _ 4 - [klhici( J + 1 - [klhfcf] (4_31)
J 2 q pore rp qpore rp qpore rp qpore rp

R. is determined form the intrinsic cake resistance and the thickness of the cake layer,
which is assumed to be proportional to a power of the biomass concentration and the
angle of the drag force on a particle towards and tangentially across the membrane
surface.

R, =k, - X" .AP"™ .y~ (4-32)

with parameters k;, ps and nc.

3.3 Model selection

Three parameters were calculated from the experimental data points over the entire flux
decline cycle under various operating conditions. These parameters included the adjusted
sum of squared errors, the correlation coefficient and the Baysian factor relative to the
hybrid model developed earlier.

The sum of squared error as well as the correlation coefficient was adjusted for the
degrees of freedom to exclude the effect of limited availability of experimental data.

These parameters are summarised in the presented graph below.
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Figure 4-1. Calculated parameters for model comparison

The average percentage error as well as the correlation coefficient was adjusted to
represent equal degrees of freedom. This was done to avoid that models with a larger
number of parameters would necessarily fit the data better than models with fewer
parameters due to the limited availability of data.

- The hybrid approach had the lowest adjusted mean error and the highest adjusted
correlation coefficient. The hybrid approach was therefore selected as a reference for
calculation of the Bayesian factor. As can be seen from the presented graph, all the
Bayesian factors were less than one indicating that this model predicts the data better than
any of the other models.

4 Conclusions

Choosing the most suitable model for a specific purpose from an array of model can be
viewed as an optimisation problem in itself. The objective function is to find the simplest
model (both in concept and in mathematical execution) that adequately describes the
filtration flux over the range of conditions of interest. In this work Bayesian inference has
been used to select the functional relationship with the highest probability of predicting the
filtration flux with the least number of parameters.

The hybrid model developed in Chapter 3 was compared against an empirical model
derived from a multiple regression approach (Eq. 4-18), concentration polarisation (Eq. 4-
21), shear induced diffusion (Eq 4-23), flowing cake layer (Eq. 4-24), single particle models
(Eq. 4-25) pore plugging (Eq. 4-27) and the solids flux model (Eq. 4-26).
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Bayesian analysis was used to determine the Bayesian factors of the presented model
against the hybrid model. All the Bayesian factors were below 1 indicating that these
models describe the process less adequately than the hybrid approach. The hybrid
approach also showed the lowest adjusted (to compensate for the varying degrees of
freedom between models) error (7%) and the highest adjusted correlation coefficient (Rzad,-
= 0.9950).

The hybrid model was therefore selected as the preferred model to predict the filtration flux
as a function of the operating conditions and the feed stream properties.
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The Impact of Filtration on Fermentation Performance of
Corynebacterium glutamicum Cells

1 Introduction

L-Lysine production takes place during the late exponential and stationary metabolic
phases, which implies a low biomass growth rate. Therefore, L-lysine production is
restricted to either batch or fed batch operated processes. In the fed-batch process, the
carbohydrate source is fed continuously to the reactor during the L-lysine production
phase, where it is converted to L-lysine. In addition to the increase in reactor volume,
caused by the carbohydrate feeding, microbial activity gradually declines. A feed and bleed
strategy allows extension of the batch beyond the time taken to reach the working volume
of the bioreactor. During the bleed stage, viable biomass is lost, causing a gradual decline
in the bioreactor productivity. The fermentation is terminated when the rate of L-lysine
production and carbohydrate conversion becomes uneconomical. At this point, the
bioreactor is emptied and the spent medium processed for lysine recovery.

A large portion of the production cost is spent on the establishment of the viable cell
population. With the feed-and-bleed strategy, up to 50% of the produced biomass can be
- lost while still viable and capable of L-lysine production. The productivity and conversion of
carbohydrates to L-lysine are limited by the reactor volume as well as the inability of the
process to retain the microbial population.

The reactor performance can be enhanced by continuously withdrawing microbial culture
and recycling of the biomass in the suspension to the reactor. The biomass in the reactor
outlet can be separated from the spent medium using cross-flow filtration before being
recycled to the reactor.

Cross flow filtration is a pressure driven membrane separation process characterised by
the feed suspension flow perpendicular to the permeate flow. The filtration process is
essentially based on a sieving mechanism whereby the solvent is forced through the
membrane (driven by the pressure difference across the membrane) while the larger
solutes (or suspended particles) are retained by the membrane. Compared to other
separation techniques cross-flow filtration has several advantages. Separation is based on
size difference rather than on the small density differences which centrifuges and settling
ponds attempt to exploit (Henry & Alfred 1972). The tangential movement of the process
fluid helps to remove most of the rejected material from the membrane surface minimising
the accumulation of cells at the filter surface. The beneficial consequence is that the
resistance to permeate flow increases at a much slower rate compared with conventional
dead-end filtration (Brown & Kavagh 1987). Furthermore, the cell concentrate is not
contaminated with flocculents or filter aid. Aerosols are not generated (Kréner et al. 1984)
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and a contained sterile operation is possible. Under normal operating conditions most
investigators including Grabler (1985), Hoffman et al. (1987); Le & Atkinson (1985); Ryder
et al. (1988) and Taddei & Howell (1989), have found that there is generally no loss of
viability of bacterial cultures during cross flow filtration. However some viability loss occur
under high shear conditions (Nagata et al. 1989; Rebsamen et al. 1987; Tanny et al.
1980).

The effect of the increased hydrodynamic shear stress on the growth, metabolism and
morphology of microbial cells have been investigated by various other researchers (llling
1998; Dunlop & Namdev 1993; Toma et al. 1991). Most of these studies were conducted in
a stirred tank reactor and the magnitude of shear forces was limited to that caused by the
impeller tip speed and the break-up of air bubbles. :

In this chapter, the qualitative effect of the shear forces typically encountered in cross-flow
micro-filtration applications on the morphology and metabolism of Corynebacterium
glutamicum. cells are investigated. Two extreme sets of fermentations in term of
hydrodynamic shear were selected. On the one hand a set of conventional batch
fermentatins was performed at mild agiatation conditions, while on the other hand extreme
cross flow filtration conditions (cross flow velocity of 7 m/s and trans-membrane pressure
drop of 200 kPa) were used.

Image analysis and a bioreaction network model has been used to qualitatively investigate

the impact of the hydrodynamic forces on the fermentation performance. Performance was
- analysed in batch fermentations while continuously filtering the cells. The permeate was
returned to the bioreactor to ensure a constant composition. To understand how cells
respond to hydrodynamic stress, it is necessary to consider the structure and the
functioning of microbial cells (morphology and metabolism) (Section 5-2), the reported
response to hydrodynamic conditions (Section 5-3) and the hydrodynamic conditions
prevailing in the studied system (Section 5-4). The experimental procedures followed by
the results obtained and conclusions drawn are presented in Sections 5-5 to 5-7.

2 The metabolism and morphology of Corynebacterium glutamicum
cells

2.1 Morphology of C. glutamicum cells

211 Cell shape and colony forms

Cell morphology can be used as an indication of the physiological state of the cells.
Changes in the morphology of the cells can arise from any number of possible
changes in the cell's environment. Cells generally change morphology with growth
phase. In batch culture, Dean and Hinshelwood (1966) showed that bacterial and
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yeast cells are largest at the end of the lag phase while Kjelleberg (1983) showed that
starvation following growth can cause dwarf forms. Donachie et al. (1976) found that
the length of E. coli cells increased with increasing growth rate. Furthermore, the cells
divided only once they had reached twice the minimum cell length. A characteristic of
a successful adaptation after inoculation of yeast cells is a rapid decrease in the
production of single cells and an increase in the budding index (Pons et al. 1993;
Zalewski & Buchholz 1996). Corynebacterium sp. generally becomes shorter and
more circular when the cells change from lag to the exponential growth phase. During
stationary phase C. glutamicum is nearly round and much smaller compared to the lag
and early growth phase.

Variations in the osmotic pressure of the media can influence the size of microbial
cells (Pirt 1975). Srinorakutara et al. (1996) showed that Saccharomyces cerevisae
was smaller in higher osmolarity solutions. Other factors such as pH, dissolved oxygen
concentration, media composition and temperature can also influence the morphology
of the cells (llling 1996).

Wase & Patel (1985) showed that the mean cell volume of Bacillus cereus,
Staphylococcus epidermis, Saccharomyces cerevisae and Eschericia coli were directly
proportional to the shear stress in a stirred tank reactor. The increase in volume on
increased shear stress was attributed to an increase in the water content of the cells.
Wase & Ratwatte (1985) showed that the increase in cell volume was accompanied by
an accumulation of K* and Na?* ions in E. coli cells. The excess water was probably
required for hydration of these ions. Edwards et al. (1989) observed a two fold
increase in length of E. coli cells when subjected to intense hydrodynamic conditions.

2.1.2 Cell Architecture'

To understand how cells respond to hydrodynamic stress, three aspects of the cell
anatomy must be considered (Prokop & Bajpai 1992):

* Cell membrane and/or cell wall which forms the physical barrier against the
hydrodynamic forces
All micro-organisms are surrounded by a lipid bilayer membrane, which forms the
biological boundary of the cell, through which the cell communicates with the
environment. Bacteria, yeast and plant cells have an additional protective cell wall
surrounding the cell membrane. In bacteria, the cell wall consists of a thick
homogeneous peptidoglycan or murein layer. Peptidoglycan is a polymer
consisting of identical sub-units made up of sugar derivatives and amino acids.
This forms a rigid barrier between the cell and the extracellular environment.
Bacteria may be either Gram positive or Gram negative, depending on the
construction of the cell envelope. While the envelope in Gram positive bacteria has
a single cell membrane, there are two membranes in Gram negative cells. The
outer and inner membrane encloses a region called the periplasmic space. Gram
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positive bacteria are generally considered mechanically stronger as they have a
thicker peptidoglycan layer. Corynebacterium glutamicum cells are gram positive.

» The cell cytoskeleton absorbs the energy generated by turbulence

The cytoskeleton is a complex network of protein filaments extending throughout
the cytoplasm of the cell. There are three types of cytoplasmic fibres that make up
the cell cytoskeleton: microtubules, actin filaments and the intermediate filaments.
In eucaryotes the cytoskeleton is involved in conducting intracellular transport and
enabling cellular movement in an organised fashion. The cytoskeleton is attached
to the cell membrane via specialised proteins. In cells that are only surrounded by
a cell membrane, the cytoskeleton plays an important role in providing structural
support and determining cell shape.

» Receptors in cell envelope which are sensitive to mechanical stress

Some organisms possess protein receptors in the cell wall or cell membrane, which
are sensitive to mechanical stress. Evidence for these receptors has been found in
yeast (Gustin et al. 1986), plant cells (Falke et al. 1986) and animal cells
(Stockbridge & Frensch 1988). These cells have evolved a specific regulatory
response to mechanical stimuli. The receptors permit rapid adjustments to the
changing environment. These receptors are believed to be ion channels, which
pass specific ions when mechanically stimulated. The signal is rapidly transmitted
throughout the cell by ion channel networking via cytoskeletal elements and the cell
may respond accordingly. Ando et al. (1991) have shown that hydrodynamic stress
induced changes in the Ca?* content of vascular epithelial cells.

2.2 Metabolism of C. glutamicum cells

A living cell is a complex chemical reactor in which enzyme catalysed reactions occur. The
total of all reactions occurring in the cell is termed the metabolism. The metabolism may be
divided .into two distinct parts. Catabolism involves breaking down of larger complex
substrate molecules into simpler molecules with the release of energy. Some of this
energy is trapped and made available for consumption elsewhere in the cell while the
remainder is released as heat. The trapped energy is then used in the second area of the
metabolism called the anabolism. Anabolism is the synthesis of complex molecules from
simpler ones with the input of energy.

2.2.1 The central carbon flux in C. glutamicum

Vallino and Stephanopoulos (1993) constructed a metabolic network for the
catabolism of C. glutamicum from publications on glutamic acid bacteria. The central
carbon flux is depicted in Figure 1-1 repeated below.
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A detailed description of the metabolic reactions in C. glutamicum is presented in

Appendix E.
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Figure 1-1. Central Carbon flux distribution of C. glutamicum as constructed by Vallino
& Stephanopoulos (1993)

3 The reported impact of hydrodynamic stress on the growth,
metabolism and morphology of cells

The relative differences in the stress sensitivity of different cells are dictated by the
biological and physical properties of the cells. Mersmann et al. (1990) compared the
susceptibility of a range of micro-organisms to rupture in disruption devices. The results
are presented in Table 5-1. The shear stress required to rupture bacteria or yeast cells is
below 10° Nm™. Plant cells require stresses two orders of magnitude lower while animal
cells are ruptured at stress values below 500 Nm™. [t therefore follows that animal cells are
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much more susceptible to rupture when compared to bacteria or yeast cells. The stronger
cell wall and the smaller size of bacteria or yeast cells yield cells that are more resistant to
hydrodynamic stresses when compared to plant or animal cells.

Table 5-1. Susceptibility of micro-organisms to rupture in disruption devices (Mersmann et

al. 1990)
ORGANISM SIZE MAX REFERENCE
uM SHEAR
STRESS
N/M?
Bacteria
Micrococcus luteus 1x5 <108 Mersmann et al. 1990
Synecoccus nidulans <10’ Markl et al. 1985
Yeast
Saccharomyces cerevisae 5 < 8x10’ Mersmann et al. 1990
Plant cells
Chlamydomonas reinhardii 4-10 x 100 < 2x10° Markl et al. 1985
Animal cells
Hela S3 < 500 Augenstein et al. 1971
Tetrahymena 10-20 <4 Midler & Finn 1966
Hybridoma < 0.005 Mersmann et al. 1990

Dunlop et al. (1994), studying carrot cells, have shown that hydrodynamic trauma may
result in morphological changes, metabolic changers or, in the extreme case, cell rupture.
The energy required to induce metabolic changes was several orders of magnitude lower
than that required to disrupt cells (Table 5-2).

Table 5-2. Value of the total viscous energy dissipation per unit volume at which 90% (E; s0)
and 50% (E.s) of the original biological activity of carrot cells are maintained under
turbulent conditions in a Haake viscometer (Dunlop et al. 1994)

BIOLOGICAL ACTIVITY Ece (J/mY) Ec.so (/M)
Mitochondrial activity 4 x 10 1 x 10
Aggregate breakup 9 x 10* 2 x 10°

Lysis 3x10° 1 x 10° |

3.1 Unicellular organisms

Bacteria are resistant to hydrodynamic conditions due to their small size (0.5 to 3 um) and
strong peptidoglycan cell wall. It is generally accepted that bacteria are unaffected by
turbulent eddies, because of their small size with respect to typical eddy size in process
~ equipment (Parker et al. 1972; Cherry & Papoutsakis 1986; Ayazi Shamlou & Titchener-
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Hooker 1993; Ayazi Shamlou et al. 1995). There is however some evidence to the contrary

(Table 5-3).

Table 5-3 Effect of hydrodynamic stress on unicellular organisms.

Organism Impeller | Average Nature of the Reference W
~ Tip Energy Response to
Speed | Dissipation Hydrodynamic
Rate Stresses
[m/s] [m?/m?]
Brevibacterium flavum 3.1 8-7-11.4 - ATP reduced Toma et al. 1991
(22LD) - Histadine
production
Brevibacterium flavum 3.46 - Crabtree effect at Rukisha et al.
(22LD) high sucrose 1989
concentration
Saccharomyces cerevisae 2.76 6-8 - Optimal growth at | Toma et al. 1991
the indicated
conditions
Saccharomyces cerevisae 12.3 - Mechanical Virana et al. 1982
disruption
Eschericia coli - Catabolic activity Fowler &
increased Robertson 1991
reversibly
Bacillus cereus 1.6-5.3 - Mean cell volume Wase & Patel
Stahpylococcus epidermis proportional to 1985

Saccharomyces cerevisae
Eschericia coli

agitation rate

Eschericia coli

- Increase in cell
length with
increasing shear
stress

Edwards et al.
1989

Klebsiella pneumonia

- Cells susceptible to
ultrasonic stress
when grown in
intense
hydrodynamic
conditions

Neseratnam et al.
1982

Spirulina platensis

- Decrease in
tichome length

Bronnenmeier &
Morkel 1982

Toma et al. (1991) showed that the growth of Gram positive Brevibacterium flavum (22LD)
was inhibited at high agitation rates (Impeller tip speed > 3.11 m/s) in a 3-liter stirred tank
equipped with two turbine impellers. The sucrose uptake rate, oxygen utilisation rate and
specific growth rate peaked at an optimum impeller tip speed of 3.11 m/s and aeration rate
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of 3.2 I/min. This corresponds to an average energy dissipation rate as calculated in this
study in the range 8.7 to 11.4 m?/m?>. The ATP level declined sharply at higher impeller tip
speeds, indicating a shift in metabolism from the oxidative TCA cycle to the glycolytic
pathway. High stirring intensities increased the production of histadine decarboxylase, and
hence histamine, a stress indicator. The inhibition of bacterial growth was attributed to the
interaction of the cells with turbulent flow in the impeller discharge zone of the stirred tank.
A critical zone was considered where the kinetic energy of the medium flow was greater
than that required to produce a response on the cell.

Rukisha et al. (1989) using the same strain of Brevibacterium flavum and experimental
apparatus showed that at a high impeller tip speed of 3.46 m/s, increased sucrose
concentration induced a Crabtree effect. The appearance of this effect was characterised
by an incomplete TCA cycle, increased glutamate dehydrogenase and glycolysis enzyme
activities, increase RNA and protein content per cell, a high value of total reducing activity
in the cell and increased lactate dehydrogenase activity. The Crabtree effect was not
observed at a low impeller tip speed of 1.04 m/s. Analogous changes of metabolic enzyme
activity in Brevibacterium flavum were observed upon intensive aeration in the fermenter. It
was suggested that hydrodynamic stress caused changes in the properties of the cell
membrane and damage to the oxidative phosphorylation chain and its functions. The
Crabtree effect has been explained by a repression of the phosphorylation site 1 of the
electron transport chain, namely NADH, dehydrogenase and a repression of succinate
dehydrogenase (Doelle et al. 1983).

- Yeast cells (~5 um) are generally larger than bacteria (~1-2 um) and they have thick cell
walls. Further experiments by Toma et al. (1991) showed that the growth of
Saccharomyces cerevisae was optimal at an impeller tip speed of 2.76 m/s and an
aeration rate of 3.2 I/min. This corresponds to an average calculated energy dissipation
rate between 6 and 8 m*m?>. Virana et al. (1982) observed the mechanical disruption of
mother Saccharomyces cerevisae cells in an airlift reactor fitted with a high-speed motor
axle with rotating knives at an impeller tip speed of 12.3 m/s. It was suggested that the
multi-budscarred mother cells were less resistant to mechanical strain than the daughter
cells as their rigid polysaccharide cell wall was interrupted.

Fowler & Robertson (1991) showed that the catabolic activity of Gram negative
Escherichia coli increased reversibly with increased hydrodynamic stress in a parallel plate
flow chamber. The total acid yield and glucose consumption increased, and the spectrum
of organic acids produced changed. It was postulated that the change was due to an
osmoregulatory response induced by stressed bacteria to restore cell turgor.

Wase & Patel (1985) showed that the mean cell volume of Bacillus cereus,
Staphylococcus epidermis, Saccharomyces cerevisae and Escherichia coli was directly
proportional to the agitation rate of the fermenter. Agitation speed had no effect on cell
growth or dry biomass concentration, hence the increased cell volume was due to an
increase in the water content of the cells. The impeller speed was varied in the range 1.6
to 5.3 m/s. Edwards et al. (1989) observed that Escherichia coli cells were twice as long

The impact of Filtration on Fermentation Performance



| Chapter 5 5-9

when grown in a combined type coaxial cylinder and cone and plate viscometer bioreactor
at a shear stress of 14.5 Nm™ compared to a shakeflask. Neseratnam et al. (1982) showed
that Klebsiella pneumonia cells grown in intense agitation conditions were more
susceptible to ultrasonic disintegration than cells grown at milder conditions. This change
in stress sensitivity may be postulated to be attributed directly to a change in cell volume.
Larger cells are more susceptible to rupture. Bronnenmeier & Morkel (1982) observed a
decrease in the trichome lengths of Spirulina platensis at increased levels of hydrodynamic
stress. Spirulina platensis is approximately 15 um in diameter, link together by plasmic
filaments to form a helical structure called a trichome. The maximum growth rate occurred
at an impeller tip speed of 2.35 m/s, which corresponds, to an energy dissipation rate of
3.89 m¥m®, '

3.2 Filamentous fungi

The impact of hydrodynamic shear stress on filamentous fungi is summarised in Table 5-4.

Table 5-4. Impact of hydrodynamic conditions on filamentous fungi

Organism Impeller Average Nature of the Response Reference
Tip Energy to Hydrodynamic
Speed Dissipation Stresses
Rate
[mls] [m%m?]
Trichoderma 0.52 0.03-0.05 | - Decreased growth rate | Toma et al. 1991
reesei at increased agitation
Aspergillus niger 600 rpm - Optimal citric acid Ujcovo et al. 1980
production rate '
Penicillium 3.33 3.3 - Optimal penicillin Smith et al. 1990
chrysogenum production
Ashbya gossypii 0.42 0.0135 - Optimal riboflavin yield | Ozbas & Kutsal
and cell concentration 1991
Thermomonospora | 1.18-1.60 - Increased protease Gusek ef al. 1991
fusca production with
decreased agitation
Muxor rouxii 2.1-5.8. - Growth and productivity | Dabee & Harrison
inhibited at increased 1996
agitation rates
- Morphological changes

Fungi may grow in a pelleted or mycelial form. The pellet form can vary from being loose
and fluffy to being compact and smooth as a function of hydrodynamic conditions. Blanch
and Bhavaraju (1976) described two mechanisms of pellet disruption in stirred tanks: the
chipping of pellicles from the surface and the direct splitting of the pellets. The mycelial-
form dominates in stirred tank reactors at higher agitation speeds, due to its mechanically
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more resistant morphological structure (Mitard and Riba 1988; Dabee and Harrison 1996).
Van Suijdam and Metz (1981) reported shorter, thicker and more branched hyphae at
higher agitation rates. The decrease in hyphal length is a direct result of hyphal breakage.

Toma et al. (1991) observed a decreased growth rate of Trichoderma reesei at an impeller
tip speed in excess of 0.52 m/s and an aeration rate of 3.2 I/min. This corresponds to an
average energy dissipation rate between 0.03 and 0.05 m?/s>.

Ujcovo et al. (1980) showed a maximum in citric acid production rate by Aspergillus niger
at an impeller speed of 600 rpm and an aeration rate of 1 I/min in a 1 litre single turbine
stirred tank. The initial decrease in citric acid production resulted on a shift in metabolism,
rather than cell damage. Smith et al. (1990) reported optimum penicillin production by
Penicillium chrysogenum at an impeller tip speed of 3.33 m/s and an aeration rate of 5.4
I/min in a 10 litre reactor (average energy dissipation rate of 3.3 m?s?). Higher agitation
and aeration rates inhibited production of the metabolite. The specific penicillin production
rate was correlated with the product of power input per unit volume and the inverse of the
circulation time, Pg/Di3 t.. The greater the frequency of circulation through the impeller
discharge zone, the greater the mycelial damage and the lower the rate of penicillin
synthesis. Ozbas and Kutsal (1991) found optimum riboflavin yield and Ashbya gossypii
concentration in a 0.42 litre fermentor fitted with Rushton turbine impellers at an impeller
tip speed of 0.42 m/s and an aeration rate of 0.1 litre/min (average energy dissipation rate
of 0.0135 m?%/s®). Disintegration of cells occurred at more extreme conditions. An empirical
equation was developed to correlate the riboflavin production rate to gassed power input
- per unit volume, the superficial gas velocity and the maximum biomass concentration.
Gusek et al. (1991) showed comparable Thermomonospora fusca biomass production in a
“shake flask and a 10 litre fermenter fitted with two marine impellers, agitated at an impeller
speed of 1.6 m/s and aerated at 3 I/min. However, the shake flask culture yielded 30 pg
protease/ml compared to 4.6 ug protease/ml in the fermenter. The use of Rushton impeller
tip speed of 1.18 m/s produced a five-fold decrease in biomass.

Dabee and Harrison (1986) showed that at an impeller speed of 5.8 m/s in a 5 litre stirred
tank reactor, growth and productivity of Mucor rouxii were inhibited. After a period of
adaptation, the growth and productivity levels recovered. Morphological changes were also
observed. At a low impeller speed (2.1 m/s), the morphology of exponentially growing cells
was yeast like. At an impeller speed of 5.9 m/s, the mycelial form predominated. The
hyphae were thick, short and branched.

The leakage of intracellular nucleotides from the fungi at higher speeds was reported by

Tanaka et al. (1975). The release was not due to cell disruption. Ujcovo et al. (1980) found
no correlation between nucleotide release and stirrer speed.
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Animal cells are particularly sensitive to hydrodynamic stresses (Table 5-5). This is mainly
because of their large size interacting with a broader range of eddy sizes and the lack of a

protective cell wall.

Table 5-5. Impact of hydrodynamic conditions on animal cells

monoclonal antibody
production and
metabolic activity was
not affected between tip
speed of 0.26-1.18 m/s
in the absence of
entrained air

Organism Impeller Average Nature of the Response Reference
Tip Energy to Hydrodynamic
Speed | Dissipation Stresses
Rate
[m/s] [m?/m’] ,
TB/C3 Murine 6.02 58 - Cell disruption Zang et al. 1995
hybridomas
Hybridomas 60-160 - Loss of membrane Tan et al. 1992
rpm integrity
- Reduction in respiratory
activity :
. - Cell lysis

Mouse myeloma 180 Nm™ | - Cell lysis McQueen et al.
cells 1987
Hybridoma 0.7-2.6 - In absence of vortex Kunas &

formation cell damage | Papoutsakis

occurred at tip speeds 1990

>26

- In the presence of

vortex, growth inhibited

at tip speed > 0.7 m/s
Murine hybridoma | 0.26-1.18 - Cell growth, viability, Oh et al. 1989

Moreira et al. (1995a) investigated the kinetics and the mechanism of baby hamster kidney
cell aggregates in spinner flasks. Disruption of aggregates occurred by two mechanisms:
fragmentation and surface erosion of cells from larger aggregates. It was also observed
that fluid forces compact cell aggregates. An empirical relationship between the aggregate
diameter and the power dissipation per unit volume was developed. Aggregate diameter
was dependent on the power per unit volume raised to the power —0.25, suggesting that it
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may be related to the critical microscale. Al-Rubeai et al. (1990) achieved a lower
maximum cell number and growth rate of TB/C3 murine hybridomas at high agitation rates
in shaker bottles. The synthesis of DNA was also inhibited. The mitochondrial activity
increased as a response to stress, possibly in order to supply energy to repair damage.
Nollert et al. (1991) showed that endothelial cells respond within minutes of exposure to
laminar shear stress by increasing their metabolic rate and increasing the level of
secondary messengers; inositol triphosphate and calcium ion concentration.

Zhang et al. (1995) observed the total disruption of TB/C3 cells in a standard 2 litre stirred
tank reactor fitted with a Rushton turbine impeller at a tip speed of 6.02 m/s in the absence
of sparging. This corresponded to an average energy dissipation rate of 58 m?s>.
Peterson et al. (1990) showed that hybridoma cells (CRL-8018) taken from the lag or
stationary phase were more sensitive to shear than those from the exponential phase. In
confirmation, Zhang et al. (1992a) found that the mechanical strength of TB/C3
hybridomas rose significantly in the exponential phase and fell in the death phase. Further,
Lee et al. (1998) showed that hybridoma cells (S3H5/y2bA2) in the stationary and death
phase were more sensitive to cell death caused by shear forces, associated with
mechanical agitation, than cells in the exponential phase.

Abu-Reesh & Kargi (1989) showed that turbulent shear was more damaging to hybridoma
membrane integrity, respiration activity and cell lysis than laminar shear.

Tan et al. (1992) observed more cell damage of hybridoma cells when the agitation speed
- in a 1.3 litre reactor equipped with a cell lift impeller was increased abruptly by a large step
change (60-160 rpm) than when agitation speeds were changed gradually by small steps.
This indicated that cells were able to acclimatise to hydrodynamic forces.

A fatigue effect that resulted in the loss of hybridoma cell viability when exposed to mild
hydrodynamic conditions for long periods have however been observed by Abu-Reesh &
Kargi (1989) and Smith et al. (1987). Milder and Finn (1966) sheared osmotically shocked
protozoa in a coaxial cylindrical viscometer and reported damage in two phases. A rapid
initial loss of cell integrity was followed by secondary damage to the cell membrane at
lower rates. The latter may result from fatigue effects on repeatedly stressed cells. Al-
Rubeai et al. (1995b) based on their experimental finding, hypothesised that there are two
mechanisms of hybridoma cell destruction by hydrodynamic forces, and that their relative
expression is dependent on the energy dissipation rate. A cell will die passively from
necrosis as a result of mechanical damage at sufficiently high levels of stress intensity.
Active cell suicide, apoptosis, occurs with milder mechanical forces. The cell may initially
invoke repair mechanisms but the ongoing stress may eventually cause induction of the
apoptotic pathway. The cytoskeleton collapses, causing a rapid decrease in the physical
strength of the cell. Exposure to forces, to which it was previously resistant, now results in
its complete destruction.

Because the hydrodynamics in stirred tanks are poorly understood, better characterised
capillary systems have been used to study shear effects on animal cells. The energy
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dissipation rates in capillary flow are several orders of magnitude higher than those found
in stirred tank reactors. Al-Rubeai et al. (1995a) showed that the exposure of TB/C3
hybridoma cells to turbulent capillary flow resulted in the preferential destruction of older
cells. McQueen et al. (1987) showed that the probability of mouse myeloma cell lysis per
pass through a capillary tube increased with increasing wall stress and with increasing
residence time per pass in the tube. Lysis was observed at wall shear stress levels of 180
N/m?. Augenstein et al. (1971) found that the cell damage of mammalian cells in turbulent
capillary flow could be characterised by a rate constant which was first order with respect
to cell number and dependent on wall shear stress in the capillary section.

Zhang et al. (1993) modelled the disruption of TB/C3 hybridoma cells in turbulent capillary
flow. It was assumed that cells were deformed by similarly sized eddies. The surface
. deformations were postulated to increase membrane tension, disrupting the cell wall when
the surface energy was exceeded. The animal cell was considered to be an
incompressible fluid surrounded by an elastic membrane. This is a gross simplification of
the complex structure of a typical cell. The mechanical properties, cell bursting tension,
elastic area compressibility modulus and cell size were measured using the
micromanipulation method (Zhang et al. 1992b). The model was tested in turbulent
capillary flow up to an average energy dissipation rate of 2x10* m%s® and found to
underestimate cell damage by 15%. The model gave poor estimates of cell damage in a
stirred tank reactor (Zhang et al. 1995). Born et al. (1992) developed a model to predict
disruption of animal cells by laminar shear stress. It was assumed that the cells would be
disrupted when the bursting membrane tension, as predicted by the micromanipulation
. technique was overcome.

Cell damage has been attributed to the interaction of cells with similarly sized turbulent
eddies in the impeller discharge zone as well as with collapsing air bubbles at the air
medium interface. Kunas and Papoutsakis (1990) found that two phenomena participate in
cell damage: bulk-liquid turbulence and vortex formation with associated bubble
entrapment and bubble break-up. In the absence of vortex formation, hybridoma cells grew
at impeller tip speed up to 2.6 m/s. At higher tip speeds the local impeller zone
Kolmogorov microscale approached the cell diameter and cell damage occurred. In the
presence of a vortex, growth was inhibited at a lower impeller tip speed of 0.7 m/s. In this
case, the impeller zone Kolmogorov microscale was larger than the cell diameter.
Hydrodynamic forces that accompany gas bubbles collapsing at the air liquid interface
were implicated as the source of the cell damage. Oh ef al. (1989) grew three murine
hybridomas in surface aerated 1.4 litre reactors agitated by propellers or Rushton turbine
impellers. Cell growth and viability, monoclonal antibody production, glucose and lactate
consumption and metabolic activity were unaffected at impeller tip speeds of 0.26 m/s to
1.18 m/s provided no air was entrained at the surface. If air was sparged or entrained, cell
growth rates declined with increasing impeller tip speeds across this range. Handa-
Corrigan et al. (1989) ascribed the damaging effect to mammalian cells in a bubble column
to the bubble disengagement zone and not the bubble riser or bubble distributor zone.
They found cell viability depended on the cell type, the bubble size and the bubble
frequency. Small bubbles at high frequencies resulted in decreased viability.
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Protective agents are commonly used to improve the survival of animal cells exposed to
hydrodynamic stress. Non-ionic surfactants such as Pluriol PE6800 and Pluronic F68 have
a concentration dependent protective effect, as does foetal calf serum. Pluronic F68 has
been used to increase the strength of the cells (Zhang et al. 1992d). Lee at al. (1989) have
suggested that serum can decrease the shear sensitivity of hybridomas by changing the
physiological properties of the cells. The surface of bubbles and cells are hydrophobic,
hence cells tend to adhere to bubbles as they rise to the surface. Cells in the vicinity of
collapsing air bubbles are subjected to rapid accelerations, which may be detrimental to
their viability. Pluronic F68 coats the bubble and the cell surface preventing their adhesion
thereby protecting the cells. Antifoam on the other hand decreases the degree of cell
damage by decreasing the hydrophobicity of the cell and the bubble surfaces (Zhang et al.
1992c¢).

3.4 Plant cells

Single plant cells in suspension can range for 20 — 100 um in diameter. Plant cells in
suspension cultures have a tendency to aggregate primarily due to incomplete cell
separation after mitosis. Plant cells are surrounded by a thick rigid cellulose based cell
wall. The cytoplasm is highly dense and structured. Plant cells also possess large vacuole
compartments, in some cases 80% of the cell volume.

. Leckie et al. (1991) showed that impeller speed affected the growth and alkaloid
accumulation of Catharanthus roseus cells. Using two standard 12 cm diameter turbine
impellers in a 7.5 litre stirred tank reactor, the growth and alkaloid production decreased
with increasing tip speed in the range 1.88 m/s to 4.4 m/s.

Nicotiana tabacum cells were subjected to shear stresses in a Couvette type shearing
device and changes in cell viability, cell lysis and the accumulation of secondary
metabolites monitored (Hooker et al. 1989). Increasing shear stress, caused an increase in
cell death, lysis and secretion of phenolics. Cultures in the late exponential and early
stationary phase were most susceptible to damage.

The shear susceptibility of Morinda citrifolia cultures was investigated in turbulent capillary
flow by Kieran et al. (1995). Shear stresses were varied from 25 to 350 N/m?. The relative
viability loss was found to conform to a first order model in which the specific death rate
constant was observed to increase linearly with the imposed shear stress. Morphological
measurements showed that over the course of the shear tests there was a reduction in the
mean chain length and in the spread of data.

Experiments conducted in a Couvette viscometer showed that carrot cells exhibit a range
of biological responses depending on the magnitude of the applied force (Dunlop et al.
1994). In the range 0.5 to 100 N/m? carrot cells lost the ability to grow and divide.
Intracellular enzyme activity was affected at shear stresses of 750 N/m?. At 3000 N/m?,
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intracellular enzyme activity was compromised. Membrane integrity was damaged at shear
stress levels in the 3000 to 10 000 N/m? range. Cell lysis only occurred at stresses in
excess of 10 000 N/m? applied over an hour period. In each case the loss of the biological
response could be characterised by a first order rate constant.

Since cell viability was lost at shear stress levels of two to three orders of magnitude below
that required to compromise membrane integrity, it has been presumed that plant cells
have a mechanism for sensing the applied force and responding to it. Linthelac and
Vasecky (1984) and Pickard (1984) postulated that plant cells possess receptors in the cell
membrane or the cell wall which communicate the magnitude of the applied stress to the
control centres in the cell via secondary messengers. At shear stresses greater than 10
N/m?, control pathways are activated to selectively inhibit mitoses without affecting
membrane integrity or the electron transport chain activity. Dunlop et al. (1994) showed
that the intracellular enzyme activity and cell lysis are affected by turbulent stresses lower
in magnitude than those required to generate the same degree of damage in laminar flows.

4 Quantification of the hyrodynamic stress in the biomass recycling
system

4.1 Basics of fluid mechanics

~ As a guide to understanding the theory of turbulent flow, some of the basic principles and
terminology used in fluid mechanics are described below (Calabrese & Stoots 1989).

The instantaneous velocity at a point (U;) is the sum of the average velocity (U;) and the
fluctuating velocity (u;):

U =U +u, (5-1)

For N measurements of the i'th component the average velocity is:

_ 1 N
Ui =33 2 Ui (5-2)

The mean square turbulent velocity is the variance of the distribution of the instantaneous
velocity:

@ =3 (U, U 539

The magnitude of the mean velocity (U) and the magnitude of the root mean square (RMS)
turbulent velocity (Urms) are the vector sum of their three individual components:
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U (U7 + 7 + U2 &4
Urus = (U2 + U2 +117] 2 (5-5)

The total turbulent kinetic energy per unit mass (Ex) is a measure of the strength of
turbulence in a velocity field:

E, - %URMsz (5-6)

To assess the hydrodynamic forces that exist in a flow field, one needs to evaluate the
stress caused by the mean velocity gradients as well as the Reynold’s stress due to the
velocity fluctuations. The stress due to mean velocity gradients is given by Newton's law of
viscosity. Each of the three components of velocity can vary in the three co-ordinate
directions. There are therefore nine components of stress tensor 1.

T, = LA, (5-7)

[ [

where v is the Newtonian viscosity and A are the components of the mean rate of
deformation tensor for compressible flows: _
a <09, Y (5-8)
booox, ox,

] I

The mean deformation rate (;) due to normal and shear stresses is given by:

Y= EAA ) (5-9)

The rate of energy dissipation (5) due to mean velocity gradients is a function of the
kinematic viscosity (v') and the mean deformation rate:

—_ 02
s=vy (5-10)

Since Reynold’s stress (t') accounts for simultaneous fluctuations in two directions,
measurement of this quantity is difficult

o= puu; (5-11)

It is therefore necessary to relate it to a more readily measured quantity. Turbulent kinetic

energy (Ex) is a measure of the Reynold’s stress. To obtain an estimate of the turbulent
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energy dissipation rate per unit mass (e), the rate of energy dissipation at a point may be
assumed equal to the rate of turbulent energy production. The production rate can be
related to the RMS turbulent velocity and the resultant length scale of the large energy
containing eddies, Lges, which is of the order of the blade width in stirred tanks.

2 (5-12)

where A’ is a constant of typically 0.85 and

Lpes =12 +L5 +L5 (5-13)

The large energy containing eddies decay into smaller eddies. The energy flows
continuously from the large macroscale eddies to the smallest microscale eddies where
viscous losses convert the kinetic energy into heat. Kolmogorov (1941) suggested that, in
fully turbulent conditions, a range of eddy sizes exist in which the turbulence may be
considered to be isotropic. This is called the universal equilibrium sub-range and is totally
independent of external conditions. The properties of the eddies are determined solely by
the energy input and the viscous dissipation. The size of the smallest energy containing
eddy (1) according to Kolmogorov can be estimated as:

1/

13 \/4
'x=PL}  (5-14)

e
where A is the Kolmogorov microscale (m), e is the turbulent energy dissipation rate per

unit mass (m?%s>) and v’ is the kinematic viscosity (m?s™).

Local isotropic conditions can usually be assumed in the impeller region of a stirred tank
(Kawase & Moo Young 1990). The eddies in the universal equilibrium subrange are
subdivided according to whether their size is smaller or larger than the Kolmogorov
microscale. Eddies in the viscous dissipation subrange are smaller than the L. Eddies with
sizes greater than A fall in the inertial convection subrange.

According to the isotropic theory of turbulence the root mean square velocity difference for
eddies of diameter d in the viscous dissipation range is given by:
n 2847 5-15
uy(d) = ,/(-=)(=) 2d (5-19)
15 V'

where 51(d) is the root mean square velocity for eddies of size d in the viscous dissipation

range (m/s), e is the energy dissipation rate per unit mass (m%s®, v’ is the kinematic
viscosity and d is the eddy size.
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The root mean square velocity difference for eddies of diameter d in the inertial convection
subrange is given by:

11

u(d) =1.57e3d? (5-16)

where Gz(d) is the root mean square velocity for eddies of size d in the inertial convection

sub range (m/s), e is the energy dissipation rate per unit mass (m%s®) and d is the eddy
size.

Davies et al. (1986) postulated that the fluid mechanical sensitivity of biological cells can
be quantified by stating a threshold shear stress for laminar effects and a local Reynolds
stress for turbulent effects. This analysis showed cells to be more sensitive to turbulent
forces compared to laminar forces when magnitudes of laminar stress and time-averaged
turbulent stress were comparable. Another approach compares the turbulent eddy scales
with cell size (Croughan et al. 1987; Lakhotia & Papoutsakis 1992). Dunlop ef al. (1994)
attempted to integrate both laminar and turbulent effects on plant cells by using the
cumulative energy dissipation on the cells during exposure to a particular flow as a
common hydrodynamic basis.

Lakhotia & Papoutsakis (1992) modelled the shear damage of animal cells on
. microcarriers due to eddy-microcarrier and microcarrier-microcarrier interactions as a
function of the total energy content of the interacting eddies. Eddies of size comparable to
microcarriers or aggregates will dissipate turbulent energy on the cells and thus perform
work by deforming the cells in a turbulent flow regime. Sizes of these eddies under typical
operating conditions of bioreactors for plant (Dunlop ef al. 1993) and animal cells (Ho et
al. 1989; Croughan et al. 1987; Lakhotia & Papoutsakis; 1992) were found to be close to
Kolmogorov's length scales in corresponding systems. Assuming an isotropic turbulent
condition locally, the work performed by these small eddies is given by the flowing
equation (Dunlop et al. 1993):

o( N _ 0
i l=1. 2 (W)=e (5-17)
an ( ITIJ j Tu axj ( I) tp |

The above equation shows that the rate of work done by turbulent stresses is equal to the
rate of turbulent energy dissipation (e; p - kg / m s*) and is calculated as the time averaged
of the product of the Reynolds stress and the associated frequency.

The rate of work performed by viscous stresses under laminar flow conditions is equal to
the rate of viscous energy dissipation (e, p - kg / m s®) and is calculated as a product of
shear stress and shear rate:

aix,. (Uﬂ_u)'* Tj aix, (Un)z e.p (5-18)

The impact of Filtration on Fermentatibn Performance



Chapter 5 . 5-19

The total rate of work performed on a fluid element will be the sum of the rates of viscous
energy dissipation and turbulent energy dissipation.

The total work performed on cells will be a fraction of the total energy dissipation per unit
volume (ep - kg / m s°) as the cells occupy a fraction of the total culture volume ¢,. At
higher cell volume fractions the probability of collision among aggregates will increase and
thus contribute to the total energy dissipation.

Unfortunately the impact of hydrodynamic stresses depends on the type of flow as well as
the total energy dissipation rate. Provided that a single flow type exists the total energy
dissipation rate can be used to quantify the effect of hydrodynamics on metabolic
response. -

In the system in hand all the flows as well as the conditions inside the stirred tank reactor
would be turbulent and therefore the total turbulent energy dissipation rate would be used
to quantify the effects of the hydrodynamics on the metabolic response of the organism.

To investigate this hypothesis the hydrodynamic conditions inside the system was
characterised by the total turbulent energy dissipation rate. The estimation of the turbulent
energy dissipation rate in the stirred tank reactor, the membrane module and the needle
valve as illustrated below.

4.2 Calculation of the turbulent energy dissipation rate in the stirred tank reactor

In the stirred and sparged bioreactor the cells would encounter mostly turbulent forces in
the impeller region and viscous forces in the bulk region. The mean power input can be
calculated from the power correlation:

POI = Npower P Rev’. Dimp5 (5-19)

where P, is the power input into the bioreactor (W), Npower is the power number that can be
estimated from a correlation developed for 6 bladed Rushton turbines by Bates et al.
(1966); p is the bulk liquid density (kg/m®); Rev is the impeller revolutions per second (s™);
Dimp is the impeller diameter (m).

It should be noted that the power consumption calculated above is for ungassed single
impeller systems. The effect of two impellers on the agitated power drawn was estimated
from the correlation developed by Bates et al. (1963). For an impeller spacing of 1.5, the
agitator power drawn is double that for a single impeller. '

The introduction of air into the stirred tank reduces the medium viscosity and therefore the
power drawn by the impeller. For two-impeller, gassed system it has been shown that the
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lower impeller draws less power than the upper impeller (Chiampo & Marotto 1995). Since
all the gas passes through the lower impeller the power drawn by this impeller can be
estimated by gassed power correlations. Michel & Miller (1962) correlated the gassed
power drawn by a single impeller:

P2.Rev-D,.° )
0 im| ’
F’g=A7[ N J | (5-20)

where A7 is a function of the impeller geometry.

The gassed power drawn by the upper impeller is always greater than that drawn by the
lower impeller and always less than the ungassed power of the upper impeller. Therefore
the gassed power drawn by the system would always be between two limits defined by the
ungassed power drawn by the top impeller and the gassed power drawn by the lower
impeller.

I

4.3 Calculation of the turbulent energy dissipation rate in turbulent fluid flow
through tubular conduits

When a liquid flows in a tubular section under turbulent conditions (Re > 2000), a laminar
subsection exists immediately adjacent to the inner wall. The thickness of the sublayer is
approximately 3 a, where “a” is the bacterial particle diameter. A negligible fraction of the
~cells will penetrate this sub|ayer when passing through the tube. However, significant
energy dissipation occurs in this region. This needs to be subtracted from the local energy
dissipation to calculate the energy dissipation in the turbulent core.

The pressure drop in developing turbulent flow at the entrance of a tubular conduct can be
estimated by flat plate theory. The mean apparent friction factor is given by (Zhang et al.
1993):

0.296

app L 0.2
/
Rel “7/ , (5-21)

where fapp is the mean apparent friction factor, Re is the pipe Reynolds number and
Lp/dplpe is the length (L, in m) to pipe diameter (dyie in M) ratio. The pressure drop (DP in

Pa) is given by:
1 L 2
bP = 5 ‘ fapp ke [ %pipej . Umax (5-22)

where p is the fluid density and Unax is the maximum fluid velocity in the capillary. The total
energy dissipation in the tube Et (m?/s®), can be estimated as:

E, =ppPL d U (5-23)

pipe ave
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where U, is the mean flow velocity (m/s). The energy dissipated in the laminar sublayer
(EL in (m?/s”) can be calculated from the fiuid viscosity v in Pas, the wall shear rate y.,o ins
' and the volume of the laminar sublayer (V, in m®).

02 -
E.=vy V| . (5-24)

The wall shear rate is given by the wall stress (to) divided by the fluid viscosity.
, =t
Y 5 (5-25)

The thickness of the sublayer can be estimated as

5 = o5 (5-26)

The volume of the sublayer is therefore:

T
VL = Z[d
 The energy dissipated in the turbulent core can be calculated by subtracting the energy
dissipated in the laminar sublayer from the total energy dissipation in the tube. The
corresponding energy dissipation rate (e) is determined by dividing the energy dissipation
by the product of the turbulent core volume and the fluid density.

2
pipe

—(d e =25, )3]‘ L, (5-27)

pipe

e = ET _EL
TVoov, (5-28)

pipe

The maximum energy dissipation rate (ey) was calculated by Laufer (1954) as:

460U’ (5-29)
N dpipe
where u* is equalto " = [To and 1o is the wall shear stress.
P

The energy dissipated across the membrane module is also calculated according to the
principle above. It has been found that the slip coefficient in a membrane module operated
under typical conditions is negligible and therefore it would be assumed that no laminar
flow region exists.
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4.4 Calculation of the turbulent energy dissipation rate through a needle valve

The flow through a needle valve can be assumed completely turbulent. The volume over
which the turbulent energy is dissipated is assumed the valve volume.

The total energy dissipated is then given by the product of the permanent pressure drop
over the valve and the average volumetric flow rate.

E, =DP,-Q (5-30)

The pressure drop across the valve is given as a function of the valve opening and the
liquid flow rate. The characteristic curve for the specific valve used is presented below:

500 -

400

..

300

200 -

Pressure Drop
[kPa]

100

0% 20% 40% 60% 80% 100%

% Valve Opening

—8—1.67 l/min ~£%2.00 /min —&—2.50 l/min |

Figure 5-1 Pressure drop across the needle valve as a function of the valve opening and the
volumetric flow rate

4.5 Calculation of a parameter to represent the hydrodynamic stress experienced
by the cells in the entire system

It has been noted by previous investigators that the effect of the hydrodynamic conditions
depends on the intensity of the conditions, the duration of the exposure to the extreme
hydrodynamic conditions and the frequency of exposure (Dunlop et al. 1994; Maiorella et
al. 1991; Davies et al. 1986; Toma ef al. 1991; Rukisha et al. 1989; Fowler & Robertson
1991). For the biomass recycling system, an average energy dissipation rate has been
estimated based on the relative residence time during which the cells are exposed to the
different hydrodynamic conditions.

\Y \V/ V.
ereac reac +emem mem +evalve valve (5_31)
) Q, Q,
> : Z Vreac . Vmem . Vvalve
Q Q" Q
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where e.eac represents the average energy dissipation rate in the bioreactor (m%s>); €mem is
the average energy dissipation rate in the membrane unit and circulation loop (mz/s3); Evalve
is the average energy dissipation rate in the needle valve (m?/s®); V is the corresponding
unit volume and Q, the volumetric flow rate through the circulation loop (m*/s)

4.6 Evaluation of hydrodynamic stress parameters in biological systems

Using the above mentioned correlations (Section 4.1-4.5), the average and local maximum
energy dissipation rates have been estimated for various bioreactor configurations at the
operating conditions at which biological response have been reported. This is limited to
cases where sufficient specification of the hydrodynamic conditions was given (Table 5-6).

The average energy dissipation rate e, for all the stirred tank reactors were around 2.5 to
58 m?/s>. The maximum energy dissipation rate around the impeller sweep zone was at
least one order of magnitude larger around 60 to 1450 m?%s>. The reported impact varied
from partial inhibition of growth to cell disruption.
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The causes of hydrodynamic trauma

the literature, four mechanisms causing hydrodynamic trauma during have been

identified:

S

r~

Y

6

Metabolic inhibition may result on the interaction of the cells with turbulent eddies of
similar size (Kunas & Papoutsakis 1990; Smith & Lilly 1990; Toma et al. 1991).
Maiorella et al. (1991) studied the effect of isotropic turbulence in a filtration system by
circulating animal cell cultures for 1 hour at several fluid velocities through a 2.44m
length of 19.05 mm smooth walled pipe with a single 90° elbow. No cell damage was
detected at Reynolds numbers below 71 000 and Kolmogorov eddy lengths greater
than 12 micron.

The interaction of cells with collapsing air bubbles at the medium interface is cited to
induce nhibition (Handa-Corrigan et al. 1989; Oh et al. 1989; Boulton-Stone & Blake
1993; Garcia-Briones & Chalmers 1994).

Within the filtration module, cells may be damaged by laminar shear stresses.
Maiorella et al. (1991) studied the effect of laminar shear on cell viability in filtration
systems by circulating viable animal cell cultures through selected filter modules at
several flow rates for 20 passes and without permeate removal. Viable cells were
counted before and after each circulation treatment and their ratio plotted versus the
shear rate. Equivalent results were found for all filtration modules (flat plate and hollow
fibre) and cell Ilnes Cells are not damaged in laminar flow at average wall shear rates
of up to 3000 s but are damaged at higher shear rates. The critical average shear
rate of 3000 s’ corresponds to an average shear stress on the cells of 2.5 N/m?.

Studies of hemolysis have shown that cells can be damaged by deformation of the cell
membrane into a filter pore. For a cell settled on the filter above a pore, the portion of
the cell membrane directly above the pore will be deformed under the force of the filter
trans-membrane pressure. The cell can be lysed if the strain induced is sufficient to
rupture the cell membrane. The strain induced is proportional to the product of the pore
diameter and the trans-membrane pressuredrop. This phenomenon has been
extensively reported in the plasmapheresis literature (Forstrom et al. 1975, Zydney and
Colton; 1984). Lysis is a function of both the applied strain and the residence time of
the cell above the pore.

Materials and Methods

6.1 Production of L-Lysine and Corynebacterium biomass in the bioreactor

The organism used in this study was a Corynebacterium glutamicum (ATCC 21253)
obtained from the American Type Culture Collection (Rockville). A minimal media
formulation as well as a typical industrial media formulation was used. The organism was
cultivated in a five litre (working volume) Chemap bioreator equipped with two six bladed
Ruston turbine impellers. The biomass was separated from the spent medium using
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tubular ceramic membranes contained in a housing especially designed for this purpose.
The fermentation recipe and protocol is discussed in Appendix A.

6.2 Quantification of the cell morphology

The image analysis of microbial systems has advanced rapidly over the last few years.
Microbial systems in which image analysis has been successfully applied include the
study of the morphology of single cell bacteria (James et al. 1995; Singh et al. 1990;
Dickason 1998).

The diluted cell samples were laced on slides covered with a thin layer of agar (2%) to
immobilise the cells (Huls et al. 1992). The presence of the agar on the slide ensures that
the cells all lie in one plane while at the same time keeping the cells hydrated.

Bacteria were viewed using an Olympus BX-40 microscope fitted with bright field, dark
field and phase contrast condensers. For the morphological studies all cells were viewed
at 1000x magnification under phase contrast. Images from the microscope were acquired
in colour using a Panasonic RGB digital camera and an IC-PCl-4x frame grabber. An Intel
Pentium-133 PC with 16 Mb Ram was used to process the images using “Optimas”
version 5.2.

The macro developed for the quantification of the morphology has been designed to
operate semi-automatically (Dickason 1998). Intervention is required to exclude objects
that have mistakenly been identified as whole cells or colonies.

The main processing steps are as follows (Dickason 1998):

1. Image capturing is performed by the operator who selects the image field and
adjusts the focus. A total of 10 images were taken per sample. This was sufficient
to ensure that the standard error in the cell length measurements was less than
5%. A semi-automated image acquisition system was installed which allowed a new
image to be acquired every 6 seconds. A first audible tone indicated to the operator
to move the stage and focus on a different area of the slide. A second tone
indicated that image acquisition would take place within four seconds.

2. The next step in the macro was to binarize the image which meant that the objects
of interest were assigned a grey level of 1 and the background grey level was set to
0. Before this could be done a set of filters were applied to the image. Firstly a
“median” filter was applied which eliminated noise by replacing each pixel in the
original image with the median luminance value of the surrounding pixels in the
image. Any small debris in the image was thus erased whilst still preserving the
edges. A “sharpen high” filter was then applied. This filter applied a strong edge
sharpening grey scale convolution to the image. Edges were highlighted in such a
way that the border of dark objects appeared darker and the border of light objects
was lighter. The threshold values for binarization of the image were determined
automatically such that the dark objects formed the foreground of the image.

3. The purpose of the next stage in the macro was to enhance the binarized image.
This included steps to ensure that the cell membrane is closed. For colony
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identification, binary “dilate”, “fill’ and “erode” functions were performed. For
identification of single cell area a *fill” function was implemented.

4. To identify single cell areas, it was necessary to separate joined cells. For this the
“‘watershed separation” algorithm was applied to the distance transform on the
binary image. The distance transform is the distance between each white pixel in
the image and the nearest black pixel. The distance is defined as the chamfer 5-7-
11 distance as this is the closest approximation to the Euclidean distance possible
while still using integer grey value. The distance transform works by assigning each
pixel with a distance value of 5, 7, 11 or the nearest combination of these values.
Once the distance transform has been computed the watershed algorithm is
applied. A pre-flood of 8 was chosen for the watershed separation. This means that
a value of 8 is added to each identified minimum in the inverted distance transform.
If this is higher than the watershed separating that minimum from an adjacent
watershed area, then that watershed area is eliminated and combined with the
adjacent area. The pre-flood of 8 was found to prevent over-separation as a result
of irregular cell boundaries. The “ultimate erosion method” was not found to perform
well on the binary images of C. glutamicum cell needing separation. This was
because the number of erosions was globally set and different clumps required a
different number of erosions to become separated. Some cell clumps thus
remained un-separated while others were over-separated.

5. The final stage in the macro was to assign labels to objects and to extract data to
an MS Excel spreadsheet. Only those objects that satisfied the constraints of the
object label were marked. In that way any debris left in the image was ignored in
the morphology measurement. For colonies, the total tally and the colony areas
were evaluated. Area, total tally, length, breadth, circularity and the elliptical fit were
calculated for the single cells.

6.3 Metabolic pathway - flux estimation

Metabolic flux analysis have been be used as a technique to determine potential
bottlenecks in the lysine production pathway (Vallino & Stephanopoulos 1991; Blumm &
Stein 1982; Niranjan & San 1989; Tsai & Lee 1988b). Such bottlenecks can be targeted
for further strain development. It can however also be used for metabolic state estimation
in both control and optimisation of fermentations.

Although techniques such as metabolic control theory (Delgado & Liao 1991), biochemical
systems theory (Sorribas & Savageau 1989), whole cell kinetic models (Jeong et al.
1990), stable (Inbar & Lapidot 1987; Marx et al. 1996) and ratio (Blumm & Stein 1982)
isotope tracers, linear analysis (Palsson & Lightfoot 1985) have been applied to measure
metabolic networks, significant information can also be obtained from mass balancing
techniques (Niranjan & San 1989; Noorman et al. 1991; Papoutsakis 1984, Tsai & Lee
1988; Vallino & Stephanopoulus 1987; 1990; 1994; Verhoff & Spradlin 1976; Takiguchi et
al. 1997; Gulik & Heijnen 1995). The latter are readily applied and do not require
information regarding enzyme kinetics.

The mass balance technique employed by Vallino & Stephanopoulos (1993) to estimate
flux distributions during the metabolic phases of C glutamicum is discussed here since it -
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served as the basis for a model used later in this study. The carbon flux through the
primary metabolic pathways of C glutamicum was estimated from metabolite balances.
The approach utilises constraints imposed by the biochemistry, pseudo steady state (PPS)
approximation for intracellular metabolites and the measured accumulation rates of
extracellular metabolites to generate flux distribution maps during the course of the
fermentation. The accumulation rate of a metabolite in a metabolic network is given by the
difference between the sum of all reactions producing the metabolite and the summation
of all the reactions consuming the metabolite:

AOEDIRACEPRR AL (5-32)

where x; is the rate of flux through reaction j, a; is the stoichiometric coefficient and r; is the
accumulation rate of metabolite i. The set of equations formed from such balances
constructed for each metabolite in the network is represented in matrix notation by:

Ax(t)=r(t) C (5-33)

where A is an m x n matrix of stoichiometric coefficients, x(t) an n-dimensional flux vector,
and r(t) an m-dimensional metabolite accumulation rate vector.

The weighted least square solution to Equation 5-33, provided that m > n and A is of full
rank, is:

X(t) = (ATPTA)TATE (1) (5-34)

where ¥ is the measurement noise covariance matrix associated with r and the
superscripts “A” and ““ denote estimated and measured quantities respectively. The
elements of r(t) are divided into two sub-vectors reg(t) and r(t) which correspond to
extracellular and intracellular metabolites respectively.

Accumulation rates for extracellular metabolites were derived from the slope taken
between two consecutive concentration data points. A pseudo steady state approximation
is used for intracellular metabolites so that r(t) is set to 0. This approximation appears to
be valid for most intracellular metabolites through the following analysis. To maintain a
responsive metabolism, concentrations of intracellular metabolites in a reaction sequence
range from 20% to 100% of their respective saturation constants (Atkinson 1977), which
are typically less than 1mM and almost never exceed 10 mM (Jeong ef al. 1990). Because
observed metabolic fluxes are typically greater than 1.0 mmol.g DCW™.h™" and the volume
of a cell is approximately 1 ul.mg”, fluxes based on intracellular volume are of the order of
1000 mM h™'. Hence, an intracellular metabolite accumulation rate of 1 mM min™!, which
would significantly alter enzyme kinetics in less than 1 min, can be achieved with only a
6% difference between flows producing and consuming the metabolite. Consequently,
metabolic control directives of the cell can be attained rapidly without significantly violating
the PSS approximation (Vallino & Stephanopoulos 1993).

In the full metabolic network it is not possible to determine all the reaction rates solely from
measured metabolite accumulation rates, even though there are more equations than
unknown fluxes. This occurs when the rank of A is less than the number of unknown
fluxes, n in which case A will be referred to as singular. The number of independent
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measurements that must be added, or the number of reactions that must be removed or
constrained, to render A non-singular is given by the dimension of the null space of A.

Because each of the null space vectors defines a set of fluxes that cannot be uniquely
determined, inspection of these vectors identifies the reactions that are affected by
introduction of additional constraints. Each of these sets is then referred to as a singular
group. A singular group is eliminated by specifying one of the fluxes in the group (typically
zero).

Several of these groups were identified from the initial metabolic network for C.

glutamicum (Vallino & Stephanopoulos 1993):

» Fluxes in the two pathways that lead from meso-DAP to lysine cannot be uniquely
determined. The meso-DAP dehydrogenase pathway was removed from the network,
which is equivalent to combining the two pathways.

e Several singular groups were associated with the anaplerotic pathways. Vallino and
Stephanopoulos (1993) proposed that the TCA cycle was the main oxidative pathway
and thereby excluded the glyoxylate shunt from the metabolic network. The only
anaplerotic reaction included in the network was the reaction of phosphoenolpyruvate
to form oxaloaxetate. The singular group composed by phosphoenolpyruvate
carboxylase (PPC), pyruvate kinase (PK) and oxaloacetate decarboxylase (OaADC)
was resolved by omitting the reaction involving OaADC. OaADC was removed from the
network, because growth could not occur on glucose if OaADC supported a significant
flux.

The metabolic network of C. glutamicum (Figure 1-1) as constructed by Vallino and
Stephanopoulos (1993) was found to be nonsingular. It consisted of 34 unknown fluxes
with 37 balance equations. These are summarised in the Appendix F.

6.4 Experimental plan

The aim of the.experimental work reported in this section is to investigate the impact of
biomass recycling with cross-flow filtration on the fermentation performance of the cells.
Two sets of batch fermentations at extreme level of hydrodynamic shear was compared to
obtain a qualitative impact of filtration associated shear on fermentation performance. On
the one extreme conventional batch fermentations were performed at mild agitated
condition while on the other hand extreme filtration conditions was selected. A cross flow
velocity of 7 m/s with a trans membrane pressure drop of 200 kPa was used. These
conditions represent extreme values of hydrodynamic shear when compared to
conventional cross flow filtration applications.

The biological response has been separated into an impact on the metabolism of the
cells and an impact on the morphology. Further the impact on the physical properties of
the fermentation medium is quantified. Each of these impacts is reported separately and
quantified for a well-characterised lysine producing strain of Corynebacterium glutamicum
(ATCC 21253). Finally, the effect of biomass recycling with cross-flow filtration on the
fermentation performance of an industrial strain was investigated.

Batch cultivation of C. glutamicum (ATCC 21253) was carried out with and without the
filtration loop at two stationary phase biomass concentrations (7 g/l DCW and 23 g/l DCW)
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(Table 5-7). The different biomass concentrations were achieved by two initial charge
media compositions. The stationary phase biomass concentration of 7 g/l was achieved
using 20 g/l of glucose in the initial charge and 230 mg/l of L-threonine, 150 mg/l of L-
methionine and 400 mg/l of L-leucine. The increased stationary phase biomass
concentration of 23 g/l was achieved using 100 g/l of glucose in the initial charge and 330
mg/l of L-threonine, 750 mg/l of L-methionine and 1300 mg/l of L-leucine. To maintain a
constant volume and biomass concentration both the permeate and the retentate from the
filtration unit were returned to the bioreactor.

The Rushton turbine impellers in the bioreactor were operated at 800 rpm with 1 vvm of air
supplied to the system. The cross flow filtration unit was equipped with a 0.45 micron
tubular ceramic membrane with three tubes of 3.2 mm in diameter. The unit was operated
at a cross flow velocity of 7 m/s and a trans-membrane pressure drop of 200 kPa.

Table 5-7. Experimental plant for the evaluation of the impact of filtration associated shear
stress on the lysine fermentation performance

Designation Filtration loop Targeted stationary
phase biomass
concentration

[g/l DCW]
Batch 1 Not running 7.0
Fil 1 Running 7.0
Fil 2 Running 7.0
Batch 3 Not running 23.0
Fil 3 Running 23.0

7 Results and Discussion

7.1 The effect of filtration associated shear stress on the cells morphology

The effect of the hydrodynamic stress generated in the filtration loop on the morphology of
the cells throughout the growth cycle is apparent from Figures 5-2 to 5-5 through
comparison of cell length, breadth, area and circularity.

At both stationary phase biomass concentrations (Figure 5-2), the cells were longest at
the beginning of the cultivation during the lag phase and steadily decreased in length until
the late exponential phase from where the cell length remained constant. A comparison of
the low and higher biomass concentration shows that the recycled cells are longer
throughout the growth cycle at the lower biomass concentrations. The set of fermentations
at the increased biomass concentration showed that the recycled cells was longer than
the cells cultivated in the conventional batch reactor for the first fifteen hours. From fifteen
hours onwards no difference between the stressed and unstressed cells were detected.
Wase and Patel (1985) have reported a similar effect of increased cell size under intense
agitation conditions for Bacillus cereus, Staphylocsus epidermis, Saccharomyces
cerevisae and Eschericia coli. : ‘
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Figure 5-3 shows that cell breath goes through a minimum during exponential growth
increasing slightly during the stationary phase. At lower biomass concentrations the
recycled cells were wider than the cells cultivated in the stirred tank bioreactor.

The cell area trends (Figure 5-4) are similar to the cell length plots, with a minimum cell
area during exponential growth.

The results for the cell circularity index are presented in Figure 5-5. The deviation of the
shape of the cell from a perfect circle (Circularity = 12.57) is greatest during the lag phase.
No significant difference exists for stressed and unstressed cells.

In conclusion the cell volume increases under increased hydrodynamic stress. Increased
shear does not alter the cell shape. It is therefore reasonable to assume that the
increased volume may be due to increased water uptake into the cell as suggested by
Wase and Patel (1985) rather than alterations in the cytoskeleton or cell wall structure.
Furthermore, it can be concluded that the effects of hydrodynamic shear stress are
reduced at increased biomass concentrations.

7.2 The effect of filtration associated shear stress on the cells metabolism

To evaluate the effect of the hydrodynamic shear stress caused by the flow of the cell
suspension flow through a tubular conduit, two sets of batch fermentation were performed.
In each set, the fermentation performance of a conventional batch process was compared
to that in which a cross-flow filtration loop was included. Both filtrate and retentate were
returned to the reaction vessel to maintain cell concentration and reactor volume. In the
first set a stationary phase biomass concentration of 7 g/l DCW was achieved (Batch 1,
Fil1, Fil2). In the second set the stationary phase biomass concentration was increased to
23 g/l DCW (Batch3 and Fil3).

7.21 Extracellular metabolite consumption and excretion rates

The metabolism of the cells was characterised by dry cell weight measurements,
substrate (threonine and glucose) uptake and product (L-Lysine) excretion rates.

Typical profiles for a batch fermentation of ATCC 21253 as published by Kiss and
Stephanopoulos (1991) are shown in Figure 5-6.
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Figure 5-6. Typical batch fermentation profile for C. glutamicum (ATCC 21253) as

reported by Kiss & Stephanopoulos {(1991)

7.2.1.1 Biomass production rate

The biomass profiles for the four fermentations are presented in Figure 5-7. From
Figure 5-7, it can be seen that at low biomass concentration, the fermentation with
the increased hydrodynamic shear produced more biomass. At the higher biomass
concentration (Figure 5-7) increased steady state biomass concentrations, a similar
effect was visible in the late exponential and early stationary phase. This difference
in biomass concentration disappeared after 25 hours as the cells entered the death
phase. There was no difference in the time taken to threonine depletion between
the stressed and “conventional” fermentation (Figure 5-8) for both the high and low
stationary phase biomass concentrations. The specific growth rate (Table 5-8) of
the cells exposed to increased hydrodynamic conditions in the membrane unit was
however reduced.

Table 5-8. Maximum specific growth rate of cells cultivated under stressed and
unstressed conditions at two stationary phase biomass concentrations using a
cross flow filtration unit. (Batch 1 — Conventional batch, 7 g/l DCW at stationary
phase; Fil1 and Fil 2 — Batch fermentation with filtration, 7 g/l DCW at stationary
phase; Batch 3 - Conventional batch, 23 g/l at stationary phase; Fil3 - Batch
fermentation with filtration, 23 g/l DCW at stationary phase) Both the permeate and
retentate were returned to the bioreactor.

Fermentation Stationary Time to reach Apparent specific
phase biomass | stationary phase | growth rate measured
concentration during exponential

[g DCWI/I] [h] growth Phase
[h]

Batch 1 6.1+05 12+2 0.38:0.2

Fil 1 7.4+0.5 18+£2 0.34+£0.2

Fil2 7.8+0.5 19+2 0.34+£0.2

Batch 3 23.2+05 14+£2 0.34+0.2

Fil 3 28.0+0.5 18+2 0.28+£0.2

The impact of Filtration on Fermentation Performance



20UBWIOLAd UOIBIUSWISH UO uonel)id Jo Joedwi ay L

, *10}0B2101q 3y} 0} pauIn}al sem ajejualal pue ajeswdad ayjyjoq
dooj Buijahoaa ay3 yim sayoajeq ayj Jo4 ‘dooj uonesyjly ayy ybnoayy Huishsal yyum uonesjuaduod ssewolq aseyd Aieuonels 1aybiy e je
uonejuawLIdy Yyajeq e s €14 ajiym uoijesjuadsuos ssewolq aseyd Ateuonels Joybiy e je uopejusawidy Yyojeq [eUOIIUSAUOID B sjuasasdal
¢ yojeg "dooj uonesnjy ay) ybnouy) Buishoal ypm suoijejuswiady yoeq jo sjeadal ale Zji4 pue L|i4 3|Iym und ydjeq JEUOIUSAUOD
e sjuasaisdas | yojeg ‘awp JO UOIJOUN) B SEe Suollejuawidy yojeq Joy (/6) uopesuaosuod suuoalyl- Jenjjddexy 'g-g ainbi4

| guleg ~1- glid—e—! |24 =~ L1z~ | uoreg —e—|
(u) swiy [yl swiy
ov e o€ Sz 0z 0
 —— £r— £ 0
4 —
> =
00Z 3 3
pie [}
S . 3,
[010)7% w w
. 009 m m

10319€3.101( 3y} 0} pPauIn}al sem ajejudlal pue ajeawniad
ay} yjoq dooj Buiohosas ayy yym sayojeq ayj 104 dooj uoneuyjiy ayj ybnoayy Huiohoal yjm uonieljuasuod ssewolq aseyd Aleuonels
Jaybiy e je uonejuawiay yojeq e si gli4 3|IYMm uoljeIIUIIUOD ssewolq aseyd Ateuonels Jaybiy e je uoljeuawlay Yydjeq |BUOIJUSAUOD
e sjuasaldas ¢ yojeg ‘dooj uonesyjiy ayj ybnouyy Buljokoas yym suoljeuawia) yojeq jo sjeadas ase Z[i4 pue Lji4 3[iym uni yojeq
leuonuaAuos e sjuasasdas | yojeg -owi} JO UOI}OUNS B SB SUOIJRIUSWISY YIJed 10} Uonesudsuod (3ybiam |92 A1g) ssewolg -G ainbi4

gudeg —g— Cild —e—

Yz —— L3 —o~ | yoleg —e—
(y) awyy [y] swn g .
o st o€ sz 0z 51 ot s 0 ov se oe 5z 0z 51 0l 5 0

/6] sws

(MDQ I/6) ssewoig

Ge-g G ieydeyd




20URWIONA4 UONEBIUSULIR 4 U0 UonE}|i4 JO Joedwl ayj

*10}9B3101( 3Y} 0} pauIN}al Sem 3jejualal pue ajeaultad
a2y} yjoq dooj Bulohosas ayj yum sayosjeq ayj Jo4 -dooj uonesyjiy ayy ybnoayy Buiohoal ypm uonesyuadsuod ssewoiq aseyd Aieuonels
Jaybiy e je uonejusuLB) Yoleq e S €[4 3jIym uonesjuadsuod ssewolq aseyd Aseuonels 19yhbiy e je uojejuswiia) Yyojeq |BUOIJUIAUOD
e sjuasasdas ¢ yojeg ‘dooj uonen|y ayy ybnoayy Buijokoal yum suonejusawaa) yoyeq jo sjeadas alde Zji4 pue L4 apym una yoleq
[euoljusAuo?d e Ssjuasasdal | ydleg "UoljesuUdaduUOD duluoaAIY]-T [enplisal By} JO uoljduny e se ajel ymmoub oyioads ayl "QL-g 2.nbi4

Elld —%— €UoIeg —e— ZlI4—%— Lild—— Lydleg —e—!

[i16w] uonesua2UOd auLuoaLY -] {ENPISIY
0S¢ 00¢ oSt 01013 0Ss 0

[l

ajed yimoub aiy19adg

L 4
T~
]

*10}0B3J0Iq 9y} 0} PaUIN1aL SEM 21E1UaLdl
pue ajeaunad a8y} yjoq dooj Buijdohosas ayy yum sayoleq ayl 104 "dooj uonesyjyy ayjy ybnouayy BuioAsas ym uojesjuasuod ssewolq
aseyd Aseuonels Jaybiy e Je uoneudaULIB) Yyoleq e Si ¢lid djIYym uonesjuadsuoos sseuwoliq aseyd Aseuonels 1oybiy e je uonejuawidy
yojeq jeuonuaAuod e sjuasasdas ¢ yojeg "dooj uonesyjy ayy ybnoayy Buijohoas yum suoiejuawiiay yojeq jo sjeadad ale Zji4 pue
Lild @[lym una ydjeq |euoljusAuod e sjuasaidal | yojeg -abe ysjeq jo uoloduny e se aujiuoasy} wouy ssewolq Jo p|aih ayl "6-G ainbi4

" EYoIeg g~ £l —e— 2 ~9— Llid—@~ Luojeg —e—
(y) swiy [u] swry
ov 1> o€ sz (174 St (o] .S 0 ov SE o€ sz (174 Sl (o] S 0
e () r : 0

oL o3

0 (174

(23 o€

{6/6] 3uiuoasy) -] woly
{MJQ) ssewaiq jo pjai4

oy ov

Qs QS

[B/6] aujuoasyt-q wosy
(M2Q) ssewoiq jo plalA

e e e e e e e e e = oo e . e et i = e - < | (0

o
@0

9¢-G G 1o1deyn




Chapter 5 5-37

h

Due to the auxothrophy of the cells, biomass production (cell growth) depends on
the availability of threonine. This implies that biomass growth is expected to cease
on threonine depletion. This can be seen for both the batch runs in the conventional
stirred tank reactor. On exposure to the increased hydrodynamic shear, the cells in
the flow loop continued to grow beyond the point of threonine depletion. The yield
of biomass from threonine was increased in both the cases where the cells on
exposure to shear in the filtration loop (Figure 5-9). This effect was more
pronounced at low stationary phase biomass concentrations.

Thus, although the apparent specific growth rate of the hydrodynamically stressed
cells was reduced, the stationary phase biomass concentration on exposure to
increased hydrodynamic stress increased relative to the conventional batch and
subsequently the yield of biomass from threonine increased.

There are three possible explanations for these observations:

e Increased hydrodynamic stress causes the cell wall to leak the essential amino
acids required for growth and further cell growth occurred. This could lead to an
increased yield of biomass from L-Threonine

e Increased hydrodynamic stress could lead to cell lysis. Once again the lysed
cells released essential nutrients that allows cell growth beyond the limited
supply of the auxothrophic amino acids. In this case the cell debris were also
detected by the dry cell weight analysis method

e The third option is that the cell internally strengthened its cell wall with
polysaccharides (opposed to protein). This implies that on exposure to
increased hydrodynamic stress the cell weight increases although the number of
cell remains fixed. It also implies that more carbohydrates would be required to
build a unit of cell weight. From Figure 5-12 it can be seen that the yield of
biomass from glucose decreased on exposure to increased hydrodynamic
stress

When the specific growth rate of the cells is plotted against the residual threonine
concentration (Figure 5-10) it becomes evident that the growth rate can be
modelled using Monod equation with L-Threonine as limiting substrate.

1 dX g [Th]
P2Xat  k +[Thr] | (5-35)

where [Thr] is the extracellular threonine concentration in mg/l. The maximum

growth rate (pmax in h™'} and a saturation constant (km in mg/l) were determined for
each experiment. These results are summarised in Table 5-9.

The impact of Filtration on Fermentation Performance
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Table 5-9. Growth parameters of C. glutamicum in batch fermentations in the
absence and presence of filtration through a tubular ceramic membrane unit. The
correlation coefficient indicates the extent to which the data fits the Monod growth

model.
Batch Specific growth Saturation Correlation
rate constant coefficient
Hmax K R2
[h] [mg/l]
Batch1 0.40 2.97 0.997
Fil1 0.32 17.13 0.998
Fil2 0.34 17.85 0.995
Batch3 0.36 3.08 0.962
Fil3 0.30 7.00 0.997

The increased hydrodynamic stress reduced the maximum specific growth rate of
the cells. This effect can be explained by incorporation of a death rate constant (kq)
in the range 0.06 to 0.08 h™'. The saturation constant (k) increased when the cells
were exposed to increased hydrodynamic conditions. This could be due to
improved mass transfer characteristics of the recycling bioreactor.

7.2.1.2 Carbohydrate Uptake rate

The glucose uptake rate during the exponential growth phase was increased on cell
recycle by cross flow filtration (Figure 5-11). The yield of biomass on glucose during
this phase was reduced for cell recycle compared with the standard batch (Figure
5-12). This implied that more glucose was consumed per cell. It can be postulated
that the additional glucose is required to repair the cell wall on exposure to
hydrodynamic stress or to strengthen the cell wall to withstand the hydrodynamic
stress. The carbon to protein ratio of the cell composition is therefore altered by the
presence of hydrodynamic stress. This is confirmed by the both the increased yield
of biomass from glucose and the biomass from threonine (Figure 5-9)

7.2.1.3 Lysine Production rate

The lysine concentration (Figure 5-13) was lower in batches where cells were
exposed to increased hydrodynamic shear than in the conventional batch reactor.
At higher biomass concentration, the effect was limited to the initial stages of lysine
production. During the latter stages of the fermentation, the lysine concentration of
the stressed batch was lower than that of the conventional batch although the rate
of lysine production was independent of the hydrodynamic conditions.

The specific lysine productivity (Figure 5-14) of the cells exposed to increased
hydrodynamic stress in the flow loop was reduced compared to that of the cells
cultivated in the conventional stirred tank reactor. This effect was more pronounced
in the low biomass concentration batches. For the conventional fermentation, the
maximum specific productivity of the cells was observed around 17 hours after
which this declines rapidly. For the higher biomass concentration batch, the

The impact of Filtration on Fermentation Performance
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maximum specific productivity was reduced but high levels of specific productivities
maintained over a longer period. Lysine production in the conventional batches only
commenced after threonine depletion due feedback inhibition of lysine production
by threonine. With cell recycle, the start of lysine production was delayed till the
completion of cell growth.

The cumulative yield of lysine from glucose (Figure 5-15) for the conventional
fermentation increased from zero to a maximum in the late exponential phase,
thereafter declining to a fixed value. For the lower biomass concentration batches,
the yield of the fermentation with cell recycle did not match the performance of the
conventional batch. For the higher biomass case, the cells exposed to increased
hydrodynamic stress on cross flow filtration produced lysine at a reduced yield
during the initial period of lysine production. During the late stationary and death
phase of the fermentation no difference in the yield of lysine from sugar was
detected between the conventional batch and the batch with recycle.

During the latter stages of the lysine fermentation, the effect of biomass production
on the lysine yield*is eliminated and the observed instantaneous yield is closely
related to the actual lysine production yield. From the data presented, it is evident

- that for the lower biomass concentration batches the specific lysine production rate
as well as the yield of lysine from sugar was reduced on increased hydrodynamic
stress. At the higher stationary phase biomass concentrations, these effects are
less marked than at lower concentrations.

In the higher biomass fermentations, the specific biomass growth rate and the yield
of biomass on threonine and the yield of biomass from glucose was reduced
relative to the control during the initial stages of the fermentation. During the latter
half of the fermentation (after establishment of the bulk of the cell population), no
effect of increased hydrodynamic stress on the cells were detected.

rhe impact of Filtration on Fermentation Performance
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7.2.2 Distribution of the central carbon flux

The fermentation data provided convenient sets of extracellular flux measurements
(glucose, L-lysine, free and saline nitrogen, oxygen and carbon dioxide) to
elucidate the impact of increased hydrodynamic stress caused by biomass
recycling on the biochemistry of L-lysine synthesis through intracellular flux
analysis. This method combines the known metabolic pathways of the organism
with a pseudo-steady state approximation for intracellular metabolite concentrations
to generate a mathematical representation of the metabolic flows. The equations
comprising the network are summarised in Appendix F. The network includes the
main energy and metabolite generating bioreactions of glycolysis, the pentose
phosphate cycle and the tricarboxylic acid cycle as well as the metabolic pathway
via the aspartate family of amino acids leading to lysine. :

Biomass synthesis is treated as a lumped reaction drawing energy and metabolites
from the main metabolic branches according to the stoichiometry given by
Stephanopoulos (1993) (C = 47.6%, H = 6.46%, O = 31.0%, N = 11.8%, Ash =
3.14%). The ATP requirement in the lumped biomass equation is the theoretical
amount corresponding to an ATP yield of 28 g of biomass synthesised per mole of
ATP consumed and the efficiency of oxidative phosphorylation or P/O ratio, is taken
as 2 mol ATP formed per atom of oxygen reduced.

A redundancy analysis, to test the consistency of the measurement set, was carried
out in those instances when the number of measurements available rendered the
system over-determined. This technique calculates a data set contingency index,
which indicates whether the extracellular metabolite flux measurement set satisfies
biochemical constraints at a given level of statistical confidence. For three degrees
of freedom, the consistency index must be less than the chi-square value of 6.25 at
a 90% confidence interval. (Vallino & Stephanopoulos 1994; Vallino &
Stephanopoulos 1990; Walker et al. 1982).

7.2.2.1 Consistency Index

The distribution of carbon through the central metabolism was determined for
five "snap shots” taken during the five metabolic phases: the early logarithmic
growth phase, late logarithmic growth, stationary phase and the late stationary or
death phase. The phase was determined from the biomass growth curve. The
early log phase was identified as being the first three sample points (taken at two
hourly intervals) that could be fitted to an exponential expression while the late
stationary phase represented the last three sample points (taken at two hourly
intervals) during the logarithmic growth phase that could be fitted to an
exponential equation. The stationary phase was identified as the period during
which the biomass did not change by more than the error associated with the
analysis method (0.5 g DCWI/I). The point at which the biomass concentration
started to decline was defined as the start of the late stationary or death phase.
The consistency indices for each of the “snap shots “ taken were determined and
are presented in Figure 5-16. All the consistency indices were below 6.25,
indicating that the balance equations used to describe the observed
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measurements were suitable. The larger errors were associated with the late
stationary or death phase. The errors for the fermentations exposed to increased
hydrodynamic stress were larger than those of the conventional batch
fermentations. This could indicate that other metabolic pathways, not described
by the suggested profile, could be active when the cells are exposed to
hydrodynamic shear.

1.8 T s o e s o e s oo —_— e e e e e

1.4
1.2
1.0
0.8
06
0.4
0.2
0.0

Consistency Index

Early Log Mid Log Late Log Early Stationary Late Stationary

BBatch Low BMS BFil Low BMS OBatch High BMS DFl High BUIS.

Figure 5-16. Consistency index for the carbon flux distribution through the central
metabolism of C. glutamicum during the different metabolic phases of a batch
fermentation.

7.2.2.2 The availability of ATP

Previous researchers (Toma et al. 1991, Ando et al. 1991) report that the
extracellular hydrodynamic conditions can influence the availability of intra- and
extracellular ATP. The aforementioned analysis allows for calculation of the
amount of ATP required for biomass synthesis and biomolecule synthesis, as
well as the amount of ATP produced by the fuelling reactions. Other ill-defined
ATP consumption processes such as maintenance, futile cycles, transport costs
or energy required to maintain concentration gradients have not been accounted
for in the overall ATP consumption calculation. Instead, an excess of ATP, over
the theoretical limit is determined. This excess ATP is then consumed in a virtual
reaction to satisfy the pseudo steady state assumptions. The excess ATP
removal rate for the four batches as a function of metabolic phase is presented
in Figure 5-17. The values of the excess ATP removal rate determined by Vallino
& Stephanopoulos (1993) are presented in Table 5-10 below. These rates are
very similar to the rates reported for the batch reactions in Figure 5-17 from the
results obtained in this study.
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Table 5-10. Excess ATP removal rate as reported by Vallino & Stephanopoulos

(1993)
Metabolic State | Normalised
excess ATP
removal

rate

Early logarithmic 666

Mid logarithmic 537

| Late logarithmic 830

| Early Stationary 613

The excess ATP for cells exposed to increased hydrodynamic stress due to cell

. recycle was reduced relative to that of the “conventional batch” (Figure 5-17).
This implies that the increased hydrodynamic conditions reduced ATP
generation through the TCA cycle. The reduction in ATP formation has been
explained by Toma et al. (1991) to be a result of a shift in cellular metabolism
from oxidative phosphorylation to substrate level phosphorylation and glycolysis.
Toma et al. (1991), proposed that this shift in metabolism is induced by
turbohypobiosis. This term is used to describe inhibition of microbial growth and
inhibition caused by shear forces damaging cell membranes and limited mass
transfer in stagnant eddies of microscales of turbulence.

According to Vallino & Stephanopoulos (1991), the true maintenance
requirements of ATP can probably best be estimated during rapid growth or
product synthesis when futile cycles are expected to be low. Consequently the
ATP flux during the mid exponential growth phase should best reflect the
maintenance requirements. From a theoretical yield analysis a lysine vyield of
approximately 65% could be supported (assuming 530 normalised units of ATP
for maintenance) while generating sufficient ATP to satisfy maintenance
requirements under a zero growth condition. This indicates that for the
conventional batch fermentations, the lysine yield was not ATP limited. For the
cases where the cells were exposed to increased hydrodynamic stress, a
maximum lysine yield of 55% could be expected. Since the observed vyield in
both the conventional batch fermentation and the fermentation with cell recycle
(and increased hydrodynamic stress) was less than the maximum vyield that can
be supported by the availability of ATP, the yield limitation is expected to result
from sub-optimal partitioning of carbon at the principal nodes.

The impact of Filtration on Fermentation Performance
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Excess ATP [kmol/h]

Early Log Mid Log Late Log Early Stationary  Late Stationary

EBatch Low BMS EIFil Low BMS BBatch High BMS DIFil High BMS

Figure 5-17. Excess ATP removal rate (kmol/h) (normalised by sugar uptake = 100
kmol/h) during different metabolic stages and hydrodynamic conditions.

7.2.2.3 Principle node analysis

The metabolic network contains about 35 nodes or branch points. A theoretical
yield analysis reveals that nodal split rations (the carbon flux through a branch
normalised by the flux into the node) change at only a few nodes, termed the
principle nodes, while partitioning of carbon at all other nodes remains
independent of product yield. Partitioning of carbon at the principle nodes must
be optimal for maximal lysine yield. Rigid principle nodes, i.e. those principle
nodes at which attempts to change the nodal split ratios are resisted by the
imposed nodal control architecture, therefore limit the lysine yield.

The carbon split ratios at the following principle nodes (Figure 5-18) were
evaluated to determine the impact of biomass recycling on the metabolism of
Corynebacterum  glutamicum:  glucose-6-phosphate, phosphoenolpyruvate
(PEP), pyruvate (Pyr) and oxaloacetate (OaA).
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FruéP rxn,, Pyr
PEP PEP
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Lys<«— Pyr —>» AA Asp<4+—" OaA —>» IsoCit
AcCoA - Mal

Figure 5-18. Principle nodes for the central metabolism of C. glutamicum

e Glucose-6-phosphate (GIc6P)

The carbon split at this node determines the carbon flux through the pentose
phosphate pathway (PPP) (Figure 5-18). The carbon flux through PPP generates
two NADPH molecules while EMP generates two NADH molecules. This means
that the flux of carbon through PPP is driven by the requirement for NADPH
which are consumed by ammonia assimilation (NH; : NADPH), valine production
(Val : NADPH), lysine production (Lys : 3 NADPH) and biomass production

(BMS : 0.476 NADPH).

If it is assumed that the fraction of Fru6P recycled back into the PPP equals the
fraction of glucose that enters the PPP the fraction of glucose consumed that

enters the PPP (fepp) as a function of the network fluxes is:

IXNy,

/ rep =

IXR) + IXP + X1,

where the reactions are presented in Appendix F.
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Figure 5-19. Fraction of glucose that enters the PPP (fppp)

The percentage of carbon directed to PPP is presented in Figure 5-19. For
quantitative verification, the flux distributions were compared with the radioactive
('*C) and stable (°C) isotope tracer measurements cited in the literature for
glutamic acid bacteria as well as the data reported by Vallino & Stephanopoulos
(1993). Table 5-11 lists the predicted and measured fraction of glucose that
entered PPP as a function of metabolic state. From Table 5-11 it is clear that the
estimated flux distributions for the conventional batch fermentation are
consistent with the data reported in literature

Table 5-11. Measured and reported fraction of glucose that enters PPP as a
function of metabolic state.

Reference Method Organism Mid | Late | Early | Late
log log Stat Stat
Vallino & Bioreaction C. glutamicum 23 49 33 27
. Stephanopoulos network
1993 analysis
Oishi & Aida Radio tracer B. 26
1965 ammonigenes
Walker et al. Stable glucose | Microbacterium 13
1982 tracer ammoniaphilum
Ishino et al. 1986 | Stable glucose | C. glutamicum 44
tracer
Yokota & Shiio | Stable glucose | C. glutamicum 44
1988 tracer
This Study Bioreaction C. glutamicum | 23-26 | 42-51 | 28-32 | 18-25
network
analysis

The transition from mid to late exponential phase corresponds to a marked
increase in the flux of carbon through PPP. This is most marked for the
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conventional batch fermentations without cell recycle. The shift corresponds to
the start of lysine production. The 50% PPP split-ratio at the GLUG6P node and
the yield of NADPH of (1.38 mol/mol glucose) consumed indicates that a lysine
yield of 53% could be supported if biomass synthesis were zero. This potential
analysis illustrates that this node is potentially flexible, implying that NADPH
availability does not limit the lysine yield.

The flux of carbon through PPP is reduced at increased hydrodynamic stress. In
the experiment performed at the lower biomass concentration, a maximum flux
of carbon through PPP of about 43% was achieved. This corresponds to a
maximum theoretical yield of 42%. As this is still higher than the yield achieved,
it can be concluded that the availability of NADPH does not limit the lysine yield
for cells exposed to hydrodynamic shear forces experienced in cross flow
filtration. It should however be noted that the regulatory mechanism of this node
is influenced by the extent of hydrodynamic stress experienced by the cells and
that at increased hydrodynamic shear, the NADPH requirement of the cells is
either reduced or the production of NADPH is limited.

e Phosphoenolpyruvate (PEP)

The carbon from both PPP and EMP meet at 3-phosphateglycerate (G3P) and is
transformed into PEP. PEP then splits into oxaloacetate (OaA) and pyruvate
(Pyr). According to Kiss & Stephanopoulos (1992), this node seems to be
regulated at a 20-25% split of carbon to OaA. The results from this study for the
split ratio of PEP to OaA instead of Pyr are presented in Figure 5-20.

Vallino & Stephanopoulos (1993) reported a slight increase in this split during the
transition from growth to lysine production (14% to 28%). In a previous study in
continuous culture, Kiss & Stephanopoulos (1992) reported that the split ratio at
this node appeared fairly constant over a wide range of specific growth rates.
This indicated that the node may be rigid, i.e. the fraction of carbon entering the
PEP node, which leaves via a particular branch is strictly regulated at a relatively
constant value, and is insensitive to metabolic pertubations. Increased
hydrodynamic stress did not have an impact on the split of carbon at this node,
supporting the potential rigid nature of the node.

The impact of Filtration on Fermentation Performance
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Figure 5-20. PEP principle node split ratios for the lysine fermentation as a
function of metabolic phase.

o Pyruvate (Pyr) - _
At the pyruvate node, a three-way split in the carbon flux is found. In the first
branch pyruvate reacts with aspartate (ASP) to form lysine. In the second,
pyruvate is converted to Acetyl CoA (AcCoA), and lastly some of the pyruvate is
converted into additional amino acids for biomass synthesis. The lysine branch
split ratio at the pyruvate principal node shows a maximum of 31% during the
late exponential phase (Figure 5-21). The observed yield during that period was
0.22 g/g (Figure 5-15). Although it could seem that the observed yield is limited
by the split ratio at the pyruvate node this is not necessarily the case since the
flux at the pyruvate node could also be limited by the split ratio at the PEP or the
OaA node. The flux of carbon to lysine at the Pyr node (Figure 5-21) and the flux
of carbon to AcCoA (Figure 5-22) was reduced at increased hydrodynamic
shear, while the flux of pyruvate into other amino acids (Figure 5-23) increased.

35%

30%
25%
20% | -

% Pyr to Lys

10%

5%

SRS
RN

Early Log Mid Log Late Log Early Stationary ~ Late Stationary

0%

{EBatch Low BMS BIFil Low BMS @Batch High BMS TFil High BMS |

Figure 5-21. Percentage of pyruvate (Pyr) that is converted to Lysine
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Figure 5-22. Percentage of pyruvate (Pyr) converted into AcetylCoA (AcCoA)

Death

® Batch Low BMS EIFil Low BMS @Batch High BMS EIFil High BMS

Figure 5-23. Percentage of pyruvate (Pyr) converted into other amino acids (AA)
such as valine and alanine

¢ Oxaloacetate (OaA)

Carbon enters the oxaloacetate (OaA) node from phosphoenolpyruvate (PEP)
through an anaplerotic reaction and from malate, a tri-carboxylic acid (TCA)
intermediate. Carbon is then distributed to aspartate for lysine synthesis or
returned to the TCA cycle. The carbon split ratio at OaA is depicted in Figure 5
24. A

During the early and mid logarithmic phase, the split ratio was around 50%. The

split ratio of OaA converted to aspartate (Asp) increased during the late
logarithmic phase at the onset of lysine production.
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Figure 5-24, Fraction of oxaloacetate (OaA) converted to aspartate (Asp)

Corresponding to the results presented by Vallino & Stephanopoulos (1993), the
split between Asp and Glut synthesis is equal on growth in the absence of lysine
formation. When lysine synthesis begins, the majority of OaA synthesised from
PEP leads to Asp formation. Kiss & Stephanopoulos (1992) studied C.
glutamicum under continuous growth conditions and found that the fraction of
OAA converted to ASP was a function of the specific growth rate. In this study a
similar relationship was found as depicted in Figure 5-25. As the specific growth
rate increases the fraction of OAA derived from PEP, which ends up as ASP
decreases. This result illustrates the increase in the carbon fraction allocated to
lysine synthesis as the specific growth rate decreases. This relationship was not
influenced by increased hydrodynamic conditions.

1.00
0.95
0.90
0.85
0.80
0.75
0.70 - SR S
0.65 - - - e s o om ‘] -
0.60 : -
0.55 - - - |
0.50

0.00 0.05 0.10 0.15 0.20 0.25 0.30 0.35 0.40

Specific growth rate [1/h]

(OaA -> Asp) / (PEP -> DaA)

W Kiss & Stéphanoboul'us,‘{w992 - (Oéﬁ:;xébil(bEP->OaA) ABatch - Low Biomass
& Batch - High Biomass B Fil - Low Biomass
@ Fil - High Biomass

Figure 5-25. Fraction of OaA converted to Asp as a function of the specific growth
rate.
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The fraction of OAA formed that is converted to ASP (OaA is formed by
carboxylation of PEP and by oxidation of malate in the TCA cycle) is
approximately constant between 30 and 40% as displayed in Figure 5-26. This
implies high TCA activity and subsequently nearly all the PEP carboxylated (to
form OaA) is further converted to Asp. Significant quantities of glucose must
therefore be oxidised in the TCA cycle to maintain the constant split at the OAA
node. This fraction is not influenced by increased hydrodynamic shear
experienced in the filtration unit.

(OAA to ASP} /
{(MAL to OAA)+(PEP to OAA)}

...... 2 PR wxz]

ez D7 i pEE s ]

Early Log Mid Log Late Log Early Stationary  Late Stationary

OBatch Low BMS EJFil Low BMS @Batch High BMS BFil High BMS

Figure 5-26. Fraction of OAA converted to ASP

7.2.2.4 Discussion

The excess ATP for cells exposed to increased hydrodynamic stress due to cell
recycle was reduced relative to that of the “conventional batch” (Figure 5-17).
This could either imply that the increased hydrodynamic conditions reduced ATP
generation through the TCA cycle or that the usage of ATP as explained by the
model increased. The reduction in ATP formation has been explained by Toma
et al. (1991) to be a result of a shift in cellular metabolism from oxidative
phosphorylation to substrate level phosphorylation and glycolysis. Substrate
level phosphorylation includes the addition of inorganic phosphate without the
respiratory chain.

Although the flux of carbon through PPP is reduced at increased hydrodynamic
shear, the flux distribution of 43% could theoretically support a yield of lysine on
glucose of 42% (Figure 5-19). Since the observed yield was substantially less
than the theoretical maximum as estimated from the carbon split ratio at the
GIc6P node it can be concluded that the availability of NADPH does not limit the
lysine vyield. The regulatory mechanism of this node is influenced by
hydrodynamic shear. At increased hydrodynamic shear, the NADPH requirement
of the cells is either reduced or the production of NADPH is limited.
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It is postulated that the requirement for NADPH of the cells exposed to
hydrodynamic shear in the filtration module is reduced. Increased hydrodynamic
shear causes an increase in the flux of carbon towards the cell wall to either
repair or strengthen the cell wall. The flux of carbon used to build the cell wall is
directed through diaminopimelate, an intermediate in the conversion of aspartate
into lysine (Figure 1-2).

The initial evidence of the strengthening theory is found in the increase in the
yield of biomass on threonine and a reduction in the yield of biomass on glucose.
This could support an increase in the carbon to protein ratio of the cells.

Although the specific glucose consumption rate increased on exposure to
hydrodynamic shear in the membrane unit, it did not have an impact on the split
of carbon at the PEP node. Thus hydrodynamic shear does not influence the
ratio of fluxes to Pyr and OaA from PEP. If the total flux of glucose increases
(due to increased specific glucose consumption rate), the absolute flux of carbon
from PEP to Pyr and OaA increases proportionally. At the Pyr node the (Figure
5-21) flux of carbon to lysine and the flux of Pyr to AcCoA (Figure 5-22) was
reduced at increased hydrodynamic shear, while the flux of pyruvate into other
amino acids (Figure 5-23) increased. Thus, at increased shear the total flux of
carbon toward the TCA cycle decreased. This is confirmed by the reduction in
the availability of ATP.

The fraction of oxaloacetate converted to aspartate was however not influenced
by increased hydrodynamic shear experienced in the filtration unit. Thus, the flux
of carbon to Asp and subsequently Lysine should decrease.

The actual values of the carbon flux through the principle nodes are presented in
Table 5-12 for the low biomass concentration fermentation during the late
exponential period (between 15 and 20 hours).

Table 5-12. Comparison of the carbon flux through the principle nodes for a
conventional batch and a batch reactor coupled to a cross-flow filtration loop,
with both the permeate and retentate returned to the Bioreactor

Description Unit Conventional | Batch with

Batch cross-flow

filtration

Specific glucose consumption rate g/g/h 0.16 0.18
Flux from PEP to Pyr g/g/h 0.12 0.14
Flux from Pyr to Lys g/g/h 0.04 0.03
Yield predicted by bioreaction network alg 0.24 0.16
Yield as measured (Figure 5-15) g/g 0.21 0.08
Flux from Asp to Cell wall from |g/g/h 0.004 0.014
measured yield -

Table 5-12 indicates that the yield predicted by the bioreaction network for the
cells exposed to hydrodynamic shear is higher than the actual measured yield.
From Figure 5-16 it was found that the consistency index for the sheared
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.

batches were higher (less accurate) than that of the conventional batches. It is
postulated that the flux of pyruvate to lysine as predicted by the bioreaction
network is an oversimplification. The bioreaction network does not compensate
for the conversion of Asp into cell wall material opposed to lysine. The
conversion of Pyr to lysine as predicted by the model is therefore increased
relative to the actual conversion to compensate for the model’s inability to divert
carbon from Asp into cell wall material.

7.3 The impact of cell recycling on the physical properties of the fermentation
broth

The membrane retains more than 99% of the biomass. The membrane is however
permeable to lysine and the other amino acids as well as all the carbohydrates present
in the bioreactor. As some of the fermentation broth is removed from the bioreactor
without removing the biomass, it follows that the biomass concentration should increase
proportionally.

A consequence of the increased biomass concentration is the impact on the dissolved
oxygen (DO) concentration in the fermenter. Based on DO measurements a reduction
in the available oxygen concentration was seen with increased biomass concentration.
Preliminary investigations have shown that this decrease in the oxygen transfer rate is
a result of decreased liquid phase mass transfer coefficient (ka), rather than a
. decrease in the saturated oxygen concentration of the fermentation broth (Stieger
1998). It was found from a previous study that the increased lysine concentrations
attributed to the decrease in kja (Stieger 1998).

Mass transfer can be modelled with the following equation:

OTR =ka(Cpy s — Co2) (5-37)

where OTR is the oxygen transfer rate (mmol/l/h), kia is the volumetric mass transfer
coefficient in h™', Coz,sat is the saturation dissolved oxygen concentration (mmol/l) and
Co2 is the dissolved oxygen concentration (mmol/l).

The saturation dissolved oxygen concentration Cozsat is a function of the medlum
composition and can be estimated from Henry's Law:

C =H-P,, (5-38)

02 sat

where H is Henry’'s constant which is a function of temperature and medium
composition and P is the partial pressure of oxygen (kPa).

The volumetric mass transfer coefficient depends on the medium composition, the
system geometry, the power input and the air flow rate through the system:

(Rev)?
Y

react

1% Air®

kll a= amedia[ (5-39) .
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The power for a specific system would be proportional to the Rev to the power of 3
where Rev is the impeller speed. Air is the volumetric air flow rate and “amedia” is a
constant that depends on the composition of the broth

Using Equation 5-37, 5-38 and 5-39, the oxygen transfer rate (OTR) can therefore be
expressed as:

OTR =K'a(LMOPP-DO*LMOPP,) (5-40)

were OTR is the oxygen transfer rate (mmol/l/h), k'a the mass transfer coefficient
compensating for the media dependency of Cgasat, LMOPP the logarithmic mean
oxygen partial pressure at the inlet and outlet of the fermenter and LMOPPy the
logarithmic mean oxygen partial pressure at the inlet and outlet of the fermenter with no
metabolic activity at the point at which the DO probe was calibrated, DO is the
percentage saturation of oxygen in the broth as measured by the DO probe.

In Equation 5-40, the mass transfer coefficient represents a lumped parameter that
compensates for the media dependency of the mass transfer coef ficient and the
saturation oxygen concentration. Equation 5-39 would still be a valid expression for k'ja
(the modified mass transfer coefficient) although the value of a must now compensate
for the media dependency of C,, st and k'ja.

 The parameters in equations were determined by using a least square fit from
experimental data for different biomass concentrations, lysine concentrations and
recycling flow rates.

For the base case scenario i.e. biomass dry weight concentration of 23 g/, lysine
concentration 30g/l with no biomass recycling the constants had the following values
Brmedia = 3.51 x 10 mmol/i/h/kPa
o, = 0.66
B, = 0.66

Based on similar method as that used to model the permeate flow rate empirically (See
Chapter 3) the following empirical correlation’s were established for each of the
constants

Amedia = 4.16 x 10™*[Lys]*% mmol/l/h/kPa

oo = 8.31 x 107 [v]®%?

Bo = 4.67 x 107 [v]*®

where [v] is the linear velocity through the membrane module. For the base cases
where no recycling was employed this term was set to 10 to approximate zero and
avoid a division by zero error. A parity-line for the experimental data against the
predicted kja, presented in Figure 5-27, illustrates the satisfactory description of the
data.

It was found that the mass transfer coefficient was influenced significantly by the lysine

concentration and cross flow velocity through the membrane module. The cross flow
velocity relates to the time, which the organism would spend in the unaerated
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recirulation loop. It was found that increased biomass concentrations, up to 50 g/l did
not influence the mass transfer coefficient. This was confirmed by the work of Stieger
(1998) who found that for lysine broth the impact of the biomass concentration on the
volumetric mass transfer coefficient was minimal.

Thus increasing cross flow velocity through the filtration loop implies an increase in the
a coefficient. This implies that the impact of the agitation power on the mass transfer
coefficient increases at increased cross flow filtration rates. The B coefficient however
decreases with increases cross flow velocity. The effect of aeration is therefore reduced
at increased cross flow velocities. This implies that if the same oxygen transfer rate is to
be maintained, less agitation power and more air would be required at higher cross flow
velocities.

y = 1.0015x
" R?=0g106

Modelled kla [mmol/l/h/atm]
5

0.00 0.10 0.20 0.30 0.40 0.50 0.60 0.70 0.80
Measured kla [mmol/l/h/atm]

Figure 5-27. Parity-line for estimated and experimentally measured kl, data.

7.4 The impact of biomass recycling using cross-flow flltratlon on the
fermentation performance of C. glutamicum cells

To determine the impact of biomass recycling on the fermentation performance four
fermentations were run with different reactor configurations. Batch, conventional fed-
batch, continuous and fed-batch with biomass recycling were evaluated on laboratory
scale. The runs were based on achieving a maximum biomass concentration of 30 g/l
with a maximum initial charge sugar concentration of 100 g/l. At higher biomass
concentrations the rheology of the broth alters while osmotic effects retards growth at
sugar concentrations that greatly exceed 100 g/l. The continuous fermentation was run
at the optimal growth rate for lysine productivity as reported by Kiss & Stephanopoulos
(1992), resulting in a continuous specific growth.rate of 0.04 g/g/h. The conventional
fed-batch fermentation and the fed-batch with biomass recycling was maintained at a
specific feed rate of 0.25 g/g/h which was optimal for lysine productivity according to
Figure 6-2. The results from these runs are presented in Table 5-13 below.
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The duration of the continuous fermentation as well as the fed-batch fermentation with
biomass recycling run were limited due to reversion of the strain back to the wild type.
Kiss & Stephanopoulos (1992) found that the double-auxothroph, L-lysine producer,
Corynebacterium glutamicum (ATCC 21253) was susceptible to a back mutation, or
reversion. For the growth rate selected for the continuous culture (0.10 h™"), Kiss and
Stephanopoulos (1992) reported a 50% decline in auxothrophic population after 4
generations or 77.6 hours. The continuous fermentation was therefore terminated at 80
hours. Based on serial dilutions on plates containing complex medium and medium
lacking both L-threonine and L-methionine a 48% decline in the auxothropic population
was found after 80 hours. For the fed-batch with biomass recycling a 51 % decline in
the auxothropic population was found after 120 hours.

The volumetric productivity as reported in Table 5-13 is based on the working volume of
the bioreactor. The specific productivity was based on the overall lysine produced and
the total biomass produced during the run and therefore represents and average and
not necessarily the maximum instantaneous value. The yield was based on the total
lysine produced and the total glucose consumed during the run and represents and
cumulative value and not and intrinsic or instantaneous value.

Table 5-13. Fermentation performance for different reactor configurations

Units Batch Conventional | Continuous | Fed-batch with
Fed-Batch biomass
recycling
IC Volume [litres] 10 5 10 5
Working volume [litres] 10 10 10 10
Total biomass [a] 300 150 178 158
Total lysine (9] 136 324 160 960
Lysine [g/1] 14 32 13 48
concentration
Yos [m/m] 0.14 0.16 0.17 0.16
Duration [h] 40 60 80 120
Volumetric [g/I/n] 0.34 0.54 0.20 0.80
productivity
Lysine / biomass [m/m] 0.45 2.16 0.90 6.08
Specific productivity | [g/g/h] 0.01 0.04 0.01 0.05

The batch fermentation produced 136 g of L-Lysine at a yield on sugar of 0.14 g/g in 40
hours. The cumulative specific productivity of 0.01 g/g/h is very low due to the relatively
long time required to establish the cell population. Lysine production stopped after the
100 g/l of sugar included in the initial charge was depleted. Only 0.45 g of lysine was
produced per gram of biomass, which makes this process very inefficient. A final lysine
concentration of 14 g/l was achieved.

In the fed batch fermentation the total biomass was limited by the biomass
concentration in the initial charge. The biomass was grown in the batch mode up to 30
g/l in 5 litres of media. Since the biomass concentration was limited to 30 g/l, the total
biomass was limited to 150 grams of dry cell weight. The cells were however
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maintained in the lysine overproduction metabolic state by feeding sugar at a fixed
specific feed rate. The cells were therefore maintained in an optimal condition for lysine
production for a proportionally longer time when compared to the batch fermentation.
The effective specific productivity was increased from 0.01 g/g/h for the batch
fermentation to 0.04 g/g/h for the fed-batch operated fermentation. Subsequently, the
total lysine produced to biomass produced ratio increased relative to the conventional
batch to 2.16 g/g. Surprisingly the overall yield only increased from 0.14 to 0.16 g/g.
The eliminate an excessive increase in volume the glucose concentration in the feed
was maintained at 400 g/l which was close to the solubility limit of giucose at 20 °C. The
duration of the fed-batch fermantation was limited by the available reactor volume.

At steady state in the continuous fermentation the dilution rate (0.04 h') equals the
specific growth rate. The sugar concentration in the feed was maintained at 400 g/I. The
biomass was initially grown up to 15 g DCW/I in 10 litres. This concentration decreased
to 2.5 g DCWI/I at steady state. This was the concentration at which the biomass
production rate equalled the washout rate. The low specific productivity of 0.01 g/g/h
reported was a result of the bulk of the biomass being washed out during the initial
stages of the fermentation. At steady state only 28 g DCW of cells was in the reactor.
This represents a specific productivity of 0.07 g/g/h, which corresponds to, that reported
in Figure 6-2. The rest of the biomass (150 g DCW) was grown initially and washed out.
The low total lysine to total biomass ratio (0.90 g/g) reflects this. If the steady state
biomass concentration is used this ratio increases to 5.71 g/g.

The fed-batch reactor produced 960 g of Lysine in 120 hours at a yield of lysine on
glucose of 0.16 g/g. In this reactor the bulk of the cell population was maintained in the
bioreactor, the duration of the batch was not limited by the reactor volume and the cells
were maintained in the lysine overproduction state for the bulk of the fermentation time.
This results in a total lysine on total biomass ratio of 6.08 g/g. Another advantage of the
fed-batch reactor with biomass recycling is the increased final lysine concentration
which reduced downstream processing costs.

From the above analysis it is clear that the fed-batch fermentation with biomass
recycling outperforms the other reactor configurations based on total lysine produced
and the concentration of lysine in the final broth.

8 Conclusions

The qualitative effects of the increased hydrodynamic shear stress typically
encountered in cross-flow micro-filtration applications on the growth, metabolism and
morphology of Corynebacterium glutamicum cells have been investigated. Image
analysis and a bioreaction network model has been used to quantify the impact of the
hydrodynamic forces on the fermentation performance. Performance was analysed in
batch fermentations while continuously filtering the cells. The permeate was returned to
the bioreactor to ensure a constant composition.

The cell volume increases under increased hydrodynamic shear although increased

shear does not alter the cell shape. It is therefore reasonable to assume that the
increased volume may be due to increased water uptake into the cell as suggested- by
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Wase and Patel (1985) rather than alterations in the cytoskeleton or cell wall structure.
It was also found that the effects of hydrodynamic shear stress on the cell's morphology
were reduced at increased biomass concentrations.

The apparent specific growth rate of the hydrodynamically sheared cells was reduced,
although the stationary phase biomass concentration on exposure to increased
hydrodynamic shear increased relative to the conventional batch. The yield of biomass
from threonine increased while the yield of biomass on glucose was reduced for cell
recycle compared to the conventional batch.

The specific lysine productivity of the cells exposed to increased hydrodynamic stress
in the flow loop was reduced compared to that of the cells cultivated in the conventional
stirred tank reactor. This effect was more pronounced in the low biomass concentration
batches. The cumulative yield of lysine from glucose was reduced on exposure to
hydrodynamic shear. At the higher stationary phase biomass concentrations, these
effects are less marked than at lower concentrations.

The fermentation data provided convenient sets of extracellular flux measurements
(glucose, L-lysine, free and saline nitrogen, oxygen and carbon dioxide) to elucidate the
impact of increased hydrodynamic stress caused by biomass recycling on the
biochemistry of L-lysine synthesis through intracellular flux analysis. This method
combines the known metabolic pathways of the organism with a pseudo-steady state
approximation for intracellular metabolite concentrations to generate a mathematical
~ representation of the metabolic flows.

The excess ATP for cells exposed to increased hydrodynamic stress due to cell recycle
was reduced relative to that of the “conventional batch”. The reduction in ATP formation
is believed to be a result of a shift in cellular metabolism from oxidative phosphorylation
to substrate level phosphorylation and glycolysis.

The flux of carbon through PPP was reduced at increased hydrodynamic shear due to a
reduction in the requirement for NADPH of the cells exposed to hydrodynamic shear in
the filtration module. Exposure to hydrodynamic shear in the membrane unit did not
have an impact on the split of carbon at the PEP or OaA nodes. At the Pyr node the flux
of carbon to .lysine and the flux of Pyr to AcCoA was reduced at increased
hydrodynamic shear, while the flux of pyruvate into other amino acids increased. Thus,
at increased shear the total flux of carbon toward the TCA cycle decreased.

From the qualitative analysis presented it was postulated that increased hydrodynamic
shear causes an increase in the flux of carbon towards the cell wall to either repair or
strengthen the cell wall.

In the next chapter different level of hydrodynamic shear and its impact on the
fermentation performance would be evaluated.

An analysis of the impact of cell recycling on the mass transfer properties of the
bioreactor indicated that if the same oxygen transfer rate is to be maintained at
increased cross flow velocities, less agitation power and more air would be required at
higher cross flow velocities.
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It was also shown that the fed-batch fermentation with biomass recycling outperformed
the other reactor configurations (batch, fed-batch and continuous) based on total lysine
produced and the concentration of lysine in the final broth.
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Modelling of the Lysine Fermentation with Biomass
Recycling

1 Introduction

Biochemical processes are characterised by a large number of variables that can influence
the process outcome. This, combined with the slow nature of fermentation experiments
makes optimisation through search plans very tedious and in most cases physically
unrealistic and economically unfeasible. It is therefore easily recognised that in the
optimisation of biochemical processes, the emphasis falls mainly on the development of
accurate relationships between dependent and independent variables.

Unfortunately, due to the complex nature of biochemical processes, fundamental functional
relationships are very limited with regard to their ability to predict process performance.
Therefore, most attempts at the modelling of biochemical processes are empirical
correlations of experimental data that are only valid over the evaluated range. “Hybrid
models” use some fundamental understanding of the system behaviour to dictate the form
of the empirical correlation. Several of these “hybrid models” exists that describe some
aspects of biochemical processes, each with its limitations and defined range of
applicability (Luedeking & Piret 1959; Volesky & Votruba 1992; Wang & Cheng 1999;
Wang & Stephanopoulos 1983; Biichs 1991).

Choosing the most suitable model for a specific purpose can be seen as an optimisation
problem in itself. The objective of the optimisation problem is to find the model or functional
relationship that adequately describes the process or the part thereof that the specific
purpose at hand requires. In the case of process optimisation, the objective is to find the
process model or functional relationship that adequately describes the part of the process
that influences the objective function. Bayesian inference (O’Hagan 1994) is a quantitative
technique that can be used to find the functional relationship with the highest probability of
predicting selected process parameters based on a hybrid of experimental data and some
fundamental understanding of the system behaviour.

This concept will be illustrated by optimising the variable cost of production of L-Lysine
through the direct fermentation of carbohydrates by an auxothropic mutant of
Corynebacterium glutamicum in a cell recycle bioreactor. In the cell recycle bioreactor, the
biomass is separated from the fermentation broth by using cross-flow microfiltration unit
from where the biomass is recycled to the bioreactor and the spent medium processed for
lysine recovery (Figure 6-1).
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Filter unit

Pump

Figure 6-1. The cell recycle bioreactor is used to increase the biomass residence time in the
bioreactor. The biomass is separated form the fermentation broth by using cross-flow
filtration external to the reactor. The biomass is recycled to the bioreactor and the spent
medium processed for lysine recovery.

2 Fermentation models

The following section will give a short overview of the available fermentation modelling
approaches:

2.1 Process models with biomass recycling

The biomass recycling process is generally modelled based on component mass
balances. These generally include a volumetric balance, a biomass balance, a
carbohydrate balance and a product balance. The specific growth rate and specific
productivity of the cells are generally modelled by using well known biochemical rate
expressions such as the Monod equation.

For example, biomass recycling is a very well studied subject where activated sludge
processes are concerned. Ramanathan & Gaudy (1971) modelled the steady state
activated sludge process with constant biomass recycle. Most of the biomass recycling
models of activated sludge processes are based on Monod growth equations coupled to
simple mass balance equations.

Fermentation Modelling




Chapter 6 6-3:

Weuster-Botz et al. (1997) described a fed-batch process in which nutrient components
are continuously fed to the fermenter while the culture liquid is not removed until the end of
the fermentation. A quasi-stationary regime is achieved by altering the rate of dilution and
composition of the nutrient supplements. In this case the biomass concentration and
substrates remain at a constant level.

A mathematical model of one-stage continuous cultivation for producing L-lysine has been
presented by Rutkov (1984) using the homoserine deficient mutant ATCC 13286. The
model is based on the solution of the basic material macro balances (carbon and nitrogen)
of one stage continuous cultivation in accordance with some justified assumptions which
reflect the specific peculiarities of the growth and lysine production of the strain used. The
adequacy of the model was proven by comparing the experimental data with the model
simulations.

Wang & Stephanopoulus (1984), proposed that a time-delay kernel be included in the state
equations to compensate for the history of cell behaviour. They also developed a
generalised method of transforming the integrodifferential equations to a mathematically
equivalent set of first order ordinary differential equations. This allowed the incorporation of
the culture’s past history in the form of a delay kernel, which greatly enhances the model's
predictive capabilities. The transformation then permits the application of a wide variety of
analytical techniques. The resulting model effectively combined the simplicity of an
. unstructured lumped model with the power of a complex structured model.

2.2 Modelling of biomass growth

Most of the modelling of the growth of lysine producing organisms was described with
logistic models based on either Malthus or Monod kinetics. For the description of the lag
phase, different extensions of kinetics were compared and respectively tested and two
new mathematical functions suggested for this purpose by Bona & Moser (1997).

Kiss and Stephanopoulus (1992) studied the long term dynamic characteristics of the L-
Lysine producer Corynebacterium glutamicum in continuous culture over a range of
specific growth rates. The double auxothropic parent strain was found to be susceptible to
a back mutation or reversion. They developed a deterministic mathematical model of the
culture dynamics, incorporating two limiting substrate balances. The model successfully
described the takeover profiles.

Mankad and Nauman (1992) presented several unstructured models for microbial growth
under dual substrate limitations. All these models only apply to substrate limitations of the
Monod type. They then presented a more general model for microbial growth under any
form of dual limitation. Their new model also allows a variable extent of interaction
between the two limiting factors.
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2.3 Coupling of growth rate and specific amino acid productivity

Luedeking & Piret (1959) suggested that since lysine production by most mutant
organisms are only partly growth associated and that the substrate is allocated by the
micro-organism mainly for biomass and amino acid production, there should be a
relationship between the specific growth rate and the specific lysine productivity. They
suggested a linear relationship between the specific growth rate and the specific lysine
productivity.

Ohno et al. (1976) suggested a model for the lysine fermentation based on Monod kinetics
for growth and a second order polynomial relationship between the specific growth rate
and the specific lysine productivity instead of the linear relationship suggested by
Luedeking & Piret (1959). The result was based on the experimental data reported by
Takamatsu et al. (1975). This model had various limitations such as the fixed yield of
lysine on biomass but was adequate to illustrate the concept to find the optimal feed rate
for the lysine fermentation.

Shioya (1992) later revised this model by incorporating a relationship between the specific
growth rate and the specific production rate as a function of limiting substrate
concentration (L-Leucine). This model was constructed on the assumption that L-leucine
repressed the synthetic enzyme for lysine production and that the repression mechanism
was regulated by the operator (Shioya ef al. 1992).

2.4 Intelligent sensors

The concept of using process models to infer data that are difficult or impossible to
measure is referred to as intelligent sensoring.

Vallino and Stephanopoulos (1987) developed a model in which the variables that were
measured on-line can be fed to a Kalman filter to produce estimates of states that are not
directly measurable. Concentrations of substrate, product, biomass and oxygen in the gas
and liquid phases as well as the yields, specific growth rate and the kja values were
estimated from on-line measurements of O, and CQO; in the off gas and the dissolved
oxygen concentration.

Both van Gulik and Heijnen (1995) and Vallino and Stephanopoulos (1993) developed an
online physiological state recognition system, based on a metabolic reaction model. Here
growth, production activity and flux distributions were determined from on-line
measurements only.

Neural networks can easily be structured and trained to predict the physiological state of a
fermentation at any point in time based on some measured variable inputs. Lui et al.
(1995) modelled fed batch culture of a Brevibacterium for lysine production by combining 3
neural network estimators. The first neural network estimated the consumed sugar
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concentration, lysine concentration and cell optical density. The second determined the off
gas concentration of CO, and O, while the third predicted the agitation speed. The model
was used for set-point selection for fed-batch fermentation.

Linko et al. (1995) programmed well-trained, back propagation multi-layer neural network
in MS-Visual C™ for Windows and implemented it on a PC. The neural networks were
applied to state estimation and multi-step-ahead prediction of sugar consumed and lysine
produced based on online measurable variables.

Yet-pole et al. (1996) used a moving window neural network for dynamic modelling and
on-line estimation of sugar consumed, cell mass and product concentration in a lysine fed
batch culture. The reducing sugar concentration was calculated on-line using the
estimated sugar consumption rate to determine the sugar concentration. The sugar
concentration was maintained at a given value using simple compensatory feeding
strategy. The fermenter was controlled to have a constant reduced sugar concentration, by
controlling the substrate-feeding rate. Thus, the oxygen uptake rate (OUR), carbon dioxide
evolution rate (CER), the respiration quotient (RQ = CER / OUR) and feed rate were fed
into a neural network model that predicted the reduced sugar concentration which was
controlled with a feedback controller by manipulating the feed rate.

2.5 Modelling of specific metabolic parameters in the lysine fermentation system

Erdmann et al. (1992) developed kinetic models for lysine excretion. These models were
then further structured by Kelle et al. (1996) to represent the lysine excretion system
mechanism to determine the activity of the export carrier and to calculate the cell specific
concentration of the export carrier.

3 Development of a fermentation model

The lysine fermentation model, developed for this study, is based on general volume and
mass balances coupled to expressions that define the excretion and uptake of cellular
metabolites as functions of the extracellular component concentrations. The mass and
volume balance is based on the system illustrated in Figure 6-1.

Two approaches were followed to model the metabolic behaviour of the strain. In the first
approach, the cellular metabolism, i.e. specific growth rate, specific lysine productivity and
the specific oxygen utilisation rate were expressed as empirical relationships based on
experimental results.

In the second approach a bioreaction network was constructed which represented all the
intracellular reactions believed to be active during lysine production. The relative reaction
rates were then determined experimentally from batch, fed-batch and continuous
experimental results. From these rates, a principle node analysis was done to determine
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whether the fluxes through any node were fixed or if the flux through the node could be
related to any other metabolic parameter. By fixing or correlating the flux through a number
of nodes, the degrees of freedom were reduced to such an extent that the bioreaction
network could be used to model the metabolic behaviour of the cell as a function of the
extracellular component concentrations.

The two approaches to the modelling of the cell's metabolism was compared using

Bayesian inference. The selected model is used in Chapter 7 to optimise the fermentation
process performance.

3.1 Volume and mass balances

The volume and mass balance equations that describes the systems state variables are
shown below:

% = Fge + iy + Fas —Bleed - Perm’ (6-1)
VX VX - X -Bleed (6-2)
’ - 6-3
AVIhT _ ~wVX k. Cyy - Thr(Bleed + Perm) ©9
dt Y,
Thr,obs
6-4
dejt'“C = ~Ggueans - XV + Foue - Coue — Gluc(Bleed + Perm’) (6-4)
d\thyS = Quyee0s VX —Lys(Bleed + Perm’) g (6-5)
where
V is the volume of broth in the bioreactor [litre]

Feue 1s the volumetric glucose feed rate [litre/h]

Fas is the volumetric ammonium sulphate feed rate [litre/h]

Frne  is the volumetric L-threonine feed rate [litre/h]

Bleed is the rate at which the contents of the fermenter is bleed off to maintain a constant
maximum volume [litre/h] '

Perm' is the permeate flow rate from the filtration unit [litre/h]

X is the biomass concentration [g DCW /[]

Lobs IS the specific biomass growth rate [1/h]

Thr is the auxothropic amino acids (threonine) concentration in the fermenter [g/]

Yutnrons 1S the yield of biomass from threonine [g/g] this yield was found to be 25.0 g/g.
From the data of Kiss & Stephanopoulos (1991) a yield of 24.28 g/g was obtained.

Ctne  Is the threonine concentration in the threonine feed [g/l]

Gluc is the glucose concentration in the fermenter [g/[] ‘
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dewe IS the specific glucose consumption rate [g/g/h]
Caic Is the concentration of glucose in the sugar feed [g/l]
Lys s the lysine concentration in the fermenter [g/l]
duys.obs 1S the specific lysine productivity [g/g/h]

3.2 Carbohydrate feed rate

The sugar feed rate Fg is initiated at the point of initial charge sugar depletion. This point
is generally recognised by an increase in pH and confirmed by spectrophotometric
analysis of the residual glucose concentration (Appendix A & C). During the batch phase of
the fermentation, the specific glucose consumption rate (qaiuc.obs) is equal to the maximum
glucose uptake rate of the organism provided that there are no other limiting components
such as oxygen, the auxothropic amino acids and co-factors such as Mg?*. Increased
osmotic load in the extracellular medium may also reduce the sugar uptake rate (Practical
experience at industrial scale lysine producing facility).

The maximum glucose uptake rate has been determined in both continuous and batch
experiments by previous investigators under conditions of sufficient oxygen and
auxothropic amino acid supply. Lee et al. (1995) reported a value of 1.29 g/g/h for
Corynebacterium glutamicum ATCC 21513 from batch experiments. Oh & Sernetz (1993)
conducted several continuous fermentations with Corynebacterium glutamicum ATCC
21544 and found a maximum glucose uptake rate of 1.38 g/g/h. The maximum specific
- glucose consumption rate observed in batch and continuous fermentations for
Corynebacterium glutamicum ATCC 21253 used in this study was found to be 1.12 + 0.02
g/g/h in the batch experiments and 1.05 + 0.02 g/g/h in continuous experiments.

For the purpose of modelling the lysine production fermentation it was however assumed
that the maximum specific glucose uptake rate would be limited to 0.4 g/g/h, to prevent
overfeeding and a subsequent reduction in lysine on glucose yield (Figure 6-2). It will later
be shown that this value adequately modelled both the batch and the fed-batch data
generated in this study as well as that of other investigators.

The glucose feed is controlled at a specific glucose feed rate during the feed phase.
Generally an increase in the specific feed rate during the lysine production phase results in
increased lysine productivity but at the penalty of a reduced yield while a reduced specific
feed reduces the specific productivity but brings about a slight increase in the yield of
lysine form sugar (Figure 6-2).

This principle was confirmed and quantified by analysing both batch data at the higher
biomass concentration as well as running various continuous fermentations at several
dilution rates with varying sugar concentrations. The batch sugar, biomass and lysine
profiles were analysed and the specific lysine production rate plotted as a function of the
specific glucose consumption rate (Figure 6-2). Three continuous fermentations were
conducted each at four dilution rates. The initial charge in each case corresponded to the
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initial charge media of the batch fermentation (Appendix A). The sugar feed consisted of a
mixture of the initial charge media with three sugar concentrations (20 g/l, 40 g/l and 100
g/l). The feed was started at the point of threonine depletion. Four residence times was
allowed before steady state measurements were taken. Four different specific growth rates
were targeted for each sugar concentration corresponding to dilution times of 0.05; 0.10;
0.20 and 0.30 1/h. Four residence times after increase of the feed rate, the specific
glucose consumption rate and the specific lysine productivity were measured. A graph of
the specific lysine productivity as a function of the specific glucose consumption rate is
plotted in Figure 6-2. Batch data obtained from Lee et al. 1995 and continuous data
obtained from Oh & Sernetz (1993) are included onto the graph.

T 0.20 s g A o e e 4 0.28
D ® % =& y = -0.4658x* + 0.5066x - 0.026
o 2 0.15 » ‘ ) ' ' 021 —
E‘E - EA o m.. R =0.9865 g
g3 010 g ©° 014
- 'Y J Q.
n g 005 o - R 0.07 >
K ‘ o 8
& 0.00 ' R #a®e 8 | (g
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Specific Feed [g/g/h]

& Specific Productivity - Batch A Specific Productivity - Continuous
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% Yps - Batch ®Yps-Leeetal ., 1995

Figure 6-2. The specific lysine productivity as a function of the specific glucose
consumption rate as measured in batch and continuous fermentation and compared to
published data. The polynomial presented is fitted to the experimental data obtained in this
study.

The yield increases sharply with increased specific feed rate, then flattens out over some
range of specific feed rates before it decreases until the maximum uptake rate is reached.
The specific productivity follows an almost quadratic function of the specific feed rate.

The glucose consumption rate, which maximises productivity and vyield, has been
determined from experimental results by various investigators. The optimal specific
glucose uptake rate under conditions of sufficient supply of oxygen and the auxothropic
amino acids reported in the literature are summarised in Table 6-1. From the experimental
results presented in Figure 6-2 it was found that the optimal specific glucose uptake rate in
the batch, fed batch and continuous fermentations was measured as 0.38 +0.05 g/g/h.
This value was obtained by maintaining the maximum yield and maximising the specific
productivity. It corresponds well with the values published in the literature (Table 6-1).
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Table 6-1. Maximum glucose uptake rate for lysine producing organisms

Reference Strain Maximum
glucose
uptake rate

[1/h] \

Kiss & Stephanopoulus (1991) C. glutamicum ATCC 21253 0.46
Hilliger & Hanel (1981) C. glutamicum 9366 : 0.45
Coello et al. (1992) C. glutamicum ATCC 21513 0.42
Vallino & Stephanopoulus (1994) | C. glutamicum ATCC 21253 0.40

' Lee etal (1995) C. glutamicum ATCC 21513 0.38

| Oh & Sernetz 1993 C. glutamicum ATCC 21544 0.38 |

During the feed phase, the specific glucose consumption rate (qeuwc) is equal to the
targeted specific feed rate if the feed rate is less than the maximum consumption rate. This
implies imply that for the feed phase the residual glucose concentration is either constant
or zero depending on the sugar concentration at which the feed was initiated. Because a
feed and bleed strategy is generally followed for the fed-batch fermentations, a zero
residual sugar concentration will maximise the yield of lysine produced per glucose fed.
This is in essence an economic optimum as the fermentation may behave differently under
conditions of sufficient glucose supply. For all the fed-batch fermentations, it was therefore
ensured that there was no sugar accumulation to ensure that the glucose consumption and
feed rates were equal. Hence the feed rate, Fguc is given by:

FG _ SpeCGluc XV - Yaie X-V
luc

CGluc CGluc
where Fgyc is the glucose feed rate (I/h), X is the biomass concentration (g/l DCW), V is
the volume of broth in the reactor (I), Specgic represents the specific glucose feed rate
(g/g/h which for this model was assumed to be equal to the specific glucose consumption

rate qeie at a fixed glucose concentration and Cgyc is the concentration of glucose in the
feed (g/l).

(6-6)

3.3 Auxothropic amino acid (Threonine) feed rate

C. glutamicum ATCC 21253 is auxothropic for L-threonine, L-methionine and L-leucine. In
the absence of these components, cell growth cannot be sustained. The maximum
biomass concentration achieved during the batch phase of the fermentation is controlled
by the initial charge L-threonine concentration. Experimentally determined cell yields
(grams of dry cell weight per milligram of amino acid consumed) from Kiss &
Stephanopoulos (1992) were used to determine the required ratio of the auxothropic amino
acids both in the initial charge and the threonine feed. The threonine feed therefore
represents a feed mixture containing all the initial charge trace salts as well as the desired
ratio of the auxothropic amino acids. Addition of the threonine feed results in increased
growth due to the increased availability of the auxothropic amino acids.-Similar to the
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sugar feed the threonine feed rate is maintained at a desired specific threonine
consumption rate (g in g/g/h), and is one of the controllable variables.

F_Gn XV ©-7)
Thr —
’ Crnr

where Fry,, is the auxothropic amino acid feed rate (I/h), gm is the specific threonine
consumption rate (g/g/h), X is the biomass concentration (g/l DCW), V is the volume of
broth in the bioreactor (l) and Cy, is the concentration of L-threonine in the auxotrophic
amino acid feed (g/l).

3.4 Ammonium sulphate (AS) feed rate

L-Lysine is a monovalent cation at pH 7. When lysine is produced from glucose, two
ammonium ions are used as source of nitrogen. An H" must be excreted with the Lysine to
_ maintain an overall charge balance. The excretion of an H* results in a decrease in the
fermenter pH. The pH in the fermenter is controlled by the addition of ammonium
hydroxide. This results in the next set of reactions:

x Gluc +y O, + (NHa)2S04 > Lys* + 2 CO, + H + SO (6-8)
NH,OH + H* > NH4* + H,0 (6-9

Nett reaction
2x Gluc + 2y Oz + (NH4)2S04 + 2 NH,OH > 2 Lys™ +2z2 CO, + 2 H,0 + SOQ.% (6-10)

The stoichiometric coefficients of the glucose, oxygen and the carbon dioxide depend on
the cellular metabolism and therefore only the nitrogen and charge balance is considered
in these reactions.

The two nitrogen atoms in the lysine molecule originate from the ammonium sulphate and
the ammonium hydroxide used for pH control. It is therefore clear that the requirement for
ammonium sulphate depends on the amount of lysine produced. The ammonium sulphate
serves to provide a single nitrogen atom to produce lysine but also to supply the sulphate
ion that would act as a counter ion for the excreted cationic lysine molecule.

To ensure that there is always an excess of ammonium ions as well as counter ions
available, the ammonium sulphate stream are fed to maintain a free and saline nitrogen
level in the bioreactor between 1.5 and 2.5 g/l. It is known that increased free and saline
nitrogen concentration suppresses biolocical activity due to increased osmotic load. Vallino
& Stephanopoulos (1993) used 7 g/l of ammonium sulphate in their growth medium and
did not report negative osmotic effect. It was therefore concluded that free and saline
levels below 2.5 g/l would not impart negatively on the cells activity.
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On a biochemical level the GS/GOGAT ammonium assimilation route (Gottschalk 1986;
Vandecasteele et al. 1975), does not operate at amimonium ion concentrations above 0.5
g/l. Under these conditions ammonia consumption is catalysed by a single enzyme,
glutamate dehydrogenase to produce glutamate from which glutamine is synthesised.
Following glutamine synthesis, the newly formed a-amino group can easily be transferred
to other carbon skeletons by trans-amination reactions to form, amongst other amino acids
L-Lysine. By ensuring that the ammonium ion concentration remains above 0.5 g/,
ammonium uptake is dictated by a single constitutive enzyme and therefore would not limit
lysine production by complicated interactive control mechanisms active in the two-enzyme
system.

The impact of ammonium sulphate feed rate on the optimisation process is assumed
negligible if enough nitrogen and enough sulphate counter ions are available to produce
lysine and biomass. The ammonium sulphate flow rate is therefore eliminated as a
controliable variable, but is included in the model by the following equation:

S S
FAS - ( 1 )qus,obs\'/z:< + ( 2 )}""obsvx (6-1 1 )
AS

where Fas is the ammonium sulphate feed rate, S1 (g Ammonium sulphate / g Lysine) and
S, (g Ammonium sulphates / g Biomass) are the stoichiometric coefficients for nitrogen
uptake for lysine and biomass production respectively, quys is the specific lysine production
rate (g/g/h), Cas is the concentration of ammonium sulphate in the feed stream.

it has already been shown that one of the nitrogen atoms in the lysine molecule originates
irom the ammonium sulphate and the other from the ammonium hydroxide used to
maintain the fermenter pH. S, can there easily be determined by assuming that half a mole
of ammonium sulphate would be required to produce one mole of L-Lysine (Equation 6-
10).

Ingraham et al. (1983) showed that biomass can be synthesised from 12 precursor
metabolites. They have calculated the amounts required to form 1 gram dry weight of
biomass, as well as the amounts of ATP, NADH; and NADPH, required for biosynthesis.
Their analysis is similar to that of Stouthamer (1973). Although the reported biomass yields
are for Eschericia coli, they are adequate for C. glutamicum. Vallino & Stephanopoulos
(1993), reproduced the biomass yield reported by Ingraham et al. (1983) for threonine and
methionine to within 5%. From this analysis 0.796 moles of NH3, 0.025 moles of glutamate
and 0.025 moles of glutamine are required to produce one mole of biomass (the molecular
weight of the biomass was assumed to be 100 g/gmol). Hence a total of 0.1 g of NH3 is
required to produce 1 gram of dry biomass.

The nitrogen required can be obtained from both the ammonium sulphate feed as well as
the ammonium hydroxide solution used for pH control. If it is assumed that all the nitrogen

* Fermentation Modelling



Chapter 6 6-12';

originates from the ammonium hydroxide feed used for pH control and subsequently none
from the ammonium sulphate feed then the factor S; would equal zero.

By measuring the amount of biomass formed during the batch phase of the fermentation
the amount of ammonia required could be determined through the stoichiometry reported
by Ingraham et al. (1983). If the ammonium sulphate concentration in the initial charge as
well as the amount of ammonium hydroxide fed during this phase is known the total
amount of ammonia required for biomass growth can be determined. From a measurement
of the free and saline nitrogen concentration at the end of growth, the total amount of
ammonia consumed could also be determined. Assuming that all the ammonia present in
the fermenter after growth is ammonium sulphate (assuming that no lysine was produced
during this phase and therefore all the sulphates would not be used as counter ions but still
be attached to ammonium ions) the percentage of the ammonia used for biomass
production that originated from the ammonium sulphate in the initial charge can be
determined by subtracting the ammonium hydroxide fed from the total ammonia required
to form the measured amount of biomass. An example calculation is displayed in Table 6-
2.

Table 6-2. Determining the fraction of ammonia in biomass that originates from ammonium
sulphate opposed to ammonium hydroxide

Concentration Ammonia
equivalents

[g/1] [g9/1]
Ammonium sulphate in initial charge 7.0 1.80
Ammonium hydroxide fed during growth 2.0 0.97
Total ammonia equivalents available 2.77
Residual free and saline N after growth 1.4 1.70
Ammonia used during biomass formation 1.07
Biomass formed during growth 10.7
% Ammonia that originated from AS ‘ 10%

This implies that S, should correspond to the ammonium sulphate equivalents of 10% of
the amount of ammonia required to constitute 1 gram of biomass which is 0.01 g ammonia
/ g biomass or 0.04 g ammonium sulphate per gram of biomass.

3.5 Bileed rate

The bleed rate is used to maintain a constant volume in the bioreactor once the maximum
volume is reached. Thus during the batch phase as well as during the initial period of the
feed phase, before the maximum operating volume is reached, the bleed rate is zero.
From the point at which the maximum volume is reached, the bleed rate is calculated from
Equation 6-1 by setting the change in volume to zero. Hence
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if V<V__ then
Bleed=0 (6-12)
if V>V, __ then

Bleed =F, . +F, +Fas —Perm (6-13)

where, Bleed is the bleed rate in (I/h), Vmax is the maximum working volume of the
bioreactor (l).

3.6 Permeate flow rate

The work of Hermia (1982) serves as a fundamental basis for flux decline modelling. A
generic form of their equation (Eq. 3-88) was used by several authors (Schneider & Klein
1982; Mietton-Peuchot 1992) found that this generic form of Hermia's laws to be well
suited to the description of the initial stages of cross-flow filtration. A constant term Jss has
been included by Liberge et al. (1994) to provide a semi-empirical correlation of the cross-
flow filtration flux.

J =)
Perm'= 3.6 x10° - Al J (Jo ~Jss ' 6-14
* { =T sk, t )} (6-14)

decline * perm

where Perm’ is the permeate flux in (I/h), A is the membrane area (mz), Jo is the initial flux

(m/s) at t = 0, Jss is the steady state flux (m/s), t'pem is the filtration time in h and Kgeciine
(1/h) is an empirical functions of the suspension composition and the operating parameters
(Eq. 3-103).

The flux decline parameter, kdec“n; .is given by:

Kaegine = Modg vz X™ | (6-15)

decline

where mg...m3 are parameters determined from a least square fit of the experimental data
obtained in Chapter 3, J, is the initial flux (m/s), v is the cross flow velocity (m/s) and X is
the biomass concentration (g/l DCW)

In Chapter 3, the parameters in this model have been determined as functions of the broth
composition and the membrane operating parameters. Here only the equations would be
presented:
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- The steady state flux, Jss, is estimated based on Darcy’s law:

J_ = AP (6-16)
ss URt )
R, =R, +R, +R, (6-17)
where _
AP is the trans-membrane pressure drop (Pa),
L is the broth viscosity (Pas)
Ry is the total hydraulic resistance (m'1) made up of the membrane resistance

(Rm), cake resistance (R¢) and the pore plugging resistance (Rp).

The intrinsic membrane resistance is assumed to be a function of the membrane
properties and is therefore not influenced by the operating parameters or the nature of the
feed suspension.

Table 6-3. Intrinsic membrane resistance, determined from pure water flux data in Chapter 2.
(Table 2-11)

Membrane type Pore size Intrinsic
membrane
Resistance
[m™]
Micro-filtration 0.45 um 8.00 x 10'°
membranes
0.22 um - 9.20 x 10"
Ultra-Filtration 150 kD 9.20 x 10"
membranes
300 kD 9.00 x 10"

The determination of the pore-plugging resistance at the steady state flux is based on
Hagen-Poiseuille flow through an array of uniform cylindrical pores. Belfort et al. (1986)
extended this analysis to account for the presence of a pore size distribution. The ratio of
the modified flux with and without pore constriction is predicted by:

2 3
2 qpore rp qpore rp -qpore rp qpore I'p
— J2'
e " R”‘[Ts ) j (6-19)

where
kinick IS the thickness of an absorbent multilayer inside the pore (micrometer)
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Qeore 1S given by 1+(rp,s.TDEV/rp*)2 where rpstoev IS the standard deviation of the
pore size distribution (micrometer)
Y is the mean membrane pore size (micrometer)

The values of r,* the mean membrane pore size was obtained form the membrane
manufacturers. The standard deviation, rpstpev for each membrane was estimated from
pure water flux data. The value of kyix for each membrane was obtained from a least
square fit of the experimentally determined R, values (Chapter 5, Section 5.1) These
values are repeated in Table 6-4. :

Table 6-4. Parameters used to estimate the pore plugging resistance for a feed suspension
of C. glutamicum cells suspended in an industrial media formulation, estimated from the
data collected in this study (Chapter 5; Section 5.1)

Parameter Micro-filtration Ultra-filtration

Eq. 3-90 membranes membranes

Pore size 0.45 um 0.22 um 150 kD 300 kD
rp” (um) 0.45 0.22 0.02 0.03
lp.STDEV (pm) 0.30 0.14 0.01 0.02
Opore {(UM) 1.44 1.40 1.44 1.44
Ktnick (LLm) 0.42 0.20 0.0045 0.0099
NPYRRN 0.14 0.09 0.70 0.67

- The cake resistance is given by the intrinsic resistance of the gel layer formed on the
membrane surface during the filtration process. The thickness of the gel or cake layer is
determined from a force balance of a single particle flowing in the suspension. The intrinsic
resistance of the gel layer depends on the nature of the material retained and the applied
pressure. The cake resistance can therefore be estimated from:

XP1AP1+nc (6"20)

R, = [k,
Vv

where ki, p1 and n. are constants, determined empirically in Chapter 3. X represents the
bulk biomass concentration (g/l DCW). AP (Pa) and v (m/s) represents the trans-
membrane pressure drop and the cross-flow velocity respectively.

These parameters have been determined by a least square fit of experimental data as

reported in Chapter 3, Section 5-1. The values of these parameters using an industrial
media formulation are presented in Table 6-5.
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Table 6-5. Values of the parameters used to estimate the cake resistance for cells
suspended an industrial media formulation.

Parameter | Estimated value
P1 0.67
Ne 0.45
ki 4.44 x 10"

The flux decline constant kgecine (Equation 6-14) is based on the basic filtration laws
developed by Hermia (1982). The flux decline constant, Kgecine in Equation 6-14 is
modelled as a function of the initial flux, the cross-flow velocity and the biomass
concentration (Equation 6-15).

The values of the constants mg to m; were determined by a least squares fit of
experimental data (Chapter 3, Section 5.3). The values of these parameters for an
industrial media formulation are presented in Table 6-6.

Table 6-6. Values of the parameters in the flux decline equation as determined in Chapter 3,
Section 5.3

Parameter Value
Mo 0.53
mj 0.58
my -0.25
ms 0.48

The cleaning of the membrane is modelled as a first order process with constants
determined form experimental data using a least square approach. For the industrial media
formulation using a 5% Nitric acid solution at 40 °C as cleaning agent the value of Kciean
was found to be 0.3 h™".

PermAt the start of cleaning J PermAt the start of cleaning (1

‘Ji - A ~ | %o A - exp(—kcleantclean) (6-2 1 )

where J; is the permeate flux (m/s) after the cleaning process, Perm is the volumetric
permeate flow rate when the cleaning process is initiated (I/h), kcean is the cleaning time
constant (h™') and teean is the duration of the nitric acid cleaning process.

3.7 Modelling of the cellular metabolism

The set of equations discussed thus far constitutes the outline of the mass and volume
balance. In this section, the microbial metabolism is modelled to obtain relationships
between the different components in the mass balance. Two approaches have been
followed to model the metabolism. In the first approach, the cell was considered as a
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“black box” and empirical correlations developed that simulate the behaviour of the cell
with regard to extracellular metabolite consumption and excretion rates. In the second
approach the metabolism was modelled as a network of biochemical reactions, by defining
certain uptake rates of extracellular metabolites and specifying the flux split ratios at
certain critical nodes based on the cellular regulatory system.

3.71 Modelling of the cells metabolism through empirical correlations

3.7.1.1 Modelling of microbial growth

The general form of a model for microbial growth under an imposed environmental
limitation is:

B= L Gy 0<G, <1 (6-22)

-~ where pmax is the maximum specific growth rate- under ideal conditions and G;
represents the limitation imposed by any environmental factor held at a sub-
optimum value. Monod substrate limitation is a familiar form of G;.

G - _Sub | (6-23)
1
k, + Sub,

where Sub; is the limiting substrate concentration and ky is its half-saturation
constant, indicating the affinity for the component. Situations are often encountered
where the rate of growth is influenced by more than one environmental factor. A
general form of the growth model under dual limitation is:

TN TRNN I 0<G,, <1 (6-24)
where Gy, is the combined effect of two limiting factors at sub-optimum values.

Several unstructured models of G1, are reported in the literature. These models are
characterised by Bader (1982) as non-interactive or interactive. The non-interactive
models assume that at any time the specific growth rate is limited by only one
substrate. Thus, Ryder & Sinclair (1972) proposed that the growth rate of the micro-
organism equals the lowest value predicted from separate single-substrate models
under otherwise optimum conditions. Mathematically,

SUb1 SUb2 ) (6-25)
k, + Sub, 'k, + Sub,

G,, = min(

A similar unstructured model was proposed by Baltzis & Fredrickson (1988) wherein
the identity of the limiting substrate was determined on the basis of the observed
biomass yield coefficient.
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The interactive approach assumes that any environmental factor present at other
than optimum concentration must affect the overall growth rate. Magee et al. (1972)
proposed the “double Monod” or factorial model for growth in the presence of two

essential substrates:
G.. = Sub, Sub, (6-26)
|k, +Sub, J k, + Sub,

Tsao & Hansen (1975) extended the above approach to include the effect of growth
enhancing substrates.

Mankad & Bungay (1988) expressed the growth rate as a weight average of
individual substrate limitations: '

k,/Sub Sub k,/Sub Sub
N (Y L e

k,/Sub, +k,/Sub, k, + Sub, | k,/Sub, +k,/Sub, k, + Sub,

Mankad & Nauman (1992) proposed a functional relationship between Gy and G,
which takes into consideration the nature of the interaction between the two
limitations;:

G,, = min(G,,G,)-max(G,, G,)*" (6-28)

where G; and G, represent the extent of the individual limitations under otherwise’
optimal conditions and a2 is an empirically determined interaction factor. The value
of a2 depends on the nature of the interaction between the variables on the micro-
organism and potentially on the overall fermentation environment.

Biichs (1991) proposed an interactive limitation for the growth of C. glutamicum in
an industrial medium formulation (Eq. 6-29). The specific growth rate (1) was limited
by the availability of threonine and glucose.

. Thr Gluc
# = Hina km, + Thr || km, + Gluc (6-29)

Bader (1978) called this the interactive case, as applicable to growth using sub-
optimum amounts of two nutrients that are metabolised via independent pathways
to give rise to a single product required for growth.

Fermentation Modelling



Chapter 6 : 6-19

For the system at hand, the glucose limitation term has been ignored. The bulk of
the cell growth occurs during the batch phase of the fermentation. During this
phase, there is an abundance of glucose, and the growth is limited only by the
availability of L-threonine. If growth during the latter stages of the fermentation
occurs L-threonine was proportionally more limiting than glucose as a result of the
experimental setup used.

The maximum specific growth rate observed in both batch on continuous

experiments was 0.52 h™'. Similar values obtained by other investigators are
summarised in Table 6-7.

Table 6-7. Literature values of the maximum specific growth rate under ideal

conditions
Reference Strain tmax [0
Kiss & Stephanopoulus (1991) | C. glutamicum ATCC 21253 0.53
Oh & Sernetz (1993) C. glutamicum ATCC 21544 0.49
Lee et al (1995) C. glutamicum ATCC 21513 0.53

The saturation constant determined from the batch experiments was found to be
0.098 + 0.002 [g/l]. The results found in this study are compared to that of
Takamatsu et al. (1975) and Kiss & Stephanopoulos (1991). The values obtained in
this study is compared with that published in literature can be seen in Figure 6-3.
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Figure 6-3. The specific growth rate as a function of the L-threonine concentration in
the extracellular environment.
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3.7.1.2 The specific lysine productivity

It has been shown by previous investigators (Ludeking & Piret 1959, Wang &
Stephanopoulos 1984; Bichs 1991) that the specific lysine productivity (quys)
depends on the specific growth rate and the specific glucose consumption rate. The
following equation is proposed to model the specific lysine productivity in this study:

e J ~(6-30)

: 2
: qus = (C1l’l + Cz}—l + CS).
) Lys + Qoiuc

where quys is the specific lysine productivity in g/g/h, 1 is the specific growth rate in
h.1, aiue is the glucose feed rate (g/g/h) and ¢, to ¢3 and kyys is constants.

The relationship between the specific growth rate and the specific lysine productivity
was determined from continuous fermentation data. This data is compared to that
derived by Takamatsu et al. (1975), Lee et al. (1995) and Kiss & Stephanopoulos
(1993) in Figure 6-4.

0.14 ¢ — ' Bl
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Specific lysine
productivity

o Kiss & Stephanopoulus, 1991 @ Takamatsu et al., 1975
A Leeetal, 1995 ~#--Data from this study
—Poly. (Data from this study)

Figure 6-4. The specific lysine productivity as a function of the specific growth rate.

The relationship between the specific glucose feed rate and the specific lysine
productivity has already been discussed in Section 3.2 and are illustrated in Figure
6-2. The values of the parameters in the specific lysine productivity equation were
determined from a least squares fit of the experimental data and are summarised in
Table 6-8. :
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Table 6-8. Values of the parameters in the specific lysine productivity equation
(Equation 6-30) as determined by a least square fit of the experimental data

[‘Parameter Estimated
value
C1 -2.63 + 0.005
Co 0.85+ 0.005
C3 | 0.02+ 0.005
Ksp | 0.98% 0.01

3.7.1.3 Specific oxygen utilisation rate

Figure 6-5 depicts the measured specific oxygen utilisation rate as a function of the
specific growth rate based on continuous experimental data from this study and
literature data presented by Kiss & Stephanopoulos (1993).
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Figure 6-5 Specific oxygen utilisation rate (Speco, in mmol/g/h) as a function of the
specific growth rate (h™).

A linear equation models the dependency of the specific oxygen consumption rate

(mmol/g/h) on the $pecific growth rate. Viesture et al. (1989) suggested the same
dependency of specific oxygen consumption on the specific growth rate.

OUR = X-qo, = X-(10.03+1.96) (6-31)

where OUR is the oxygen utilisation rate in mmol/l/h, X is the biomass concentration
in g/l DCW, qo2 is the specific oxygen uptake rate in mmol/g/h and pn is the specific
growth rate in h™.
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3.7.2 Modelling of the microbial metabolism using a bioreaction network

In the second approach to model the metabolic behaviour of C. glutamicum in the
lysine fermentation, a bioreaction network was constructed from published information
regarding the biochemistry of lysine producing bacteria. The bioreaction network
combines the known metabolic pathways of the organism with a pseudo steady state
approximation for intracellular metabolite concentrations to generate a mathematical
representation of metabolite flows. Figure 6-6 provides a simplified network for lysine
biosynthesis by C. glutamicum, including the main energy and metabolite generating
bioreactions of glycolysis, the penthose phosphate pathway and the tricarboxylic acid
cycle as well as the aspartate family of amino acids leading to L-Lysine (Vallino &
Stephanopoulus 1989). :
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Figure 6-6. Bioreaction network for lysine production by Corynebacterium glutamicum

Biomass synthesis is treated as a lumped reaction which draws energy and
metabolites from the main metabolic branches according to the stoichiometry given by
Stephanopoulos (1992) (C = 47.6%, H = 6.46%, O = 31.0%, N = 11.8%, Ash = 3.14%).
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The ATP requirement in the lumped biomass equation is the theoretical amount
corresponding to an ATP yield of 28 g of biomass synthesised per mole of ATP
consumed and the efficiency of oxidative phosphorylation or P/O ratio, is taken as 2
mol ATP formed per atom of oxygen reduced (Ingraham et al. 1983).

Following the approach of Vallino & Stephanopoulos (1989) a mathematical
representation of the metabolic network is constructed by forming a material balance
for each metabolite of the network as a function of the reactions producing or
consuming that metabolite. The bioreaction network consists of 34 reactions or fluxes
and 37 components. Eight extracellular components have been identified: glucose,
biomass, lysine, oxygen, carbon dioxide, ammonium, trehalose and valine. On
assuming that the concentrations of the intracellular metabolites remain constant, the
system consists of 71 unknowns, 29 zero accumulation rates and 37 equations. Thus,
five external equations or extracellular metabolites must be specified to yield the
intracellular carbon flux distribution.

The carbon flux distribution for both batch and continuous data have been determined
using the bioreaction network. For each data point, six extracellular metabolite
consumption or excretion rates (glucose, biomass, lysine, oxygen, carbon dioxide,
ammonium ion) were determined from the experimental data and normalised using the
glucose consumption rate. This data was introduced into the bioreaction network to
solve the carbon flux distribution for each case.

Where the number of variables exceeded the degrees of freedom, a least squares
solutions rather than an exact solution were obtained. Because the number of
variables introduced into the bioreaction network was greater than the degrees of
freedom a redundancy analysis could be performed for each data point. The
redundancy analysis calculated a consistency index which indicates whether the
extracellular metabolite measurement set satisfies the material balance at a given
confidence level.

The metabolic network contains some 35 nodes or branch points. However a
theoretical yield analysis (Vallino & Atephanopoulus 1989) has revealed that nodal
split ratios (the carbon flux through a branch normalised by the fiux into the node)
change at only a few nodes, while partitioning of carbon at all other nodes remains
independent of product yield. Therefore a investigation to determine the characteristic
metabolite regulatory constraints need only focus at the principle nodes for L-lysine
synthesis: glucose-6-phosphate, phosphenolpyruvate and pyruvate junctions. It has
been shown in Chapter 5 as well as by Vallino (1991) that both the glucose-6-
phosphate and the pyruvate nodes are flexible, because the nodal split ratios respond
to meet metabolic requirements. The PEP node might be rigid.

Kiss & Stephanopoulus (1992) used continuous culture data and the bioreaction
network to further understand the PEP node (Figure 6-7). This work has been
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repeated in the experimental setup of this study and the results are depicted in Figure
6-8 to 6-10.

G3P PEP
rXng rxXng

rXNg N XNy,
OaA < PEP Asp<—3'O OaA —>» IsoCit

rxn, l l rxn, Trxn
16

Mal

Pyr

Figure 6-7 Carbon splits around the PEP and OaA principle node. The reactions refer to
Appendix E.

Figure 6-8 suggests that the fraction of PEP converted to OaA remains independent of
the specific growth rate. This suggests a strong metabolic control around this point
pointing to a possible rigidity. The fraction of OaA that was produced from PEP that is
converted to Asp (a lysine precursor) depends on the specific growth rate (Figure 6-9).
As the growth rate is reduced, a larger portion of the PEP converted into OaA is
converted to Asp for lysine formation. This confirms the non-growth-associated nature
of lysine production. At reduced growth rates lysine production is favoured. The
fraction of OaA converted to Asp is approximately constant (Figure 6-10) between 30
and 40%.
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Figure 6-8. Fraction of PEP converted to OaA vs. specific growth rate
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Figure 6-9. The fraction of OaA that originated from PEP that is converted to Asp
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Figure 6-10. The fraction of OaA converted to Asp vs. specific growth rate

The flux analysis around PEP constitutes three additional equations in the bioreaction
network. The fraction of PEP converted to OaA is 25% (Equation 6-32); the fraction of
OaA that originated from PEP and is converted to Asp is a linear function of the
specific growth rate (Equation 6-33) and the fraction of OaA converted to Asp is fixed
at 36% (Equation 6-34).

PEP —2% 5 0aA ~
=0.25

G3P—"" s PEP (6-32)
OaA—2 5 Asp ; '
= —0.77u +0.90 i
PEP ", 0aA H (6-33)
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QaA —7— Asp =036 (6-34)
Mal —=«— OaA + PEP —>— OaA

where rxny refers to the metabolic reaction as set out in Chapter 5 and Appendix E, p
is the specific growth rate (h”") and all the metabolite abbreviations (G3P — 3-
phosphateglycerate, 0OaA - oxaloacetate, Asp - aspartate, PEP -
phosphoenolpyruvate, Mal - maleate) refer to the molar accurnulation rates normalised
by the specific glucose uptake rate.

This reduces the degrees of freedom to two. If the biomass growth rate and the
specific glucose consumption rate are supplied, the bioreaction network estimates the
other extracellular excretion rates based on the known metabolic pathways and the
known control strategy around the PEP principle node. It would however not
compensate for the impact of increased hydrodynamic shear. The inclusion of the
impact of hydrodynamic shear stress on the fermentation performance is discussed in
Section 3.10.

The bioreaction network model is therefore constituted by the Monod growth rate
equation a coupled to the bioreaction network with the three fixed principle nodes.
When the specific glucose consumption rate is specified the specific lysine
productivity, the oxygen utilitsation rate, the carbon evolution rate, the trehalose and
valine excretion rates are then determined by the bioreation network.

3.8 Aeration and agitation

One of the delimitations of the optimisation process is that the vessel volume and the
maximum aeration, agitation and chilling capacity are assumed to be fixed, forming part of
the constraints of the optimisation problem. The aeration and agitation required depend on
the oxygen utilisation rate of the cells. The following fundamental equation was used to
model the oxygen transfer rate.

OUR = OTR = k'ja-(LMOPP-DO. LMOPP, ) (6-35)

where OUR is the oxygen utilisation rate in (mmol/I/h), OTR is the oxygen transfer rate in
(mmol/l/h), kia is the mass transfer coefficient in (mmol/h/kPa) that compensates for the
media dependency of Co,sat - the saturation oxygen concentration (mmol/l) in and LMOPP
is the log mean partial pressure (kPa) of oxygen in the inlet and outlet air stream.

The volumetric mass transfer coefficient, k'ja, is the product of the mass transfer coefficient

k; the interfacial area a and the media dependency of Cozsat In @ living system, DO
(dissolved oxygen concentration — expressed as a fraction of the saturated oxygen
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concentration) should exceed some critical dissolved oxygen concentration to prevent
oxygen limitation. The dissolved oxygen concentration is dependent on temperature, total
head pressure and solution composition (Schumpe et al. 1982). The volumetric mass
transfer coefficient is a function of both physiochemical and hydrodynamic properties of the
fermentation broth (Oolman 1984).

The mass transfer coefficient can be correlated using the following equation:
k'@ = amedia [(ReV)*/V]** Air® (6-36)

where amedgia depends on the composition of the broth and the reactor geometry, Rev is the
number of revolutions of the impeller per second, V is the broth volume in the reactor and
Air is the volumetric air flow rate through the reactor.

Equation 6-36 will only hold for a specific bioreactor. If scale-up data is required (Rev)*V
needs to be converted into the power dissipated per unit volume and Air to the superficial
air velocity through the bioreactor.

The parameters in this equation were determined experimentally for different biomass
concentrations, lysine concentrations and recycling flow rates in Chapter 5.

Based on similar method as that used to empirically model the permeate flow rate
(Chapter 5, Section 7.3), the following empirical correlation’s were established for each of
the constants

Amedia = 4.16 x 107 [Lys]®%* mmol/h/kPa | (6-37)
0 = 8.31 x 107 [v] 202 (6-38)
Bo =4.67 x 107 [v]*%3 (6-39)

where v is the linear velocity (m/s) through the membrane module. In the absence of cross
flow filtration the value of v is set to 10™". Figure 6-11 illustrates that equation 6-36 to 6-39
describe k'a as a function of the agitator speed, the aeration rate and the media
composition adequately.
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Figure 6-11. Parity chart for oxygen mass transfer coefficient k’ja (mmol/l/h/kPa) predicted
by Equations 6-36 to 6-39 and measured in industrial media in the Chemap bioreactor.

3.9 Chilling Capacity

The chilling capacity is determined by the exothermic heat generation of the cells. There is
a direct correlation between the exothermic heat generation of the cells and the oxygen
utilisation rate (Bailey & Ollis 1977). The energy transferred to the cooling water system in
“the Chemap bioreactor under temperature control was measured during a fed-batch
fermentation. At a constant bioreactor temperature, this energy corresponds to the
exothermic heat generation of the cells. The energy transferred was determined from the
cooling water flow rate and the change in temperature of the cooling water. Heat losses
from the surface of the reactor was minimised by lagging the outer walls of the Chemap
bioreactor. Oxygen utilisation rate (mmol/h) as a function of the energy removed to
maintain a constant temperature yielded a straight line with a slope of 1.27 x 10™ kW /
(mMol/h). This is equivalent to 454 kJ heat reeased by the uptake of 1 mol of oxygen.
(Figure 6-12).

Bailey & Ollis (1977) reported that as a rule of thumb for aerobic growth processes using
organic components only the consumption of 1 mol of oxygen would release 460 + 20 kJ
heat. This result originates from combustion data according to which 115 = 5 kJ of heat are
released per electron. Oxygen consumes 4 electrons which gives rise to the above
mentioned result. This value closely represents the experimental value.
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Figure 6-12. A plot of the energy removed for the bioreactor to maintain a constant
temperature against the oxygen utilisation rate.

3.10 The effect of biomass recycling on the fermentation performance

The effect of the filtration associated hydrodynamic stress on the cellular metabolism is
discussed at length in Chapter 5. The impact of filtration associated hydrodynamic
stresses on the metabolism is characterised by a change in metabolite consumption and
~excretion rates. The magnitude of the change is proposed to be dependent on the
turbulent energy dissipation rate (Dunlop et al. 1994; Toma et al. 1991). Based on the work
of previous investigators with regard to the impact of hydrodynamics on the fermentation
performance, it is hypothesised that a threshold energy dissipation limit exists below which
no impact of hydrodynamic stresses on fermentation performance is observed (Toma et al.
1991; Rukisha et al. 1989; Fowler & Robertson 1991; Dunlop et al. 1994). Further, based
on the results of various previous investigators (McQueen et al. 1987; Dunlop et al. 1994;
Toma et al. 1991), the effect of hydrodynamic stress is proposed to be proportional to the
volumetric energy dissipation rate, the residence time or the duration of the applied stress
and the frequency of the stress.

To investigate these hypothesis for this system, the hydrodynamic conditions were
characterised by the turbulent energy dissipation rate that was calculated for the stirred
tank reactor, the membrane module and the needle valve in the flow loop used to adjust
the trans-membrane pressure drop as set out in Chapter 5, Section 4.

To evaluate the impact of hydrodynamic stresses on fermentation performance in the
biomass recycle bioreactor, continuos fermentations at a washout rate of 0.10 h' were
conducted at six different shear levels and two maximum biomass concentrations. The
washout rate of 0.10 h™ to match the maximum specific lysine productivity at the maximum
yield or lowest specific feed. The recycle rate for the lowest cross flow velocity was two
orders of magnitude larger than the feed rate (1l/h vs. 108 |/h), which suggests that
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equation 6-31 could still be valid to estimate the average energy dissipated in the system.
For the fermentations without biomass recycling through the filtration system a steady
state was achieved at two biomass concentrations (25 g/l and 7.5 g/l). The specific lysine
productivity of 0.08 g/g/h measured corresponds to the data presented in Figure 6-4.

The duration of each experiment was limited by the culture stability. From the data
presented by Kiss & Stephanopoulos (1992), the culture starts to revert to the wild type
after 5 generations or 97 hours. Each continuous experiment was therefore limited to 72
hours.

Under stressed conditions a decline in the specific growth rate resulted in a decline in the
biomass concentration. In some cases, a steady state was not achieved after 72 and the
growth rate was calculated from the decline in the biomass concentration. The specific
lysine productivity and the yield of biomass on threonine were calculated during the
transient period for the stresses fermentations from a mass balance. The average energy
dissipation rates (m%/s?) as predicted by Equation 5-31 are summarised in Table 6-9.

Table 6-9. Experimental conditions to evaluate the impact of hydrodynamic stress on the
fermentation performance

Experiment TMP Cross- |  €reac €mem €valve ©max €ave
[kPa] flow [m2s®] | [m#%s®] | [m¥s®] | [m¥s®] | [m?s?]
velocity
[m/s]
Low BMS No recycling 11 11 11
100 2 11 24 86 86 17
150 2 11 24 129 129 22
200 2 11 24 172 172 27
100 1 11 3 21 21 10
100 3 11 78 141 141 24
100 5 335 178 335 28
High BMS No recycling 11 11 11
100 2 11 42 86 86 18
150 2 11 42 129 129 23
200 2 11 42 173 173 28
100 1 11 8 22 22 11
100 3 11 123 142 142 24
100 5 11 496 179 496 29

The presence of shear induced by the filtration unit resulted in a decrease in the specific
growth rate as well as a decrease in the specific lysine productivity although an increase in
the yield of biomass from L-threonine was observed (Chapter 5, Section 7). The metabolic
response was characterised by the reduction in the specific growth rate (-Ap), the
reduction in the maximum specific lysine productivity (-Aqyys) and the overall increase in
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the yield of biomass from threonine (AYun). The absolute values of the changes in the
metabolic parameters are presented in Figures 6-14 to 6-16.

For the metabolic network model the impact of shear on the fermentation performance was
modelled by the inclusion of an additional principle node at Asp (Figure 6-13). At the Asp
node some of the carbon is either converted to lysine or to cell wall material depending on
the energy dissipation rate. The percentage of carbon that enters the Asp node that is
converted into cellular wall material is presented in Figure 6-17.

OaA
lrxnw
Asp
rxma
Lys Cell wall material

Figure 6-13. The additional node at Asp included in the metabolic network model to
compensate for th@ﬁ’rnpact of hydrodynamic shear on the cellular metabolism.

The impact of the effective turbulent energy dissipation rate on the metabolic parameters
. depends on the biomass concentration. A single relationship between the metabolic
response and hydrodynamic stress cannot be establish based on only the effective energy
dissipation rate or the maximum energy dissipation rate. When the effective energy
dissipation rate is divided by the biomass concentration, a new parameter is derived to
model the impact of hydrodynamic stress on the cellular metabolism (Figure 6-18). This
parameter represents the turbulent energy dissipated per unit cell mass in the bioreactor.
A plot of the non-zero responses against the new parameter is presented in Figure 6-18.

With the introduction of the new parameter (effective turbulent energy dissipation rate /
biomass concentration), the impact of the biomass concentration is eliminated from the
relationship between the hydrodynamic conditions and the metabolic response. The new
parameter takes into account the maximum energy dissipation rate, the number of cycles
of exposure to the stress and the impact of biomass concentration.

Figure 6-18 suggests the existence of a critical energy dissipation rate per unit cell mass
below which no metabolic response to the hydrodynamic conditions is seen. The impact of
hydrodynamic stress on the cell's metabolism was modelled based on the relationship
found in F(g;ure 6-8 Although this relationship was only established for a specific washout
rate (0.1 h™"), the value of the washout rate approximates the optimal specific growth rate.
Optlmal is deﬂned as being the maximum vyield at which the maximum specific productivity
is attained under unstressed conditions. The optimal fed batch fermentation process will
attempt to maintain the cells at this specific productivity for the maximum time. The
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changes in the metabolic parameters (specific growth rate, specific lysine productivity, the
yield of biomass on lysine or the fraction of Asp converted to cell wall material) are
therefore applied to the instantaneous values of the metabolic parameters as predicted by
the unstressed conditions model in the fed batch fermentation. The metabolic parameters
(either the specific growth rate, the specific lysine productivity, the yield of biomass on
lysine or the fraction of Asp converted to cell wall material) are estimated using the
relationships developed for the unstressed conditions in the preceding sections. The
change in the metabolic parameter is the estimated from the analysis in this section and
subtracted or added from the unstressed parameter. This is done at all the timepoints in
the fermentation.

Although this is a crude approximation, the cells will be maintained around this “optimal”
metabolic state for the bulk of the fermentation and subsequently presents a simple yet
effective way of modelling the impact of the hydrodynamic stress on the cellular
metabolism.

A linear relationship is assumed between the effective energy dissipation rate per unit cell
mass and the change in the metabolic response. The following equations are used to
estimate this impact:

B~ iy, = max(0; o.o31ea—xve ~0.025) (6-40)
e (6-41)
s = Qyaars = MaX(0; 0.00622 - 0.005)
Y, Y, =max(0; 1.75252 _1.304) (6-42)
W'ODS ﬁ]—( X
ASp———){xn Cell wall _ max-(O;eave _0'031) (6-43)
OaA——=2—Asp X
(6-44)

CellWall = —rxny,

The validity of this approach would is tested based on the ability of the entire models to
predict the experimental data. In the next section, a sensitivity analysis is be performed to
determine the impact of these assumptions on the ability of the global model to predict the
fermentation performance.
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Figure 6-18. The absolute value of the change in the metabolic response (specific growth rate,
u; specific lysine productivity q.,s and the yield of biomass on threonine) for all the data points
(both low and high steady state biomass concentrations, plotted against the average energy
dissipation rate (Eq. 5-31) divided by the biomass concentration (X in g/l DCW)

4 Analysis and summary of the fermentation models

A summary of the models is presented in Appendix F, including the equations, the
parameters and the degrees of freedom. Here it would just be mentioned that the empirical
model consists of 45 variables and 36 equations. Nine (9) of the 45 variables are externally
specified as controllable variables which implies that the other 36 variable can be solved from
the linearly independent set of equations presented.

The model based on the metabolic network has 75 variables, excluding the nine controllable
variables and the zero accumulation rates in the bioreaction network. The model consist of 75
equations which implies that for each set of controllable variables a single solution of the 75
variables exists for each point in time.

5 Results and Discussion

The experimental results are compared to the results predicted by the fermentation model
suggested. Conventional batches at two different steady state biomass concentrations,
batches with biomass recycling at two steady state biomass concentrations, continuous
fermentations, fed-batch fermentations and fed-batch fermentations with biomass recycling
have been modelled and compared to the experimental data. Model predictions were also
compared to literature data for batch, fed batch and continuous fermentations. These results
are summarised in Table 10. Only the major performance variables (Y,s and volumetric lysine
productivity) are presented. The yield (Y,s) was defined as the mass of lysine produced per
mass of glucose consumed, while the volumetric productivity is the lysine produced per unit
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time per unit broth volume. Batch fermentations were terminated upon depletion of the initial
charge glucose concentration. For the fed-batch and continuous fermentations, the
fermentation was terminated when revertant growth was apparent Revertant growth is
therefore ignored for the purpose of this study.

The experimental data for some selected fermentations are presen’ted in Figures 6-19 to 6-
23. The experimental data summarised as a yield of lysine in glucose and a volumetric
productivity is compared agalnst the model predictions for various reactor configurations in
Table 6-10

e S 1 1
e
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o — 3 Biomass
- @ =
» 0.15 B .
~ 0 - = I Glucose
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2O 010 i ELYS
o e 4 B8Thr
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Figure 6-19. Experimentally obtained data for a conventional batch fermentation with a
stationary phase state biomass concentration of 7 g/l. The continuous lines represent the
empirical model developed in the previous section.

i
L-Threonine [g/1]

Biomass [g/l]; Glucose
[g/1]; L-Lysine [g/]

Time [h]

7 Biomass & Glucose :lLys-E?'-l’Hr“

Figure 6-20. Experimental data for a conventional batch fermentation with a stationary phase
biomass concentration of 25 g/l. The continuous lines represent the empirical model
developed in the previous section '
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Figure 6-21. Experimental data for a batch fermentation with biomass recycling where the
permeate and retentate were recycled to the bioreactor. A stationary phase state biomass
concentration of 7.5 g/l was achieved. The continuous lines represent the empirical model
developed in the previous section
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Figure 6-22. Experimental data for a batch fermentation with biomass recycling where the
premeate and retentate were recycled to the bioreactor. A stationary phase biomass
concentration of 25 g/l was achieved. The continuous lines represent the BRN model
developed in the previous section
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Figure 6-23. Fed-batch fermentation profile without biomass recyclmg The continuous lines
represent the empirical model prediction.
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Figure 6-24. Fed-batch fermentation profile with biomass recycling. The continuous lines
represent the BRN model prediction.
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The model based on an empirical correlation of the cellular metabolism as well as the
bioreaction network (BRN) correlation predict the fermentation profiles of batch, fed-batch,
continuous and fed-batch with biomass recycle fermentations well (Figure 6-19 to 6-24 and
Table 6-10). In most of the cases above, the empirical model exhibited a slightly higher
correlation coefficient than the BRN model (Table 6-10).

It should be noted that neither of the models compensated for cell death during the latter
phases of the batch fermentations. Furthermore, revertant growth was ignored in the analysis
by terminating the fermentation prior to the start of revertant growth. Revertant growth was
estimated from the cell's ability to grow in the absence of L-Threonine.

The batch fermentations were conducted in 10 litre working volume “Chemap” bioreactor. For
these fermentations the volume remained constant throughout the run as a neglibile amount
of base was added for pH control. The fed batch fermentations were operated in a 10 litre
working volume “Chemap”. Five litres of initial charge media was used. When the working
volume of 10 litres was reached, a feed and bleed strategy was adopted.

Fermentation performance of the different operating strategies - batch, fed-batch, continuous
and fed-batch with biomass recycling fermentation is presented in Table 6-11 below. The
fermentations were standardised by using the same working volume of the bioreactor The
fed-batch fermentations started at an initial charge volume of five litres. This was the
minimum volume of the bioreactor that would allow the top impeller to be submerged by one
impeller diameter and all the probes to be below the liquid level.

The volumetric productivity depends mainly on the amount and the residence time of biomass
in the bioreactor. The total amount of L-threonine fed to the bioreactor (initial charge amount
and the total feed quantity) was limited by the maximum biomass concentration of 30 g/l at
any point in time. Thus, for the batch fermentation enough threonine was included in the
initial charge to produce a stationary phase biomass concentration of 30 g/l, for the fed-batch
fermentation thesame philosophy held true although the maximum biomass concentration of
30 g/l was attained at a much lower broth volume of 5 litres. Thus the batch fermentaton
produced double the amount of biomass when compared to the fed-batch fermentation.

Table 6-11. Comparison of for operating philosophies for L-Lysine production

Operating philosophy Yps | Volumetric L-Lysine/
[a/g] | productivity | Biomass
[g/lh] [m/m]
Batch 0.14 0.34 0.45
Batch with biomass recycling 0.12 0.35 0.40
Fed-Batch 0.16 0.54 2.16
Chemostat 0.17 0.20 0.90 l
Fed-batch with biomass 0.18 0.80 6.08 i
recycling i
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Each of the fermentations was operated so as to maximise yield and specific productivity.
Thus, the continuous fermentation was operated at a dilution rate of 0.10 h”', to have a
intrinsic yield (Yps') of 0.28 g/g and a specific productivity of 0.08 g/g/h (Figure 6-2 and 6-4).
The fed-batch fermentations was fed to maintain a specific feed of 0.38 g/gh to obtain a
intrinsic yield (Y,s') of 0.28 g/g and a specific productivity of 0.10 g/g/h (Figure 6-2).

The cumulative yield is however much less than the intrinsic yield due to the usage of
glucose to produce biomass. The longer the fermentation can be extended the less the
impact of biomass production. This is seen from the ratio of L-lysine produced per biomass
produced. This ratio increases from batch through fed batch and continuous to fed-batch with
biomass recycling.

Continuous fermentations are less effective than fed-batch fermentation because a minimal
growth rate must be maintained in continuous fermentation. Since some of the glucose fed is
used to produce biomass less glucose would be available for lysine production. Furthermore,
biomass is continuously removed from the bioreactor at its rate of formation. Thus, viable
biomass capable of lysine production is lost without producing lysine and subsequently the
glucose investment made to produce this biomass is lost.

Batch fermentations are ineffective because of the constraints on the initial glucose
concentration imposed to limit osmotic load imparted on the cells by increased sugar
concentration.

Fed batch fermentations allow efficient use of the biomass by glucose addition in the absence
of the auxothropic amino acids. This glucose is converted to lysine at an increased intrinsic
yield due to the absence of biomass growth. The residence time of the biomass and therefore
the cumulative yield in fed-batch fermentations is limited by the total volume available. During
the sugar feed phase, the volume in the bioreactor increases until the maximum operating
volume is reached. From this point onwards, a feed and bleed strategy is adopted. Thus,
some of the fermenter volume is discarded at a set frequency to accomodate the additional
sugar fed. Because there is very little biomass growth in fed-batch fermentation during the
feed phase owing to auxothropic amino acid limitation and some of the biomass is lost during
each bleed step, a decrease in biomass concentration results. The productivity of the
fermentation thus declines due to the limited biomass residence time.

The fed-batch fermentation with biomass recycling, however allows some of the liquid within
the bioreactor to be removed without loosing biomass. Hence, the volumetric productivity is
maintained and the fermentation is terminated when the biomass looses viability, or the
membrane is fouled extensively. The longer fermentation time at increased biomass
residence time allows the maximum usage of the biomass and therefore an increase in the
cumulative yield of lysine from glucose.
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6 Comparison of the models using Bayesian inference

This section aims to compare the empirical model of metabolism to the bioreaction network
(BRN) approach for the modelling of the cells’ metabolism. The experimental work conducted
to estimate the parameters is used as a basis for comparison (Appendix G). The yield and
the productivity from each experiment (or set of controllable variables) is compared to the
yield and productivity predicted by each model.

From this information, the Bayesian approach for model selection was used to compare the
ability of each model to predict the experimental data. The error used in the calculation of the
likelihood (Eq. 4-5) was the square of the normalised difference between the measured and
calculated yield added to the square of the normahsed difference between the measured and
the calculated productivity.

The Bayesian approach for model comparison involves application of Bayes' theorem as
explained below:

Consider models H € {1, 2, 3 ... N} and some observed data D

Then,
HYy p(D|H
pitt | D)= LV P21 (6-45)
and for the parameters y of model H;
0|H) p(D|6,H (6-46)
p(D|H)
p(D | H) is referred to as the evidence for model H
Therefore;
p(H| D)« p(H)-p(D| H) (6-47)
where
p(DIH)= [p®|H): p(D|6. H)-do (6-48)
A Bayesian factor or posterior ratio for model comparison can be defined as
p(H, D) p(H,) p(DIH) (6-49)

p(H,|D) p(H,) p(DIH))
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where p(H) is. tbg .prior probability of model H. For the current comparison, this has been
assumed to bé Unity. P(D|H) is the evidence for model H and is calculated by integrating the
likelihood of each parameter in the model over the entire range of parameters. Basically, a
value of a parameter in model H is selected. Then the probability is calculated that this
parameter would has specific value given the data. This process is repeated for all possible
values of the parameter and added up to give the likelihood. Thereafter the likelihood of all
values of all the parameters are calculated and added up to give the evidence. For a detailed
explanation of how this is done refer to Chapter 4, Section 2.5.

Based on the ratio of the evidences, different models can be compared. In general, this ratio
will increase as the relative fit of model H; increases compared to model H;.

The Bayesian approach allows.the investigator to include the prior information about the
parameter into the comparison. The parameters in empirical correlations have equal priors for
all values of parameters used, while the parameters with physical significance have a
narrower distribution around the expected values for a variable with physical significance. For
example, it is well known that the maximum specific growth rate of the cells should be
between 0.30 and 0.60 h™’. Therefore, all the values outside this range will have a zero prior.
These limits on the values of parameters increase the probability of the model to predicting
the system’s performance. It excludes the effects of outliers and weights data points falling
within the expected range.
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Figure 6-25. Comparison of the different models based on its probability to predict system
performance. The correlation coefficient and the root mean square error between the
measured and predicted values are included for comparison.

The Bayesian analysis was conducted relative to the model using empirical correlations to
model the cells’ metabolism. Therefore, the Bayesian factor for this model is one. A reduction
in the Bayesian factor for the model based on the bioreaction network (BRN) relative to the
empirical model indicates that this model has a reduced likelihood of accurately predicting
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system performance (Figure 6-25). This conclusion is confirmed by the mean percentage
error between the predicted and measured yield and productivity.

The Bayesian approach compensates for the different degrees of freedom in each model.
The likelihood is calculated for each parameter over the entire range of possible values and
all these values contribute to the Baysian factor. For every parameter estimated another
dimension in the calculation of the likelihood is added. Thus, although the inclusion of an
additional parameter increases the degrees of freedom and should therefore also increase
the model's ability to predict the data, it adds a dimension to the likelihood calculation. It is
therefore not surprising that the adjusted mean percentage error and the adjusted correlation
coefficient confirms the finding of the Bayesian analysis (Figure 6-25).

The Bayesian approach also selects the model with least sensitivity to the values of the
parameters. Because calculation of the evidence involves finding the probability of the value
of the parameter over a wide range of values, the Bayesian approach reports a higher
likelihood for models with a wide range for the values of parameters that does not influence
the error. Models that contain parameters that are very sensitive to the value of a single
parameter would have a reduced likelihood due to the narrow range of permissible values of
this parameter.

7 Conclusions

Biochemical processes are characterised by a large number of variables that can influence
the process outcome. This, combined with the slow nature of fermentation experiments
makes optimisation through search plans very tedious and in most cases physically
unrealistic and economically unfeasible. It is therefore easily recognised that in the
optimisation of biochemical processes, the emphasis falls mainly on the development of
accurate relationships between dependent and independent variables.

Unfortunately, due to the complex nature of biochemical processes, fundamental functional
relationships are very limited with regard to their ability to predict process performance.
Therefore, most attempts at the modelling of biochemical processes are empirical
correlations of experimental data that are only valid over the evaluated range.

The biomass recycling system in this thesis was modelled with adequate accuracy using a
mass and volume balance coupled to two types of metabolic equations. In the first approach,
the cells metabolism was modelled by approximating the cell as a “black box” and developing
empirical correlation’s from experimental data to depict the cells response on changes in the
extracellular environment. In the alternative approach the metabolism was modelled based
on a bioreaction network of the intracellular central carbon distribution. Some critical nodes
within this network were identified and the carbon split ratio’s around these nodes were fixed
or modelled based on extracellular conditions. From this information the cells response to
changes in the extracellular environment could be predicted.
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The impact of filtration associated hydrodynamic stress on the cells metabolism was
modelled based on a linear relationship between the metabolic impact and the average
energy dissipation rate per unit cell mass. A critical average energy dissipation rate was
identified beyond which no impact on the fermentation performance relative to conventional
batch fermentations were detected. Above this critical energy dissipation rate, a reduction in
growth rate and specific productivity and an increase in the yield of biomass from threonine
can be modelled as linear functions of the turbulent energy d|s5|pat|on divided by the
biomass concentration.

The Bayesian approach was used to determine which model (either the empirical correlation
based model or the bioreaction network based model) predicted the fermentation
performance with the highest probability. This analysis has shown that the model using
empirical correlations to estimate the metabolic behaviour of the cell has a higher probability
of predicting the systems performance. Thus although this approach has more degrees of
freedom or parameters to estimate from experimental data the ability of this model exceeds
that of the more fundamentally based bioreaction network model.

The model with the empirically estimated metabolism would be used in the next chapter to

optimise the systems performance.
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Conclusions

L-lysine is an essential amino acid in monogastric animal nutrition. The bulk of L-lysine
production throughout the world depends on the direct fermentation of carbohydrates by
auxotrophic and regulatory mutants of Corynebacteria and Brevibacteria species. Amino
acid fermentations are intensive in raw material usage. Hence the process yield and
productivity are critical measures of performance and economic viability (Kiss &
Stephanopoulos 1991).

The overall fermentation performance has been improved by using fed-batch strategies
whereby the cells are maintained in the L-Lysine overproduction metabolic state by
continuously feeding the substrate to the reactor (Hadj et al. 1988; Rutkov 1984, Hirao et
al. 1989; Kiss & Stephanopoulus 1991). The fermentation is stopped when the bioreactor
reaches the maximum volume. A large portion of the production cost is spent to establish a
viable biomass population. To maximise the volumetric productivity and reduce production
costs, feed and bleed strategies are often employed. However, since L-lysine is
predominantly a secondary metabolite, the maximum yield of L-lysine from carbohydrates
is achieved at very low growth rates. This implies that viable biomass, still capable of L-
lysine production are lost in bleed and not replaced by cell growth. The reactor volume as
well as the inability of the process to retain the microbial population limits the productivity
and conversion of carbohydrates to L-Lysine.

In this thesis it was demonstrated that the L-Lysine fermentation performance can be
enhanced by continuously withdrawing spent medium and recycling of the biomass in the
culture suspension to the bioreactor. The biomass in the reactor outlet was separated from
the spent medium using cross-flow filtration before being recycled to the reactor. The
objective of this thesis was to study, understand, model and optimise the performance of
the L-Lysine fermentation with biomass retention using cross flow filtration.

Two L-Lysine producing strains (ATCC 21253 and AEC 94) and two ultrafiltration (150 kD
and 300 kD) and two microfiltration (0.22 pm & 0.45 um) tubular ceramic membranes were
used. Fermentations were conducted on 10-litre scale using both a chemically defined and
an industrial medium composition.

Cross flow filtration of C. glutamicum suspensions

In the second chapter the factors that influence the cross flow filtration flux of suspensions
of C. glutamicum were investigated. These factors were classified into the impact of the
membrane properties, the feed suspension and the operating parameters. It was found
that the pseudo-steady state flux decreases as the complexity of the solvent increases.
The effect of the membrane pore size can largely be ignored for the more complex
solutions although internal fouling was more severe for the MF membranes.
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The flux increased with increasing trans-membrane pressure drop (AP) until a critical value
is reached beyond which an increase in the pressure drop does not result in a proportional
increase in the flux. For both MF and UF membranes the critical pressure drop increased
with increasing cross-flow velocity. An increase in flux was also reported on increasing
cross-flow velocity. The effect of the operating parameters (trans-membrane pressure drop
and cross flow velocity) were mostly linear for the MF membranes while for the UF
membranes the effects were highly non-linear over the range tested.

Membrane fouling can be divided into internal and external fouling phenomena. Internal
fouling involves pore plugging and constriction. The hydraulic resistance that results from
pore plugging was found to depend on the membrane pore size and the fraction of near
sized particles. The pore plugging resistance increases with increasing trans-membrane
pressure drop to a maximum and then decays to a pressure independent value. The cross-
flow velocity did not significantly influence the pore plugging resistance.

External fouling is mainly due to the build-up of a fouling cake layer on the membrane
surface. The hydraulic resistance caused by the cake layer increases with increasing
complexity of the feed suspension and increasing trans-membrane pressure drop. A
decrease in the cake resistance was found with increasing cross-flow velocity. This
reduction has been attributed to a decrease in cake weight with increasing cross-flow
velocity.

The filtration flux typically declines sharply over the first 200 seconds and then reaches a
pseudo-steady state value. From a flux decline analysis it has been found that, the initial
period of flux decline is predominantly a result of internal fouling. The initial flux decline is
followed by a period of cake build-up. Cake build-up is continued until the cake thickness
corresponding to the cross-flow velocity is reached. At this point the flux remains relatively
constant declining at an almost undetectable rate.

The critical filtrate volume at which the predominate fouling mechanism changes from
internal to external fouling is a function of both the membrane pore size and the nature of
the solvent. Generally, this volume is reduced for the UF membranes compared to MF
membranes and increases with increasing solvent complexity.

The understanding of the fouling phenomena encountered during cross-flow filtration of C.
glutamicum suspensions served as a basis for the development of a semi-empirical model
describing the system behaviour. A generic form of Hermia's blocking laws (Equation 3-90)
was found to be well suited to the description of the initial stages of cross-flow
microfiltration. A constant term (the pseudo steady state flux) has been included to provide
a semi-empirical correlation of the cross flow filtration flux (Equation 3-91). The pseudo
steady state flux is based on Darcy’s law (Equation 3-92) and a combination of the shear
induced diffusion and surface transport models. Darcy’s law divides the total hydraulic
resistance into the membrane resistance (or the impact of the membrane on the filtration
flux), the pore plugging resistance (or the interaction between the feed suspension and the
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membrane) and the cake resistance (or the impact of the feed suspension on the filtration
flux).

The membrane resistance can be estimated from pure water flux data. The pore plugging
resistance was estimated based on Hagen-Poiseuille flow through an array of cylindrical
pores. The analysis accounts for the impact of a pore size distribution on the flux
associated with pore constriction effects (Equation 3-93). The cake resistance is given by
the intrinsic cake resistance, which is a function of the applied trans-membrane pressure
drop, and the thickness of the cake layer on the membrane surface (Equation 3-97, 3-98).
The thickness of the cake layer is based on single particle trajectory models and is
modelled as the product of power law functions of the ratio of the tangential and normal
convective forces and the cell concentration in the bulk stream (Equation 3-99). The model
presented adequately described the experimental data.

Although these mathematical models can provide useful descriptions of the decline in flux
observed during membrane filtration, it is not currently possible to obtain a priori estimates
of the key parameters in these equations. In addition, these models do not provide a
quantitative basis for understanding the effects of solution properties or membrane
characteristics on the flux decline. These models also provide little insight into the actual
physical and chemical mechanisms by which the filtration flux declines during the filtration
process.

In Chapter 4, the model developed in Chapter 3 was compared against previously
- developed models (a multiple regression approach (Eq. 4-18), concentration polarisation
(Eq. 4-21), shear induced diffusion (Eq 4-23), flowing cake layers (Eq. 4-24), single particle
models (Eq. 4-25) pore plugging (Eq. 4-27) and the solids flux model (Eq. 4-26) using
Bayesian inference. Bayesian analysis was used to determine the Bayesian factors of the
model presented against the hybrid model. All the Bayesian factors were below 1
indicating that these models describe the process less adequately than the hybrid
epproach. The hybrid approach also showed the lowest adjusted error of 7% (to
compensate for the varying degrees of freedom between models) and the highest adjusted
correlation coefficient (R%q = 0.9950).

The hybrid model was therefore selected as the preferred model to predict the filtration flux
as a function of the operating conditions and the feed stream properties. This model was
combined with the fermentation model (developed in Chapter 5 and 6) and used in
Chapter 7 for the optimisation of the entire system.

The impact of hydrodynamic stress generated in filtration on the fermentation
performance of C. glutamicum

The qualitative effects of the increased hydrodynamic shear stress typically encountered in
cross-flow micro-filtration applications on the growth, metabolism and morphology of
Corynebacterium glutamicum cells have been investigated. It was found that the cell
wolume increases under increased hydrodynamic shear although increased shear does not
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alter the cell shape. It is therefore reasonable to assume that the increased volume may be
due to increased water uptake into the cell as suggested by Wase and Patel (1985). It was
also found that the effects of hydrodynamic shear stress on the cell’s morphology were
reduced at increased biomass concentrations.

The apparent specific growth rate of the cells exposed to hydrodynamic shear in the
filtration system decreased although the stationary phase biomass concentration increased
relative to the conventional batch. Similarly the yield of biomass from threonine increases
while the yield of biomass on glucose decreases when the cells are passed through the
filtration system. The specific lysine productivity of the cells exposed to increased
hydrodynamic shear was reduced compared to that of the cells cultivated in the
conventional stirred tank reactor. The reduced specific lysine productivity and the
increased glucose uptake rate of the cells exposed to increased shear in the filtration loop
implies a reduced cumulative yield of lysine from glucose. These effects were less
pronounced at the higher biomass concentrations (25 g/l DCW).

The fermentation data provided convenient sets of extracellular flux measurements
(glucose, L-lysine, free and saline nitrogen, oxygen and carbon dioxide) to elucidate the
impact of increased hydrodynamic stress caused by biomass recycling on the biochemistry
of L-lysine synthesis through intracellular flux analysis. This method combines the known
- metabolic pathways of the organism with a pseudo-steady state approximation for
intracellular metabolite concentrations to generate a mathematical representation of the
metabolic flows.

The excess ATP for cells exposed to increased hydrodynamic stress due to cell recycle
was reduced relative to that of the “conventional batch”. The reduction in ATP formation is
believed to be a result of a shift in cellular metabolism from oxidative phosphorylation to
substrate level phosphorylation and glycolysis. The flux of carbon through PPP was
reduced at increased hydrodynamic shear due to a reduction in the requirement for
NADPH of the cells exposed to hydrodynamic shear in the filtration module. Exposure to
hydrodynamic shear in the membrane unit did not have an impact on the split of carbon at
the PEP or OaA nodes. At the Pyr node the flux of carbon to lysine and the flux of Pyr to
AcCoA was reduced at increased hydrodynamic shear, while the flux of pyruvate into other
amino acids increased. Thus, at increased shear the total flux of carbon toward the TCA
cycle decreased. From the qualitative analysis presented it was postulated that increased
hydrodynamic shear causes an increase in the flux of carbon towards the cell wall to either
repair or strengthen the cell wall.

An analysis of the impact of cell recycling on the mass transfer properties of the bioreactor
indicated that if the same oxygen transfer rate is to be maintained at increased cross flow
velocities, less agitation power and more air would be required at higher cross flow
velocities.
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It was also shown that the fed-batch fermentation with biomass recycling outperformed the
other reactor configurations (batch, fed-batch and continuous) based on total lysine
produced and the concentration of lysine in the final broth.

The effect of exposing the cells to increased hydrodynamic shear in the cross flow filtration
system was quantified in Chapter 6 and two fermentation models were developed to
predict the fermentation performance as a function of the controllable variables. The
models consist of a mass and volume balance coupled to two sets of metabolic equations.
In the first approach, the cellular metabolism is modelled by approximating the cell as a
“black box™ and using empirical correlations developed from experimental data to depict
the cells’ response on changes in the extracellular environment. In the alternative
approach the metabolism is modelled based on a bioreaction network of the intracellular
central carbon distribution. Some critical nodes within this network were identified and the
carbon split ratios around these nodes were fixed or modelled based on extracellular
conditions. From this information the cells response to changes in the extracellular
environment could be predicted. '

The impact of filtration associated hydrodynamic stress on the cellular metabolism was
modelled based on a linear relationship between the metabolic impact and the average
energy dissipation rate per unit cell mass. A critical average energy dissipation rate was
identified below which no impact on the fermentation performance relative to conventional
batch fermentations were detected. Above this critical energy dissipation rate, reduction in
growth rate and specific productivity and an increase in the yield of biomass from threonine
were modelled as linear functions of the turbulent energy dissipation divided by the
biomass concentration.

The Bayesian approach was used to illustrate that the model using empirical correlations
to estimate the metabolic behaviour of the cell exhibits a higher probability of predicting the
performance of the system. The model with the empirically estimated metabolism was
used to optimise the entire system’s performance.

Optimisation of the bioreactor system with cell recycle using cross flow filtration for
lysine production

The fed batch fermentation with biomass recycling using cross flow filtration for the
production of L-Lysine was optimised using an equation-based dynamic simulation
package (gPROMS). The variable cost of production (VCOP) defined as the cost to
produce a kilogram of lysine was used as the objective function for the optimisation
process. The predicted optimum represented a 26% reduction in variable cost compared to
the conventional fed-batch fermentation technology (R14.50/kg vs R10.65/kg).

The predicted optimum was physically achievable and the experimental results obtained

when a fermentation was conducted at the optimal conditions corresponded with that
predicted by the proposed model (Figure 7-4 to 7-9). This indicated that the fermentation
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model as proposed was accurate enough, with enough resolution for optimisation of the
fermentation process.

The VCOP of the lysine fermentation can be minimised by maximising the biomass in the
bioreactor and retaining all the produced biomass in the bioreactor, while feeding at a rate
close to the maximum glucose uptake rate. The specific sugar feed rate represents a
trade-off between increased yield at lower feed rates and increased productivity at higher
feed rates. None of the auxotrophic amino acids are to be included in the feed for minimal
VCOP.

The permeate flow rate from the cross flow filtration system matched the total feed rate,
thus maintaining a zero or minimal bleed rate.

During the lysine production phase, the total biomass in the bioreactor remains virtually
constant. Furthermore, it was evident that at optimal conditions the fermentation is to be
conducted at virtually zero residual sugars. Since spent medium is continuously withdrawn
from the bioreactor, a zero residual sugar concentration would maximise the yield of lysine
from the sugar fed. The duration of the fermentation process is limited by the ability of the
strain to sustain its performance and not by the residence time of the biomass in the
bioreactor.

The model parameters were re-established for the industrial lysine producing strain
(AEC94). The model was then used to optimise the fermentation performance of a
conventional fed-batch process with a feed and bleed strategy as well as that of a fed-
- batch process with biomass recycling using cross flow filtration. The model predicted a
12% improvement in VCOP while a 14% improvement was realised from experimental
data.

The linear approximation used to model the impact of filtration on fermentation
performance is limited to application of hydrodynamic shear experienced in cross flow
filtration systems and cannot be transferred to other hydrodynamic stress impacts. The
model parameters are empirical in nature and must therefore be redeveloped for each
strain. Although this is a tedious process the methodology allows for process optimisation
that produces a physically realisable optimum. Biomass recycling using cross flow filtration
improves the variable cost of production of the lysine fermentation process by at least 12%
compared to the current fed-batch technology.
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Optimisation of the Performance of the Biomass
Recycling System for L-Lysine Production

1 Introduction

Optimisation involves the process of finding the extreme (minimum or maximum) value of a
certain criterion by selection of a set of values for the adjustable or control variables.
Optimisation methods are generally classified based on whether a functional relationship
between the criteria and the adjustable or control variables are known. Where no
functional relationship is known, optimisation generally involves “search plans” - a set of n
experiments with different values for the independent variables in an attempt to find the
optimum value of the criterion or selected dependent variable. When a functional
relationship between the independent variables and the criterion is known, there are
various mathematical methods from which the optimum can be predicted.

For the latter group of methods, the success of the optimisation process as well as the
physical reliability of the predicted optimum depends on the quality of the functional
relationship and to a lesser extent on the optimisation technique used. The success of the
optimisation technique depends on the rate of convergence and the probability of reaching
a global rather than a local extreme value. The physical reliability of the predicted optimum
indicates to what extent the predicted optimum can be achieved experimentally. This
depends on the quality of the model and the imposed constraints.

Biochemical fermentation processes are characterised by a large number of variables that
can influence the process outcome. The large number of degrees of freedom in these
processes combined with their siow nature makes optimisation through search plans very
tedious and in most cases physically unrealistic and economically unfeasible. It is therefore
easily recognised that, in the optimisation of fermentation processes, the emphasis falls
mainly on the development of accurate relationships between dependent and independent
variables.

Due to the complex nature of fermentation processes, fundamental functional relationships
are limited with regard to their ability to predict process performance. Therefore, most
attempts at the modelling of biochemical processes use empirical correlations of
experimental data that are only valid over the range evaluated. There are however “hybrid
models” that use some fundamental understanding of the system’s behaviour to dictate the
form of the empirical correlation. Several of these "hybrid models” exist that describe some
aspects of biochemical processes, each with its limitations and defined range of
applicability (Shioya 1992; Weuster-Botz et al. 1997; Bichs 1991; Ohno & Nakanishi 1976;
Modak et al. 1986; San & Stephanopoulus 1984; Wang and Cheng 1999).
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In the Chapter 6, a “hybrid” model was developed that effectively described the
performance of the bioreactor with biomass recycling. In this chapter, a broad overview of
optimisation techniques is given, followed by the optimisation of the biomass recycling
process for the production of L-Lysine using an equation-based dynamic simulation
package. The results from the optimisation process are then compared to experimental
data.

The chapter is concluded byAthe optimisation of an industrial scale fermentation process
with biomass recycling to indicate the economic value of biomass recycling and the
realising of the true potential of the system through effective process optimisation.

2 Background on the optimisation of fed-batch fermentation
processes

Various fermentation processes are operated on a fed-batch mode. The nutrients are fed
continuously into a bioreactor over the fermentation period with or without partial
withdrawal of fermentation broth. Determining the optimal control policy to produce the
maximum yield is a challenging task, since the dynamic governing equations are frequently
non-linear and include some physical constraints. Therefore it is not surprising that the
dynamic optimisation of fed-batch fermentation processes is an active area of research
(San and Stephanopoulos 7989; Banga & Seider 71995).

- Ultimately the objective function of any industrial process should be expressed in monetary
gain. The optimisation then attempts to minimise cost and maximise throughput. Weuster-
Botz et al. (1997) proposed an economic model for the production of L-isoleucine by
coupling the mass balance and energy balance with the semi-empirical models of the unit
operations. This model was used to minimise the production cost of the fermentation
process (Weuster-Botz et al. 1997). Blchs (1991) developed a cost model coupled with a
fermentation model. He proposed a systematic and efficient method of process
development that can be achieved when experimental work is accompanied and guided by
mathematical modelling. The advantage of a complete and verified process model coupled
to an economic cost model was illustrated by optimising an industrial L-lysine production
process.

Various optimisation methods or approaches have been developed to yield the optimal

settings of the control variables.

2.1  Surface response methods

Surface response methods form part of the first class of optimisation problems. In these
methods, no fundamental understanding of the system’s behaviour is required and the
optimum settings are achieved by constructing a surface response of various settings of
the control variables. The major limitation of this method is that it requires large amounts of
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experiments. Therefore, this approach is generally only suitable for the optimisation of time
independent variables and optimal control profiles cannot be achieved.

Surface response methods are therefore most commonly used to optimise medium
composition. Udeh & Acremovicz (1993) and Had] Sassi et al. (1990) optimised the
fermentation medium composition by using surface response methods. Weuster-Botz et al.
(1997) obtained the optimal medium composition for the lysine fermentation by using a
genetic evolutionary algorithm.

2.2 Substrate controlled fermentations

A second approach is to convert the optimal control problem into a problem with time
independent variables. One of the time independent variables can be the substrate
concentration in the bioreactor. In this approach the feed rate is adjusted to maintain a
specific extracellular substrate concentration. For example, Weuster-Botz ef al. (1997)
reported that a constant set-point of 10-100 mM glucose as well as a variable set point
within this range has no effect on the specific lysine production rate and the differential
lysine selectivity. This was confirmed by Kelle et al. (1996). They therefore derived a feed
profile that would maintain the extracellular glucose concentration at 10 mM to maximise
the yield.

Another approach is to convert the optimal feed problem into a problem of finding the
. optimal extracellular substrate concentration. As an example Guthke and Knorre (1981)
used optimal control theory based on a fermentation model to find the optimal extraceliular
substrate concentration from which the optimal feed profile was derived.

2.3  Control of metabolic activity

The third general approach to fermentation optimisation is to manipulate the extracellular
environment to maintain a specific metabolic state.

Firstly, measurable indicators are derived that would identify or characterise the metabolic
state of the cells. For example, Kiss and Stephanopoulos (1991) used respiratory
measurements to indicate the metabolic activity of the cells. Using these, the relationship
between the controllable variable, in most cases the feed rate, and the metabolic state is
derived. From this information a control philosophy can be determined to maintain the
metabolic state and activity of the cells by manipulating the feed rate. Kiss and
Stephanopoulos (1991) illustrated this by deriving two control schemes for maximising the
fermentation yield and productivity. They suggested an algorithm to control the feed rate
based on measurements of the respiration quotient as an indication of the cells metabolic
activity. They proved that proper environmental control (control of the availability of
substrate) is an effective method for manipulating the microbial metabolism (respiration
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quotient and thus the lysine yield from carbohydrate or the cells specific lysine productivity)
to favour metabolite overproduction.

Shioya (1992) identified the relationship between the specific growth rate and the specific
lysine production rate for C. glutamicum. This was represented by a mathematical model.
The optimal strategy that allows for the maximisation of the specific productivity by
manipulating the specific feed rate was then obtained from a relationship between the
specific feed and growth rates. Yamane et al. (1977) converted the problem of obtaining
an optimal feed rate strategy into one involving the determination of the optimal specific
growth rate which corresponds to a specific metabolic state.

2.4 Mathematical optimisation methods

Where a simple but effective process model of the fermentation process is available, there
are various numerical techniques available for process optimisation. A number of
numerical techniques have been suggested for the determination of optimal feed rate
profiles, such as gradient methods, a differential dynamic program approach, multiple
shooting methods and quasi-linearisation methods (Stutts 1983).

Optimal control theory can be used to predict the optimal feed rate profile during fed-batch
fermentations (Ohno & Nakanishi 1976; Modak et al. 1986). Moda et al. (1986) considered
the optimal glucose feed strategy for penicillin fermentations from the standpoint of
. singular control theory. Modak & Lim,(1986) formulated the problem of feedback
optimisation of the feed rate for fed-batch fermentation processes in the framework of
singular control theory and switching hypersurfaces. The method is based on four
differential equations (mass balances) that describe a general class of fed batch
processes. Modak & Lim (1986) have shown that, under certain restrictions, the feedback
optimisation of the feed rate can be realised as a nonlinear function of the state variables,
such as the concentrations of cell mass, substrate and product as well as fermenter
volume.

Weigand et al. (1979) and San and Stephanopoulos (1984) considered the problem of
optimal feed strategies for fed-batch fermentation processes for cell production described
by three or fewer mass balance equations.

Wang and Cheng (1999) used optimal control theory and optimal parameter selection for
selection of the optimal fed-batch feed profile. The optimisation problem is converted into
the finite dimensional problem using a control parameterisation technique. A hybrid
differential evolution is introduced to solve the converted problem.

Ohno and Nakasaki (1976) developed a model using Kelley's transformation method with

Pontryagin’s maximum principle to optimise fermentations with regard to mode of
operation (batch, fed-batch or continuous). Kelly's transformation method is a device, to
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avoid the singular situation which occurs when the usual procedure of selecting the optimal
control function by the maximum principle breaks down.

Ohno and Nakasaki (1976) also optimised the lysine fed-batch fermentation by applying
Green’s theorem to. the maximisation problem proposed. This approach succeeded in
determining the feed rate of the substrate that maximises the production rate of the desired
product.

It can be seen that most attempts at dynamic optimisation of the fed-batch fermentation
centre on optimal control theory. In the next section a brief overview of optimal control will
be given.

3 Background on Optimal Control

In this section, the basic principles behind optimisation and optimal control theory are
introduced. A general statement of the optimal control problem is given, and some
approaches to its solution are described. The fundamental mathematical principles of the
calculus of variations are essential in the formulation and solution of optimal control
problems. Assuming that the dynamics of a system are known and the state can be
measured instantaneously, the theory of optimal control may be regarded as a
generalisation of the problem of Lagrange in the calculus of variations. This involves the
minimisation of an integral, subject to side conditions which may be ordinary or differential
- equations.

Optimal control theory originated from wave propagation and variational principles in
physics, beginning with Huygens, continuing with Bernulli and finally achieving its maturity
with the work of Hamilton, Jacobi and Lie in the nineteenth century. Johann Bernulli
challenged his contemporaries with the “Brachystochrone problem” (BP). The objective
was to find the orbit AMB of a movable point M along which starting from A and under the
influence of its own weight arrives at B in the shortest possible time; given that A and B are
in the same vertical plane. Bernulli's BP problem was a true minimum time problem. The
BP was the first problem to deal with a dynamic behaviour and explicitly ask for the optimal
selection of the path. Such minimum time problems predominantly influenced the
development of modern optimal control and at the same time most clearly demonstrate the
difference between optimal control and the classical formulation of the calculus of
variations. -

Optimal control in its modern sense began in the 1960’s with the formulation of two design
optimisation techniques, both relying on the calculus of variations:

e Pontryagin Minimum Principle (PMP)
e Dynamic Programming (DP).
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The minimum principle represents a generalisation of the Euler-Lagrange equations from
the classical calculus of variations. This may be viewed as an outgrowth of the Hamiltonian
approach to variational problems. The method of dynamic programming may be viewed as
an outgrowth of the Hamilton-dacobi approach to variational problems. A large part of the
history of the calculus of variations can best be understood as the search for the simplest
and most general statement of the necessary conditions for optimality. This is best
provided by the minimum principle of optimal control theory.

The rapid development of control theory was simultaneously followed by a continuous
revolution in computer technology. Computers provided computational facilities and
simulation tools that greatly reduced the need for closed form solutions. New
computational techniques in the area of optimal control were introduced. Other techniques
have been rendered obsolete while at the same time, other previous impractical methods
have become feasible and efficient.

3.1  Optimal Control Problem

The basic control problem may be subdivided into the following interrelated parts:
e Problem statement
e State estimation problem
o Modelling and system identification
e Optimisation

The problem statement is a definition of the goal or objective of the optimisation problem.
The state estimation problem relates current measurements to the current state of the
system. Knowledge of how the environment affects the past, present and future states of
the system is modelled and used to find the extreme value of the goal or objective.

To state the control problem in its simplest form it is assumed that physical measurements
are available giving the exact numerical value of the state at every instant of time. It should
be pointed out that optimal control does not necessarily have to involve feedback. This
form does, however result from the solution of the LQ optimal control problem which is a
simplified case of optimal control. Additionally it is assumed that the system model
describes the true system without error. These assumptions are large idealisations from
the engineering point of view.

3.1.1 System description

Consider the general non-linear system:

x = f(nu, (8),1), Xy = x(t,) - (71)
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Here x € R" represents the state vector of the system, uc(t) € R™ is the input vector
and f denotes the system vector that is continuously differentiable in all arguments.
The couple (x, t) is referred to as a phase. The phase space is given by the Cartesian
product of the state space X (=R") with the space T (") of all the values of time t.

The input function uc(t) represents an admissible control if it is piecewise continuous in
t and its values belong to a given closed subset Uc(t) of ®™ , for each t. For any
admissible control uc and any initial phase (xg, 1), there exists a unique absolutely
continuous function n(t) denoted by:

n() =n, (6 x.4,) (7-2)

that satisfies the system equation and has the property:
N(te) =N, X0,1) = X, (7-3)

Here nu(to; Xo, to) denotes the motion of the system passing through xq at time to under
the action of the control u.. The value of  at some fixed t is the state of the system.

3.1.2 Problem statement

Consider the system discussed above for an arbitrarily selected initial phase (xq, to).
Let S be a surface in the phase space. The following scalar functional of motions
defines the performance index:

V (X, t5, S,u,) = (p(r]u(tf; Xo, 1o ), ) + _r' L(x(t),u (1), T)dt (7—4).

L and ¢ are scalar functions, continuously differentiable in all arguments, which denote
the Lagrangian and the terminal cost, respectively, with L(0,0,7)=0 and ¢(o,t))=0. The
terminal time t; describes the first instant of time after to when the motion enters the set
S. Therefore, it suffices for ¢ to be defined only on S. To reflect some physical
qguantity for the minimisation which is desired, L{x(t), uc(t),7) and @(x(t;)) are chosen to
be nonnegative functions of x and u. As the notation implies, the performance index
depends on the initial state xq and time tg, and the control variable uc(t) for all t € [to,tf].

An optimal control problem is given by specification of the system dynamics, the
Lagrangian (L), the terminal function (o), the target (S), the cost function (V¢) and can
be defined as follows:

“Given any initial phase (xo,to), find a corresponding admissible control (uc*) in the
interval ([to,tf]) at which the cost function assumes its extreme value with regard to the
set of all admissible control laws.”

~
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For technology reasons an equivalent definition of optimal control can be formulated
as:

“Find a state-feedback control law uc* = ¢(x), such that the performance objective
assumes its infinum with regard to the set of all admissible control laws, given the
nonlinear system dynamics.”

If the system’s description (Equation 7-1) depends on stochastic factors, the extreme
value of the cost function with respect to the control laws will usually be lower than
with respect to all admissible controls that are uniquely determined by the initial phase.
This is a result of the fact that the control law that is determined a priori as a function
of only the initial phase must, in some sense, be a design that accounts for all possible
trajectories that can result depending on the stochastic factors. On the other hand, if
the control takes into account not only the initial state, but all successive states as
well, the added information so obtained may result in a better optimum.

3.1.3 Typical control problems

A number of typical control problems can be put into the optimal control formulation
stated above:

e Terminal control
The problem is to bring the state of the system as close as possible to a given terminal
state x¢ at a given terminal time t;. At L=0, ¢(x) is the distance of x from x;and S = X x

{te}.

e Minimal-time control v

The goal is to reach a state x¢ from (Xo, to) in the shortest possible time. Then L=1, ¢ =
0 and S = {xg x T. This problem ordinarily has a solution only if U.(t) is a bounded set
forall t > to.

e Regulator problem

Assuming that the system is in some initial phase (xo, to), the goal is to return it to an
equilibrium state x° in such a way that some integral of the motion is minimised. In this
case L and ¢ are usually taken to be nonnegative. The dependence of L on uc is
needed because otherwise the problem may not have a solution. The set S is X x {tg}.

e Pursuit problem

Given a moving target &(t), the problem is to bring the motion to the phase (&(t).t) as
soon as possible. This is a generalisation of the minimal time problem S = {(&(1), t);t €
T}.
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e Tracking problem

This is a generalisation of the regulator problem. Given a desired state &(t), the
problem is to cause the phase of the controlled motion to be as close as possible to
(E(1), 1) on the interval [y, tf]. The instantaneous distance between (x(t), t) and (E(t), t) is
measured by L.. The set S is the same as in the regulator problem.

e Minimum energy problem

The goal is to transfer from an initial phase (xp, to) to a final phase (x;, t;) with the
expenditure of a minimal amount of control energy. In this case L is taken to be a
nonnegative function of u;, independent of ¢; S is the set consisting of the single
phase (x, t).

3.2  Solution of the optimal control problem

There are basically two different approaches to solving the optimal control problem: |

e Dynamic programming (DP)
(Hamilton-Jacobi-Belliman (HJB) approach)

e Classical Variational Approach
(Pontryagin Minimum Principle (PMP), Euler-Lagrange (EL) equations)

Dynamic programming is founded on the so-called principle of optimality, which
characterises global optimality in a local sense, utilising the concept of an optimal value
function. Techniques based on classical variational methods view optimality from a global
perspective by studying optimal trajectories.

3.21 Dynamic Programming

Using the principle of optimality to derive optimisation equations was first proposed by
Bellman (1957) and it is commonly referred to as the dynamic programming approach.
In the context of optimal control it can be used to derive the well-known Hamilton-
Jacobi-Bellman partial differential equation.

The basic assumption underlying the optimality principle is that the system can be
characterised by its state x(1) at time t, which completely summarises the effect of all
inputs uc(t) prior to time t. This allows for a local characterisation of optimality as given
by the optimality principle. The optimality principle states that if uc*(t) is optimal over
the interval [t, t], starting at state x(t) then uc*(t) is necessarily optimal over the
subinterval [t + At, t] for any At such that t; — t > At > 0. More details as well as a proof
of the optimality principle can be found in many references (Sage & White 1977).
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Dynamic programming is the concept of using the optimality principle to formulate an
optimisation problem as a recurrence relation, i.e. the remaining sub-problem has
precisely the same structure as the previous sub-problem. In this way, a particular
optimisation problem is solved by studying a family of problems, which contain the
particular problem as a member. For instance, in the optimal control problem, if one
considers a function which associates to every point in the state space, the optimal
cost starting from that point (such a function is often called a value function), then it is
possible to write a recurrence relation in terms of the optimal value function which is
valid for the entire state space. If this relation can be solved, the value function
obtained is associated with an entire family of optimal control problems, each with a
different initial point. Knowledge of the optimal value associated with a particular initial
condition provides no way of determining the minimising trajectory itself. Knowledge of
the value function on the entire state space does allow one to determine the
minimising trajectory of any particular member of the family of problems.

3.2.2 Classical Variational Calculus

The classical variational calculus methods lead to the derivatisation of the Euler-
Lagrange equations, which give a necessary condition for optimality. The Euler-
Lagrange equation results by considering the optimal control problem in the framework
of constrained optimisation. Lagrange multipliers are used to adjoin the constraints to
the performance index. Since the constraints are determined by the system differential
equation and represent equality constraints that must hold at each instant in time, an
associated multiplier is a function of time.

According to the theory of Lagrange multipliers, the problem of determining the control
function uc(t) that minimises the original performance index subject to the constraints
has been converted to the problem of minimising the Hamiltonian. The Hamiltonian is
the scalar function representing the adjointed performance index and the original
constraint functions. The Euler-Lagrange equations are derived from the Hamiltonian
and define the necessary conditions for optimality.

3.3 Dynamic optimisation of differential algebraic systems through a dynamic
simulation package

gPROMS is an equation-orientated software package for dynamic simulation, parameter
estimation and optimisation of various chemical processes. The package was developed
by Imperial College, London and is marketed by Process Systems Enterprise, an UK
based company founded in 1997 (Pantelides & Barton 1993; Vassiliadis et al. 1994a
1994b).

A chemical process in the gPROMS language is represented by a set of differential-
algebraic equations (DAE). These equations generally describe the process mass and
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energy balances as well as all physical and chemical laws that are used to model the
system behaviour.

Another package called DYNSIM has been developed by Sorensen (1991) which behaves
very similarly to gPROMS. DYNSIM is also an equation-orientated process simulator that
can be employed for simulation problems related to design and analysis of complex
chemical processes.

3.3.1 Dynamic simulation of chemical processes in the dynamic optimisation
packages

The dynamic simulator is particularly suitable for simulation of complex chemical
processes which can be highly integrated and can involve non-ideal mixtures or
operate at extreme conditions. A chemical process in either DYNSIM or gPROMS is
represented by the following set of differential-algebraic equations in a sequence of
stagesk =1,2... '

F((x(1), x(1), y(t), u (1), v,) =0 telt ., t,] (7-5)
k=1.NS-1 teltent] k=NS

where tis time, x(t) e X € R", y(t) e Y e R™ are sets of differential and the algebraic

variables respectively. x (t) denotes the time derivative of x(t). Also, uc(t) and v, are
sets of time-varying control variables and time invariant parameters. The time horizon
of interest [t,; tf is partitioned into NS stages. .

In the above equations the ordinary differential equations (ODE) represents the
balance equations, the implicit algebraic equations resulting from thermodynamic
properties, phase equilibrium calculations and other explicit algebraic equations
relating to the systems behaviour. Accordingly, Y is the vector of differential variables
and X the vector of implicit algebraic variables.

The features of gPROMS such as switching between ODE and DAE simulation mode,
using stiff or non-stiff integration methods and employing dense, sparse or partitioned
solution techniques have been described and illustrated (Pantelides & Barton 1993;
Vassiliadis et al. 1994a 1994b). The features of DYNSIM are reported by Gani et al.
(1990a and b), Sorensen (1991) and Sorensen ef al. (1991).

Problem specific simulation strategies have been developed (Gani et al. 1990) and a

“robust procedure for consistent initialisation of the differential-algebraic equations has
been proposed. Sorensen et al. (1991) developed an efficient coupling to a large
range of thermodynamic models and an algorithm has been suggested to determine
an optimal calculation sequence and analyse the process flowsheet with respect to
feasibility of partitioning.
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The DYNSIM simulation package consists of a main program called DYNSIM, an input
file generator called DYNDAT and a program, DYNSET for setting the memory
requirements of the simulator. The structure of the simulator is discussed in the user
manual (Sorensen 1991).

The gPROMS package consists of a main program called gPROMS, which receives
an input file written in FORTRAN and then produces an output file with the dynamic
simulation results. Other features of the gPROMS package include gEST, a parameter
estimation program and gOPT the dynamic optimisation package.

-

3.3.2 Solution of dynamic optimisation problems

In gOPT some of the design variables on the dynamic simulation mode! are
considered as control variables and are determined by applying an optimal control
algorithm. DYNSIM uses a similar approach to dynamic optimisation. In the rest of the
chapter gOPT would be discussed although it should be kept in mind that essentially
the same would apply in DYNSIM.

Here a mathematical statement of the class of dynamic optimisation problems solved

by gPROMS is provided.

3.3.2.1 The Process Model

Processes described by mixed differential and algebraic equations of the following
form are considered

F((x(t), x(1), y(t), Uy (1), v,) = O (7-6)

Here x(t) and y(t) are the differential and algebraic variables in the model while >.<(t)

is the time derivative of the x(t). uc(t) is the control variable and v, the time invariant
parameters to be determined by the optimisation.

3.3.2,.2 The initial conditions

The initial conditions are described in terms of a set of non-linear relations of the
form:

(x(0), X(0), ¥(0), U (0). v,) = 0 (7-7)
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Once the time variation of the control variable Uc(t) and the value of any time
invariant parameter, v, is fixed, the modelling equations together with the initial
conditions completely determine the transient response of the system.

3.3.2.3 The objective function

The general optimal control problem to be solved for a process described by the
system equations (Eq. 7-5), is to find values of the control variable uc(t) such that
the performance measure given in equation (7-8) has a maximal value taking into
account the constraints.

U, (0] = Gl(t )1+ [f,(y, x.u,Jot - max | (7-8)

Dynamic optimisation in gPROMS seeks to maximise the péifdfmance measure
through determining:

e The time horizon t

e The values of the time invariant parameters v,

o The time variation of the control variables uc(t) over the entire time horizon

3.3.2.4 Constraints
The time-horizon is often subject to certain lower and upper bounds:

t;nin < tf < trf'nax (7-9)

In some applications it is necessary to impose certain conditions that the system
must satisfy at the end of the operation. There are called end-point constraints:

Wmin SW(tf)SWmax (7'10)

GPROMS also allows for some constraints that must hold at one or more distinct
times during the time horizon. These are referred to as interior-point constraints:

wi™ < w(t) < w (7-11)

Path constraints must be satisfied at all times during the system operation.

3.3.2.5 Solving the dynamic optimisation problem

The solution of the optimisation problem comprises three key elements:
e . The value of the time horizon
o The values of the time invariant parameters
e  The variation of the control variable u(t) over the time horizon
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Various types of control variables can be defined. These include:

¢ Piecewise constant controls
These remain constant at a certain value over a certain part of the time
horizon before jumping discretely to a different value over the next interval.

¢ Piecewise linear controls
These take a certain linear time variation over a certain part of the time
horizon before jumping discretely to a different linear variation over the next
interval

e Piecewise linear continuous controls
These are similar to the piecewise linear controls described above, with the
additional requirement that their values be continuous at the interval
boundaries

e Controls that vary smoothly over time:
These can be polynomials of any given degree.

It is irhportant to realise that the choice of the form of control is an engineering
rather than a mathematical issue. It depends on the capabilities of the actual control
system. '

gPROMS supports direct specification of piecewise constant and piecewise linear
controls, but can support other function input types via a simple construct, described
by Vassiliadis et al. (1994).

3.3.2.6 Algorithm for optimal control computation

A number of approaches have been developed to solve dynamic optimisation
problems for processes described by a set of differential-algebraic equations. One
such approach involves the use of dynamic programming techniques (Bellman
1957, Jacobson and Mayne 1970; Luus 1990a,b 1993; Luus and Rosen 1991). A
second class is based on the solution of the necessary optimality conditions
expressed as a two point boundary value problem. These approaches include the
quasilinearisation approach proposed by Miele et al. (1970 1974 and Miele 1975)
and the use of multiple shooting algorithms (Bulirsch 1971) as well as other
shooting algorithms such as that proposed by Dixon and Bartholomew-Biggs
(1981).

A different approach is based on converting the dynamic optimisation problem to a
finite dimensional nonlinear program (NLP) through discretization of all variables.
Initial work was based on finite difference approximations to the system constraints
(Canon et al. 1970), but later global orthogonal collocation (Tsang et al. 1975;
Biegler 1984), global approximation using Chebyshev series expansions
(Vlassenbroeck and van Dooren 1988) and orthogonal collocation on finite elements
(Renfro 1986, Renfro et al. 1987; Cuthrell and Biegler 1987) were also used. The
use of approximations over finite elements, the size and the number of which can
be determined automatically, allows some control over the error of discretization
(Logsdon & Biegler 1989; Vasantharanjan & Biegler 1990).
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In the complete discretization approach, optimisation is carried out in the full space
of the discretized variables and the discretized constraints are only satisfied at the
solution of the optimisation problem. This is often called an infeasible path
approach. ,

An alternative approach is to carry out the optimisation in the space of the decision
variables (uc(t)) only. For a given uc(t), it is then possible to integrate the underlying
DAE system using standard integration algorithms to evaluate the objective function
and other constraints that have to be satisfied by the solution. This control vector
parameterisation corresponds to a “feasible path” approach since the DAEs are
satisfied at each step of the optimisation algorithm (Pollard & Sargent 1970; Sullivan
1977, Sargent & Sullivan 1977 1979; Morison 1984; Morison & Sargent 1979;
Gritsis 1990).

In the gPROMS package, Vassiliadis et al. (1994) have proposed a method which
employs a control parameterization approach coupled with a backward-difference
formula method for the integration of the DAEs (Gear 1971). The duration of each
stage is divided into a number of control intervals.

A low order polynomial form is assumed for the control variable, uc(t) over each
stage. The same polynomial is employed for each control variable over all stages.
The control variables are expressed in terms of a set of Lagrange polynomials. This
effectively expresses the control variables in terms of a finite vector of parameters
(Ucijk) to be determined by the optimisation:

M;
U(k)c,j(t):Zu(k)c,i,jCDi(Mi)(T(k)n) i=1..No of control variables
i=1

telt ,t], k=1..NS

(7-12)

where u¥.; is control variable j during stage k, M; is the polynomial order used for
control uc;, ™, is the normalised time over stage k given by:

t—t
) _ k-1 —
T, = k=1.NS (7-13)

" tk "tk-1

The Lagrange polynomials ®™ of order M are defined as:

oMz, )=1ifM=1
y (7-14)

OM(z,) = [ [ if M2

-1

i=1 Tn,i

=1 ni’
i'#i
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The choice of the set of normalised time points 1, used for the construction of the
polynomials does not affect the solution obtained. It may be desirable to enforce
some degree of continuity in the control variable profiles across stage boundaries.
Continuity can be achieved simply by constraints of the form:

Uemjk-1 = Ugjk | - k=2..NS (7-15)

Higher order continuity can be obtained by linear constraints derived by
differentiating the polynomials defined in Equation 7-15 to 7-17 with respect to time
for the requisite number of times and enforcing equality of the first and higher order
derivatives of uc(t) at the stage boundaries.

By applying a degree of freedom analysis as described by Vassiliadis ef al. (1994),
any variable values at the start of the first or subsequent stages that must be
treated as optimisation decision variables can be identified and new time invariant
parameters and initial or junction conditions can be introduced. Similarly, any of the
original initial and junction conditions that are redundant in the context of the DAE
integration are identified and are treated as point equality constraints to be enforced
by the optimisation at the start of individual stages.

The optimisation problem therefore comprises:

e a multistage DAE system with a complete and non-redundant set of initial
and junction conditions

e a set of point equality and inequality constraints

e a set of point equality constraints at the start of individual stages, arising in
the manner detailed above

e bounds and constraints on the stage durations, constraints on the time-
invariant parameters and bounds on the control variable discretization
parameters

e continuity relations expressed in terms of the control variable discretization
parameters and

e an objective function.

Given the values of the optimisation parameters [ucijx, Ve, t], the initialization
problem at time ty involves solving simultaneously the DAE equations for k=1 and
the initial conditions. Then the first stage DAEs are integrated from tq to t;. The
values of the variables at the start of the second stage can be determined by
simultaneous solution of the DAE equations for k=1 and the first set of junction
conditions. By proceeding in the same manner, the final time is reached, thus
obtaining the solution over the entire time domain. From this solution and the values
of the optimisation parameters, the constraints and the objective function can be
readily evaluated. Overall then the original infinite dimensional optimisation problem

Optimisation



3.4

Chapter 7 7-17

has been converted to a finite dimensional non-linear programming problem (NLP)
(Vassiliadis et al. 1994).

In addition to values of the objective function and the constraints, most efficient
NLP algorithms require their gradients with respect to the optimisation decision
variables. The gPROMS package uses the sensitivity equation approach as
discussed by Rosen and Luus (1991).

The algorithm presented has been implemented as DAEOPT, a code for the
solution of large-scale dynamic optimisation problems. The solution of the DAE
system is performed using the DASOLV code (Jarvis & Pantelides 1992) which
implements of BDF algorithm for large sparse systems of DAEs and incorporates
efficient sensitivity evaluation and discontinuity handling. The optimisation is carried
out using the SRQPD code (Chen & Macchietto 1989) which implements a reduced
quadratic programming algorithm.

DAEOPT allows control variables of up to fifth polynomial order, with or without
continuity at the control interval boundaries. The lengths of the control intervals may
be fixed or variable. However, the choice of the number of the control intervals and
the order of the polynomial representation of the controls is left to the user. More
details on the DAEOPT code are given by Vassiliadis (1993).

Optimisation of the L-Lysine fermentation processes

In this section the optimisation of the L-lysine fermentation process with biomass recycling
using the gPROMS package is described. The optimisation problem is stated with
particular emphasis on how the problem is translated in gPROMS. This is followed by
various optimisation scenarios and an experimental verification of the predicted optimum.
In the last section the combined process model and optimisation approach is used to
optimise the performance of industrial scale fermentation processes.

3.4.1 The optimisation problem

The optimisation problem consists of a process model that would simulate the dynamic
behaviour of the system, an objective function and constraints on the state and
controllable variable ranges. '

3.4.1.1 The dynamic simulation model

The lysine fermentation model has been discussed at length in the Chapter 6. In
essence the model consists of four component mass balance equations and a
volume balance with a set of metabolic interactions and equations relating the
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physical properties of the broth. The following state variables are identified from the
system model:

e V- the volume of broth in the bioreator (litre)

e X- the biomass concentration in the bioreactor (g/l DCW)

e Thr- the Threonine or auxothrophic amino acid concentration in the

bioreactor (g/l)

e Gluc - the glucose concentration in the bioreactor (g/l)

e Lys- the L-Lysine concentration in the bioreactor (g/l)

e Specaic - the specific glucose feed rate which is assumed to be equal to the

specific consumption rate ggiuc (9/g/h)
e Specrn - the specific auxotropic amino acid feed rate (g/g/h)

The model is summarised in Appendix F.

3.4.1.2 The objective function

Ultimately the objective function of any industrial optimisation process should be
based on process economics. The objective function selected for this process is the
variable cost of production (VCOP) of L-lysine via a fermentation process with
biomass recycling using cross flow filtration. The variable cost is made up from raw
material cost and energy cost used to produce 1 kg of L-lysine. It should be noted
that although the prices are typical of the South African process industry, they are
by no means exact and do not represent the financial condition of any particular
industrial plant.

The variables cost is made up of the following components:
1. Raw material costs

e Glucose
¢ Threonine representing the stoichiometric mixture of auxotropic amino
acids

The other raw materials are assumed to have a negligible impact on the
variable cost.

2. Energy Cost
e Electricity usage in the fermentation process
The electricity usage in the fermentation process is made up from
the power input through agitation, the power required for aeration
and the power required for cooling of the bioreactor to maintain a
constant temperature. The power for aeration and cooling is
estimated from air compressor and chiller efficiencies.

Electricityqomen = Agitation power
+ Air x (Air compressor efficiency) (7-16)
+ Cooling duty x (Chiller efficiency)
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o Electricity usage in the biomass separation process

Electricity e, = a x (Linear Velocity x Pressure Drop
xMembrane AreaxD_,) (7-17)

where a is an efficiency factor typical of membrane applications, and
Dmem is the cross sectional diameter of the membrane.

3. Downstream processing cost
The downstream processing cost includes effluent treatment and lysine
recovery through the downstream processing (DSP) unit operations.

The variable cost of production (VCOP) is therefore given by:

Cost per Batch = Electricity Cost x (t - Electricityeqmen + 1t o, -Electricity g, o )

f.Fermen

+ Sugar Cost x (Total Glucose used per batch)
+ Threonine Cost x (Total Threonine used per batch)

+ DSP Cost x (Lysine produced per batch) (7-18)

Cost per Batch
Lysine produced per batch

VCOP = (7-19)

where tirement IS the total fermentation time (h) and t;pem is the total run time of the
filtration loop. The numerical values used for the parameters are displayed in Table
7-1.

Table 7-1. Economic parameters used in the optimisation process

Description Unit Value
Electricity Cost R/Wh 0.45
Sugar Cost R/kg 1.80
Threonine Cost R/kg 294
DSP Cost R/kg 1.50

Recycle Variables
a | 1/m 1.24x10*

Air Compressor Efficiency | KW/Nm>h | 1.8
Chiller Efficiency KW/KW 0.25
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3.4.1.3 Classification of the control variables
The control variables or the variables that can be selected to minimise the VCOP

are summarised in Table 7-2.

7-20°

Table 7-2. Control variables used for the optimisation of the lysine fermentation

process with biomass recycling

Description Symbol Unit | Minimal | Maximur
: Value Value
Time Independent Variables
Initial state variables

Initial Volume Vo [litre] 4 10

Initial Threonine Concentration Thr, [g/1] 0 2.50

Initial Glucose concentration Gluc, [g/l] 10 100
Filtration properties

Membrane Area A [m?] 0 0.028

Time dependent Variables
Specific feeds

Specific glucose feed rate, assumed | Specge | [g/g/h] 0 0.40

to be equal to the specific

consumption rate (qgiuc)

Specific threonine feed rate Specth, [g/g/h] 0 0.017
Agitation power input Pq [W] 0 100
Membrane operating conditions

Cross-flow velocity Vv [m/s] 0.5 7.0

Trans membrane pressure drop AP [kPa] 50 250

Runtime of filtration unit toerm [h] 0 180

Duration of the fermentation trerment [h] 0 180

3.4.1.4 Process and control constraints

The process constrains are imposed on the system to ensure that the values of the
state variables remain physically realisable. The minimum broth volume in the
bioreactor is limited by the upper impeller and the height of the instrumentation (pH,
Temperature and DO probes) in the bioreactor. For the Chemap bioreactor used the
minimum volume that would ensure that the top impeller and all the probes (pH and
DO) are submerged is 4 litres. The maximum working volume of the bioreactor is 10
litres. This sets the limits for the optimisation problem.

The broth rheology is strongly dependent on the biomass concentration. It has been
determined experimentally that the broth starts to exhibit non-Newtoriian behaviour
. at biomass concentrations exceeding 30 g/l. Since all the hydrodynamic and mass
transfer relationships have been developed for Newtonian fluids, the biomass
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concentration is limited to a maximum value of 30 g/l DCW. No lower limit is
imposed on the biomass concentration.

There are two limits on the fermentation power required for agitation (Pg). The
power required for agitation is determined by the oxygen mass transfer dependency
on the power input and the air flow rate. In the fermentation model the oxygen
demand is determined.through the metabolic governing equations. From a specified
power consumption the air flow rate is determined using the mass transfer
correlations. The first limitation on the airflow rate is that a minimum air flow rate of
0.2 vvm must be maintained at all times. The second limitation is that a maximum of
30% of the oxygen in the inlet air is to be consumed by the fermentation process to
prevent CO, toxicity. Both the air flow rate and the agitation require power and
impact significantly on the process economics. There will therefore be a trade off
between the air and power requirements both in terms of process economics and
oxygen requirements. :

The maximum initial charge threonine concentration (Thr,) is limited to 2.5 g/l in
accordance with the maximum allowable biomass concentration. With an initial
charge of 4 litres, 10 g of L-threonine is added. It is known that the yield of biomass
from threonine is 30 g/g (Chapter 5-5). Thus, 300 g of biomass DCW is
subsequently produced. At a final volume of 10 litres this equates to 30 g/l the
maximum limit on biomass.

The initial charge glucose concentration is limited between 10 and 100 g/I. It was
found that the maximum biomass growth rate is reduced due to osmotic loading at
initial charge glucose concentrations in excess of 100 g/I. The lower bound of 10 g/l
was determined to be the minimum glucose concentration not limiting biomass
growth if all other substrates were available in abundance (Weuster-Botz et al.
1997).

The specific glucose feed rate (Specgic) is assumed to be equal to the specific
glucose consumption rate (qec) and is limited to 0.40 g/g/h. As shown in Chapter 6,
this corresponds to the maximum glucose uptake rate.

The specific threonine feed rate (Specry,) is limited by the maximum growth rate
and the yield of biomass from threonine. The maximum biomass growth rate is 0.52
h™'. This implies an upper limit of 0.017 g/g/h for the specific threonine feed rate.

The membrane area (A) is limited to 0.028 m% This represents the maximum area
that is available for the filtration equipment used.

The filtration operating parameters, the trans-membrane pressure drop (AP) and the

cross-flow velocity (v) are limited by the filtration equipment. The cross-flow filtration
pump can deliver a maximum cross-flow velocity of 7 m/s at a head of 2.5 bar. The
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corresponding trans-membrane pressure drop that can be attained is 250 kPa. The
duration of the filtration process is limited to 180 hours.

3.4.2 Optimisation of the fed-batch biomass recycling fermentation process
for L-Lysine production ' '

The initial estimate of the control variables is given' in Table 7-3.

Table 7-3. Initial estimate of control variable values

Controllable Variable Unit |Initial
Base Case
Gluc, [g/l]
Thr, [g/l] 1.7
Vo m [ 4
JGluc [g/g/h]| 0.4
SpecCthr lg/g/h]] O
Area [m?] 0
AP [kPa] | 100
Vv m/s] 2
P [kW] 30
tperm [h] 20
ts recycle [h] 160
taur [h] 180
tFerment ) [h] 180
where

e tq is the cleaning frequency. Thus, a value of 180 h for tg, implies that the
membrane is cleaned once every 180 hours of operation.
e toerm refers to the time relative to tremment When the filtration loop was started
o t1Rrecycle refers tot the total time for which the filtration loop ran per batch
* 1 rerment refers to the total fermentation time
The predicted variable cost of production under these conditions was R14.50/kg.

The initial optimisation experiment was aimed at optimising the initial charge glucose
concentration and the specific glucose feed.
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\

Table 7-4. Optimisation results for Experiment 1.

Controllable Unit Initial | Minimum | Maximum |Time Interval] Optimal
Variable Value
Experiment 1

Gluc, [9/] 30 10 100 100
dGluc [g/g/h] 0.4 0 0.4 115.3 0.27
tf,Ferment [h] . 115.3
VCOP [R/kg] 14.26

Experiment 1 (Table 7-4)

In the first case study, the final fermentation time (t,srement), the initial charge
glucose concentration (Gluc,) and the specific glucose feed (or consumption) rate
(specaiuc) were optimised as time independent parameters. The glucose, threonine
and ammonium sulphate feed rate were initiated at the point of glucose depletion.
The glucose feed rate was then calculated from the biomass concentration and the
desired specified specific feed rate (Equation 6-6). The other parameters were
fixed to the values specified in Table 7-3. -

From the results presented in Table 7-4, the initial charge glucose concentration
should be a maximum to minimise the VCOP while an intermediate value of 0.27
g/g/h was selected for the specific glucose feed rate. A VCOP of R14.26 / kg was
achieved after 115.3 hours of fermentation in the absence of biomass recycling.

In this optimisation case, the initial charge threonine concentration was fixed. This
implies that the total biomass produced during the run was also fixed. Therefore, to
maximise the lysine produced while minimising the cost, not only must the biomass
residence time be maximised but the cells must also be kept at a metabolic state
that maximises yield of lysine on sugar. To maximise the biomass residence time,
the total volume of the feed should be minimised. Since all the feeds are initiated
on glucose depletion, the duration of the feed and therefore the volume fed can be
minimised by increasing the initial charge glucose concentration. Furthermore there
is a relationship between the specific glucose feed, the specific productivity and the
yield of lysine from sugar (Figure 6-2). As the specific feed rate increases, the
specific productivity increases but the yield is reduced. Therefore there is a trade
off between good productivity and an optimal yield when the VCOP is concerned
(Figure 7-1 and 7-2). :
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Figure 7-1. Single parameter effect of the initial charge glucose concentration on the
VCOP after 120 hours of fermentation time with all the other parameters fixed to the
values as specified in Table 7-3.
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Figure 7-2. The effect of the specific glucose feed rate as a time independent
parameter on the VCOP after 120 hours of fermentation time. The other parameters
have the values as specified in Table 7-3.
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Table 7-5. Optimisation results for Experiment 2
Controllable | Unit |Initial Minimum|Maximum Time Optimal

Variable ' Interval Value
Experiment 2
Gluc, [g/l] 30 10 100 100
SpecCaiuc /g/hl| 0.4 0 0.4 12.15 0.02
SpecCaiuc [g/g/h]| 0.4 0 0.4 29.70 0.19
Specaiuc [g/g/h]| 0.4 0 0.4 19.46 0.26
Specaiuce [9/g/h]| 0.4 0 0.4 18.38 0.31
SpecCaiuc [g/g/h]| 0.4 0 0.4 40.04 0.40
tf.f-‘errnent [h] 119.73
VCOP [R/kg] 14.00

e Experiment 2 (Table 7-5)
In the next case study the specific glucose feed rate was considered as a piece-
wise constant controllable variable. The fermentation was divided into five intervals
of varying length, each with a separate specific feed rate. The resulting optimal
specific feed rate profile is shown in Figure 7-3.
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0.00

20

40 60 80

Time [h]
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—+—Experiment 2 —&~Experiment 3

120 140

Figure 7-3. Optimal specific glucose feed rate for Experiment 2 and 3.

This approach reduced the optimal VCOP to R14.00/kg and increased the optimal
time to 140 hours. The increasing specific feed rate profile attempts to maximise
yield and productivity. While the yield increases with decreasing specific feed rate
the specific productivity increases (Figure 6-2). As the fermentation proceeds,
biomass is lost from the bioreactor. With the reduction in biomass, the specific feed
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rate increases to increase the specific productivity in an attempt to maintain the
overall productivity.

Table 7-6. Optimisation results for Experiment 3

Controllable Unit Fnitial Minimum (Maximum Time Optimal
Variable Interval Value
Experiment 3 ‘
Gluc, [g/l] 30 10 100 100
Specaiuc [g/g/h]] 0.4 0 0.4 12.22 0.01
Specaiuc [g/g/h]| 0.4 0 0.4 2.86 0.20
Specaiuc [g/g/h]| 0.4 0 0.4 1.24 0.17
Specaiue [g/g/n]| 0.4 0 0.4 0.00 0.17
Specaiuc [g/g/h]| 0.4 0 0.4 16.00 0.18
SpecCaiuc [g/g/h]| 0.4 0 0.4 13.59 0.22
Specgiuc [g/g/h]| 0.4 0 0.4 15.76 0.26
Specaiuc [g/g/n]| 0.4 0 0.4 17.92 0.32
SpecCaiuc [g/g/h}| 0.4 0 0.4 2002 | 040
Specaiuc [g/g/h]] 0.4 0 0.4 20.02 0.40
tf.Ferment [hL [ 119.66
VCOP [R/kg] | 14.00

e Experiment 3 (Table 7-6) _

In the third experiment the number of intervals was increased to 10. The specific feed
rate profile was very similar to that of Experiment 2 (Figure 7-3), and the minimum
VCOP was still R14.00 /kg.

Table 7-7. Optimisation results for Experiment 4

Controllable LUnit Initial[Minimum| Maximum Time Optimal
Variable Interval Value
Experiment4 |

Gluc, 19/ 30 10 100 18.59
Thr, o | 1.7 0 2.5 0.29
SpecCaiyc [9/g/h]| 0.4 0 | 04 . 0.4
'Spectn [g/g/h]] O 0 [ 0.017 1.16E-03
tLF;ermem . U]L —[ 180
VCOP [Rkg] 12.15

e Experiment 4 (Table 7-7)

The initial charge threonine concentration and the specific threonine feed rate were
included as time independent control variables. The threonine feed was also initiated
on depletion of the glucose concentration. The absolute flow rate of this stream would
be so small that it would not be possible to add independently. Therefore it was
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considered as if the threonine would be mixed with the glucose stream and that the
two feeds be added as one, that is initiated on glucose depletion.

The optimal conditions are set out in Table 7-7. The initial charge glucose
concentration dropped to 18.59 g/l and the initial charge threonine concentration to
0.29 g/I. This threonine was depleted at the same time as the glucose. The maximum
biomass in the fermentation was 8.0 g/l and this was maintained for the bulk of the
fermentation time. This is less than the maximum allowable biomass concentration of
30 g/l

With the initiation of the threonine feed, the fermentation starts to approximate a
continuous fermentation mode. The specific threonine feed rate combined with the
biomass in the fermentation sets the specific growth rate. From the model equations
the specific growth rate combined with the glucose feed rate determines the specific
productivity which eventually determines the lysine production rate. In the optimal
case the specific growth rate was maintained at 0.0348 1/h. This represented the
economic optimum between the specific productivity (0.12 g/g/h) and the yield of 0.30

a/g.

Table 7-8. Optimisation results for Experiment 5

Controllable Unit |Initial|Minimum [Maximum Time Optimal
Variable Interval Value
Experiment 5

Gluc, [g/1] 30 10 100 18.59
Thr, [/ | 1.7 0 2.5 0.29
SpecCaiuc [g/g/h]| 0.4 0 0.4 0.4
Specthr [g/g/h]| O 0 0.017 1.16E-03
Power [W] 30 0 - 100 30

tf Ferment [h] 180
VCOP [R/kg] 12.15

o Experiment 5 (Table 7-8)
The agitation power is included as a time independent variable in this experiment.
The agitator power is independent of the other control variables in this experiment.
It was found that a fixed agitation power consumption of 30 W minimised the
variable cost of production. :
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Table 7-9. Optimisation results for Experiment 6

7-28

Controllable Unit |Initial] Minimum |Maximum Time Optimal
Variable Interval Value
Experiment 6

Gluc, [g/l] 30 10 100 10
Thr, g/ | 1.7 0 25 0.15
SpecCaiuc [a/g/h]| 0.4 0 0.4 21.1 0.4
SpecCaiuc [g/g/h]| 0.4 0 0.4 124 0.4
SpecCaiuc [g/g/h]| 0.4 0 0.4 69.9 0.4
Specaiuc [g/g/h]| 0.4 0 0.4 67.1 04
Specaiuc [g/g/h]| 0.4 0 04 17.68 0.4
SpecCthr [g/g/h]| O 0 0.017 211 2.94E-03
Specth [g/g/h]| O 0 0.017 124 1.20E-03
Specthr [g/g/h]| O 0 0.017 69.9 1.21E-03
SpeCTh [g/g/h]| O 0 0.017 67.1 1.07E-03
Specthr [g/g/h]| O 0 0.017 17.68 0
tf,Ferment [h] 180
VCOP [R/kg] 12.94

e Experiment 6 (Table 7-9)

In this experiment the specific glucose and the specific threonine feed rates were
considered to be time dependent control variables. The results obtained were very
similar to that obtained for the time independent case. The fermentation
approaches continuous operation maintaining the biomass concentration at 8 g/l
with a specific growth rate of 0.0348 1/h, similar to the values obtained with time
independent variables. The specific glucose feed rate did not vary with time. During
the initial stages more threonine was fed (higher specific threonine feed rate) to
reach the required biomass concentration in a shorter period of time and during the
latter stages the specific threonine feed rate was reduced to limit threonine losses

through washout.

Table 7-10. Optimisation results for Experiment 7 |

Controllable Unit |Initial|Minimum |Maximum Time Optimal
Variable Interval Value
Experiment 7

Gluc, [g/l] 30 10 100 10.05
Thr, [g/] | 1.7 0 2.5 2.00
Specaiuc [g/g/h]| 0.4 0 0.4 0.32
SpeCthr [g/g/h]| O 0 0.017 0.00E+00
Area [m2] | 30 0 100 2.40E-04
t'f,Ferment [h] 180
VCOP [R/kg] 10.60
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o Experiment 7 (Table 7-10)

In this experiment all the control variables were considered to be time independent.
The membrane area was included with the initial charge and feed properties. The
membrane was operated at a trans-membrane pressure drop of 100 kPa with a
cross-flow velocity of 2m/s. The minimum variable cost was reduced from
R12.95/kg to R10.60/kg. The bulk of the cost saving is due to the reduction in the
threonine usage per unit lysine produced. The biomass is to be produced as fast as
possible during the initial stages of the fermentation process. The maximum
biomass (30 g/l) is maintained for the duration of the batch. The specific threonine
feed rate is zero with a specific glucose feed rate of 0.32 g/g/h. The membrane
area is sized so that the permeate flow matches the glucose feed flow. This would
imply a zero or a minimal bleed flow rate and would ensure maximum biomass
retention. '

Table 7-11. Optimisation results for Experiment 8

Controllable Unit |Initial| Minimum | Maximum. Time Optimal
Variable Interval Value
Experiment 8

Gluc, [g/1] 30 10 100 10.05
Thr, (g | 1.7 0 2.5 2.00
Specaiuc [g/g/h]| 0.4 0 0.4 0.34
SpeCthr [g/g/h]| O 0 0.017 0.00E+00
Area Im<] | 30 0 100 2.65E-04
AP [Pa] | 100 50 250 9.72E+04
v [m/s] 2 0.5 7 1.00E+00
t,f,Ferment [h] 180
VCOP [R/kg] 10.65

e Experiment 8 (Table 7-11)
The membrane operating parameters did not significantly reduce the VCOP. The
membrane area increased slightly with the reduction in flux, which was a result of
the decrease in cross-flow velocity compared to Experiment 7. The trans-
membrane pressure drop did not change significantly from 100 kPa. The permeate
flow rate was equal to the sum of the glucose and threonine feed rates respectively
and therefore eliminated the loss of biomass from the bioreactor.
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Table 7-12. Optimisation results for Experiment 9.

7-30"

Controllable Unit |(Initial| Minimum | Maximum Time Optimal
Variable Interval Value
Experiment 9

Gluc, [g/l] 30 10 100 10.67
Thr, g/l | 1.7 0 2.5 2.00
Specaiuc [g/g/h]| 0.4 0 0.4 0.32
SpeCthr [g/g/h]| O 0 0.017 0.00E+00
Area [m?] | 30 0 100 1.53E-04
DP [Pa] | 100 50 250 1.57E+05
Y [m/s] 2 0.5 7 1.00E+00
therm [h] 20 0 300 1.60E+01
tdur(1) [h] 20 0 300 2.09E+01
tf,Ferment [h] 180
VCOP [R/kg] 10.65

Experiment 9

In the last experiment the start and stop times of the membrane system were
included as variables in the optimisation process. This implied that it would be
possible to stop the filtration system during the run, and clean the membrane. The
cleaning time was fixed by the actual duration of the cleaning process and the
sterilisation procedure required. The motivation of the start-stop operated system is
to attain a higher average flux by stopping the membrane system to allow for
frequent cleaning.

In the optimal case, the filtration system was started after the start of the sugar
feed (20.9 hours after inoculation). The start time of the filtration system is
influenced by various factors. Delaying the start of filtration would imply that the
starting flux is lower due to the increased biomass concentration while starting too
early had a negative impact on the cellular metabolism and may also lead to a
violation of the minimum volume constrains. In the optimal solution, the membrane
unit is cleaned after 20.9 hours of usage and then only at the end of the run.

Experiment 9 represents the global optimum for the entire system, when all the
control variables are taken into account. The VCOP of R10.65/kg represents the
minimal variable cost that can be achieved with the biomass recycling system. This
represents a 12% improvement on the R12.15/kg that can be attained with semi-
continuous technology and a 24% improvement on conventional fed-batch
technology. This optimisation can however only be realised in practise if it can be
proven that the parameters that influence the cost structure as predicted by the
model can be attained. In the next section it will be validated that the suggested
optimum performance can be attained on laboratory scale.
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4 Evaluating the predicted optimum on laboratory scale

Laboratory scale fermentations were run with the optimal set of parameters as found in
Experiment 9. The specific glucose feed rate of 0.32 g/g/h was maintained by analysis of
the biomass concentration on an hourly basis followed by adjustment of the feed rate. The
predicted and the measured fermentation performance are presented in Figure 7-4 to 7-7
below. -

The predicted and measured yield of lysine from glucose as well as the lysine productivity
is presented in Figure 7-4.
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~—Model Productivity * Lab Productivity ——Model Yps 4 Lab Yps

Figure 7-4. The predicted and the measured yield of Lysine from glucose and the lysine
productivity in a 10 litre working volume bioreactor.

The biomass and Lysine concentration profiles are presented in Figure 7-5. The residual
glucose and threonine concentration profiles are presented in Figure 7-6. It is evident that,
especially during the early stages of the fermentation, the model adequately describes the
fermentation performance. During the latter stages of the process, the model's ability to
predict the fermentation performance is reduced. This is attributed to reversion of the strain
to the wild type and cell death which are not accounted for in the model.
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Figure 7-5. The predicted and the measured Lysine and Biomass concentration profiles
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Figure 7-6. Residual glucose and threonine concentration profiles for the laboratory
fermentation run at optimal conditions.

The predicted optimum can be achieved on laboratory scale. Fuﬁhermore, the presented
data once again illustrates the ability of the models to predict the fermentation performance
accurately.

The fermentation is driven towards a zero residual sugar concentration by feeding just

below the maximum consumption rate. The biomass is retained by increasing the cross-
flow filtration area and subsequently the permeate flow rate. To retain all the biomass
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implies that the permeate flow rate should equal the total flow rate of feeds into the
fermenter.

The glucose feed flow rate and the permeate flow rate, as prescribed by the model and
executed during the experimental evaluation are depicted in Figure 7-7. The offset
between the permeate flow rate and the glucose flow rate is due to the ammonium
sulphate and the ammonium. hydroxide solutions fed. The reactor volume of the run was
maintained at the maximum operating volume of 10 litres after 50 hours.
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Figure 7-7. Glucose feed rate and permeate flow rate as a function of time

The philosophy used to minimise the VCOP of the Lysine fermentation is to retain all the
biomass produced in the bioreactor, while feeding at a rate close to the maximum glucose
uptake rate. The sugar feed rate represents a trade-off between increased yield (Yys) at
lower feed rates and increased productivity at higher feed rates. This optimum is
influenced by the sugar price, which determines the gearing ratio between yield (Yps) and
productivity. The specific feed rate of 0.32 g/g/h represents an optimal between yield and
productivity for the sugar price specified. Furthermore it is evident that the fermentation is
conducted at residual sugar concentration approximating zero. Since spent medium is
continuously withdrawn from the bioreactor, a zero residual sugar concentration maximises
the yield of lysine from the sugar provided.

5 Application of biomass recycling on industrial scale

The concept of biomass recycling to increase the residence time of the biomass in a feed
and bleed operated L-Lysine fermentation was evaluated using an industrial mutant of
Corynebacterium glutamicum (AEC94) at industrial scale. :
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The values of the empirical parameters in the fermentation model were obtained from
continuous Chemostat experiments conducted at 10 litre scale. These experiments were
similar to those used to derive the filtration model for ATCC 21253. The results from these
experiments are confidential and are therefore not presented.

The fermentation model and the gPROMS optimisation package was then used to optimise
the fermentation performance of two types of fermentation. In the first approach, a feed
rate and bleed fed-batch strategy was adopted. In this approach the specific feed as
predicted in the optimisation process was maintained. The feed was started on depletion of
the initial charge of glucose and maintained at the specific level using hourly biomass
analysis. When the working volume of the bioreactor was reached the bleed was initiated
to match the total volumetric feed rate. This led to a reduction in biomass, and
subsequently a reduced feed rate (to maintain a fixed specific feed) and a reduced
productivity.

The second approach involved biomass recycling through cross flow filtration. The specific
sugar feed rate predicted by the optimisation approach was maintained. The membrane
area was selected to prevent loss of biomass. Thus the permeate flow rate matched the
total volumetric flow rate of the different feed streams.

The performance of the fed-batch with biomass recycling is presented relative to the fed-
batch operated using a feed and bleed approach. For example, if the specific lysine
productivity were compared, it would be calculated by:

(7-20)

qus, Recycle

Qs =

Lys,Feed and bleed

where g, is the relative specific lysine productivity of the biomass recycling fed-batch to
the feed and bleed fed batch operated bioreactors.

The optimal fermentation time was the time predicted by the fermentation model that would
minimise the VCOP. For the fed-batch operated bioreactor using a feed and bleed strategy
this time was dependent on the biomass concentration and the duration of the
fermentation was limited by washout of the biomass. For the fed-batch bioreactor with
biomass recycling the fermentation time was limited by reversion of the strain to the wild
type. In the actual experiments conducted the fermentations were extended beyond the
predicted optimal fermentation times. The VCOP was then calculated at each time point an
the minimum VCOP dictated the optimal fermentation time.

The total biomass produced as presented in Table 7-13 represents the total biomass that
was produced during the run. The yield of lysine on sugar (Y,s) represents the cumulative
yield of lysine from glucose achieved during the entire run. The productivity represents the
total lysine production rate and can be viewed as the product of the total biomass in the
. bioreactor and the specific lysine productivity. The experimental results as well as the
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performance as predicted by the fermentation system model is presented in Table 7-13
below

Table 7-13. Experimental resuits obtained with Industrial organism. The results for the fed-
batch process with biomass recycling are presented as a percentage of fed-batch process
operated using a feed and bleed approach after 168 hours.

Model Experimental
prediction results

ave (M7s”) 25
Optimal Fermentation time

Feed and Bleed 138 145

Biomass recycling 180 174
Total biomass produced 101% 108%
Yps 90%. 95%
Specific lysine productivity 98% 100%
Total productivity 118% 122%
VCOP 88% 86%

The optimal fermentation time predicted by the model for the feed and bleed strategy was
lower than that found experimentally. This extension could mainly be attributed to the
underprediction of the total biomass produced. Since more biomass was produced than
anticipated by the fermentation model, the productivity could be sustained for a slightly
longer period increasing the optimal fermentation time.

The total amount of biomass produced for the fermentation with biomass recycling
exceeded that produced using the feed and bleed approach. This corresponds to the
findings of Chapter 5 for the ATCC 21253 strain. The reduced biomass concentration
predicted by the model was a result of the lower effective yield of biomass from threonine
that was estimated by the model.

The reduction in yield predicted by the model was observed for the biomass recycling
case. The prediction of the magnitude of the decrease in yield depends on the impact of
hydrodynamic stress on fermentation performance. A similar approach to that discussed in
Chapter 6. Section 3-10 was used. Thus the magnitude of the change in the metabolic
variable was assumed to depend linearly on the quotient of the average effective energy
dissipation rate (e.) and the biomass concentration. This approach also predicted a
reduction in specific lysine productivity, which was not observed experimentally. This
resulted in an under prediction of the total productivity and the cumulative yield of lysine on
sugar.

Thus, the linear approximation of the impact of hydrodynamic shear on the cellular

metabolism reduced the accuracy of the model when applied to the industrial strain. The
model is however still sufficiently accurate to show that biomass recycling reduces the
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VCOP of the fermentation process. The model predicted a 12% improvement in VCOP
while a 14% improvement was realised.

6 Conclusions

In this chapter, the fed batch fermentation with biomass recycling using cross flow filtration
for the production of L-Lysine was optimised using an equation-based dynamic simulation
package (gPROMS). The fermentation process model developed in Chapter 6 was used
for the optimisation of the fermentation process according to the defined economic
parameters. The variable cost of production (VCOP) defined as the cost to produce a
kilogram of lysine was used as the objective function for the optimisation process. The
predicted optimum represented a 26% reduction in variable cost compared to the
conventional fed-batch fermentation technology (R10.65/kg vs R14.50/kg).

Achievement of the predicted optimum experimentally was validated. The experimental at
the optimal conditions corresponded with that predicted by the proposed model (Figure 7-4
to 7-9). This indicated that the fermentation model as proposed was sufficiently accurate,
with enough resolution for optimisation of the fermentation process.

The philosophy to minimise the VCOP of the lysine fermentation is to retain all the biomass
produced in the bioreactor, while supplying glucose at a rate close to the maximum
glucose uptake rate. The specific sugar feed rate represents a trade-off between
increased yield at lower feed rates and increased productivity at higher feed rates. None of
the auxotrophic amino acids are included in the feed. Thus, during the lysine production
phase, the total biomass in the bioreactor remains virtually constant. This also reduced the
rate of reversion of the strain to the wild type.

Furthermore, the fermentation is to be conducted at a residual sugars concentration
approaching -zero. Since spent medium is continuously withdrawn from the bioreactor, a
zero residual sugar concentration maximises the yield of lysine from the sugar fed. The
duration of the fermentation process is limited by the strain’s ability to sustain its
performance and not by the residence time of the biomass in the bioreactor.

The model parameters were re-established for the industrial lysine-producing strain. This
model was then used to optimise the fermentation performance of a conventional fed-
batch process with a feed and bleed strategy as well as that of a fed-batch process with
biomass recycling using cross flow filtration. The model predicted a 12% improvement in
VCOP while a 14% improvement was realised.

The linear approximation used to model the impact of filtration on fermentation
performance is limited to application of hydrodynamic shear experienced in cross flow
filtration systems and cannot be transferred to other hydrodynamic stress impacts. The
model parameters are empirical in nature and must therefore be redeveloped for each
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strain. Although this is a tedious process, the methodology allows for process optimisation
that produces a physically realisable optimum.

A rigorous optimisation approach allowed improvement in the variable cost of production
by some 26% over the conventional fed-batch technology. Biomass recycling using cross
flow filtration improves the variable cost of production of the lysine fermentation process by
at least 12% compared to the current feed and bleed technology.
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Appendix A A1

Fermentation Methodology

1 Micro-organisms used

The organism, Corynebacterium glutamicum, ATCC 21253, obtained from the American
Type Culture Collection (ATCC, Rockville MD) was used in all the experiments described
in this thesis. C. glutamicum (ATCC 21253) requires biotin, L-Homoserine (L-Threonine
plus L-Methionine) and L-Leucine for growth and produces L-lysine under L-Threonine
limitation due to the bypass of aspartate kinase inhibition by L-Threonine plus L-Lysine.
The gram-positive bacteria are ellipsoidal in shape with dimensions of 0.7um by 1.4pm.
They may occur singly, in pairs or in irregular aggregates.

Limited experimental work was also performed using Corynebacterium glutamicum, (AEC
94). This organism was obtained from AECI Bioproducts (Pty) Ltd and is used in their
industrial process and therefore no metabolic information could be disclosed.

2 Medium Composition

2.1 Defined Medium composition

The medium composition, the storage of stock cultures and the inoculation procedure used
is described by Kiss & Stephanopoulos (1991).

Complex medium used for initial seed cultures was modified Luria-Bertani broth: 5 g yeast
extract, 10 g NaCl, and 5 g glucose per litre of distilled water. Defined, L-Threonine
growth-limiting media was used for inoculum as well as for fermentation medium. It
consisted of (per litre of distilled water):
' - 20 g glucose

- 0.4 gMgS04e7H,0

- 75 mg NaEDTAe2H,0

- 25 mg FeS04e7H;0

- 0.1 g NaCl

- 50 mg C8C|202H20

- 7 g (NH4)2S04

- 3g K;HPO,

- 1g KH2PO,

- 100 mg L-Threonine

- 150 mg L-Methionine .

- 400 mg L-Leucine
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- 1 mg Biotin

- 1 mg Thiamine

- 10 ml trace salts

- 1 ml poly(propylene glycol) MW 2000 antifoam

The trace salt solution consisted of (per litre of distilled water):
- 200 mg MnSQOq4
. 6 mg H3BO3
- 4 mg (NH4)5MO702404H20
- 100 mg FeCl3e6H,0
- 1 mg ZnSO4e7H;0
- 30 mg CuSQO4¢5H,0

2.2 Complex fermentation medium

The complex fermentation medium consisted of (per litre of IC medium):
- 0.125 kg of Corn Steep Liquor at 35% total solids obtained from
African Products (Pty) Ltd. (RSA)
- 0.4 g MgS0O4e7H,0
- 25 mg FeS04e7H,0
; 3 g K2HPO4
- 1 mg Biotin
- 1 mg Thiamine
1 m! poly(propylene glycol) MW 2000 antifoam

2.3 Carbohydrate source

Two feed streams were used in the fed-batch fermentations. The sugar feed consisted of a
60% (m/m) glucose solution with varying amounts of L-Threonine, L-Methionine and L-
Leucine (added in the same ratio as in the initial charge).

The second feed was a 40% (m/m) ammonium sulphate solution.

The pH was controlled using a 25% Ammonium hydroxide solution.

3 Cultivation Conditions

The inoculation procedure began by the transfer of a loop-full of the organism from a
complex media plate (24h of growth) to a 250 ml flask containing 25 ml of LB media. The
flask is incubated for 8 hours at 30 °C and 180 rpm. The flask contents were transferred to
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a 1 litre flask containing 250 ml of the defined medium. This flask is incubated for 12 hours
under the same conditions.

The broth from the larger flask is then transferred to the 10 litre working volume Chemap
fermenter.

The temperature was maintained at 30+0.5 °C using internal heating and cooling coils. The
reactor was fitted with sterilisable Ingold pH (model 764-31) and Mettler Toledo dissolved
oxygen (model 4100) electrodes. The pH was controlled by a UCT pH controller driving a
UCT peristaltic dosing pump. The base reservoir was positioned on a scale pan interfaced
to a data logger for continuous monitoring of base consumption. The DO probe was linked
to a UCT amplifier and the dissolved oxygen concentration was recorded continuously.

The air supply to the vessel was passed through a pressure regulating unit, an oil filter, a
rotameter and a sterile carbon filter before entering the reactor. The exhaust gasses
passed through a sterile carbon filter and a condenser cooled with tap water.

Broth samples were taken aseptically using a steam sterilisable sample port at the base of
the vessel.

For continuous culture, the reactor feed was added at a constant flow rate using a
peristaltic pump. The feed bottle was placed on a load cell to facillitate measurement of the
flow. The bioreactor rested on a sensitive load cell. The output of the load cell was linked
- to the output pump flow controller. The controller switched the output pump on when the
mass of the fermenter exceeded the setpoint mass.

4 Fermentation protocol
4.1 Batch fermentations

The batch fermentations were conducted in a 7.3 litre Chemap stirred tank reactor fitted
with Rushton turbine impellers. A 0.5 litre inoculum was transferred into 4.5 litres of
medium. In these fermentations pH was controlled at 7.0 with sulphuric acid and 25%
ammonium hydroxide. Temperature was controlled at 30°C. Aeration and agitation was
controlled to maintain a DO in excess of 30%.

4.2 Fed-batch fermentations

The fed-batch fermentations were conducted in the same bioreactors as the batch
fermentations. pH and temperature was controlled at the same values as that of the batch
fermentations The initial starting volume was however reduced to 2.7 litres and the
inoculum to 0.3 litres. Feed was started at glucose depletion, which was detected, from the
sudden increase in pH and subsequent acid demand. Glucose depletion was confirmed by
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analysis of the glucose concentration. The feed rate was controlled at a certain specific
feed by measuring the biomass by optical density and adjusting the absolute feed rate
accordingly. When the reactor volume reached 8 litres the sample volume was increased
to maintain the liquid volume at 8 litres.

" 4.3 Continuous fermentations

For the continuous culture, the reactor feed was added at a constant flow rate using a
Watson Marlow (model 313S) peristaltic pump. The feed bottle was placed on a 60 kg load
cell to allow measurement of flow rate. The bioreactor rested on a sensitive load cell. The
output from the load cell was linked to the output pump flow controller. The controller
switched the output pump on when the mass of the fermenter overshot the setpoint mass.

5 Reactor Configuration

5.1 Chemap stirred tank reactor

The Chemap stirred tank reactor was operated at 30 °C at a pH of 7.0. Three molar
NH4OH was used to maintain the neutral pH. The reactors were fitted with sterilisable
Ingold pH (model 764-31) and Mettler Toledo dissolved oxygen (model 4100) electrodes.
- The pH was controlled by a UCT pH controller driving a UCT peristaltic dosing pump. The
base reservoir was positioned on a scale pan interfaced to a data logger for continuous
monitoring of base consumption. The dissolved oxygen probe was linked to a Mettler
Toledo transmitter (4100) and the dissolved concentration was recorded continuously. The
air to supply to the reactor was passed through a pressure regulating unit, an oil filter,
rotameter and a sterile carbon filter before entering the reactor. The exhaust gasses
passed through a sterile carbon filter and a condenser cooled with tap water. The
temperature of the vessel was maintained to within 5 °C by heating a water stream that
passed through two stainless steel coils situated near the baffle cage. Bacterial samples
were taken aseptically using a steam sterilisable sample port at the base of the culture
vessel.

The 7.3 liter Chemap stirred tank (5 liter working volume) reactor fitted with Rushton
turbine impellers of the following dimentions: diameter 0.08 m, width 0.02 m and length
0.02 m. Two impellers was used with an impeller clearance of 0.04m and an impeller
spacing of 0.12 m. The diameter of the tank was 0.2 m. The reactor was fitted with four
baffles of 0.03 m width. In continuous culture a 3.5 liter working volume was used with a
single impeller set at an impeller clearance one third of the liquid height.

Fermentation Methodology



g

Appendix A A 5"

5.2 Filtration flow loop

The purpose of the cross-flow filtration unit is to separate the biomass from the spent
medium. The biomass is then recycled to the bioreactor while the spent medium is
processed for lysine recovery.

The biomass recycling system is illustrated in Figure 1.

¢ The holding vessel was a “Chemap” bioreactor with agitation, temperature and pH
control. The broth was cultivated in the bioreactor. A positive pressure was
maintained by sparging filtered air through the broth. The temperature was
maintained at 30°C and the pH at 7.2. '

e From the holding vessel the broth was pumped to the membrane module using a
peristaltic pump. The peristaltic pump was rated to deliver a head of 3 bar. The
pressure at the inlet of the membrane module was measured using a electronic
pressure transducer. The pressure was continuously logged using a stand alone
PC.

e The membrane is situated in the membrane module held between the two screw
heads resting on o-rings to prevent leaking. The permeate is collected in the outer
housing and diverted to a closed permeate collection vessel. The permeate
collection vessel is placed on a three decimal scale connected to the PC that logs
the weight every 10 seconds.

Feed

Bioreactor

Membrane unit

—g_' ’pBleed >
N
: | » Perm >

Figure A-1. Experimental set up to evaluate the impact of the operational parameters on

the cross-flow filtration flux. “Feed” is the carbohydrate feed, “Bleed” is the bleed of
broth from the reactor while “Perm” is the permeate flow rate from the membrane unit
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Cross-Flow Filtration Rig and Flux Estimation

Cross-flow filtration flow loop

The objective of the cross-flow filtration unit is to separate the biomass from the spent
medium. The biomass is then recycled to the bioreactor while the spent medium is
processed for lysine recovery.

The biomass recycling system is illustrated in Figure B.1.

The holding vessel was a “Chemap” bioreactor with agitation, temperature and pH
control. The broth was cultivated in the bioreactor. A positive pressure was maintained
by sparging filtered air through the broth. The temperature was maintained at 30°C and
the pH at 7.2.

From the holding vessel the broth was pumped to the membrane module using a
peristaltic pump. The peristaltic pump was rated to deliver a head of 3 bar. The
pressure at the inlet of the membrane module was measured using a electronic
pressure transducer. The pressure was continuously logged using a stand alone PC.
The membrane is situated in the membrane module held between the two screw heads
resting on o-rings to prevent leaking. The permeate is collected in the outer housing
and diverted to a closed permeate collection vessel. The permeate collection vessel is
placed on a three decimal scale connected to the PC that logs the weight every 10
seconds.

Bioreactor

Membrane unit

Alr —T @
_Perm >

Y

Perm

Y

Figure B.1. Experimental set up to evaluate the impact of the operational parameters on the
cross-flow filtration flux. “Feed” is the carbohydrate feed, “Bleed” is the bleed of broth
from the reactor while “Perm” is the permeate flow rate from the membrane unit

Cross flow filtration methods
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A mechanical drawing of the membrane housing is shown in Figure B.2.
The housing was machined in-house by the UCT Workshop from 316 SS and polished to a

0.64 micron surface finish.

Membrane houging

Tubular Ceramic Membrane

Feed Inlet

N

““;‘—"Retentate Outlet #10

O-Ring seal 4+

N

250

\Permeate outlet

»
-

|

Figure B.2 Mechanical drawing of the membrane housing. All units are in mm

3 Operational and control velocity around the filtration loop

The filtration loop is equipped with a peristaltic pump, two pressure transducers and a-
needle valve as shown in Figure B.3. The peristaltic pump is equipped with a variable
speed drive that can be used to set the re-circulation rate and subsequently the cross-flow
velocity. The needle valve is used to set the mean trans-membrane pressure drop across
the membrane as measured by the pressure transducers.

Bioreactor
/\4 Retentate Recycle
Pressure Pressure '
r Transducer Transducer |
@ ( ) ')
8¢ > ==t VYo e Toos
£EC \ /  Needle Retentate
A Peristaltic erS rane | Valve  Bleed
— pump nit
— /__ m‘
P‘erméte >'><_< -
Bleed Balance

Figure B.3. P&ID of the cross-flow filtration loop
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The piping in the filtration loop were all 25 NB, 316 SS tubing with a 0.64 micron surface
finish. All the welds conformed to the AECI Bioproducts Pty (Ltd) sterile welding
specification with a weld finish of 1.6 microns.

4 Measuring of the cross flow filtration flux

The permeate is collected in the outer housing and diverted to a closed permeate
collection vessel. The permeate collection vessel is placed on a three decimal scale
connected to the PC that logs the weight every 10 seconds. The permeation rate is
calculated from the slope of the weight curve.

For the batch fermentations where the permeate was recycled to the bioreactor, the
permeate collection flask was emptied in ten minute intervals. The filtration flux was then
estimated from the slope of the weight of permeate collected during ten minute periods.

5 Estimation of the hydraulic resistances

The filtration flux through any system follows

All pressure driven membrane separation processes must follow Darcy's law (See

- Equation B.1). This law states that the flux is proportional to the driving force and inversely
proportional to the hydraulic resistance. The hydraulic resistance is made up of the
permeate viscosity and the additional resistance (R;). The additional resistance can be
broken up into the intrinsic membrane resistance (Rn), the pore blocking resistance (Rp)
and the cake resistance (R¢).

e AP
LR, (B.1)

R =R, +R, +R,

The intrinsic membrane resistance (Rn) is measured by measuring the pure water flux
under a known driving force. For this case the pore plugging resistance and the cake
resistance would be zero. The intrinsic membrane resistance can therefore be obtained
from the measured flux and a known pure water viscosity.

The total resistance (R;) is measured directly during the filtration process. To determine the

pore blocking resistance (R;) the following procedure is followed:

e Weight out 1.5 g of cotton wool. The cotton wool is attached to a plunger and forced
down each of the membrane tubes. The cotton wool fits very tightly in the tube and a
large portion of the cake layer on the membrane surface is removed.

o The water flux through the fouled membrane is then measured.
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The resistance calculated from the water flux through the fouled membrane is the sum
of the intrinsic membrane resistance and the pore plugging resistance

The cake resistance (R;) is then determined by difference.

6 Membrane cleaning procedures

The membranes were cleaned according to the following procedure

10-litres of warm water (60 °C) is circulated through the membrane unit for 30 minutes
This is followed by a hot (60°C) caustic (10% m/m) rinse with 10 litres of caustic
solution for 45 minutes ' -
After the caustic rinse the membrane is washed with clean water by circulating fresh
water through the control loop until the bleed pH is neutral

The membrane is then rinsed with 10 litres of 5% nitric acid at 60 °C for 45 minutes
The membrane is then washed with clean water until the bleed pH is neutral

The pure water flux is measured and compared to the new pure water flux. If this value
is not within 10% of the new membrane pure water flux the cleaning procedure is
repeated.

- Cross flow filtration methods
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Analysis of the Biological Response

A micro-organism uses its available resources, such as carbohydrates and oxygen, to
products various products, maintain intraceliular functioning and for repair mechanisms.
Changes in the mass flux through the cellular metabolic pathways can be measured
through analysis of extracellular production and substrate consumption rates.

1 Cell viability

Plate counts were performed as a measure of cell viability. The latter was defined as the
ability of a single cell or aggregate to reproduce. In the plate count, 0.1ml of diluted cell
sample (to count between 10 and 300 colonies) was spread on the agar plates with a
sterile glass rod. The colonies were counted after 2 day incubation in a 30 °C oven.

The agar media contained (per liter): 10 g tryptone, 10 g yeast extract, 5 g NaCl and 15 g
bacteriological agar.

Due to the clumping of the cells, the method was altered by dividing this number by the dry
biomass. Thus, the specific plate count is a measure of the number of viable colonies per
gram of dry biomass.

Other viability techniques included:

* Inoculation of a defined media shake flask and then measuring the final blomass
glucose consumption and lysine production yield after a defined time-period. This gives
an indication of the ability of the cells to reproduce and produce lysine.

= Staining the cell population with acrodine orange and measuring the ratio of red to
green dots as a measure of RNA and DNA activity. This ration gives an indication of
the intracellular activity and protein production.

2 Rate of Metabolism and metabolic pathway analysis

The rate of metabolism and possible metabolic pathway fluxes were measured in terms of
biomass formation (dry biomass), substrate utilisation (residual glucose, ammonium,
phosphate) oxygen utilisation rate and product formation (amino acid production)

2.1 Dry Cell Weight

Dry. cell weight was determined by centrifuging 2 ml samples at 6000g for 15 min, washing
the pellet twice with water and drying it for 30 hours at 80 °C.

Analysis of the Biological Response



Appendix C cC.2°

Two different dry weight analysis methods were evaluated:

211 Eppendorf micro-centrifuge tubes

Empty 1.5 ml micro-centrifuge tubes were dried for 72 hours at 80° C and weighed to 4
decimal places. Then 1mi of sample was pipetted into the pre-weight centrifuge tubes.
The tubes were then centrifuged and the supernatant poured off. The residue was
washed twice with distilled water before being dried at 80° C for 70 hours. The
difference between the weight of the empty tube and sample tube divided by the
volume would the give the dry weight per unit volume.

To evaluate the accuracy of this method the following experiments were performed. A
large sample from the Chemap fermentation was taken and 20 centrifuge tubes pre-
weight and the dry cell weight determined. From this it was found that the average dry
weight analysis gave a standard deviation of 2.13 x 10 (measured in g/l) resulting in a
error less than 8% for a single tube. This error would be reduced even more if the
analysis is performed in triplicate.

Then the sample was diluted with distilled water and after each dilution the dry weight
determined in triplicate. The average weight was then plotted against the dilution
factor. The data fits a straight line trough the origin with a correlation coefficient of
0.98.

Dry Cell Weight (g/)
o

0.00 0.20 0.40 0.60 0.80 1.00

Dilution

Figure C-1. A plot of the dry weight determined using the micro-centrifuge tubes vs. the
dilution factor. The dilution factor is defined as the ratio of the volume of the original
sample to the total volume analysed.
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21.2 Filtration paper

0.22 micron Millipore filtration paper discs were dried at 80° C for 72 hours and pre-
weight to 4 decimal places. Then 10 ml of sample were filtered through these filters
using the Millipore vacuum filtration system. The filters were washed with 5 ml of
distilled water before being dried at 80° C for 72 hours. The weight difference of the
sample and pre weighed filter divided by the sample volume (10 ml) would yield the
dry weight per unit volume. The accuracy of this analysis technique was determined by
analysing the same sample as used for the Eppendorf tube dry weight determinations.

Thirty filters gave a standard deviation of 2.51 (measured in g/l). This resulited in an
error of 22% for a single filter.

The plot of dry weight (determined in triplicate) against the dilution factor yielded a
straight line through the origin with a correlation coefficient of 0.91.
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Figure C-2. A plot of the dry weight determined using Millipore filtration paper vs. the
dilution factor. The dilution factor is defined as the ratio of the volume of the original
sample to the total volume analysed.

From this can be concluded that the Eppendorf method is more reproducible.

2.2 Turbidity

Samples were placed in plastic cuvettes and the absorbance at 660nm determined against
distilled water. The samples were diluted so that the absorbance read was less than 2. The
same sample used for the dry weight analysis verification experiment were used to
determine the reproducibility and range of the turbidity measurements. A plot of the
absorbance at 660 nm against the dilution factor yielded a straight line with a correlation
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coefficient of 0.93, while a plot of the turbidity against the dry weight yielded a straight line
with a correlation coefficient of 0.97.

The error of each turbidity reading was less than 5%. This was determined by taking 30
readings of the same sample at 2 min intervals and obtaining the mean and the standard

deviation.
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Figure C-3. A plot of turbidity vs. dilution factor where dilution factor is defined as the
fraction of the original sample in the volume analysed.
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Figure C-4. A plot of turbidity vs. dry weight as determined by the Eppendorf method. The
correlation coefficient was 0.97
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2.3 Cell counts

The same sample as used for the turbidity and dry weight experiments were used to
determine the reproducibility of cell counts. Due to the high degree of clumping observed
for the cells, counting of the cells was not possible. The samples were however sonicated
at 350 Hz for 4 min. The samples were diluted in the same ratios as before and counted in
a Hawksley counting chamber. At least 100 cells were counted in each sample. Cells on
the line were counted as “in". A plot of the cell number against the dilution factor yielded a
straight line with a correlation coefficient of 0.94.
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Figure C-5. A plot of the counted cells vs. the dilution factor. Where the dilution factor is
defined as the fraction of the original sample in the volume analysed.

2.4 Glucose

The residual glucose concentration was measured colorimetrically following its
stoichiometric reaction to gluconate and H,O, in the presence of glucose oxidase. The
equilibrium of this reaction was maintained towards gluconate by constant removal of H,0O,
by reaction with di-ammonium 2,2-azino-bis(3-ethylbenzothiazoline-6-sulphonate) (ABTS)
to form a coloured complex:

glucose + O, + H,O glueeseoxidase gy conate + H,0 (C-1)
H,O, + ABTS %eroxidese coloured complex + H,0 (C-2)
The coloured complex was quantified spectrophotometrically at 610 nm and is directly

proportional to the glucose concentration. Cell samples were centrifuged and the
supernatant analysed using the Boehringer Mannheim kit, cataloque number 124 036. In
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the assay procedure, 0.06 m| of diluted sample was mixed in a test tube with 3 ml of
reagent solution and incubated at 25° C for 20 min. The absorbance was read at 610 nm
against the blank. The method error was less than 5%.

Residual glucose was measured colorimetrically based on the oxidation of glucose to
gluconic acid and H;O..

2.5 Amino Acids

L-Lysine, L-Threonine and the other amino acids were analysed using a reverse phase
HPLC column as described by Nakatani et al. (1972).

2.6 Morphology

Use the phase contrast light microscope at 1000 fold magnification. Methyl violet staining
can be used.

The image analysis of microbial systems has advanced rapidly over the last few yéars.
Microbial systems in which image analysis has been successfully applied include the study
of the morphology of single cell bacteria (James et al. 1995; Singh et al. 1990; Dickason,
1998).

The diluted cell samples were laced on slides covered with a thin layer of agar (2%) to
immobilise the cells (Huls et al. 1992). The presence of the agar on the slide ensures that
the cells all lie in one plane while at the same time keeping the cells hydrated.

Bacteria were viewed using an Olympus BX-40 microscope fitted with bright field, dark
field and phase contrast condensers. For the morphological studies all cells were viewed
at 1000x magnification under phase contrast. Images from the microscope were acquired
in colour using a Panasonic RGB digital camera and an IC-PCl-4x frame grabber. An Intel
Pentium-133 PC with 16 Mb Ram was used to process the images using “Optimas”
version 5.2.

The macro developed for the quantification of the morphology has been designed to
operate semi-automatically (Dickason 1998). Intervention is required to exclude objects
that have mistakenly been identified as whole cells or colonies.

The main processing steps are as follows (Dickason 1998):

1. Image capturing is performed by the operator who selects the image field and adjusts
the focus. A total of 10 images were taken per sample. This was sufficient to ensure
that the standard error in the cell length measurements was less than 5%. A semi-
automated image acquisition system was installed which allowed a new image to be
acquired every 6 seconds. A first audible tone indicated to the operator to move the
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stage and focus on a different area of the slide. A second tone indicated that image
acquisition would take place within four seconds.

2. The next step in the macro was to binarize the image which meant that the objects of
interest were assigned a grey level of 1 and the background grey level was set to 0.
Before this could be done a set of filters were applied to the image. Firstly a “median”
filter was applied which eliminated noise by replacing each pixel in the original image
with the median luminance value of the surrounding pixels in the image. Any small
debris in the image was thus erased whilst still preserving the edges. A “sharpen high”
filter was then applied. This filter applied a strong edge sharpening grey scale
convolution to the image. Edges were highlighted in such a way that the border of dark
objects appeared darker and the border of light objects was lighter. The threshold
values for binarization of the image were determined automatically such that the dark
objects formed the foreground of the image.

3. The purpose of the next stage in the macro was to enhance the binarized image. This
included steps to ensure that the cell membrane is closed. For colony identification,
binary “dilate”, “fill” and “erode” functions were performed. For identification of single
cell area a *fill” function was implemented.

4. To identify single cell areas, it was necessary to separate joined cells. For this the
“‘watershed separation” algorithm was applied to the distance transform on the binary
image. The distance transform is the distance between each white pixel in the image
and the nearest black pixel. The distance is defined as the chamfer 5-7-11 distance as
this is the closest approximation to the Euclidean distance possible while still using
integer grey value. The distance transform works by assigning each pixel with a
distance value of 5, 7, 11 or the nearest combination of these values. Once the
distance transform has been computed the watershed algorithm is applied. A pre-flood
of 8 was chosen for the watershed separation. This means that a value of 8 is added to
each identified minimum in the inverted distance transform. If this is higher than the
watershed separating that minimum from an adjacent watershed area, then that
watershed area is eliminated and combined with the adjacent area. The pre-fiood of 8
was found to prevent over-separation as a result of irregular cell boundaries. The
“ultimate erosion method” was not found to perform well on the binary images of C.
glutamicum cell needing separation. This was because the number of erosions was
globally set and different clumps required a different number of erosions to become
separated. Some cell clumps thus remained un-separated while others were over-
separated.

5. The final stage in the macro was to assign labels to objects and to extract data to an
MS Excel spreadsheet. Only those objects that satisfied the constraints of the object
label were marked. In that way any debris left in the image was ignored in the
morphology measurement. For colonies, the total tally and the colony areas were
evaluated. Area, total tally, length, breadth, circularity and the elliptical fit were
calculated for the single cells.
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.= Analytical Procedures

1 Malvern Particle Sizer

Particle size analysis by laser light diffraction of bacterial samples was carried out in a
Malvern 3600Ec particle sizer fitted with a 63 mm lens. The particle size distribution and
relative increase in the total particle count of samples were determined. The principle of
operation of the particle sizer was based on conventional Fourier optics. A beam of light
from a low power Helium-Neon laser was scattered by particles in its path. The scattered
light was incident on a Fourier transform lens which formed a diffraction pattern of the
scattered light on a detector. The scattering angle was related to the particle diameter.
Large particles had peak energies at low angles of scatter and vice versa.

Phosphate buffered saline (PBS) was used as background medium for particle size
analysis. The medium contained (per litre): 0.800 g NaCl, 0.200 g Kl, 2.254 g Na;HPO4
and 0.200 g KH,PO,. The saline was passed through a 0.22 pm filter.

Before measurements were taken, the laser beam was aligned by manipulation of the x
and y alignment screws. Samples were analysed using the magnetically stirred stationary

- cell. The particle size analyser was zeroed with PBS at ambient temperature. 5000
measuring sweeps were chosen to ensure significant results. Using a pipette, a few drops
of bacterial sample were added to the PBS in the agitated sample cell so that the _
concentration was between 0.2 and 0.3 vol %. The particle size distribution was measured.
Experiments showed that the morphology remained stable for 20 minutes after sampling.
Special care was therefore taken to analyse bacteria immediately after sampling.

Repeated analysis of samples showed that the method was reproducible.

2 Zeta Potential

Cells were diluted in 0.05 M phosphate and citrate-phosphate buffers made up to specific
pH's in the range 3 to 8.

For the preparation of the 0.05M phosphate buffer, 1.78 g Na,HPO4 and 1.38 NaH2PO4
were dissolved in 200 ml distilled water. The buffers in the pH range between 6 and 8
contained x ml Na,HPO, solution, (50-x) mi NaH,PO,4 and 50 ml distilled water (Table C.1)
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Table C.1 Preparation of phosphate buffers

pH X
6.0 6.15
6.5 156.75
7.0 30.50.
75 42.00
8.0 47.35

For the preparation of the citrate-phosphate buffer, 4.2 g of citrate and 3.56 g Na,HPO,
were each dissolved in 200 ml distilled water. The buffers contained x ml citric acid, (50-x)
ml Na,HPO,4 and 50 ml distilled water (Table C.2).

Table C.2 Preparation of citrate-phosphate buffers

pH X

3.0 39.80
4.0 30.70
5.0 24.30
6.0 17.90
7.0 6.50
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Metabolic pathways in Corynebacterium glutamicum

Vallino & Stephanopoulos (1993) constructed the metabolic network of C. glutamicum from
publications on glutamic acid bacteria. Most of the enzymes of the Embden-Meyerhof-
Parnas (EMP) pathway, the tricarboxylic acid cycle and the pentose phosphate pathway
have been detected in C. glutamicum or related strains.

The EMP pathway involves the conversion of glucose into pyruvate with the production of
ATP. The carboxylic acid cycle oxidised acetyl CoA to CO..

[n this appendix general cell metabolism is discussed with typical reactions depicted for
each of the characteristic pathways.

1. The glyéolytic pathway

The glycolytic pathway, also referred to as the Embden-Meyerhof-Parnas pathway is
responsible for the conversion of glucose into pyruvate with the production of ATP. The
pathway as a whole may be divided into two parts. In the initial six-carbon (C-6) stage,
glucose is phosphorylated twice and eventually converted to fructose 1,6-bisphosphate
(Fru6P). Other sugars are often fed into the pathway by conversion to glucose 6-
- phosphate or fructose 6-phosphate. This preliminary stage does not yield energy. These
initial steps prime the pump by adding phosphates to each end of the sugar. The
phosphates will be used to make ATP.

Glc + PEP - GIc6P + Pyr (E-1)
GIc6P - Fru6P (E-2)
The three-carbon stage of glycolysis begins when the enzyme, fructose 1,6-bisphosphate
aldolase catalyses the cleavages of fructose 1,6-bisphosphate (Fru6P) into two halves,

each with a phosphate group.
FrueP + ATP > GaP + DaP + ADP (E-3)

One of the products, glyceraldehyde 3-phosphate (GaP) is converted directly into pyruvate
(Pyr) in a five-step process. Because the other product dihydroxyacetone phosphate (DaP)
can be easily changed to glyceraldehyde 3-phosphate (GaP), both halves of fructose 1,6-
bisphosphate are used in the three-carbon stage.

DaP - GaP _ (E-4)
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Glyceraldehyde 3-phosphate (GaP) is first oxidised with NAD+ as the electron acceptor
and a phosphate is simultaneously incorporated to give a high-energy molecule called 1,3-
bisphosphoglycerate (G3P). The high-energy phosphate on carbon one is subsequently
donated to ADP to produce ATP. This synthesis of ATP is called substrate level
phosphorylation because ADP phosphorylation is coupled with the exergonic breakdown of
a high-energy substrate molecule.

GaP + NAD + ADP - G3P + ATP + NADH | (E-5)

A somewhat similar process generates a second ATP group by substrate level
phosphorylation. The phosphate group on 3-phosphoglycerate (G3P) shifts to carbon two
and 2-phosphoglycerate is dehydrated to form a second high-energy molecule
phosphoenolpyruvate (PEP). This molecule donates its phosphate to ADP forming a
second ATP and pyruvate (Pyr), the final product of the pathway.

G3P - PEP + H;0 (E-6)
PEP + ADP > Pyr + ATP (E-7)

In some instances pyruvate (Pyr) will react with NADH to form lactate (Lac) and NAD to
control the availability of pyruvate.

Pyr + NADH > Lac + NAD (E-8)

| 2. Pentose phosphate pathway

The enzymes of a second pathway, the pentose phosphate or hexose monophosphate
pathway have also been detected in C. glutamicum (Vallino & Stephanopoulos 1993).

The pentose phosphate pathway begins with the oxidation of glucose 6 phosphate (GIc6P)
to 6-phosphogluconate foliowed by the oxidation of 6-phosphogluconate to the pentose
ribulose 5-phosphate (RibusP) and CO,. NADPH is produced during these oxidations.

Glc6P + 2NADP - RibubP + 2 NADPH + CO, (E-9)

Ribulose 5-phosphate (RibuSP) is then converted to a mixture of three through seven-
carbon sugar phosphates. Two enzymes unique to this pathway play a central role in these
transformations: (1) transketolase catalyses the transfer of two carbon ketol groups and (2)
transaldolase transfers a three carbon group from sedoheptulose 7-phosphate to
glyceraldehyde 3-phosphate.

Ribu5P > Rib5P (E
Rib5P + XyI5P > Sed5P + GaP - (E
Sed5P + GaP - Fru6P +E4P (E-
Xyl5P + E4P > FrusP + GaP (E
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These intermediates are used in two ways. The fructose 6-phosphate (Fru6P) can be
changed back to glucose 6-phosphate (Glu6P) while glyceraldehyde 3-phosphate (GaP) is
converted to pyruvate (Pyr) by glycolytic enzymes. The glyceraldehyde 3-phosphate also
may be returned to the pentose phosphate pathway through glucose 6-phosphate
formation. This results in the complete degradation of glucose 6-phosphate to CO, and the
production of a great deal of NADPH.

3.  The tricarboxylic acid cycle (TCA)

Although some energy is obtained from the breakdown of glucose (Glc) to pyruvate (Pyr)
by the pathways previously described, much more energy is released when pyruvate (Pyr)
is degraded aerobically to CO;, in stage three of the catabolism. The multi-enzyme system
called the pyruvate dehydrogenase complex first oxidises pyruvate to. form CO; and acetyl
coenzyme A (AcCoA), an energy rich molecule composed of coenzyme A and acetic acid
joined by a high energy thiol ester bond. Acetyl CoA arises from the catabolism of many
carbohydrates, lipids and amino acids.

Pyr + CoA + NAD - AcCoA + CO, + NADH (E-14)

In the first reaction of the TCA cycle acetyl CoA is condensed with a four carbon
intermediate, oxaloacetate (OaA) to form citrate and to begin the six carbon stage. Citrate
(a tertiary alcohol) is rearranged to give iso-citrate (IsoCit), a more readily oxidised
secondary alcohol. Iso-citrate (IsoCit) is subsequently oxidised and then decarboxilated
twice to yield a-ketogluteraldehyde (AKG), then succinyl-CoA (SucCoA). At this point two
NADH's are formed and two carbons are lost from the cycle as CO;. Because two carbons
were added as acetyl CoA at the start, balance is maintained and no net carbon is lost.
The cycle now enters the four-carbon stage, during which two oxidation steps yield one
FADH, and one NADH per acetyl CoA. In addition GTP (a high-energy molecule
equivalent to ATP) is produced from succinyl CoA by substrate level phosphorylation.
Eventually oxaloacetate (OaA) is reformed and ready to join with another acetyl CoA.

OaA + AcCoA > IsoCit + CoA (E
IsiCit + NADP > AKG + NADPH + CO» (E
AKG + COA + NAD - SucCoA + NADH + CO» (E-
SucCoA + ADP - Suc + ATP + CoA (E
Suc + FAD > Mal + FADH (E
Mal + NAD - OaA + NADH (E

4.  Anaplerotic reactions

The TCA cycle intermediates are used to synthesise pyrimidines as well as a variety of
amino acids. There is a heavy demand upon the TCA cycle to supply carbon for
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biosynthesis and cycle intermediates could be depleted if nothing were done to maintain
their levels. Reactions that replace these cycle intermediates are called anaplerotic
reactions. Most organisms replace TCA cycle intermediates by CO; fixation. CO; is added
to an acceptor molecule; either pyruvate (Pyr) or phosphoenolpyruvate (PEP) to form the
TCA intermediate oxaloacetate (OaA). The enzyme mediation CO, fixation, pyruvate
carboxylase requires the cofactor biotin.

PEP + CO, > OaA | (E-21)

Another major group of anaplerotic reactions is called the glyoxylate cycle. In this cycle
isocitrate lyase and malate synthase catalyse the following reactions:

Isocit > Suc + Gly . (E-22)
Gly + AcCoA > Mal + CoA (E-23)

The glyoxylate cycle is a modified TCA cycle. The two decarboxylations of the latter
pathway are bypassed, making possible the conversion of acetyl CoA to oxaloacetate
(OaA) without the loss of acetyl CoA carbon as CO,. In this fashion acetate can contribute
carbon to the cycle.

Other anaplerotic pathways detected in gluctamic acid bacteria include
phosphoenolpyruvic acid carboxykinase (PPC), pyruvic carboxylase (PC) and malic
enzyme (Vallino & Stephanopoulos, 1993). Although some evidence exists that PEP
. carboxylase and PEP carboxytransphophorylase are present in B. ammoniagenes the
findings are not well supported, so these reactions are not considered in this study. (OAA —
Oxalacetic acid, PEPA - Phosphoenol pyruvic acid, PYRA - pyruvic acid)

PPC: PEPA+ CO,+ GTP > OAA + GTP (E-2
PC: PYR+ CO;+ATP -> OAA + ADP (E-2
PEP: PEP + CO,; > OAA (E-2
Malic: PyrA + CO; + NADPH > Mal + NADP (E-2
ICLY: Isocit = Suc + Gly (E-2

5. Electron transport and oxidative phosphorylation

Little ATP has been synthesised up to this point. Only the equivalent of four ATP
molecules are directly synthesised when one glucose molecule is oxidised to six CO;
molecules by way of glycolysis and the TCA cycle.

The electron transport chain is composed of a series of electron carriers that operate
together to transfer electrons from donors like NADH and FADH,, to acceptors such as O..
The electrons flow from carriers with more negative reduction potentials to those with more
positive potentials. The difference in reduction potential between NADH and the final
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electron acceptor (usually O;) is large and allows for the release of a large amount of
energy.

The process by which energy from electron transport is used to make ATP is called
oxidative phosphorylation. As many as three ATP, molecules may be synthesised from
ADP and phosphate when a pair of electrons passes through the electron transport chain.
This is the same thing as saying that the phosphorous to oxygen (P/O) ratio is equal to 3.
Because electrons from FADH; can only pass through two oxidative phosphorylation
points the maximum P/O ratio for FADH, is 2.

6. Catabolism of Carbohydrates and Intracellular reserve polymers

6.1. Carbohydrates

Other mono-saccharides such as fructose (Fru), mannose (Man) and galactose (Gal) can
also enter the glycolytic pathway. The first two are phosphoryated and easily enter the
glycolytic pathway. In contrast, galactose must be converted to uridine diphosphate
galactose (UDP-Gal) after initial phosphorylation, then changed into glucose 6-phosphate
in a three-step process.

Fru+ PEP - Fru6P + Pyr (E-29)
Man + PEP > Man6P + Pyr (E-30)
Man6P - Fru6P (E-31)
Gal + ATP - GalP + ADP (E-32)
GalP + UTP &> UDP-Gal + PP (E-33)
UDP-Gal > UDP-Glc (E-34)
UDP-Glc + PP > UTP + GlcP (E-35)
GlcP = Glc6P (E-36)

The common disaccharides are cleaved to mono-saccharides by at least two mechanisms.
Maltose, sucrose and lactose are hydrolysed to their constituent sugars. Many
disaccharides are split by phosphate attack on the glycosidic bond, a process called
phosphorolysis. Polysaccharides, like disaccharides are cleaved by both hydrolysis and
phosphorolysis.

6.2. Reserve polymers

Microorganisms often survive for long periods in the absence of exogeneous nutrients.
Under such circumstances they catabolise previously accumulated intracellular stores of
glycogen, starch, poly-B-hydroxybutyrate and trehalose. For example glucose 6-phosphate
(GIcBP) can be converted to trehalose (Trehal) to act as internal storage of the carbon
source.
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Glc6P + 0.5 ATP - 0.5 Trehal +0.5 ADP (E-37)

7. Protein and amino acid catabolism

Some bacteria use proteins .as a source of carbon and energy. They secrete protease
enzymes that hydrolyse proteins and polypeptides to amino acids. The latter are
transported into the cell and catabolised. ’

The first step in amino acid use is de-amination, the removal of the amino group from the
acid. This is often accomplished by trans-amination. The amino group is transferred from
an amino acid to a a-keto acid acceptor. The organic acid resulting from de-amination is
converted to pyruvate (Pyr), acetyl CoA (AcCoA) or a TCA cycle intermediate and oxidised
in the TCA cycle to release energy. It can also be used as a source of carbon for the
synthesis of cell constituents. Excess nitrogen from de-amination may be excreted as
ammonium ions, increasing medium alkalinity.

8. Assimilation of inorganic phosphorous

Phosphorous is found in nucleic acids, proteins, phospholipids, ATP and coenzymes like
NADP. The most common phosphorous sources are inorganic phosphate and organic
- phosphate esters. Inorganic phosphate is incorporated through the formation of ATP by
oxidative phosphorylation and substrate level phosphorylation.

9. Assimilation of inorganic nitrogen

Nitrogen is a major constituent of proteins, nucleic acids and coenzymes. Most organisms
incorporate either ammonia or nitrate as nitrogen source.

Ammonium nitrogen can be incorporated into brganic material directly because it is more
reduced than other forms of inorganic nitrogen. Some micro-organisms form the amino
acid alanine (Ala) in a reductive amination reaction catalysed by alanine dehydrogenase.

Pyr + NH," + NADH (NADPH) > Ala + NAD*(NADP") (E-38)
The major route for ammonia incorporation is the formation of glutamate (Glut) from «-
ketoglutarate (a TCA cycle intermediate). When the ammonia concentration is high,
glutamate dehydrogenase is employed.

AKG + NH," + NADH (NADPH) - GLUT + NAD*(NADP") (E-39)
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Once either alanine or glutamate has been synthesised, the newly formed a-amino group
can be transferred to other carbon skeletons by transamination reactions to form different
amino acids.

A second route of ammonia assimilation involves two enzymes acting in sequence,
glutamine synthetase and glutamate synthase. Ammonia is used to synthesise giutamine
(Glum) from glutamate (Glut), then the amide nitrogen of glutamine is transferred to a-
ketoglutarate (AKG) to generate new glutamate molecules.

Because glutamate acts as an amino donor in transaminase reactions, ammonia may be
used to synthesise all common amino acids when suitable transaminases are present.
Both ATP and a source of electrons such as NADPH are required. The two enzymes
acting in sequence operate very effectively at low ammonia concentrations, unlike the
glutamate dehydrogenase pathway which has a low affinity for ammonia.

10. Amino acid synthesis

Besides assimilation of inorganic nitrogen in the ammonia form, amino acid synthesis also
requires the construction of the proper carbon skeletons. These skeletons are derived from
acetyl CoA (AcCoA) and intermediates of the TCA cycle, glycolysis and the pentose
phosphate pathway. To maximise efficiency and economy, the precursors for amino acid
biosyntheis are provided by a few major amphibolic pathways. Sequences leading to
~individual amino acids branch off from these central routes. Alanine (Ala), aspartate (Asp)
and glutamate (Glut) are made by transamination directly from pyruvate (Pyr),
oxaloacetate (OaA) and o-ketoglutarate (AKG) respectively. Most biosynthetic pathways
are more complex. Common intermediates are used to synthesise families of related
amino acids. L-Lysine (Lys), L-Threonine (Thr), Isoleucine (lleu) and L-Methionine (Met)
are synthesised from oxaloacetate (OaA) by such a branching anabolic route.

The following sequence of reactions is hypothesised to account for L-Lysine (Lys),
Glutamine (Glut), L-Alanine (Ala) and Valine (Val) synthesis in C. glutamicum.

Glut + NH4 + ATP - Glum + ADP (E-40)
Pyr + Glut > Ala + AKG _ (E-41)
2 Pyr + NADPH + Glut 2 Val + CO, + H,O + NADP + AKG (E-42)
OaA + Glut > Aap + AKG (E-43)
Asp + Pyr + 2NADPH + SucCoA + Glut + ATP - Lys + SucC + AKG + O, +

2NADP + CoA + ADP (E-44)
11. Biomass generation

Biomass generation can be approached in two separate ways. The first and most
fundamental way includes the anabolism or generation of complex molecules within the
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cells. This includes metabolic 'reactionvs for amino acid polymerisation, nucleotide
synthesis, RNA synthesis, fatty acid synthesis and synthesis of glycogen and
polysaccharises. '

The second approach uses the precursors of the complex molecules and incorporates the
total anabolism into a singe reaction that yields biomass based on the chemical biomass
composition:

0.021 GIcBP + 0.007 FrusP + 0.09 Rib5P + 0.036 E4P + 0.013 GaP + 0.15 G3P + 0.052
PEP + 0.03 Pyr + 0.332 AcCoA + 0.08 Asp + 0.033 Lys + 0.416 Glut + 0.025 Glum + 0.054
Ala + 0.04 Val + 0.052 Thr + 0.015 Met + 0.043 Leu + 3.82 ATP + 0.476 NADPH + 0.312
NAD > BMS + 3.82 ADP + 0.364 AKG + 0.476 NADP + 0.312 NADH + 0.443 CO,

(E-45)

12. The Metabolic Pathway used in intracellular flux analysis

Vallino and Stephanopoulos (1993) constructed the following carbon flux distribution for
Corynebacterium glutamicum ATCC 21253.

The resulting network containing 34 reactions and 37 metabolites were found to be non-
singular.

PEP: glucose phosphotransferase system
GLUC + PEP - GLUC6P + PYR (E-46)

Storage compound: trehalose
GLC6P + 0.5ATP - 0.5TREHAL +0.5ADP (E-47)

EMP pathway

GLUC6P > FRUCGP (E-48)
FRUCGP + ATP - 2GAP + ADP (E-49)
GAP + ADP + NAD - NADH + G3P + ATP (E-50)
G3P - PEP + H20 (E-51)
PEP + ADP > ATP + PYR (E-52)
PYR + NADH - LAC + NAD (E-53)
Anapletrotic reaction: PEP carboxylase
PEP + CO, > OAA (E-54)

Tricarboxylic acid cycle
PYR + COA + NAD > ACCOA + CO; + NADH (E-55)
OAC + ACCOA - ISOCIT + COA (E-56)
ISOCIT + NADP > AKG + NADPH + CO; (E-57)
AKG + COA + NAD > SUCOA + NADH + CO; (E-58)
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SUCCOA + ADP - SUC + ATP + COA
SUC + FAD > MAL + FADH
MAL + NAD > OAC + NADH

Acetate production or consumption
ACCOA + ADP > AC + COA + ATP

Amino acid synthesis
NH4 + AKG + NADPH - GLUT + NADP
GLUT + NHs + ATP > GLUM + ADP
PYR + GLUT > ALA + AKG

(E-62)

(E-63)
(E-64)
(E-65)

2PYR + NADPH + GLUT > VAL + CO; + H,0 + NADP + AKG (E-66)

OAA + GLUT - ASP + AKG

(E-67)

ASP + PYR + 2NADPH + SUCCOA + GLUT + ATP - LYSI + SUCC + AKG

+ O, + 2NADP + COA + ADP
LYSI = LYSE

Oxidative phosphorylation
2 NADH + O, +4 ADP > 4 ATP + 2 NAD
2FADH + O, + 2 ADP > 2 ATP + 2 FAD

Penthose phosphate pathway
GLUCG6P + 2NADP > RIBUSP + CO; + 2NADPH
RIBU5P > RIB5P
RIBUSP > XYL5P
RIBSP + XYL5P > SEDSP + GAP
SED5P + GAP > FRUCG6P +E4P
XYL5P + E4P > FRUC6P + GAP

Biomass synthesis
0.021GLC6P + 0.007FRUGP + 0.09RIB5P + 0.036E4P + 0.013GAP +

(E-68)
(E-69)

(E-70)
(E-71)

mmmmmm
~NO OO WN
S— N N e S S

0.15G3P + 0.052PEP + 0.03PYR0.332ACCOA + 0.08ASP + 0.033LYS +

0.416GLUT + 0.025GLUM + 0.054ALA + 0.04VAL + 0.052THR +

0.015MET + 0.043LEU + 3.82ATP + 0.476NADPH + 0.312NAD > BMS +

3.82ADP + 0.364AKG + 0.476NADP + 0.312NADH + 0.443CO0O,
(E-78)

Excess ATP removal
ATP = ADP

Metabolic Pathways in Corynebacterium glutamicum

(E-79)
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Modelling of the biomass recycling syStem

The lysine fermentation model, developed for this study, is based on general volume and
mass balances coupled to expressions that define the excretion and uptake of cellular
metabolites as functions of the extracellular component concentrations. The mass and
volume balance is based on the system illustrated in Figure 6-1. '

Two approaches were followed to model the metabolic behaviour of the strain. In the first
approach, the cellular metabolism, i.e. specific growth rate, specific lysine productivity and
the specific oxygen utilisation rate were expressed as empirical relationships based on
experimental results.

In the second approach a bioreaction network was constructed which represented all the
intracellular reactions believed to be active during lysine production. The relative reaction
rates were then determined - experimentally from batch, fed-batch and continuous
experimental results. From these rates, a principle node analysis was done to determine
whether the fluxes through any node were fixed or if the flux through the node could be
related to any other metabolic parameter. By fixing or correlating the flux through a number
of nodes, the degrees of freedom were reduced to such an extent that the bioreaction
network could be used to model the metabolic behaviour of the cell as a function of the
extracellular component concentrations.

1.  Empirical Model of the Lysine Fermentation with Biomass
Recycling |

1.1. Volume and mass balances
dv

e Fowe + Frnr + Fas —Bleed —Perm!’ (F-1)
% = VX — X -Bleed \ (F-2)
dVThr  —uVX \

v ~ + Fop, -CTh‘r - Thr(Bleed + Perm') (F-3)

“Thr

dVGluc .

" = —Qgue - XV + Fgue - Coe — Gluc(Bleed + Perm') (F-4)
d\;l;ys = Qys.00s VX — Lys(Bleed + Perm’) (F-5)

Modelling of the biomass recycling system
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1.2. Carbohydrate feed rate

oue - XV
FGIuc = GIC (F'G)
Gluc
1.3. Auxotropic amino acid (Threonine) feed rate
G XV (F-7)
FThr =< :
CThr
1.4. Ammonium sulphate (AS) feed rate
: (81 )qus,obsVX + (82 )“obsvx (F-8)
FAS = .
Cas
1.5. Bleed rate
if V<V, then
Bleed =0
if V>V, then
Bleed = Fg,. +Fy, +Fas —Perm’ (F-9)
1.6. Permeate flow rate
Perm'=3.6x10° - Al J +- U =) (F-10)
(1 + kdeclinetperm)
kdecline = mOJ?sz Xm3 (F-1 1)

Modelling of the biomass recycling system
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J, = AP

VR,
JSS = A_P

LR,

- 2
Qpore = 1+(rp,sTDEV/TH")

X1 AP

R, =./k,
Vv

C

Perm . Perm ,
Atthe start of cleaning At the start of cleaning
‘Ji - A - ‘JO - A (1 - exp(_kcleantclean)

1.7. Modelling of the cellular metabolism

1.7.1. Modelling of the cellular growth

B Thr
H = Hrnax km, + Thr

1.7.2. The spec/ﬁc lysine productivity

) 2 ' Yoiuc
=lcp?+cp+c,) | —Se
Qiys ( s 2H 3) (ksp +quuc]

Modelling of the biomass recycling system
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(F-12)

(F-13)

(F-14)

(F-15)

(F-16)

(F-17)

(F-18)

(F-19)

(F-20)

(F-21)
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1.7.3. Specific oxygen utilisation rate

OUR = X-qo,
Jo, = (10.03p +1.96)

1.8. Aeration and agitation

OUR = K'1a-(LMOPP-DO- LMOPP, )

K'@ = amedia [(ReV)>NV]* Air?
Amedia = 4.1F x 10 [Lys] %% mmol/h/kPa

a=8.31x 10" [v]*%

B=4F7x 10" [v]*®

'1.9. Chilling Capacity

Qchiling = 1.25x10™* (OUR - V)
1.10. The effect of hiomass recycling on the fermentation performance
e
= Ko = Max(o; 0.031%—0.025)

Qe — Auye v = MaxX(0; o.ooefs(i—o.oo5)

Y, -Y, =max(0 1.7526—;(&—1.304)

—.0bs —.0
Thr Thr
e Vreac +e Vmem +e Vvalve
reac Q mem Q valve Q_
e = L L L
ave
Z Vreac . Vmem . Vvalve
QL QL QL

Modelling of the biomass recycling system
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(F-22)

(F-23)

(F-24)

(F-27)

(F-28)

(F-29)

(F-30)

(F-31)

(F-32)

(F-33)
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ereact = f(ReV) (F-34)
e, ... = f(v,AP) (F-35)
(F-36)

evalve = f(V, AP)

1.11. Analysis of the variables and the parameters in the model

A distinction is made between model parameters and model variables. Parameters refer to
values such as physical properties and empirically determined constants. The values are
fixed for each model and are not predicted by the model. The value of a parameter must
therefore be externally specified.

The variables in the model can be divided into controllable variables, that must be specific
externally for a solution of the model to exist and internal variables that are solved for by
using an equal number of linearly independent equations.

1.11.1.Variables
/
1.11.1.1.Controllable variables

All the controllable variables are listed in Table F-1 below.

Table F-1. List of the controllable variables in the empirical biomass recyciing system model

Symbol Unit Description
t h Time
toerm h Duration of the filtration process in the cell recycling
telean h Duration of the membrane cleaning process
JThr g/g/h Specific threonine feed rate
JGluc g/g/h Specific glucose feed rate
Rev s’ Bioreactor impeller speed
Air SLPM | Air flow rate to bioreactor
V m/s Cross flow velocity through membrane module
AP Pa Trans-membrane pressure drop

1.11.1.2.Internal variables

The internal variables that are determined from the linearly independent equations are
listed in Table F-2

: Modelling of the biomass recycling system
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Table F-2. List of the internal variables in the empirical biomass recycling system model

No Symbol Unit Description ]

1 \% litre Broth volume

2 Faiuc I/h Glucose feed rate

3 Frne I/h Threonine feed rate

4 Fas I/h AS feed rate

5 Bleed I/h Bleed rate

6 Perm’ I/h Permeate flow rate

7 - X g/l Biomass concentration in the bioreactor

8 Thr g/l Threonine concentration in the bioreactor

9 Gluc g/l Glucose concentration in the bioreactor

10 Lys g/l Lysine concentration in the bioreactor

11 Jo2 mmol/g/h | Specific oxygen uptake rate

12 Hobs h Observed specific growth rate

13 JLys.obs g/g/h Observed specific lysine productivity

14 . Y x/Thr.obs alg Observed yield of biomass on threonine

15 u ht Specific growth rate for unstressed conditions

16 diys g/g/h Specific lysine productivity for unstressed
conditions

17 Jss m/s Pseudo steady state flux

18 Jo m/s Clean membrane flux

19 Ji m/s Permeate flux after cleaning

20 R¢ m’ Total hydraulic resistance to permeate flow

21 Rp m’ Pore plugging resistance

22 Re m’ Cake resistance

23 Kgedline h' Flux decline constant

24 NPWAP - Ratio of clean membrane and fouled membrane
modified fluxes

25 Jpore nm Pore size distribution

26 OUR mmol/l/h | Oxygen uptake rate

27 K'a mmol/h/kPa | Volumeteric mass transfer coefficient

28 o - Variable in mass transfer equation

29 B - Variable in mass transfer equation

30 Amedia - Variable in mass transfer equation

31 Qchilling W Heat to be removed from bioreactor

32 Cave m?/s® Average energy dissipated in the bioreactor
system including the recycle loop

33 react m°/s’ Average energy dissipated in the bioreactor

34 €mem m’/s’ Average energy dissipated in the membrane unit

35 Eyave m?/s® | Average energy dissipated in the valve
controlling the trans-membrane pressure drop

36 DO % Percentage of the saturation dissolved oxygen

concentration

Modelling of the biomass recycling system
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The model parameters are divided into physical properties and empirical constants.

1.12.1.Physical properties

The physical properties are summarised in Table F-3.

Table F-3. List of the physical properties in the empirical biomass recycling system model

the DO probe is calibrated

Symbol Unit Description Value
Crhe g/l Threonine concentration in the threonine 0.73
feed stream
Coaluc g/l Glucose concentration in the glucose feed 600
stream
Cas g/l Ammonium sulphate concentration in the 400
AS feed stream
Vmax litre Maximum bioreactor volume 10
A m-* Membrane area 0.00952
R, m’ Intrinsic membrane resistance 9.20x10™
M um Mean membrane pore size 0.22
Fo.STDEV pm Standard deviations in the membrane pore 0.14
size
v Pas Permeate viscosity 5x 107
Limax h' Maximum specific growth rate 0.52
LMOPP KPa Log mean oxygen partial pressure 21.27
LMOPP, kPa Log mean oxygen partial pressure when 21.27

Modelling of the biomass recycling system
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1.12.2.Empirical constants

The empirical constants that was determined from experimental data are presented in
Table F-4

Table F-4. List of the empirical constants in the biomass recycling system model

Symbol Unit : Description Value
Y «/Thr g/g | Yield of biomass on threonine for 28
unstressed conditions
S1and S2 ~g/g | Stoichiometric constant in AS feed rate 0.1 and 0.01
Keiean h' | Membrane cleaning constant 0.30
km g/l Saturation constant for cell growth under 0.098
threonine limited conditions
citocs Constants in the specific lysine productivity
' equation
Ksp Saturation constant for the specific lysine
productivity under sugar limited conditions
Mo to m3 Empirical constants used to estimate Kgeciine
: as a function of J,, vand X
Kthick Thickness of fouling layer inside a
membrane pore
Kt Constant in cake resistance estimation
. p Constant in cake resistance estimation
Ne Fouling cake layer compressibility

2. Bioreaction network based model of the Lysine Fermentation with
Biomass Recycling

The major difference in the metabolic network model is in the modelling of the cellular
metabolism. Equation F-1 to F-7; F-8 to F-20, F-22, F-24 to F-30 and F-32 to F-36 remains
exactly the same as for the empirical model.

2.1. Modelling of the cellular metabolism

2.1.1. Modelling of the distribution of the central carbon flux

A-x(t) = r(t) (F-37)

where A is an 37 by 34 matrix of stoichiometric coefficients as specified in Appendix E, x is
a 34-dimensional flux vector and r is a 37-dimensional metabolite accumulation rate

Modelling of the biomass recycling system
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Eight external .metabo\‘\tes have been identified, glucose, biomass, ammonia,
bon dioxide and lysine.

vector. !
aline, car

frehalose, OXygen, \Y
Of the 37 metabolites, 29

knowns. Thus this set of

(34+37) unknowns and 37 equations.
ified externally.

be subtracted from the un

This system constitutes 71
iables that must be spec

have a zefo accumulation rate, and can
equations have five degrees of freedom or var
al specification of the specific

t of equations,

Once of these degrees of fre
glucose feed rate. The other

edom is taken up by the extern
four are taken up by the next s€

T kmy + Thr | (F-20)

GIP "™ SPEP (F-38)

OaA—""2— Asp
PEP —— OaA

= —0.77;,1 +0.90 (F-39)

Mal —%— OaA + PEP —2— OaA =

036
> (F-40)

Thus the bioreactor ne m '

» twork model recei i

‘as the specific gr eives as input the specific

calculates the spgegn’“iféhwgi g?g?ﬂuig"tﬁzo' Then by usiFr)wg eqt?alll;igaze(ff??i r?teFas el
Ik | iv e - o F- .

specific ammonium consumption e r'aS{eqws, the specmc oxygen uptake rate Qo an%jszhg

lhe ammonium sulphate feed rate is then given by

FAS — qNH-—lVX
—CAS (F-41)
2.2. The eff i i .
ect of biomass recycling on the fermentation performanc
e
Cellwall = —rxng,
) (F-42)
Asp——=Cellwall
B (F-43)

.eave
OaA "5 Agp =max(0; 2 * -0.031)

Modelling of the biomass recycling systém
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The controllable varigble
| S corres -
F-1 and listed in Table F2 pond to that of the empirical model discussed in Section

The internal variables for the bioreaction network model is summarised in Table F-5
. € -

Table F-5 Internal variable analysis of the bioreaction network based model

Internal Variables from the em irical '
edndan | pirical mode! (Excl quys which becomes (35
Variables in the bioreaction network (34 reactions and 37 component 71

accumulation rates) -
I : . . .
Duplicate variables in empirical model and bioreaction network (quys obs, o2, | 3

HObSy)
Controllable variable in bioreaction network (dguc)

Zero accumulation rates ;
Variables from impact of shear on BRN (rxnss and Cell wall accumulation

rate) .
75

| Total number of internal variables

|E: quations from bioreaction network ; 37 |

| Extrae uations from bi | 7]
Equations from empirical model ‘ o 3
Extra equations used in bioreaction network model: - 6

Total number of equations , :
ber of equations (795) which implies

i vari Is the num
mber of internal variables (75) equals t :
tThhaEi t?1tils model has a single solution for each set of controllable variables.

Modelling of the biomass recycling system
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y of all mx_um_,::mim_ fermentation work conducted in this mE&.\

summar
. — i Controllable variables
xperi
. i 0 | Cnap |
n
Designa™ Configuration Gluc, | Thfo e A_\u: Couc | dowe | ame | A | AP | v Power| Ty CF [ Time |
i mg/! \Emm_t| oy | fon | fgforh] | [glgih] T [em2] | [kPa] | [m/s] (W] mma [h-1 __Bm
230 - - ; - . - - -
Batch 1 Batch Jmooo 750 l.llm\\T\.\(L - - - - H 30 - mﬁw
Batch 3 Batch 20 230 5 - - LT - - 100 2 2 - 60
mu_: mmﬁOj 20 NwO 5 = _ i _ R 30 - 60
Fil2 Batch =5 — T 100 2 30 ] 50
Fild Batch wa 750 |5 | 001 | 100 - - - 180 . 30 . 60
Conl Continuous___— 700 750 | 5 | 005 | 20 - N - - - 30 - 200
ConZ Continuous 10 ey [ 5 | 005 | 40 - ; - . : wm : 200
3 Continuous 750 |5 | 005 | 100 - i X - - - 2
mw:» OO:::COCM “ww 750 \\um\lj 0.1 20 - - _ - E 30 - Mww
Cond Continuous 00 750 5 0.1 20 AR - - - ww - 200
5 Continuous 750 5 0.1 | 100 - - - - - -
Mwﬂq Continuous _A_ww 750 5 02 20 - - ; - . 30 - wmw
Cond Continuous ————300 20 [ 5 | 02 | 40 . . - - - 30 - 200
o0 Continuous 190 50 | 5 [ 02 L 100 : - - : - 30 - 200
Con10 Continuous 100 750 5 0.3 20 - . - - - 30 - 500
Conii Continuous 100 750 5 03 40 - N - - - 30 - 200
Coni2 Continuous 1700 750 5 03 | 100 - - N - ~ 30 - 200
Soma Continuous 198 780 | 5 1035 4 100 . : - - : 0 - | 200
Comta Continuous 50 530 5 | 01 | 100 %57 T 70 : 30 - 200
CRi Continuous 0 530 5 01 | 100 e mo 2 30 20 200
cr2 Continuous 0 230 5 | 01 | 100 952 | 2 I 30 20 200
CR3 Continuous 50 230 5 0.1 100 @m.m goo 2 30 20 200
Cra Continuous 50 230 5 0.1 | 100 5o Aoo 1 30 20 550
CR5 Continuous 20 230 5 0.1 100 mm.m Amo 3 30 20 500
CR6 Continuous 100 750 5 0.1 100 mm.w 0 5 30 20 . 200
cR7 Continuous 5 =50 5 jg 100 : 100 2 30 20 5
> Continuous 10 =50 5 1 04 100 — 95.2 150 2 30 20 00
MMM Continuous 100 95.2 | 200 2 30 20 wwm

e
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Appendix G
Controllable variables Tsart | CF | Time
mxumz.Smim_ v_ Power | T h1l | Il
, Desi Nation - am | A 2 [m/s] | W] mm M 30
00::.@:3:.0: Gluc, Thr, | v, D Co n\o _\ﬂn lafarh]_| [ema] ﬁm% ! 50 20 | ‘,mem.r
— i ma/l litre 1/h l 952 100 3 : mwo 20 | - 00
CR70 Continuous 100 750 S 2 Amm — wm.w 100 : Mm 2 woo
CR11 .Oo:::cocm 100 750 2 Ellgo/o llllllll _ = . : 30 20 200
CR12 Oo:::cocm J{Aooﬁf#o > 2.1 : 0.4 0 —— 30 20 200
FB1 Fed-baten 100 1.7 > 0.4 0 - = - 30 - 200
FB2 Fed-bateh S0 1.7 S 0.4 g - . - 30 20 200
FB3 Fed-baten 30 1.7 > 0.4 2 - - 30 2 __ 200 _
FB4 Fed_baton 10 1.7 S N 0.2 0 - - - 30 20 200
FB5 Fed-bateh 30 1.7 > 0.3 . : - - 30 - 299
FBo Fed-baten 30 1.7 2 04 - - - - 30 2 .
FB7 Fed-baton 30 17 > 0.4 e - - - 30 - 200
FBg Fed-batch 30 [ 17 > 0.4 £.005 - - - 20 20
FBg Wm.o_-omﬂo: 30 1.7 5 0.4 0.0 N - - 20 200
FB10 Wma:vmﬂor 30 1.7 S 0.4 0 0 2 %0 0
FB17 Fed-bateh 30 1.7 ° . oM 0 952 10 20 20
FB1p ﬁmQ,UmaJ Wwith 30 1.7 5 i 4 100 2 % 200
. biomass recycle : 0.4 0 190 30 20
FB13 Fed-batch wit, 30 1.7 5 : 86 | 100 2 200
g.owzmmm recycle 0.4 0 258. 30 20
FB14 ﬁma-cm:u: with 30 1.7 S 52 50 2 200
biomass rec cle 0.4 O | 9% o 30 20
FB1s Fedtbatch witr 30 1.7 5 52 | 100 2 200
biordass rec cle | 0.4 0 % 30 20 .
Fedbatch witr . 2
FB1s biomass rec cle 30 7 ° 0.4 0 952 s 30 20 e
wmQ-UmHJ With 5 | 2
FB17 biomass rec cle %0 q.w :/# 0 %2 | 20 30 20 2%
Fed-batch i 5 !
FB1s biomass recycle 30 7 [# 0 95.2 10 20 20
F1g Fed-batch wir 30 17 5 o5z | 1001 2 2 200
, biomasg fecycie 0.4 0 . 30 20 h
Foi Fed-batch wir 30 1.7 5 2 1 100 | 4
biomasg recycle 0.4 0 95.
FB2 Fed-batch wiip 30 1.7 5 .
biomasg recycle

S of formentaton experiman. .
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