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ABSTRALY

A general review of the literature pertaining to the
combustion of coal in an atmospheric fluidized bed of dinert
particles is presented. In particular, thes ghenomena of
fluidization and combustion have been investigated and the
status of research and development in various parts of the

world is considered.

A 300 mm diameter refractory lined open top atmospheric
fluidized bed combustor has been built to study the
combustion efficiencies and entreinment rates of the
fluidized-bed combustion process in shallow fluidized

beds, with static bed heights ranging from about 150 mm

to 233 mm. A low preszure drop tygse of distributor wes
ysed for all of the tests so as to test a2 system compatible
with most industrial requirements. As the combustor vessel
is refractory lined, cooling is provided by supplying air to
the rig well in excess of that required for stoichiomstric
combustion. As a result, no oxygen deficient regions occur
within the fluidized bed, ensuring complete combustion of
hoth the fixed carbon component of the'ccal to carbon

dioxide and the volatile component within the bed section.

Experimental results have been obtained from the combustion
of a coal with a high fines content of which there is at
present a supply which exceeds the demand. The caal has
been burned in amn inert bed comprising a closely graded
silica sand. It has been found possible to correlate the
combustion efficiencies in terms of the bed temperature,
superficial gas velocity and the static bed height within

the following ranges of these parameters:

Bed Temperature 700 to 1000°C
Gas Velocity 0,9 to 1,3 m/s
Static Bed Height 150 to 230 mm

By using a bed mate?ial substantially different from the

coal feed, it has been found possible to ssparxate the
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entrainment rate into two components, the first dues to
elutriation and the second as a result of splashing.
However only qualitative conclusions have been drawn from
the splashing phenomenon. The increased splashing rates
associated with the deeper beds may be attributed in part
1o the pnssible_transitian from a bubbling to a slugging

flow regime taking place in the fluidized bed.

A semi-quantitative model has been derived based on the

work of a few authors to describe the combustion and
entrainment phenomsna. Although the model prédicts trends
satisfacterily, much work is required to determine asttrition
rate constants and the nature of the resulting ash on com-
bustion of the coal particle as these paramsters are

artificially supplied as input to the computer model.
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CHAPTER 1

INTRODUCTION

The combustion of coal is a complicated précess, invciving
both heterogeneous and homogeneocus chemical reactions as well
as being dependent on such complex parameters as particle
shape, ash distribution within the particle, air distribution,
vaolatile content etc. The approach to explaining the
combustion phenomenon has been largely empirical concerned
mainly with improving the combustion ﬁffi&i@ﬁmyﬁ Traditional
methods of coal combustion have been developed to such an
extent that any further improvements in these processes will
only result in marginal if any increase in the efficiency of
combustion. These tradicienal coal burning techniques, in
particular when applied to the generation of steam, impose
limitations on the coal which can be fired. In particular,
plants have to be specifically designed for burning high ash
or low volatile coals resulting in a certain amount of
inflexibility especially should the fuel properties change

pver the 1ife of the installation.

Fluidized-bed combustion represents the only outstanding
development in coal combustion technology since the intro-
duction of pulverised fuel firing during the late 19280°'s.
Fluidized-bed combustion provides a simple method of burning
any fusl, solid, liguid or gas with reduced atmospheric
pollution. It further provides a means of burning high

ash coals, {it is possible to burn coal with an ash content
of over 85% in a fluidized-bed combusitor,} which have hitherto
not been considered as a sourxce af energy. A typical
fluidized-bed combustor could be used to burn a complete
range of copals, as well as liquid or gaseous fuels, as the
process is almost independent of the nature of the fuel.

The engrgy ‘crisis®, propagated by the dramatic innr&ése in
the price aof gil in the latter hglf of 1973, resulted in &
renewed interest in coal as a8 source of energy. Fluidizede
hed combustion represents a positive step forward towards

the successful burning of low grade coals, and the
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implemehtatinn of this technique will result in an increase
in the useful coal reserves of South Africa in particular,

as well as the rest of the world.

.l THE PRINCIPLE OF FLUIDIZEDBED COMBUSTION

Fluidized-bed combustion in its broadest sense consists of

the burning of 8 fusl in a bed of inert particles which are
fluidized by means of & gas transporting the oxidizing agent
required for the combustion process. Fluidization is not a
new technique, but has been used extensively in the chemical
industry, becoming "after 1940, one of the chemical engineers?
gnd extractive metallurgists® most important toels® {1). Since
then a vast quantity of information, both theoretical and
empirical, has been accunulated on the subject. The bhuzning
of & fuel within a fluidized bed of inext particles has
however only been investigated in depth over the last

fifteen years. In & fluidized-bed combustion process the

bed of inert particles is fluidized and the fuel introduced
into this bubbling mass of particles. In the case of coal
combustion, the bed of particles must be heated to a
temperature above the ignition temperature of the coal Tor

the process to be self propagating. The burning cosl
particles transfer the heat of combustion to the gas end
inext particles, which in turn transfer the heat to any heat
exchange surfaces immersed in the bed. The remainder of the
heat is removed from the system in the exhaust gases at the
bed temperature. The vigorous bubbling sction of the
fluidized bed ensures that the bed temperature remains uniform,
although the burning coal particles may be several degrees
higher than the tempersture of the bed. An important feature
of & fluidized bed combustor using coal as a fuel, is that
the proportion of cpal contained within the bed represents
only about a 0,5% to 2% of the total bed weight. This would
imply that the process is almost independent of the quality
of the coal feed, it is dependent only on the ash handling
facilities and the reguirement that the heating value of the
cogal is sufficient to heat the inert content and combustion

air to the bed temperature.
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1.1.1 Gas Fluidizatiaon

The process of gas fluidization can be described by consider-
ing a bed of particles resting on a perforated or porous plate
or any similar device which would serve as an air distributor.
At low flow rates, the air passes upwards through the bed
between the particles which behave as a fixed bed. As the
flow rate is increased, a point will be reached at which the
pressure drop across the bed becomes equal to the weight per
unit area of the bed and the bed is then at the point of be-
coming fluidized. The velocity, measured in terms of the
empty vessel and designated as the supexficial gas velocity,
at which this occurs is called the minimum fluidizing velocity.
If the flow rate is increased above this value, 'one of two
things will occur; either the bed will continue to expand so
that the average distance between the particles will become
greater, or the excess fluid will pass through the bed in the
form of bubbles giving rise essentially to a two phase system.
These two types of fluidization are referred to as heing
respectively "particulate" and "aggragative"™' (2, pg 26). In
general, aggragative fluidization is associated with most
gas-solid systems and particulate fluidization with most
liquid-solid systems. Harrison et al i3) have suggested

that the type of fluidization could be related to maximum
stable bubble size whicn can exist in the bed. They also
have found that this can be related to the mean diameter of
the particles. Kunii and Levenspiel (4, pg 80} attribute

the difference between particulate and aggragative fluidiza-
tion to the difference of densities of the two fluids. They
recommend the use of four dimensionless groups as given in

eguation (1) for establishing the mode of fluidization.

p—p
* - s
quf Egkbmf ( g )-dmf < 100 particulate
q t
_ (1)
P P Eb
Fr_ £ Rep,m £ ( '-h—g—)'—'ﬁd > 100  aggragative
P
g t

The work described in this thesis makes exclusive use aof
aggragative fluidized beds, and only this system is con-

sidered in the discussion below. As the gas flow is
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increased through the bed, the fluidization becomes steadily
more vigorous, taking on the appearance of & violently boiling
liquid. Further increases in the gas velocity may result in
a transition from this bubbling reqime, to a slug flow regime
which is also dependent on the geometrical configuration of
the system. A limiting condition will eventually be reached-
at which the gas velocity becomes equal to the free fall
velocity of the particles, or in other words the particle
terminal velocity. At this point the particles are carried
out of the vessel or entrained in the fluidizing gas. The
fluidizing vessel then behaves as pneumatic conveying tube,
The qualitative differences between the different fluidization
regimes have been illustrated by Zenz and Othmer (5, pg 231)

and is reproduced in Figure 1,

Aggregative
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Figure 1 : Qualitative Representation of the

Different Regimes of Fluidization
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1.1.2 The Combustion Phenomenaon

"When coal is heated to a sufficiently bhigh temperature it
begins to decompase producing tars and gases termed volatile
matter or just volatiles. The volatiles consist of a mixture
of combustible gases, carbon dioxide and water vapour. Apant
from the carbon dioxide and hydrogen the combustible gases

are mainly hydrocarbons, although there are small guantities
of phenolic and other compounds® (6, pg 155). The combustion
of coal thus comprises two reactions, & haomogeneous gas phase
combustion reaction, and the hesterogensous reaction that takes
place at the surface of the char that remains after the evolu-

tion of the voplatiles.

The rate at which the volatiles are evolved, or the rate at
which the coal particle decomposes depends on the time/
temperature history of its heating. Two classes of decom-
position reactions are distinguished {6, Ch 4}, =rapid
| decamiaﬁitian involving a particle heating rate of the oxder
of 10

one second, and slow decomposition in which the particle is

C/s or more with a decomposition period of less than

heated at & rate of 10 "U/min. Rapid decomposition rates :
can only be attained with very small coal particles, less
than 100 micron, as a finite time is regquired for a large
‘particle to be uniformly heated, as well as to allow for the
diffusion of the wvolatile matier away Ffrom the surfasce of the

remaining char particle.

Pitt {7) has studied the rate of evolution of volatile matter
from cual perticles by mixing coal with preheated sand in @
preheated reaction vessel. The sand and coal particles were
then fluidized with nitrogen and the rate of decomposition
measured. The minimum time scale of decomposition was limited
to 10 seconds whilst temperaturss of 300° to 650°C were used.
The results indicated that a major portion of the volatile
matter was evolved within the first 10 seconds even at the
lower temperatures. Skinner {8, pg 104) states that the
volatiles are evolved within the first two to three seconds
after the coal enters the fluidized bed. The vaolatiles would

be emitted in close proximity to the coal feed point, and should



the oxygen supply be limited in the region of this pmintg
poer combustion efficiency may result. Bishop et al (9]
have reporisd the existence of areas of unburnt hydrocarbons
close to the coal feed point situated to the side of an
1800 mm by 450 mm bed. Complete combustion of the vola-
tiles in the bed section was achieved by increasing the
static bed height ta 300 mm (750 mm expanded}. They (9]}
rgport further that at low bed temperatures, and with an
excess air level limited to 5%, the hydrocarbon concentra-
tions were found to be relatively high, at between 800 to
1008 ppm. At higher bed temperatures, the hydrocarbon
concentration was reduced to near zero with an increase in

the excess air to 17%.

Little work has been done in assessing the combustion of the
volatiles in a coal fired fluidized bed combustion chamber.
Although the time taken for the combustion of the wolatiles
would appear to be of the order of two seconds in camparisan
to a residence time of between 60 to 350 seconds for coal
particles between 0,2 and 2 mm in a fluidized bed {10}, work -
in this field may be of value particulaély in assessing
combustion mechanisms and combustor efficiencies. Basu st
al (11} point out that on evolution of the volatile matter,
swelling of the remaining char particle may take place

which would alter the suxface siructure. This may explain
differences in the combustion of different coals in
fluidized beds, and in particular differxences in the com-
bustion of the volatile component of the different coal

types.

After the liberation of the volatiles, the second step in

the combusticn process can be considered, i.e. the combustion
af the remaining char. An evaluation of the mechanism and
the burning rates of individual particles is of importance

in the prediction of the oxygen throughput, the bed carbon
loading and the cembustion efficiency of the fluidized bed
camhbustar. Field et al {6, Lh &) consider the oversll

reaction process to involve a number of steps in sequence,



viz, the transport of oxygen to the particle surface,
reaction at the surface and the transfer of the products
away from the surface. Basu et al {(11) consider two’
different mechanisms for the combustion of the carbon
particle with oxygen. In the first, designated as Model
l, oxygen comes in contact with the carbon surface to form
carbon monoxide and carbon dioxide. The excape of the
carbon monoxide into the surroundings is dependent on the
prevailing velocity and temperature conditions. If the
temperature is above the ignition temperature of carbon
monoxide (about 650°C) then this gas burns in a reaction
zone surrounding the carbon particle (11). The reactions

pertinent to Model 1 are 7llustrated in Figure 2.

FarbonSurface Reaction Zone
C +0y=CO, CO 0,0,
€ $0,~CO

1 A

/

\":;/;,/ =
\ ! '

)

—— Gas Partial Pressure ——sm-
/

—— Distarxe from Carbon Surface ~—— =

Figure 2 : Partial Pressure Profiles in the Gas Surrounding

a Particle Burning according toc Model 1,
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The sescond mechanism, Model 2, has also been proposed by a
number of authors who have shown (6, Ch 6) that if the

- reactions of carbon dioxide with carbon and of carbon -
monoxide with oxygen were fast enough then the. mechanism

of combustion would be completely different from the direct
oxidation of carbon. This model has been called the two
film theory and is diagramatically represented by Figure 3.
According to this model, carbon dioxide reacts with the
carbon surface to produce carbon monoxide, whiéﬁ in turn
diffuses outwards to meet oxygen diffusing inwazrds. Two
moles of carbon monoxide burn in a thin filw surrounding the
’ particle with a single mole of axygen to form two moles of
carbon dioxide. Half of the carbon dioxide diffuses back
towards the char parxticle whilst the remainderx diffuses into
the free stream. The reactions taking place in Model 2 are

illustrated by the partisl pressure profiles of Figure 4.

Basu et al (11} have attempted ito determine the actual
combustion mechanism under the temperature and velocity
conditions prevailing in Fluidized beds. They propose

that a change-over from Model 1 to Model 2 takes place,
though further experiments would be reguired to mark this
change-over in te.ms of tempersture and partic.e size.
Although they {11} indicate, in contrast to most other
authors, that Model 1 represents the type of reaction teking
place within fluidized beds, the basis of the theoretical
approach in this thesis will be modelled on Model 2 due to

the lack of any substantial supporting evidence for Model 1.

Avedesian and Davidson (10} have studied the mechanism of
combustion of batch charges of carbon in fluidized beds with
a view to establishing whether the combustion of the fixed
carban component of ceal is controlled by chemical kinetics,
mass transfer or a combimation of both. They applied the
combustion mechanism described by Model 2 to relate the
theoretical work with their expsrimentsl resulis. They
have further assumed the two phase theory of fluidization

{12} and consider the bubble phase to be campletely devoid
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Figure 3 : Diagramatic Representation of the Combustion
Mechaniam of Model 2, Field et o1 (6, pg 205)
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of particles, fombustion thus takes place in the parti-
culate phase of the fluidized bed, with each coal particle
completely surrounded by inert material. Avedesian and
Davidson {10} cite the findings of various authors who

have shown that the burning rate of pulverised particles,
i.e. having diametsrs less than 50 microns is controlled
by chemical kinetics, whilst the combustion of particles
greater than 100 microns is diffusion controlled. The
transition from kinetic to diffusion control takes place
over the particle size range from 50 micron to 100 micron.
They {10} established from both theory and experiment that
the combustion of coal in a fluidized bed of inert particles
could be assumed to be controlled by two diffusional resis—
tances, viz. the interphase transfer of oxygen from the
bubbles of air to the surrounding ash particles, and the

- diffusion of oxygen through the ash phase of sach burning

carbon particle.

Campbell and Davidson {(13) have extended the work of
Avedesian and Davidson {10} to zllow for a finite con-
centration of carbon dioxide in the paréiculate phase and
have applied the model to allow for the continuous feeding
af the coal. Basu et al (1ll) have further rev¥ined the
model by determining a varying voidage function in the
particulate phase which alters the Sherwood number. The
accuracy of this work is questioned by Pyle (14) whe further
considers that the rafinamantwtw allow for varying voidage
is unnecessary when much of the process is still not fully

understood.

It is evident that the combustion of coal is a complex
phenomenon. When applied to fluidized bed combustion
further unknowns are introduced, and in summary the

combustion process could best be described as follows:
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Once a coal particle has been introduced into a bubbling
fluidized-bed of inert particles at a temperature of the
order of saa“c, the volatile fraction will be liharatéd
within the first two or three seconds, to burn sither
completely or partially within the bed, dependent on ths
prevailing conditions. The remaining char particle bumns
within the particulate phase, at a rate determined by the’
rate of diffusion of oxygen from the bubble ta this
‘pariimulata phase, and by the rate of diffusion through
the ash phase of the burning carxbon particle. The carbon
particle steadily reduces in size through the combined
action of attrition and combustion until it is small enocugh
to bs entrasined irn the fluidizing gos as a result of |

splashing or elutriation.

1.2 THE BASIC FAHAMETERS AFFECTING THE COMBUSTION
PROCESS

For efficient combustion, the reactants - viz. the fuel and
the oxidizing agent -~ must be in contact with each othexr for
g sufficient length of time, at 3 sufficiently high
tempefature whilst a high degree of turbulence must be
maintained to ensure 8 rapid and effective transfer of the
products of combustion away from the source of the reaction
and a transfer of fresh reactants to a zone where the reaction
may be sustained. These criteria apply equally to the
fluidized bed combustion process. The main parameters
affecting this processs are described bslow to illustrste

the potentisl advantages as well as indicate possible dig~

advantages of the fluidized«bed bombustion process.

1.2.1 Mean Particle Dianmeter

The bed material will be made up of particles having a
range of diameters. It is therefore of value to define

a mean particle diameter. A large number of different
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means or averages may be defined (5, Ch 3), the signifi-~
cance of which are largely dependent upon the use to which
the material is being applied. Botterill (15, pg 68)
quotes a number of sources as finding the characteristic
dimensions most appropriate for use as the mean particle
diameter as being the volume to surface ratio of the
particle. For spherical particles, equation (2) should

be applied.
1 . | |

d =7 (2)
2 b :ﬂ%: ,

The above equation can be used for non-spherical particles
if the diameter of the sphere with the same specific sur-
face as the particles is used. A shape factor, or
particle sphericity, is defined by equation (3) to allow
the equations derived for spherical particles to be used

for particles of different shapes.

_ surface area of equtvalent volume sphere ‘ (3)
s surface area of the particle

The diameter, d_, of equation (2) is thus replaced by ¢s-qr
for the equation to apply to a different shaped particle.

1.2.2 Minimum Fluidizing Velocity

The determination of the minimum fluidizing velocity is of
the utmost importance in the design of fluidized beds as
it sets a lower limit for the fluid throughput and is a
basic variable of those mathematical models based on the
two phase theory of fluidization. The definition of the
minimum fluidizing velcocity may be simply stated as the
superficial gas velocity at which the bed of particles
becomes fluidized. In practice the point of fluidization
is not as clearly defiped as the preceding definition may
imply, and the definition is best described by considering

Figure 5. Point A represents the pressure draop through

—t
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the bed of particles when a gas is passed through the bed
for the first time. As the velocity is increased, the
pressure increases in accordance with a fixed-bed pressure
drop to velocity relationship. Because of the tendency

of the particles to interlock with ocne ancther, partial
bridging can occur, and pressure drops in excess of the
theoretical value will be obtained (3, Ch 3). The cuzrve
passes through a maximum pressure drop, exhibiting a small
characteristic "hump"‘as shown in Figure 5. On increasing
the velocity still further, the pressure drop across the
bed remains constant until the velocity attains a value
equal to the particle terminal Qelocity, Ut‘ At this
point, the fluidiz~nd-bed reactor vessel behaves as a
pneumatic conveying tube. On decreasing the velocity

from point E to B the pressure drop through the bed remains
constant once again. Point B represents. a deviation from
the ideal de-fluidizing curve which is shown by the dashed

lines. This deviation is a result of non-uniformity in

) —

log (A

u

mf Y

log uy ————=

Figure 5 : Fluidization Curve ta Illustrate soms

Deviations from ldeal Behaviour.
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~the bed structure resulting in fixed and fluidized regions
co-existing within the bhed. Although the hed may appear
to be well fluidized, part of the bed may be supporited by
the distributor resulting in the pressure drop being less
than expected. further decreases in velocity result in a
pressure drop charscteristic displaced to the right of the
original line. This is as a result of the particles
becoming re-arranged so that the resistance to flow is
minimized, and in general the voidage of the bed will have
increased to the value existing at the point of incipient
fluidization. Further increasing and decreasing of the
gas velocity will be represented by the line CFBE. The
minimum fluidizing velocity can therefore be obtained in
practice by determining the intersection of the constant
pressure line and the straight section of the line CF
obtained on slowly decreasing the velocity, The interw
section of these two lines is indicated by the point D in

Figure 3.

It is often useful to be able to célnulate the minimum
fluidizing velocity. Three different methods of approach-
ing this calculation can be distinguished. The first
involves the determination of the drag coefficient for a
single particle which is found to be related to the drag
force of the multiparticle system by the voidage fraction
raised to a power {16,17}. This power has been found by
Lewis =t al {18) to have & value of 4,85. Although Reh
(16} uses this form of correlation to determine different
fluidization conditions in gas-fluidized beds, Wen and Yu (1T7)
suggest that the eguastion they determined by this approach

may be applicable to particulaste fluidization.

A me%ﬁ recent paper (19} proposes that incipient fluidi-
zation conditions bé characterized by a generalizéd
fluidization and sedimentation correlation. The third
approach and most common method is based upon a fixed bed

nressure drop correlation where the pressure drop is set
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egual to the effective selid weight of the hed. The
voidage fraction at minimum fluidization conditions is
then used in this correlation. The bed pressure drop
under these conditions is in fact the constant valus for
the pressure as. indicated in Figure 5 and can be cbtained

from equation (4}.

Apmf= HMf.{g - Emf).{pg - gg)eg {4}

For small particles, where the flow can be assumed to be
Jaminar, a Kozeny-Uarman type relation is generally used
to relate Tixed bed pressure drops to veiacity. As the
Reynolds number increases from about 20 to 500, the flow
would be in the transitional flow regime, and Leva {20, Ch3)
recommends that pressure drop is proportional to velocity
raised to a power, the value of the exponent being depen-
dent on the Reynolds number and ranging from unity to two.
Hence for larger particles a more general squation such as
the Ergun pressure drop wyelation for fixed beds would
probably yield the best results {2, pg 35}. Equation (5}
represents this relatiaonship at minimum fluidizing
conditions from which the minimum fluidizing velocity can

be calculated after the Reynolds number has been evaluated.

z 150-{1 ~¢ fj 1,75

e R ?f.,«-:-;, - el . + .R. 2 5

Beks, o) way OO 2 3 Benp s -e3 Cnf (s)
s mf " Ys Tmf

The first term on the right hand side of equation {5) is
proportional to the losses as & resuli of viscous forces
whilst the second is proportional to the kinetic energy
losses. It is of interest to note that the Galileo number
Ga, is dependent only on temperature of the fTluid and the

particle diameter raised to the third power.

In most cases the voidage fraction at incipient fluidiza-

tion and the particle shape factor will not be known.
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Wen and Yu {17} have overcome this by correlating the dats
of numerous workers into an equation in which these two
parameters have besesn eliminated. This correlation is
represented by equation (6) and has a standard deviation

of 34% from the data used in its derivation.

+ 24,5-Re” ‘ (6}

Ga = 1680-He mf

mf
Broughton (21) rscommends the use of only the first term
on the right hand side of equation (6) for Reynolds numbers
less than 20 and further claims that for Reynolds numbers
less than 10, the minimum fluidizing velocity can be

predicted to withii 15% hy the following equatian.

- . ‘ (7}
Ga = 1440 R%@f '

.h“'hu.__

However, Avedesian and Davidson {(10) have used an
expression similar to equation (7), but with the constant
term having a value of 1650, to relate their findings at
elevated temperatures to a minimum fluidizing velocity to
an accepteble degree of accurscy. In this thesis, the
minimum fluidizing velocity at ambi=nt temperature has
been used to evaluate this limiting velocity at the higher
tempgra{urasw The method of correlation is discussed in

Saection 3.2.1.

l.2.3 Entrainment and Elutristion

Kunii and Levenspiel (4, Ch 10} make a distinction betwesn
entrainment and elutriation. They state that "In general,
entrainment refezs‘to the removal of solids from the bed by
fluidizing ges ..." and that "bElutriation refers to the
‘separation or removal of the Tines R From this it is
evident that the elutriastion rate approasches the entrain-
ment rate as the freeboard height becomes very large. Thus

elutriation refers only to the removal of those particles of
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size less than the particle size di, whose terminal velocity
is the sawe as the superficial gas velocity. Maxr;éérand
Highley {22) have found existing correlations of elutriation
rate constants to be inadequate particularly for the %in&at
particles and the coarser particles. Most of the correla-
tions predict that particles of diameter greater than the
particle of size di, are not slutristed whereas it has been
found (22} that even with freeboards of about 4 metres this
is inporrect. Merrick and Highley (22) conclude that the
existing empirical and semi-empirical correlations which have
generally been obtained from small slugging beds are not
applicable to their data. They derive a new form of
correlation based on dimensionless groups incorporating

the particle terminal velocity, the minimum Fluidizing gas
velocity, the fluidizing velocity, the gas mass flow rate

and the particle entrainment rate.

Although this approach does offer a solution to the entrain-
ment problem which allows for the explanation of the removal
of larger particles from the bed, the genexal application of
the method is doubtful. Gibbs (23}, in his development of
a combustion model, introduces a splashing zate constant to
account Tor the entrainment of those particles of & size
larger than woulao be elutriated. This second approach con-
siders entrainment as being made up of two mechanisms,
splashing and elutriation. The elutriation rate constant
can be obtained from a correlation such as that given by

Wer and Hashinger (24} whilst the splashing rate constant
could be obtained empirically. This latter constant would
clearly be dependent on the freeboard height and corrections
for this value would have to be made when comparing tests on

different rigs.

From the above, it is apparent that although the terminal
velocity of the paéticle plays an important part in deter-
mining the sntrainment rate, other factors have to be
cansidered to allow for the loss of material from the bed in

systems having a finite freeboard section.
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1.2.4 Syperficicl Gas Velocity

The fluidizing air may be regarded as the key reactant, for
it supplies the oxygen for combustion as well as being the
fluidizing medium, The superficial gas velcéity is defined
as that velocity which would exist in the empty resctor
vessel, The limiting fludidizing velocity ssts the absolute
lower limit, as below this value the bed would defluidize.

In practice, a valuz somewhat above the minimum fluidizing
velocity is specified to ensure that localized defluidization
of the bed does not take place. The upper limit is also
resiricted by the particle terminal velocity, above which

the fluidized bed reactor vessel would behave as a pneumatic
conveying tube. In the vluidized bed combustion of coal,
this upper limit is particularly importani, as the highex

the superficial gas velacity,-tﬁe larger the entrained
particles will be and hence the greater the unburnt carbon
loss from the system. Should the entrained carbon loss be
of such a value, collection of this carbon for xemintzaduatinﬁ
into the fluidized bed masy be necessary to improve the come |
bustion efficiency. MclLarxen and Williams (25) have demon-
strated that improvements in cowbustion efficiency could be
obtained in this way, although Bistop et al (9) reported

only & slight improvement in the combustion efficiency by
recyeling of fines. These latter workers advocate the use
of a carbon burn-up cell (26), in which the entrained carbon
is collected and burnt in a separete bed at & lower velocity

and higher temperature.

The two extreme limits for fluidized bed operation are shown
in Figure 6§ which illustrates the effect of mean particle
diameter. The lower line is that for the minimum fluidizing-
velocity as determined from esquation {6) whilst the uppexs
limit is given by the particle terminal velocity. This
latter cuxve is evaluated from Stokes'! law for low Heynolds
numbers, the Schiller and Naumann equation for intermediate
values and Newtonfs law for high values of the Reynolds

number (2, pg S1}.
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l.2.5% Thes ¥Hed Temperature

Further limitations are imposed on the fluidized-bed com-
bustion process by the bed tempszrature. The lower limit is
set by the coal ignition temperature, for below this value
combustion will not be sustained. The maximum bed temperature
is restricted by the initial ash deformation tempsrature as
this would lead to sintering and fusing of the bed material.
Bishop et al {9} have recommended that the hadrnp&xatiﬂg
temperature be maintained at least 100°C below the initial

ash deformation temperature, whilst in some instances a value
of 250°C to 300°C helow this temperature is suggested (27).

As expected, empirical coxrelations by Ehxlich iéﬁ} and Vogel
et al (29} indicate a strong influence of bed temperaturs on
the combustion efficiency, with the higher hed temperatures
yielding higher efficiencies of combustion. Carbon monoxide
formation will be clearly evident at temperstures below 750%C
when the combustion air is about 20% in excess of that re-
quired for stoichiometric combustion. Whilst at temperatures .
above BOD®C combustion would appear to be complete, i.e. with
regard to the formetion of carbon monoxide. Campbell and
Davidson {13) could rot detect the presence of carbon monocxide

in the off gases at bed tsmperatures shove §20°C.

l.2.6 The Particle Hesidence Time

The combustion efficiency for any coal burning process will

be greatly enhanced by increasing the time during which the.
coal particle remains in the combustion zone. Skinnex

{8, pg 91} reporting on the effect of bed height on combustion
efficiency guotes the findings of BLURA when operating with
bed heights ranging from 300 mm to 450 mm as indicating that
efficiency increasés with deeper beds. However, the work of
the CRE with bed heights ranging from 300 we to 700 mm showed
no significant variation of combustion efficiency with bed

height. Ehrlich {28) in a more recent study found combustion
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efficiency to be influenced by bed height such that an
improvement in efficiency resulted from increasing the bed
depth. It would appear therefore, that despsr beds will
result in improved combustion efficiencies. It is evident
that, as only a small percentage of combustibles are present
in the bed st any one time, the major loss of combustibles

is due to entrainment from the bed before combustion is
completed. Waters {30} has found that well over B0% of the
combustibles loss is as a result of carbon being entrained

in the off-gases. By increasing the residence time in the
bed, this loss cowld be reduced. Leeper beds imply an in-
creased bed weight which results in a decrease in the elutria-
tion velocity conscant {2, pg 642). This decrzase in
elutriation constant resulis in a decrease in the guantity

of material elutriated and thus an increase in the residence
time in the bed. However, entrainment camn be considered as
the sum of both slutriation and splashing, cf. Section 1.2.3,
and this latter phenomenon is expected to increase with
increasing bubble diameters resulting from bubble coalescence
as the bed depth is increased. Harrison et al (3} indicate :
that & maximum stable diameter exists which would imply that
the increased loss duz %r splashing would prohably zeach &
maximum for a particular bed depth. The loss of combustible
material as 2 result of splashing will be less than that lost
through elutriation as the amount of combustibles in the
splashed.pxaduct represents only a fraction of this product.
The resuliing entrainment rate, as a result of the combined
effect of decreased elutriation and increased splashing loss
as the bed height is increased would also increase when the
particle shrinkage rate is assumed to be the result of the

combustion phenomenon alone.

However, particle size reduction is also effected by
attrition, the atirition rate being directly prupﬂxtipnai
to the bed weight (22). Thus increasing the bed depth
would increase the production of fines by attrition and
hence result in a reduced residence time in the bed through

increased elutriation. Although some workers have found
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increased combustion efficiencies in deeper beds, this may
not always be the case when the combined action of elutria-
tion, splashing and attrition of the combustible mattér is

considered.

Another method of increasing the particle residence time is
by re-introducing the entrained materisl into the combustion
zone. Improvements in combustion efficiency have been
reported by recycling of fines {25) although Bishop et al
(11} report nnly marginal improvements in efficiency from
recycling. In order to obtain a significent improvement
in the combustion efficiency by employing these means, high
recycle rates would be necessary (28) in which the dust flow
exceaded the coal flow by a factor of five or mors. Wright
{31) reports that experiments conducted at BCURA indicated
that the compbustion of the recycled fines was not very
efficient and suggested that fresh coal may take up oxygen
preferentially because of its higher reactivity as a result

of the recycled fines being deficient in volatiles.

l;2g? The fuality of Fluidization '

Uniform fluidization is a necessary requirement for the
combustion of coal in a fluidized bed so that the heat
liberated can be efficiently transferred throughout the bed
thus eliminating locallized 'hot spots'. A quantitative
assessment of the guality of fluidization is not readily
available, and though a hed may appegar to be well fluidized,
- part of its weight may still be borne by the distributor.
Vrxeedenberg {32) defines the degree of fluidization as thau
ratio of the product of the gas mass velocity and kinematic
viscosity at the prevailing conditions, to this product at
conditions of incipient fluidization. Merrick and Highley

{22} introduced the velocity ratio:

(uf- ﬁf)ffu$f

to represent the vigorousness of bubbling within the bed.
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However neither of the above two criteris adequately define
the guality of fluidization. The major cause of poor
fluidization is due to poor distribution which may ragulﬁ in
channelling. Siegel (33} reports that the tendency ta
channel depends on stability considerations. The stability
depends on the combined pressure drop charscteristics of the
particle bed and the distributor. Should a channel form in
a fluidized bed, it will offer & low resistance path for the
flow of gas. As the velocity is increased, there will be a
tendency for the channel to become larger. In order to pre-
vent this tendency, "the decrease in pressure drop with flow
rate across the channel should be at least compensated by the
increase in pressuce drop across the section of distributor®
{2, pg 31}. This implies that the pressure drop scross the
distributor should be of the same order as that across the
bed. Siegel (33} has developed some relationships for
-determining the tendency towards channelling in terms of
dimensionless parameters characterising fluidized bed be=-
haviocur. Uging this approach, he found thst in order to .
maintain uniform fluidizstion with particles having a diamestex
of ¢,50 mm, the pressure drop scross the distributor should

be greates than ajprocimetely 25% of the pressure drep across
the bed.

From experimental results, Wright (34) reports that a distri-

butor pressure drop of 50 to 75 mm W.g. resulted in no

egvidence of maldistribution of the flow where the pressure
drop through a 600 mm deep bed was 450 mm W.g. Skinner

‘ {8, pg 63} reporiing on work done by CRE and BUURA up to

1969 indicates that though higher pressure drop distribuﬁcfs

had been used by CRE, workers at BCURA had achieved uniform

Fluidization with a distributor pressure drop of 125 mm ¥W.g.

with the respective bed pressure drop being 623 om W.g.

It is evident that though high pressure drop distributors will
invariably result in uniform fluidization, they are associated

with a higher fan power consumption. Therse is therefore, a
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strong economic incentive for the use of low pressure drop

distributor types.

1.3 THE ADVANTAGES AND LIMITATIONS OF FLUIDIZED-BED
COMBUST TON

The major potential application for the fluidized-bed com-
bustion of coal is in steam generation for imd&&txial use o
electricity generation. Both these industries rely on tried
and proven methods of steam reising which arxe both efficient .
and result in high plant availabilities, It is therefare
essential and prudent to consider the potential advantages

as well as the limitations of any new technique which may

replace either in part or as a whole, the existing methods.,

1.3.1 Advantages

a) Poor Buality Coals

Since the fluidized bed only contains a very small amount of
combustible matter withim it, typically from 0,5% to 2% of
the total bed weight, the process is insensitive to the amount
of ash contained in the fuel. Experiments conducted with
high ash fuels in both Australias (30) and India (35} have
indicated that it would be possible to burn coals with ash
contents as high as 85%. Thurlow (36} has pointed out that
the less reactive a fuel was, the harder it would be to burn,
even im a fiuidized bed at 800°C, and although anthracite had
been burned inm a fluidized bed, the combustion of coke breeze
may not be possible. However, fluidized-bed combustion

offars 8 potential means of burning this latier fusl.

b} Heat Transfer

The extremsly large area of contact bhetween the solids and

the gas permits the achisvement of high oversll rates of
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heat and mass transfer hetween the solid and gas. The
heat transferred to surfaces immersed within the fluidized
bed is far higher than to surfaces in conventianal systems
due to the high convective heat transfer cosfficient {15,
Ch 5). The improved heat transfer results in reduced
surface area requirements, this is of particulasr interest
when considering the large radiant combustion chamber
evident in all conventional pulverised coal fired steam
generators. The wuse of immersed heat exchange surfaces
can lead to substantial savings in the capital cost of the
plant concerned, Thurlow (37} has dramatically illustrated
the reduction in size of a conventional 660 MW_ pulvezized
fuel fired builer when compared firstly with an atmospheric
fluidized-bed boiler and the further size reduction when a

pressurized fluidized-bed boiler is considered.

) PFollution Control

By introducing an sbsorbent such as limestone or dolomite,
the sulphur dioxide formed during the combustion of the coal
can be captured. Thus high sulphur coals could be burned
without having to adopt sxpensive and as yet unrelizsble
exhaust gas scrubbers and yet remain within stringent
emission requirements. The fluidized-bed combustion pro-
cess provides a8 clean method of burning high sulphur cosls
and further eliminates the added expense of sulphur dioxide
extraction plants necessary to meet pollution standards in
the United 5States. in Britain, where the empﬁasis is on
the ground level concentration of the pollutant & "high ‘
stack policy® has been adopted to allow for the dispersing
of the pollutant. The advantages from a pollution consi-
deration in the United Kingdom may not, thersfore, be as

great as would be dhtained in the United S5tates.

The temperature in the fluidized-bed combustion zone is much
less than the tempersture prevalent in conventional systems.
Thus the formation of NO, will be suppressed resulting in

lower N0, emissions,
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d} Low Temperature Combustion

In oxder to prevent sintering or fusing of the ash partiéles
within the bed, the bed temperature is maintained well below
the ash fusion point. Thus slagging or fouling of heat
transfer surfaces is reduced or possibly eliminated. The
resulting ash which has been formed at the low temperatures
ig much softer and friable than the ash formed in cone--
ventional furnaces. Cooke and Rogers (38) have indicated
that the expected fireside corrosion would be less for
fluidized-bed boilers than for conventional plant, however,
increassed rates of corrosion were found in ssveral tests
(38} using a high chlerine coal when operating difficulties

such as loss of fluidization ccocurred.

e} Coal Preparation

In comparison with pulverised coal systems, the coal pre-
paration required for fluidized bed combustion is minimal
as the excessive power required for grinding the ceal is
eliminated. Hugever some crushing of the coal will be
required as a maximum coal particle size of approximately

& mm will have to be specified for a fluidized--bed combustoz.

f1 Elevated Pressure Operation

Pressurized combustion is being developed primarily for

powar generation. Operation at elevated pressure increases
the air supply rate at coanstant fluidizing veldcity and thﬁs:
allows the combustion rate to be increased in proportion to
the operating pressure. The hot high pressure combustion
gases can be expanded through & gas turbine which drives the
air compressor and an electrical generator. By employing
pressurized fluidiZed-bed combustion, steam can be

generated in the fluidized-bed combustion chamber, whilst

the high pressure gas is used to drive a gas turbine as

described above. By integrating the gas and steam cycles
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into a single combined cycle unit, the gas cycle can be used
to extract energy at a high temperature, whilst the steam
cycle rejects heat at a low temperature resulting in. .

substantial gains in overall plant efficiencies.

1.3.2 Limitations

a) fan Power Requirement

The pressure drop through bed and distributor is far in
excess of any pressures existing in conventional plant.
This increased pressure results in higher fan pawer
reguirements with a corresponding increase in the power
input to the Tan. In order to reduce this, work is being
carried out into the use of shallow fluidized beds (39,
40, 41).

b) Flexibility of the Svystem to Changes in l.oad

The gas velocity in the bed section is limited by the

minimum fiuidizing velecity and an upper velocity limit is
reached at which the entrained carbon loss becomes excessive.,
A further complication exists when useful heat transfer
surfaces are instelled within the bed. With these surfaces,
the rate of heat exchange and bed temperature become inter-
dependent. However, the fireside heat transfer coefficient
is almost independent of the superficial gas velocity. The
behaviour of the fluidized bed in response to changes in heat
~ipput and thus to changes in lpad are best illustrated by
considering a steam gensrating system, which would be the
most likely application of the technoloagy. "If the rating'is-
changed by altering the coal consumption rate without
significantly altering the fluidizetion characteristics of
the bed and the water-side conditions are nucleate boiling,
then the substantially constant bed-side heat transferxr
coefficient will be controlling and the value of the overall
heat transfer will remain constant. " This means that as the

rating is reduced, the bed heat release is reduced, whilst
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the heat extraction rate remains constant so that the bed
temperature will fall until some new equilibrium is estabe-
lished, Thus at some rating and bed temperature, fixed
by fuel reasctivity, the fire will be extinguished. - 1If,
however, the bed heat transfer surface is being used as a
steam superheater, then the steam side coefficient will be
_controlling and the heat transferred will fall with falling
rating, and although it will be proportional to some powex
less than unity of the rating, the result will be that a
wider turndown ratic could be used without extinguishing
the fire" {42).

The velocity and temperature limitations impose restrictions
anl%ha flexibility of the system resulting in it having a
far smaller turndown capability than conventicnal systems.
However various ingenious systems have been proposed and

are being developed to overcome this difficulty eg, by
recirculating of the bed material, changing the bed height
or defluidizing sgctiunﬁ af the bed {(43).

1.4 REVIEW OF THE DEVELOPMENT 0OF FLUIDIZED-BED
COMBUSTION

The Winkler gasification process developed in the esarly
1920%s represents the first application of fluidized-bed
combustion, By 1529 five Winkler gasifiers were operating
at Leuna, East Germany, producing power gas to fuel gas
engines driving ammonia synthesis compressors (44]), A
totel shaft power of 130 MW was developed. In the Winklex
process, fine coal particles are gasified in a fluidized
bed with steam and air to form hydrogen and carbon monoxide,
It is suggested {1} that the Winkler generator inspired the
development of the fluid cat-cracker which incorporated a

fluid bed combustor in the regenerator.
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In the United States, pionsering work into fluidized-bed
combustion was propagated by UOdell, whao filed a patent for
fluidized-bed cat cracking in 1529, This patent was
eventually granted in 1930, -aubsequent to these initial
processes, the development of fluidized-bed combustion has
passed thrmugh thres phases, and represents fluidized-bed
combustion in the generally accepted sense. The first
phase was initiated in the early 195{0%'s and is characterized
by processes in which the main aim was the use of fluidized-
bed combustion as a means of burning low grade coals without
incurring coal preparation costs associated with pulverised
fuel firing. A further characteristic of this initial
phase, was that no attempt was made to extract heat directly
from the bsd. This was followsd by investigations into the
extraction of heat from surfaces immersed within the bed.
The final stage of development has seen the use of the

fluidized bed as a means of reducing atmospheric pollution.

1.4.1 Fluidized-Hed Combustion without Direct Heat

Extraction

A number of these processes havé been described by Teaqgue and
Wright (42) who compared them with ratings and efficiencies
achieved by conventional pulverised fuel fired and chain
grate type systems. Four fluidized bed processes were
assessed. The first of these is the Stouff process which
was used to burn untrested coal fines in a refractory lined
cone {included angle of 307) with air being blown up through
the base in the bottom. Carry over was high whilst
agglomerates were removed through the bottom. In the

second system, the Ignifluid process, coal is fluidized and
burnt on a sloping chain grate. At the combustion tempsra-
tures used the ash agglomerates and falls onta the chain
grate which remowves it from the bed. This system is pr&sant—%
ly in use, and the current status of the process is described

in more detail below, The Yckoyama system is a cross
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between pulverised fuel firing and dilute-phase fluidized
combustion requiring both crushing and drying of the coal.
The fourth system considered was a pilot plent in Rumania
used for the combustion of lignites. The furnace section
is refractory lined with two inclined walls to produce a
reduced cross-section at the diﬁ%ribﬁtﬁr plate. Loal is
intreduced about 1,5 metres above the distributor. Teague
and Wright {42) report that all but the Stouff_process
achisved reasonable success, although only the Yokoyama
process achieved combustion efficiencies in the range of

true pulverised fuesl firing.

The Ignifleuid Boiler

The Ignifluid boiler, developed in France in the early
1950t's for the burning of low grade anthracite fines (45},
represents a fluidized-bed combustion system which has been
fully developed as a commercial process for raising of

3 000 - 50 000 kg/hr (B, pg 12} of steam in water tube
boilers. The bed is operated at a temperature high

enough to fuse the ash which falls onto a slméing chain
grate by means of which it is removed from the bed. Secon-
dary air is introduced above the bed to complete the com=
bustion process. The first Ignifluid-fired industrial
boiler was commissioned in the French Alps in 1955, having
an evaporation of 3 500 kg/h.- Boilers based an the
Ignifluid principle are currently in operation in france
and Morocco (46) whilst Teague and Wright (42) repoxrt the
installation of an Ignifluid combustion system in the three
boilers associated with the West field plant in Scotland.b
Cosar and Godel (47) report on the construction of a

100 000 kg/h  Ignifluid boilex unit with future projections
aimed at 400 000 kg/hr systems. Processes basically similar
to the Igrifiuid heve besn devised in Rumania, Czechoslovakia
and Belgium {8, pg 12).



-3

1.4.7 Early Processes with Direct Extraction of Hesat

A major incentive for the application of fluidized-bed
combustion is the high rate of heat transfer which can be
~achieved by immersing surfaces in a fluidized bed. In
conventional steam raising processes, sbout half of the
‘heat is transferred by radiation, the remainder being
transferred by a relatively poor convective process. The
large ares of contact between the solids and the ges results
in a rapid transfer of the heat of combustion to the inert
solid particles which then transfer heat to the immersed
surfaces. Healey and Stockwell (4B} guote heat fluxes of
the order of 300 kW/mz to boiling water tubes immersed
within a fluidized bed, This is compared with a radiant
heat flux of 500 kW/m° from a pulverised fuel flame at
2400%, but as this latter flux is only received by part

of the tubs facing the flame the effective level is less
than 200 kamz. The heat fluxes in the convective passes
of conventional stesm generating plant are of the crxder of
40 kwfmz whilst figures of 120 kW/mZ are guoted for tubes
immersed in a fluidized bed {48). These figures illustrate
the potential advantages which cen be obtained by immersing

heating surface anto the fluidized bed.

Processes which utilized the direct sxiraction of heat from
fluidized combustion systems were only patented during the
1950's, of which it would appesr that only twn (8, pg 13}
resylted in the establishment of plants,

Skinner (8, pg 13} reports that s process patented by
Standard 0il in 1952 was the esarliest instance where the
extraction of heat from a fTluidized bed was proposed for

the raising of steam. The patent described a fluidized
process "for controlling the temperature of exothermic
reactions such as the gasification of carbonaceous solids®
notably coal. A second process, patented in 1954 in Germany
by the Badische Analin-und-Soda Fabrik AG, similar to the

processes evolved in the United Kingdom in the 1960°'s,
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described & process in which finely divided coal of high

ash content was burned in a fluidized bed of non-
combustible particles preferably ash derxived from the fuel
itself. Heat was withdrawn from the bed by means of heat
absorbing members within or surrounding it. Anothex
process, developed by Lurgi, for the vtilisstion of low-
grade fTuels had a number of cooling tubes located in the

bed to prevent sgglomeration when richer fuels wers burnt,
as well as allowing for the production of a carbon-free ash
suitable for cement manufacture. This system was installed
in three West German power stations which were however closed
down towards the end of the 19530'%s when the incentive to use

low-grade fuszls wes greztly reduced

Combustion Engineering filed a number of patents in the mid-
1980%s relating to fluidized-bed combustion in steam
generation. Besides extracting heat from the bed, the
processes patented incorporated the use of an inert bed

made up of a highly active oxidizing castalyst ta enable
combustion to be carried out at wider temperature ranges.
Skinner (8, pg 18} finally reports on & number of elaborate
schemes patented by the Union Carbide Corp. which made use
of the generation of steam in a steam coil which was subse=-
guently mixed with the resulting off geses from the fluidized-
bed combustor and finally used for driving gas turbines for

electricity generation.

1.4.3 Investigations lLeading up to Current Developments

Ince it hzd been established that combustion could be
maintained satisfactorily in a bed where the carbon con-
centration was very low, thus ensuring a minimal formation
of carbon monoxide, ressarch was conducted into the means
of reducing the entrained carbon less, and by so doing
improve the combustion efficiency. Fioneering work into
the reduction of atmospheric pollutants was conducted in

the United Kingdom towards the end of the 1960's followed
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by extensive research programmes in the United States in the
mid-seventies. Work in the United States has been initiated
as a result of stringent pollution requirements combined with
the abundance of high sulphur coals. A substantial effort
is also being utilized in the United States towards the
development of pressurised fluidized-bed combustion for
application in the power generation field. The major
contributions in the field of fluidized-bed combustion until
the end of 1975 have been made in the United Kingdom. The

- renewed interest into fluidized-bed combustion in thes United
States will probably lead to this country tasking the lead in
the technology towards the end of the 1970°'s.

Work into fluidized-bed combustion is baing.cmnductad in
various onther parts of the world. However the scale of

this research is small when compared to that in either the
United Kingdom ox the United Gtates. It iz clear, that any
major developments or break-throughs are likely to come from
these two countries, The developments over the last fifteen
to twenty years and the probable course of the technology

are discussed below.

1.4,3.1 The United Kingdom

The initisl work in the U.K. was undertaken in thes late
fifties and early sixties by the CEGB and BLURA. The
objzetives were to study new methods of using coal in power
raising. Preliminary tests were carried out at the CEGB's
Marchwood Engineering Laboratories. The first tests
demonstrated that coal could be burnt successfully in a
fluidized bed aperating below the ash fusion temperature.
In 1964, the development of fluidized-bed combustion was
taken over by the RCB and BCURA because of the (EGB's
involvement in development programmes for pulverised fuel
firiﬁg; and nuclear powser at the time (49). By 1969
several small experimental rigs were in operation at the

NCB's coal research establishment.
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It was recognised that although prospscts were not favourasble
for the exploitation of fluidized-bed combustion in the U.K.
vpportunities existed in ather countries. In 1971, the
exploitation of the NCB's expertise in fluidized-bed com=-
bustion became the responsibility of the Naetional Research
and Development Corporation (4%}, In 1972 a joint company,
Combustion Systems Ltd. was formed by the NCEB, NRDC and
British Petroleum to develop and commercialize- the work of
its parent companies in the field of fluidized-bed cambustion
and to continue with the commercisl development of the wide

range of processes that the technology makes possible (43},

Boiler manufacturers have become involved both independently
and in collsboration with the NCB in the development of A
commercial applications of fluidized-bed combustion. A
nurher of universities have become actively engaged in this
new technolugy, perticularly in the study of the fundamental
concepts to obtain a better insight into the fluidization,

heat transfer and combustion phanomena.

@) The Cpal Research Establishment

Up to the buginning of 1Y6%, reseaichers at the Loal Researxch
Estashlishment of the NCB accumulated information from com-
bustion experiments on two small rigs. The first was made
up of a 150 mm diameter stainless steel vessel with a cooling
coil immersed in the bed sectimm for the removal of the heat
liberated within the bed. The main series of experiments
were devoted to the study of combustion efficiencies.
Investigations were also made into an assessment into the -
reaction taking place above the bed, the control of bed
tempegrature, start-up procedures 8s well as a series of

tests into sulphur and chlorine retention in the bed. The
second rig comprises a combustor body made up of a stain-

less steel plate having a crosg-section 300 mm square., The

combustor is completely lagged with the heat béing removed

by immersed cooling coils. The off gases pass through a
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cyclone before being exhausted to atmosphere.

Although a number of other rigs have been built at the CRE,
current research into fluidized-bed combustion still makes

. use of these original two combustors. Preliminary investi-
gations are performed in the 300 mm 3qgare rig (50, %1) in
order to assess from short and fairly simple tests, the

form that the ash of a particular feedstock will yield as
well as to determine the qualitative characteristics of
combustion and to yield information on probable feeding
problems, The 150 mm diameter rig is very highly instruy-
mented to enable full heat and wmass balances to be carried
out and is therefore used extensively in the evaluation of
carry-over rates, on the effect of grit refiring and of the
addition of limestons for the suppression of sulphur aioxide
emission. This 150 mm diameter rig is the standard unit

with which & fuel is assessed {50},

In 1971 an application for fluidized combustion in the
incineration of colliery waste slurries was recognized (52},
and a development programme was started; the object being to
produce a dry product for disposal instead of the slurry.
Tests were first carried out in the 300 mm square rig
mentioned above (53). Having established the technical
feasibility of treating colliery thickened tailings, using
the fluidized combustion technique, a 900 mm sguare rig
which had originally been commissioned in 1969 to carry out
development into the fluidized-bed combustion of cosl, was
converted to examine any scale-up problems. The successful
operation of this rig led to the construction of & 1500 mm
diameter demonstration pilot plant. The 900 wm square rig
was dismantled to =2llow the same ancillaries, control
equipment and instrumentation to be used for the 1500 mm
diameter rig which was commissioned in February 1976. A
replica of this plant has been built at Carnarvon for the

burning of sewerage (54]).
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In 1973 a new programme was sponsored by the NCB's marketing
department to develop fluidized combustion for industrial
boilers and furnsces (52}. In order io overcome the diffi-
culties of operating with a limited freeboard height and the
resulting high entrainment rate, a new approach was developed
in which uncrushed coal sized between 25 mm and 50 mm was
burnt by "floating®™ these particles in a shallow fluidized
bed of dense particles such as alumina {(39). Initial tests
proved that coal could be burnt in 150 mm deep beds at come
bustion efficiencies of about 96 to 97 percent. In aorder
to demonstrate the concept on a larger scale, Tluidized bed
burners have been operated in a 600 kW hot water boiler and

a 1,2 M¥ heorizont:)l shell type stean raising briler,

An additional application for the shallow fluidized-bed
combustion of large coal is in the production of hot gas.
Following the devslopment work using & 2 MW furnace during
1974, the first comhercially operating unit of 5 MW is now

in operation {52}).

Work into corrosion and srosion in fluidized beds is carried
out in a 300 mm square rig. Initially this rig was used to
study fouling on boilexr .ubes immersed within a fluidized
bed, however this rig has recently been modified {(52) to
study corrosion and ercsion of turbine blade materials in
the gases from a Tluidized-bed combustor. This latter work
is being done undex contract to the EPRI. A small 150 mm
diameter open top type rig has recently been commissioned
{54) far the testing of different types of limestones in

order to assess their ability to absorb sulphur dioxide.

b) The British Coal Utilization Research Association

In the mid-sixties, BCURA constructed and operated two
experimental fluidized-bed combustion rigs with a view to
obtaining design and operating data for a prototype fluidized-
bed industrial beoiler (8, pg 2B}. The first of these rigs
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was an open top design with a water jacketed combustor
vessel, The objective of this rig was to provide data for
a larger closed unit. This original open top deaign\uag
made up of a conical combustor vessel, the diameter at the
distributor being 300 mm with an exit diameter of 400 mm.
The included angle of the cons was about 147, Because of
its size the results from this rig were limited, covering
only & narrow range of fluidization conditiocns. Ho;awax

" data from this rig were used in the design of a closed pilot
scale combustor having an internal diameter of &85 mm. The
main functions of this rig were to estsblish opsrational
conditions, to obtain information on heat release rates

and heat transfer and further to study combustion efficiency
with and without fines recycle and obtasin information on

turn-down ratios.

By 1968 it was considered thet sufficient data had been
obtained and the design of a 3 500 kg/h fluidized-bed shell
boiler commenced. It is reported {43} that this boiler has
been operating on an experimental and routine basis since
about 1970. Hoy (55) reports that the boiler was converted
to firing oil in a fluidized bed quite early in its history
as there was less support at that time for coal firing. it
is presently being used as a service beiler for the BCURA

establishment.

The mejor contribution of BCURA to fiuidized-bed combustion
lies in their pioneering work into pressurized fluidized
combustion. Indeed the only research of any significance
into this aspect of fluidized-bed combustion has bezen cone
ducted at BCURA, whilst the rig represents the largest
operating pressurized fluidized-bed combustor in the world
at present {early 1877}. The combustor has an output of

2 MW and can be operated at pressures up to 6 bar.

The latest development in pressurized fluidizedebed techno-
lagy in Britain is the placing of contracts in February 1577

by the International Energy Agency for the construction of a
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research facility to permit fundemental ressarch into
pressurized fluidized-bed combustion at Grimethorpe, |
Yorkshire {56)}. The plant has been sized to take an

1800 mm square bed for operation at pressures up to 25
atmospheres allowing thermal inputs ranging from 3,5 MW

to 80 MW, The staff at BCURA have been acting as technical

consultants for the projsct.

c} The Commitment of Private Enterprise

"Despite the commercisl potential, precticslly no asctive
encouragement has been given to British caompanies in
development work. The NCB, through the various research
0rganizétimna which it controls, has a virtual mnnnpély on
the development of the system in Britain® (56). However,
Energy Equipment have converted a 4 500 kg/h shell boilex
for firing with o0il or coal in a fluidized bed {57, 58).
An essential feature of the system is a complete sbsence of
copling tubes within the bed itself, Combustion is only
partially completed within the bed, with carbon monoxide
and volatiles being burned in the remaining flue aof the

furnsce.

In & joint venture fundeé by Lombustion Systems Lid. and
Babeock and Wilcox, and using CHL technology the Babcock
and Wilcox works boiler at Renfrew has been converted to

an atmospheric fluidized-bed combustion unit by replacing
the chain grate with a fluidized bed. This converted
boiler went into operation in June 1975 with the fluidizing
velocity limited to 1,2 m/s with an evaporstion rate of
about 10 000 kg/h {(43). McKenzie (59) reports that full
boiler rating of about 20 000 kg/h has been attained with

a heat input of 17,6 MW. initial trials have indicated

that fluidized-bed combustion is a viable system

1.4.3.2. The United States

Whereas research in Britain into fluidized-bed combustion
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was hegﬁn for its potential as & coal burning technique,
work in the United States has been conducted primarily as

a means of reducing ailr pollutants. The Enexrgy Research
and Developrment Administration {ERDA} heads t%a efforts in
the United S5tates, with the Environmental Pollution Agency
(EPA} playing a supporting role in assessing the environ-
mental impact of fluidized-bed combustion {60). The
Electric Power Research Institute, a non~profit organization,
is backing investigations for its member utility firms who
supply the funding to the Institute so that sufficient funds
are available to snable work and development on a large

" enough scale to be meaningful for wtility applications.

Work imto fluidized-bed combustion was originally conducted
by the United States Buresau of Mines at both their Morgantown
and Pittsburg Research Centres (8, pg 42). The Morgantown
rig consisted of a 600 mm diameter refractory lined combustor
which was used for the assessment of heat transfer coefficients,
establishing optimum conditions of operation and finally for
deterﬁining the effectiveness of limestone injection for the
control of sulphur dioxide ewission. The Pittsburgh Station
Rig comprissd » 450 mm diameter waterjacketed combustion
chamber. It was used for the study of heat transfer co-
efficients, heat release rates and the effect of increasing

feetd rate on bed temperature.

In 1965 a contract was awarded to Pope, Evans and Hobbins by
the Uffice of Cosl Ressarch to undertske ressarch and develop-
ment into the application of fluidized-bed combustion for |
steam raising. This work led to the development of a "
modular unit having a steam capacity of about 3 000 kg/h.

This modulsr approach was incorporated into a design for a

135 000 kg/h beilex required for a 30 MW, demonstration unit .
at Rivesville, West Virginia (61). Iammartino (60) reports
that = substantisal proportion of the capital for this unit

was being supplied by ERDA, whilst the boiler was constructed

by Foster Wheeler Corporation. Commissioning of the unit
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was scheduled for August 1976 (61} with continuous opera-
tion to follow after a few months. This unit will rank as
the largest by far of the world's growing list of tesy
installations. This 30 MW, unit incorporates features which
will provide information for scale up to a larger 200 MW,
demonstration unit. In March 1977, the Tennessee Valley
Authority snnounced that studies had begun for the pre-
liminary design and support studies for a 200 MW, demonstra-
tion generating plant that will burn coal by atmospheric
fluidized-bed combustion (62). The plant is scheduled to
be on line by 1984 and by adopting the fluidized-bed
. combustion process, TVA will be able to utilize their high
sulphur coals and remain within environmental pollution

standards.

Jonke ef al {63a) have reported on the experimental

programme at the Argonne Netional Laboratory. Work on a

150 mm diameter pressurized Tluidized-bed combustor and its
associated 75 wmm diameter regeperator, for the regensration

of limestone or dolomite, is funded by the EFA. The major \
portion of this work is concerned with the application of
fluidized combustion as s means of limiting atmospheric

paollutants.

The current stetus of fluidized-bed combustion in the United
States is aptly described by Iammartino {(60}. He reports
that Exxon Research and Engineering in Linden are studying
the combustion of coal in a 300 mm dismeter pressurized
combustor of 0,67 MW capacity. Under an EPA contract,
Westinghouse Electric and Foster and Wheeler have completed
a preliminary design for a 600 MW, power plant. Further,
ERDA has awarded a contract te Curtiss Wright Corp. for a

4 500 kg/h of taal'eleva%ﬂd pressure unit for operation by
1980, and is also planning two 100 MW, systems. The first will—h
an atmospheric pressure unit to be installed at Morgantown,
and the second a high pressure unit to be installed at

Argonne National Lasboratory.
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1.4.3.3 Hessarch in nther Major Centres

Besides Britain and the United States, a number of otherx
nations are becoming actively engaged in research and
development into fluidized-bed combustion, in particular
those countries with large indigenous fossil fuel reserwves.
The work being conducted in these countries is briefly

described below:

a) West Germany

The ocriginal development of fluidized bed combustion took
place in Germany during the twenties with the development

of the Winkler gasifica®ion process. It was Jnly in ths
fifties, however,; that development of the fluidized-bed
combustion process took place along the more familiar lines
apparent today, with patents Tor the extraction of heat fzom
fluidized beds of fuel and inert material for the gensration
of steam. This work was conducted by the Badische Analin
und Soda Fabrik AG. More recently, Iammartino (60} has
reported that West Germany's coal mining and energy company, t
Sasrbergwsrke announced & co-operation with the NCB, covering
amongst otkers, “luidized-bed combustion.  Reh (63b) reports
on the planning of a pressurized fluidized-bed combustor and
associated gas turbine by the Hergbau-Forschung GmbH, with

funding from the West German government.

However the major portion of work in Lermany has been in the
field of spscial types of equipment incorporating fluidized-
bed combustion. In particular, Reh {63b) reports on the |
Lurgi fluidized-bed roasting process, for the roasting of
sulphide ores, with the following combustion reaction:

Me-5 + 0, .+ Me-0 + 5?02

2

Dafes

in which the ore has a heating value of 3,5 to 8,5 MJ/kg.

A fluidized-bed roaster aof 12,5 m diameter with a wmaximum
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steam generation capacity of 40 000 kg/bh (10 kg/s} has been:
built by Lurgi. ) '

Finally, through the International Energy Agency a sevefi-
year agreement has bheen reached between the United Kingdom,
Germany and the USA to share equally a project, of con-
styructing and programming the rig to be built at Srimethorpe
Colliery, Yorkshire, cf Section 1.4.3.1hb.

b} Austraslia

Bowling and Waters {64] have reported on original work being
conducted by the Commonwealth Scientific and Industrial
Research Urganization until the beginning of 1Y69 on a small
230 mm diameter combustor. Investigations were made into
the combustion efficiency, heat relesse rates and heat
transfer. They found that combustion was almost complete
in shallow beds, about 150 mm deep, and that deep beds were
unnecessary except for purposes of heat transfer. Further
work at the CSIRD found that fouling and corrosion of heat y
exchange surfaces in fluidized beds is less than that
normally aessocieted with conventional furnaces {65). A

mathematical model oF whe heat transfer mechanpism was studied.

More recently, Wsters {66) has investigated the combustion
of low grade fuels in & 400 mm diameter combustor, and in
particular the combustion of washery rejects resulting from
the process of producing coking coal for export. llata
obtained from the tests were used for assessing the relative
*importance of physical and chemical factors in the fluidized

combustion of low grade fuels.

c¢) New Zealand

Research is being carried out on & small scale with a
combustor being designed and built at the University of
Canterbury in 1970 (67]). The combuster consists of a

refractory lined furnace with a 280 mm square distributor.
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The rig was designed to obtain operating experience and to
establish data for the eventual design of a prototype boiler.
Much effort has. been directed at trying to find an effective
method of start-up, seeking a suitable bed material and
matching the size range to the air and coal rate. Heat
release rates are much less then those found glsewhere in

the litersture.

d} India

Rams Prasad {3%) hes reported on tests conducted on a 590 mm
square refractory lined combustor as well as more detailed
investigations using an octagonal bench scale combustion
apparatus. Substantial deposits of low grade coal are
available in India, and it is hoped that fluidized-bed
combustion could provide a means for utilizing these reserxves.
A further advantage of this technology is the reduction in
coal preparation costs, as Indian coals are extremely abrasive
causing frequent breakdowns of cosl pulverisers and
associated equipment.  The tests (35} have indicated that
the high ash Indian coals are amenable to combustion in
fluidized beds. it was found that screened coal could be

burnt without further preparatory steps.

e) South Africa

The Fuel Research Institute commenced work into the fluidized-
bed combustion of large coal in December 1975. A crude

210 mm diasmeter test rig was tested (68) with a view to
pbtaining experience for the design of s pilot scele com- -

" bustor, Information cbtained from the rig was mainly of a
gualitative nature and indications are that a wide range of
Sguth African fuels are amenable to combustion in a fluidized
bed. It was found that except in the case of unwashed coal,
all the ash was slutriated. The Fuel Research Institute

are interested in applying the fluidized-bed combustion

technique to shallow beds for firing coal of sizes larger
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"~ than 12,5 mm by floating the coal on the bed as proposed by
Highley et al (3%). The Institute are also interested in
applying this shallow bed technique to the drying of crops.
Work on the 210 mm diesmeter rig has ceased, and the design
and construction of a pilot plant with a 580 mm square bed

is in progress.

Holsteyn (69} reports on the design and construction of a

4 000 kg/h boiler built under a licence agreement nsgotiated
with Combustion Systems Litd. at the beginning of 1975, this
contract has also been mentioned by Thurlow {(51) and Haoy {55).
The boiler was completed by the middle of August 1975, the
main abject of this boiler was to use a cheap form of fuel.
At that time, it was desirable to use duff, a coal having a
top size of & mm and containing a large proportion of fines,
as this was available at the mere cost of transport. At the
present time this remains a cheap form of fuel, and by burn-
ing this coal, & fuel for which there is no industriasl

market can be wutilized.

1.5 ORJECTIVES OF THIS THESIS

Research into fluidized-bed combustion in South Africa is at
a very early stage of development. This country is there-
fore in the fortunate position of being able to assess
trends in the development prﬁcess without being committed

ta a particular line of research whilst at the same time
avoiding time-consuming and costly pitfalls. Whereas
resgarch at the FRI is towards the development of the
burning of large coal particles, and that reported by
Holsteyn (69) is intent on 'buying' technology and exploit-
ing it commercially, the objectives of this resesrch are the
burning of a locally available coal, preferably one not
normally utilised, in an environment scceptable to industry.
The work is divided into two phases, an experimental and a

theoretical phase.
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In the experimentasl analysis, combustion efficiencies and
entrainment rates have been monitored. The results havs
been statistically analysed and the effect of the main
controlling variables assessed. In order for the experi-
ments to be compatible with industrial requirsments, only
shallow bed depths and a distributor having a low pressure
drop will be utilized. Moderate fluidizing velocities
will be adopted to retazin the efficiency within acceptable
limits, whilst sas wide a range of bed temperatures as

possible will be employed.

The second phase of the work will consist of a thecretical
study to model the fluidized-bed combustion and entrainment
PIGCESSES . Empirical factors determined from the ﬁkperim
mental work will be used in the theoretical madel to
correlate both theory and experiment. Une of the major
objectives of the theoreticsl work will be to obtsin a
better understanding of the complex interactions taking

place in a fluidized-bed combustion system.
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CHAPTER 2

EXPERIMENTAL EQUIPMENT

As the prime objectives of the research are the assessment
of the combustion and entrainment phenomena, and in view of
the limited rescurces at the university, nc heat transfexr
surface has been provided in the experimental rig. - The
heat generated by the combustion process has therefore to
be removed by the fluidizing gas. Thus about three times
the air which would normally be required for stoichiometric
comhbustion has to be supplied to the rig to maintain th= hed
temperature within acceptable limits. Such a system is
likely to suppress any carbon menoxide formation and ensure
complete combustion within the bed section as a rssult of
the abundance of oxygen. Further, the combustion af the
volatile component of the coal should also be completed
within ths bed and very little combustion in the freeboard

section can be expected.

2.2 GENERAL ARRANGIMENT

The general arrasngement of the major components of the
fluidized-bed combustion test rig is illustrated in Figuzre
Te The rig is housed in the Boiler Room of the Mechanical
Engineering Laboratories at Cape Town University. The
cambustor vessel forms the central piece of equipment
(Figure 7} with coal being screw fed into the side of the
vessel. Fluidizing air, which also performs the functions
of combustion air and the rig cooling medium, is supplied
by mzans of a high pressure fan to a 200 mm deep windbox or
plenum chamber situated at the base of the combustor, The
gases emitted from the combustor are cooled by mixing with
the surrounding air and removed from the Hoiler Room through
an extraction hood plsced centrally above the combustor.

The gas/air mixture then passss through a short straight
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section of ducting before entering a medium efficiency
cyclone. - The major portion of the entrained dust is
removed by the cyclone and cdiie;ted in a small bin for
analysis at a later stage. The cleaned gas/air mixture
then pesses through the exit gas ducting from the cyclone
which is connectsd to the existing boiler exhaust gas
ducting. The induced draught fan of the beiler is used

as an extractor fan for the fluidized-bed combustion rig,
emitting the resulting gas/air mixture via a chimney to the

atmosphere.

A flow diagram of the fluidizedwbed combustion test rig is
represented by Figure 8. This figure includes details of
the gas ignition system. It should be noted that this
system is only used during start-up, whilst during normal
operation the pilot burner will be removed and the gas

supply to the plenum chamber shut off.

2.2 INDIVIDUAL COMPONENTS AND SUB-SYSTEMS

As is evident from the preceding section, the fluidized-

bed combustion test rig is made up of a number of individual
components and sub-systems, These include the air and fusl
supply systems, the combustor vessel itself, the gas
extraction and dust removal system, and the gas ignition
gquipment required to raise the bed to a temperature at
which the combustion of the coal becomes self-sustaining.

A general description of the components making up each of
these sub-systems is included below, whilst disgrams end -
the detailed design of the components are to be found in

Appendinx A,

2.2.1 The Combustor Vesssl

The combustor vessel has heen designed so as to limit the

quantity of heat lost to the surroundings, and therefore
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the ﬁbmbustmr waalls have been made up of insulating matezial.
A diagram to illustrate the basic combustor dstails is
represented by Figure 9, whilst details of aperturss provided
for coal feeding, instrumenteticn eic. are given in Figure

Al of Appendix A.

The distributor is situated at the base of the combustor
vessel, The vessel has an internal diameter of 300 mm and
is lined with a high temperature refractory on the inside
with an insulating material surrounding the refractory.

Both layers are 75 mm thick, and are encased in & 5 mm thick
rolled plate shell. The castable refractory forming the
layer and thus the walls of the combustion chamber, ﬁas a
maximum service temperature of 1300°C and has been designed
to reduce the temperature prevailing in the fluidized bed by
about 100°C, The high strength characteristics of this
material over the entire tempersture range enables it to be
used in direct contact with the fluidized bed. This high
temperature refractory is enclosed by an annular layer of
vermiculite based castable insulating material which reduces
the temperature to about 100°C. This layer limits the heat
lost through the combustor walls to a very small fraction of
the heat liberated by the coal such that this heat loss is
about less than 1% of the hest liberated.

2.2.2 The Distributor

"Becsuse the pressure drop aof a fluidized bed depends only

on ths weight of the bed per unit area and is independent

of the fluidizing gaﬁ flow rate ,..., there are no selfe
regulating properties to help maintain a uniform flow rate
across the bed™ (1%, py 80). The major function of the
distributor is to promote uniform fluidization by stabilizing
the =ffect of gas distribution. The distributor is gensrally
used to support the de-fluldized bed, and must be designed

to prevent a2 back flow of material during normal operation

or when the bed is shut down.
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Many different types of distributor hsve been reported for
use in fluidized beds, Kunii and Levenspiel {4, Ch 3) and
Perry and Chilton (70, pg 20.66). These may be divided
into perforated plates, bubble cap types, and sintered
metal or porous ceramic types. The use of sparge tubes
has heen reported by the NCB {71), whilst Rigby et al {72)
have developed & double pipe distributor for overcoming
back filling in intermittently fluidized bheds at elevated

temperatures.

In order to maintain the equipment as simple as possible,

a perforated plate type was selected. The method of
attaching the distributor to the combustor vessel is given
in Appendix A and makes allowasnce for the uss of different
distributors ranging in thickness from 100 mm and less. In
ordexr to produce a design which would provide uniform
fluidizaticon of the particles with a low pressure drop
across the distributor plate, the designs of perforated
plate distributors used by different authors were cone
sidered. Blinichev et al (73] recommend that in order

to have relatively uniform fluidization and minimum
attrition of perticles the distributor should have a2 free
cxoss section of 3 to 4% with the diameter of the openings
as small as possible. However, Agarwall et al (74} found
that satisfactory fluidization was achieved with a 4,5%

free area. Norman (75) used a 20 mm thick disc with 1,5 mm
diameter holes whilst snother design (76) used & 25 mm thick
cast iron plate drilled with 3 mm dismeter holes to produce

free areas ranging from 3 to 5%.

With this in mind, a perforated plate was designed based on
orifice theory as recommended by Richardsan {77). The
resulting 8istribuﬁnr was 12,5 wmm thick, having 2,5 mm
diameter holes drilled on a 12,5 mm square pitch. This

resulted in 437 holes yielding 3,03% free area., On testing

the distributor, the pressure drop ascruss it was found to be

much lower than that predicted by the method of Richardson
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(77). The distributor was tested with a bed of sand about
270 mm deep to determine whether uniform fluidization could
be achieved. It was decided to block some of the holes,
and after a number of tests and successive steps of reduc-
tion in the mean free area, satisfactory fluidization was
achieved. The number of open holes was reduced to 268

giving a mean free area of 1,86%.

A layer of refractory sfnnes, approximately sized between 6
and 9 mm in diameter was placed on top of the distributor to
prevent back flow of the bed material through the distributor
and to act as an insulating layer between the bed and the dis-
tributor plate. It is essentisl to prevent the distributaor
from overheating to ensure that it does not distort at high
temperatures and further to prevent the possibility of

damage to the seal between the distributor and combustar
vessel, The refractory stone layer was about %0 mm deep,
such that the top of the stone layer was flush with the lower
point of the coal feed aperture, as illustrated by Figure 10.-

3

— !
wa\
coal feed //// ‘ T

N o o=

g2

=

asbestos seal

| distributor \ eI
I Ie'ffnr.‘ioni stone |mjer

12,5

Figure 10 : Diagram tc Illustrate the positioning of
the Coal Feed Aperture in Relation to the
Distributor and Refractory Stoane Layer.
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Pressure drops through the plate alone and through both
the plate and refractory grog layer have been measured and

statistically correlated, cf. Section 2.4.1, to give the
b

following egquations: ‘ T -
Ap = £31-u2 {19) §
d i
) :
& w287 u (11)
pd,?

b i ;

2.2.3 The Cnal Feed System

The coal is fed intoc the combusitor by means of a screw

feedar inic the base 3f the Tluidized bed as illustrated

in Figure L0. Because of the low coal flow rates antici-
pated with the rig, the feeder could not be bought and had

to be specifically designed and manufactured in the University

workshops. Dletails of the design sre included in Appendix A.

The feeder is driven by means of a D.C. motor and gearbox
unit which has a maximum ocutput speed of 50 rpm. This
speed is then reduced by means of a chain and sprocket

drive having a reduction of almost 4 to 1, resulting in a
feeder speed about a quarter of that from the gearbox output
shaft. The motor has a separately excited field winding,
thus enabling speed control by varying the armature voltage.
The single phase mains voltage is rectified by means of a
full wave rsctifier to supply & constant D.U. voliage of

220 V to the shunt field winding. In order to be able to
vary the wvoltage supplied to the armsture, the constant
source single phase maine supply is used as input to a
variable voltage transformer. The output from this device
can therefore be varied between zero and 220 V. This oute
put is rectified by means of a second full wave rectifier.
The output speed from the D.L. motor and gearbox unit is
thus gasily vontrolled from zerxec to 380 rpm in an slmost
infinite number of steps by varying the input armature

voltage from zero to 220 V. A pircuit diagrvam illustrating
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the input controls to the D.C. motoxr is given in Appendix
A,

LY

A small coal storage hopper has been constructed sbout
750 mm above the coal feeder. The hopper is connected
by means of a 75 mm diameter pipe to the coal feedsr and

is capable of storing sbout 10 kg of coal.

. 2eZ2.4 The Air Supnly System

Aix is supplied ta a 200 mm deep windbox or plénum chambexr
by means of a high pressure fan.  The volumetric flow from
the fan is regulated by means of both a butterfly valve and
an isolating type gate wvalwve, both situated in series op
the discharge side of the fan. . It has been found
convenient to use both valves simultsnsously to obtain
better cantral. The butterfly valve is used for the less
accurate control, whilst the gate wvalve is used to obtain

a more precise value of the required flow rate.

Because of space restrictions, the flow has been measured
by installing the measuring device on the suction side wof
the fan. This measuring device caonsists of a larxge
calibrated vessel, about 1600 mm high by 500 mm in diameter,
open to atmosphere by means of two orxifice plates. By
connecting the suction side of the fan to this vessel, the
vessel pressure, or rather the amount by which the pressure
in the vessel is less than atmospheric is measured. This
value in fact corresponds to the pressure drop across the
prifice plates, and therefore this pressure drop can be

related to an air flow measurement.

2.2.5 The Gas Extraction System

The exhaust gases sre removed via an extraction hood and
cyclone before being exhausted to atmosphere through the

existing chimney by means of the existing boiler induced
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draught Fan. As the cyclone had ta be located on the
suctien side of the induced draught fan and further as this
fan can only deliver a very small pressure head, the’
pressure drop across the cyclone is limited. * This pressure
drop has been measured as 39 mm Wg. The cyclone was
therefore designed as & medium efficiency device {78, Ch 12,
79, Ch 11). Although this may appear to bes a severe
limitation, it is of value to note that the greater pro-
porticn of particles entrained in the flue gss stream

would have a diameter in excess of 60 microns. Reference
to Appendix ¥ indicates that the cyclone efficiency for

this particle size would exceed B80%.

2.,2.6 bLas Ignition System

Before the combustion of coal will be self supporting, the
coal particle must be raised to a temperature in excess of
the ignition temperature. For coal surrounded by a mass

of ingrt particles as in a fluidized-bed combustion system,
the entire mass of coal and inerts must ‘be raised to the
temperature at which coal combustion becomes self sustaining.
The method adopted on the test rig and indicated in the flow

diagram of Figure 8 is that of gas ignition.

bas is introduced into the plenum chamber where it mixes
with the combustion air before passing through the distri-
butor into the combustion vessel. The gas is ignited
above the bed section by means of a pilot flame. By
careful adjustment of the gas flow rate indicated by means
of a rotameter, the gas air mixture can be caused to burn
within the bed section, An inherent dangexr of such a gas
ignition system lies in the potentially explosive gas
mixture in the plenum chamber. Prevention of the ignition
of this mixture hefore it has left the plenum chamber is
ensured by mainteining the distributer plate at a low
tempecature and by having the velocity through the distri-

butor orifices well in excess of the flame front velocity.
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The ¥irst requirement is obtained by the refractory stones
placed on the distributor plate insulating this component
from the fluidized bed. A number of Iron-Constantarn
thermo-couples have been peened into the lower side of the
distributor plate to monitor this temperature and ensure
that it remains & few hundred degrees below the spontanecus
ignition temperature of the gas. and air mixture,. The
velocity through each of the orifices will always be in
excess of 25% wm/s to ensuye Fluidization, as should the bed
be slumped, the gas will burn above the static bad.sectian.
The maximum velocity of flame propagation of a propane aix

mixture is 0,86 w/s whilst the ignition temperature is 500°C.

2.,2.7 Instrumentation

The condition of the fluidized bed is monitored by & numbex
of pressure and temperature probes, Due ta the larxge
quantity of air in excess of that required for combustion
supplied to the rig, cerbon monoxide formation will be
sﬁﬁﬁfessed. Even should some carbon monoxide be formed,
this would only represent a small fraction of the toteal gas
flow and be difficult to measure reliably. Thus the off

gas composition has not been monitored.

a) Temperasture Measurement

The bed temperature is measured by means of three stainless
steel sheathed chromel-alumel thermo-couples situated at
different points within the bed as illustrated by Figure 1ll.
The lower thermo-couple has been bent upwards so that it -~
measures the temperature st the base of the fluidized-bed.
The off-gas temperature is measured by a bars chromsl-
alumel thermo-couple, whilst iron-constantan thermo- couples
in the lower portion of the distributor are used to monitox

the temperature of this component.
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bb) Pressure Measurement

Pressures are measured by means of water manometers which
have all been built onto a2 common manometer boardig Static
pressure tappings have been made to measure these pressures
in the plenum chamber, and at inlet to and outlet from the
cyclnne.“{Fﬁhese latter two pressure tappings have been

located at points at the end of straight lengths of ducting.

The bed pressure probes are worth special note. Up the
side of the combustor vessel, a number of insirumentation
apertures, each 25 mm in diameter have been provided for
the introduction of the relevant instruments. Each of
these apertures pass from the inside of the combustor,
through both the refractory and insulating layers, with a
25 mm diameter pipe stub welded onte the combustor vessel

casing thus completing the cylindrical passage through the
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combustor wall, A 25 mm diameter end cap is then screswed
onto each stub, The thermo-couples mentioned previously
each pass through an end cap. which acts as a locating
device. Each of these end caps are further drilled and
threaded to accommodate the bed pressure measuring probe

as indicated in Figure 12.3}0 The pressure probe consists

of a f mm outside diamster stesl pips, Part L, which is
located within the rig by means of a brass locating piece,
Part B, which is screwed onto the end cap. A knurled brass
end cap, Faxt A, is used to complete the seal aon the pressure
probe as well as tightly crimping the seal between the
locating lug and the pressure probe, so preventing movement
aof this latter part. The pressure probes are located so
‘as to lie flush with the inner wall of the rig. The

positions of the two probes used are indiceted in Figure 19, p%v

c) Ignition Gas Measurement

The flow of the ignition gas is measured by means of a
rotameter, whilst the pressure is determined by & mercury
manometer. These quantities are only menitored during
start-up as once coal firing has been established the gas

ignition equipment is isglated from the remainder of the

rige

d} Other Quantities Monitorsd

The input voltage to the armature of the feeder motor is
measured on a moving coil instrument. This is used to
provide an estimate of the coal flow, as the actual value.
is ohtained by determining the rotational speed of the
feeder. Finally, the air flow rate is measured by
observing the orifice pressure drop as mentioned in

Section Z2.2.4.
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2.3 O0OPERATING PROCEDURE

2.3.1 Start-up Procedure

a} Original Ianition Procedures

Briginally attempts were made to raise the bed temperature
without the use of a secbndary fuel. A layer of coal was
placed on the top surface of the bed and ignited by a thin
layer of paraffin socaked coal resting sbove it. This
method was similar to that employed by Gilmour {67). Little
success was achisved as only the wpper surface became hot.
The methoid was extenced by nixing coal and sand in a 4L to
60 mixture, similar to the practice adopted by Rama Prasad
(35). This resulted in very localized heating which was
difficult to control, causing some af the sand particles

to fuse, The major difficulty lies in supplying an
adequate amount of air to the bed to provide sufficient
fluidization and hence the elimination of localized hot
spots, but at the same time preventing an excessive air
flow thereby causing high and intense rates of combustion
of the cnasl in the bed. Further tests were mede hy rixipg
charcoal and sand together to form the bed material as has
been employed by Wright (27). The heat release was not as
intense as when coal was used and the susceptibility of the
sand to fuse locally was reduced. It was concluded that
charcoal sized from 6 mm to 1 mm and mixed with the bed
material in a S0 : 50 volumetric proportion represents the
best solution for starting the bed from cold without the
intropduction of & secondary fusl. Although this method did
yield a means of raising the bed temperature to & level at
which coal combustion becomes s=1f supporting, the method
did not yisld $atisfactmxy control of the bed temperature
and further it was difficult to guarantee & successful
ignition all the time. It wes decided that much experience
would be necessary to perfect this method, and as a result

the method of gas ignition was employed.
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b} Gas Ignition Procedure

The use of gas as a secondary fusl to raise the bed tempexae
ture to the required level for coal combustion represents a
simple and easily repeatsble start-up technique. Aftexr
initial attempts at start-up without resorting to a secondary
source of fuel, a gas ignition system was designed and con-~
structed. A series of ges start-up trials were performed

to vommission the system which proved to be highly succesge
ful and has been adopted as the means of raising the bed
temperature from cold. The start-up procedure is described

helow.

The sand bed is Tirst fully fluidized with cold air and a
pilot gas flame is ignited above the bed. Gas is then
introduced into the plenum chamber where it mixes with the
‘air, forming & mixture having approximately 50% excess air,
This gas air mixture is then ignited above the bed by means
of the pilot flame. By careful adjustment of the gas flow
rate, the gas air mixture is forced to burn within the sand
bed resulting in a rapid increase in the bed temperature.

To minimise the guantity of heat lost from the combustor

in the otf gases during start-up, gas and air Vluw rates

are decreasssd continuously as the bed tempersture increases,
thus maintaining an almost constant superficial gas velocity
in the bed section. This results in a reduction of the
cooling effect of the excess air, causing the bed tamperaturé

to rise more rapidly.

Once & bed temperature of betwsen 500 and 550°C has been
obtained, coal is introduced intc the bed. Shortly afterx
the temperature exceeds 610°C the gas flow is discontinued
and further increases in temperature sre accommodated by
adjusting the coal or air flow rates. Two experimentally
determined start-up curves are illustrated fTor the rig in
Figure 13. The first represents the start-up rate for a
bed having a static bed height of 2350 mm, whilst the second

depicts the start-up rate for a shallower bed having a
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static bed height of 170 mm, The measured gas tempesrature
is inaccurate, as the thermo-cauple is unshielded and
therefore affectsd by the low temperature of the walls as

well as the extraction hood.

2.3.2 Gensral Dperation

Unce coal combustion has been sstablished, the air fiow rate
is set to a predetermined value which would result in a
particular superficial gas velocity in the rig at a specific
temperature. The bed temperature is adjusted to this
particular value by varying the coal input. Once steady
conditions pertaining to 2 perticular test have bheen
atteined for at least fifteen minutes, the test is com-
menced. The only adjustment made during a test is to the

coal flow rate in order to maintain a constant bed tempsra-

ture.

2.4 EXPERIMENTAL PROCEDURE

2.4,1 Calibration of Eguipment

Prior to the performance of any tests, the test equipment
must be adeqguately calibrated. The calibration of various
items of plant are discussed Eaimw. The air flow measure-
ment was by means aof a calibrated orifice plate and pressure
vessel and therefore was not calibrated specifically for
this thesis. Further, no calibration has been performed-
for any of the manometers, as these are sufficiently
accurate for the purpose of the tests, whilst only a rough

check on the cali@xation of the stainless steel sheathed

thermo-couples was made,

a} Thermo-couples

The bed temperature measuremenis have been made using
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stainless steel sheathed mineral-insulated chromel-alumel
thermo~couples, The gas temperature has been measured by
making wuse of a8 bare chromel-zlumel thermo-couple. “This
latter thermo-couple is s standard measuring thermo-couple
having been calibrated with an associated moving coil
instrument, to read temperature directly. -The temperature
graduations are in steps of 20°C and therefore, the tempera-
ture can at best be read to the nearest 5°C. ~ The three
stainless steel sheathed chromel-alumel thermo-couples
milli-volt outputs were checked against the temperature of
standard thermo-couples and found to be within the * §°C
measuring tolerance over the range of temperatures antici-
pated, For the fluidized-bed performance tests, the bare
thermo=couple was disconnected from the moving coil instrue
ment and compensating leads, and connected directly to a
multi~point recorder together with the three other thermo-

couples,

The iron-coanstantasnt thermo-couples were pot calibrated,
as they are not reguired for accurate measurements but
rather for determining whether the distributor is becoming

overheated or not.

b} Distributor

Prior to each run the combustor vessel was emptied and the
pregsuxé drop across the distributor plate determined to
ensure that the distributor plate seal had not been damaged
and to establish whether any of the holes in the perforated
plate had been blocked. A laver of refractory stones was
then placed on the plate to a height of about 90 mm, as
indicated in Figure 10, and a further series of pressure
drop measurements were made to establish what the total
pressure drop across the plate and stones was. All these
readings were then correlated to form a pressure drop to
~velocity relationship by means of a least squares technique;

A total of 69 points were used for the plate only analysis,
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snd 71 for the plate and refractory stones analysis. BHoth
analyses were made assuming an equation of the form below.
p = o-u’ (s /
j
i
‘whers &p is in mm W.g. and ¢ and n are constants. The
exponent n for the plate alone should theoretically be 2,
whilst the value of n for the plate and stones theeretically
lies between unity and two and varies as the velocity
increases. However the contribution of the plate is well
in excess of that by the stones, and further as the stones
are of a rather large diameter the kinetic energy component
of a familiar fixed bed pressure drop relationship becomss
predominant, Such a relationship has been proposed by
Ergun and is represented by equation {9) below, cf.
Section 1.2.2..

2
2 I - o i
Ap i-¢ . - et A (g}
—tn = J 2 + 1,78 &
Fi i8¢ &:3 {%3 d) £ - qbs effp

where &P, is the pressure through the layer of stones in
N/mz. The second term on the right hand side represents

the kinetic energy losses.

In the regression analysis of equation (B8), the exponent n
assumed values of 2,102 and 2,088 for the plate alons and
for the plate and stones together respectively. The
theoretical velue of 2 for the exponent n could be shown
to be statistically the same as the above twop values and
therefore the regression analysis was repeated to obtain
the constant ¢ of equation (8) when the exponent n of this
same equation was set at 2. The resulting equations are

given by Equatioﬁé {(10) and (11) below.

- a
bpg =281-up (10)

_ 2
Mg, p= 297-up (12)

g
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These two relations are reproduced in Figure 14 illustrating
the range of velocities and pressures used for the regression

analysis. .

c) Coal Feeder

Two extensive ssries of calibrations, the second taking
place some two months after the first, have heen performed.
The coal wass Tlow rate was assumed to bear a lineasr
relaticnship with the feeder speed. The data was fitted
to such a curve by means af a linear regression technique,

resulting in the following eguation.-

m, = 0,564 + 2,181-n (12}

where M. and n are the coal mass flow rate {kg/h) and

feeder speed (rpm) respectively. From a sample of
twenty—one points of the measured cosl flow rates for
particular feedexr speeds, the initial three tests wexe
rejected as the ceal flow rates measured from these three
points were less than anticipated. Thé regression analysis
has therefore been performed by making use of the remaining

eighteen points.

In erder to chtain a more meaningful interpretation of
equation (12} the confidence interval for each of the
regression coefficients was calculated. By applying a
95% confidence intervel the initercept with the vertical

axis, {a = 0,364 in equation (12) ), is found to have a

valus ranging from

8,033 < a < 0,761

whilst the slope of the line, (b = 2,191 in equation {12} },

is found to lie between

2,136 < b < 8,248



4400

-G8

300¢

200 F

100 |
90 T
80 t
07
60 F

{mm Wg)

50 }

40 F

Windbox Pressure

20 |

dn
F]

|

| I 1 l 1 1 & 3

10
0,2

Figure 14

03 04 0506 08 1,0 2,0

-y

Superficial Gas Velocity {m/s}——

Carrelations for thes Distributor Pressure
Drop with (Apd,r y and withaut ( Apg )
the Insulating Layer of Refractory Stones

as” a Function of Velocity.



-

The regression line of coal flow rate as a function of
feeder speed was expected to pass through the origin, and
therefore the interval estimate of 'a' should have included
zero. Although the lower value for this interval sstimate
of *a' is close to zero, it was decided to use equation {12)

as the regression line for the coal feed rate.

The feeder speed was varied from about 0,8 to 10,0 rpm.

As this spesd only exceeds 3 xpm for a single test during
the fluidized-bed performance tests the regression curve of
equation (12} has been drawn in Figure 15 for this lower
speed rangs of the line. Included in Figure 15 are the
95% confidence bands for the resulting coal flow for a
particular feeder speed. The correlation cosfficient and
the standard error of estimate for the above regression
analysis have been determined as 0,9997 and 0,224

respectively.

Finally it should be noted that as the feeder spesd should
be related to the volumetric flow rate, differences can he

expected when using a different coal type and grading.

2.4.2 Dutline of Tests Ferformed

Initiasl tests were made to commission the rig and the

various auxiliary components such as the instrumentation

and the gas ignition system. A deteiled anzlysis of the
last five test runs which have been designated as Run

Numbers 6, 7, 8, 9 and 10 has been made. These test runs
each range from 4% to 10 hours duration and have been

divided into twenty-two individual tests performed under
steady conditions for a time interval of at least 30 minutes.

Thezse tests have been used to svaluate the combustion

efficiency {as defined in Appendix B} and entrainment rates.

Run Number & is is the only test during which a silica sand

graded between 0,6 mm and 1,0 mm was used. The minimum
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fluidizing velocity determined experimentally for this sand
was 0,36 m/s at about 407C and enabled a test to be per-—
formed with a superficial gas velociiy of 0,9 »/s. “The
remaining runs were conducted using a commercially available
silica sand with a size grading as represented by Figure 16.
The bulk density of the sand was determined as 1640 kg/m3
with a particle density determined by means of the $.G.
bottle methad of BS 1377 : 1975, of 2640 kg/m°. The
minimum fluidizing velocity at about 40°C when fluidized
with air was ryecorded as 0,53 m/s. When operating with
this sand at bed velocities clese to 0,9 m/s lumps of clinker
foxrmed in the bed. These lumps are %elatiwely soft and
easily broken down by increasing the velocity. The
superficiasl gas velocity for tests T to 10 was thus varied
between 1,1 and 1,5 m/s with no evidence of clinker forma-
tion. -At higher velocities, and-espenially with the deeper
beds, bubbles bursting at the surface caused splashing of
the bed material out of the combustor vessel. A cylindri-
cal shield about 380 mm high and having a diameter of 450 =m
was placed on top of the combustor to prevent spillage of

bed material onto the floor.

Runs 6, 7 and B were conducted with 30 kg of sand as the
bed material. This corresponds to a static bed height of
about 230 mm whilst Runs 9 and 10 were conducted with beds
af sand of 20 kg, resulting in static besd heights of about
150 mm., Tables 2.1 sand 2.1b summarize the approximate
operating parameters of the different tests. More accurate
values are produced with the individual test results in the

table contained in Appendix H.
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Table 2.1 a : Summary of Operating Conditions with an
Inert Bed Weight of 30 kg. '
Temperature {°C)
Velocity
(m/s} 650 700 750 800 850 900 950
0,9 &
sl TC TA B
y3 8g BA BF
1,5 8H 8D 8B ac 8G
Table 2.1 b : Summary of Operating Conditicns with an
Inert Bed Weight of 20 kg.
a
Velocity Temperature {(C)
(m/s) 700 750 800 850 900 950 1000
1,1 10C 9B 9D 9t
1,3 10D 108
1,5 104 9A 9cC 1DE

2.4.,3. Test Procedure

Prior to each run, the combustor vessel was emptied and the
pressure drop across the distributor was determined at a
number of different velacities. The layer of refractory
stones was placed on top of the distributor plate and a second
series of pressure drop velocity measurementis were taken.

The bed pressure probes and thermo-couples were then placed
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in position and the respective amount of silica sand was
introduced to form the inert bed. A fluidization study
was then conducted in order to determine at what super-—
Ticial gas velocity the bed was Tluidized. Once the

minimum fluidizing velocity was estahlished, preparations

for igniting the fuel in the combustor were made.

The bed was raised to the ignition temperature of the coal
by means of gas combustion. Once the coal combustion is
self sustaining, the gas is shut down, and the particular
velocity and temperature canditions for the test are chosen,
The velocity is obtained by setting the fan dischazge
dampers, or valves, so regulating the flow from the fan.
The required temperature is obtained by adjusting the coal
flow. Cnce steady conditions have been maintained for
about fifteen minutes the test is commenced. During the
test, ash is collected in the cyclone for amalysis at a
later stage, whilst pressure, temperature and flow rates
are monitored. The resulting ash was tested at Athlone
Power Station to determine the amount of unburnt carbon
contained in the ash, whilst another sample was used to
determing the size gradiﬁg cf the ash. This size grading
has been determined by sieving and by employing a sedi-
mentation technigue based on the incremental method as
outlined in BS 3406 : Part 2 of 1963.

nly one type of coal, Douglas duff, with a top size of
& mm has besen used for the tests. An analysis of the coal

grading and properties is presented in Appendix C.
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CHAPTEH 3

EXPERIMENTAL RESULTS

The major cbjectives of the tests were to assess the effect
of & few of the wmain variables of the fluidized-bhed com=
bustion process on the combustion efficiency and the
entrainment rate. It was felt that the system variables
which would have a major affect on these two parameters,
and in particular on the combustion efficiency could be
limited to bed tempersture, superficial gas velocity ani
bed depth. The experiments ars therefore made up of these
three factors, (a brief description of the more important
statistical relationships used in this thesis is contained
in Appendix F), and initially combustion efficiencies were
determined at two levels of each of these factors. These

levels are given below:

Temperature : aooc, 900°C
Velocity : 1, m/s, 1,5 wfs
Bed Height z 230 mm, 150 mm
This yields = 23 factorial design. An snalysis-of-variance

table was determined, from which it was deduced that all
three factors had a $ignificaﬁt effect on the combustion
efficiency within the renges given above. Therefore the
number of test points were extended by performing additional
experiments to determine the combustion efficiency for extra
combipations of velocity temperature and bed height, in ozder
to enasble a multiple regression analysis to be performed.
The temperatures were varied in approximate steps of 50°C
from 650°C to lDﬂDbE, whilat the velocity was varied from
0,9 m/s to 1,9 mis. Only two bed heights were used
throughout the test series, i.e. static bed heights of

approximately 230 mm and 150 mm, For ease of reference the
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tests at the two different bed heights have been designated
as deep and shallow bed tests.

3,1 GENERAL DESCRIPTION OF RESULTS

J.1.1 Deep Bed Tests

Runs 6, 7 and B8 wers conducted with an inert bed weight of
30 kg and having a bed height of about 230 mm. This
results in & bed pressurs drop of about 400 wmm W.g. and &
pressure drop across the distributor plate of about 70 mm
W.g. An accurate assessment of the bed oressures is
difficult due to oscillations of the water manometer levels,
With these beds, vioclent splashing occurs resulting in much
bed material being carried over into the cyclone, This
material is of a size well in excess of the maxamum which
could be elutriated by the gas stream. It is felt that
with the low pressure drop distributor large gas bubbles

may be gensrated at the distributor surface, i.e. on top

of the refractory stones, with the result that through
coalescence largs bubbles approaching the size of ﬁhs bed
diameter may be formed. On bursting at the upper surface
of the bed, large particles of sand are ejected into the
freeboard space, resulting in particles lerger than those
which would normally be elutriated, being entrained by the
off gases. During Run & large guantities of bed material
were collected in the cyclone, particularly during tests
conducted at superficial gas velecities of 1,5 m/s. A
totel of 5 kg of sand had to be added to the bed at
different intervals during the test to restore the bed level.
The run lasted for a little over 10 hours. Although the
original static bed heights were 230 mm, these heights
change continuously during the tests. An estimate of the
static bed height for each individual test was therefore
made by measuring the initial and final bed heights for each

test run, and considering the amount and time during which
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bed material was added and by finally measuring the averags
bed pressure drop during each individual test of the total
&

test run. °

J3.1.2 5hazllow Bed Tests

Tests 9 and 10 were conducted with an inert bed material
Qeight of 20 kg resulting in a bed depth of 150 mm, The
pressure drop across the bed was about 270 mm.w.ga whilst
the distributor pressure drop was about 70 mm W.g., similax
to that for the deep bed. The amount of sand lost as
carry-over to the cyclone was much less than that for the
deep bed under all conditions. This is most likely due to
the generation of smaller bubbles within the bed causing =
reduction in the quantity of material carriesd over as a

result of splashing.

Steady temperature control of the shallow beds was con-

siderably more difficult to maintain than thet of the deep
bed. This may he ascribed to the reduced thermal inertis
of the smaller mass of heated bed material, On the other
hand the bed tempsrature may be reduced and incressed moze

rapidly with the shallow bed.

3.2 EXPERIMENTAL DETERMINATION OF HMAIN PARAMETERS

3.2.1 Minimum Fluidizing Veleocity

Before the commencement of any test a fluidization study -
was performed in order to establish the minimum fluidizing
velocity. The bed pressure velocity relationship as well
as the-bed density to velocity relationship during the
initial cycle of increasing velocity and subsequent de-
creasing of velocity are illustreted in Figure 17. The

bed density is defined as the difference in pressure between
the two static pressure t@pings located within the bed,

150 mm aspert as indicated in Figure 19.
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The fluidizetion study illustreted by Figure 17 is for a

bed af—silica sand of size grading given by Figufe 16 of
depth 170 mm, This sand was used for all but one of the
tests as mentioned earlier. On increasing the gas velocity
it is seen that the pressure incresses steadily in the fixed
bed region. The slope of this curve on the logarithmic
co-ordinates is found to be 1,453, which indicates a

" pressure velpcity relstionship in the fixed bed region of

Ap = c.uz-‘453 ‘ {13) j

By averaging all of the results this exponent is found to
be 1,488, having a standard deviation equal to 0,067. As
the exponent is neither unity, as would be expected for
laminar flow or ¥or a fixed bed made up of small particles,
nor does it have a value of two, as would be esxpected for
large particles,or turbulent flow, the flow through the bed
material prior to fluidizetion is in the transition flow

regime.

Referring to Section 1.2.2, it was stated that the minimum
fluidizing velocity could be obtained by applying a fixed
bed correlotion, such as thet given by Ergun at incipient
fluidization conditions. This relationship given by

equation {5} is repeated below for ease of reference:

150-(1 - ¢ 1,75
Ga = —5— nfl gy v 2 g (5
e n g e mf
g mf g “mf
This equation may be written as
Ga = ARe_.. + B-Re” (14
mf* mf

where A and B are ‘constants dependent only on the particle
sphericity and the voidage at incipient fluidization. Both
of these latter two parsmeters are pot @asily determined and
have not been specifically evaluated in this thesis, though

the voidage could be approximated frem the bed pressure to
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velocity relationship of Figure 17 for the case of decreasing
velocity. Wen and Yu (17}, cf Section 1.2.2, have approxi=-
mated the values of A and B in eguation (14) as 1650 and

24,5 respectively.

The minimum fluidizing velocity was experimentally detere
mined st low temperatures of about 40°c, Since the
_temperatures at which fluidized-bed combhustion takes place
range from about 6£50%C 1o lﬁﬂﬁaﬁg a means must be found for
extrapolating the information to the higher temperatures or
of using a generally acceptable relationship. An attempt
was made to establish the constants of equation {14]) from

the experimental work on fluidizing the inert sand particles.
This was done by equating equation (13} to the form of
equation (5} given by equation (9) of Sectian 2.4.1. The
values of A and B were evaluated as 600 and 34,2 respectively.
It should be noted that the resulting relationship results

in a reduced value of the viscous component (A « Re} whilst
the kinetic component (B - ﬁezi remains much the same ags that

given by Wen and Yu (17}, cf equation {&j.

At 40°C, and st a welocity of 0,5 m/s, the Reynolds number
is about 24, On increasing the *“emperature, due to tle
decrease in density and the increase in viscosity, the
feynolds number decreases to values of about 1,8 at T00°C
and 1,0 at 1000°C at the respective minimum fluidizing
velocities. In view of the findings of Broughton (21},

ef Sectionm 1.2.2, &nd as ﬁemf would be much less than 20 for
fluidized-bed combustion, a simple relationship such as that.
given by equation {7) might be used. Indeed, two forms of
equation (14), and one of equation {7} as used by Avedesian
and Davidson {(10) are plotted in Figures 1B to illusirate

the variation of minimum fluidizing velocity with temperature,

For easy reference these equations are written below:

2
Gx = 1650 Remf + 24,5 Hemf {6} ;
— ann. 5.2
o = 880 Rész,f 54,3 Ri@mf‘ {15} ;
Ga = 1850+Re {18) ;

mf
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From Figure 18, it is ewvident that eguation {15) as derived
from the fluidization study is in error due to a peak value
for U_. being evident between 200 and 300°C.  Equation (6)
.predicts a value somewhat Jlower than the average value of
0,53 determined experimentally whilst equation (16) predicts
a value of 0,52 at ap®c. Further, equations {8) and {16}
tend to predict the same values as the temperature increases

ie the Reynolds number decreases.

From the above, it was decided to use equation (l6) in the
evaluation of the minimum fluidizing welocity for the inerxt
bed used in the tests. ‘

Unce the bed has been fluidized, the pressure drop through
the bed remains almost constant as the velocity increases.
Reference to Figqure 17 indicates that the pressure increases.
However, it is to be noted that the bed pressure probs also
measures a small pressure drop due to the fixed bed of
refractory stones sbove, Subtracting this wvalue would
produce a flatter curve, similer to curve of the density.
From Figure 17, the characteristiq "hump! during the first
pressure raising cycle is evident, whilst a distinct cut

of? on defluidizing as the bed cnanges from the fluidi.eo to
the fixed bed regime is evidence suggesting localized
channelling and defluidization as the wvelocity approaches

the minimum fluidization velocity.

3.2,.2 Measurement of the Dynamic Bed Height

The pressure measurements sssocisted with the combustor
plenum chamber and the bed sections fluctuated continuously
during the tests ss a resuvlt of bubbles bursting at the
surface. This made an accurate measurement of these
readings difficuli. Pressure probes were placed in the
bed at two different heights, from which an assessment of
the dynamic bed height should be possible. A diagram to

indicste the precise positioning of the bed pressure probes
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and illustrating their connection to water manometers is
given in Figure 19. The bed density is simply taken as
the difference between the pressures of the two prmbééa
The dynamic bed height can therefore be estimated by
eqguation {17), where the constants ‘&' and 'b' are as

defined in Figure 19.

- {bed pressure)} . - f
H&yn = atbped density) (17)

Table H.2 of Appendix H contains detsils of the different
pressure drops as well as detsils of the static and dynamic
bed heights for sach of the tests. The static bed height
has been determined by measuring the bed heights at the
beginning of and at the end of a particular test run and
by considering the amount of bed materiasl added in cone

junction with the pressure drop through the bed.

Refexring to Appendix J, the fraction of bubbles *f' in the
bed can be determined by equation (J.6) whilst the absolute
velocity of rise of the bubble 'UBa* iz given by the
Davidson and Harrison (12, pg 100) relation of equation

{J.8}). These equations are reproduced below:
f = (H ~ Hmf} /H {J.8)
Upe = fuf - Hmf) + g : {7.8) '

The various velocities, and the values of dynamic and static
bed height are included in Table H.3 of Appendix H. From
these values, the fraction of bubbles in the bed ass well as
the bubble velocities have been determined. From Table H.3
it is clear that according to the slug flow criterion of
Appendix J.3, the bed is in & slugging flow regime. However,
as discussed in Appendix J, slugging flow probably does not
occur in the shallow beds. This is discussed further in

Section 3.4.3.
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The bed expansions which have been deduced from the evalua-
tion of the dynamic bed heights, result in small values of
f, ie the fractiocn of bubbles in the bed. In view df ths
high excess gas velocity Uf - ”mf’ a higher proportion of
the bed would be taken up as bubbles than is indicated by
Table H.3. The calculated value of the dynamic hed height
is suspected to be in axxﬁx. This is further vindicated,
as it can be shown statistically that no correlation exists
between, the bed height, or the bed expansion R, or the
fraction of bubbles in the bed ?, and the excess gas
velocity Uy - Umf‘ Finally, the resulting evaluation of
the bubble diameters from the bed height measurements are
well in excess of the rig diameter indicating that the uss
of the bed measurements for determining bed heights has not

peen satisfactoxy.

3.3 ECOMBUSTION EFFICIENCY

Complete combustion of coal is assumed to have taken place
when all of the coal is burnt in the presence of oxygen to
form carbon dioxide, sulphur dioxide and water vapour. The
reactions iaking place during the formation of these products
are éll exothermic, resulting in a corresponding release of
heat. The nitrogen present in the coal is assumed to lesave
the reaction zone as gsseous nitrogen, as the Tormation of
NDx,is assumed to be small, The definition of the combustion
efficiency has heen defined in Appendix B, as the ratiag of
the rate of heat liberated to the rate of heat input. This
latter quantity, the rate of heat input, is the raste at which
heat could be generated should complete combustion of the
entire coal feed be effected. The rate of heat liberated

is less then this ‘quantity as a result of:
a) incomplete combustion, and

b} unburnt carbon remaining in the ash.
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Incomplete combustion of the coal generally refers to the
cambustion of the carbon component of the coal to carbon
moroxide instead of carbon dioxide which is accompanied by
a reduction in the heat released due to the smaller heat of
formation of carbon monoxide. As the combustion efficiency
is to be related only to the bed section, the combustion
process is considered to take place within the fluidized
bed, and therefore any combustion above the bed section
would be as the result of incomplete combustion within the
fluidized bed. The combustion of the volatile component,
or of carbon monoxide to carbon dioxide, above the bed
wowld be es a result of the incamplete combustion of
volatile cr fixed carbon componentz of the coal within

the fluidized bed. Incomplete combustion generally takes
pl&mé in oxygen deficient regions, or at low combustion
temperatures due to the slow reaction rates prevailing at

these lower temperatures,

In order to ensure that all the carbon presented in the
coal feed is burnt, this carbon must remain in the high
temperature combustion zone for a finite length of time.

In a fluidized-bed combustion system, once the particle has
been reduced to a specific size as a result of the combined
action of attrition and combustion, it may be entrained in
the off gases. Indeed, Skinner (8, pg 8l) states that the
coal should be crushed sa that it hes as smsll & proportion
as possible below 120 microns, so as to reduce the pro-
portion of particles of high carbon content entrained from
the bed,. The unburnt carbon loss from a fluidized-bed
combustion system, thersfore manifests itself as carbon in
the entrained ash, or in the carbon contained in the bed

material which may be withdrawn from the combustor.

-

The test rig used for the experiments reported consists of
a refractory lined cambustor vessel, with cooling being
effected by means of the fluidizing air. The air supplied

to the combustor is thevefore about three times that required
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for stoichiometric combustion, The formation of carban
monoxide, or incomplets combustion of the valatiles, in the
bed section is not likely to occur dus to the abundance of
oxygen supplied to the rig resulting in no aXygen deficient
Cregions in the bed. Visual observation of the rig when
operating between 700°C and 1000°C indicated an absence of
the combustion of carbon monecxide in the Treeboard, whilst
a small volatile flame appearsd sporadically in ths free-
board area above the position of the coal feed aperture at
temperatures above 900°C. This is probably caused due to
the rapid evolution and combustion of the volatiles at high
temperatures. However, at femperatures slightly above
600°C, a hiue flame vas evident ir the fresboard secticn
indicating the combustion of carbon monoxide. Yellow
flashes were also cbserved above the bed, indicating the
combustion of volatiles above the bed at these low
temperatures, In view of ths above ohservations, and
further as 8 result of the high oxygen concentration
prevalent in the fluidized bed, it is clear that the

. volatiles are burned within the bed section, whilst the
carbon component of the coal burns to carbon dioxide in
this section. Therefore no measurements to assess the

lJoss due to incomplete combustion have been undertsken.

As no provision was made during the tests for removal of
the bed waterial as overflow from a weir or any similar
device, ash and bed material can only be removed from the
rig as a result of the entrainment process. The unburnt
carbon loss is therefors limited to the carbon entrained
in the off gases. The proportion of carbon contained in
the ash collected by the cyclone has been determined in
order to evaluate the unburnt carbon loss. In fact, this
represents the only combustion loss from the fluidized-bed
combustion test xig, and the combustion efficiency can be
determined directly from it as given by equation {B.2) below:

n, = J - hc u {n.2)
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J.3.1 Methods of Determining the Combustion Efficiency

If the unburnt carbon in the entrained ash is cansidered to
be the only combustion leoss in the fluidized-bed combustion
section, then the combustion =fficiency may be determined by

one of two methods:e

-

a) by means of a heat balance

b) by determination of the unburnt caxbon in

the entrained ash.

a) The Heagt Halance

By considering & heat %“alance sbout the fluidized-bed
combustion section of the rig the following equations from

Appendix E are formed

heat in )+ ¢ heat loss through) (E.1)

(heat input}) = ( combustor walls

1
off gaaess g

which can be reduced to

- — L - ms ;
MpWCV =M -c.:AT + 0,475 - 107 °- AT (£.5) |

ar

WOV =M rc -0 + 0,473 - 1075 - AT (rg).

i

%fﬁﬁ;

In the determination of the combustion efficiency from
gquations {£.5) and (E.6}, all the quantities, except fozx
the gas flow rates csen egasily be determined, However, the
gas flow rate can be approximated in terms of the air flow
rate, the rete of fuel burnt and the ash countent of fuel by
the following equation

M% = Mr - a)-@% (28)

and hence from equations (E.9}) and (18}, the fuel burnt can

e shown to be

f‘&'f = _f'{’aVGV,a,Ma, A7) {19}
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The net calorific value {NCV) and the ash content {a) have
been determined from samples for a8 series of different
tests, cf Appendix I, and small variations from test to
test may occur. Further the values used for these two
parameters in the solution of eguation (19) are averags
values, However the deviation is not expected to
significantly affect the sstimation of the fuel buznt.

The values for air flow {My)} and the difference between
the bed temperature and the surrounding air temperature
have been m&asﬁrad to a sufficient accuracy to permit an

accurate assessment of the fuel burnt (Mf).

The ;Gmbustion efficiency may be determined as the ratio
of the rate of fuel burnt to the rate of fuel supplied as
given by eguation {(20).

The rate at which the fuel is supplied to the combustor
can be determined from the feeder speed to a very high
degree of accurscy cf Section 2.4.1. Howsver, during
each test the feeder speed had to be varied continuously
in orxder to maintain the bed temperature within acceptable
limits,. Further, coal wedging between the feeder screw
and locating sleeve resulted in retardation of the feed
flow rate. As continucus monitoring of the feedsr speed
was not undertaken, the speed was noted after each adjust=-
ment and at reqular intervals. During a large number of
the tests the feader had to be adjusted quite freguently

thus reducing the accuracy of the integrated feed flow.

The combustion efficiencies were determined in accordance
with equation {(20}. The resulting values are contained
in Tables 3.la and 3.1bwith the approximate temperature

and velocity conditions for easy reference.
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Table 3.1 a : Table of Combustion Efficiencies determined

from a Heat Balance at approximate Temperature
and Velocity Conditions for an Inert Bed
Weight of 30 kg.

Temperature (UC)
Velocity
{m/s) 650 700 750 800 B50 o0 950
0,9 15,5
1,1 78,7 67,0 69,7
1,3 78,5 69,4 78,9
1,5 62,1 78,71 72,2 71,1 77,5
Table 3.1 b : Table of Combustion Efficiencies determined
from a Heat Balance at approximate Temperature
and Velocity Conditions for an Inert Bed
Weight of 20 kg.
Velocity Temperature (nC)'
(m/s) 700 750 800 850 900 950 {1000
1,1 90, 7 86,1 88,0 8a,s
1'3 77,0 BG'T
1,5 75,8 17,6 81,1 83,8

The results presented in Tables 3.1 a and 3.1 b are very poar,
with virtually no correlation between temperature and
efficiency, whilst s relationship between velocity and
efficiency is only evident for a shallower bed. Further,
in contrast to geﬁeral expectations, the efficiencies
obtained from the shallower bed are higher than thase for
the deeperxr bed. These results were deemed to be in error,
due to the unreliable value for the integrated value of the

coal feed.
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. The instantanesous cozl feed rate can be determined to a
high degres of accuracy. As the coal Teed was changed .
continuously during each test, instantanepus values had
to be measured and integrated over the duration of the
test. The method of determining this integrated value
was not very satisfactory and it is felt that an instan-
taneous recording of the Teed flow every 30 seconds is
necessary to achisve any meaningful results.  Further,
the adjustment of the coal feed would only manifest itself
on the combustion system after a time delay of between two
to five minutes, and coal feed rates immediately prior to

the commencement of the test may also be necessary.

This approach has been discarded for these tests in -
prefexence for the determination of the combustion
efficiency from the estimation of the unburnt carbon in

the entrained ash which is described below.

b) Unburnt Carbon in the Entrained Ash

The ash entrained in the gas stream lﬁaving the fluidized-
bed combustor is removed vie a low pressure drop cyclone,
The efficiency of dust extrection would be of “he order of
75% cf Section 3.4 and Appendix K. Therefore about 25%

of the ash will not be collected by the cyclone, and the
carbhon content of this ash has not besn assessed. However
the carbon content of these fiﬁﬁr ash particles would have
to be considerably different from that collected by the
cyclone to have a marked effect on the overall result. The
combustion efficiency can be determined by the unburnt carbon
loss as defined in BS Z885 : 1974 from equation (B.2).

o= 1k (B.2)

where the unburnt carban loss referred to ths net
calorific value of the fuel can be found from equation (21}

&
B o= e . 33820

c“I -ce eV (21)
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Or the comhustion efficiency can be determined in terms of
the carbon content af the entrained ash and the ash content

and calorific value of the coal i.e.

n, = f(iCv,a,c,) (22}

From equation (22), it is clear that the combustion
efficiency is independent of the direct measurement of
any of the main operating variables during each individual
test, Provided a representative ash sample is analysed,
and that the main operating variables remain within
acceptable limits, a good assessment of the combustion
efficiency as defined by equation (22) can be abtained.
The resulting values are contained in Tables 3.2 a and
3.2 b with the approximate temperature and velocity con-
ditions for ease of reference. Accurate values for
velocity and temperature as well as more detailed results

are contaiped in Table H.l of Appendix H.

Table 3.2 a Table of Combustion Efficiencies determined

from the Carbon in Ash Analyses at approximate
Temperature and Velocity Conditians faor an
Inert Bed Weight of 30 kg.

Temperature (°C)

Velocity
{m/s) 650 700 750 800 850 9GO0 950

c,9 88,6

%
1,1 81,8 | 88,3 83,4
1,3 76,9 | 83,0 87,8

1,5 52,0 76,6 | 84,3 88,9 | 89,7
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Table 3.2 b Table of Combustian Efficiencies determined
from the Carbon in Ash Analyses at approximate
Temperature and Velocity Conditions for an
Inert Bed Weight of 20 kg.
o
Velocity Temperature { C)
(m/s) 700 750 800 8BS0 900 950 {1000
1,1 79,6 | 80,2 87,7 | 88,0
’ 71,7 . 85,6
*
» 79,6 73,1 19,8 91,4

The resulis of Tables 3.2 a and 3.2 b indicate increasing
combustion efficiency with increasing temperature and
increasing bed height, whilst the combustion efficiency tends
to decrease as the superficial gas velocity increases.

Those values marked with an asterisk (*) have been omitted
from the regression analysis as they are apparently in error.
In each of these three tests, large adjuﬁtments to the coal
feed rate had to be made to maintain the bed temperature st

ar. acceptable value.

3.3.2 Statistical Analysic of Results

The experimental work has been conducted by considering
variations in the main independent wvariables, temperature,
The

temperature was continuously recorded by means of three

superficial gas velocity and the static bed height.
chromel-alumel thermo-couples, cf Section 2.2.7. The, mean
value of the temperature has been evaluated for each test
Table H.1l

of Appendix H contains details of the mean, maximum and

from about 120 equally spaced individual readings.

minimum temperature levels recorded during each test, as
This latter

value has been included to illustrate the degree of deviation

well as the standard deviation from the mean.
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Trom the mean, and higher values for the standard deviation
recorded during the shallow bed tests indicate the increased
difficulty in mainteining steady temperature conditions with
these shallower heds.

Superficial gas velocities and the static bed heights are
obtained indirectly from other measurements. The formexr
has been obtained by measuring the air flow to the rig and
adding the small component from the resulting‘bambustian
gases when the coal is burnt within the rig. The static
bed height is determined from measurements of the bad height
prior to and at the end of each test run, eg Run 8, and by
relating these values to the individual bed pressure drop
measurements for each test, eg BL or 9E etc. Values of
the superficial gas velocities are contained in Table H.1
in Appendix H, whilst those of the static bed height are

contained in Table H.2 of the same Appendix.

In view of the fact that Ehrlich (28} used cther indepen-
dent variables, viz coal flow rate, air flow rate and inert
feed rate, it was decided to estimate thé effect of othes
indzpendent variables on the combustion efficiency. A list

of the irndependent varisbles considered is quotec belo:

bed temperature

superficial gas velocity

static bed height

coal feed rate

gas flow zate

ration of the bed to distributor pressure drcp$
vigorousness of bubbling as given by: {uf-umf}/umf

splashing rate, cf Section 3.4

The measured value. of the coal feed rate has been found to be
of popr accuracy. A hetter value for the coal Teed rate can
however be deduced from the evaluation of the rate at which
the coal is burnt and the combustion efficiency. Therefore

the coal feed rate cannot be used in the regression analysis.
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Further, as the rig is cooled by the fluidizing air, the
gas flow rate is almost proportional to the supexficial
gas velocity, and can therefors be omitted from the .

analysis.

The remaining six quantities from the original eight
listed above will be used in a multiple linear regression
analysis, A brief outline of the statistical method

employed in the analysis is contained in Appendix F.

The ratic of the bed to distributor pressure drop is
obtained directly from the measured values guoted in

Table HZ2 of Appendix H. This value has besen included

in order to include some parameter which may guantify

the quality of fluidization. Similarly the velocity
ratio, termaed the vigorousness of bubbling by Merzick

and Highley (22} has alsoc been included. The splashing
rate which is discussed in Section 3.4 may also be related
to the quality of fluidization, and therefore this para-

meter will also be assessed in the regression analysis.

The Regression Analysis

Table H.4 of Appendix H includes all the wvalues to be used
in the regression analysis. It should be noted that the
results for tests 7B, 8H and 10A have not been included
for reasons as set ocut in Section 3.3.1 (b}. The first
step of the analysis is the evaluation of the bivariate

correlation coefficients, . These have been deter—

». .
ig
mined and tabulasted ip Table 3.3 overleaf.



Table 3,3 :

Bivariate Correlation Coefficients between

the variaous Parameters as defined in the Table

Temperaturs Cas Bed |Pressure |Velocity |Splashing Efficiency
Velocity| Height Ratio Ratia Rate
i1 iz 13 T'i4 P45 16 Tiy
Temperature P13 1,0000 0, 2015 -0,1856 0,0531 G,5957 -0,1468 00,7474
Gas sz 0,3015 1,0000 0,0673 |-0,8002 0,8644 g,3500 ~0,1775
Velocity
Height J
Pressure Tyq 0,0531 -0,8002 0,1558 1,0000 |-D0,6299 -0,1912 0,5210
Ratio ' ‘
Velocity rsj 0,5957 0,8644 0,0426 -0,6295% 1,0000 00,2943 G,1746
Ratio
Splashing Tas -0,1468 00,3500 0,6969 -0,1912 0, 2943 l,0000 00,0716
Rate J )
Efficiency » 0,7474  |-0,x775 .| 0,1847 | ©,5210 | O0,1746 0,0716 1,0000

Zgg-
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Nineteen data points have been used in the analysis. It is
of interest to determine whether a significant correlation
exists between any two parameters. From Appendix F, it is
seen that the hypothesis that the correlation does not differ
significantly from zero can be tested by the analag given by

1

distributed under the null hypothesis as t (19-2), i.e.

with seventeen degrees of freedom.

For 95% confidence limits, and seventeen degrees of freedom

to,025 ~ ~ 2110

and

tp 975 = 2s110

e e e e —

or for there to be no significant correlation between any

two parameters, the following : inequality must be satisfied:

- 2,110 < ry ity < 2,110 (23) ‘
i :
or oy < 0,342 (24} ;

Reference to equation (24) and Table 3.3 indicates that a
significant correlation exists between the following

parameters:

Temperature and velocity ratio

"

Gas Velocity and pressure ratio, velocity ratio,

splashing rate

(3]

Bed Height .

Pressure Ratio : and gas velocity, velocity ratio

and splashing rate

Velocity Ratioc : and tempersature, gas velocity,
pressure ratig

and gas velocity, bed height

Splashing Rate
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In order to determine the significance of each of the depen-
dent variables on the combustion efficiency, the standard
normal correlation coefficient, B;, for each of these
parameters must be determined. These are found from the
components of the inverted matrix formed from the matrix
comprising _the bivariate correlation coefficients between
the independent variables of Table 3.3, i.e. all the
components of Table 3.3 except for the correlation co-
efficients between efficiency and each of the independent

variables. This inverted matrix is given in Table 3.4

Table 3.4 : Inverted Matrix of the Bivariate LCorrelation

Coefficients hetween the Independen: Variables.

1 932 93 9i4 Qis 9i g
glj 4,8679 | ~D,3564 1,1918 | -3,9603 | -5,3829 0,8356
ng -0,3564 7,6277 | -0,7614 3,7138 | -3,9123 ] -0,3295
gﬁj 1,1918 | -0,7614 | 2,6907 -1,9586 -0,9755 | -1,5287
§4j ~-3,9603 3,7138 | -1,9986 6,6468 3,4931 | -N,2453
gSj ~-5,3829 { -3,9123 | -0,9755 33,4931 {10,142 -1,057%

955 0,8356 | -0,3295 | -1,5287 | -D,2453 | -1,0579 ) 2,5677

From the above table, the following standard normal correla-

tion coefficients are determined:

1) Temperature : By = 10,9782

2) Gas Velocity : B, = 10,5329

3} Bed Height. : By = 10,2019

4) Ratio of bed to distributor : By = 0,1023
Pressure Draops

5) Gas Velocity Ratio, (Uf-umf)/umf : Bg = 10,0063

6) Splashing Rate

o]
[a5}
i

0,2720
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The multiple correlation coefficient has been calculated as:
R = 0,9679 : ~

indicating that the regression equation which could be
determined from the six independent variables fits the data
rather well. However the contribution of some of the
independent variables may not be significantly different
from zero., .By taking 95% confidence limits the interval
estimates, Bl, for each of the standard partial correlation
coefficients can be determined from equations (F.ll) and
(F.12) of Appendix F. The calculated interval estimates

are given below:

0,6295 < B;, < 11,3269 1
-0,9694 < 3’2 < -0,0964 }
~0,0574 < 3’3 < 0,4612

~0,3052 < By < 0,5098 |
-0,4971 < B'S < 00,5097 i
0,0187 < B < 0,5253 !

From the above it is evident that the effect of the ratio of
the bed to distributor plate pressure drop (84), and the gas
velocity ratio (BS) have little significance in the regression
analysis and can be eliminated. The splashing rate (BG)
appears to be of significance, whilst the contribution due to
the static bed height (Bq) is apparently insignificant. Huw-i
ever, it was previously noted that a correlation exists
between the bed height and the splashing rate, and thus the
elimination of the splashing rate would increase the signi-
ficance of the bed height. Further, a positive value of
the standard partial correlation coefficient for the
splashing rate, indicates that as the splashing rate in-
creases the combustion efficiency increases,. - This is
contrary to expectations, and further as the measurement

of the static bed height is easier than that of the

splashing rate, this latter variable has also been

eliminated.
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The analysis has been performed te cbtain a regression
equation using temperature, superficial gas velocity and

bed height. The resulting ceorrelation is given below:

n,(%) = 36,27 + 0,0875-T ~ 17,1-u, + 65,0-H {(25)

f

-

The multiple correlation coefficient, R is found as

R = 0,5422 ;

The elimination of three of the original six variables has
resulted in a decrease of the multiple correlation coe
efficient from 0,%5879 to 0,9422. In oxdex to establish
whether this coefficient has been lowered significantly by
the elimination of the three variables, the test as

presented in Appendix F.2 is applied. From equation (F,13),

the following valus is shtained:

F = 3,1019 -

8,74

il

and Fﬂ’gsﬂz,;%} _
F, {}5(12,3} = 0, 287 S

P !

snd since tke value of F lies between (0,287 and £,74, the.
multiple correlation coefficient has not been significantly

reduced.

Finally it was felt that a regression egquation could pro=-
bably be evaluated with only two independent variables,

viz temperature and superficial gas velocity. However, the
resulting multiple correlation coefficient was only 00,8586
which can easily be shown to be significantly different ffom

the 00,9422 chtainad using three independent variables,

Therefore equation, (25) can be taken as the best estimate of
the combustion efficiency from the date obtsined from the
test rig. In the determination of eguation (25}, the

following regression teble, given by Table 3.5 was generated:
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Table 3.5 : Regression Table from the Analysis resulting

in the formation of Equation {(25).

Sum of Degrees of Mean

Squares Freedom Squares
Regressian 551,6 3 183,9
Residual 69,7 15 4,65
Total 621,3 18

with the following statistical values:

Coefficient of Determination : 00,8878
Standard Error of Estimate 2,1559
Multiple Correlation Coefficient : 0,9442

3.3.3 Discussion of Results

It has been found that the combustion efficiency can be
predicted from the bed temperature, the superficial gas
velocity and the static bed height. Although extra-
polations could be made beyond the limits for which the
results have been obtained, predictions aof combustion
efficiency with low pressure drop distributors and burning
a coal having a high fines component such as the Douglas
Duff tested, based on equation (25) should be restricted to
the following limits:

Bed Temperature : from 700 to 1000°C
Superficial Gas Velocity : from 0,9 to 1,5 m/s
Static Bed Height : from 150 to 250 mm

The combustion efficiency is most strongly influenced by the
combustion temperature, resulting in improved combustion at
the higher temperatures due to increased reaction rates.

Secondary effects on the combustion efficiency are due to
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the superficial gas velocity and the static bed height.

As the supexficisl gas wvelocity is increased, the combustion
efficiency decreases as a result of the increased entrain-
ment rate causing a reduction in the residence time of the
particles in the bed. The high fines content of the coal
feed may cause the effect of velocity on the combustion
efficiency to be a little more =mphasized than would
normally bes the case. The deepsr beds testsd resulied

in higher combustion efficiencies, due to the increased

particle residence time.

The comhustion efficiencies reported in this thesis are

much lower than those reported slsewhere, eg by Waters (30},
Ehrlich (28]}, Jonke et al (63). Though direct compariscn
is not possible due to the lack of information regarding

the basic parvameters, ths lower efficiency can be atitributed

to three factors:

a} the use of shallow beds,
b} the low pressure drop distributor, and
=} +the high fines content of the coal feed.

It is generally accepted that shallow beds result in lower
combustion efficiencies due to the shorter residence time of
the ceal particle in the high temperature combustion zone.
Residence times of particles subject to elutriation are
decreased in direct proportion to the total mass of the

bed by the following relationship which is discussed in

more detail in the theoretical analysis of Chapter 4. if
the concentration of solids is designated as *L', then the
rate of change of concentration by elutriation can be

approximated by & first order rate equation, eg

4c _ .. : 2
7 ey O {26}
de o+ 4

e, {27}

df i
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where K¥ is an elutriation rate constant in (kg/mzs) which
is readily pbtained from experimental correlations (24).
Whilst most published results relate to work done in beds
ranging from about 300 tg 60800 mm in depth, the present
series of tests ware performed at depths considerably less
than these. Equation {(27) clearly indicates that the rate
of slutristion of solids from the bed incresses as the bed

weight decreases, i.e. as the bed height decreases.

Although the pressure drop across the distributor should be
of the same order as that through the bed, satisfactory re-
sults have been obtained using low pressure drop distributors,
cf Section 1.2.7. However, the quality of fluidization may
be impaired by using such distributors resulting in pun:
combustion efficiencies. This paramester, the quality of
fludidiyation, is difficult te guantify and attempis were

made to assess this quantitatively by introducing some
additional factors in the regression anslysis of Section
3.3.2. All the factors analysed, resulted in insignifi-
cant improvements in the prediction of the combustion K
efficiency due to the interaction of the various Tasctors

upon each other. The precise effect of the pressure drop
across the distributor, as well as efforts directed at
determining quantitatively the guality of fluidization will
only be possible by evaluating combustion efficiencies whilst
using both similar and different distributors but having

different pressure drop to velocity characteristics.

The high fines content in the coal feed results in these
fine particles being entrained in the off gases before
combustion can take place. The cosl gradings as supplied
are given in Appendix (. However, prior toe introdocing
this coal into the’rig, the size fraction above 6,35 mm
was screensd off, resulting in the as fired grading given
by Figure 20. Only the coal given as Batch B in Appendix
C has been plotted as this was used for eighteen of the

twenty-two tests. From Figure 20, it is seepn that about
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10% of the coal is less than 0,3 mm in diameter, the size

for which the terminal velocity would be about 1,5 m/s

ef Figure 6. :
Finally, it can be said that though the combustion efficiency
can be approximated with confidence by a regression equatiun'
‘cnntaining only temperature, gas velocity and bed height,

the incorporation of a fourth parametasr to gquantify the
quality of fluidization could probably lead to a mors

general application which would allow for changes in equip—
ment, in pearticulayr the distributor type. A further point
is the effect of slugging flow which may have taken place

in the deepsr beds, This is discusssd in more detail in
Section 3.4 and is felt to have little effect an the

combustion efficiency.

The results of Test Runs 6, 7 and B have been plotted in
Figurs 21, with lines of constant velocity from eguation
{25} being superimposed on these points. Similarly,
Figure 22 has been drawn for the shallow bed tests, ie
Test Runs Y and 10, From these two figures the results
of the regression analysis can be compared directly with

the points used in the derivation of aquétian {25).

3.4 ENTRAINMENT -

Particles are entrained from the combustor vessel of the
fluidized-bead combystion rig and separated from the off
gases in a cyclone. The entrainment mechanism can be
described by considering it as the sum of two processes,
the first due to elutriation of the fine particles, and the
other as a result of splashing cf Sscticn 1.2.3. The
phencmenon of elutriation has been studied in some detail,
whilst the concept of splashing has been introduced to
explain the entrainment of those particles too large to be

elutriated.
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The Tirst analyses of the material collected from the
cyclone indicated that the proportiocn of materisl largex
than 600 microns was consistently greater than anticipated
resulting in almost a discontinuity in the grading curves.
Further, the quantity of materiasl retained on the 420 and
211 micron sieves was very much lower than that on the 600
MLICTON sSisve, On closer examination, it was estabhlished
that almest all of the material retained on this latter
siegve was made up of the silica sand which was used as the
inert bed material. These particles of bed material ars
too large to be elutriated, as the terminal velocity of
these particles is well in excess of the 0,9 ta 1,5 n/s
velocity range used during the tests, cf Figure 6. Further,
the bed material used for all but one of the tests has the
size grading given by Figure 16 which indicates that about
92% of the bed material has a size greater than 600 microns.
Buring the combustion process, the bed will only comprise
between 0,5 to 2% of combustible matter, and thersfore any
material extracted from the bed during the combustion pro-
cess will be made up mainly of inert particles, In view
of the above it is evident that those particles grester
than 600 microns have been entrained from the bed by the
splashing mechanism, Therefore it has been assumed in
this thesis, that any material greater than 600 microns
has been removed by the process of splashing, whilst that
below 600 microns has been removed by the elutristion

mechanism.

The asbove assumption is not stirictly true, as the splashed
material should have a grading identical to that of the

bed., However, the quantity of bed materiasl smaller than

600 microns will at worst not exceed 10% of the bed material,
being made up of the original bed material comprising

about B% and some combustible matter comprising no more

then 2% of the fluidized bed. Further, reference to Figure
6 indicates that particles much larger than 300 microns will

not be elutristed. However, from the size gradings
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presented later in this section, it is evident that the
fraction of material between 300 and &00 microns represents
only a small fraction, about 5%, of the total below 300
microns, such that the inclusion of this small fraction

in the elutriated guantity will have little effect on the

results.

3.4.1 bGrading of .the Ash

Once the 600 micron fraction has been removed from the
material collected by the cyclone, the remaining particles
consist almost entirely of ash. This ash fraction has
been graded for each of the twenty~two tests by mzans of
sieving, whilst a further eight tests were selected for
testing by means of a sedimentation technique., Information
on the different means of determining particle sizes as
well as the reasoning for adopting the above two methods

is given in Appendix G.

Sieving of the material obtained from the cyclone was
performed using sieves hawing the Tollowing aperture sizes

in two sieve nests as indicated below:

600 micron 150 micron
420 L 106 w
211 " 75 &

’ 53 14

Particle sizes below 53 microns were determined for eight
of the tests by means of a sedimentstion technique based on
the incremental method as outlined im BS 3406 s Part 2 of
1963 with use being made of an Andreasen pipette. This
method allows for the determination of particle sizes from
75 to about 3 microns. The typical form of a size grading
for the particles below 75 microns is shown in Figure 23.
Distilled water was used as the suspending 1iquid, and
examination of a small drop of the suspension indicated

that no coagulation took place. From Figure 23 it is noted
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that a sharp decrease in the cumulative percentage takes
place between 40 and 55 microns, indicating that a large
proportion of the particles are of this size. This is
probably due to the natural classifying action of the
fluidized bed causing small particles to be slutristed
before being reduced too much in size, as well as due to
the decreased efficiency of the cyclone in removing the

finer ash particles,

As the fluidized-bed combustion process is being investi-
gated, it is of far greater importance to have a knowledge
of the size grading of the material leaving the combustor
vessel than for that collected by the cyclone, In order

to obtain these gradings, iso-kinetic sampling of the dust
on leaving the combustor or immediately pricr to entering
the cyclong will have to be undertaken. However, this
would have involved a complex and lengthy procedure

rendered difficult due to the short lengths of ducting

and relatively confined working aree. A second approach
was adopted requiring a knowledge of the cyclone performance
to deduce the size grading of the incoming dust from the
grading of the collected dust. As the cyclone has become
almost standard eguipment in many dust extraction applics-
tions, the pzrformance of thess components have besen reported
in various publications. The performance of the cyclone
used for the fluidized-bed combustion tests is discussed

in Appendix K.

The size gradings of ths collected ash have been used to
determine the gradings of the ash on entering the cyclone .

and hence the ash leaving the cyclone in the following way:

a) The grading of the ash collected from the
cyclone is determined by sieving and in some
cases the smaller sizes are determined using

the incremental pipette method.
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b} The grading of the ash at inlet to the
cyclone is determined by applying the cyclane
gfficiencies for the different intervals to

the collected ash grading.

c) These results are then "smoothed” by plotting
on log~probability (Rosin-Rammlex) paper and

fitting a straight line to them.

d) The resulting grading for the ash at inlet
to the cyclone is then used to determine the
"smoothed" collected ash curve from the
cyclone efficiencies and hence the grading
of the ash leaving the cyclone to the

atmosphere.

Figures 24 and 25 iilustrate typical curves for the gradings
at inlet to and exit from the cyclone as well as the grading
of the collected ash. Although there is very little
difference between the two sets of curves, Figure 24 is .
representative of the results obtaired from the deep bed
tests whilst Figure 25 is representative of the shallow bed
tests, In addition to these results, Table H.S5 of Appendix
H contains some selected smoothed curves of the size gradings
of the ash at inlet to, exit from and that collected by the
cyclong. The complete sieve analyses from 600 to 53 microns
is given in Table H.6 of the same Appendix; whilst Taeble H.9
contains the results of the size analysis by means of a
sedimentation technique for particles of size less than 75
microns. This latter analysis has only been performed on

the ssh from eight of the tests.

3.4.2 The Splashed Material

All that material entrained in the gas stream from the
fluidized-bed combustor greater than 600 microns in size is

assumed to be removed by the mechanism of splashing. 1t is
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b} The grading of the ash at inlet to the
cyclone is determined by applyving the cyclone
efficiencies for the different intervals te

the collected ash grading.

c) These results are then "smoothed” by plotting
on log~probability (Rosin-Rammler) paper and

fitting a straight line to them.

d} The resulting grading for the ash at inlet
to the cyclone is then used to determine the
"smoothed" collected ash curve from the
cyclone efficiencies and hence the grading
of the ash leaving the cyclone to the

atmosphere.

Figures 24 and 25 illustrate typical curves for the gradings
at inlet to and exit from the cyclone as well as the grading
of the collected ash. Although there is very little
difference between the two sets of curves, Figure 24 is
representative of the results obtained from the deep bed
tests whilst Figure 25 is representative of the shallow bed
tests, in sddition to these results, Table H.S5 of Appendix
H contains some sslected smoothed curves of the size gradings
of the ash at inlet to, exit from and that collected by the
cyclone, The complete sieve analyses from 600 to 53 microns
is given in Table H.6 of the same Appendix, whilst Table H.9
cantains the results ef the size analysis by means of a
sedimentation technique for particles of size less than 75
microns. This latter analysis has only been performed aon

the ash from eight of the tests,

3.4.2 The Splashed Materiasl

All that material entrained in the gas stream from the
fluidized-bed combustor greater than 600 wmicrons in size is

assumed to be removed by the mechanism of splashing. It is
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evident that the splashing rate is a function of the height
of freeboard section, and for an infinite freeboard, the
splashing rate will be zero. Kunii and Levenspiel®

(4, Ch 10) consider the entrainment of fines by the
elutriation mechanism, whilst the entrainment of coarse
particles decreases exponentially in accordance with an
equation similar to that given by eguatien {28).

i
h

m=ra el (26)

i

This entrainment of the coarse particles has been représen%ed
in this thesis by the splashing rate, and as is evident from
equation (28} the splashing rate is wvery much dependent on
the rig dimensions, and in particular on the height aof the
freeboard. The results of this study are therefore re-
ferred to a8 freeboard height of approximately 900 =mm, which
is well below the figure of about 10 m which is. generally
quoted as being necessary to eliminate the effect of the

entrainment due to causes other than by elutriation.

Examination of the splashed material has shown it to he
comprised almost exclusively of the silica sand used as

thz bed na*erial. Small amounts of ash were ~2vident, but
not in any guantity to suggest a build-up of ash in the bed.
Reference to Table H.2 of Appendix H shows that the static
bed height decreases steadily during a test xrun, The
increase in bed height iﬁdicafed during Run 8 is due to the
addition of some bed material after Test BE. The bed material
was also sxamined at the end of sach zun, and besides there
being no appreciable build up of ash in the bed, the silica
sand forming the inert bed showed almost no sign of degrada-
tiom. It is clear therefore that the ash formed during
combustion at the relatively low bed temperatures, from

700 %o lﬂﬁﬁﬁf, is soft and the attrition rate of the ash is
high whilst that of the silica sand bed material is very
small, This indicates that almost all of the ash intro-
duced intao the bed vie the cral feed, is broken down in the

fluidized bed snd removed from the rig by means af the off
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gases. The original bed material, i.e. the silica sand,
undergoes very little change and is removed by the splashing
Process. As a result of the removal of the bed material
without it being supplemented by ash remaining in the bed
from the coal feed, the bed height steadily falls as the

Test Hun progresses.

J.4.3 Entrainment Rates of the Different Lomponents

Table H.8 of Appendix H contains the entrainment rates of
the various components leaving the bed. These are divi-
ded into two main components, that due to elutriation
represented by the carbon and ash Tlow rates and the secand
due to the splashing rate, represented by the sand flow
rate. The combined ash and carbon flow rates have been
obtained by weighing the sample collected by the cyclone
after the removal of the sand {i.e. the component having

a dismeter in excess of 600 microns), and allowing for the
cyclone performance to deduce the flow rate of the incoming
particles. The assessment of the percentage carbon in ash
enables the ash and carbon flows to be separated. The
deduced ash flow rate has been determined directly from the
ash content of cosl feed rate, assuming that all the ash is
entrained from the rig. In comparing this latter flow rate
with the measured ash flow rate, it appears that thes deduced
flow rate, except for two measurements, is always greaterx
than that measured. This would indicate that a small
guantity of ash remains in the bed. However, the duration
of the tests have been too short to obtain a meaningful
result for the measured value, which has further besn dew
rived from a simple approach to the cyclone performance.
Accurate comparisons could only be obtained from detailed
tests on the cyclone, The comparison of the results has
little meaning except to indicate that the flow rates arxe
of the same order. However, although the absolute value
of the measured entrainment rates is of only marginal

importance, the relative values of the elutriated and
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splashed components can be determined accurately and are of
significance. The fraction of the entrainment rate that
cccurs as a result of splashing, or the percentage sand of
the taotal entrainment rate, is given in Tables 3.6 a and
3.6 b for each test with the approximate velocity and

temperature conditions quoted for ease of reference.

Table 3.6 a : Splashing Rate as a Percentage of Total

Entrainment Rate from the Cambustor Vessel
at Approximate Velocity and Temperature
Conditions for a Static Bed Height of 220 mm.

Teinperature (°C)

Velocity
{(m/s) 650 700 750 BOO 850 900 950
0,9 9,2
1,1 4,7 8,7 6,0
1,3 4,6 21,1 5,5
1,5 10,0 13,5 (28,9 17,8 9,2

Table 3.6 b : Splashing Rate as a Percentage of Total
Entrainment Rate from the Combustor Vessel
at Approximate Velocity and Temperature
Conditions for a Static Bed Height of. 155 mm.

Temperature (°C)

Velocity
(m/s) 700 750 800 850 500 950 |1000

1,1 0,5 1,1 a,4 1,2
1,3 0,4 0,6
1,5 : 1,3 1,6 0,8 1,3

From Tables 3.6 a and 3.6 b, it is evident that the splashing
rate from the deeper bed is far greater than that of the

shallower bed. In accordance with the two phase theory of
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fluidization, the amount of gas in excess of that required
to fluidize the bed passes through the bed as bubbles.

From Table H.3 of Appendix H, it is evident that the -
superficial gas velocity is well in excess of that required
to just fluidize the bed. Further, from Stewart®s {103}
criterion for slug flow given by equation {J.12) below and

as discussed in Appendix J. >

. 0,5
(uf - umf) J 0,35 / cat al > 0,2 (7.12)

s i gt i

the bed should be in the slugging flow regime, For the
shallow beds tested, the coalescence of the bubbles will
not have cccurred to such an extent for slug flow to ocour.
The bubbles in the desper bed probably approach that of the
combuystor diameter, yet even these deeper heds have a depth
aof only 230 mm and fully developed slug flow is improbable.

It is felt therefore that the increased entrainment rate
for the deeper bed occurs as a result of the incressed
momentum imparted to particles on the bursting of larger
bubbles at the surface. Although Davidson and Harrison
{12, pg 19} claim that the two phase theory of fluidization
holds for values of (Ug - U c)/U_ . in excess of ten, this

would appear to be doubtful.

Further examination of Tables 3.6 a and 3.5 b, indicates
that increasing velocity increases the splashing rate.
However the contribution by splashing at similar velocities
but at different temperatures is markedly different, with

an apparent maximum being observed at 800°C in four of the
five velocity levels noted. This results in a poor '
correlation being derived between the splashing rate and
velocity. It is felt that in order to cbtain a quantitative
result for the splashing rate a far more comprehensive test
series incorporsting different distributor types will be
necessary as one of the main paramsters in the splashing rate

would appear to be the bubble diasmetex.
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J.4.4 Discyssion of Resuylts

in contrast to quantitative rssults ohtained from the
investigation into the combustion efficiency, ne such
relationship could be derived in the description of the
entrainment rates. It is mvident, however, that the
deeper beds resulted in higher splashing rates as was the
result when the velocity was incressed. The shallower
fluidized beds behave as bubbling beés;w§hilsf the initial
phases of slug Tlow appear to be manifested in the deeper
beds investigeted. In oxder to arrive at a quantitative
result, the use of the bubble diamster, bubble velocity,
fraction of solids in the bubble wake or some other com-
plex phenomenon sssocisted with gas fluidized beds may be
NEcessary. As all these parameters are highly complex,
it is ewvident that a considerable amount of work will have
to be done in order to guantify the result even for very

specific operating conditions.
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CHAPTER 4

THEORETICAL MODEL

The extension of results from experimental or pilot plant
for use in large scale equipment or even the comparison of
results from one particular arrangement to another requires
the formulstion of a model to describe the process. Models
~are particularly wseful in establishing the effect of indie
vidual parameters on the overall system. However, the
copbustion of solid fuels in an inert fluidized bed is
extremely difficult to sescribe analyticslly because of

the large number of unknown parameters. Indeed, Pyle (14}
reports that models are guite eoften gualitative oxr at best
semi~-quantitative, whilst when some form of correlation is
required to predict performance in some other situstion, the
model may be empirical. No & priori design and analysis of
fluidized-bed combustors is presently possible, "nor is it

likely to be so in the immedistely foressable © future™ (14},

A model has been developed based on the theories of different
authors to explain the fluidized-bed combustion and entyaine
ment processes under steady state conditions. From a
knowledge of the original bed size grading and the grading

of the fuel fed into the combustor the eveniual gradings of
the inert end combustible components within the bed as wesll
as of the entrained material cen be prediclted. A major
objective of the model is the prediction of combustion

efficiencies and entrainment rates.

4,1 THE ©VvERALL CONCEFYT

The model commences with an estimate of the combustion

efficiency and & determination of one of the three
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parameters, superficisl gas velocity, temperature or coal
flow rate from the remaining two which are used as input.
The second stage of the calculation is the determination

of the combustion efficiesncy. This is determined by
considering the overall consumption of oxygen in the bed
and comparing it with the coal feed rate. The efficiency
thus determined is compared with the originsl estimate, and
should they differ by more than 0,5% a new estimate for the
efficiency is made based on the previocus values. A new
value for the unknown of the three parameters, wvelocity,
temperature and coal flow is then determined and the
calculation repeated until the desired accuracy is chtained,
Elutriation rates, particle shrinkage rates and splashing
rates have to be supplied as data. Existing correlations
have heen used for the first two, whilst a splashing rate
constant has been determined from the experimental results.
It should bs emphasized that the splashing rate constant so
determined is rig dependent, the most important influencing
parameters being the freeboard height and the existence of

bafflies abaove the hed,

"The third and final stage is concernsd with the determination
of particle entrainment rates from the bed. Particles are
considered to be abraded in the bhed and remain in the bed
until they are removed either by elutriation, splashing or

in the bed overflow. The major difference between this
calculation and that for the determination of the combustion
efficiency lies in the manner in which the shyinking particle,
caused by combustion or abrasion is considered, in the case
of combustion, no sttrition is assumed to take place and no
fines are produced. As a result the particle shrinks by
chemical action only.  Further, as the burning particles
comprise only a small percentage of the entire bed mass,
typically 1%, and therefore the ovexflow guantity or decrease
in bed weight is neglected. Iin the case of attrition, the
fines produced are considered and the mass balence of the

system results in a more complex equation which is solved by
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considering pérticles falling into and out of a small size
fraction. The splashing rate constant obtained from the
previous stage is applied to the third stage, whilst-the
resulting ash size distribution is correlated with the
experimentally determinsed distribution by applying an
attrition rate constant. A simplified block diagram of

the overall model is given in Figure 26.

4.2 PRELIMINARY CALCULATIOND

The first stage of the theoretical model consists of
performing a hest balance on a fluidized-bed combustor.
In particular the heat balance is considersd about the
fluidized bed section of the test rig as described in
Section 3.3.1 {a) and Appendix £. The heat balance is

written as :

heat in ) ( heat loss through

(heat tnput) = (qﬁf gases combustor walls ) (£.1)
which reduces to
I
neMp,-NCV = Mgop 87+ S (29; 7

{

The heat loss through the combustor walls Qw is supplied as
input. By increasing the value of this parameter, the
effect of bed cooling by immersed surfaces cen be assessed,
The net calorific value may be supplied as input or be
deduced from the ultimate analysis of the coal, whilst the
specific heat is assumed to be the mean specific heat of
air at the respective temperature. The conditions analysed
are similar to those for which the tests were carried out
i.g. at high excess air lesvels, and therefore the sffect of
the carbon dioxide and water vapour components on the speci-
fic heat of the flue gases will be small, such that the
error introduced by assuming that the specific heat of these

gases approximates that of air will be insignificant. The

JEPHRINE VY
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gas velocity is related to the gas mass flow rate by the

simple relationship of equation (30).

oA 30 |
My = og-Ayus (50) |

and equation (29} can be written as

n = f(T,upMpy) (31)

The combustion calculation commences by assuming a value
for combustion efficiency. Any two of the parameters,
temperature, velocity or coal feed rate are supplied as
input such that the third may be calculated by equation
(31). From this the e»2nl, gas anc air flows w»re deter~’
mined, The ultimate analysis af the coal enables the

gas components as well as the specific air required and

gas generated per kg of coal burnt to be calculated. A
new value for the combustion efficiency is then determined
from the combustion model and used in equation (31) to
determine the corresponding ceoal, gas and air flow rates.
The value for combustion efficiency is obtained by a method
of successive approximations teo an accuracy of D0,5% before

the iterative procedure is ftermineted.

4,3 THE COMBUSTION MODEL

Cnce an estimate of the coal, gas and air flow rates has
been made, the combustion efficiency can be determined.
Gibbs (23) extended the entrainment model of Kunii and -.
Levenspiel (4, Ch 11) to include the two phase theory of
fluidization (12} enabling the evaluation of a combustion
efficiency. This model, suggested by Gibbs (23} forms the
basis of the combustion model. Other models have been
suggested by Campbell and Davidson (13) and also by

Becker et al (80). The work of Gibbs attempts to imprave
on that of the former mentioned (13), whilst the work of

Becker et al (8G) is an approach to develop a rigarous,
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general, inclusive model resulting in a large number of
assumptions, some contentions, and an unwieldy and laxge
set of eqguations which have not as yet been shown to’'be

readily soluble.

in accordance with the two-phase theory of fluidizetion,
the model proposed by Gibbs (23) which has been adopted in
this thesis, assumes that the bubble phasg is deveid of
particles and therefore combustion takes place in the
particulate phase. The combustor performance therefore,
depends on the rate of transfer of the oxidising reagent
fraom the bubble to the particulate phase and the hetero-
geneous reaction rate. Avedesian and Davidson (10) have
shown that for gss seclids contacting these can be measured
by two dimensionless groups, the transfer factor X or the
number of times a bubble interchanges its vaolume as it
moves through a bed of height He, and a dimensionless
velocity constant k™. These relationships are represented

in equatiocns (32} and {33).

Qn -l

which can also be writtien

X = Kbp. Hf/uBS {32b)

ad K = KBpe / up (55}

where k is defined as a first order particulate phase
velocity constant by writing the rate of oxygen consumption
per unit volume of particulate phase (10). From these
raelationships, it is evident that for high valuss of X, the
transfer of the reagent to the particulate phase is high

and the bed combustion reaction rate would be dependent on
the heterocgeneous reaction rate. Furthsr, low values of X
will result in much of the reagent by-passing the bed in the

bubbles resulting in decreases in combustion efficiency as a
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result of the poor interchange between the bubble and the

particulate phases, While the particle shrinks dus to the
combined action of combustion and attrition, the combustible
material is assumed to be removed from the bed in the over-

flow, by slutriation and splashing.

The combustion model only considers the effect on the
cambustiblie matter in the bed. The derivation of the
performance equations are summarized below, the complete
details may be obtained from References {4, Ch 11}, (10} and
(23}.

4,3.1 Assupptions

The basis for the model is the work on the batech combustion
of carbon in a. fluidized bed by Avedesian and Davidson {i0)}.
By comparing the carbon burn-out time, and carbon dioxide
and oxygen concentrations in the off gas with theoretical
considerations, they deduced that the combustion process

of particles in a fluidized bed is controlled by two
diffusional resistances, the diffusion of oxygen from the
bubble to the particulate phase and secondly the diffusion
of the oxygen through the ash to the burning carbon particle.
The combustion of the carbon particle is assumed to take
place according to the two film theory of combustion, cf
Section Y.1.2. Referring to Figures 3 and 4 which describe
this theory, it is seen that carbon dioxide diffuses from
+he reaction zone towards the carbon particle where the

following hetercgeneous reaction takes place:

oo+ ﬁﬁg e B0

The resulting carbon monoxide diffuses back to the reaction

zone where it reeacts with oxygen to form carbon dioxide.

2,00 + (g9 ™ 2+ 00g
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One part af the carbon dioxide diffuses back towards the
carbon particle while the other diffuses into the main
stream., Avedesian and Javidson (i&} indicate that -~
Reynolds and Grasshof numbers are less than unity thus
implying that forced and natural convection effects are
small., Mass transfer is thus primarily due to molecular
diffusion.and by assuming that concentration profiles are
quickly established, i.e. fasi chemicsl reactions, the
following equation representing concéntrations about the

particle as the particle shrinks results.

d ac
(v ™

dr
Equation (34) is solved with the boundary conditions imposed
by the reactions of the two film theery given above. By
comparing the resulting transfer rate with that which would
occur with no chemical reaction other than that which would
pceur at the particle surface, the molar flow of oxygen to
the particle is written as

n = 2o neSh G- C’P {35} f

The main assumptlons of the model zan be statud as followas

1. The two-phase theory of fluidization as proposed by
Davidson and Harrison (12} in which a bubble and a

particulate phase exist has been assumed.

2. The particulate phase is compleisly mixed with regaxd

to both the gas and solids within the phase.

3. The bubbles are in plug flow and of uniform diameter
throughout the bed.

4, ECpal is fed uniformly to all points on the plane at
the base of the bed,

S. Coal particles burn in the perticulate phase of the

bed. The flow of oxygen to the particles is
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dependent on two diffusional resistances such that
the molar flow of oxygen to the surface of the

combustible particle is given by squation (35})}. -

6. ELoal particles shrink due to the ammbimeﬁ'actimﬁ
of combustion and sttrition. The rate of shrinkage
by combustion is governed by equation {35) whilst
the tiny fragments worn off by attrition are carried
away and are not considered as part of the solid

population.

T. The volatile component is assumed to be combined
with the char and to burn at the same rate as the

char.

B. The mass of combustible perticles within the bed is

much less than the total inert bed mass.

4,3.2 Development of the General Pexformance Equation

As the gas hubbles pass through the hed, they exchange oxygen:
with the particulate phase in which the oxygen concentration
remains canstant and at the same level throughout the
fluidized bed at & value ’Cpﬁé. The oxygen concentration
of the bubble changes from 'CG‘, the value at inlet to the
bed, to 'Qb' which is dependent on the height of the bubble
within the bed. The overall gas interchange coefficient
between the bubble and the particulate phase Kbp is defined
by eguation {(36).
Cf{;‘b

Kbp . {Cp ~ Cpl=upgg Fr (36) r
This interchange coefficient can be found by the relation-
ship derived by Davidson and Harrison (12, pg 114) and is
given by equation {37).

Gﬁ,s 7,25
um g
Ky 4,5 () + 5,850 — 57 (37)

£ _ 535’
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a) Rate Expressions for Shrinkage

Coal psrticles shrink as a result of the combustion process
and due to attrition. The attritionm of the coal particles
is assumed to be a fraction of the combustion rate. The
overall shrinkage rate can therefore be expressed as the

sum of the combustion and attrition rate caomponents.

_ (41)
T{d) = rc(d) + ra(d)
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The rate of shrinkage is assumed to obey a first order

rate equation as given by

ad | T
rd) = - — . (42)
dt |
:
This rate of shrinkage due to combustion can be assessed
by equating the molar flow of oxygen to the particle to the
molar consumption of oxygen. From the overall chemical
reaction of carbon with oxygen, it is known that one male
of oxygen combines with one mole of carbon to form carbon
dioxide. The molar flow of oxygen is chtained from
equation (35) whilst the molar consumption of carbon is

considered as the rate of shrinkage of the carhon particle.

molar flow _ molar econsumption
of oxygen - of -carbon
1 n-d2.dd
2-w-Sh-Gd'C_ = =~——.p - —
P 12 ¢ 2 4t
@ _ 5ol ' (43)
dt pc-d .
or
48-5 {2
r (d) = 28 5nGCp (44)
e pc-d
and )

I‘a(d) = a-l’c(dJ {45)
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The rate of shrinkage is assumed to obey a first oxrder

rate equation as given by

dd |
r(d) = - — (42) |
at !

This rate of shfinkage due to combustion can be assessed
by equating the molar flow of oxygen to the particle to the
molar consumption of oxygen. From the overall chemical
reaction of carbon with oxygen, it is known that one mole
of oxygen combines with one mole of carbon to form carbon
dioxide. The molar flow of oxygen is obtained from
equation {(35) whilst the molar consumption of carbon is

considered as the rate of shrinkage of the carhon particle,

molar flow _ molar consumption
of oxygen - of -earbon
2.5-Sh-G-d-C, 1, wddd
.'no . - L] = ——--p - —
p 12 ¢ 2 4t
g - _ 48'Sh'6'6p - (43)
dt pc-d
or
48 S5h- G- .
r (d) = —-8——-h—G-—CE (44)
e p -d
c
and

I‘a(d) = a-I‘c(d) (45)
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b} Rate Expressions for Entrainment

The entrainment rate is defined as the sum aof two cnépwneﬁts,
that dug to elutriation, and that due to splashing. The
elutriation phenomenon is well understood, and refers to

the selective removal of fines by entrainment from a mixture
of particle sizes. This slutriation is therefore definsd
by the following:

rate of removal of % | fraction of bed
solids of size d = X - of
per unit area of bed stze d
1 d m{d) *
A dmd) = x . md | (26)
ﬁt dt ]

or it can be defined for a particuior system as:

rate of removal of | _ % wetght of solids of
solids of size d stze d in bed

i mid)
-%m = K-m(d) (47)

where
K == KM / ;It {48}

The elutriation constant K¥* can be obtained from a number

of correlstions by different authors, the one proposed by
Wen and Hashinger (24) will howsver be used for this thesis.
The elutriation constant K is then rear;iily cbtained from

K* by equation (48}.

-

The splashing rate has been intrcduced to account for those

particles lost from the fluidized bed system which are too
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large to be remaved by the process of elutriatinn; ct
Section 1.2.3. The bursting of bubbles at the bed surfa&e
results in these particles being imparted with a high
momentum and being lost from the fluidized bed. The
splashing rate coefficient has been arbitrarily defined

by Gibbs (23) by equation (49).

total combustibles -

lost by splashing \ _ gy ., (4)-pd (49)
in size tnterval e e
d to - (d+ad)

i
where the splashing rate constant 'S' is assumed to be a

function of parti-le diameter, Splashing ratz constants
have been derived from the experimental work for use in
the theoretical model. Therefore the total entrainment
of soclids from the bed in the size interval

is given by the sum of the elutriated and spiashed com-—

ponents as represented in equation (50).

entrairment of

combustibles in M. X
the size interval = (K +5) Mé pc(d) ad (50)

d to (d+ad)

c) Determination of the Mass aof and the Particle Size

Distribution of the Burning Particles in the Bed

With a knowledge of the rate equations for particle shrinkage
and entrainment, a mass balance can be performed cver a small
size interveal to determine the overall flow rates as well as
determine the mass and size distribution of the burning
particles in the fluidized bed such that equation (40) can

be solvec. Steady state conditions are assumed, with
constant particle densities throughout the process. Hack-
mix flow in the bed enables the assumption of equivalent

size analyses for both the bed material and the overflow

stream to be made, i.e. p; (d} = P (d). Further the
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particle shrinkage is given by the general rate expressiaon
of equation (42}. Referring to Figure 27, Kunii and
Levenspiel (4, Ch 11) consider a mass balance on the -

solids to determine the total partiecle shrinkage rate, or

total solid shrinkage) _ ~
in the bed )" Fo = (Fy* Fy)

. y [shrinkage of solids in the
- size tnterval d to (d+ad)

Mc.pe(d)-aé\ wed® dd
= I Pg Py T-d2 / 3}. dt

At

From which on taking the limit as Ad ‘tends to dd, the total

solids generation in unit time is found as:

solid shrinkage _ 3-Mc-pc(d)-rrd) 3 (51)

in the interval d

For which total shrinkage is found as

3'M,p,(d)-T(d)
d

Fa - (F1 + F2)

H

|

t

ad  (s2) |
' 3

[

Further, a mass balance for coal particles in the size

interval g to 4 + pad is writtien as follows

total coal coal coal coal coal coal

consumption fed leaving shrinking shrinking\ [entraine

in the bed to the|-|in the into out of wn off (53)

interval . interval gases '!

rom largey to smallerm ‘
size size

in interval bed
d to (d+ad)

By equating equations (53) and {51), and taking limits as
Ad  tends to zero, Kunii and lLevenspiel (4, Ch 11} derive

the general differential equation for fluidized beds
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Therefore the mass of burning particles is determined from
equation {(58) whilst the size distribution of the burning
particles can be found Trom equation {(855%}. These paxa-~
meters are then substituted into equation {40) which is
then solved for the resulting particulate oxygen concere

tration.

4,3,3 Discussion of the Dombustion Madel .

The use of simple shrinkage rate squsations has enabled

these to be integrated to yield expressions which are easily
solved numerically. Development of the sguations has been
limited to the case where particles shrink steadily and
therefore cannot be used where particles break apﬁrtr&r

agglomerate into large lumps.

The combustibles loss, and hence the combustion efficiency
is determined from the entrained carbon flow. Higherx
superficial gss velocities result in higher elutriation

and hence higher entrainment rates. An important factor y
affecting the entrainment rate, however, is the mass of

coal or carbon particles contained in the bed. High

oxygen transfer -ates, and the assaciated high combustion
rates will result in the residence time of the carbon

within the bed being small and therefore a smaller mass of
carbon will be retadined in the fluidized bed, Therefore
fust reasction rates will result in high efficisncies.

Gibbs (23) has shown that when operating near to stoichio-
metric conditions, the combustibles loss remains small for
bubble diameters up to 100 mm, on increasing the diameter -
above this value, the combustibles loss increases rapidly.
This is due mainly to the decrease in the transfer factor X,
cf eguation (32}, i.e. the numbex of times the bubble inter-
changes its volume as it moves through bed, as the bubble
diameter increases, This transfer factor determines the
diffusional resistance of the axygen transfer from the

bubble phase to the particulate phase.
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In the case of high excess air, as was prevelant during
all of the tests performed on the fluidized-bed combustor,
the oxygen concentration throughout the bubble and parti-
culate phases would be high since only 8 small amount of
axygen would be consumed. The combustion would therefore
be controlled by local diffﬁﬁign neay the particle, with

the transfer from the bubbles having only a small sffsct.

4.4 THE ENTHAINMENT MODEL

Entrainment has been considered to be made up of a
splashing and an =lutriation component, of Section 1l.2.3.
The sntrainment is considered independently of the com-
bustion process. In this model, inert ash and bed
material are assumed to be fed to the bed separatsly from
the carban flow. The coal flow is assumed to be made up
of two components, a8 pure coal flow which is used in the
conbustion model, and & pure ash flow which is wsed in the

entrainment model.

The entrainment model is besed on the work of Merrick and
Highley {22]}. Although they (22) developed a new
expression for entrainment to account for the loss of
particles which are larger than those which would be
removed by the elutriation mechanism, this approach has
not been wused in this thesis. Entrainment has been
divided into splashing and elutristion as was done in the
@ﬂmbﬁ&%ian model. &sﬂ and inerxt bed material ars fed
intn the bhed in which the individusl particles are reduced
in size wntil they are esventuslly entrained in the off
GESES, Both the fine particles abraded away from the
core particles and these reduced core particles are con-

sidered in the mass balancs.

Attrition in s fluidized bed is therefaore the result of the
abrasion of the coarse particles to form fine particles

with a carreapmﬁﬁiﬁé reduction in the size of the coarse
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particles. Merrick and Highley {22} have found that the
size distribution of the fines produced is almost constant
for a particular bed material, and independent of the bed
‘size distribution or aperating conditions. A typical
size distribution of the fines produced by attrition is
given in Figure 28.from the data supplied by Merrick and
Highley (22}. They correlate the production of fines by

the following sguation
F = A-{uf. - umf}-Mb {53} '5
| !
k

Howsver the use of equation (59} for individusl size
fractions resulteo in the predicted bed size dastribusions
being considersbly coarser than found experimentally {(22}.
A correction fTactor was applied to account for the fact
that though the coarser particles are continually in
contact with each other, the fines spend some time in the
voids created by the larger particles. Therefore a new
rate equation was developed including a sscond abrasion
rate constant A* and the proportion of particles in the
bed smeller than the size d, The following equation for
the production of fines by aorasion of particles of size d
results:

53&% -

.\ |
i S Bag= = A fyefus =, by (60} :

such that the sum aof 211 the zbrasicn retes iz the same as

that given by egquation (59).

In the development of the mathematical wodel, the size
distributions of the various components are divided up
into 2 number of size fractions, where 1 refers to the
i th =mize fraction and where i=1 represents that fraction
having the largest mean diameter, A mass balance is then
performed on the system for the i th size intexval, which

results in eguation {61). Figure 29 diagramatically
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ine gain of las§ of Ioss_o{;
feed | |partieles| [gain of wetght ' . |partieles
rate Hfrom next |t|fines by |= over. due to entrain to next
. rate . ment
F. largest abraston fines rate smallest
* size due production size
to size by size
reducti reduction
| Y41 : g
(61)

The only parameter which requires special calculation, is

the rate of loss .af par*icles to the next smallast size W

io

A mean removal rate constant, Z,;, is defined (22) by

equations (62) and (63).

dM i
ol ZmM (62) ;
o
where " ; Y
Z, =A, + K +5. +0/M (63) .
from which Merrick and Highley {22) deduce an expression

for the rate of loss of particles to the next smallest

size.

The final flow rates and size gradings are solved by an

iterative procedure.

The iteration is commenced by
estimating the overflow rate and the bed size grading. A
mass balance on each size grading is performed resulting
in the mass of each size fraction being deduced. Summing
each of these individual fractions results in a total bed
weight being obtained which is then compared with the
desired bed weight. The oaverflow rate is then adjusted

until the bed weight is obtained to the desired accuracy.
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4.5 DESIGN OF THE COMPUTER PROGRAMME

A suite of fifteen subroutines and a main "calling® grmﬁramm&
have been developed far use an the UNIVAC computer for
solving the theoretical model. Betails of the numerical
methads employed, viz for interpolation, integration and

iteration are contained in Appendix I.

Input to the programme consists mainly of the coal and

inert feed size gradings on a cumulative percent by weight
undersize basis. The particle sizes have a range,

typically from about 50 microns to 10,0 =m. In the come
bustion model, these input size gradings are supplisd at
arbitrary interva.s betwean each size. For the entrainment
model, however, the particle sizes increase a5 a geometric
progression given by equation (64}, whers each pf the values,
pamely the minimum diasmeter, the number of points and the

exponent for the progression are supplied as input:

do=d . (2 yer (i1} - (84}

Intermediate points are obtaired by means of Aitken's wmethod
of interpolation, cf Appendix 1. The integrations reguired
for the solution of sguation {40} have been pexformed by
means of Gregoryls formula for numerical integration. It
has been found that the use of a 75 micron step in the
integration formula resultis in satisfactory resulis, though
the computational time is exiremely high, about 30 minutes
dug to the relatively inefficient integration technigue.

Use of 8 central difference formuls for the integration

would improve the computation substantially.

The efficiency is derived from the evaluation of particu-
iate oxygen concentration deduced from eguation {40}, The
sonlution of squation (40} was performed by means of the
mathod of successive approximations (82, Ch §). This

method reqguires an initisl estimate of the oaxygen
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concentration from which a revised value is determined.

Therefore equation (40) has to be rewritten in the form

given below:

c_ = f(C ) (65) |
Py, - Pp-1 i
i
|
where n refers to the n th iterate. - However, Epn will

only converge to a solution if the derivative of
f (£pn l) is less than unity in absolute value or symboli-

cally it

R I I (66}
ac :
P

d f(C ) \

'a

1

[}
It should be evident that a number of different expressions
can be found for equation (65). A few of these expressions
were tested, and the one given by equation {67) is found
to converge to a solution to equation (40), i.e. the con-
dition represented by equation (66) is met.

c =2¢C 1 + D/A
D a/(+/) (67)

where M p (d) .
D= __?_20____ dd
d
and A,.-p
t's =X
A= Seme -[(I—f)-umf + frugg-(I-e )]

where D can be shown to be a function of
C from equations (41), (44) and (55)}.

-

Equation {67) converges to a value of Ep such that the

Pa-1

efficiency is evaluated to within $% within four to five

iterations.
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Unce the gombustion efficiency has been evaluated, the cosl
feed rate and hence the inert ash flow rate is estsblished.
In order to establish the resulting bed size analysisg and
the entrainment rates, the coal feed is assumed to be
divided into two streams each of identical size analyses.
The first comprises only combustible matter and is used
exclusively in the combustion calculstion, whilst the second
is made up of the inert materisl in the coal and is only
used in the entrainment madel. Replenishment of the bed
material is accommodated by considering the introduction of
hed materisl as a separate flow entering the bed. The
entrainment model therefore uses an inert ssh flow rate
with a size grading sguivalent to the original coal, and

an inert bed materisl flow rate, The attrition rate of
the inert bed matexisl is assumed to be two arders of
magnitude less than the attrition af the resulting ash,
This results in very little degradation of the inert bed
taking place, whilst almost all of the ash is removed as a

result of the sntrainment process,

4.6 DISCUSSION AND CORRELATION OF THE MODEL
WITH EXPERIMENTAL RESULTS

4,5,% The Combustion Model

A major limitation of the combustion model lies in the
requirement that the size distribution function of the
input cosl stream, pa{d}p be s smooth curve, Although

the curve of the cumulative percent by weight undersize
versus the particle dismeter almost invarisbly yields a
smooth curve, the resulting size distribution pmiﬁ} may he
irregular. Indeed, the cumulative size distributions of
the coals used in the exparimentai work result in very
irregular size distribution Functions, pmid}y as is evident
from figure £.3 of Appendix C. The smoothed size distri-

bution function and resulting cumulative distribution are
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~dllustrated in Figures (.3 and .4 of the same Appendix.
This smoothed function was used as input to the computer’
model, resulting in combustion efficiencies somewhat -higher
than anticipated from the experimental work. . Howsver by
artificially adjusting the attrition rate of the coal,
expressed as a fTraction of the combustion rate resulted

in values for combustion efficiency approaching those
achieved during the experimental work. By changing the
gas velocities, changes in the csmhustién efficiency of

the same order as those found by the regression relationship
of equation {(25) were:found. Variations in the opsrsting
temperature have only a minor effect on the resulting
combustion efficiency.  Adjustment of bubble velocity

and diameter effected the required change in the combustion
gfficiency, These adjustments in fact alter the transfer

factor 'X*, given by equation {32).

It is clear therefore that adequalte answers are provided

by the combustion model. More work is required to estab-
lish the precdise nature of the attrition . and possibly the
combustion rate. An improved model for the prediction of
bubble dismeters and velocities is also required so that the
transfer Factor 'X' can be derivec from first principles
rather than having this parameter srtificially suppressed

or exaggerated, dependent on the bed operating temperature.

A.fe?2 The Entrainment Model

The resulting size grading of the entrained material flow
predicted by the entrainmeﬁgmgzﬁ somewhat coarssr than
those obtained from the experimental work. However,
adjustment of the attrition rstes of the ash and bed
material slter the entrained size gradings. A further
complication is t%e fact that the size grading of the
resulting ash on combustion of the coal pasrticle has hesen

sssumed to be similar to that of the original coal feed.
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This is probably an aver‘simplificatiun, as the ash of most
South African coals is generally inherent or homogesnescusly
dispersed in the coal body. Further the coal feed did

not appear to contain complete inert lumps of ash the size
af the coal particle. Therefore the ash feed size dis-
tribution would on average be smaller than that of the

coal feed. It is therefore evident, that much additicnal
information is necessary to be able to fully utilize the

entrainment model.
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CHAPTER 5§

CONCLUSIONS AND RECOMMENDATIONS FOR  FURTHER WORK

Loal having a high fines content is in abundant supply as a
result of the limited demand for this fuel. Such a coal has
been successfully burned in & fluidized-bed combustion test
zig.  In order to enhance the commercial a?pii&atiam af the
fluidized-bed combustion process, the cesl has been burnt in
relatively shallow beds with a correspondingly low pressure
drop across the distributor. A shallow bed, though reducing
the combustion efficiency, results in a reduction of the
fluidizing air fan power consumption which is normally con-
siderably higher than the auxiliasry power consumption of
conventional solid fuel combustion equipment. As no cooling
surface has been supplied to the combustion test rig, the

bed temperature is maintained within acceptable limits by
increasing the air flow rate in excess of that reguired for
the combustion of the coal. This results in about thres
times the air which would be required for stoichiometric
combustion being present in the fluidized;bedﬂ As a
conseguence, complete combustion of both the volatile and
fixed carbon components is accomplished in the bed section.

The following conclusions have been drawn:

5.1 CONCLUSIONS

Combustion Efficiency

a} Combustion efficiencies are lower than has been
reported in the literature. This is attributed to
the large proportion of fines contained in the coal
feed which are entrained in the gas stream without
having had sufficient time to burn in the high

temperature fTluidized bed seciion.
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b} The resulting combustion efficiencies have bean
correlated with the bed temperature, superficial gas
velocity and static bed height by the following
relationship having a correlation cosfficient of
08,9422 s “

n, (%) = 36,27 + 0,0675-T - 2?32eaf + 65,0-H {25}

The above equation has been #erivéd over the following

ranges of the independent variables:

&

Bed Temperature : 700 to 1000°C
Gas Velncity : 0,9 to 1,5 mis
Bed Height 150 to 230 mm

&8

¢} Some parsmeter describing the guality of fluidization
would enable a more general application of equation
{25} which is limited to fluidized beds with similar

distributors and fluidizing conditions.

d} The combustion efficiency determined from the
regression relationship of b} above, is almost
independent of the freebpoard height because of the
small quantity of combustible matter caontained in

the splashed materisl.

Entrainment

e} The use of & separate bed material with a narrow
size distribution and an attrition rate considerably
less than that of the combustible material enabled
the entrained material to be divided into splashing

rate and slutzristion rate compoanents,

1 Only & gualitative assessment of the splashing rate
has besen possible. A considerable number of further

tests under seversl different opersting conditions
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would be necessary to obitain a guantitative

agssessment of the splashing rate.

g} Increasses in splashing rates with increasing hed
depths may partially be asttributed to the change
in the bed flow regime from that of a bubbling bed
to that of a slugging bed flow regime.

Theoretical Model

h} A% best the theoretical wodel can be described as
semi~quantitative, Trends are correctly predicted,
however theory can only be correlated with experi-
ment by artificially adjusting the bubhle dismeters,

or the attrition rates.

i} The two-phase theory of fluidization may not
adequately describe the fluidized-bed combustion
process when the superficial gas velocity is about

five times the minimum Tluidizing v&iaciiy@

i} The cosal burnt has an ash content of shout 15%, and
- dis sasily reduced in size in the bed such that the
losg of bed material by ﬁpiaahing is gremater than
the raste of ash build-up in the bed. Therefore the
bed height decreased steadily throughout the tests.

5,2 RECOMMENDATIONS FOR FURTHER WORK

a} Cooling surfaces should be introduced inte the bed to
enable the combustion process to be conducted at
- gonditions closer to the stoichiometric combustion
condition. This will enable a study of the

combustion of the volatile component within or
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d)

&}
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immedistely above the bed, a3 well as estasblishing
whether carbon monoxide is formed within the bed as
a result of oxygen deficilent regions, to be burnt

to carbhon dioxide above the hed.

Different distributors should be employed, whilst
at the same time the range of pressure drops across
the distributor be increased, to attempt to establish

a parameter for describing the quality of fluidization.

It is recommended that more intensive testing be
undertaken to quantify the splashing rate phenomenon.
At the same time an improved method of determining
the bubble diawmeters should be investigated f&xA

possible use in explaining the splashing rate.

Tests on different types of South African coals and
solid fuels should be undertakan. In particular

the high ash coals or those fuels for which there

is no immediate market, should be tested for possible
use as a fTeedstock for indusirial or utility type
steam raising plant. ~ This would enable the better
utilization of high grade coals for the metallurgical

ar chemical industries.

It is Tinally recommended that extensive tests be
conducted using different solid fuels to establish
such basic parameters as ignition temperatures,

susceptibility to fusing in the bed, astirition rates

and corrpsion or erosion of immersed surfaces in the

bed at different operating conditions for gach of the

fuels,
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APPENDIX A

DETAILED BESIGN OF [COMPONENTS A

A pumber of details pertaining to different components of ﬁh@
rig are included on the following pages. These detalls are
not necessary for the general understanding of the opsretion
of the rig but provide information which may be of value

when comparing results with similsy forms of squipment. A
brief explanatory note is produced below for each of the

following drawings.

A.l Combustor VYesssl

Figure Al represents various sections taken through the
combustor vessel to indicete the location of instrumentation
apertures, positioning of the coal feeder and the gas

ignition pilot burner,

A.2 Distributor

Figure A.2.a2 represents the tinal layout of the orifices

in the disiributor, after some of the original holes had
been blacked. Figure A.2.b illustrates the mathod of
sttachment of the distributor to the combustor vessel.

An asbestos tape seal is used between the distributor plate
and the combustor vessel, with the distributor tightly

clamped to the vessel by means of six bolis.

A.3 Coal fesder

The coal feeder has been éa§ignﬁd to Tacilitate maintenance
and is made up of four haéia compopnents: the fTeedey

housing, the locating sleeve and sleeve carrier, the screw
shaft and the bearing housing. The screw shaftt is presge

fitted into the self-aligning bearing located in the bearing
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housing, thus allowing some movemsnt of the shaft. The
bearing housing has a guide spigot machined such as to form
& loose fit with the sleeve carrier, this is a HIIhIY fit.
This then locates the screw with the locating sleeve, and
the whole assembly is then bolted anto the feeder housing.
A1l limits and fits have been toleranced in ama&rdamma with

the recommendations and reguirements of 8% 1914 of 1953,

A.4 UCLircuit Diagram for DL Motor Control

Figure A.4 illustrates the methoad in which the speed contrel
of the IL Motor is aschieved by varying the armature voltage.
- It will =lso be noted that a 220V/6V transformer is used to
provide a low voltage power source to engage the clutch of
the DL motor.

A.5 Cyclone

The basic dimensions .of the cyclone which is fabricated from

1,6 mm {16 gauvge} steel plate is illustrated by Figure A.5.
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APPENDIX B

DEFINITIONS : ~

B.1 Combustion Efficiency

The combustion efficiency of the fluidized-bed combustion
chamber is defined ass the ratio of the rate of heat liberated
to the rate of heat input. This ratio can be shown to he
equal to the rate at which the coal is burnt to rate of coal

fed inta the rig, or:

n, - &%’X‘M}b {B. 1}

where R, o gfand 55@ are the combustion efficiency, fuel

burnt and fuel Tesd rate respectively.

This cen slso be written as:

n, = 7 - &g {B.2}

where %E is the unburnt carbon loss as defined by a boilex

acceptance test standaxd, eg BS 2838% : 1974.
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APPENDIX C

COAL PROPERTIES AND COAL GRADINGS h

Only two batches of Douglas Duff have been used for the tests.
The first, designated as Batch A, was used for Runs 6 and 7;
and the second designated as Batch B, was used for Runs 8, 9
and 10. Size gradings and a proximate analysis were per-
formed for both batches, whilst a separate proximate

analysis (without the determination of the calorific value)
and ultimate analysis was undertaken by Muller Laboratories

on Batch B. An important feature of any coal or ash

anaiysis is the sampling procedure, and the metiiad in which

the samples were obtained has been included in Appendix D.

L.l Size Gradings

The gradings have been determined on a cumulative percent by
weight undersize, and are listed below. ¥Ffigure €.l graphi-
cally illustrates these gradings as smoothed curves as
required by BS 1796 of 1976, whilst these same curves have
also been plotted an Qo3in-Rzemmler paper as Ficurz C.2, to
facilitate their interpretation. Included in both these
curves is the size distribution of the bed material, i.e. the
silica sand as given by Figure .16, to enable an easy compari-

saon to be made of the size gradings of the different materials.

Sieve Aperture Cumulative % by weight Undersize

Size : Batch A Batch B

{mm)

6,35 ' 50, 4 86,9

4,76 80,6 75,1

2,00 - 47,8 40,9

1,003 29,0 24,0

0,600 19,8 15,5

6,420 14,4 11,1

0,211 7,1 5,8
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C.2 Coasl Analysis

The coal analyses quoted below are each on an air dried
basis. As all the coal was air dried prior to testing
to eliminate any problems due to poor coal féeding from
the storage hopper to the coal feeder as a result of
possible coal 'hang-ups' in the feed pipe, the air dried
caoal is eguivalent to the as fired coal. These analyses

are given below:

Proximate Analysis (air dried basis)-

Batch A | Batch B
Gross Caleorific Value (MJ/kg) 26,84 27,82
Inherent Moisture (%) 1,560 1,45
Volatile Matter (%) : 25,55 23,85
Ash (%) 16,03 14,43
Fixed Carbon (%) 56,82 60,27

Analysis by Muller Laborateories

Proximate Analysis %
Ash : 15,28
Water 2,96
Volatile Matter 23,86
Fixed Carbon . 57,50

Ultimate Analysis ' %
Moisture 2,96
Ash 15,28
Carbon 68,39
Hydrogen 3,67
Nitroggn 1,78
Sulphur 0,68
Oxygen ' 7,24

Using the formula proposed by Dubbels (83, pg 454), a value

for the net calorific value can be determined. By applying



-C3-

the formuls on page 19 of BS 1016 : Paxti 16 : 1971, the
gross calorific value can be daguaﬁd@ These wvalues have

been calculsted from the preceding ultimete coal anslysis as:

ROV = 26,48 MJ/kg
BOV W 27,37 Md/kg

Ag only small differences exist betwsen batchess A and B, they
have been assumsd to be similar with respsct to their
analyses. Therefore the proximate and ultiméte analyses as
found by Muller Laboratories as well as the last mentioned
calorific values which have been determined from the ulti-

mate analysis, have been used in sll the calculations.
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APPENDIX D

SAMPLING PROCEDURES -

During the testing of the combustion of solid fuels,
continuous analysis of some of the more important para-
"meters is not possible, The evaluation of the calorific
value of the fuel or the percentage carbon contained in the
ash for instance are determined as mean values for an entire
- test run or for the particular test respectively. It is
therefore imperative that representative values he found for
these means. Although BS 1017 sets out the procedures to
be adopted in abtaining iepresentative samples, these pro-
cedures have not been strictly adhered to because of the
relatively small quantities of fuel and ash used as campared

to that generally found in practice.

D.1> Coal Sampling

As mentioned in Appendix C, two batches of coal wexe used
for the tests. The first, designated as Batch A was used
for Runs 6 and 7, comprised ebout 50 kg of coal. Coning
andtnmrteringbf the sample is not recommended in the 1972
edition of BS 1017, but rather the use of specially designed
separators. In view of the small quantity of coal, coning
and quartering@as employed as a means of rendering the
sample down tolabout 6 kg. The coning and quartering was
conducted in accordance with the precedure recommended in

BS 1017 : 18542, Besides providing a small sample, the

coning and quarteringensured that the coal was well mixed.

About 175 kg of coal was acquired for Runs 8, 9 and 10, and
has been designated as Batch B. After air drying this ceal,
the fraction larger than 6,35 mm was remaved. During the
screening process, which-was done manually, a small sample

of coal was removed at discreet intervals. This resulted

in a sample of about 18 kg, which was rendered into three
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equal samples. A proximate coal analysis and calorific
value determination was performed on the first sample, an
ultimate analysis on the second, whilst the size grading of
the coal was determined from the third sample. Details of

the analyses are given in Appendix C.

D.2 Ash Sampling

The weight of ash collected in the cyclone varies from about
0,5 kg to 1,0 kg. The fraction of the collected product
greater than 600 microns was removed before rendering the
total gquantity of ash collected into three equal samples.
Each sample is obtained by taking a number of small amounts
from the collected product and placing them into three

containers labelled A, B and € in the following sequence:
ABC, BCA, CAB, ABL, ..... etc.

A size grading was performed on the first sample, the
percentage carbon in ash was determined from the second
sample, whilst the third sample has been retained to verify

any discrepancies.
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APPENTITX E

GENERAL CALCULATIONS -

In the assessment of the performance of the fluidized-bed
combustion rig, 2@ number of different calculations have had
to be performed. A general outline of these calculaticonal

procedures is given in this Appendix.

-

E.1 Combustion Calculation

The familiar chemical reactions resulting in the formation
of carbon dioxide, sulphur dioxide and water vapour are
assumed to take place during the combustion of coal with
the oxygen contained in the air. These reactions are

gquoted bzlow:

g + 0 + 00

2 2 g
& 4'@3 - 3@2 :
1 :

By wmaking use of the ultimate analysis of the coal as given
in Appendix C, the resulting flue gas components can be
determined for the complete combustion of the coal in air
for stoichiometric combustion as well as at different excess
air levels, It is of valus té cbtain the flue gas com-
ponents in order to determine the flue ges propecties, as
these differ from those of air even though the flue gas is
made up mainly of nitrogen. ifferences between the
properties of air and the resulting exhsust gases are caused
mainly by the presence of water vapour and carbon dioxide.
(ther guentities which are useful in any combustion calcula-
tion ars the amounts of air required and resulting flue
gases per kilogram of coal burnt at different excess air
levels. The excess air factor is defined as the ratio of
the veolume of air supplied to the volume of air required for

stoichiometric combustion. The results of two combustion
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calculations perxformed for the combustion of the cecal with an
ultimate analysis given by Appendix C with air are prndﬁced
in Table £.1. The combustion air is assumed to contain 10
grammes of moisture per kg of dry air. The first calculation
has been chosen as that of stoichiometric combustion, whilst
the second has been performed at sn excess air factor of 3,0

which is similar to that prevailing for most of the tests.

Table E.1 : Results of Combustion Calculations of Douglas
Duff with Air of Moisture Content, 10g/kg of Air

Excess Air level {(-) 1,00 3,00
Gas Composition (Vol. %)

Carbon Dioxide ) 17,62 6,04

Water Vapour 7,66 3,67

Oxygen G,00 13,59

Sulphur Dioxide 0,07 0,02

Nitrogen 74,65 76,68 .
Gas per kg of Coal (kg) 9,711 27,42
Air per kg of Coal (kg) 8,912 26,74

E.2 Flues Gas Properties

The relevant thermodynamic properties of air have been ex-
tracted from Reference (84) for use in the theoretical model
of Chapter 4. Calculations requiring the use of these pro-
pexrties in Chapter 3 however, use the flue gas properties.
determined by the method suggested by Brandt (85). This
approach involves two correcticns for the carbon dioxide and
water vapour contents of the flue gas to the corresponding
value of the prupe}ty for nitrogen at the respective tempera-
ture. As the remaining flue gas components have only a minor
effect on the respective properties, the result is very simi-
lar to that obtained by considering the effect of each gas
component individuaily and then adding the separate effects

by some mixing rule (86).
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Figure E.1 is a nomograph to illustrate the determination of
the mean specific heat at different temperatures, allowing

for the water vapour and carbon dioxide concentration of the

gas.
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£E.3 Overasll Rig Calculations

In order to assess the performance of the fluidized-bed com=-

bustion rig the following heat balance is written

) . heat 4n heat loss through, 1 |
(heat ingut) = (et U )+ (o o ity (E.1)

Unly the last term, the heat loss through the combustor
walls needs further explanation. Although the rig is
refractory lined and thermally insulated, some heat is lost
through the walls and it is of value to estimate this heat

loss to sssess its effesct on the overall hest balance.

The problem of determining this heat loss has been reduced
to the simple heat transfer problem of heat passing from
the inside to the outside of two concentric cylinders. The

following valuss bhave been useds {

Thermal conductivity of inner refractory lining - 0,87 W/mC

Thermal conductivity of insulating lining - 0,10 W/mi
Internal heat transfer coeff. (bed to wall) - 300 W/m"C
External heat transfer coeff. (wsll to air) =~ 5,5 W/mzﬂ

Using the above values, and assuming that the expanded
fluidized bed is effective over a height of 300 wm, the pro-
duct of the overall heat transfer coefficient and the area of

hesat transfer can be shown to be given by
UA = 0,473:107° i/ ey (B.2) f

}
;

and the hest loss through the combustor walls is givan as |

g = UsA-AT (£.3)

or 3

Q = 0,473-10 °- AT (E.4)
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It should be clear that the treatment of the heat loss
through the combustor walls is a simplification of the real
process. However, the heat loss as found by equation {(E.4)
would probably be in error by no moxe than about - 25% of
the true value. Further, at a bed temperature of 900°C and
with the surrcunding temperature of 20°C, the heat loss is
 found to be 0,46 kW, which is about 1% aof the total hest
liberated in the rig, thus justifying the above approach

in the determination of the heat loss,.

Equation (E.l1) can be written as
& — “"3 : )

Y .' e ® E - “‘,5
% ﬁff,ﬁ NL’"V msl:rg e, AT + 0,473 = 10 ©-AT (E. 6}

———— e st o
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APPENDIX F

STATISTICAL ANALYSIS. -0

"Statistical methods are predicated on the single concept of
variability. It is through this fundamental concept that a
basis is determined for expsrimental design and analysis of
data. in this sense, statistical methods are concerned with
deriving maximum information from a given set of data
(analysis), and conversely minimizing the amount of data
{experimental design)} to derive specific information.®

(70, Ch 2}. The use of statistics in engineering and in
general has been coverad in a number of general and specific
publicaetions. This thesis has made refersnce to a number
of publications and standard texts on the subject (70}, (87),
(g}, (B9), (90} and (91). The more fundamental concepis
such as standard deviationsg hypothesis testing, correlation
coefficients, distribution functions, analysis of variance
ete. are not discussed here and the reader is referred to

any of the above texts for more details.

A major portion of this thesis is concerned with the
determination of the factors influencing the combustion
efficiency of the fluidized-hed combustion rig. A generxal
description and definition of the terms and the approach
employed in the multiplé regression analysis is presented

in this Appendix for ease of reference.

F.l Multiple Beoression

Multiple regression methods are used to relate a dependent
variable #y; to 2 number of independent variables tB&,XQQNw.EQQB
Only linear multiple regression will be considerxed and a

model of the following form is postulated:

Y = BO + 51-.3’1 + bz-xz F irreovcoen F bmv:fm (F.1)
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The coefficients of the model (bo,bz, ..... bm) are determined
by the method of least squares. This involves minimising
the squared differences between the observed value of the
dependent varisble i.e. “‘Y{) and that predicted by esquation
(F.1), i.e. Yp . Mathematically the soclution is computed
by taking the partial derivative with respect to sach co-

efficient of the least squares equation
2
S = {YO—YP} : .- (F.2}

5 =T ¥, - (bg + E}I-X:E F oenues F bmn‘{m? - {R.3)

and setting the result of each partial differentiation %o

zero. This results in the following equations which may
be solved simultansously for ba’bz-'-bz* ..... bm .
E;so + bf‘le P eeenoave- + E}mszxm = LY,
. . 2 . . _ . .
by X, + bjz (X7 + eenenn - *+beT(X, Xm} nz(xz S
{F.q)
V L 2 Femoe
bﬁ sz + bzi‘f}.’l Xm}+ ........ + bm.E(Xm) —Z(Xm .Ya)

However it is convenient to transform the above equations
into the standard normal equations, The first step in this
transformation results in the above equations being trange

formed to those given by the equations (F.5)

. 2 . . _
bytloy)” + by syy gt covnenns * D08yt km = x1 Y0
& 2 " P
bytsyr yxp # By lsyg)” # evvvniis F B orsyy o =84, 4
(F.5})
b.*s + b _*s + + b (s }3 =g
1 %1 tm T P2 g T m S Xm YO

2 . .
¢
where ‘SX?:} is the sample wariance of Xi and Syr xj

is the cgovariance between X‘i and Xj . A bivariate correla-

tion coefficient for ‘Xi and Xj is defined as y

' 2 2
rie® Sysoxj / (S.X'{) '(SXJ.) : (F.6)
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and a standard partisl correlation coefficient for variable

X§ is defined as

(s }
B, =
d
"ﬁysfa

(F.7}

The Standard Normal Envations

By manipulation of the equations (F.3) the standard normal

equations (F.8} are formed.

8 +E%gr

1 12 Im ¥

52rr12 + Bz F ornanesns +»Bh-r2m Poo
{F.8)

B -ri + Bz*rgm ....... . F Qm ? ==r§m

The bivariate correlation coefficients », are pasily
evaluated, and by inverting the resulting matrix aof these
coefficients, the values for the standard partial correlation
cosfficients, B, may bhe determined. One of the advantages I
of using the standard partial regression coefficients, is
that as these coefficients viry ketwien -1 and 1, they may

be directly compared. Further, the multiple correlation

coefficient is easily determined by equation (F.9)

2 = =
RY = E(Bi Pfi) | (F.9)

F.2 Tests on Coefficients

The Bivariagte Correlation Coefficient

In arder to determine whether a relationship exists between
two variables the bivariate correlation ceoefficient is
tested to determine whether it is significantly different

from zero by the sististic

£ - - 2

(F.20)
i v=r2
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where ¢+ is distributed as the Student?s £ distribution

with (n-2} degrees of freedom.

The Standayed Partial Caorrelastion Cpefficient B

In any process a number of independent variables‘may be
arbitrarily defined, and though one may be tempted to use

& large number of these variables, the resulting equation
will be unwieldy. Further, the contribution of some of the
variables in predicting the independﬁﬁt variable may be
small, such that these may be eliminated from the regression
equation. In order to sliminate ithose independent variae
bles which do not contribute significantly to the predicticnm,
the values of B must be tested to determine whether they are
different from zero, Should the interval sstimate of the
population standard partial regression coefficient B' include
zero, then the hypothesis that B is zero is accepted. The

. . ', .
interval estimate of A is given as

Bs o+t <B§<B~*t

(ovgs A t1ea/2) ¥ (F.11)
4 --\/(1—}? Jegg i/ (n=m-1) (r.12)

whare

-

and 95 ig a diagonal element on the imverted bivariate

correlation coefficient matriz.

The Multiple Correlation Coefficient 7

Although & number of variables may be eliminated by the
procedure given above, their combined effect may be
significant, In order to determine whether the multiple
correlation coefficient has been. significantly lowered by
-the elimination of variables the multiple correlstion
coefficient after elimination of variables R is compared

with the original value B . As this is effectively a
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test on the equality of two population variances the
F —distribution is use=d. The appropriate statistic is

o Y

given by equation (F.13}.

2z - TP ’
(2> m;" letn = m ~1) (F.13)
(1 —=R')elm —m")

F =

where the superscript (') refers to the variables after
the variables have been eliminated

and F has (n-m-1) and (mm’') degrees of fresdom.
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APPENDIX G

PARTICLE SIZE ANALYSIS

~

Numerous methods are available for determining the sizes of
particles contained in a particular sample (92, 93, 70 Ch 8).
Particle shape is an important parameter in the determination
of the particle diameter, for different shapes will result in
different values being obtainsd by the different methods. The
particle-size distribution resulting from the different
methods will only be the same should the sample be composed

of hard smooth spheres.

Cadle (92, pg 92) has placed the methods for decermining paxr-—
ticle sizes and particle size distributions into five general
groups. However only three of these groupings are of interest
in this thesis, viz the methods of size determination from
microscopy, sieving and sedimentatian. Table G.1 contains
some representatives of these three groups, and has been

extracted from a tabulation of Reference 92, pg 93).

Table 6.l : Particle Size Range for Various Methods

of Particle Size Analycsis

Approx. useful
Class Method Size Range

{microns)

Microscopy Visible Light 0,2 - 00
Ultraviolet Light 0,1 - 100
Ultramicroscopy 0,01 - 0,2
Electron microscopy g,01 - 5
Sieving ' | Sieving 34 - 1000
Sedimentation Sedimentation,
and Elutriation gravitational 2 - 50
Sedimentation,
centrifugal 8,05 - 10
‘Elutriation, liquid 5 - 50

Elutriation, gas 5 - 50
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The selection of a method for datéxmining the particle size
distribution of & given material should be made after cone

sidering the following factors (92, Ch 3) = .

a) the particle size range,
b} the form in which one wants the results,
o) the application of the results, and

d} the accuracy required.

G.l Opticasl Microscopy

Methods based on the optical microscope are often considered
to be the most direct and fundamental of the methods.

However they are quite tediocus and are based on a particle
size which is not easily defined. From Table .1 it is

seen that the range of greatest usefulness for these methods
is from about 0,2 to 100 microns, "The two major problems
in microscope methods of analysis are the collection of
sufficient data to ensure adequate precision in the derived
parametiers, and the elimination of warisbles in the date due
to operator performance. Ststistical fluctustions in the
occurrence of any given size profile (among the particle
images) is a problem that becomes particularly acute if the
size ratio of particles is more than 10 to 1" (70, pg 8-4).
Cadle (92, pg 12%) recommends that at least 200 particles be
counted. If the particle size distzribution is very wide,
there may be a large number of small particles for each large
oneg, the sample should be broken down into wvarious size

classes and studied separately.

G.2 Siesving

Sieving is one of the simplest methods of particle size
analysis, resulting in a relstively inexpensive and accurate
technique. Sisves with openings smaller than 50 microns
are seldom used. Howsver membranes with pore diameters

less than 5 microns . are commercially available for specialist
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applications. Sieving has been conducted in accordance
with BS 1796 : 1976 in this thesis, This standard re-
commends the use of hand sieving in preference to machine

sieving, though beath methods of sieving are acceptable,

G.3 Sedimentation

Unlike microscopy and sieving methods which compare
particles on the basis of geometric similarit&, sedi-
mentation techniques compare particles on the basis of
similar velocities of settling in a liquid or gas. A
numher of different sedimentation techniques are available,
the pipette method making use of the equipment suggested by
Andreasen {92, pg 212; 70, pg 8-5) has been used in this
thesis, A precise description of the theory for use with
this equipment is presented by Dallavalle (93, pg 74-76).

In sedimentation methods, the Stokes diameter distribution
of the material is deduced from a study of the concentration
changes occurring within a settling suspension. The method
- is based on Stokes's law from which the pérticle diameter is

deduced as

18.psu
JPS'_DQ'Q

Equation (G.l) is theoretically only valid fer a sphere,

The difference between the volume of the irregqular particle
and the equivalent sphere does not represent an "error" but
provides additional information on the shape of the particles.
Although it is desirable to cover the range of a single
distribution with a single method, this is not always
possible. BS 1796 : 1976 gives the following approximate

conversion factors:

Conversion of Multiply by
Sieve size to Stokes diameter 0,94

Sieve size to projected diameter 1,4
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The use of the Andreasen pipette as & means of determining
the sizes of particles from 75 microns down to about 3
microns, is described by BS 3406 : Part 2 : 1963, as the
fixed position incremental method. The principle of the
method is described in the above standard and is qustéd

below:

"The pipette sampling method involves the with-
drawal of 8am#laﬁ from the suspension during the
sedimentation by means of a celibrated pipette at
a series of known times after stirring, the tip of
the pipetts being at a known depth, h, below the
surface. After time t, the sample contains only
those particles with Stokes diameters less thaﬁ
that of particles settling at & rate h/t, since
all the particles larger than this will have
settled below the sampling point. The cumulative
undersize distribution by weight of the powder is
obtained directly by weighing the residue afterx

removal of the suspending medium from the sample,”

The density of the particle required in equation {G.1l) is
obtained by the 5G bottle method described in BS 1377 : 1975,

D.4 Representation of Results .

"A number of equations have been proposed to correlate the
quantity of a particulate material with its perticle size
to obtain a distribution relatianship. In the literature
it is often assumed that a powder must assume some distrin
bution such as the Rosin Rammler .....". However, "there
is no fundamentzl reason why a particular powder must obey
one of these empirical laws; forcing it to do so will
result in error. Furthermore it is difficult to tell
whether the fit is good, because any cumulative size plot

will give the appearance of a good fit" (70, Ch #).
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The results from the particle size analyses have been
graphicslly illustrated as & cumulative percent by weight
undersize {(on normal co-ordinates) versus the particle
diameter or linsar dimension {on logsrithmic co-ordinates)
as recommended by BS 1796 : 1976. However in some instances
the distribution has been pldtted on Rosin-Rammler paper for

ease of reference.

.8 Cosl Sampling

Because of the coarse grading of the coal, sieving has been
employed as the means of size analysis. The fellowing

sieve nest was used

6,35 mm - 600 microns
4,76 mm 420 microns
2,00 mm ’ 211 wmicrons
1,00 mm

D.& Ash Sampling 4

‘The size fraction greater than 600 microns was removed from
each ash sample by sieving. The remaining asa was graded
by means of sieving, using sieves with the following

aperture sizes in the two sieve nests as indicated below:

600 microns 150 microns
420 ¥ 105 w
211 n 15 "

53 n

The ash fraction below {5 microns was analysed using an
Andreasen pipette with distilled water as the dispersing
medium. Two different methods of size analysis heve
therefore been employed to cbtain an ash size grading from

6} to about 10 microns. However, sn gverlap in the twun
methods occcurs between 79 and 53 microns. By comparing the
resulis obtained by the two methods in this region, the Stokes

diameter can bes related to the corresponding sieve aperture.
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APPENDIX H

TABULATION DOF RESULTS

In order to facilitate the comparison of the findings of
this thesis with cther published information, .the results
have been presented in greater detail in this Appendix than
in the main body of the thesis. Explanatory notes for each
of the tables are contained balow to explain various derived
and measured quantities from the tables, in particular those

quantities marked ¥},

Noetes on Table H, 1

Table H.l contains accurate values for the more important
parameters associated with each test. The coal flow has
be=rn determined from the combustion efficiency and the
determination of the coal burnt from a relationship similar
to that giwven by equation {E.5}, The value thus obtained
for the coal flow is more representative than that obtained

from direct measurement as has been discussed previously.

Notes on Table H.Z

Except for temperature and superficial gas velocity, the
parameters of Table H.2 have been cbtained from the static
pressure tappings of the windbox and those situsted along
the combustor wall. The bed density, referred to in
section 3.2,2, is represented by the static pressure
difference betwsen two statlic pressure tappings located
within the bed. The distributor pressure drop has been
obtained by messuring the difference in static pressurs
between the windbr;x and a probe located at the side of the
combustor vessel within the refractery stone section, about
50 mm apove the distributor plate, of Section 2.2.7.C.

Although the full pressure drop across the refractory stones
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has not heen monitored, the distributor pressure drop so
obtained will be about 0,95 of the actual value.

Notes on Table H.3

Table H.3 has been formed to illustrate the magnitude of the
bubble velocity which would be derived from the experimental
evaluation of the dynamic bed height. Besides the super-

ficial gas velocity and static bed height which are chtained

from measurement, the following parameters have been derived:
a) Minimum fluidizing-velocity from equation {16}
b) Dynamic bed hzight fiom equation {17)

¢} Fraction occupied by the bubbles from equation
(J.6)

d} The bed expansion ratic is the ratio betwsen

the dynamic to static bed heights

e)— The bubble velocity is easily determined,
cf Reference (23), from the two-phase theory
af fluidization by sssuming that all the flow
of gas in excess of that required to fluidize
the bed flows through the bed in the form of
bubbles. From a tetal gas balance on the beds

total gas| . lgas in the 4 Jgas in the par- (7.1
flow bubble phuse treulate phase -
or ?f = fkuBS + umf°(1-f? (3.3)

from which the bubble velocity UES can be

malculatgd.

The bubble diameter can easily be obtained from the rela-
tionships derived by Davidson and Harrison {12} and given

by equaticns (J.8)} and (J1.9). However, the resulting
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diameters range from two, to about 10 metres which are
clearly wrong. These excessive diamsters would indicate
that the measurement of dynamic bed height is in error,
resulting in a poor value for the fraction of bubbles in

the bed. More realistic values, yielding bed expasnsion
ratios of the order of two, would result in bubble diameters
approaching that of the vessel. The accuracy of the static
pressure probes is not sufficient to permit an accurate
assessment of the dynamic bed height; whilst the problem is
further complicated by the possible transition of the bed

flow regime from that of bubbling to a slugging flow regime.

Notes on Tahle H.8&

It has been assumed that the fraction collected by the
cyclone of size in excess of 800 microns has been splashed
from the vessel. The remaining ash has been graded
resulting in the gradings as given in Table H.6. However,
it will be noted that for Test 6, all of the sample is

less than 420 microns. This has resulted as the bed
material used for Test & is finer than that for the
remaining tests, and as such the velocity for Test 6 was
only 0,9 n/s. Un grading this sampie, almost all the
material retained in the 420 micron sieve was made up of
the silica sand forming the bed material, and this quantity

hes therefore been included with the splashed material.

Notes on Teble H.7

For those tests given in Table H.7, the fraction of the
particles of size less than 75 microns was analysed by the
incremental sedimentation technique making use of an
Andreasen Pipette. The method is briefly described in
Appendix G. Although BS 1796 : 1976 gives the sieve size
from the Stokes diameter by multiplying this latter diameter
by 1,86, this bhas not been used. Instead, a multiplying

factor has been obtained from drawing the smoothed curve
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obtained by sieving down to 53 wicrons and comparing it
with the result obtained from the sedimentation technigue.,
This method is also mentioned in BS 1796 : 1376, and"

results in multiplying factors of:

1,06 for Test 7A
0,80 foxr Test TR
0,88 for Test 8A
0,84 for Test BL
0,88 for Test %A
1,04 for Test 98
0,30 Ffor Test 5C
1,07 for Test 9D

Notes an Tahle H,.8

In Table H.8, the various entrainment rates have been
divided into the different flow components, ash, carbon
and sand flow. The coal feed rate is the same as that
for Taeble H.l, being derived from the temperaturs and the

combustion efficiency.

Measursd entrainment rates hrve been obtasined “rom weighipg
the product collected by the cyclone and separating the sand
from the ash and carbon. Cyclone efficiencies of 100% and
75% are spplied to the sand, and carbon and ash flows
respectively to obtain the measured entrainment rates from
the collected flow rates. The carbon and ash flows are
separated from each other by considering the percentage

carbon in ash.

The deduced entrainment rates are determined by assuming
that all the ash is entrained from the coal feed. This
deduced ssh flow rate is then compeared with the measured
ash flow rates and is used to obtain the remaining deduced

Flow rates.



JABLE H,1 : SUMMARY

DF__TESY CONDITIONS

Test Dyration E;:& % FQ%E Exzﬁa Bad Tempepsture ‘Melocity _E_;Eb
Fector Mean 5td. Max . Min,.
Mine, kg/h kg/h kg/h - o DE‘&' luc o n/s 4
é 90 2,89 74,4 76,6 3,26 { 198,4 8,5 815 785 0,899 88,6
TA 45 3,48 50,1 92,7 3,29 B804, 8 4,4 818§ 794 1,095 86,3
8 45 3,83 82,0 84,7 2,68 503,2 6,4 922 892 1,071 88,4
7C 46 3,66 94,7 97,7 3,55 753,5 6,3 764 737 1,095 81,8
BA a5 4,34 1058,9 109,0 3,30 805,13 5,8 816 791 | 1,288 83,0
6B 35 4,88 | 119,1 | 122,5 3,28 807,5 | 4,5 g20 | 799 1,454 | 84,3
ac 32 4,79 109,5 113,1 2,89 904,1 5,0 913 897 1,462 88,9
80 35 5,17 126,2 129,6 3,58 751,17 8,5 770 738 1,458 76,6
8E 32 4,49 109,5 112,4 3,56 152,9 6,5 772 T44 1,267 76,9
8F a5 4,27 96,7 99,9 2,89 s01,0 4,7 gn7 883 1,288 87,8
" 86 32 4,47 96,7 100,1 2,71 955,1 5,1 965 947 1,351 89,7
BH 18 7,12 143,17 146,8 4,36 632,4 | 13,4 641 611 1,460 52,0
9A kls! 5,67 122,6 126,1 3,32 801,7 | 16,6 635 774 1,483 73,1
© 5B 30 3,17 89,4 92,0 3,31 goo,3 | 8,5 810 [ 171 1,084 | 80,2
9C 30 5,30 109,4 113,1 2,91 900,2 | 11,3 923 880 1,457 79,8
gD a0 3,62 81,8 Ba,5 2,89 899,8 | 13,5 925 878 1,088 87,7
9E 35 4,31 91,5 94,7 2,72 954,1 9,4 973 937 1,277 88,0
10A 30 4,98 126,2 129,6 3,57 152,4 | 13,2 791 930 1,459 78,6
10B 40 4,29 101,3 104,4 3,09 851,0 | 12,0 874 g22 1,289 85,6
10¢ 40 3,72 83,9 96,4 3,56 752,1 | 11,8 782 730 1,085 79,6
10D as 4,74 117,1 120,0 3,87 700,7 | 19,3 T46 671 1,283 71,7
10€ 40 4,73 ] 87,7 101,84 2,54 1010,6 | 17,5 1048 588 1,429 | 91,4

a-gH-
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JABLE H.2 : Mean Bed Pressure levels and associated Parametiers
Super- *) *g‘ et Bed Height
Test | Tempera-| ficial | Windbox Bed | (M20TET Bed
— _ ture Ga§ Pressure[ Density Pressure Pressure | Static | Dynamid
| Velocity ) Drop . Drop
% m/s mm Wg mm Wg | mm Wg mm Wg mm min
6 798,4 a,89% 395 170 48 347 205 266
TA 804,8B 1,095 440 190 49 391 225 269
7B 903,2 1,071 430 197 40 390 21% 257
TcC 753,59 1,095 434 201 59 375 213 240
A 805, 3. 1,288 465 191 69 396 237 271
8B a07,5 1,454 477 184 93 384 229 273
8L 504,1 1,468 468- 117 102 366 228 270
8D 751,7 1,458 A5G4 169 110 354 224 274 -
8t 32,9 1,267 403 160 T4 29 219 268
8F 901,40 1,288 429 175 64 3685 225 273
8& 955,1 1,351 430 175 58 372 219 279
8H 632,4 1,460 495 175 123 372 207 279
94 801,7 1,489 45 168 17 268 161 199
98 800,13 1,084 227 112 35 189 158 213
9C 900,2 1,457 338 158 78 260 155 207
9D 859,8 1,088 241 134 3o 211 151 196
SE 54,1 1,217 292 162 45 247 148 189
10A | 752,84 | 1,459 327 157 18 249 159 198
108 851,C 1,239 283 154 52 231 156 * 185
igc 752,1 l,ﬂhﬁ 224 125 29 19s 154 194
o0m | 700,7 | 1,283 293 146 66 ‘227 151 193
10E 1010,6 1,429 Kha 1 174 57 254 148 179
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TABLE H.3 : Tabulation of Values associated with. the Experi-

mental Determination of the Bubble Velocity.

Test

Velocities

Fraction

Bed Heights Bed
o . I . of B§d Expan— Bubble
Minimum Sgpgr- Static| Dynamic{ occupied sicn Vglc-
Fluidi- | ficial by Ratia city
zing Gas Bubbles
Unf Ur
m/s m/s mm mm mys
6 g,171 G,899 205 266 Q,229 1,30 3,34
TA 0,231 1,095 225 269 0,164 1,20 3,51
7B 0,219 1,072 219 257 0,148 1,17 5,98
7C 0,239 1,095 213 240 0,113 1,13 7,85
8A 0,231 1,288 237 2T1 0,126 1,14 8,65
8B 0,231 1,454 229 273 0,161 1,19 7,82
aC 0,219 1,468 228 270 0,156 1,18 8,21
an 0,238 1,458 224 274 0,183 1,22 6,92
BE 0,238 1,267 219 268 0,183 1,22 5,87
oF 0,219 | 1,288 | 225 273 | 0,176 1,21 | 6,30
S 0,214 1,351 219 279 0,215 1,27 5,50
BH 0,255 1,460 207 279 0,265 1,35 4,80
9A 0,231 1,489 161 199 0,199 1,24 6,55
ys) 0,231 1,084 158 213 g,258 1,35 3,54
9C 0,219 1,457 155 207 G,251 1,34 5,15
9D 06,2159 1,088 151 196 0,230 1,30 4,01
9E 0,214 1,277 148 189 0,217 1,28 5,1)
10A 0,238 1,459 159 198 8,197 1,25 | 6,44
108 0,225 2,289 156 185 g, 157 1,19 7,01
loc 0,238 1,085 154 194 0,206 1,26 4,36
16D G,245 1,283 151 193 G,218 1,28 5,02
10E €,209 1,429 148 179 g,173 1,21 7,25




TABLE H.4 =
== ]

Input Data for Initial Regression Analysis with

~HA=-

six Independent Variables

Jest Independent Variables %ﬁ%%gg%gi
Terent | egeai | Ches'| nieteic | Vatorter| “Ping|Ertictency
Bas’ Height butor Fluidiza- Rate
Velocity Pressure tion
o Drop {(Unr-Us)/
o Ratic Umf
Sc m/s m - - kg/h %
(X1) (X5) (X3) (X4) (Xs5) {Xg) (Y}
6 798,4 | 0,8991 | 0,205 | 7,23 4,26 0,053 88,6
A 804,8 1,0950 0,225 7,98 3,74 0,094 - 88,3
7C 753,5 1,0947 0,213 6,36 3,60 0,050 81,8
8A 805,3 1,2875 0,237 5,74 4,57 0,286 83,0
6B 807,5. | 1,4544 6,229 4,13 5,30 0,519 84,3
ec 904,11 1,4623 0,228 3,59 5,68 0,286 84,9
BD 751,7 | 1,4581 | 0,228 3,22 5,13 0,225 76,6
8E 752,9 1,2668 0,219 4,45 4,32 0,047 76,9
aF 901,0 1,2878 0,225 5,70 4,88 0,057 87,8
8G 955,1 1,3501 0,219 6,41 5,31 0,099 ge,
"gA 801,7 | 1,4886 0,161 3,48 5,44 0,020 73,1
9B 800, 3 1,0841 0,158 4,97 3,69 0,006 80,2
9C 900,2 1,4572 0,155 3,33 ‘5,65 0,010 79,8
9D 899,8 1,0883 0,151 7,03 3,97 c,002 87,7
9E 954,1 1,2765 G, 148 5,49 4,97. 0,009 88,0
10B 8s1,0 1,26890 0,156 4,44 4,73 0,005 85,6
10C 752,1 1,0885 0,154 6,72 3,57 0,005 79,6
10D 700,7 1,2831 0,151 3,44 4,24 0,005 71,7
10E 1010,6 1,4290 0,148 4,46 s,84 . | 0,012 91,4
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TABLE H.5 : Some selected smoothed curves of the size gré&ings
of ash on a cumulative pexcent-by weight undersize
CUMULATIVE "/ BY WEIGHT UNDERSIZE (rﬁm )
0,420 | 0,21 0,150 | ¢,106 0,075 | 0,053 0,032 } 0,016 | 0;008
Test 7B
Inlet to cyclone |99,3 91,3 | 82,5 | 70,0 55,5 | 43,0 | 29,0 | 15,0 a,s5
Collected by ' '
cyclone 99,1 88,3 76,4 59,9 41,7 27,7 | 14,4 5,0 2,3
" Leaving cyclone 99,2 95,3 | 87,2 | 71,2 | 44,0 | 26,5
Test HA i
Inlet to cyclone |95,4 85,8 73,5 60,0 46,0 Ja,8 21,0 16,3 5,5
Collected by .
cyclone 98,0 gz,0 66,5 | 49,6 33,2 21,4 9,1 2,9 a,8
Leaving cyclone 99,0 94,3 | 85,2 65,7 | 39,5 23,13
Test 9A
Inlet to cyclone |97,7 84,2 74,0 | 60,0 47,0 36,0 | 20,0 | 11,8 5,3
Collected by b :
cyclone 97,1 79,9 66,% | 49,3 33,9 | 22,3 a,3 3,34 0,8
Leaving cyclone 99,1 | 94,9 | 86,0 | 62,8 | 42,8 | 21,9
Test 9C
Inlet to cyclone |99,2 87,5 75,0 60,0 45,0 32,0 19,0 8,6 4,0
Collected by
cyclane 99,0 84,5 69,1 | 50,7 33,5 20,2 8,8 2,4 G,6
Leaving cyclone 99,0 | 93,2 j 81,8 |62,0 | 34,9 | 18,2
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TABLE H.6 : Size Gradings of .Ash on a Cumulative Percent
by Weight Undersize after the fraction greater.

than 600 wmicrons has been remoaoved.

-

Test Cumulative Percent by Weight Undersize (Microns)
420 211 150 106 75 53
*)
6 100,0 93,3 85,5 72,3 61,8 48,3
TA 98,9 86,8 72,9 59,3 49,8 37,2
7B 98,7 | 88,0 75,8 61,0 51,3 37,2
7€ 98,7 85,3 67,2 48,9 an,7 | 21,4
BA 96,7 80,3 66,1 53,2 44,1 | 31,6
8B 96,0 78,6 66,7 53,5 44,1 33,0
BC 96,8 80,9 68,9 55,0 45,8 33,5
8D 95,8 76,9 64,3 50,0 40,3 28,9
8E 97,4 79,2 66,8 53,2 43,8 36,0
8F 97,7 83,2 72,0 56,1 46,6 33,2
86 97,6 84,6 73,6 60,4 50,6 38,7
8H 93,5 68,0 52,6 38,9 - | 30,1 19,6
9A 96,0 73,9 65,9 53,0 44,1 3z,1
9B 99,2 83,4 72,9 57,9 43,2 26,8
9C 58,2 81,9 67,2 52,8 42,6 29,1
9D 99,1 B9, 2 79,0 58,5 43,0 23,1
9E 98,1 83,7 71,1 57,2 48,6 34,6
10A 96,1 77,4 68,0 55,0 45,6 31,7
108 98,8 84,3 71,5 58,5 49,1 36,6
1w 98,7 | 88,1 | 72,8 | 86,2 | 45,2 | 32,9
10D 97,6 76,2 60,8 46,7 37,8 26,8
10E 96, 3 85,6 74,0 61,3 52,1 40,1
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TABLE H.T : Particle Size Analysis for the Ash Fraction less than

75 microns, by means of an Andreasen Pipette using

Distilled Water as the Suspending Medium

Test Number TA

Stokes Diameter (microns) 53,2 Zﬁ,ﬂ 18,2 | 12,8 8,91]6,2
Corresponding Sieve Diameter {microns) 36,4 | 27,6 {19,3 {13,6 9,4 16,6
Cum. % by weight ) Sample of 75 : : N
micrors Top Size B2,6 5,4 4,2 4,0 3,513,4
Undersize } Sample of 600
. micronsTop Size 41,1 2,7 2,1 2,0 1,7 | 1,7
Test Number 7B
Stokes Diameter {microns) 52,9 | 35,5 {25,6 17,9 |12,5 (8,8
Corresponding Sieve Diameter {microns){47,6 | 32,0 123,0 |16,1 §11,3 | 7,9
Cum. % by weight } Sample of 75 : '
micronsTop Size 66,8 | 10,2 7,2 5,7 5,5 14,7
Undersize } Sample of 600 : i ‘
microns Top Size |34,3 5,2 3,7 2,9 2,8 2,4
TJest Number BA .
Stokes Diameter {microns) 53,0 | 35,3 | 25,5 {17,3 | 8,7
Corresponding Sieve Diameter (microns)|46,6 |31,1 j22,4 |15,2 1,7
Cum. % by weight } Sample of 75
microns Tep Size [49,0 6,8 4,7 3,6 3,2
Undersize } Sample of 600
microns Top Size [21,6 3,0 2,1 1,6 1,4
Test Numbe£ 8c . -
Stokes Diameter (microns) 52,9 {31,7 |25,6¢ |17,% |X1,6 |8,8
Corresponding Sieve Diameter {microns)|44,4 326,6 |21,5 {15,0 9,7 7,4
Cum. % by weight ) Sample of 75
microns Top Size {44,7 7.8 6,8 8,7 4,9 14,5
Undersize ) Sample of 600
microns Top Size [20,5 3,6 3,1 2,6 2,2 |2,1
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Test Number 9A

Stokes Diameter (microns) 53,6 | 32,1 | 26,0 | 18,2 (12,5 | 8,9
Corresponding Sisve Diameter {micxons)| 47,2 | 28,2 |22,9 | 16,0 {10,7 | 7,8
Cum. % by weight ) Sample of 75
- micrans Top Size a7,s 5,9 4,0 3,9 3,2 12,8
Undersize ) Sample of 600 .
microns Top Size 16,7 2,6 1,8 1,7 1,4 1,2
Test Number SB )
Stokes Diameter (microns) 52,6 | 35,2 | 25,5 | 16,7 ]12,5 | 8,4
Corresponding Sieve Diameter (microns)) 54,7 |36,6 |26,5 | 17,4 (13,0 |8,7
Cum, % by weight ) Sample of 75
' microns Top Size | 68,3 7.9 4,8 3,5 3,1 13,1
Undersize } Sample of 600
microns Top Size 29,5 3,5 2,1 1,5 1,3 11,3
Test Number 9C ]
Stokes Diamester (microns) 66,5 35,6 (25,7 (18,0 |(11,7 |8,8
Corresponding Sieve Diameter {(microns)} 59,9 j32,0 |23,1 |16,2 |10,5 17,9
Cum. % by weight ) Sample of 75
microns Top Size |B4,5 1] 8,8 | 4,5 3,5 | 2,9 |2,6
Undersize } Sample of 600
microns Top Size (36,0} 3,7 | 1,9 1,5 1,2 11,1
Test Number 9D
Stokes Diameter (microns) 52,7 |31,6 |25,5 {17,9 12,5 |8,7
Corresponding Sieve Diameter (microns}| 56,4 (33,8 [27,3 }19,2 [13,4 |9,3
Cum. % by weight } Sample of 75
microns Top Size 72,0 6,7 5,5 4,0 3,3 {3,1
Undersize } Semple of 600
microns Top Size 31,0 2,9 2,4 1,7 1,4 11,3




TABLE H.8

Entrainment Ratas and Associated Data for
Fluidizad=-Bed

the

Combustion Rig

*
Teat | Coal |% Cerbon Mgasurad Entrainment Rates *geduced Entrainmant Rates % Sand
;::: A:LR ash & | a | carbon éand ABh & Eﬁzrlg:"“l

. Cozben | 1on | Flow | Flew | Cesben| (20 SR | P00 | Faow
kg/h % kg/h kg/h | kg/h kg/h kg/h | kg/h | kg/h | ka/h %
6 2,89 36,95 o,%21 |p,328 | 0,193 0,053 { 0,702 |0,442 | 0,260 [0,07L 9,2
TA 3,48 7,54 0,987 (0,616 | 0,371 |o,094 | 0,852 {0,532 | 0,320 |Q,0681 8,7
8 3,83 46,03 0,876 |p,473 | 0,403 |O,056 | 1,083 |0,585 | 0,498 | 0,069 6,0
TC 3,66 48,27 1,023 |o,529 | 0,494 | 0,050 | 1,081 [0,559 | 0,522 |0,053 a,1t
8A 4,34 46,54 1,069 lo,571 { 0,498 {0,286 | 1,241 l0,663 | 4,578 | 0,332 21,1
88 4,83 44,62 1,279 |o,708 | 0,871 [0O,519 | 1,333 (0,738 | 0,595 |0O,541 28,9
BC 4,79 36,16 1,319 |0,842 | 0,477 |0,286 | 1,147 {0,732 | 0,415 | 0,249 17,8
‘8D §,17 54,52 1,446 ‘0,658 | 0,788 |GO,225 | 1,736 |O,790 | O,%46 | 0,270 13,5
g€ 4,49 54,17 0,972 | 0,445 | 0,527 |0,047 | 1,498 |0,686 | 0,812 {0,072 4,6
8F 4,27 38,48 0,984 {0,605 | 0,379 |0,057 | 1,060 |0,652 | 0,408 | 0,061 5,5
8G 4,47 34,48 0,976 |p,641 | 0,337 |0,099 | 1,042 |0,683 | 0,359 | 0,105 9,2
8H T412 71,09 2,810 ;D,812 1 1,998 | 0,312 3,765 (1,088 | 2,677 {0,418 10,0
9o | s,67| 57,98 | 1,253 |g,527| o0,726 |0,020 | 2,059 |0,866 | 1,193 |0,D33 1,6
78 3,77 50,35 0,s52 (0,274 | 0,278 |0,006 | 1,160 |0,576 | 0,5B4 | 0,013 1,1
sC 5,30 50,88 1,240 jo,609 | 0,631 |D,010 1,649 |o,810 | 0,839 |0,013 g,8
11 3,62 38,61 0,537 (0,330 0,207 |0,002 0,900 {0,553 | 0,347 [ 0,003 0,4
9E 4,31 38,04 0,720 | 0,446 | 0,274 (0,009 | 1,064 |0,659 | 0,405 | 0,013 1,2
10A | 4,98 51,05 1,049 {g,5i3 | 0,536 {0,014 | 1,556 {0,761 | 0,795 | 0,021 1,3
10B | 4,29 | 42,52 0,754 (0,433 | 0,322 |0,008 | 1,142 |0,656 | D,486 | D,COB 0,6
0c 3,72 51,10 1,074 |0,525 0,549 [ 0,005 1,162 (0,568 | 0,594 | 0,005 0,5
100 | 4,74 s9,19 | 1,410 {0,575 | 0,835(0,005 | 1,775 |0,724 | 1,051 |0,006 0,4

10E | 4,73 | 30,57 | 0,963 | 0,669 | 0,294 [0,012 | 1,041 [0,722 | 0,318 | DO,013 1,3

=ETH—-
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APPENDIX I

NUMERICAL ANALYSIS ' N

The theoretical model of Chapter 4 has been programmed for
snolution on the UNIVAL computer at the university. This
has necessitated the use of some numerical technigues, in
particular for interpelation, integration and iteration.
All of the methods adopted have been obtained from standsxd
texts on numerical analysis and are briefly described in

this Appendix for completeness.

I.7 Interpolation

Much of the input data bave to be supplied as discrete points
of a continuous curve, eg the size distributions of the coal
feed or the bed material. Intermediate points are deter-
mined by interpolation. Scheid (94, pg 79) presents the |
characteristics and differences of the various interpolation .
formulae . It is clesr, however, that the nature aof the |
size distribution curves enables them to be best described

by size intervals which increase in size @s sowne geometric
progression, In other words, only unequal size intervals
are considered. Therefore a lLagrangian type or a finite
difference type of interpolation procedure can be employed.
The latter has been used in preference to Lagrangian inter-
pelation as the Lagrangian methods do not provide an easy
estimate of the accuracy of the interpolation. Furtherx,
Lagrangian interpolation requires that the degree of the
polynomial be chosen at the outset, and as the size dis-
tribution curves may best be described by logarithmic
co~ordinates of the linear dimension, the accuracy of a
Legrangian type will be improved by specifying polynomial

aof different degrees at different sections of the curves.
Therefore an iterative type of interpolation has been

employed, Aitken's method of linear cross means (95, pg 212},
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(96, pg 66) which is equivalent to Newton's formula with
divided differences. Adtken®s method is very efficient
and suitable for digital computers. In order to improve
the efficiency of the calculation the abscissa nearest the

-

argument of the interpolant x' is designated by X e the next

nearest by x, and so on. A sguare matrix of order 2 is
generated of which the diagonsl elements are equal to the
interpolated value aof ¥. By increasing the order of the
matrix the interpolated values are found to converge, the
‘caleulation being terminated once the required accuracy has
been aobtainesd. The method as described by Khabaza (55} for

wsing Aitken's interpolation procedure has been adopted.

I.2 Integration

Numerical integration of complex functions is well known.

In order to use a simple integration formuls, the funciion
is assumed to be divided into equal intervals. A more
efficient approach would have been to employ a formula with
unequal intervals. However satisfactory results have been
obtained by dividing the function into intervals of 75
MicTons., The Gregory formula, derived from finite
differences has been used. fhe foilowing expression of
Gregory's formula of numerical integration has been obtained
from Wylie (97, pg 104}.

T
n

F@) @ = R (Ff2 4 £y eennen + £,/2) ~(8F, | - 0F )

o, 2 2 18-k ., 3 a '
“'ﬁm&{& fn_g“ﬁﬂfa} m"ﬁ“é“ﬁm”mf& fn-3WAf0} L

(1.1}

i and where the

term &7 refers to the j th difference of the function. These

whers fi is the value of the function at =x.

differences can bs'written as
6y = o~ %

2 il ey
a fi - Af£+1 Afé and s on.
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As the contribution to the intagxétian of the higher
difference oprders decreases as the order increases,
equation (I.1) has been terminated. after fourth difference
in the solution of integrals contained in the theoretical

model.

I.3 Iterastion

In order to solve the equations of eitﬂér the combustion or
entrainment models, an iterative procedure has to be adopted.
The technique of successive approximations (82, pg 125),
though guite simple has been found to be adequate in that a
sglution to the =quations has been found to the required
accuracy within four to five iterations. The method is

deseribed as follows:

Assume that given a function of x, Fi{x), a value of x is to

be foungd for which

Flx) = 0 {r.2}

The method of successive approximations can be described

by two main steps:
a) Finding an approximate rooct

b} Refining the aspproximation to some prescribed

degree of accuracy.

Eguation {1.2) is rewritten as

r ¥ filx) (1.3}

A number of eguations of the form of equatien (1.3} can be
written from equation {1.2). It is of importance that the
absolute value of the derivative of the function of x, £i{x},
so formed has a8 value less than unity to ensure that the
resulting approximations of x from £{x) converge to a

solution (82).
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Let x5 be the initial approximation to the soclution of
equation {I.2), then the next approximation becomes

r, = Qfﬁﬁ)

and

x2 -"fﬁﬁ) - and 50 on.

The nth approximation or nth iterate is therefore written

as

w = fle ) (1.4}

n n-1
The procedure is terminated when the values obtained foxr

x. and X,y are sufficiently close to each ather.
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APPENDIX J

O0ME CONSEQUENCES OF THE TWO-PHASE -
THEORY OF FLUIDIZATION

Davidson and Harrison (12, pg 19) have propesed the two-phase
theory of fluidization as a means of describing aggregative
fluidization. The medel is set up by considering a bed as

a two-phase system, consisting of a particulate phase in
which the flow rate is equal to the flow rate at incipient
fluidization i.e. the voidage in this phase remains
essentially the same as that at incipient fluidization; and

a bubble phase carrying the flow in excess of that required
tae fluidize the bed. This two-phase model was developed

. from work on systems having fluidizing velocities less than

about ten times that at incipient fluidization.

In much of the work associated with fluidization, a knowledge
of the bubble diameter is necessary. A theoretical predic-~
tion is extremely difficult and has led to empirical snlution;
which at best relate to specific ranges of paiticle diameter,
minimum fluidizing velocities. the velocity in excess of

this minimum, etc. It is therefore of value to be able to
measure or determine the bubble diameter by experiment.
However, sven the experimental determination is extremely
difficult due to the variation in bubble diameter with bed
height, and the fact that the disturbance caused by a bubble
bursting at the surface may be some 50% larger than the
bubble causing it {98). Further, an assessment has to be
made of the initial hubble size which is dependent on the

type of distributor.

Hased on the two-phase theory of fluidization, an empirical
formula for the bubble diameter has been extracted from the
literature for use in this thesis. The experimental
approach into the assessment of bubble diameter based on

measured bed expansion is alsc discussed in this appendix.
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J.1 Bubble Dismeter from Published Data

Mori and Wen (99) have examined the bubble size and bubble
growth rate in the light of bed dismeter and in the design
of distributor plates, They {99) have summarized the
findings of a number of authors and conclude that the
correlations of these authors sre not useful in predicting
the change in the bubble diameter when the bed diameterx
changed, They {99) derive a maximum possible bubble
diameter as a result of coalescence based on the vessel
diameter and the amount by which the fluidizing velocity
exceeds the minimum fluidizing velpocity, i.e. the guantity
(Uf-Umf)s A relationship was derived from which the bubble

diameter could be determined, and is given below:

g -d .
"~ “p |
b = oxp ( ~0,3 B/D,) (J.1)
dpy ~ 9pg L
whare At w 0,4
dpy = 0,34?-[7-(uf - ume} (7.2)
and - .
- 0,4
dgy = 0,652 -[At~{wf - umf}} (F.3)

where the equations (J.1l), (4.2} and {J.3) are found to be
fairly accurate over the following variable ranges.

0,05 < < 0,20 m/a

umf
8,06 = &? < 0,45 mm

U — U < 0,48 m/s
£ nf /
Dt « 1,36 m

In 2 publication not referxred fo by the asbove authors,
Geldart (100} has shown the fluidization behaviour to be
independent of mean perticle size snd particle size distrie
bution. In partibular, he has found the mean bubble size
to he'dspandent only upon, the gas distributor, the height
above the distributor 2nd the excess gas welocity {Ufwgme.

An eguation has been derived by making use of results
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obtained from & 300 nm diameter bed. This eguation has

been found to give good agreement with published data on

EY

bubble sizes and is given below:

7] ¢,4
= e Sl AT A 0,94
dB 1,43 (Mﬁ_} §0’2 + 2,05+H (uf umf) (F.4)

This equation has been derived for perforated plate type
distributors, and may essily be appli&d—¥é"parﬂu$ plate

type distributors by assuming that they bshave as though
they have 1000 holes/m® of bed cross section (N = 1000
heles/m2§a One of the major restrictions of the above
equation is that it has been derived by excluding any data
which may have been obtained from slug-flow in accordance
with Stewart's criterion, cf Section J.3. As 8 resuli,
equation (J.4) has been derived with excess gas velocities,
Ufmﬁmf’ of the order of 3,1 /s and less, The eguation has

also been restricted to the following particle propertiess
0,04 « dp < 0,50 mm

1400 < p, < 4000 kg/m°

It is evident that work into the mechanism of fluidization
has been limited to low velocities and small particle
diameters, These low values will tend to produce more
uniform fluidization, in partiﬁﬁlar when the prime objective
may be to evaluate the two-phase system of fluidizstion. In
this thesis, a bed material with & mean particle diametsr of
0,795 mm was used, whilst a coal feed with & top size of
6,35 mm was introduced into the bed. The excess fluidizing
velocity ianged from about 0,7 m/s to 1,3 m/s. These values
are clearly outside the ranges for which equations (J.1) to
{J.4} 2re valid, . Howsver, they do represent realistic
values under which the combustion of coal in fluidized beds

can be achieved.

Equation {(J.4) has been chasen faor use in thes theoretical

model in order to determine the bubble diamster.
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J.2 Experimental Determination of the Bubble Diameter

The most usual method of determining the bubble diameter is
by photographing the bubbles as they burst at the surface of
the bed and by making a correction for the actual bubble
size which may be appreciably smaller than that photagraphed
(98). Lewis and Partridge {101) have reported on an X-Ray
technique, whilst two dimensional wmethods have also been
used. However, by considering the two-phase theory of
fluidization, and as all the gas in excess af that re-
quired for fluidization passes through the bed as bubbles,
the bed expansion can be related toc the bubble diameter.
Geldart (102) derives the following expression relating the
static and dynamic bed heights to the rate of rise of a

swarm of bubble UBS

U, = U
L—nf . f__mf (7.5)

L mf (J.6)

Geldart (102) further reports, that two equations relating
the expansion ratio Hf/Hmf to the mean bubble diameter can
be derived. These two equations differ in the way in which
the bubble velocity, or the natural rising velocity of the
bubbles, Up, is related to the absolute velocity of rise of
@ bubble in a swarm Upq The first assumes that providing

the bubbles doc not interfere with one another,

u = u

B

whilst the second, proposed by Davidson and Harrison
(12, pg 100), assumes that the absolute velocity of rise of
a bubble is assumed to be the sum of the natural rising

velocity Ug, plus the upward velocity of the particulate



=G

phase between the bubbles, Ufmﬁmf. This is given by
e (J.8)
Ups =, f’uf E”{mf} * oy _

where

0,5 ‘
» * -8
u 0,711 (g-Dp J, o (5.9}

B

By adopting this latter apprﬁaah,'and by assuming that

u, = (geny /277 e (7.10)

B

Geldart {J.5) derives the following expression for the mean

bubble dizmeter in terms of the bed expansion ratio
Ro= He/Hppo

_ g M T e 2
b = g (g7 (7-11)

A similar relaticnship can be derived by making use of the
assumption of equation (J.T7}). However, as it is not
possible to choose between the egquaticens {J.7) and {J.8}

on theoretical grounds {102), the Harrison and Davidson
relation of equation (J.B) has been chosen. in fact the
diameters predicted by equatisn (J.11} by this relstion aze
always less by a factor Rz than that predicted by equation
(J.7).

In order to determine the bubble diameter from experimental
results, the exwcess velocity ﬁfwumf and the bed expansion
ratio are substituted into equation {J.1l}. It should be
noted that Geldart (102) has only used excess gas velocities
of Ue~t_ o up to 0,07 mis resulting in the highest value for
the hed expansion ratie R, being observed as 1,16. As the
values for excess gas velocities and hence also for the bed
expansion ratio are nmuch greater for this thesis, the use of
equation (J.1ll) is restricted to qualitative assessments of
bubble dismeter, and to obtaining the relative effect when

changing fram ons velocity to another.
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J.3 Criterion for Slugaging Flow

The criterion for determining the transition from bubbling
flow to slugging flow in fluidized beds has been suggested

hy Stewart (103}. Geldart (100,102} has uaéd this critsrion
which is given below for eliminating experimental work where
slugging may have been suspected in order to determine

bubble diameters. Stewart (103) proposes that siug flow

will occcur in a tube of diameter Bt it

(gf.— umf} / 0,35/ (D, g)a’s < 0,2 (J.12}

For a 300 am diemeter tube, as has been used in this fhaﬁia,
and assuring a minimum fluidizing velncity of 0,3 m/s, a
fluidizing velocity of 0,42 m/s should not be excesded in

order to ensure bubbling flow conditions.

However, it is evident that bed height must have an effeet
on the bubble size, as for shallow beds particularly where
tba bed height is less than the bed diameter, coalescence
may not have taken place to the extent that fully developed
slug flow is possible before the bubble erupts at the

surface.



K L

APPENDIX K

CYCLONE PERFORMANCE

The dust is separated from the flue gases by means of a
cyclone situated on the suction side of the boiler induced
draft fan. The cyclone has been designed having the standard

dimensions of & medium efficiency type cyclone.

From the data presented in Reference (70, Ch 20) the pressure
drop across the gyclone is determined as being equivalent to
6,5 inlet velocity heads. The pressure drop across the

cyclane is measured as being equal to 39 mm W.g.

By equating the values an equation results having temperature
and mass flow rates as the unknowns. A second relationship
iz generated based on a wass balance of flue gas from the
combustor and cooling air absorbed from the surroundings.

To simplify the calculation, the flue gas is assuwed to be
emitted from the combustor at a flow rate of 100 kg/b and
800°C for all of the tests censidered. By solving these
two equations simultarecusly, the following is determined

for the cyclone:

Temperature at cyclone inlet = 7T0°C
Velocity at cyclone inlet = 10,7 m/s

From this the coerrection facior for the cyclone sfficiency
to particle size as given by Nonhebel (78) is determined as

2,04,

Figure K.1 is drawn and this has been used for all of the
tests to relate the quantity of ash collected with the

incoming dust burden.
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