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Abstract

Cell damage from hydrodynamic stress is an important consideration in biological systems since it can
result in the growth and function of the cell becoming impaired (Toma et al. 1991, Lilly ez al. 1992). In the
extreme case of cell damage, cell disruption occurs. This dissertation presents the results of an investigation
into the disruption of stationary-phase microbial cells in a stirred tank reactor when agitated in the presence
of biologically inert solid particles in the absence of aeration. Applications of biological processes, where
cells and solid particles are used, include bead mills, minerals bioprocessing, soil bioremediation and
immobilised biocatalysts. An understanding of the rate, extent and mechanisms of cell disruption in these
systems will facilitate the design of bioreactors to minimise or maximise microbial cell disruption,

depending on the application.

The primary objectives were to quantify and model the>effect of incompletely and completely suspended
solids on the kinetics of cell disruption, as a function of the solids concentration, agitation intensity and
impeller flow pattern. Saccharomyces cerevisiae was used as model micro-organism and silica as the solid
particles. Modelling the cell disruption enabled its prediction as a function of the operating'l parameters and
further allowed the cell disruption mechanisms to be elucidated. A final objective was to quantify the solids

~ suspension as a function of the operating parameters.

A 3 liter stirred tank reactor was used for all disruption experiments, with agitation produced by' an
overhead motor equipped with either a 6-bladed Rushton turbine or a 6-bladed pitched-blade turbine,
pumping downwards. Disruption of the Saccharomyces cerevisiae was measured in terms of the soluble
protein release into the supernatant, using the method of Lowry ef al. (1951). The experimental apparatus

was designed to allow measurement of the global power input into the system.

Solids suspension was quantified for both impeller types in terms of the critical impeller speed, defined as
the speed at which the transition from the incompletely to the completely suspended solids regimes occurs.
The effect of an increase in suspended solid concentration on the cell disruption at a constant particle
momentum was investigated by varying the solids concentration between 5% and 40% (v/v) at a constant
“impeller speed of 750 rpm (impeller tip speed of 2.91 ms’), which exceeds the critical impeller speed at
40% solids. The Rushton turbine was used for these disruption experiments. The effect of incompletely
and completely suspended solid particles on the cell disruption was investigated as a function of the particle
momentum using the Rushton turbine at either 10% or 20% solids (v/v), and the pitched-blade turbine at
20% solids (v/v). At each of these conditions, the impellér speed was varied between 200 and 900 rpm
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(impeller tip speeds of 0.77 to 3.49 m s™), which straddles the respective critical impeller speeds at 10%
and 20% solids (v/v).

Critical impeller speeds for the Rushton turbine were measured at 5%, 10%, 15%, 20% and 40% solids
(v/v) by visual observation and f_rbm the maxima in the power number (Np) as a function of the impeller
Reynolds number (Ngg). Measurements of the critical impeller speed for the Rushton turbine using these
two methods agreed to within 9%. The critical impeller speed for the pitched-blade turbine at 20% solids
(v/v) was also measured by visual observation and from a Np-Ngg curve. It was found that only visual
observation was suitable with the pitched-blade turbine since no maximum was apparent in the Np-Ngg
curve. This can be explained in terms of the flow pattern of this impeller. A mathematical relationship,
expressing the measured critical impeller speeds as a function of the operating parameters, was determined.

This relationship was used in the modelling of the cell disruption.

Negligible cell disruption-occurs in the stirred tank reactor in the absence of solid particles, suggesting that
cell disruption in the slurry reactor is essentially caused by interaction between the cells and solid particles.
First order kinetics describe this disruption, allowing it to be quantified in terms of a maximum extent and a
rate. In the presence of solid particles, a constant maximum extent of cell breakege was observed at
equilibrium conditions for both the Rushton and pitched-blade turbines at all the hydrodynamic conditions
investigated, indicating that the maximum extent of cell disruption is independent of the level of solids
suspension. At a constant impeller speed of 750 rpm above the critical impeller speed, the first order
disruption rate constant (k) exhibits a power law dependence on the solids volume fraction. However, at a
 fixed solids loading, the functional dependence of k on the impeller speed differs in relation to the critical
impeller speed for both the Rushton and pitched-blade turbines. A power law dependence was observed in
the incompletely suspended solids regime owing to the increase in volume fraction of suspended solids with
impeller speed. At speeds above the critical impeller speed, k exhibits a linear dependence on the impeller
speed. Here, the volume fraction of suspended solids is constant and only the effect of increasing agitation

intensity on cell disruption is observed.

Comparison of the cell disruption resulting from agitation with the Rushton turbine and the pitched-blade
turbine showed that, for a given impeller speed, the rate of cell disruption is less for the pitched-blade

turbine owing to the lower power input of this impeller. However, for a given power input above the

critical impeller speed, the same cell disruption rate results, independently of the flow pattern type.
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Existing cell damage and disruption models were applied to the cell di'srﬁption observed in the slurry reactor
on agitation with the Rushton turbine. Since these models describe the cell disruption data poorly, several
new models were developed. Mechanistic and predictive models were developed for the Rushton turbine
system at speeds above the critical impeller speed. These models describe the first order disruption rate
constants in terms of the total solids volume fraction and the power input to the system per unit volume.
The work suggests that cell disruption in the completely suspended solids regime occurs primarily in the
impeller region as a result of solid-cell-solid collisions, solid-cell collisions and solid-cell-reactor collisions.
The effect of cell-eddy interactions is negligible. The new mechanistic and predictive models were
validated by applying them to the cell disruption from the pitched-blade turbine in the slurry reactor, and to
cell damage in animal cell-microcarrier systems (Croughan et a/. 1988 1989, Croughan and Wang 1989).
The new models describe the first order disruption rate constants of the pitched-blade turbine, indicating
that the same mechanism of cell disruption applies when using the Rushton and pitched-blade turbines in the
completely suspended solids regime. However, these models need to .be modified for application to the
animal cell-microcarrier system to account for cell-eddy interactions as a source of cell damage as well as

cell damage from both inert solids and microcarrier particles.

In modelling the cell disruption at speeds below the critical impeller speed, the slurry reactor was considered
to consist of two regions: an upper region in which the solids are completely suspended and cells are
disrupted by collisions between the cells and one or more solid particles; and a lower region where the
~ solids are not suspended and the cells are disrupted by the grinding action of adjacent solid partiéles. A
predictive model was developed for the incompletely suspended solids regime, which describes the first
order disruption rate constants, for both the Rushton and pitched-blade turbines, as a function of the total
solids volume fraction, the volume fraction of suspended solids and the power input per unit volume. Cell
- disruption was also successfully modelled for the bead mill system (Mogren et al. 1974, Rehacek and
Schaefer 1977, Schutte et al. 1986) where all the solid particles are unsuspended and cell disruption is
achieved by the combined action of collisions and grinding between stream layer§ of solid particles of
different velocity (Kula and Schutte 1987). The constants obtained in the mechanistic model describing the
cell disruption in bead mills were compared to the corresponding constants in the cell disruption model for '

the sluny reactor, thus adding to the fundamental understanding of cell disruption in particulate systems.
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Nomenclature

= ooT

Keotlision =

Baffle width (m)

Mass of solids in suspension per mass of liquid, given as a percent (%) (Equations 5.1, 5.2,
5.7,5.8,5.9)

Impeller clearance above the vessel base (m)

Concentration of inert solid particles (kg m™)

Microcarrier concentration (kg m?)

Protein content of one cell (mg protein / cell)

Cell dry weight concentration (kg m>)

Drag coefficient associated with the impeller (Equation 7.40)

Soluble protein concentration of a diluted, disrupted sample (kg m™) (Equations D.2,

- D.3,D4,D.5)

Soluble protein concentration of an undiluted, disrupted sample (kg m™)

Impeller diameter (m)

Particle diameter (m)

Energy input per unit volume (J m™)

One-dimensional energy distribution function for turbulent eddies

Cell volume fraction

Factor used by Hetherington et-al. (1971) to account for the volume fraction of the aqueous
phase in the disrupted sample (Equation D.1)

Number of interactions between microcarriers per unit time and volume (m™ hr'')
(Equation 7.28) |

Force acting on fluid adjacent to the impeller in the stirred tank (N) (Equation 7.40)

‘Height of liquid in vessel (m)

Length of impeller hub (m)

Solid boundary height above the mid-plane of the impeller (m)

Number of CSTRs in series

Wavenumber of turbulent eddy (m™') (Equations 7.33, 7.34)

First order disruption rate constant = Ky (™)

First order disruption rate constant, accounting for collisions between the cells and

suspended solid particles (s")
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Kgrina = First order disruption rate constant, accounting for the grinding of the cells by adjacent

unsuspended solid particles (s")

kia = Oxygen mass transfer rate (s")

L = Distance from tip of torque arm to center of torque table (m)(Equation 3.1)
L = Length of impeller blade (m)

m = Mass reading on load cell (kg) (Equation 3.1)
m = Mass of solid particle (kg) (Equations 7.24, 7.26, 7.35)

N = Impeller speed (rps or rpm, units stated in equation)

N = ' Number of intact cells at time, t (Equations 6.1, 6.2, 6.4, 6.5, 6.6)
Nis = Critical impeller speed (rpm)

N, = Power number =P / (p N° D°), where N is in pS

Nrg = Impeller Reynolds number = N D? p / u, where N is in rps

n = Number of impellers |

y = _ Number of impeller blades

P = Power (W)

Posm = Osmotic pressure of suspending medium (bar)

Q = Biosuspension flow rate (m* s
q = Cell death rate (hr'')
R

= Soluble protein released at time, t (mg protein / g cell)

R; = Maximum soluble protein released under the specified operating conditions
(mg protein / g cell) | _

Rum = Maximum soluble protein available for disruption (mg protein / g cell)

s = Dimensionless constant in Equation 5.1 which is a function of the type of stirrer, T/C and
T/D

T = Tank diameter (m)

te = Average circulation time of fluid in vessel (s)

A" = Volume (m*) | '

\% = Velocity of Kolmogorov microscale = (¢ v)*% (m s?)

v = Impeller tip speed (m s™) (Equation 7.40)

Vay = Average velocity of the medium over the impeller blade (m s™)

v - = - Superficial gas velocity (m s™) '

Viel = Relative velocity of colliding solid particles (m s

A\ = . Width of impeller blade (m)-



Nomenclature

Xmin = Value of x-intercept in Weibull function (Equation 8.8)
Xspan = Parameter that determines the width of the Weibull function (Equation 8.8)
Greek letters:
p = Fluid density (kg m™)
Ap = Density difference between solid and liquid phases (kg m™)
1! = Fluid dynamic viscosity (Pa s)
" = Intrinsic cell growth rate (hr') (Equation 7.30)
n = Length of Kolmogorov microscale = (v * /¢ )>** (m)
v = Liquid kinematic viscosity (m? /s)
T = Mean residence time (s) (Equation 8.5)
T = Shear stress (Pa) (Equations 7.21, 7.22)
c = Quality of solids distribution
(0] = Relative quality of solids distribution
Y = Shear rate (s™)
€ - Turbulent power dissipation rate per mass of liquid (W / kg)
0] = Volume of suspended solids / V¢
D, = Volume of inert solid particles / V¢
L = Volume of microcarriers / V
D = Total solids volume / Vr
Oy = Volume of unsuspended solids / V¢
Subscripts:
1 = Liquid
0 = Initial
sl = Slurry
SO = Suspending medium
S, p = Solid particles
T = Total

X = Cells



Glossary

Bead Mill:

Cell Damage:

Cell Lysis/Disruption:

Coefficient of Variance:

Complete Solids Suspension:

Critical Impeller Speed:

Extent of Cell Disruption:

~ First Order Disruption Rate
Constant:

Incomplete Solids Suspension:

An industrial cell disruption device in which the cell suspension is
mixed in a chamber at high rotational speeds in the presence of a

high volume fraction of solid particles.

Refers to the altered response of cells on exposure to stresses. This
may be manifest as a change in the cells’ morphology, ability to

grow and reproduce, metabolic rate and/or metabolic pathway.
Refers to the rupture of the cell envelope.

Standard deviation of values divided by their mean. The
coefficient of variance was used in this study as a relative measure

of the accuracy of the models in predicting the measured values.

None of the solid particles rest on the vessel base for more than 1

or 2 seconds.

The impeller speed at which the solids do not remain on the vessel

base for more than 1 or 2 seconds.

Ratio of the soluble protein release ( R) in the slurry reactor at
time, t, to the maximum soluble protein released under the

operating conditions (R;).

Kinetic parameter, k, in first order disruption expression, which

indicates the rate of cell disruption.

Refers to the solid particles being unsuspended or partially

suspended.



Glossary

Least Squares Analysis:

Mass Transfer-type Model:

Maximum Extent of Cell

Disruption:

Microcarrier:
Parity Chart:

Slurry Reactor:

Solids Volume Fraction:

‘Abb_reviations:

Cv:
DT:
ICS:
PTD:
SD:
TCS:

Method by which the models in this work were fitted to the
experimental data. The method minimises the error between the

predicted and experimental values.

Model of the form: k = A (P/V)’®*, used to describe the first order
disruption rate constant (k) as a function of the power input per

unit volume (P/V) and the solids volume fraction (®).

Ratio of the maximum soluble protein release at the operating
conditions in the slurry reactor (R;) to the maximum available

soluble protein for release (Ry).
Solid particle used as a support for animal cell cultures.
Graph comparing measured values to those predicted by a model.

Stirred tank reactor where solid particles are agitated in the

presence of a liquid.

Volume fraction of solid particles, which excludes the interstitial

volume fraction.

Coefficient of variance

6-bladed Rushton turbine.

Impeller Collision Severity

6-bladed Pitched-blade turbine, with the pumping action downwards.
Standard deviation

Turbulent Collision Severity



Chapter 1: Introduction

The cultivation of micro-organisms in the presence of solid particles has a number of important applications |
in industry: minerals bioprocessing, soil bioremediation and immobilised biocatalysts. The fundamental
differences between these processes are the function of the solid particles and the location of the micro-
organisms. Solid particles are used in minerals bioprocessing and soil bioremediation as the energy source
for cell growth. In processes where immobilised biocatalysts are used, the solid particles provide the
support surfaces for the attached growth of the cells. Hence micro-organisms in these slurry systems may
be either attached to the solid particles or remain freely suspended in the slurry. In some systems, such as

minerals bio-oxidation, both attached and freely suspended micro-organisms are found.

The interaction between the microbial phase and the particulate phase may be provided in packed beds,
trickle beds or heap processes. However, the design of active systems in which controlled conditions are
maintained and adequate oxygen supply for aerobic processes provided is receiving increased attention.
Hence an understanding of physical and biological processes in agitated, aerated slurry bioreactors is
necessary. Good mixing conditions are required in the bioreactors to ensure that there is adequate mass
transfer of oxygen and nutrients to the micro-organisms (Croughan et al. 1989). However, excessive
agitation can result in cell damage from fluid mechanical forces (Toma et al. 1991, Lilly et al. 1992).
Interactions between the cells and solid particles (Croughan et al. 1988) and bubble rupture at the free gas-
liquid interface (Kunas and Papoutsakis 1990, Michaels et al. 1996) have also been shown to be damaging
to the cells.

Studies of Penicillium chrysogenum, Brevibacterium flavum, Trichoderma reesei, Saccharomyces
cerevisiae and hybridoma cells, in the absence of particulates, indicate that microbial cell damage as a
consequence of hydrodynamic stress can lead to changes in the cell metabolic rate, morphology, and
metabolic pathway (Kunas and Papoutsakis 1990, Smith et al. 1990, Toma et al. 1991). These responses
result in reduced productivity of the biological process. In the extreme case of cell damage, cell disruption
occurs. Selection of the optimum operating conditions in minerals bioprocessing, soil bioremediation and
immobilised biocatalyst processes therefore requires a compromise between the operating conditions that
favour mass transfer and minimise the hydrodynamic damage to the cells. Although correlations have been
developed to describe mass transfer in slurry reactors (Oguz et al. 1987), equivalent expressions have not
been developed to describe cell damage and disruption. Cell disruption is further required in downstream
processing, for example bead mills, in the recovery of intracellular products (Harrison 1991). There is thus
a need to quantify and model the microbial cell damage and disruption in systems where cells and solids are
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present, and to understand the mechanisms of the damage and disruption. This would facilitate the design
of bioreactors in which microbial cell damage and disruption could be either maximised or minimised,

depending on the application.

This dissertation presents the results of an investigation into the disruption of freely suspended micro-
organisms agitated in a stirred tank reactor in the presence of biologically inert solid particles and in the
absence of aeration. Saccharomyces cerevisiae (Baker’s yeast) was chosen as the model micro-organism
because it is a relatively well understood biological system for which analytical techniques to quantify the
cell damage and disruption have been well established. In addition, Saccharomyces cerevisiae was
available in reproducible batches as Baker’s yeast cream from Anchor Yeast (Cape Town, South Affrica).
Silica was used as the particulate phase because it is biologically inert and is not susceptible to attrition in
the stirred tank.

The work presented in this thesis is an extension of a study performed by Pearce (1993), in which the effect
of particle size, shape and density, solids concentration, biomass concentration and agitation intensity on the
disruption of Saccharomyces cerevisiae and a mixed culture of thiobacilli were investigated. A 1 liter
stirred tank reactor was used in the investigation of Pearce (1993). A review of Pearce’s work and that of
other workers in this area revealed that although the effect of completely suspended solid particles on cell
damage and disruption is relatively well understood, little work has been conducted to investigate the effect
of incompletely suspénded solid particles on micro-organisms. An understanding of the effect of
incompletely and completely suspended solid particles on cell disruption would facilitate the selection of the
optimum operating conditions for systems where cells are processed in the presence of particulates. One of
the primary objectives of this study was thus to quantify the disruption of the Saccharomyces cerevisiae in
the regimes of incompletely and completely suspended solid particles, as a function of the agitation
intensity, solids concentration and impeller flow pattern. Radial flow was achieved by using a Rushton
turbine whereas predominantly axial flow was achieved by using a pitched-blade turbine, with the pumping
action downwards. To define the regimes of incomplete and complete solids suspension, the solids
suspension in theislurry reactor needed to be quantified. This was‘a further objective in this work. A final
objective was to assess the applicability of existing cell damage and disruption models to the cell disruption
observed in the slurry reactor. If these models were inapplicable, the aim was to develop a model which
described the cell disruption in terms of the operating paran;eters, and which allowed the mechanisms of
cell disruption to be elucidated. This model would require validation by applying it to the cell damage and
disruption observed in other slurry systems.
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To place the study into context, industrially important systems, where microbial cells are processed in the
presence of particulates, are reviewed in Chapter 2. In addition, research performed to date on the effect of

incompletely and completely suspended solids on cell disruption is reviewed in this chapter.

A 3 liter stirred tank reactor of standard geometry was used to investigate the disruption of the
Saccharomyces cerevisiae in the presence of the silica particles. Details of the experimental apparatus, the
experimental protocol and the analytical techniques, used to assess the cell disruption, are presented in
Chapter 3. The study was primarily concerned with cell disruption in the Rushton turbine system. Limited
experiments were performed with the pitched-blade turbine to assess the applicability of the model,

developed to describe cell disruption, to other reactor geometries.

The properties of the yeast and silica model system are discussed in Chapter 4. Experimental data
characterising the physical properties of the system are presented. The structure of the cell wall of
Saccharomyces cerevisiae is reviewed as it provides the physical strength to the cell. Hence a more

complete understanding to the disruption of the yeast can be obtained.

In Chapter 5, the degree of solids suspension and the various methods of its quantification are reviewed.
Measurements of the critical impeller speed, used to define the transition between the regimes of incomplete
and complete solids suspension, are then presented for the Rushton and pitched-blade turbines. These are
validated by comparison to literature values. A model of these critical impeller speeds, in terms of the
solids loading, is presented. This relationship is required for the modelling of the cell disruption data
(Chapter 8).

In this study, cell disruption in the slurry reactor was measured in terms of soluble protein release. Use of a
kinetic expression to model the profile of soluble protein release as a function of time, allowed the cell
disrpption to be quantifed in terms of a rate and a maximum extent. The kinetic expression used to model
the disruption of the Saccharomyces cerevisiae and the calculation of the kinetic parameters are described in
Chapter 6. The results from the cell disruption experiments, performed using the Rushton turbine and the
pitched-blade turbine at a range of solids loadings and agitation intensities, are also presented in this chapter
and compared to literature results. '

In the development of a model to describe the cell disruption in the slurry reactor, the cases of complete and
incomplete solids suspension were considered separately. Modelling of the cell disruption for each of these

~cases is discussed in Chapters 7 and 8 respectively. In modelling the cell disruption in the regimes of
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incomplete and complete solids suspension, the existing cell damage and disruption models were reviewed
and were then applied to the cell disruption data from the Rushton turbine system. The inapplicability of
many of these models motivated the development of new models. The mechanistic and predictive models
“developed in this work are presented in Chapters 7 and 8. These are validated by application to the data
reported here and to other systems where cells and solid particles are used. In Chapter 9, the conclusions
drawn from the study are presented and recommendations are made of areas in which further work may

yield fruitful results on cell damage and disruption in particulate systems.



Chapter 2: Slurry Bioreactors - The Effect of
Completely and Incompletely Suspended
Solids on Cell Damage and Disruption |

2.1 Review of Slurry Systems of Industrial Importance

Minerals bioprocessing, soil bioremediation, immobilised cell systems and bead mills are examples of
processes of industrial significance that utilise micro-organisms and particulates. In this section, the basic
features of these processes and the characteristics of the micro-organisms and particulates are reviewed. In
Table 2.1, the characteristics of these slurty systems are listed and compared to the characteristics of the

Saccharomyces cerevisiae-silica system used in this study.

2.1.1 Minerals Bioprocessing

Minerals bio-oxidation involves the use of a mixed population of Thiobacillus ferrooxidans, Thiobacillus
thiooxidans and Leptospirillum ferrooxidans for the oxidation of iron and sulphur-containing ores. The
oxidation of the iron and sulphur in the ores by the bacteria breaks down the ore matrix, thus permitting the
dissolution of metal ions and making precious metal residues more amenable to subsequent processing
(Gormely and Branion 1989). Bacterial oxidation has been applied to dump and heap leaching of base
metals (Brierley 1978, Rossi 1990) and is being used increasingly in the treatment of gold-containing
refractory ores in both vat and heap processes (van Aswegen 1993, Brierley et al. 1995).

In industry, active processes, in which the operating conditions are controlled, are preferred for the
cultivation of the Thiobacillus-type bacteria (van Aswegen 1993). Growth of the thiobacilli in stirred tank
reactors and air lift reactors allows the optimum temperature range of 30 to 45 °C (Pinches et al. 1991) and
the optimum pH range of 1.2 to 1.8 (van Aswegen 1993) to be maintained throughout the bioreactor. Use
of active processes further allows the high oxygen demand of the thiobacilli to be met. The oxygen demand
of the micro-organisms is dependent on the sulphide content of the mineral, the solids particle size and the
reactor solids concentration (Bailey 1993). Bailey (1993) reports an oxygen demand of 44.1 kg O’ m™ d*
for a pyrite concentrate (28% S) at a solids concentration of 4.6% (v/v) (21.3% (w/v)). A final advantage of
stirred tank reactors in minerals bioprocessing is that nutrient limitation to the cells can be avoided by using

a sufficiently high agitation intensity (Rossi 1990). The scale of industrial processes, which utilise stirred
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tank reactors in the bioprocessing of refractory gold ores, is reported to vary from 20 tpd at Vaal Reefs
(South Africa) (Bailey 1993) to 960 tpd at Ashanti (Ghana) (Dew 1997).

Thiobacillus-type bacteria are reliant on the iron and/or sulphur in the ore as their energy source and use
carbon dioxide as their main source of carbon (Schlegel 1988). The unicellular, gram-negative Thiobacillus
ferrooxidans and Thiobacillus thiooxidans cells have an average diameter of 0.4-0.8 um and an average
length of 0.9-2.0 um. Leptospirillum ferrooxidans, however, exhibits extensive morphological variability,
ranging from a helix with 2-5 spires to a curved rod, 0.9-1.1 pm in length and 0.2-0.4 pm in diameter. The
cell wall structure of this bacteria is similar to that of the other gram-negative bacteria (Rossi 1990). The
greater proportion of the bacteria attach themselves directly to the mineral surface (Brierley 1978, Bailey
1993). Bio-oxidation of the mineral occurs via a two-step mechanism: the mineral is leached chemically by

ferric iron, which is regenerated by the bacteria from the ferrous form (Boon ef al. 1995).

The ore used for bacterial oxidation ranges from run-of-mine ore to high-sulphur flotation concentrates
(Pinches et al. 1991). Barrett et al. (1993) have reported that gold occurs in minerals such as arsenopyrite,
pyrite, pyrrhotite and chalcopyrite. The size of the particles used in minerals bio-oxidation generally
appears to be 65 to 95% passing 75 pm (Gormely and Branion 1989, Pinches ef al. 1991, Bailey 1993).
Selection of the optimum solids concentration depends on the sulphide content of the ore (Pinches ef al.
1991, Bailey 1993). Using a run-of-mine ore (1.2% S), Bailey (1993) found that the bio-oxidation rate was
proportional to the solids concentration up to 21% solids (v/v) (60% (w/v)), the maximum solids
concentration investigated. However, solids concentrations less than 5% (v/v) (20% (w/v)) are optimal
when using high sulphide concentrates (28-33% S) (Torma et al. 1970, Hansford and Bailey 1993).
Densities of three ores used in bioleaching have been reported by Bailey (1993): a density of 2801 kg m>
for a Vaal Reefs run-of-mine concentrate, a density of 4592 kg m™ for a Vaal Reefs pyrite flotation
concentrate and a density of 4386 kg m™ for a Prieska pyrite flotation concentrate.

2.1.2 Soil Bioremediation

Contaminated soils have a negative impact on the environment by impairing ground and surface water.
Bioremediation of such soils involves the controlled use of micro-organisms to break down hazardous
organic chemicals in the soil. The micro-organisms aerobically degrade the organic pollutants to biomass,
carbon dioxide and water. Anaerobic degradation of the organic pollutants yields biomass, methane and
water (Kleijntjens et al. 1992, Pearce et al. 1995). Soil bioremediation offers a comparably inexpensive yet

efficient method of removing toxic chemicals from contaminated soils without destroying the soil
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ecosystem. It can be used exclusively or in tandem with other physical and chemical soil remediation

strategies, such as soil washing and soil vapour extraction.

A survey of the nature and extent of contaminated sites in South Africa was conducted by Pearce ef al.
(1995). Their survey showed that 51% of these sites were industry-related, and that contamination of the
soil from petroleum products was most prevalent. Other organic pollutants identified in their survey were

solvents, pesticides and herbicides, and wood-treating chemicals.

Degradation of these organic pollutants in soils by micro-organisms is broadly classified as being either in-
situ or ex-situ. In-situ bioremediation involves the treatment of the contaminated soil on-site. Techniques
used to enhance in-situ bioremediation include the injection of a synthetic surfactant or solvent into the
contaminated zone to promote the release of hydrophobic contaminants and thus increase their
bioavailability to the micro-organisms (Hoeppel et al. 1991), the use of a plough or rotovator to achieve
oxygen penetration into the soil, and the addition of phosphorous and nitrogen to the soil to stimulate the
micro-organisms in the degradation of organic contaminants (Bradford and Krishnamoorthy 1991). In-situ
bioremediation is advantageous in that it is simple to implement and 1s cost-effective. Disadvantages of this
method of bioremediation are that it is highly dependent on the permeability of the soil, and that the
operating conditions are difficult to control.

Ex-situ bioremediation involves the excavation of the contaminated soil and its subsequent treatment with
micro-organisms to reduce the contaminant concentrations to acceptable levels. Closer control over the
operating parameters can thus be exercised. This allows the optimum environmental conditions to be
created for the biodegradation of the organic pollutants so that more rapid degradation of the contaminants
can be achieved. An understanding of the biological processes in slurry bioreactors is thus required for the
further improvement of these processes;. Ex-situ bioremediation has been performed in lined biocells
provided with an aeration system (Pearce et al. 1995). Stirred tank reactors have also been used (Ryan ef al.
1991, Stegmann et al. 1994). Here, the contaminated soil is treated as an aqueous slurry. Kleijntjens et al.
(1992) investigated the use of a continuous, three phase suspension reactor to treat polluted soils at solids
concentrations of 12.3% to 16.4% (v/v). Their 4.0 m® suspension reactor had a tapered bottom and was
agitated by air, injected with the slurry at the bottom of the reactor. The air flow rate was adjusted so that
the coarse, non-polluted soil fraction (700 to 4000 um) was fluidised at the bottom of the reactor, and the
small particles (1 to 700 pm), to which more than 90% of the organic pollutants were adsorbed, were
suspended in the bulk of the vessel.
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The micro-organisms used in soil bioremediation are the indigenous fungi and bacterial populations in the
soil. Genetically engineered or specially adapted micro-organisms, which degrade target pollutants, may
also be introduced to the contaminated soil. Pearce et al. (1995) report that 107 to 108 micro-organisms
(colony forming units) should be used per gram of soil. A pH of 6 to 8, and a temperature of 15°C to 35°C
are optimal for the metabolic activity of the micro-organisms. Moisture is essential for microbial growth,
movement through the soil and the solubilisation of the organic contaminants to increase their
bioavailability (Providenti et al. 1993). Aerobic degradation of the organic pollutants is preferred to
anaerobic bioremediation since it is more rapid. However, anaerobic bioremediation is advantageous for the
treatment of highly chlorinated compounds which are resistant to aerobic biodegradation (Pearce et al.

1995).

2.1.3 Immobilised Cell Systems

Cell immobilisation, ie the attachment of cells to solid particles, provides various benefits. Cell
immobilisation increases the number of cells per reactor volume (Tyagi et al. 1992). It allows the
continuous production of secondary metabolites at dilution rates exceeding the maximum specific growth
rates of the cells. Immobilisation further facilitates removal of the biological phase in downstream
processing and gives rise to better oxygen transfer, on use of filamentous fungi, owing to a decrease in broth
viscosity compared to traditional fermentations (Rosvear et al. 1987, Webb and Dervakos 1996). Cell
immobilisation is also used to stabilise genetically engineered cells (Shu and Yang 1996) and anchorage-
dependent cells (Croughan and Wang 1989).

Cell immobilisation can be classified as being either active or passive. Active immobilisation involves the
attachment of the cells to the solid particles by chemical or physical means. Passive immobilisation occurs
when films or flocs of cells form naturally on, around or within solid surfaces or particles (Black et al.
1984).

An important example of active immobilisation is the chemical bonding of Saccharomyces cerevisiae cells
to solid support particles for the production of ethanol (Bandyopadhyay and Ghose 1982). Three methods
are used in forming the chemical bond between the yeast cell and the support particle:

¢ Immobilisation of Saccharomyces cerevisiae by a chelation/ metal link process onto a porous inorganic
support (Dias et al. 1982, Cabral et al. 1986, Kennedy and Cabral 1990).

¢ Formation of a covalent bond between the cells and glass beads, which have been dip-coated in gelatin
and cross-linked with glutaraldehyde (Doran and Bailey 1986).
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e Formation of a covalent bond between the yeast cells and silica beads, which have been pretréated with

a silane and glutaraldehyde (Navarro and Durand 1977, Bandyopadhyay and Ghose 1982).

The porous inorganic supports used by these workers included controlled pore titanium, silica, silica gel,
Spherosil XOB015 (porous silica) and pumice stone. The diameters of the particles ranged from 100 to
4000 um. Each of these immobilisation methods results in the attachment of yeast cells via a strong
covalent bond to the surface of the support to form, at most, a monolayer of cells. Doran and Bailey (1986)
found that immobilised cells accounted for between 83 and 93% of the total cell number in the packed bed

‘column reactor. The remaining cells were freely suspended in the medium.

Examples of passive immobilisation include waste water treatment, the growth of micro-organisms on
biomass support particles, the immobilisation of Saccharomyces cerevisiae for the production of
recombinant proteins, and the growth of animal cell cultures on microcarrier beads. In the activated-sludge
process in waste water treatment, the suspended solid material is oxidised by micro-organisms which attach
themselves to the particulates. A mixed population of cells, including Zoogloea ramigera, is used which
agglomerate into flocs. These flocs, called activated sludge, have a high affinity for suspended organic
matter which ranges in diameter from 1 to 100 ym. The main component of the activated-sludge process is
a continuous flow aerated bioreactor, linked to a sedimentation tank where the liquid is clarified (Bailey and
Ollis 1986).

Biomass support particles (BSPs) are essentially an open network of matrix support material with a high
porosity of 0.80 to 0.97. They are typically constructed of stainless steel knitted mesh or reticulated
| polyester foam (Black et al. 1984). The diameter of the stainless steel spheres and the length of the
polyester foam cubes, used by Black ef al. (1984), were 6000 um. Their respective densities, when filled
with Saccharomyces cerevisiae, were 7700 and 1100 kg m>. Cells become entrapped within the lattice
. structure of the BSPs and then adhere to them. The interior of the BSP is characterised by an environment
of low shear and it can thus retain the weakly adsorbed cells. Any cells which grow beyond the protected
environment of the BSP are continuously removed by the abrasive forces of liquid shear and interparticle
and particle-wall collistons that exist in stirred tank reactors and fluidised bed reactors (Atkinson et al.
1979, Black et al. 1984). Biomass support particles have been employed successfully in the passive
immobilisation of cells for the treatment of sewage and industrial wastewater (Atkinson et al. 1981, Walker
and Austin 1981). Black ez al. (1984) fdund that BSPs could also be used for the passive immobilisation of

Saccharomyces cerevisiae cells for the production of ethanol.
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Saccharomyces cerevisiae has been used as the host organism for the production of several recombinant
proteins (Heslot and Gaillardin 1991). It has been found that improved plasmid stability and productivity
can be obtained with cell immobilisation (Kanayama et a/. 1988). Shu and Yang (1996) passively
immobilised Saccharomyces cerevisiae onto porous glass beads by adsorption for the continuous
production of recombinant murine granulocyte-macrophage colony-stimulating factor (MuGM-CSF). A
fluidised bed bioreactor was used at a dilution rate of 0.03 hr”' and at particle concentrations ranging from
5% to 33% (v/v). The porous glass beads had an average diameter of 1000 pm, a porosity of 60% and a
density of 2070 kg m>. Scanning electron micrographs showed that the yeast cells were immobilised by
attachment to the external as well as the internal pore surfaces of the glass beads. As the particle loading
increased from 5% to 33%, the concentration of immobilised cells increased from 4.88 to 28.68 g/l, and the
concentration of freely suspended cells decreased from 11.28 to 6.63 g/l. The biomass loading per particle
decreased from 0.160 to 0.098 g/g as particle loading increased. This was attributed to nutrient limitation at

high solids concentrations.

Animal cells undergo passive immobilisation on microcarriers and are used on a large scale in agitated
vessels for the production of biochemicals such as hormones, interferons, enzymes and antibodies
(Croughan ef al. 1987). As a result of the relatively large size (10 to 15 um) of these anchorage-dependent
cells (Kunas and Papoutsakis 1990) and their lack of a protective cell wall, animal cells are particularly
susceptible to cell damage. Extensive research has been conducted into the damage of animal cells in
spinner vessels at the laboratory scale (Croughan et al. 1987, 1988, 1989; Cherry and Papoutsakis 1988,
Croughan and Wang 1989, Lakhotia and Papoutsakis 1992). Cytodex 1 and Cytodex 3 beads were the
most frequently used microcarriers in this research. The hydrated average bead diameter and density of
Cytodex 1 microcarriers were reported by Croughan et al. (1988) as 178 pum and 1030 kg m™ respectively.

The solids volume fraction used in these studies was always less than 0.03.

2.1.4 Bead Mills

The products in biological processes are often intracellular with the result that the cells need to be disrupted
for the product recovery (Bailey and Ollis 1986). Bead mills provide an efficient mechanical method of
disrupting micro-organisms by agitation of the cell suspension at high impeller tip speeds (5.to 20m st in
the presence of a high volume fraction of inert solid particles (44-47%). Disruption of the microbial cells is
achieved by collisions and by grinding between stream layers of solid particles of different velocity (Engler
1985, Harrison 1991). The mill consists of a horizontally or vertically oriented chamber with a motor
driven central shaft. A number of agitator discs or pins, attached to the shaft either centrically or
eccentrically, accelerate the solid particles (beads) used as grinding elements. The beads are retained in the
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chamber by sieve plates or by a coaxial ring slot which is integrated into the bearing housing. The micro-
organism suspension is passed through the bead mill, usually in a continuous fashion. An efficient cooling
jacket 1is required since most of the energy is dissipated as heat. Commercially available bead mills range
from 0.6 to 200 liters in volume. Further scale-up is limited by the heat removal required (Mogren et al.
1974, Chisti and Moo-Young 1986, Kula and Schutte 1987).

The efficiency of bead milling is dependent on many variables, among which the most important are
agitator speed, the residence time in the mill, the concentration of the cells, the size and concentration of the
beads, the bead density, temperature, the design of the stirrer and the geometry of the grinding chamber
(Harrison 1991). Bead mills have been used successfully to disrupt the yeasts Saccharomyces cerevisiae,
Saccharomyces carlsbergensis, Candida utilis and Candida boidinii, and the bacteria Lactobacillus
confusus, Escherichia coli, Bacillus sphaericus, Brevibacterium ammoniagenes and Bacillus subtilis
(Rehacek 1971, Mogren et al. 1974, Schutte ef al. 1983). Hedenskog and Ebbinghaus (1972) report the use
of bead mills for the disruption of the algae Scenedesmus obliquus and Spirulina platensis, for intracellular
protein release. Complete disruption of the fungus Aspergillus niger has also been achieved (Rehacek
1971). The size of the micro-organisms disrupted in bead mills therefore ranges between 1 and 10 pm
(Kula and Schutte 1987). An optimum wet weight concentration of 40 to 50% (w/v) has been reported by
Kula and Schutte (1987) for the disruption of yeast cells in bead mills. Since the micro-organisms are
temperature sensitive with protein denaturation or deactivation occurring at elevated temperatures, the

recommended temperature range for bead mills is 5 to 15 °C (Kula and Schutte 1987).

Glass beads are most commonly used as the grinding elements in bead mills since they are relatively cheap
and available in a range of sizes. The density of the glass beads ranges between 2500 to 2900 kg m™, Other
grinding elements that have been used include zirconium oxide beads (density of 5400 kg m™) and ceramic
beads made partially from zirconium oxide (density of 3800 kg m™) (Kula and Schutte 1987). The optimal
size of the grinding elements is determined by the size of the micro-organisms and the location of the
desired enzyme in the cell. Experimental findings have established that yeasts are more efficiently disrupted
using beads with diameters in the range of 500 to 850 um whilst bacterial disruption is favoured by using
beads smaller than 500 yum in diameter (Marffy and Kula 1974, Kula and Schutte 1987). Larger beads are
more efficient in solubilising enzymes in the periplasmic space than those found in the cytoplasm (Schutte
et al. 1983). Selection of a solids concentration is restricted to below 47% (v/v) since heating of the cell

homogenate and the power consumption increase markedly beyond this point (Schutte et al. 1983).
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2.1.5 Concluding Remarks

This study concerns an investigation into the disruption of freely suspended Saccharomyces cerevisiae in a
slurry reactor. The motivation behind choosing Saccharomyces cerevisiae and silica as the model system in
this work was detailed in Chapter 1. From Table 2.1, which compares the characteristics of systems
utilising particulates and micro-organisms, it can be seen that the conditions used in this work simulate most
closely the disruption of frecly suspended bacteria in the minerals bio-oxidation system, the disruption of
freely suspended bacteria in the suspension reactor used by Kleijntjens ef al. (1992) for soil bioremediation,
the disruption of freely suspended Saccharomyces cerevisiae used in the system of Shu and Yang (1996) for
the production of recombinant protein, and the disruption of freely suspended Saccharomyces cerevisiae in

bead mills.

2.2 The Effect of Completely and Incompletely Suspended Solids on
Cell Damage and Disruption -A Review

In this section, literature concerning the effect of complétely and incompletely suspended solids on cell
damage and disruption is reviewed. This includes work performed in the minerals bio-oxidation system and
the animal cell-microcarrier system. Completely suspended solids were used in these systems to achieve
good mass transfer of nutrients and oxygen to, and products away from the attached cells. Any decrease in
the cell growth upon agitation could thus be attributed to hydrodynamic forces or momentum transfer alone.
Completely suspended solid particles were further used in the minerals bioprocessing system to ensure a.
uniform flow of solids through the train of stirred tank reactors (Gormely and Branion 1989). The work of
Pearce (1993), where the effect of completely and incompletely suspended solids on the disruption of freely

suspended Saccharomyces cerevisiae was investigated using a slurry bioreactor, is also reviewed.
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Table 2.1 Comparison of slurry systems reviewed in Section 2.1 and the Saccharomyces cerevisiae-silica system used in this study
Cell-Solid System Micro-organism Location of Cell | Solid Particle Reactor Type
Type Diameter Type Diameter Density Solids
(pam) (1m) (kg m>) Loading
This Study Saccharomyces cerevisiae | 5.4 Freely suspended | Silica 600-850 2664 10%, 20% Stirred tank -
)
Minerals Bioprocessin Thiobacillus ferrooxidans, | 0.4-0.8 pmby | Attached Iron and sulphur- generally 65 to | 2800-4400 | 5-20% (v/v) | Stirred tank,
v Thiobacillus thiooxidans, | 0.9-2.0 pm (greater containing ores (eg. 95% passing : air lift reactor
Leptospirillum proportion) and | arsenopyrite, pyrite, 75 um
ferrooxidans freely suspended | pyrrhotite, chalcopyrite)
Soil bioremediation Mixed population of 1 (bacteria) Freely suspended | Soil (range of ores generally 1- 2100-2500 Landfarming
indigenous/genetically including sand and clay) 4000
engineered/adapted Slurry reactor
bacteria and fungi
. . 12.3-16.4% | Air-agitated
vv) suspension
reactor
Bead Mills Yeasts, Bacteria, Fungi 1-10 Freely suspended | Glass, ceramic or 400-1500 2500-5400 | 44-47% Chamber with
and Algae , zirconium oxide beads vv) agitator discs
or pins on
shaft
Immobilised Cell Systems
1.Active Immobilisation Saccharomyces cerevisiae | 5 Attached Glass beads, controlled 100-4000 Packed bed
pore titanium, silica, silica reactor
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Table 2.1 Continued
Cell-Solid System Micro-organism Location of Cell | Solid Particle Reactor Type
Type Diameter Type Diameter Density (kg | Solids
(pm) (pm) m*) Loading
Immobilised Cell Systems
2.Passive Immobilisation
Activated-sludge Process Mixed population; most Formationof | Attached Organic material 1-100 \.yo_.oEo reactor
common bacterium is flocs _Er.& toa
Zoogloea ramigera sedimentation
tank with recycle
BSPs Mixed population used in | Formation of | Attached Stainless steel knitted | 6000 7700 m~5ma tank,
treatment of sewage and flocs mesh fluidised bed
industrial wastewater,
Saccharomyces cerevisiae | 5 Reticulated polyester 1000 1100
foam
Production of Recombinant | Saccharomyces cerevisiae | 5 Attached and - Porous glass beads 1000 2070 5-33% (v/v) | Fluidised bed
Proteins freely suspended :
Animal cell-Microcarrier eg. FS-4 cells, bovine 10-15 Attached Microcarriers eg. 180 1030 0.02-3.06% | Spinner vessel at
System embryonic kidney cells, ) laboratory scale

hybridoma cells

Cytodex 1, Cytodex 3
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2.2.1 Minerals Bioprocessing

The effect of completely suspended solids on the thiobacilli used in the minerals bioleaching system has
been investigated in terms of variation in the agitation intensity, impeller flow pattern and the solids
concentration. During the bio-oxidation of high sulphide content material at high solids concentrations, the
oxygen demand of the bacteria is high, necessitating the use of high agitation rates to improve mass transfer
(Bailey 1993). There is a dearth of information in the bio-oxidation literature regarding the effect of
agitation intensity on cell damage. This highlights the need for a rigorous investigation into the effect of
agitation intensity on the free and attached bacteria. One of the few studies performed is that of Hackl ef al.
(1989), who found, during their pilot plant testwork, that a tip speed of 5.3 m s’ was detrimental to the
leach rates of thiobacilli. Howevér, when the tip speed of the Rushton turbine was reduced to 3.3 m s, the
bioleach rates started to increase and, within 4 days, returned to normal. At the laboratory scale (1 liter),
Pearce (1993) found that agitation of thiobacilli with a 6-bladed Rushton turbine at 630 rpm (impeller tip
speed of 2.6 m s™) in the i)resence of 10% (w/v) pyrite completely inhibited the growth of the cells.
However, agitation of the cells at 350 rpm (impeller tip speed of 1.4 m s”) was not detrimental to them.
The use of high agitation intensities, during the initial stages of growth of thiobacilli, also hinders their
attachment to the surfaces of mineral particles with the result that their growth and bioleach rates are
inhibited (Gormely and Branion 1989, Hackl et al. 1989). The reduced attachment of Thiobacillus
ferrooxidans at conditions of high shear was illustrated by Cook (1964), using stationary and shaken flasks.
Inhibition of cell growth was only observed in the shaken flasks and was overcome when the flasks were left

for 3 days prior to shaking.

Hackl er al. (1989) investigated the effect of the impeller flow pattern on the damage to a mixed culture of
Thiobacillus ferrooxidans, Thiobacillus thiooxidans and Leptospirillum ferroxidans, at an impellef tip
speed of 5.3 m s, which was above the critical impeller speed. Agitation of the suspension with a Rushton
turbine resulted in an immediate 14% reduction in the bioleach rate. However, agitation of the suspension
with a 45 degree pitched-blade turbine resulted in normal leach rates. This indicated that at a constant
impeller speed of 5.3 m s, the cells were more damaged by agitation with the Rushton turbine. These
findings are supported by the study of Pearce (1993), in which an axial flow impeller and a Rushton turbine
were used to agitate thiobacilli in a stirred tank in the presence of 10% (w/v) pyrite. Agitation with the
Rushton turbine at an impeller tip speed of 2.6 m s”, completely inhibited the cell growth (lag > 20 days)
whereas cell growth was observed after a lag time of 11 days on agitation with the axial flow impeller at 2.6
ms'. This is explained by the fact that at a given impeller speed, the power input per unit volume is higher
for the radial flow pattern of the Rushton turbine than for the predominantly axial flow pattern of the
pitched-blade turbine. In addition to the higher power consumption of the Rushton turbine, these impellers
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generate more shear. The effect of impeller flow pattern on the cell damage was determined by Hackl et al.
(1989) and Pearce (1993) at a single impeller speed in their respective studies. To draw meaningful
conclusions regarding the effect of impeller flow pattern on cell damage, a range of impeller speeds should

be used for the axial and radial flow impellers.

The effect of solids concentration on the performance of the bacteria in bioleaching has been investigated
using completely suspended systems. Beyer et al. (1986) determined the batch oxidation rates of
Thiobacillus ferrooxidans in an airlift reactor at 2%, 10% and 20% (w/v) concentrations of coal (3.3% S).
The rate of oxidation of pyrite was observed to increase from 58 to 338 mg pyritic sulphur per liter per day
as the solids concentration increased from 2 to 10%. However, at 20% solids this rate was reduced to 128
mg pyritic sulphur per liter per day. Measurement of the number of viable cells showed that the cell
concentration was four orders of magnitude less for the 20% solids concentration than for the 10% solids

~ concentration. This was attributed to the greater shear to which the cells were exposed at 20% solids.

Torma et al. (1970) investigated the effect of increased solids concentration ( 0 to 27% (w/v)) on the
oxidation of zinc from a zinc sulphide concentrate (33% S) using Thiobacillus ferrooxidans. The zinc
extraction rate was found to be directly proportional to the solids concentration for solids concentrations
below 14% (w/v). Between 14 and 20% solids, the extraction rate was independeht of the solids
cdncentration and above 20% solids, the rate decreased. The researchers postulated that the decrease in
oxidation rate arose from the interference of the solids with the mass transfer of oxygen or carbon dioxide
to the micro-organisms. This postulation is supported by Bailey (1993), following investigation of the bio-
oxidation of two high grade pyrite concentrates (> 28% S) using a fluidised bed reactor. A solids
concentration range of 20 to 45% (w/v) was employed and a mixed culture of Thiobacillus ferrooxidans,
Thiobacillus thiooxidans and Leptospirillum ferroxidans used. Bailey (1993) found that the bio-oxidation
rate at high solids concentrations was affected by the oxygen availability in the feactor. While oxygen or °
carbon dioxide availability may limit the bio-oxidation rate of the rﬁicro-organisms at high solids

concentrations, the influence of mechanical stress has not been rigorously discounted.

2.2.2 Animal Cell-microcarrier System

The effect of completely suspended solids on the damage to anchorage-dependent animal cells immobilised
on microcarriers in spinner vessels has been rigorously investigated (Croughan et al. 1987, 1988, 1989;
Cherry and Papoutsakis 1988, Croughan and Wang 1989, Lakhotia and Papoutsakis 1992). These studies
considered the effect of agitation intensity and solids concentration on the cell damage. Table 2.2
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Table 2.2

Impeller speeds employed are greater than the critical impeller speed.

Systems used in investigation of the damage to immobilised animal cells.

Conditions employed Solids concentration Agitation intensity Cell type and Volume of spinner vessel Researcher
Microcarrier type
(Yo viv) “(ml)
Agitation Impeller tip
rate speed
(rpm) (ms™)
m.x&, low solids concentration, 0.02 35-220 0.10-0.61 FS-4 cells, Cytodex | 125 Croughan et al. (1989)
Varying agitation intensity 60-230 0.17-0.64 microcarriers 500
03 60-220 0.12-0.44 FS-4 cells, Cytodex 1 100 Croughan et al. (1987)
microcarriers )
Fixed, moderate/high solids 0.5 75-150 0.16-0.43 Bovine embryonic kidney 2000* Cherry and Papoutsakis
concentration, cells, Cytodex 3 (1988)
Varying agitation intensity microcarriers
05 45-160 0.10-0.35 Bovine embryonic kidney 100 Lakhotia and
cells, Cytodex 3 Papoutsakis (1992)
microcarriers
0.5 35-150 0.10-0.42 FS-4 cells, Cytodex | 125 Croughan and Wang
15 35-150 0.14-0.61 microcarriers 500 (1989)
Fixed, low agitation intensity, Oy=01" 35 0.10 FS-4 cells, Cytodex 1 125 Croughan et al. (1988)
Varying solids concentration @, =0-28% microcarriers, Sephadex G-
50 beads as inert solid
particles
Fixed, high agitation intensity, dy=01"% 150 0.42 FS-4 cells, Cytodex 1 125 Croughan et al. (1988)
Varying solids concentration @, =0-2.9% microcarriers, Sephadex G-
50 beads as inert solid
particles

*Round-bottom tissue culture reactor.
¥ @y refers to the volume fraction of microcarriers, @, refers to the volume fraction of inert solid particles.
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summarises the types of cells and microcarriers as well as the ranges of agitation intensity and solids
concentration used by the various workers. Damage to the animal cells in these systems was quantified in

terms of changes in the attached, viable cell concentration.

The studies showed that at low to moderate levels of agitation, the apparent growth rate of the animal cells
was not affected by fluid mechanical forces. Croughan et al. (1989) found that no cell death occurred when
FS-4 cells, immobilised on microcarriers present at a solids loading of 0.02% (v/v), were agitated at 60 rpm
(impeller tip speed of 0.17 m s™) in 500 ml spinner vessels. Lakhotia and Papoutsakis (1992) obtained
similar results for the growth of bovine embryonic kidney cells, immobilised on 0.5% (v/v) microcarriers.
The apparent specific growth rates of these cells were found to be independent of agitation rates below 90
rpm (impeller tip speed of 0.20 m s™). However, the apparent growth rates of the cells were reduced at high
levels of agitation. This reduction in the apparent growth rates occuﬁed even at very low microcarrier
concentrations, as shown by the study of Croughan ef al. (1989). These workers found that at the low
microcarrier concentration of 0.02% (v/v), the apparent growth rates of FS-4 cells decreased from 0.016 hr*
to -0.005 hr' as the agitation intensity was increased from 35 to 220 rpm (impeller tip speeds of 0.10 to

0.61 m s™ respectively).

The apparent or measured growth rate of cells is defined as the difference between their intrinsic growth rate
and their death rate. A reduction in the apparent growth rate of the animal cells in overagitated microcarrier
cultures could thus be attributed to a reduction in their intrinsic growth rate (growth inhibition), an increase
in their death rate or a combination of these. Croughan and Wang (1989) investigated this by considering
the damage to FS-4 cells attached to 1.5% (v/v) microcarriers at agitation intensities of 35 and 150 rpm. No
cell damage or removal was observed for the culture at 35 rpm, whereas the culture at 150 rpm exhibited a
-15% decrease in attached cell concentration. The intact FS-4 cells, detached from the microcarriers, were
found to lyse and disintegrate over a period of 1 to 2 days. Cell fragments observed in the culture fluid at
150 rpm thus originated from either lysis of detached FS-4 cells in the culture fluid, or disruption of
attached cells. The DNA release into the culture fluid was measured for the experiments run at 35 rpm and
150 rpm to quantify the concentration of whole and lysed cells in suspension. Comparison of this data with
mechanistic models showed that the reduction in the apparent growth rate of the cells at 150 rpm was due
entirely to the irreversible and random removal of the cells from the microcarriers. The intrinsic growth rate

of the cells at 150 rpm was the same as that at 35 rpm, and was thus unaffected by hydrodynamic forces.

Hydrodynamic death and removal of immobilised animal cells, at high agitation rates above the critical
impeller speed, can be reduced by increasing the fluid viscosity through dextran supplementation. Lakhotia
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and Papoutsakis (1992) used dextran to alter the medium viscosity between 1.0 and 2.6 cp. They found that
the protective effect of viscosity on the apparent growth rate of bovine embryonic kidney cells was
amplified as the agitation intensity was increased from 120 to 160 rpm (impeller tip speeds of 0.26 to 0.35
m s™ respectively). However, increasing the medium viscosity had no effect on the apparent growth rate of |
the cells when an impeller speed below 90 rpm (impeller tip speed of 0.20 m s') was used. This is
supported by the observations of Croughan et al. (1989). ’

Croughan et al. (1988) investigated the effect of solids concentration on the damage to immobilised FS-4
cells at agitation intensities of 35 rpm and 150 rpm (above the critical impeller speed). A constant attached
cell concentration was used in these experiments by fixing the microcarrier concentration at 0.1% (v/v).
The effect of solids concentration on the microcarrier cultures was established by using solid particles of the
same size and density as the microcarriers but which were chemically inert and incapable of supporting cell
growth and attachment. Sephadex G-50 beads were found to fulfill these requirements and were used at
concentrations of 0 to 2.9% (v/v). It was found that at 35 rpm, increasing the inert solids concentration to
2.9% had no effect on the apparent growth rate of the FS4 cells. However, an increase in the inert solids
concentration had a detrimental effect on the cells at 150 rpm. In the absence of inert microcarriers, the
culture at 150 rpm grew to 45% of the maximum cell concentration in the control culture at 35 rpm. As -
inert microcarriers were added, the apparent growth of the cells progressively decreased to 8% of the
maximum cell concentration of the control on addition of 2.9% inert solids. The addition of inert.solids to
the microcarrier cultures at 150 rpm also reduced the attachment of the cells to the microcarriers during the
initial stages of the experiments. At 2.9% (v/v) inert solids, it was found that only 54% of the inoculum

attached to the microcarriers as viable cells.

The effect of microcarrier concentration on the growth of FS-4 cells was also investigated by Croughan ot
al. (1988) at 35 rpm. In varying the microcarrier concentration, both the solids concentration and attached
cell concentration were varied. The FS-4 cells were grown at microcarrier concentrations of 0.005 to
1.456% (v/v) and the medium was supplemented by either 5% or 10% fetal calf serum. Examination of the
apparent growth rates of the cells as a function of the microcarrier concentrations, showed that the growth
rates decreased above 0.019% solids and 0.015% solids when usiﬁg 5% serum and 10% serum respectively.
This finding contrasts with the observation that no cell damage occurred when the inert solids concentration
was increased to 2.9% at an impeller speed of 35 rpm. Further investigations into the growth of FS-4 cells -
in T-flasks as a function of cell concentration, showed that the decreased performance of the high density
microcarrier cultures was due to the presence of growth inhibitors at the high cell concentrations.
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where Njs is the critical impeller speed (rpm), v; is the liquid kinematic viscosity (m?s™), d; is the solid
particle diameter (m), Ap is the density difference between solid and liquid phases (kg m™), p is the densxty
of the liquid phase (kg m™), B is the mass of suspended solids per mass of liquid (%), and D is the impeller
diameter (m). Pearce (1993) found that the first order disruption rate constant and the maximum extent of
cell disruption increased rapidly over the particle size range of 114 to 300 pm. However, as the particle
diameter was increased beyond 300 pm, the first order disruption rate constant approached a constant value
of 5 x 10* 5. The maximum extent of disruption increased gradually to a maximum value of 96% at a
particle size of 1245 um. This motivated the use of particles of diameter 600 to 850 um in this work. The
results of Pearce (1993) show that the disruption kinetic parameters are not sensitive to particle size in this

range.
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Figure 2.1. Effect of solids volume fraction on the disruption kinetic parameters of
Saccharomyces cerevisiae on agitation with a Rushton turbine (Pearce 1993).
Impeller speed of 772 rpm, silica particles with geometric mean particle diameter of 1245
um, cell dry weight concentration of 50 to 60 kg m>. |

The effect of particle density on cell disruption over the range of 1600 to 4500 kg m™ was investigated by
Pearce (1993) by using activated carbon, silica and chromite as the solid phase in the slurry reactor. In this
range, particle density was found to have negligible effect on the rate and extent of cell disruption at a solids
concentration of 20% (v/v) and an agitation intensity of 772 rpm (impeller tip speed of 2.18 m s™). While

the activated carbon and silica suspensions are well suspended at this impeller speed (N;s in range 311-542
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rpm, Equation 5.7), the chromite is not fully suspended (Njs of 805 rpm, Equation 5.7). At a 0.20 solids
" . volume fraction and an impeller speed of 772 rpm, a 20% decrease in the rate constant and a 19% ihcrease
in the maximum extent of disruption were observed on use of jagged silica particles with respect to smooth
silica particles (Pearce 1993). Pearce (1993) further found that an increase in the biomass concentration
from 20 to 130 kg m” resulted in a 36% decrease in the first order djsmpﬁon rate constants. Increasing the
biomass concentration over this range increases the viscosity of the yeast suspensions by 166% (Vand
1948). The findings of Pearce (1993) are thus in agreement with the observations in animal cell-
microcarrier cultures that viscosity has a protective effect in reducing cell damage and disruption from

hydrodynamic stress (Croughan et a/. 1989, Lakhotia and Papoutsakis 1992) (Section 2.2.2).
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Figure 2.2. Effect of particle size on the disruption kinetic parameters of Saccharomyces
cerevisiae on agitation with a Rushton turbine (Pearce 1993). |
Silica particles, impeller speed of 772 rpm, solids volume fraction of 0.20, cell dry weight
concentration of 50 to 60 kg m™.

The results from the cell disruption experiments performed over the agitation intensity range of 150 to 1090
rpm (impeller tip speeds of 0.42 to 3.08 m s') are shown in Figure 2.3. In these experiments, Pearce (1993)
used a solids volume fraction of 20%, silica particles with a‘ geometric mean diameter of 1245 pum and a
biomass concentration of 50 to 60 kg m~. At these conditions, the critical impeller speed is 685 rpm
(Equation 5.7). These experiments thus show the effect of incompletely suspended solids on cell disruption
at impeller speeds below 685 rpm, and the effect of completely suspended solids on cell disruption at
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impeller speeds above 685 rpm. Figure 2.3 shows that the first order disruption rate constants (k) exhibit a
power law dependency on the impeller speed (N) below 600 rpm. This power law relationship is described
by Equation'2.2 with a correlation coefficient of 0.953 (Pearce 1993).

k = 1278 x 109°N'%% | o Equation 2.2
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Figure 2.3. Effect of agitation intensity on the disruption kinetic parameters of Saccharomyces
cerevisiae on agitation with a Rushton turbine (Pearce 1993).
Solids volume fraction of 0.20, silica particles with geometric mean particle diameter of

© 1245 um, cell dry weight concentration of 50 to 60 kg m™.

Above 600 rpm, the disruption rate constant approaches a constant value. There is clearly a change in the
dependency of k on the impeller speed in the vicinity of the critical impeller speed. Figure 2.2 also shows
that the maximum extent of disruption (Ry/Ry) increases with impeller speed and reaches a maximum above
600 rpm. This indicates that incremental breakage of the cells occurs at equilibrium conditions below 600
pm. Pearce (1993) suggested that this incremental breakage could be attributed to the reduced collision
frequency and collision force of the incompletely suspended solids with the cells. The results of Pearce
{1993) therefore suggest that the dépendence of the disruption kinetic parameters on impeller speed is

different in the regimes of incomplete and complete solids suspension. This requires further investigation.

To understand the increase in the maximum extent of disruption with impeller speed below an agitation
intensity of 600 rpm, Pearce (1993) investigated the relative contribution of cell wall damage and cell

membrane damage. The release of the wall-associated enzyme, invertase, and cytoplasmic proteins was
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compared as a function of the impeller speed. A first order rate equation was used to describe the kinetics
of invertase release. In Figure 2.4, .the ratio of the rate of invertase release, k., and the rate of total soluble
protein release, k, are shown as a function of the impeller speed. The results show that the rate constant of
invertase release is three times greater than the rate constant of overall protein release at an impeller speed
of 115 rpm but that above an impeller speed of 350 rpm, the two rate consténts are effectively equal. Hence
at low values of agitation intensity, the yeast is damaged principally at the cell wall. At impeller speeds .
exceeding 350 rpm, rupture of the cell membrane results in the release of cytoplasmic proteins as well as

wall-associated proteins.
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Figure 2.4. Rate of release of invertase relative to total soluble protein as a function of impeller
speed (Pearce 1993).
Solids volume fraction of 0.20, silica particles with geometric mean particle diameter of

1245 um, cell dry weight concentration of 50 to 60 kg m™.

2.2.4 Conclusions

In this review, cell damage and disruption in slurry bioreactors have been considered in terms of whether the
solid particles are completely or incompletely suspended. The point of transition between the regimes of
incomplete and complete solids suspension is defined by the critical impeller speed. While the effect of
completely suspended solids on cell d:miage has been rigorously investigated in the animal cell-microcarrier
system, further research is required into the effect of agitation intensity and impeller flow pattern on the
damage to thiobacilli, used in minerals bioprocessing, at speeds above the critical impeller speed. In

addition, damage to the thiobacilli from mechanical stress at high concentrations of suspended solids has
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not been rigorously discounted. Studies concerning the effect of completely suspended solids on the

disruption of freely suspended cells are limited to the work of Pearce (1993).

Disruption experiments performed by Pearce (1993) using a slurry bioreactor over an agitation intensity
range which straddled the critical impeller speed suggested that the functional dependence of the disruption.
kinetic parameters of Saccharomyces cerevisiae on impeller speed differs with respect to the critical
impeller speed. However, this requires further investigation since the critical impeller speed was estimated
for the work of Pearce (1993), and the dependence of the kinetic parameters on impeller speed was only
investigated at a single solids concentration.

This literature review has thus shown that further work is required in determining the effect of incompletely
and completely suspended solids on cell disruption. This would provide added understanding and would
facilitate the selection of the optimum operating conditions for the slurry systems described in Section 2.1.
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3.1 The Yeast-Silica Model System

3.1.1 Micro-organisms

Saccharomyces cerevisiae (Baker’s yeast) was obtained as a stationary phase yeast cream (20 % (w/v) dry
weight) from Anchor Yeast (Cape Town, South Africa). The supernatant was removed by centrifugation for
10 minutes in a Beckman TJ-6 centrifuge at 4470 g. The cells were washed and resuspended in phosphate
buffered saline solution (Appendix B) to a cell dry weight concentration of 48 to 59 g/1 for the disruption
experiments. This procedure reduced the interference by the substances in the fermentation broth on the

analysis of cell disruption.

3.1.2 Solid Particles

Silica was obtained from CONSOL Sand (Cape Town, South Africa). A particle size fraction of 600-850
pm was achieved using stainless steel sieve screens (20 to 28 mesh). The size of the silica particles. was
verified by analysis of electron micrographs of the particles, taken using a Standard Scanning Electron
Microscope (Cambridge S200) as well as by laser light scattering (Section 3.3.6). The sand particles were
first calcined at 500°C for 4 hours to remove organics and impurities from the particle surface (Breytenbach

1995).

3.2 Experimental Apparatus

A stirred tank reactor of standard geometry was used in this study (Bates ef al. 1966). This consisted of a
flat-bottomed, fully baffled (4 baffles with widths of T/10) 3 liter glass beaker, with a working volume of
2.45 liters. As a result of foam formation on breakage of the cells at the high impeller speeds, a perspex
ex;(ension to the vessel walls was used to prevent a loss of the volume from the system. An overhead
Renham 90 W DC motor (Cape Town, South Afiica), fitted to the stainless steel impeller shaft, was used to

agitate the vessel contents. The apparatus, including vessel geometry, is depicted in Figure 3.1.



Chapter 3: Experimental Materials and Methods v 27

Two types of impellers, with an impeller diameter of 0.07 m, were used in this investigation:
e a6-bladed Rushton turbine (DT)
e a6-bladed pitched-blade turbine with the pumping action downwards (PTD)

These impellers are shown in Figure 3.2 and Figure 3.3 respectively. The dimensions of the respective
impellers are detailed in Table 3.1. Wearing of the stainless steel impellers due to the abrasive action of the
sand particles was checked regularly by determining the impeller weight. The impellers were replaced when
their weight was reduced by 2%. The variable speed motor allowed the stirrer speed to be adjusted between
200 and 1000 rpm (impeller tip speeds of 0.77 m s’ aﬁd 3.87 m s’ respectively). Impeller speeds were
measured by using a hand-held tachometer (Series 6611, Veeder-Root, Simsbury, CT). The temperature of
the slurry in the stirred tank was kept below 20 °C by attaching an external cooling coil, after the power

measurement had been taken.
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Figure 3.1. Schematic representation of the mechanically agitated contactor used in this study.
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Table 3.1. Geometry of the experimental rig
Symbols denote the following: T: tank diameter; H: height of liquid in vessel; B: baffle
width; C: impeller clearance above the vessel base; D: impeller diameter; L: length of

~ impeller blade; W: width of impeller blade; H,: length of impeller hub.

Dimension (mm) Dimension Ratio

Vessel: ' Vessel:

T 152.0 H/T 1.00
H 152.0 B/T 0.10
B 15.5 ' CT 0.38
C 57.0 :

Rushton impeller: _ : Rushton impeller:

D 74.0 _ D/T 0.49
L ' 19.0 LD : 0.26
w o 15.5 o ' W/D 0.21
H, 49.5 H,/D 0.67
Pitched-blade Pitched-blade

impeller; ' impeller:

D 75.5 ' D/T 0.50 -
L 28.0 L/D 0.37
W 12.0 W/D - 10.16
H, 22.0 H,/D 0.29
Blade angle 45° '

Power measurements were made by fixing the glass beaker to a frictionless torque table, which was fitted
with a torque arm. Rotation of the impeller in the vessel resulted in the torque arm exerting a force on a

load cell. The load cell reading was converted to a global power input using the following equation:

P=mglLN2mx Equation 3.1
60

where m is the mass reading on the load cell (kg), g is the gravitational acceleration (9.81 m s?), L is the
distance from the tip of the torque arm to the centre of the torque table (0.1m), and N is the impeller speed
(rpm). By use of a standard reactor geometry (Bates er al. 1966) for which correlations of the
dimensionless power number as a function of the impeller Reynolds number are available, the measured
power inputs could be verified. Appendix C details the method used to verify the accuracy of the power

measurements.
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Figure 3.2. The six-bladed Rushton turbine.
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Figure 3.3. The six-bladed pitched-blade turbine (pumping downwards).
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3.3 . Analvtical Techniques

3.3.1 Analysis of Cell Disruption by Protein Release

The release of total soluble protein into the supernatant was used as a measure of cell disruption. Samples
taken during the cell disruption experiments were centrifuged at 4650 g for 5 minutes and the supernatants
were diluted with distilled water. Total soluble protein concentrations were determined using the method of
Lowry et al. (1951), calibrated with a bovine serum albumin standard (Appendix A). The coefficient of
variance in the Lowry assays was typically less than 3%. It was found that freezing of the diluted protein
samples had no effect on the Lowry analysis.

In calculating the soluble protein release on disruption of Saccharomyces cerevisiae in a Manton Gaulin-
APV homogeniser, Hetherington ez al. (1971) accounted for the volume of the yeast cells. It is shown in
Appendix D that the average error incurred by not considering a change in the volume of the aqueous phase
on cell disruption (5%) is less than the error incurred in calculating the volume of the aqueous phase (9.7%
for the conditions in this work). It is therefore unnecessary to account for the volume of the yeast cells at

the relatively low yeast concentrations used in this study.

3.3.2 Biomass Concentration

The biomass concentration of Saccharomyces cerevisiae was determined from a cell dry weight analysis.
Iml of undisrupted cell suspension was pipetted into microcentrifuge tubes pre-weighed to four decimal
places. The suspension was centrifuged at 4650g for 5 minutes. After removal of the supernatant, the cell
residue was dried in an oven at 100°C for 3 days. The cell dry weight concentration was determined from
the quotient of the cell mass and the volume of the suspension (1 ml). Each cell dry weight analysis was
performed in triplicate. The coefficient of variance of the dry weight analyses was typically less than 2%.

3.33 Maximum Soluble Protein Determination

The maximum soluble protein available for disruption (Ry) was determined following its release using the
French Press (Manual-fill 20K cell, SLM Instruments) at an operating pressure of 30MPa. The soluble
.protein released from Saccharomyces cerevisiae cells is greater following disruption in a French Press,
operated at 30MPa, than by agitation in a slurry reactor at 40% solids volume fraction and 1090 rpm, or by
lysis of the yeast cells using Cytophaga enzymes (Pearce 1993).
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The French Press utilises liquid shear as the disruption mechanism. The yeast cells are disrupted on rapid
decompression and extrusion through a narrow capillary. The resultant protein release was determined
using the method of Lowry et al. (1951) (Appendix A). The method used to operate the French Press is
included in Appendix E.

The maximum soluble protein available for disruption, Ry, was established by passing the yeast suspension
twice through the French Press. Further passes of the yeast suspension through the French Press did not
increase the amount of soluble protein released. Protein release from the yeast cells as a function of the
number of passes through the French Press is documented in Appendix E. Ry was measured for each batch

of yeast cells and was found to vary in the range 382 mg protein/g cell to 452 mg protein/g cell.

3.34 Viscosity and Density of Yeast Suspensions

Yeast viscosity was measured using a British size ‘A’ U-tube viscometer (Technico, England). The time for

flow of a fixed volume through a capillary section is related to viscosity according to:

p=Apt Equation 3.2
where: il = dynamic viscosity of yeast suspension (Pa s)
A = constant (m’ s?)
p = density of yeast suspension (kg m™)
t = efflux time (s)

The yeast suspensions give efflux times that fall within the recommende& range of 200-800s for the
viscometer. Using distilled water to calibrate the viscometer, a value of 3.34 x 10° m’ s? at 15 °C was
obtained for the constant, A, in the viscometer equation. Each viscosity measurement was performed four

times and the coefficient of variance of these measurements was typically less than 3%.

Density measurements of the yeast suspensions were made by determining the mass of a pipetted 3 ml
volume of the yeast suspension at a particular temperature. Each measurement was performed five times

and the coefficient of variance of these measurements was consistently less than 0.4%.
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3.3.5 Density of Sand

The density of the sand particles was measured using an Accupyc 1330 Pycnometer (Micromeritics,
Georgia, USA). This model is a fully-automatic gas displacement pycnometer which determines the density

of a known mass of substance by measuring the pressure change of helium in a calibrated volume.

3.3.6 Particle Size Analysis

A Malvern Mastersizer Analyser (Mastersizer S longbed Ver 2.15, Malvern Instruments, Worcestershire,
UK) was used to establish the size of the yeast cells and the particle size distribution of the 600-850 pum
silica particle size fraction that was used for the disruption experiments. This instrument exploits the radial
light scattering distribution functions of particles. A suspension of particles is passed across the path of a
collimated beam of laser light and the radially scattered light is collected by a set of photo detectors that are
positioned perpendicular to the optical axis. The scattered light distribution is sampled and processed using |
the Fraunhofer and Mie scattering models to provide a particle size distribution (Coulson et al. 1991,
Malvern MAN 0101 January 1996).

3.3.7  Microscopic Observation of the Model System

The disrupted yeast cells from several of the slurry reactor experiments and French Press experiments were
visually observed using an Olympus BX40 microscope, connected to an Optimas 5.2 Imége_ Analyser
(Optimas Corporation, Washington, USA). The samples were viewed using brightfield illumination and an
objective with a magnification of 40x. Methylene blue was used to stain the yeast cells. The images of the

cells on the image analyser were enhanced using sharpen-high filtering.

Photographs of the sand particles and the undisrupted yeast cells were taken using a Standard Scanning
Electron Microscope (Cambridge S200) to establish the shape and verify the size of the model micro-
organism and silica particles. The yeast cells were fixed with glutaraldehyde and dehydrated by treating
them with increasingly more concentrated ethanol solutions. After removal of the ethanol by critical point
drying, the mounted cells were coated with AuPd. Only the final step needed to be performed in the
preparation of the silica particles. A magnification of 14400 and 18.1 fold were used for the yeast cells and
the silica particles respectively.
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3.4 Experimental Method

3.4.1 Critical Impeller Speed Measurements

The cnitical impeller speed (N;s) was used as an indicator of the suspension of the silica particles. Critical
impeller speed for off-bottom suspension was determined by visual observation and from the maxima in

" measurements of the power number (Np) as a function of the impeller Reynolds number (Ngg).

3.4.1.1. Visual Observation

The critical impeller speeds were visually determined by placing the beaker on a glass sheet. The vessel

base was illuminated and an inclined mirror, placed beneath the vessel, allowed its base to be more easily

observed. The speed at which the solid particles were observed not to remain on the vessel base for more

than 1 or 2 s was measured using the Veeder-Root tachometer (Zwietering 1958). Critical impeller speeds

were determined by visual observation at 5%, 10%, 15%, 20% and 40% solids (v/v) for the Rushton
| turbine, and at 20% solids (v/v) for the pitched-blade turbine. A yeast suspension, containing 46-60 g/l dry

mass, was used as the suspending medium.

3.4.1.2. N;-Ngg Curves .
The critical impeller speed was determined by varying the impeller speed between 200 to 800 rpm and
recording the corresponding power input. The power number was then plotted as a function of the impeller

Reynolds number for each solids loading. The power number (N,) is defined as follows:

N,=P/(pN’ D" ‘ Equation 3.3

-l
Il

where: power input to vessel measured from load cell readings (W)

impeller speed (rps)

D impeller diameter (m)
The impeller Reynolds number (Ngg) is defined as follows:

Nre=pND?/p Equation 3.4

The viscosity and density of the yeast suspension were used to calculate N, and Ngg, according to the |

approach of Bohnet and Niesmak (1980). The critical impeller speed corresponds to the local maximum in '
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the curves of the power number as a function of the impeller Reynolds number (Bohnet and Niesmak 1980,
Rewatkar et al. 1991). Experiments were performed at 5%, 10%, 15%, 20% and 40% solids (v/v) for the
Rushton turbine and at 20% solids (v/v) for the pitched-blade turbine. Yeast suspensions, of dry mass 50

g/1, were used as the suspending medium.

3.4.2 Cell Disruption Experiments

The effect of incompletely and completely suspended solid particles on cell disruption was investigated by

performing three types of experiments:

1. A series of experiments was performed over the range of solids volume fractions of 0%, 5%,
10%, 20% and 40% at a fixed impeller speed of 750 rpm (impeller tip speed of 2.91 m s™).
This study was conducted using a Rushton turbine with complete off-bottom suspension,

verified by comparison to the critical impeller speed for 40% solids (v/v) (593 rpm).

2. Using the Rushton turbine, the solids. loading was fixed at 10% and 20% (v/v) and a series of
experiments was performed over the impeller speed range of 200 to 900 rpm (impeller tip
speeds of 0.77 m s to 3.49 m s respectively). This range of impeller speeds straddles the
respective critical impeller speeds (N;s = 439 rpm for the 10% solids, Njs = 461 rpm for the
20% solids).

3. Using the pitched-blade turbine, a series of experiments was performed at 20% solids (v/v)
over the range of impeller speeds of 440 to 900 rpm (impeller tip speeds of 1.70 m s to 3.49
ms’' respectively). This range of impeller speeds straddles the critical impeller speed of 662

pm.

In each experiment, the cell suspension and the solid particles were agitated at the desired impeller speed in
the absence of aeration. Samples were taken at regular intervals to monitor the degree of cell disruption and
were kept in ice until they were centrifuged and diluted for the Lowry analysis. The duration of the
experiment was determined by the time required to reach the maximum extent of cell disruption at the
experimental conditions specified (0.67 to 38.18 hours). In éach run, the global power input to the vessel
was determined from the force exerted on the load cell, the temperature was noted at intervals and the

impeller speed was measured using the Veeder-Root tachometer.
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The temperature of the disruption experiments was maintained below 20 °C and the yeast cells were
resuspended in phosphate buffered saline solution (PBS), hence yeast growth during the experiments was
negligible (Stanier et al. 1970). Nevertheless, 10 mg/l of the anti-fungal agent, cycloheximide (Sigma
C7698) was used in experiments exceeding 10 hours in duration. Cycloheximide is an antibiotic produced
by Streptomyces griseus and inhibits the growth of yeasts by preventing the synthesis of new proteins
(Ryder et al. 1983, Pearce 1993). It is effective for up to 72 hours (Pearce 1993). In Appendix F, it is
shown that the growth of the yeast cells was negligible in the disruption experiments run for less than 10

hours. The addition of cycloheximide to these disruption experiments was thus not required.

3.5 Concluding Remarks

In this chapter, the preparation of the Saccharomyces cerevisiae suspensions and the silica particles for the
disruption exﬁerhhents has been described and the experimental apparatus used in this study presented. The
geometry of the test vessel has been detailed and the method used to measure the global power input into
the vessel has been discussed and verified. Analytical techniques that were used to assess the cell disruption
in the slurry reactor have also been presented in this chapter. The accuracy of each of these methods has
been quantified in terms of a coefficient of variance of the meashrements. Finally, the experimental
protocol that was used in measuring the critical impeller speeds of the suspensions and the protocol used in
the cell disruption experiments have been described. The critical impeller speeds were used to quantify the

suspension of the silica particles in the slurries.
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4.1 Yeast Model System

The cell envelope of micro-organisms forms a biologically active boundary between the micro-organism
and its external environment and provides a rigid outer support which protects the cell from osmotic lyéis
(Engler 1985, Harrison 1991). Since cell disruption involves rupture bf the cell envelope, an understanding
of its structure is important for the analysis of cell disruption. Hence this section begins with a review of the
structure of the envelope of Saccharomyces cerevisiae. The size of the yeast cells as well as measurements
and predictions of the density and viscosity of the yeast suspensions are also presented in this section. The
latter properties were required in the calculations of the power number (N;) and the impeller Reynolds
number (Ngg) for determining the critical impeller speeds (Section 5.3), and were also required in modelling

the cell disruption in Chapter 7.

4.1.1 Structure of the Yeast Cell Envelope

In discussion of the composition and structure of the yeast cell envelope, the region from the cell wall to the
cytoplasmic membrane is considered. Although cell disruption only occurs on rupture of the cell
membrane, the structural strength of the cell is provided by the cell wall. Figure 4.1 depicts a model of this

region.

The yeast cell wall is one of the most tough and rigid of all microbial cell walls. The wall is approximately
-70 nm thick. This thickness increases with yeast cell age (Moor and Mubhlethaler 1963). The basic
structural components of the cell wall are glucans, mannans and proteins. These biopolymers are arranged

in two distinct layers: an inner layer of glucan microfibrils and an outer surface of mannan-protein.

The glucan fibrils make up 55-60 % of the wall and constitute the rigid matrix that gives the cell its shape
and protects it from mechanical breakage (Engler 1985, Hunter and Asenjo 1988). Figure 4.2 shows a
schematic representation of Baker’s yeast glucan. Two glucan fractions can be separated by extraction of
the cell wall with alkali solutions. The main structural compenent of the cell wall is an alkali-insoluble B(1-
3) linked glucan with 3-6% B(1-6) branch points. These glucans are aggregated into microfibrils located
toward the inner surface of the wall. Alkali-soluble glucan has a similar chemical structure. However, it has
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a few more B(1-6) links and is linked to small quantities of mannan oligosaccharides, suggesting an

attachment to wall mannan-protein (Hunter and Asenjo 1988).

WOS

Figure 4.1. Diagram of the yeast cell wall surrounding the cytoplasmic membrane (Schekman
and Novick 1982, Zlotnik et al. 1984).
Symbols denote the following: CP: cytoplasm; IB, OB: inner and outer halves, respectively,
of the plasma membrane bilayer; PMP: peripheral membrane protein; IMP: integral
membrane protein, PPE: periplasmic enzyme; PP: periplasmic space; G: glucan;, M:

mannan-protein; WOS: wall outer surface; (=): S-S thioester bond; (-): covalent bond.

Covering the fibrils is a layer of glycoprotein, and beyond this is the mannan mesh. Figure 4.3 shows the
schematic structure of Baker’s yeast mannan. Mannans from Baker’s yeast cell walls are characterised by a
backbone of mannose residues in a(1-6) linkage having short oligosaccharide side chains composed of
mannose residues in mostly a(1-2) linkage with a small amount of a(1-3) linkage. The mannan mesh is
linked to the glucan fibrils by covalent bonds of an unknown nature (Zlotnik ef a/. 1984) and does not form
any crystalline or fibrillar structures in the yeast cell wall (Cabib et a/. 1982). Within the mannan mesh are
mannan-enzyme complexes. It is uncertain as to whether these complexes are covalently attached to the
mesh. The outer surface of the mannan mesh, crosslinked by disulphide bonds and intrachain hydrogen
bonding, allows the penetration of small molecules but acts as a barrier to enzymes which might hydrolyse
the underlying glucan. Zlotnik er al. (1984) point out that the mannan and glucan layers in the yeast cell

wall are not completely separated since mannan-proteins may penetrate the glucan layer.
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Figure 4.2. Schematic representation of Baker’s yeast glucan (Misaki ef al. 1969).
The formula on the left represents native glucan after treatment and resulting cleavage by

periodate. G indicates a B-D-glucopyranosyl residue.
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Figufe 4.3. Schematic structure of Baker’s yeast mannan (Stewart and Ballou 1968).
' The order in which the side-chains occur is unknown. The subscripts outside the brackets
indicate the average molecular proportions of the various types of side-chains. M indicates

an o-D-mannopyranosyl residue.
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Other compounds located in the cell wall of Saccharomyces cerevisiae are less than 4 % chitin (Roberts et
al. 1983) and about 8.5 % lipid which consists mainly of neutral fat (Northcote and Home 1952).' Chitin is
almost entirely restricted to the bud scar (Cabib ef al. 1982). '

Between the cell wall and cytoplasmic membrane is the periplasmic space which contains a number of
enzymes as well as sugar and amino acid binding proteins. Most periplasmic enzymes are mannan-proteins
(Hunter and Asenjo 1988, Bailey and Ollis 1986). An important enzyme, which is associated with the
periplasmic space, is invertase (Tuite and Oliver 1991). Fischer and Kohtes (1951) found that the
polysaccharide, mannan, acted as a stabiliser to this enzyme since the invertase activity was rapidly lost
when the mannan was resolved by electrophoresis. As a result of its association with the cell wall, invertase

is a useful indicator of the extent of damage to the yeast cell wall.

The cytoplasmic membrane is the innermost part of the cell envelope. This membrane keeps the cytoplasm
intact and maintains the concentration gradients between the interior and exterior of the cell. The plasma
membrane is a lipid bilayer consisting mostly of phospholipids and sterols (Tuite and Oliver 1991). There
is evidence that the membrane is not of a uniform composition but that there is a laterally heterologous
distribution of membrane components (Steere ef al. 1980, Kramer ef al. 1978). Proteins can be found both

in the lipid bilayer and on the bilayer surface.

4.1.2 Physical Properties of the Yeast

4.1.2.1. Size Distribution of Yeast

The ellipsoidal cells of Saccharomyces cerevisiae are typically 7 to 10 microns in length and 1 to 5 microns
in width (Bailey and Ollis 1986). The size distribution of the yeast cells (Figure 4.4), obtained as Baker’s
yeast cream from Anchor Yeast (Epping, Cape Town), was determined by laser light scattering using the
Malvern Mastersizer. On a volume basis, the average cell diameter in this size analysis is 5.1 pm and the
mode is 5.5 pm. On a particle number basis, the average cell diameter is 3.8 um and the mode is 4.5 pm.
Figure 4.5 shows an electron micrograph of a bﬁdding yeast cell from the yeast cream at a magnification of

14 400x. The diameter of the yeast cell in th.lS electron micrograph is 4.0 pm.
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Figure 4.4. Size distribution of Saccharomyces cerevisiae cells (Malvern Mastersizer particle size

analysis).

i
b
i

Figure 4.5. Electron micrograph of a budding yeast cell from the yeast cream.
A Standard Scanning Electron microscope (Cambridge S200) was used at a magnification
of 14 400x.
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c = cell dry weight concentration (g / 1)
T = temperature (°C)
Mso20°C = viscosity of the suspending medium at 20°C (centipoise)

The nonlinear term in the equation of Vand (1948) (Equation 4.2) accounts for the interaction of the yeast
cells at higher concentrations. As the volume fraction of the cells decreases, this equation reduces to that of
Einstein (1906) (Equation 4.1). Reuss et al. (1979) included osmotic pressure (Pom) in their correlation
(Equation 4.3) since they found that osmotic pressure significantly affected the viscosity of yeast
suspensions. Cell volume fractions in the correlations in Table 4.1 can be determined from the following
equation of Reuss ef al. (1982) which expresses the volume fraction of cells (Ex) as a function of cell dry

weight concentration (c) and osmotic pressure (Posm):

Ex=3.05 x 107 exp(-3 x 107 Pog) ¢ Equation 4.5

In Table 4.2, the viscosities measured at 15°C are compared to the values predicted from the correlations in
Table 4.1. Using a Micro Osmometer (Model 5004, Precision Systems), the osmotic pressure of PBS, the
suspending medium used in the experimental study, was measured as 0.286 Os/kg H,O, which is equivalent
to 6.9 x 10® bar. The osmotic pressure of PBS is thus negligible. The viscosity of PBS at 20°C (jigo 20°¢)
was measured as 1.23 x 10 Pa s with a 95% confidence interval of 1 x 10 Pa s, as determined from the

statistical methods presented in Miller and Freund (1985).

The agreement between the predicted and measured viscosities, over the biomass concentration range of
34.5 to 60.3 g/l, was quantified in terms of a coefficient of vaniance. The coefficient of variance was

defined as:

n
2
Z ( Xpred:cled, 1 = X measured , :)

=t

CV = n-1 Equation 4.6

n

Z X measured

=1

n

where n 1s the number of measurements made. The coefficient of variance for each of the correlations is
shown in Table 4.2. The measured viscosities of the yeast suspensions compare well with the viscosities

predicted by the equations of Einstein (1906), Vand (1948) and Cilliers and Harrison (1996). However,
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there is a 41% coefficient of variance between the measured viscosities and the viscosities predicted by the
equation of Reuss ef al. (1979), over the biomass concentration range of 34.5 to 60.3 g/l. Cilliers and
Harrison (1996) found that the equation of Reuss et a/. (1979) overpredicted their measured viscosity data

by 20% over the biomass concentration range of 2 to 105 g/1.

Table 4.2 Comparison of measured and predicted viscosities of yeast suspensions at a
temperature of 15°C.
Measured viscosities are quoted with a 95% confidence interval.
Cell Dry Weight Viscosity of Yeast Suspension
(g (Pas)
Einstein Vand Reuss et al | Cilliers and | Measured in this
(1906) (1948) (1979) Harrison Study
(1996)
34.5 0.00155 0.00165 0.00208 0.00167 1.54x10° + 4x10°
425 0.00162 0.00177 0.00225 0.00182 1.64x107° + 1x107°
51.4 0.00171 0.00193 0.00245 0.00199 181x103 + 7x10°°
60.3 0.00179 0.00209 0.00267 0.00218 1.98x10% + 4x10°
Coefficient of 72 7.7 41.1 11.4
Vanance (%)

The data for the curves of the power number (N;) as a function of the impeller Reynolds number (Ngg)
{Section 5.3) were obtained at 15 °C and an average cell dry weight concentration of 50 g/l. The viscosity
of the yeast suspension was taken as 0.0018 Pa s for the Nig calculations. The average cell concentration
and average temperature used in the disruption experiments were 52.8 g/l and 14 °C respectively. The
viscosity used in the cell disruption models in Chapter 7 was also 0.0018 Pass.

4.1.2.3. Density of Yeast Suspensions
The densities of yeast suspensions were measured at biomass concentrations of 34.5 g/1, 42.5 g/1, 51.4 g/l

and 60.3 g/1. These measurements were compared to predictions from the following equation:
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p=E, px T (1-E)) pso Equation 4.7
where: p = density of the yeast suspension (kg m”)
Px = density of the yeast cells (kg m?)
Pso = density of the suspending medium (kg m™)

The volume fraction of the yeast suspensions was determined from Equation 4.5. Densities of yeast cells
(py), suspended in distilled water at 22.5 °C, are summarised in Table 4.3. Since the osmotic pressure of
PBS is negligible, the density of yeast in PBS can be approximated by that of yeast in distilled water. The
density of PBS (ps,) was measured as 1021.8 g/l with a 95% confidence interval of 3.0 g/1.

Table 4.3. Densities of yeast cells suspended in distilled water at 22.5°C (Reuss ef al. 1979).

Proponent Yeast Density
(kg /D)

Reuss et al. (1979) 1.0952+0.0110

Aiba ef al. (1962) 1.0725£0.0112

Haddad ef al. (1953) 1.0870 + 0.0260

The measured and predicted densities of the yeast suspensions at 15 °C are compared in Table 4.4.

Agreement between the measured and predicted yeast densities is quantified in terms of a coefficient of
variance (Equation 4.6). The coefficient of variance of 0.62% (Table 4.4) shows that there is good
agreement between the measured and predicted values. However, the predicted densities of the yeast
suspensions increase with increasing biomass concentration whereas this is not observed for the measured
densities (Table 4.4). The predicted increase in the yeast suspension density ‘is, however, within the
experimental error. The average of the measured densities over the 34.5 g/l to 60.3 g/l biomass

concentration range was used for the calculations in this study. This average is 1035.9 g/1.
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Table 4.4. Comparison of measured and predicted densities of yeast suspemnsions at a
temperature of 15°C.

Measured densities are quoted with a 95% confidence interval.

Cell Dry Weight (g/) Density of Yeast Suspension

(gM

Equation 4.7 Measured in this Study
34.5 1028.4 1036.7 £ 3.7
42.5 1030.0 1033.9+23
514 1031.7 1037.7+32
60.3 1033.4 1035.4 +1.2
Coefficient of Variance (%) 0.62

4.2 Silica Model System

The properties of silica which motivated its use in this study are its inertness and hardness (Hardness factor
(HF) for silica = 7 on a scale where the HF of montmorillonite = 1 and the HF of corundum = 9 (Roberts ef
al. 1990)). The silica particles are thus not subject to attrition in slurry bioreactors. In this section, the silica
model system is characterised in terms of its particle size distribution, the smoothness of the particles and
the particle density. Measurements of the size and density of the silica particles were required for the
calculations of the critical impeller speeds from correlations (Section 5.4) and for the correlations used in

modelling the cell disruption in the slurry reactor (Chapter 7).

4.2.1 Particle Size Distribution .

Figure 4.6 shows the size distribution of the silica particles, determined from a Malvern Mastersizer
analysis. On a volume basis, the mode is 754 pm and the average diameter of the silica particies is 791 pm.
On a particle number basis, the mode of this distribution is 647 um and the mean particle diameter is 729
um. To provide verification of these measurements, electron micrographs were taken of the silica particles

(Figure 4.7).
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Figure 4.6. Size distribution of silica particles (Malvern Mastersizer particle size analysis).

Figure 4.7. Electron micrographs of the silica particles used in this study.
A Standard Scanning Electron microscope (Cambridge S200) was used at magnifications of
20.4x and 18.1x respectively.

Figure 4.7 shows that the silica particles are irregularly shaped. Two dimensions of the particles were thus
measured from the electron micrographs: the longest dimension of the particles, which was termed the

particle length, and the dimension of the particles perpendicular to this, which was termed the particle
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width. These dimensions were determined for 34 particles. This sample size is sufficiently large to assume a
normal distribution (Miller and Freund 1985). A bar chart of the frequency distribution of the particle
lengths and widths is shown in Figure 4.8. The particle widths range from 450 pwm to 850 um, with the
majority of the particles (41.2%) having widths of 650 yum to 750 um. The particle lengths range from 650
pm to 1200 pm, with the majority of the particles (41.2%) having lengths of 750 to 850 pum. In sieving, the
orientation of the particles at the surface of the screens determines whether or not the particles pass through
the screen apertures (Coulson et al. 1991). The particles with lengths of 850 um to 1200 pm (50.0% of the
particles) passed through the 850 pm screen because their widths were less than 850 um. Hence the
electron micrographs support the sieve analysis. In addition, they verify the measurements of the volume-

based equivalent particle diameter from the Malvern Mastersizer analysis.
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Figure 4.8. Frequency distribution of the particle lengths and particle widths measured from

electron micrographs.

Since the volume of the silica particles is an important factor in solids suspension and in determining the
particle momentum, the Malvern measurement (on a number basis) of the average particle diameter (729

pm) was used for the purposes of the calculations in this work.
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4.2.2 Particle Smoothness

The smoothness of the particles was determined qualitatively from electron micrographs of the particles at
magnifications of 85.0x and 6 340x. The latter magnification shows the silica particles at the same scale as
the yeast cells. Typical electron micrographs of the silica particles at these magnifications are shown in
Figure 4.9. It can be seen that at a magnification of 85.0x, the silica particles appear smooth whereas at the
same scale as the yeast cells (magnification of 6340x), the surface of the silica particles is rough.

Figure 4.9. Electron micrographs of the surface of the silica particles used in this study.
A Standard Scanning Electron microscope (Cambridge S200) was used at magnifications of

85.0x and 6 340x respectively.

4.2.3 Particle Density

The average density of the silica particles was measured, using the Micromeritics AccuPyc 1330
Pycnometer, as 2664 kg m> with a 95% confidence interval of 2 kg m™. This density measurement

corresponds well with the range of 2500 - 2800 kg m™ quoted by Perry et al. (1984) for quartz.

4.3 Concluding Remarks

The Saccharomyces cerevisiae and silica components of the model system have been characterised in this
chapter in terms of their physical properties. The structure of the yeast cell wall has been described since an
appreciation of this gives a greater understanding of the mechamism of cell disruption in the slurry reactor.

The size of the yeast cells has been determined and the viscosity and density of yeast suspensions have been
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measured. The latter properties were required in the calculations of the power number and impeller
Reynolds number in Section 5.3, and in the correlations used in the modelling of the cell disruption in

Chapter 7. These measurements have been validated by comparing them to literature values.

The silica particles used in this work have been characterised in terms of their particle size distribution, their
smoothness and their density. The size and density of the silica particles were needed in the calculations of
the critical impeller speeds (Section 5.4) and in the cell disruption models (Chapter 7). The diameter of the
silica particles, determined from a Malvern Mastersizer analysis, was verified using electron micrographs of
the particles. The density measurements of the particles have been validated by comparing them to
literature values.



Chapter 5: Quantifying the Solids Suspension

5.1 Imntroduction

In order to establish the effect of incompletely and completely suspended solids on the rate and extent of
cell disruption, it was necessary to quantify the solids suspension as a function of solids loading and power
input. In this chapter, the differen_t degrees of solids suspension and the various methods of quantifying
solids suspension are reviewed. Measurement of the solids suspension in this system, in terms of the critical
impeller speed, is then presented for the Rushton (DT) and pitched-blade (PTD) turbines and the results
obtained are compared to the predicted values from literature equations. The critical impeller speeds are
modelled as a function of the solids loading. The latter relationship was required for the modelling of the
cell disruption data under incompletely suspended conditions (Chapter 8)

5.2 Quantifying Solids Suspension - A Review

There are essentially four degrees of solids suspension that are observed in solid-liquid systems (Oldshue

1983, Rewatkar er al. 1991, Pearce 1993):

1. Fillet formation, but no progressive fillet build-up. Fillets are stationary or stagnant
deposits of the solid particles that form at the center and along the periphery of the vessel
base in axial and radial flow (Rewatkar e al. 1991)

2. Complete on-bottom motion of all particles
3. Complete off-bottom suspension of the particles

- 4, Complete homogeneity of suspension

These are depicted in Figure 5.1 for the predominahtly axial flow pattern of the 6-bladed pitched-blade
turbine (pumping downwards). As the impeller speed is increased, a transition from Stage 1 through to
Stage 4 is observed. Although homogeneity is approached as the level of agitation increases, it is
impossible for Stage 4 to be attained (Nienow 1968, Bohnet and Niesmak 1980). '
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Figure5.1.  Schematic represehfation of the degrees of solids suspension of a solid-liquid mixture
on agitation with a 6-bladed pitched-blade turbine (pumping downwards) (Rewatkar
et al. 1991). ‘

(A) fillet formation, (B) fillet disappearance, (C) 'complet'e off-bottom suspension, D)
recirculation of solid-liquid mixture. The number (1) indicates a solid particle, (2) indicates
the solid fillets, and (3) indicates a gas bubble.

Solids suspension is quantified in two ways:
1. in terms of the critical impeller speed, i.e. the speed at which the solid particles become
completely suspended.

2. in terms of the degree of ho.mogeneity that is achieved as the solids are suspended.

The measurement techniques and correlations that have been developed for quantifying solids suspension

are presented below.

5.2.1 Critical Impeller Speed

The critical impeller speed appears to be the most commonly used way of quantifying the solids suspension
of a mixture. Its most accepted definition is that of Zwietering (1958):
The critical impeller speed is the speed at which the solid particles do not remain on the tank
bottom for more than I or 2 s. '

The critical impeller speed of a system can be measured by visual determination, plotting the power number
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as a function of the impeller Reynolds number or the impeller speed, plotting the liquid-phase mixing time
as a function of the impeller speed, using a radioactive tracer technique, or plotting the solids concentration
Just above the base of the vessel as a function of the impeller speed (Zwietering 1958, Bohnet and Niesmak
1980, Wiedmann et al. 1980, Chapman ef al. 1983, Rewatkar et al. 1991). Since visual determination and
the power number-impeller Reynolds number function are the most widely used ways of determining the
critical impelier speed (Njs), these methods are discussed below. The empirical and theoretical expressions
developed for the prediction of the critical impeller speed are also presented.

5.2.1.1 Measurement of the Critical Impeller Speed

Visual Determination

One of the easiest methods for determining the critical impeller speed is visually. The bottom of the vessel
is observed by illuminating its base and watching an inclined mirror, placed beneath the vessel. The speed
at which the solid particles do not remain on the bottom of the vessel for more than 1 or 2 s can then be
determined using a tachometer (Zwietering 1958, Chapman et al. 1983, Rewatkar ef al. 1991). The
advantage of this method lies in the fact that no disturbance occurs either of the flow pattem or of the solids
distribution. This method is also particularly suitable for systematic investigations since no difficulties arise
on varying the experimental parameters over a wide range. However, visual observation of the critical
impeller speed is subjective. The reproducibility of this method is reported to be 2 to 5 % (Zwietering
1958, Bohnet and Niesmak 1980, Chapman ef a/. 1983, Takahashi ez al. 1993).

Power Number as a Function of Impeller Reynolds Number
By monitoring power number as a function of the impeller Reynolds number, a simple and objective
criterion for determining the critical impeller speed is obtained. The power input into the vessel is

determined at a range of impeller speeds for a particular solids loading and solid particle size.

Figure 5.2 shows a typical plot of the power number (N,) as a function of the impeller Reynolds number
(Nge) for different solids loadings. A considerable torque is necessary to start rotation of the stirrer and to
set the solids in motion. The power numbers at low impeller speeds are thus high. As the impeller speed
increases, the power number decreases considerably (line A-B) as a consequence of the formation of solid
fillets along the periphery of the vessel base. As the impeller speed is further increased, the fillets start
breaking up (point B) and suspension of the solids is initiated. Along line BC, increasingly more solids
become suspended and the power number increases as a result of the increasing suspension density. At

point C, complete suspension is achieved. A further increase in the impeller speed results in a slight
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decrease in the power number along the line CD as the slurry becomes more homogeneous (Bohnet and
Niesmak 1980)." The critical impeller speed thus corresponds to the speed at which there is a relative
maximum in the N,-Ngg curve.
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Figure 5.2. Power number as a function of impeller Reynolds number and solids concentration

for a propeller (downward thrust) (Bohnet and Niesmak 1980).

In application of the N,-Ngg correlation reported in the literature, the physical properties of the liquid are
used (Bohnet and Niesmak 1980, Rewatkar et al. 1991). The density and viscosity of the yeast suspensions
were. thus used in the calculation of N and Ngg in this study. Indeed, in this work, values of the cﬁﬁca]
impeller speed, determined from curves of the power number as a function of the impeller Reynolds
number, were unaffected by whether the density and viscosity of the slurry were used instead of the density

and viscosity of the yeast suspension.

The disadvantage of using this method to determine the critical impeller speed is that it breaks down at high
solids loadings (> 25% volume fraction) since no maximum is observed in the N -Ngg plot (Bohnet and
Niesmak 1980). Rewatkar et al. (1991) report that the values of the critical impeller speed, obtained using

this method, were within 5 % of those measured by visual observation.
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5.2.1.2 Critical Impeller Speed Expressions

Both empirical and theoretical expressions have been developed to predict the critical impeller speed. The
application of the empirical expressions is limited to a particular set of conditions. However, within their
subspace, they describe solids suspension well. Although theoretical expressions apply to a more universal
set of conditions, their accuracy is limited because of the large number of simplifying assumptions made as

a consequence of the complexity of two phase systems.

Empirical Expressions
A large number of empirical expressions have been developed to predict the critical impeller speed.
Differences between these expressions exist largely as a result of different ranges that were used for the

variables and different suspension criteria used in the various studies (Rewatkar and Joshi 1991).

One of the most complete investigations performed in the development of a correlation for the critical
impeller speed (Njs) is that of Zwietering (1958). Zwietering (1958) determined his correlation for Njs
from a dimensional analysis of the factors affecting solids suspension. The constants in the expression were
determined empirically from the more than 1000 experiments that he performed with sand and water. For a

fully baffled vessel, consisting of 4 baffles (each with a width of T/10), and for Reynolds numbers

exceeding 3000:
sv,%°d °*(981Ap /1 p)** B*?) _
Ny = 60[ % J pm Equation 5.1

where: S = dimensionless constant = f{type of stirrer, T/C, T/D)

T = tank diameter (m)

C = impeller clearance above the vessel base (m)

D = impeller diameter (m) |

Vi = liquid kinematic viscosity (m%/s)

d, = particle diameter (m)

Ap = density difference between solid and liquid phases (kg/m’)

p = density of the liquid phase (kg/m’)

= mass of solids in suspension per mass of liquid, given as a percent (%)

The exponents of the above parameters were found to be independent of the vessel geometry, the impeller
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type, the solids loading, the density and diameter of the solid particles, and the density aﬁd viscosity of the
liquid. Graphs of the constant, s, as a function of the impeller type, T/C and T/D, are presented by
Zwietering (1958). Nienow (1968) found that the values of s for a 6-bladed Rushton turbine were
dependent on the impeller clearance ratio and were not the same for C/T in the range of 1/7 to 1, as
suggested by Zwietering (1958). At an impeller diameter ratio (D/T) of 0.5 and over the range of impeller
clearance ratios (C/T) of 1/7 to 1/3, values of s were found to range between 3.6 and 5.6 (Nienow 1968).
For the 6-bladed Rushton turbine used in this study at an impeller diameter ratio of 0.5 and an impeller
clearance ratio of 0.38, the constant, s, was estimated as 5.6-. No value of s could be found for the 6-bladed
pitched-blade turbine (PTD) corresponding to the vessel geometry of this stady. However, Ibrahim et al.
(1992) report a value of 5.7 for s for a 6-bladed PTD at an impeller diameter ratio (D/T) of 0.5 and an
impeller clearance ratio (C/T) of 0.25. This value was used, although it gives an underestimate of the actual
critical impeller speed as a result of the lower impeller clearance ratio used by Ibrahim et al. (1992).

A reliable expression for predicting critical impeller speeds for a 6-bladed Rushton turbine has also been
developed by Takahashi ez al. (1993). The form of their correlation is the same as that of Zwietering (1958)
but the constants and exponents were determined for a particular system geometry. The geometry of their
systemn was the same as the one used in this study, the only difference being the clearance of the impeller off
the vessel base (C/T = 0.25 for Takahashi ef al.(1993), C/T = 0.38 for this study).

Takahashi ef al. (1993) found that as the solid particle size (d,) increased, the critical impeller speeds
initially increased but started decreasing or changing slope above a critical particle size (dp'). Their critical

impeller speed correlation was derived for particle sizes smaller than d, . Ford,<d, =18 D*® Ap™:

Equation 5.2

1.8V,0‘]0 dpo.os (9.8]Ap /p)0-38 B
D0.60

Ny = 60[

The critical particle size is 2144 um for the conditions used in this work. Since a particle size fraction of
600-850 um was used for the disruption experiments, application of the correlation of Takahashi et al.
(1993) for calculating the critical impeller speeds is valid.

Theoretical Expressions
Several attempts have been made to model theoretically a mechanism describing suspension. Many of these

- models are based on a force or energy balance in the vicinity of the vessel base. Another approach has been
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the consideration of the particle in relation to the boundary layers on the vessel base (Bourne and Zabelka
1980). '

Chapman et al. (1983) found that the model of Baldi er al. (1978) predicted critical impeller speeds closest
to the experimental values of Zwietering (1958). Baldi ef al. (1978) postulated that suspension was due to
turbulent eddies of a scale of the order of, or proportional to, the particle size. Although Chapman et al.
(1983) found that this model represented the best attempt at a theoretical analysis of complete suspension,
the model was not suitable for all geometries. It was thus concluded that the empirical correlations of
Zwietering (1958) and Takahashi ef al. (1993) were the most useful and reliable models for prediction of
the critical impeller speed.

5.2.2 Degree of Homogeneity

A second way of quantifying the solids suspension of a mixture is by determining the degree of
homogeneity through monitoring the solids concentration profile in the vessel. Increased agitation intensity
increases the uniformity of this solids concentration profile. Measurement techniques are briefly discussed
below. Thereafter, the suspension criteria, which allow the prediction of the degree of homogeneity, are

presented.

5.2.2.1 Measurement of the Solids Concentration

The local solids concentration in a mixture can be samp]ed with a sample tube or a draw-off device
(Oldshue 1983). However, this method disrupts the flow pattern within the vessel and changes the slutry~
composition at the sample point (Gates ef al. 1976, Oldshue 1983). An alternative method involves the
measurement of the change in pressure with liqhid depth at a number of positions below the liquid interface
(Weisman and Efferding 1960). The pressure was measured by manometer dip tubes and a sensitive
differential pressure cell with a porous-tipped probe to exclude slurry from the instrument lead line.

Velocity-head effects were eliminated by making measurements during and immediately after mixing.

Bohnet and Niesmak (1980) used the extent of adsorption of a light beam passing through the suspension to
determine the solids concentration at various points. The light source was a helium-neon laser with an
effective power of 7 mW. A silicon photocell was used as the signal modulator to transform the impact
radiation to a voltage proportional to the light intensity. The adsorbed light was then related to the solids

concentration at that point.



Lhapter 5! Quantitying the Solids dSuspension . : 57

5.2.2.2 Suspehsion Criteria based on the Solids Concentration

Various criteria used to establish the degree of homogeneity of a suspension are discussed below.
Researchers have determined qualitatively the dependence of these suspension criteria, and thus the degree
of solids homogeneity, on the impeller speed, impeller type, vessel geometry, solids concentration and solid

particle properties (Bohnet and Niesmak 1980, Baldi et al. 1981, Barresi and Baldi 1987).

Percent Suspension
The percent suspension is defined in Equation 5.3 (Oldshue 1983). The values calculated from this

equation can be above or below 100 %.

Weight % solids in the sample at a point

Equation 5.3
Total % solids in vessel 1

% Suspension =

Quality of Solids Distribution
The quality of solids distribution, &, is defined as the deviation factor between the local solids concentration

and that of a homogeneous suspension (Bohnet and Niesmak 1980):

2
1 X
= i -1 Equation 5.4
c \/;Z(Xvo j quation

where: i = number of measuring points
X, = local solids concentration (m3 / m3j
Xvo = given solids concentration of a homogeneous suspension
(m® / m*)

The solids distribution cannot readily be compared by the quality of solids distribution when suspensions
with different solids concentrations, X,, are being compared because the initial values for the total
deposited solids at the vessel bottom (X,,) are different. If the extent of improvement of solids distribution
is of interest, then it is more useful to employ the 1'e1ati'v§: quality of distribution, ¢ (Bohnet and Niesmak
1980, Equation 5.5). This criterion reflects not only the average solids concentration of a homogeneous
suspension, X,,, but also the maximum conceutration of the solid particles deposited on the vessel base, X..

Both the quality and the relative quality of solids distribution decrease as the impeller speed is increased.
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Equation 5.5

Suspension Impeller Speed |

Kolar (1961) defined a suspension impeller speed as the speed at which the solids concentration at heights
of 0.25 T and 0.75 T from the tank bottom was the same in both positions (measured by light-adsorption).
Nienow (1968) criticises this criterion since he points out that suspensidn can never be called homogeneous
throughout the vessel. He suggests that the equal mean concentrations at these two points may result from

highly concentrated particle eddies being flung into the upper regions of the vessel.

5.2.2.3 Degree of Homogeneity Expressions ,

Empirical Expressions

Weisman and Efferding (1960) found that, when all solids were suspended, the solids concentration
increased linearly with the distance below the interface except in the immediate vicinity of the slury-water
interface. Here, a fluctuating boundary between the circulating solid particles and the suspending liquid
existed. As the power input was increased, the solids boundary rose until it reached the liquid surface, and
the suspension became increasingly more homogeneous (Weisman and Efferding 1960, Wiedmann et al.

1980).

Since a solids mixture may be considered as a series of planes of a particular concentration parallel to the
vessel base, Weisman and Efferding (1960) used the height of the solids boundary as an index of the degree
of slurry dispersion where all the solids were suspended. They developed a mathematical expression to
describe the position of the solids boundary as a function of the system geometry and the mixture
properties. The constants and the forms of the functions were developed empirically. For a single, 6-bladed
paddle located so that C/T exceeded 0.5 and the impeller Reynolds number exceeded 2.5x10%, the height of
the solids boundary above the midplane of the impeller, h, may be determined as follows:

1

-2 -

< (D)2
PO? [—j
8. \T

981p,nV, v

m Is

=023/4n +01 Equation 5.6

N
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= gravitational constant (=1 for SI units)

where: A
P = power input by impeller (W)
o = volume fraction of solids = Ms/(pp Vi)
M, = mass of solid particles (kg)
Pp = particle density (kg/m’)
Vo = system volume below solid boundary (m®) = I1 T%4 (h + C)
pu =  density of slurry (kg/m®) = ® p, + (1-®) p |
p = liquid density (kg/m’)
n = number of impellers
Vis = ' particle terminal settling velocity (m/s) = 9.81 d,’ (p, - p)/(18 L)
T = liquid viscosity (Pa s)

Theoretical Expressions
Theoretical models, developed to predict the homogeneity of solids suspensions, are based either on a force
or an energy balance in the bulk region. As a result of the simplifying assumptions made, these models are

of limited accuracy and are not widely used (Rewatkar and Joshi 1991).

5.2.3 Conclusions

A primary objective of this study was to determine the effect of incompletely and completely suspended
solid particles on the disruption of the Saccharomyces cerevisiae in the slurry reactor. A method was thus
required for the direct measurement of the transition from the incompletely to the completely suspended
solids regimes, and which predicted the volume fraction of solids suspended at a given impeller speed. Use’
of a correlation describing the critical impeller speed, such as that of Zwietering (1958) (Equation 5.1) or
Takahashi ez al. (1993) (Equation 5.2), allows the prediction of the mass of solids suspended at a given
impeller speed. The critical impeller speed further provides a direct measure of the transition between the
regimes of incomplete and complete solids suspension and is measured readily by visual observation and
from the determination of the power number as a function of the impeller Reynolds number. This approach

was thus chosen to quantify solids suspension in this study.
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S.3 Measurement of the Critical Impeller Speed

5.3.1 Rushton Turbine

The power number (N,) was determined as a function of the impeller Reynolds number (Ngg) in the reactor
system for suspensions with solids loadings of 5%, 10%, 15%, 20% and 40% (v/v). The impeller speed was
varied between 200 to 800 rpm. This data is presented in Figure 5.3. Distinct maxima, corresponding to
the respective critical impeller speeds, can be observed for the 5%, 10%, 15% and 20 % (v/v) curves. No
maximum was observed for thé 40% curve. This agrees with the findings of Bohnet and Niesmak (1980).

These workers used glass beads of 700 um diameter and found that above a solids loading of 25% (v/v), no
local maximum in the N,-Ngg curve could be observed. The form of the 40% solids curve in Figure 5.3 was
. not affected by whether the density and viscosity of the slurry or the density and viscosity of the yeast

suspension were used in the calculation of the power number (Equation 3.3) and the impeller Reynolds

~ number (Equation 3.4).

Power Number

0 -+

0 10000 20000 30000

40000

Impeller Reynold’'s Number

50000

& V. Fraction = 5%

o V. Fraction = 10%
@ V.Fraction = 15%
O V. Fraction = 20%
o V. Fraction = 40%

Figure 5.3.

to determine the critical impeller speeds using the Rushton turbine at solids volume

fractions of 5 to 40% (v/v).

Table 5.1 compares the critical im;')e'lle.'r.sp'eéds determined from the Ny-Ngg curves to those found by visual

observation.

Power number (N;) as a function of the impeller Reynolds number (Nyg; ) measured

The measurements are quoted with 95% confidence intervals, as determined from the
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statistical methods presented in Miller and Freund (1985). Table 5.1 shows that the visually observed
critical impeller speeds (N;s) are, on average, 9% higher than those observed from the N,-Ngg curves. This
compares well with the 5% difference reported by Rewatkar e al. (1991) using a solids concentration range
of 0.13% to 28.4% (v/v). It can also be seen from Table 5.1 that the 95% confidence interval on the
visually observed critical impeller speed at 40% solids is approximately four times greater than the 95%
confidence intervals on the measurements obtained at the lower solids volume fractions. This is attributed
to the difficulty in visually assessing the point of complete off-bottom suspension at this high solids
concentration. The more objective critical impeller speeds obtained from the power number-impeller

Reynolds number curves were used for the Rushton turbine in this study.

Table 5.1. Comparison of critical impeller speeds from N,-Nyg curves and visual observations
for the Rushton turbine.

Measurements are quoted with 95% confidence intervals.

Volume Fraction of Solids Njs (rpm) - Njs (rpm)
N,-Nge Curve Visual Observation
0.05 400 45116
0.10 . 439+ 11 474 5
0.15 450 . | 484 +5
020 - 461 + 14 501 +4
0.40 - 593 +22

5.3.2 Pitched-Blade Turbine

Measurements of the power number as a function of the impeller Reynolds number were also made over the
impeller speed range of 200 to 800 rpm for the pitched-blade turbine at a 20% solids loading (v/v). Figure
5.4 shows the data obtained on performihg the measurement in triplicate. These are also compared to the
N,-Nge curve obtained for the Rushton turbine at 20% solids (v/v). In contrast to the curve obtained for the
Rushton turbine, no maximum is apparent in the Np-Ngg curve for the pitched-blade turbine. Above an
impeller Reynolds number of 20 000, the average power number of the pitched-blade turbine is constant at
1.58 with a 95% confidence interval of 0.04.
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Figure 5.4. Power number (N,) as a function of the impeller Reynolds number (Ngg) measured to
determine the critical impeller speed using the pitched-blade turbine (PTD) at 20%
solids (v/v). _
The N,-Nge curve for the Rushton turbine (DT) at 20% solids (v/v) is included for

comparison.

The absence of a maximum in the N,-Ngg curve of the pitched-blade turbine can be explained in terms of its
flow pattern. In Figure 5.5, the flow patterns of the Rushton turbine (DT), the PTD and the propeller are
presented. The radial flow pattern of the Rushton turbine results in solid fillets forming at the center and
along the periphery of the vessel base as the impeller speed is increased. The increase in the power number
as a function of the impeller Reynolds number at speeds approaching the critical impeller speed (N;s)
(Figure 5.3) resuits from the suspension of particles in these solid fillets (Rewatkar er al. 1991). Similarly,
an increase in the power number as a function of the impeller Reynolds number is observed for the axial
flow pattern of the propeller at agitation rates below Njs, as solid particles along the periphery of the base
are suspended (Bohnet and Niesmak 1980). The absence of a maximum in the N -Ngg curve of the PTD
(Figure 5.4) suggests that the formation of solid fillets at the center and periphery of the vessel base is
relatively insignificant for the mixed axial and radial flow pattern of this impeller. This was confirmed by
visual observation of the vessel base. Since a maximum in the Np<Ngg CUI;VC is not observed for the PTD,

this method cannot be used to determine the critical impeller speed for the pitched-blade turbine in this

study.
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Figure 5.5. Flow patterns of the Rushton turbine (DT), propeller and pitched-blade turbine,
pumping downwards (PTD) (Joshi ef al. 1982)

Rewatkar ef al. (1991) infer in their paper that they determined the critical impeller speeds of pitched-blade
turbines (pumping downwards) from curves of the power number as a function of impeller speed. This
contrasts with the findings of this study. To understand this discrepancy, the geometry of their system was
compared to the system of this study (Table 5.2). Table 5.2 shows that the primary difference between the
system of Rewatkar ef al. (1991) and the system used in this study is the scale of the vessels and the
impellers. The diameters of the vessels used by Rewatkar ez al. (1991) are 3.8 to 9.9 times larger than the
diameter of the stirred tank in this work, and the diameters of the pitched-blade turbinés used by Rewafkar
et al. (1991) are 1.9 to 9.9 times larger than the pitched-blade turbine in this study. Tatterson ef a/. (1980)
showed that the flow patterns of pitched-blade turbines differ, depending on the impeller scale. The flow
from pitched-blade turbines of 0.1m diameter, similar to the 0.076m diameter impeller in this work, was
heterogeneous. The trailing vortices from the outside tips of the blades of these impellers were not coherent
and exited the impeller region in a chaotic fashion below or directly into the path of an oncoming blade.

However, the flow from pitched-blade turbines of 0.3m diameter, similar to the scale of the PTD impellers
nsed by Rewatkar er al. (1991), was well-defined and very coherent in the discharge flow from the impeller
region.- The reduced heterogeneity of the flow from the 0.3m diameter pitched-blade turbine could allow
fillet formation at the center and along the periphery of the vessel base, hence explain why Rewatkar et al.

(1991) observed maxima in the curves of power. number as a function of impeller speed.
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Table 5.2. Comparison of parameter ranges used by researchers in determining the critical impeller speed.

Proponent Impeller Type D T | D/IT cT Ap d, B nx 10°
(m) (m) kgm®) | (um) | (% byweight) | (Pas)
Zwietering (1958) | Marine propeller, DT, | 0.06- 0.15- 0.17- 0.05- 560-1810 | 125-850 | 0.5-20 0.32-
vaned disc, 2-bladed | 0.20 0.60 0.67 1.00 9.30
paddle _
Nienow (1968) | DT 0.036- 0.14 0.26- 0.14- 530-1660 | 153- 0.093-10.0 1.0
0.073 0.52 0.33 9000
Chapman er al | DT, Angled-blade disc | 0.072- 0.29- 0.25- 0.25 50-1900 | 80-2800 | 1-3 1.0
(1983) turbine, mixed flow | 0.902 1.83 0.52
impeller pumping

upwards (4  blades),
mixed flow impeller
pumping downwards (4,

6 blades), marine

propeller
Rewatkar et al | DT, PTD (pumping | 0.14- 0.57- 0.12- 0.33 1520 120- 0.34-50 1.0
(1991) downwards, 6 blades), | 0.75 1.50 0.58 2000

PTD (pumping upwards,

6 blades)
Takahashi et al | DT 0.05- 0.10- 0.5 0.25 49-2720 | 54-4920 | 0.1-2.0 0.55-
(1993) 0.29 0.58 1.00
This Study DT, PTD (pumping | 0.074 | 0.152 0.49 0.38 1629 600-850 | 13.5-171.6 1.8

downwards, 6 blades)
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The critical impeller speed of the pitched-blade turbine used in this work was determined by visual
observation. The average critical impeller speed measured was 662 rpm with a 95% confidence interval of
4 rpm. Solids suspension occurs at a higher impeller speed for the pitched-blade turbine (662 rpm)
compared to the Rushton turbine (501 rpm). In Table 5.3, s values (Equation 5.1) for the Rushton turbine
and pitched-blade turbine are compared for the following vessel geometry: D/T = 0.5, C/T = 0.25. The
ratio of the average s value in Table 5.3 for the pitched-blade turbine and the Rushton turbine is 1.38. For a
fixed vessel geometry, solids concentration, particle properties and liquid properties, this determines the
ratio of the critical impeller speed of the pitched-blade turbine to that of the Rushton turbine. In this work, a
ratio of 1.32 was observed at 20% solids (v/v). The agreement between this ratio and the average literature
ratio of 1.38 validates the reiaﬁve magnitude of the critical impeller speeds of the pitched-blade turbine and
Rushton turbine at 20% solids (v/v) in this work.

Table 5.3. Compa.rison of s values (Equation 5.1) for a 6-bladed pitched-blade turbine (pumping
downwards) and a 6-bladed Rushton turbine at an impeller diameter ratio (D/T) of
0.5 and an impeller clearance ratio (C/T) of 0.25.

Proponent Pitched-blade Turbine (PTD) Rushton Turbine (DT)
Zwietering (1958) 4.0
Nienow (1968) 4.7
Chapman ef al. (1983) 58 4.3
Bujalski ef al. (1988) 6.4
Ibrahim et al. (1992) 5.7
4-bladed pitched-blade turbine

Although the critical impeller speed of the pitched-blade turbine is 1.32 times greater than that of the
Rushton turbine, the power input required for complete suspension with the PTD is lower (P =52 W,

N, = 1.6) than for the DT (P = 6.8 W, N, = 6.7). This is in agreement with the observations of Chapman et
al. (1983). These workers suggest that the lower power consumption with which pitched-blade turbines
cause suspension can be attributed to the enhanced drag forces of axial flow impellers, resulting from their
higher volumetric pumping rate, or the shorter path length between the axial impeller and the point from
which the particles are last suspended. The former applies if drag forces are considered to be primarily
responsible for the solids suspension while the latter applies if turbulent eddies are considered to be
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responsible for the suspension. Less power would be required for the axial flow impeller since the shorter
path length reduces the possibility of the turbulent eddies decaying.

5.4 Modelling the Critical Impeller Speed

The requirements of a mathematical expression, relating the measured critical impeller speeds (N;g) to the

operating parameters, were that it should describe the measured Njs values and also predict the Njs values
below the lowest measured value in this study. Correlations relating the critical impeller speed to the
operating parameters are generally of the form of the equations of Zwietering (1958) and Takahashi e? al.
(1993). The exponents of these correlations are broadly supported by many works (Chapman et al. 1983,
Rewatkar and Joshi 1991). Hence the critical impeller speeds from this study were fitted to expressions
with the same exponents. The 'constants, s, were obtained from a Least Squares analysis (see Appendix H
for the Least Squares Algorithm). Equations 5.7 to 5.9 respectively represent the expressions obtained
using the correlation of Zwietering (1958) for the critical impeller speeds of the Rushton turbine at 5% to
20% solids (v/v), the correlation of Zwietering fitted to the PTD critical impeller speed at 20% solids
loading (v/v) and the correlation of Takahashi er al. (1993) fitted to the critical impeller speeds of the
Rushton turbine at 5% to 20% solids (v/v).

233v, d " (981Ap/ p)°* B ‘

Ny = o[ 2 (D°'85 ) Equation 5.7
324 v, d "2 (981 Ap/ p)** BV

Ny = 60[ R (Doiss ) Equation 5.8
160 v, d °® (981 Ap/ p)** B

Ny = 60[ R’ (D°'6° ) Equation 5.9

Since ﬂlese expressions are of the standard form, which has been used to describe critical impeller speeds
across the range of sdlids concentrations of 0.0008 % (v/v) (Baldi e al. 1978) to 28 % (v/v) (Raghava Rao
et al. 1988, Rewatkar ef al. 1989), it is assumed that it is valid to apply Equations 5.7 to 5.9 to predict the
critical impeller speeds below the lowest measured Njs value in this study (corresponding to 5% solids
(v/V)). The reliability of a correlation in predicting the measured critical impeller speeds can be quantified

in terms of a standard deviation, defined as:
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| n 2

(X predicted j - X measured j )

i=1

Standard Deviation = Equation 5.10

n-1
where: n = number of points where measurements were made.

The measured critical impeller speeds, determined from the N,-Ngg curves using the Rushton turbine, were
compared to the predictions of Njs from Equation 5.7, Equation 5.9, the correlation of Zwietering (1958)
(Equation 5.1) and of Takahashi et al. (1993) (Equation 5.2), in terms of a standard deviation (Equation
5.10). These are summarised in Table 5.4. In Figure 5.6, a parity chart is provided for the comparison of
the measured and predicted Nys values at 5%, 10%, 15% and 20% solids (v/v) for the Rushton turbine. The
solid line represents perfect correlation between the predicted critical impeller speeds and those measured

from the N,-Ngg curves.

‘Table 5.4. Standard deviation (Equation 5.10) in predictions of the critical impeller speed values
for the Rushton furbine.

Correlation Standard Deviation (rpm)
Equation 5.7 - | 13

Equation 5.9 24

Correlation of Zwietering (1958) 683

Correlation of Takahashi er a/. (1993) 67

Table 5.4 and Figure 5.6 show that Equations 5.7 and 5.9 predict the experimental critical impeller speeds
well. Since Equation 5.7 has a lower standard deviation than Equation 5.9, it was used in Chapter 8 to

predict the critical impeller speeds for the Rushton turbine below the lowest measured Nys value.

Figure 5.6 also shows that tﬁe correlation of Zwietering (1958) predicts critical impeller speeds for the
Rushton turbine approximately twice as large as the measured values. Calculation of the critical impeller
speed for the pitched-blade turbine at 20% solids (v/v), using the correlation of Zwietering (1958), yields
1163 rpm i.e. 1.8-fold the visually-observed critical impeller speed of 662 rpm. Takahashi et al. (1993)
found that the correlation of Zwietering (1958) overpredicted their measured critical impeller speeds for the
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Rushton turbine by a factor of two. In addition, Narayanan ef al. (1969) and Baldi ef al. (1978) measured
critical impeller speeds 22% and 50% lower than the values predicted from the correlation of Zwietering
(1958) (Rewatkar e/ al. 1991). In contrast to this, a number of researchers (Nienow 1968, Chapman et al.
1983, Rewatkar ef al. 1991) have obtained critical impeller speed expressions similar to the correlation of

Zwietering (1958).
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Figure 5.6 Parity chart of measured and predicted critical impeller speeds for the Rushton
turbine at 5%, 10%, 15% and 20% solids (v/v).

Rewatkar et al. (1991) explained the lower critical impeller speeds measured by Narayanan él al. (1969)
and Baldi er a/. (1978) in terms of the small vessel diameters (0.114-0.141 m and 0.122-0.229m
respectively) used by these researchers. However, as is shown in Table 5.2, Takahashi et al. (1993) used a
similar range of vessel diameters to Zwietering (1958) and still obtained critical impeller speeds 50% lower
than the values measured by Zwietering (1958). Table 5.2 shows that the parameter ranges used by the
various researchers are similar and it is thus difficult to establish the reason for the discrepancy in the critical
impeller speed measurements.- The subjectivity of the visual determinations of the critical impeller speeds

by these workers may account for this discrepancy.

. The larger standard deviations (Table 5.4) obtained between the measured critical impeller speeds of the
Rushton turbine and the critical impeller speeds predicted by the correlations of Zwietering (1958) and
Takahashi ef al. (1993), compared to the fitted expressions (Equations 5.7 and 5.9), may also be attributed
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to the solids concentration in this study lying outside the range used by these workers. The correlation of
Zwietering (1958) applies to a solids concentration of 0.2% to 8.8% (v/v). The maximum solids loading
used by Takahashi et al. (1993) was 0.8% (v/v). Despite these differences, the applicability of standard
expressions of the form of the correlations of Zwietering (1958) and Takahashi er al. (1993) to the
experimental data, and the fairly good agreement between the measured Nyg values for the Rushton turbine
and those predicted by Takahashi et al. (1993) (16% coefficient of van'alice) validate the measured critical
mmpeller speed values in this study.

5.5 Conclusions

In this chapter, quantifying solids suspension in terms of the critical impeller speed and the degree of solids
homogeneity has been reviewed. The need for a relationship quantifying the volume fraction of solids
suspended at a given impeller speed (Chapter 8) led to the choice of the critical impeller speed.

Correlations of the form of Zwietering (1958) and Takahashi et al. (1993), which describe the critical
impeller speed as a function of the operaﬁng parameters, allow the prediction of the volume fraction of
solids suspended at a given impeller speed. In addition, the critical impeller speed is a more direct measure
of the transition between the regimes of incomplete and complete solids suspension than the degree of

solids homogeneity.

The critical impeller speed (N;s) was measured by visual observation and from determining the maxima in
curves of the power number (Np) as a function of the impeller Reynolds number (Ngg). For the Rushton
turbine, measurements of the critical impeller speeds from the N,-Ngg curves differed from the visually
observed values by an average of 9%. The cntical impeller speed measurements from the Np-Ngg curves
were used for the Rushton turbine (DT) since they are more objective. The Np-Ngg curves did not yield a
maximum for the pitched-blade turbine (PTD) used in this study. As a result, the visually observed critical
impeller speed was used for this impeller. Although the visually observed critical impeller speed of the
pitched-blade turbine at 20% solids (v/v) is 1.32 times greater than that of the Rushton turbine, the power
input required for complete suspension with the PTD is 24% lower. This has been validated by reference to

the literature.

The measured critical impeller speeds (Njs) of the Rushton turbine and pitched-blade turbine were
mathematically related to the operating parameters for the modelling of the cell disruption in Chapter 8. An
expression of the form of the correlation of Zwietering (1958) was fitted to describe the Njg data best. The

measured critical impeller speeds of the Rushton turbine were compared to the predictions of Nys from the
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correlations of Zwietering (1958) and Takahashi et al. (1993). Although the correlation of Takahashi ef al.
(1993) described the critical impeller speeds of the Rushton turbine relatively well (coefficient of variance
of 16%), the correlation of Zwietering (1958) overpredicted the measured critical impeller speeds by a

factor of 2. Possible reasons for this have been discussed.



Chapter 6: The Effect of Completely and Incompletely
Suspended Solids on Cell Disruption

6.1 Introduction

The need to quantify microbial cell damage and disruption in slurry systems in the regimes of complete and
incomplete solids suspension was highlighted in Chapter 2. In this chapter, results are presented on the
effect of completely and incompletely suspended solids on the disruption of Saccharomyces cerevisiae in a
slurry reactor, as a function of the agitation intensity, solids concentration and impeller flow pattern. The
impeller flow pattern was investigated by using either a 6-bladed Rushton turbine or a 6-bladed pitched-
blade turbine (pumping downwards) (Section 3.4.2). The uansiﬁdn between the incompletely and
completely suspended solids regimes occurs at the critical impeller speed (Chapter 5).

The chapter begins with a discussion of the kinetic expression used to model the disruption of the
Saccharomyces cerevisiae in terms of soluble protein release. Use of a kinetic expression allowed the cell
disruption to be quantified in terms of kinetic parameters. The calculation of these kinetic parameters is
described and the duration of the disruption experiments required to determine the true values of these
kinetic parameters is discussed. The inter-batch variation in the yeast and the reproducibility of the results
are addressed. Finally, results are presented to assess the effect of incompletely and completely suspended

solid particles on cell disruption.

6.2 Determination of the Cell Disruption

6.2.1 First Order Kinetics of Protein Release

6.2.1.1 Derivation of First Order Expression

It has been found that cell disruption by mechanical means follows first order kinetics (Chisti and Moo-
Yoﬁng 1986). It is well documented that cell breakage in bead mills shows first order kinetics in which the
rate of protein release is directly proportional to the amount of unreleased protein (Engler 1985, Schutte e?
al. 1986, Schutte and Kula 1988, Harrison 1991). Poncelet and Neufeld (1989) and Lu ef al. (1992)
observed first order breakage kinetics when nylon microcapsules were agitated in a bioreactor. The
microcapsules were used as a physical model of animal cells in suspension culture. First order kinetics have
also been observed for cell disintegration in a high pressure homogeniser (Kula and Schutte 1987) and in the
use of ultrasonication to disrupt cells (Chisti and Moo-Young 1986). |
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The use of a first order expression to describe the release of soluble protéin as a function of time has been
validated by assuming that the disruption of cells is first order with respect to the concentration of intact
cells (Limon-Lason et al. 1979, Pearce 1993):

dN

T =k N Equation 6.1

where N is the number of intact cells at time t, and k is the first order disruption rate constant. Integration of

Equation 6.1 yields Equation 6.2:

En[N"j =kt : Equation‘ 6.2
N

Here, N, is the initial number of cells. To obtain a cell disruption expression in terms of the soluble protein

release, the soluble protein content is substituted for the number of intact cells:

Ry
R

C N, _ Equation 6.3
C,N,-C, N Equation 6.4

where Ry is the maximum soluble protein available for release, R is the soluble protein released at time t,

and C, is the protein content of one cell. Rearrangement gives:

N=N_ - R : Equation 6.5
C, .
N= Ry R Equation 6.6
CP CP

R = Ru (1 - exp(-k t)) Equation 6.7
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Equation 6.4 assumes that the cells are instantaneously disrupted to their maximum extent. Measurement of
the release of enzymes, located in the cell wall, the cytoplasm and the organelles, is required to validate this

assumption.

6.2.1.2 Determining the Kinetic Parameters
Figure 6.1 shows sample data of the soluble protein release as a function of time for the disruption
experiments in this study. The first order expression used to model the data is shown in Equation 6.8:

R =R; (1-exp(-k t)) Equation 6.8
where R is the soluble protein released at time t (mg protein / g cell), R; is the maximum soluble protein

- released under the specified operating conditions (mg protein/g cell), and k is the first order disruption rate
constant (s™). -
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Figure 6.1. Characteristic curve of protein release as a function of time.
Solids volume fraction of 20%, Impeller speed of 273 rpm, Rushton turbine (Run #10.39).
Symbols indicate measured protein release. Solid line indicates protein release predicted by

Equation 6.8.

Equation 6.8 was fitted to each experimental protein release time course by minimising the sum of the
squares of the error between the experimental and predicted values. The algorithm used is described and
illustrated with a sample calculation in Appendix G. The accuracy of the first order expression in predicting

the disruption data was quantified in terms of a coefficient of variance (CV), defined as:
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n
> 2
z ( Xpredicled, i— Xmeasured, i)

i=1

Cv= ~ n-1 Equation 4.6
z Xmeasuredi .
i=] '
n

where X signifies the soluble protein release ( R) and n is the number of samples taken. The coefficients of
variance for each of the experiments are presented in Appendix G. These values were generally about 4 %

and were always less than 8%. The first order expression clearly describes the disruption data well.

The term, R;, was used to represent the maximum soluble protein release in the slarry reactor (Equation 6.8)
to differentiate it from the maximum soluble protein available for release, designated as Ry in this work.
This distinction was not made in the bead mill literature. As discussed. in Section 3.3.3, Pearce (!9_93)
showed that the soluble protein release from Saccharomyces cerevisiae is greater on disruption in a French
Press than on agitation in a slurry reactor at 40% solids (v/v) and 1090 rpm, or on lysis of the yeast cells
using Cyfophaga enzymes. The maximum soluble protein available for release (Ry) was thus determined

for each batch of yeast cells by passing the yeast suspension twice through the French Press (Appendix E).

Micrographs of the yeast cells prior to disruption, following treatment in the slurry reactor and following 2
passes through the French Press are given in Figure 6.2 (Olympus BX40 microscope, Panasonic RGB 8-bit
digital camera). Microscopic observation of the cells confirmed that the yeast cells were completely
disrupted in the French Press since only cell debris was observed (Figure 6.2(d)). Although cell debris can
be seen in micrographs of the yeast cells following disruption in the slurry reactor using the Rushton turbine
(Figure 6.2(b)) and the pitched-blade turbine (Figure 6.2(c)), deformed yeast cells with disrupted cell walls
can also be distinguished. The micrographs in Figure 6.2 thus confirm that a greater degree of cell
disruption occurs in the French Press compared to the slurry reactor. Micronization of the cell debris in the
French Press, with the concomitant release of insoluble complexed protein and other Folin-positive
materials, such as peptide, glycopeptide and amino acids, could explain the greater soluble protein release
that occurs in the French Presé compared to the slurry reactor. The micrographs further indicate that none of
the cells stained blue. Methylene blue indicates the presence of intact, non-viable cells (EBC Analytica
Microbiologica 1977) and did not stain the cells as a result of the release of the cell cytoplasm into the
supernatant on cell breakage.
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Figure 6.2. -~ Photographs of cell disruption in the slurry reactor and the French Press.

(Cells mounted on Neubauer Counting Chamber with grid dimensions of 0.05.mm x 0.05mm,
Olympus BX40 microscope with Brightfield illumination and. 407&-1_&1agniﬁbatiom.0pﬁm’as 5.2 Image
Analyser with Sharpen-high filtering): (a) undisrupted cells, (b) disrupted cells after 4 hours agitation
with the Rushton turbine at 663.2 rpm-and 20% ‘solids (v/v) in the slurry reactor. (Run#10.65), (c)
disrupted cells after 5 hours agitation with the pitched-blade turbine at 673.6 rpm and 20% solids
(v/v) in the slurry reactor (Run#10.64), (d) disrupted cells after 2 passes through the French Press.
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The maximum soluble protein released under specified operating conditions in the slurry reactor, R;, was
normalised with respect to the maximum soluble protein available for release, Ry. This normalisation
allowed comparison between different yeast batches. The ratio, Ri/Ry, was defined as the maximum extent

of disruption under specified conditions.

6.2.2 Duration of Disruption Experiments

In order to determine the required duration of disruption experiments, the first order expression (Equation
6.8) was fitted to data collected over different time intervals, as detailed in Appendix G. In Table 6.1, the
kinetic parameters of two disruption experiments, calculated using the soluble protein data collected over 2
hours, 6 hours and till cell disruption was complefe, are given. For the disruption experiment performed at
10% solids (v/v) and 360 rpm, errors of 56% and 20% were obtained in k when the first order disruption
expression was fitted to the soluble protein data collected over 2 hours and 6 hours respectively. The
corresponding R; values were underpredictéd by 30% and 14%. For the disruption experiment performed at
20% solids (v/v) and 273 rpm, the respective absolute errors in k were 17% and 8%, when the first order
disruption expression was fitted to the soluble protein data collected after 2 hours and 6 hours. The

corresponding R; values were overpredicted by 12% and 5%.

Table 6.1. Comparison of kinetic parameters calculated after 2 hours and 6 hours of disruption
and after complete cell disruption.
Complete disruption was achieved for Run #10.37 (10% solids (v/v), 360 rpm) by 38
hours. Complete disruption was achieved for Run #10.39 (20% solids (v/v), 273 pm) by

24 hours.

Time 10% solids (v/v), 360 rpm 20% solids (v/v), 273 rpm
(hrs) (Run #10.37) (Run #10.39)

Fractional | k R; Fractional k R;

Disruption ' : Disruption

(%) (1/s) (mg/g) | (%) (1/s) (mg/g)
2 21 5.02 x10° | 218 49 7.67x10° | 349
6 50 4.00 x107 | 267 86 8.50x10° | 329
24 100 © 1927107 | 312
38 : 100 - [3.21x10% | 310 '
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Table 6.1 highlights the importance of ensuring that R; has reached its maxirhum value before the first order
expression is fitted to the disruption data. For the expeﬁmental work presented in this chapter, the duration
of the experiments was determined by the time taken for the soluble protein to reach its maximum value.

This ranged from 0.67 hours at 40% solids (v/v) and 758 rpm to 38.18 hours at 10% solids (v/v) and 360.3
rpm, |

6.2.3 Inter-batch Variation in Yeast

The experiments reported in this study were conducted from Januaiy 1995 to January 1997 using different
yeast batches from Anchor Yeast. To establish the variation in the first order disruption rate constant (k)
and the maximum extent of cell disruption (R/Ry) as a result of using different yeast batches, five
disruption expedment§ were repeated during this time period. These expen'ménts are listed in Table 6.2.
The protein release as a function of time for each of these experiments is detailed in Appendix G. Also
presented in Table 6.2 are the average values, the standard deviations and the coefficients of variance in k
and R/Ry from the repeated experiments at each of the experimental conditions. The coefficient of
variance is defined as the quotient of the standard deviation and the average, and provides a relative measure

of the agreement in the repeated measurements of the kinetic parameters.

Table 6.2. Average values, standard deviations (SD) and coefficients of variance (CV) in k and

Ri/Ry; for the repeated experiments in this study.

Experimental Number of | k Ri/Ry
Conditions Repeats : . »
Average SD Cv Average | SD Cv
(1/s) (1/s) (%) (1/s) (1/s) (%)
Rushton turbine: : -
e 10% solids, 5 C1261x10° [492x10° | 189 78.7 0.7 0.9
360 rpm :
e 20% solids, 2 9.08x 10® | 2.69x10° | 3.0 80.4 20 2.5
273 rpm ' '
o 20% solids, 2 4.12x10* [7.07x107 | 0.2 81.2 5.3 6.5
474 rpm
e 20% solids, 2 744 x10" | 849x10° | 1.1 77.8 2.3 3.0
745 rpm '
Pitched-blade
Turbine: 4 P ,
20% solids, 674 | 4* 451x 10 3.68x 10~ |82 84.0 5.9 7.0
pm

* - Physiologically changed yeast
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Table 6.2 shows that, with the exception of the disruption experiment performed at 10% solids (v/v) and
360 rpm, the coefficients of variance in k are less than 8.2%. Although the coefficient of variance for the
10% solids experiment at 360 rpm is relatively large (18.9%), the standard deviation for this experiment is
of the same order of magnitude as the other repeated experiments. It is the small average k value of this
experiment that gives rise to the comparably larger coefficient of variance. Table 6.2 further shows that the
coefficients of variance in the maximum extent of disruption (R/Ryy) are less than 7.0% for all the repeated
experiments. The good reproducibility in k and Ri/Ry validates the comparison of the disruption results

from the different yeast batches used in this work.

During the period over which the disruption experiments were performed, a physiological change in the
yeast cells, obtained from Anchor Yeast (Epping, Cape Town), was observed. This physiological change
was confirmed by repetition of the disruption experiment performed with the Rushton turbine at 20% solids
(v/v) and an agitation intensity of 663 rpm. At these conditions, a first order disruption rate constant of

6.54x10™ s was obtained using the initial yeast batches in this work (Run #10.43; coefficient of variance
less than 8.2%, Table 6.2). Using the physiologically changed yeast, an average first order disruption rate
constant of 8.22 x 10™ s, with a coefficient of variance of 7.6%, was obtained from 3 disruption
experiments (Runs #10.50, 10.53, 10.65) performed at these conditions. The difference between these k
values is statistically significant within a 95% confidence interval, as determined from the statistical
methods presented in Miller and Freund (1985). Despite the 26% increase in the first order disruption rate
constant on using the physiologically changed yeast, the maximum extent of cell disruption (Ri/Ry) was
consistent with that of the initial yeast batches. The disruption experiments shown in Table 6.2, that were

performed with the physiologically changed yeast, are denoted by an asterisk.

The larger first order disruption rate constants observed using the physiologically changed yeast indicate the
reduced strength of the cell wall for this yeast (Engler 1985, Harrison ez a/. 1991a). This may be attributed
to a change in the medium composition for the growth of the micro-organisms (Gray ef al. 1972) or a
difference in the growth phase of the cells when they were harvested (Harrison ef al. 1991b). Gray er al.
(1972) found that cell disruption was more readily accomplished following cell growth on a simple
synthetic medium than on a complex medium. The increased sensitivity of exponentially growing cells over
stationary phase bacteria to cell disruption has been demonstrated on high pressure homogenisation
(Harrison et al. 1991b), on disruption by bead mills, ultrasound or autolysis (Cumming er al. 1985), on
enzymatic lysis (Fish and Lilly 1984), and on osmotic shock (Felix 1982). The increased sensitivity of the

exponentially growing cells to cell disruption results from the formation of discontinuities in the cell wall as
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the cells grow. These discontinuities are formed by hydrolytic enzymes to allow for the insertion of new
wall material into the older portions of the cell wall (Bayer 1967). '

6.3 The Effect of Solids Loading at a Constant Impeller Speed using
the Rushton turbine

6.3.1 Experimental Conditions

In the first set of experiments, the solids volume fraction was vaﬁed across the range of 0.00 to 0.40 using a
Rushton turbine at a constant impeller speed of 750 rpm (impeller tip speed of 2.91 :m/s). This impeller
speed is greater than the critical impeller speed of 593 rpm for the solids volume fraction of 0.40. These
disruption experiments show the effect of increasing suspended solids on the cell disruption at a constant

particle momenturmn.

6.3.2 Results

The resultant disruption, in terms of soluble protein release, is summarised in Figure 6.3. The disruption
data of each of the experiments and the conditions at which they were performed are presented in Appendix
G. Figure 6.3 shows that the curves of soluble protein release tend to a common maximum value and that
" this maximum value. is attained more quickly at the higher solids volume fractions. In addition, over the
time period investigated, negligible cell disruption occurs in the slurry reactor in the absence of solid
particles. A number of mechanisms have been proposed to describe the. damage to cells in systems where
cells and solid particles are present: interactions between the cells and fluid eddies, interactions between the
cells and solid particles, interactions between the cells and gas bubbles, and interactions between the cells
and reactor components (Croughan et al. 1987, 1988, 1989; Cherry and Papoutsakis 1988). These
mechanisms are comprehensively reviewed in Chapter 7 of this work. The negligible cell disruption in the
absence of solid particles suggests that the dominant cell disruption mechanism in the slurry reactor is

interaction between the cells and solid particles.
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Figure 6.3. Soluble protein release as a function of time and solids loading on agitation with the
Rushton impeller. |
Impeller speed of 750 rpm, cell dry weight concentration of 52.8 kg m™. VF signifies the
sohds volume fraction. Closed symbols designate measured data, open symbols designate
data extrapolated using Equation 6.8.

The results presented in Figure 6.3 can be more readily interpreted by examination of the kinetic parameters,
R; and k, as a function of the solids volume fraction. The values of the kinetic parameters are presented in
Appendix G and are shown as a function of the solids volume fraction in Figure 6.4. Over the range of
-volume fractions investigated, the maximum extent of breakage in the slurry reactor (Ry/Ry) is constant with
“an average value of 79.1% at a 95% confidence interval of 0.3%. The first order disruption rate constant, k,
" increases in a power law fashion with the solids volume fraction (®). This power law relationship is
described by Equation 6.9 with a.correlation coefficient (R?) of 0.992 (Figure 6.4). The modelling of the

variation of k with solids volume fraction is discussed in detail in Chapter 7.

k =0.0202 ®'* v Equation 6.9
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cell disruption rate. In this study, the disruption rate of Saccharomyces cerevisiae at an agitation intensity-
of 750 rpm (impeller tip speed of 2.91 m s'f) was found to vary from 7.08 x 107 s at 5% (v/v) inert solids,
t0 4.05 x 10” s™ at 40% inert solids (v/v), in a power law fashion. The functional dependence of the cell
disruption rate constant on the solids concentration consequently differs in this work from that observed by
Croughan et al. (1988). This may be attributed to the low solids concentrations that these researchers used,
the different mechanisms of cell disruption in the two systems (discussed in detail in Section 7.5.2) or the

location of the cells relative to the solid particles.

The disruption kinetic parameters presented in this section were also compared to the results of Pearce
(1993), described in Section 2.2.3. Pearce (1993) investigated the effect of solids concentration on the
disruption of Saccharomyces cerevisiae over the range of 5 to 40% solids (v/v) at an impeller speed of 772
rpm (impeller tip speed of 2.18 m s7). At this impeller speed, the solid particles at each of the solids
volume fractions were completely suspended. Silica particles with a geometric mean particle diameter of
1245 pum were used, the cell dry weight concentration was 50 to 60 kg m™ and the stirred tank employed
was geometrically similar to the system used in this study. A 6-bladed Rushton turbine was used for the
disruptien experiments. The kinetic parameters of cell disruption obtained by Pearce (Figure 2.1) on fitting
a first order disruption expression to the data of soluble protein release as a function of time are compared

in Figure 6.5 to the kinetic parameters obtained in this work.
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Figure 6.5. Comparison of disruption kinetic parameters of Saccharomyces cerevisiae obtained
by Pearce (1993) and in this work as a function of the sblids vol_ume fractibn. |
Rushton turbine; Pearce: N = 772 rpm, d,, mean = 1245 um, ¢ = 50-60 kg m™; This study:

N = 750 rpm, dp, mean = 714 pm, ¢ = 52.8 kg m>. Solid lines represent the k values
predicted by Equation 2.1 (Pearce) and Equation 6.9 (this study).
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Despite the higher impeller speed used by Pearce (1993), the power input per unit volume was 36% higher
in this work (Pearce: P/V is 7430 W m™; This study: P/V is 10 079 W m™). For particles larger than 500 um
in diameter, particle diameter does not affect k (Figure 2.2). It was therefore anticipated that the k values
would be higher in this study. In agreement with this study, Pearce found a power law dependence of k on

solids volume fraction (Equation 2.1). The constants in this equation are similar to those in Equation 6.9.
k =0.0198 &> Equation 2.1

Pearce (1993) also found that the maximum extent of cell disruption (Ri/Ry) was constant over 5 to 40%
(v/v) solids concentration. An average Ri/Ry value of 96.4% with a 95% confidence interval of 2.9% was
reported whereas the average R/Ry value in this' work was found to be 79.1% with a 95% confidence
interval of 0.3%. This difference may be attributed to the larger bead diameter used by Pearce (1993)
(Figure 2.2).

6.4 The Effect of Agitation Intensity at a Constant Solids Loading
using the Rushton turbine

6.4.1 Experimental Conditions

In this set of experiments, the Rushton turbine was used and the solids loading was fixed at either 10% or
20% (v/v). At each of these solids concentrations, a series of experiments was performed over the impeller
speed range of 200 to 900 rpm (impeller tip speeds of 0.77 to 3.49 m s™'). This range of speeds straddles
the respective critical impeller speeds (Njs = 439 rpm for 10% solids, Nyjs = 461 rpm for 20% solids).
Increasing the impeller speed, below Njs, at a constant solids concentration results in an increase in the
degree of solids suspension and an increase in the particle momentum. These experiments thus directly
show the effect of incompletely (N<Ns) and completely (N=>N;s) suspended solids on cell disruption as a
function of the agitation intensity at solids volume fractions of 0.10 and 0.20.

6.4.2 Results

In Figures 6.6 and 6.7, curves of the soluble protein release are presented as a function of time at selected
impeller speeds at 0.10 and 0.20 solids volume fractions respectively. The data from all the experiments is
tabulated in Appendix G. Figure 6.6 and Figure 6.7 show that the soluble protein release curves tend to the

same maximum extent of cell disruption. This maximum in the extent of cell disruption is attained more



Chapter 6: The Effect of Completely and Incompletely Suspended Solids on Cell Distuption

85

quickly as the agitation intensity is increased and is attained more rapidly at 20% solids (v/v) than at 10%

solids (v/v).
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Figure 6.6.

Soluble protein release as a function of time and impeller speed on agitation with the

Rushton turbine at 10% solids (v/v).

Cell dry weight concentration of 52.8 kg m™. Closed symbols designate measured data,

open symbols designate data extrapolated using Equation 6.8.
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Figure 6.7.

Soluble protein release as a function of time and impeller speed on agitation with the

Rushton turbine at 20% solids (v/v).

Cell dry weight concentration of 52.8 kg m™. Closed syfnbols designate measured data,

open symbols designate data extrapolated using Equation 6.8.
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The kinetic parameters from all the disruption experiments performed in this set of experiments are
presented in Figure 6.8 as a function of the impeller speed at the two solids volume fractions. Figure 6.8
illustrates clearly that the maximum extent of cell disruption (R/Ry) is constant over the range of impeller

speeds of 200 to 900 rpm for the 10% and 20% solids (v/v) experiments. For the 10% solids experiments, '
the average value of R/Ry is 80% with a 95% confidence interval of 2%. For the 20% solids experiments,
the average value of R/Ry is 81% with a 95% confidence interval of 3%. The difference between these
Ri/Ry values is not significant within a 95% confidence interval, as determined from the statistical methods
present_ed in Miller and Freund (1985). In addition, within a 95% confidence interval, the difference
between these Ri/Ry values and those presented in Section 6.3.2 is not statistically significant. This shows
that irrespective of whether the yeast cells are agitated in the presence of incompletely or completely

suspended solids, the same maximum extent of cell disruption ultimately results.
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Figure 6.8. Cell disruption kinetic parameters as a function of impeller speed at 10% and 20%
solids loadings (v/v) on agitation with the Rushton turbine.
Cell dry weight concentration of 52.8 kg m™. k,, signifies the measured k values. Solid
lines indicate the predicted k values (kp), using a power law function for N<Nys (Equation
-6.10 for 10% solids, Equation 6.11 for 20% solids), aﬁd a linear function for N>Njg
(Equation 6.12 for 10% solids, Equation 6.13 for 20% solids). Bfoken lines indicate the

critical impeller speeds.

Figure 6.8 shows that the first order disruption rate constant, k, is a function of both the impeller speed and

the solids loading. As observed on comparison of Figure 6.6 and Figure 6.7, the rate constants are greater



Chapter 6: The Effect of Completely and Incompletely Suspended Solids on Cell Disruption 87

for the 20% solids concentration than for the 10% solids concentration over the impeller speed range. The
difference between them becomes more significant above the critical impeller speed. In addition, the
relationship between the rate constant and the impeller speed at 10% and 20% solids differs in relation to
the critical impeller speed (Njs). Below Njs, the rate constant exhibits a power law dependence on impeller
~speed, which is described by Equation 6.10 and Equation 6.11 for the 0.10 and 0.20 solids volume fractions
respectively. The respective correlation coefficients of the power law fits are 0.901 and 0.963. Above Nis,
the rate constant has a linear dependence on the impeller speed. This relationship is described by Equation
6.12 and Equation 6.13 for the 0.10 and 0.20 solids volume fractions with respective correlation
coefTicients of 0.991 and 0.997. The good agreement between the measured k values and those predicted
by Equations 6.10 to 6.13 is further shown in Figure 6.8. The power law dependence of the rate constant on
the impeller speed below N;s was anticipated owing to the increase in volume fraction of suspended solids
with increasing impeller speed (Figure 6.4). Above Nis, the volume fraction of suspended solids remains
constant. The dependence of the rate constant on the impeller speed and the solids volume fraction is

analysed in detail in Chapters 7 and 8.

k=263x 10" N*? Equation 6.10
k=8.16x 10" N*® Equation 6.11
k=4.07x10"N-8.1x10" Equation 6.12
k=129x10°N-2.1x 10" Equation 6.13

6.4.3 Discussion

As discussed in Section 2.2, the effect of agitation intensity on cell damage has been investigated at speeds
greater than the critical impeller speed in the minerals bio-oxidation and animal cell-microcarrier systems.
‘In the minerals bio-oxidation system, Hackl et al. (1989) found, in their pilot plant testwork, that an
impeller tip speed of 5.3 m s was detrimental to the thiobacilli. However, when the tip speed of the
'Rushton turbine was reduced to 3.3 m s™', normal leach rates were observed. Pearce (1993) studied the
growth of thiobacilli in the presence of 10% (w/v) or 2% (v/v) pyrite at the laboratory scale. A tip speed of
2.6 m s’ for a 6-bladed Rushton turbine was found to inhibit the cell growth, whereas an impeller tip speed
of 1.4 m s was not detrimental to the cells. In the laboratory scale animal cell-microcarrier system, low
agitation intensities of 0.1 to 0.2 m s™ were found to have no effect on the cell growth, even when the inert
solids concentration was increased to 2.9% (v/v) and the fluid viscosity was increased to 2.6 cp (Croughan
et al. 1988, 1989; Lakhotia and Papoutsakis 1992). However, at high agitation intensities of 0.3 to 0.6 ms™,

the apparent cell growth rate is reduced even at low microcarrier concentrations of 0.02% (v/v) (Croughan
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et al. 1989). The decrease in the cell growth rate is magnified as the inert solids concentration is increased
to 2.9% (v/v) (Croughan et al. 1988).

In contrast to the studies in minerals bio-oxidation and in animal cell-microcarrier systems, it can be seen
from Figure 6.8 that the entire range of agitation intensities above the critical impeller speed (1.70 to

3.49 m s for 10% (v/v) solids; 1.79 to 3.49 m s™ for 20% (v/v) solids) gives rise to significant disruption
of the Saccharomyces cerevisiae. This may be attributed to the higher solids concentrations used in this
work, corresponding to higher critical impeller speeds. A higher range of agitation intensities were thus
used in this study compared to the work on animal cell-microcarrier systems or the work of Pearce (1993).
In agreement with the study of Croughan et al. (1988), the disruption of the Saccharomyces cerevisiae at

these agitation intensities is magnified as the solids concentration is increased.

The cell disruption observed in this set of disruption expeériments was also compared to the results of Pearce
(1993), where the disruption of Saccharomyces cerevisiae was investigated over the range of 150 to 1090
rpm (impeller tip speeds of 0.42 to 3.08 m/s), using a slurry reactor. This range of impeller speeds
straddled the critical impeller speed of 685 rpm. In these disruption experiments, silica particles with a
geometric mean particle diameter of 1245 um at a solids volume fraction of 0.20 were employed. The cell
concentration was 50 to 60 kg dry weight m>. The kinetic parameters obtained by Pearce (1993) were
presented in Figure 2.3. However, the data of Pearce was collected over a 2 hour period of agitation, with
the result that the maximum extent of cell disruption was only attained for the disruption experiments
performed at 772 and 1090 rpm. The kinetic parameters shown in Figure 2.3 are the maximum extent of
cell disruption (Ri/Ry), calculated using the soluble protein release over 2 hours, and the first order
disruption rate constant (k), calculated from Equation 6.8 using Ry instead of R;. To enable the direct
comparison of the results of Pearce with the results of this study, the values of R; and k, using both R; and
Ry in Equation 6.8, were recalculated from the data of Pearce. The method presented in Appendix G was

used in the calculation of these kinetic parameters. The resultant values are summarised in Figure 6.9.

Figure 6.9 shows that there is a large amount of scatter in the values of k(R;) and the corresponding R/Ry
values below 350 rpm. It was shown in Section 6.2.2 that if the disruption data under mild conditions was
collected over 2 hours and fitted with a first order expression, erroneous values of the kinetic parameters
were obtained. The values of the maximum extent of disruption and the k(R;) values, summarised in Figure

6.9, are consequently not reliable.
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6.5 The Effect of Agitation Intensity at a Constant Solids Loading
using the Pitched-blade turbine

6.5.1 Experimental Conditions

The effect of incompletely (N<Njs) and completely (NZN;S) suspended solids on cell disruption was also
investigated as a function of agitation intensity using the pitched-blade turbine. A solids volume fraction of
0.20 was used for these disruption experiments and the agitation intensity was varied over the range of 440
to 900 rpm (impeller tip speeds of 1.70 to 3.49 m s™), straddling the critical impeller speed of 662 rpm.
These disruption experiments were performed to establish whether the impeller flow pattern would alter the
functional dependence of the kinetic parameters on the agitation intensity in the incompletely and

completely suspended solids regimes.

6.5.2 Results

The kinetic parameters, obtained for the pitched-blade turbine at 20% solids (v/v), are plotted as a function
of the impeller speed in Figure 6.10. For ease of comparison, the kinetic parameters obtained from the
Rushton turbine at 20% solids (v/v) (Figure 6.8) are‘ also plotted in Figure 6.10. Direct comparison of the
cell disruption resulting from agitation witH the Rushton turbine and the pitched-blade turbine is not
possible since a physiological change in the yeast cells, obtained from Anchor Yeast (Epping, Cape Town),
was observed for the disruption experiments performed with the pitched-blade turbine compared to the
yeast used for the Rushton turbine experiments. The reduced resilience of the physiologically changed yeast
resulted in larger k values compared to the initial yeast batches. However, the maximum extent of
disruption observed using the physiologically changed yeast was the same as that of the initial batches
(Section 6.2.3).

Figure 6.10 shows that the maximum extent of cell disruption (Ri/Ry) for the pitched-blade turbine is
constant across the critical impeller speed and that it is, on average, 87% with a 95% confidence interval of
4%. Hence, as with the Rushton turbine, the cells ultimately tend to the same maximum extent of cell
disruption, irrespective of whether the solid particles are incompletely or completely suspended. In Section
6.4, it was shown that, over the impeller speed range of 200 to 900 rpm at 20% solids (v/v).and using the
Rushton turbine, the maximum extent of cell disruption is constant at 81% + 3% (at a 95% confidence
interval). The difference between the Ri/Ry values for the Rushton and pitched-blade turbines is not
significant within a 99% confidence interval, indicating that the same maximum extent of cell disruption

occurs in the slurry reactor, irrespective of the flow pattern.
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Figure 6.10. Comparison of the cell disruption kinetic parameters for the pitched-blade turbine

(PTD) and Rushton turbine (DT) as a function of impeller speed at 20% solids
volume fraction.

Cell dry weight concentration of 52.8 kg m™. Solid lines indicate the predicted k values,
using a power law function for N<N,s (Equation 6.11 for the DT, Equation 6.14 for the
PTD), and a linear function for N>Njs (Equation 6.13 for the DT, Equation 6.15 for the |

PTD). Broken lines indicate the critical impeller speeds. .

Figure 6.10 further shows that the first order disruptidn rate constants (k) of the pitched-blade turbine
exhibit a power law dependence on the impeller speed, below the critical impeller speed (Njs). This
relationship is described by Equation 6.14 with a correlation coefficient of 0.982. Above Ny, the first order
disruption rate constants exhibit a linear dependence on the impeller speed, which is described by Equation
6.15 with a correlation coefficient of 0.825. Although the linear expression does not describe the k values’
of the pitched-blade turbine, at speeds above the critical impeller speed, as accurately as the k values of the
Rushton turbine (Equation 6.13, R?=0.997), it appears that the functional dependence of k on the impeller
speed is similar for the Rushton and pitched-blade turbines in the regions of incomplete and complete solids

suspension.

k=1.40x 10" N*72 Equation 6.14
k=10x10°N-2.1x10* ' . Equation 6.15
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6.5.3 Discussion

Since disruption experiments performed with the physiologically changed yeast resulted in increased first
order disruption rate constants compared to the original yeast batches used, the k values of the Rushton
turbine in Figure 6.10 would be larger if all the disruption experiments were repeated using the
physiologically changed yeast. It is thus evident that, at a given impeller speed below or above the critical
impeller speed, the rate of cell disruption is less for the pitched-blade turbine than for the Rushton turbine.
The observations in this study confirm the findings of Hackl ef al. (1989) and Pearce (1993), which were
made at a single impeller speed of 5.3 m s” and 2.6 m s™ respectively, in the minerals bio-oxidation system.
As described in Section 2.2.1, pitched-blade turbines have a higher pumping capacity than Rushton turbines
and for a given impeller speed, require less power and produce a lower turbulence intensity (Chapman et al.
1983, Hackl ez al. 1989). The lower k values for the pitched-blade turbine, at a given impeller speed, can

be attributed to this lower power input.

6.6 Conclusions

In determining the effect of completely and incompletely suspended solids on the disruption of
Saccharomyces cerevisiae in a slurry reactor, cell disruption was monitored in terms of the soluble protein
release as a function of time. This profile is described well by a first order disruption expression with
kinetic parameters, R; (representing the maximum soluble protein release under the operating conditions)
and k (representing the rate of cell disruption). A distinction needs to be made between R; and Ry, the
maximum soluble protein available for release, determined by disrupting the cells in a French Press.
Normalisation of the R; values with respect to Ry, allowed the disruption results from different yeast

batches to be compared. This ratio (Ri/Ry) was defined as the maximum extent of cell disruption.

The importance of ensuring that R; reached its maximum value in the cell disruption experiments before
fitting the first order expression to the disruption data was highlighted in this chapter. Inaccurate kinetic
parameters are obtained if the experiments are not run for a sufficiently long period of time, especially at
low agitation rates and low solids loadings. The validity of using different batches of yeast from Anchor
Yeast for the disruption experiments in this work was shown by the good reproducibilty of the kinetic

parameters from replicate experiments.

Negligible cell disruption occurred in the slurry reactor in the absence of solid particles over a 10 hour
period. However, significant cell disruption was observed over a solids concentration range of 5% to 40%

solids (v/v). This suggests that the dominant cell disruption mechanism in the slurry reactor is interaction
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between the cells and solid particles. In the presence of solid particles, a constant maximum extent of cell
breakage (81% = 1%5 occurred at equilibrium conditions on agitation with either the Rushton or pitched-
blade turbine at all the hydrodynamic conditions investigated. This study therefore shows that, irrespective
of whether the solid particles are incompletely or completely suspended, the cells ultimately tend to the

same maximum extent of cell disruption in the slurry reactor.

Disruption experiments performed in the completely suspended solids regime using the Rushton turbine
over the solids concentration range of 5% to 40% (v/v) and a constant impeller speed of 750 rpm (impeller
tip speed of 2.91 m s') showed that the first order disruption rate constant (k) exhibits a power law
dependence on the solids volume fraction. However, at a constant solids concentration and over the
agitation intensity range of 200 to 900 rpm (impeller tip speeds of 0.77 to 3.49 m s, using the Rushton or
pitched-blade turbine, the functional dependence of k on the impeller speed differs in relation to the critical
impeller speed. Increasing the agitation intensity' in these disruption experiments increased the particle
momentum and, below the critical impeller speed, increased the degree of solids suspension. At impeller
speeds below the critical impeller speed, k exhibits a power law dependence on the impeller speed in
accordance with the increase in volume fraction of suspended solids. At impeller speeds above the critical
impeller speed, k has a linear dependence on impeller speed. Above the critical impeller speed, the volume
fraction of suspended solids is constant and only the effect of agitation intensity on cell disruption is
observed. These disruption results were compared to the cell damage observed in the minerals bio-
oxidation and the animal cell-microcarrier systems, and to the disruption of Saccharomyces cerevisiae

observed by Pearce (1993) using a slurry reactor.

Comparison of the first order disruption rate constants of the Rushton turbine and pitched-blade turbine
-revealed that for a given impeller speed, below or above the critical impeller speed, cell disruption is less
for the pitched-blade turbine. This was attributed to the lower power input of this impeller at a given

_ impeller speed.
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are Completely Suspended

7.1 Introduction

In Section 6.4, it was shown that the functional dependence of the first order disruption rate constant on the
impeller speed differed in relation to the cﬁtical impelier speed. In modelling the cell disruption in the
slurry reactor, the regions of complete and incomplete solids éuspension were thus considered separately.
This chapter concerns the modeliing of the first order disruption rate constants in terms of the solids volume

fraction (@) and the impeller speed (N) in the region of complete solids suspension.

Modelling of the cell disruption in the slurry reactor is required to predict cell disruption under particular
operating conditions. A number of models have been proposed to describe cell damage and disruption in
systems where the solids are completely suspended. These models are presented either in terms of the
physical parameters of the system (Reuss 1988, Lilly et al. 1992, Pearce 1993) or in terms of the
mechanisms of cell damage (Croughan ez al. 1987, 1988, 1989; Cherry and Papoutsakis 1988, Lakhotia and
Papoutsakis 1992). Mechanistic models have the advantage that they allow the significance of the different
mechanisms of cell damage and disruption to be elucidated. In this chapter, the physical parameter models
and mechanistic models are reviewed and are applied to the cell disruption data generated in this work on
agitation with the Rushton turbine. Three new models are then presented Whjch describe the cell disruption
with the Rushton turbine. These new models are validated by applying them to the cell distuption data for

the pitched-blade turbine and to cell damage in animal cell-microcarrier systems.

7.2 __Physical Parameter Models presented in the Literature

Physical parameters with which cell damage and disruption have been modelled include the solids loading,
the agitation intensity, the solids particle size and the energy or power input into the system (Reuss 1988,
Lilly er al. 1992, Pearce 1993). The physical parameter models are reviewed in this section in two
categories, using single physical parameters and dimensionless groupings of the physical parameters

respectively.
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7.2.1 Correlations with the System Parameters

The correlation of the first order disruption rate constant of Saccharomyces cerevisiae with the system
parameters was invéstigated by Pearce (1993). As discussed in Section 2.2.3, Pearce studied the disruption
of freely suspended Saccharomyces cerevisiae agitated with a 6-bladed Rushton turbine in a slurry reactor,
which was geometrically similar to the reactor system used in this study. Pearce (1993) investigated the use
of mathematical expressions. such as the power law function, the logistic furiction and the logarithmic model
to correlate the first order disruption rate constant with the solids volume fraction, impeller speed and solids

particle size.

The power law expression, represented by Equation 2.1, described the dependence of the first order
disruption rate constant (k) on the solids volume fraction (@) over the range of 0.00 to 0.40 at a constant
impeller speed of 772 rpm (impeller tip speed of 2.2 m s™) and a geometric mean particle diameter of 1245
um (Pearce 1993). The correlation coefficient (R?) of this expression was 0.999. The exponent of @ in
Equation 2.1 is close to 2 which suggests the importahce of solid-cell-solid collisions (¢ ®°) as a cell

disruption mechanism in the slurry reactor (Abrahamson 1975).
k=00198 ®** Equation 2.1

Pearce (1993) evaluated the use of a power law and a logistic expression to model the dependence of k on
the agitation intensity (N) over the range of 150 to 1090 rpm (impeller tip speeds of 0.4 to 3.1 m s™). This
impeller speed range straddles the critical impeller speed of 685 rpm. A constant volume fraction of 0.20 of
silica particles with a geometric mean particle diameter of 1245 pum was used. The data was described by
the logistic and power law expressions in Equations 7.1 and 2.2 respectively with respective correlation
coefficients of 0.923 and 0.953. Both expressions describe the disruption rate constants well at low
impeller speeds and provide poor fits to the data at speeds greater than the estimated critical impeller speed.
This highlights the need to model separately the cell disruption in the regions of complete and incomplete

solids suspension.

-k
Kn(mj =0.0061N 36135 Equation 7.1

ax

k=1278x10"° N'% Equation 2.2
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Correlation of the first order disruption rate constant (k) with the diameter (d,) of the inert solid particles
was also investigated by Pearce (1993). The geometric mean diameter of the silica particles was varied
between 114 and 1245 ym at 20% solids (v/v) and an impeller speed of 772 rpm. The applicability of a
logarithmic and a logistic equation to this disruption data was examined (Equations 7.2 and 7.3
respectively). Respective correlation coefficients of 0.945 and 0.852 were obtained, indicating satisfactory

fits to the experimental data.

k= —-000117+246x10 tn(d, ) - Equation 7.2

k -
fn(m] =0.0061d , -2.011 Equation 7.3

Pearce (1993) further considered correlation between the disruption rate constant and the impeller power
input, and correlation between the extent of cell disruption (R/Ry) and the energy input. These relationships
are represented in Figures 7.1 and 7.2. Although a general increase in the cell disruption rate and extent
with power and energy input respectively were observed, the exact mathematical form of these relationships

was not ascertained.

In addition to the work of Pearce (1993), changes in the relative metabolic activity and integrity of plant,
insect and amimal cells have been related to the total energy dissipation per unit volume by Duniop and
Namdev (1993). However, since the maximum energy dissipation rate per unit fluid mass in a stirred tank
~occurs in the impeller discharge zone and is between 5 and 30 times the average energy dissipation rate per
unit fluid mass (Okamoto et al. 1981, Costes and Couderc 1988, Zhang and Thomas 1993), the majority of
cell damage and disruption occurs in the impellef region. Reuss (1988) therefore only considered the
impeller region and correlated the first order disruption rate constant of a solid-free suspension of
Tetrahymena pyriformis and the extent of disrupﬁon (R/Ry) of Saccharomyces cerevisiae in a bead mill
with the energy input per pass through the impeller zone per unit volume of the vessel (P t/V). The
correlation applied, irrespective of the geometric configuration of the system. The form of this relationship
was the same as that observed by Pearce (1993) (Figure 7.2). Lilly et al. (1992) successfully correlated the
penicillin production rate and the mean main hyphal length of Penicillium chrysogenum, during the
penicillin production phase, with a term accounting for the power dissipation in the impeller region (P/D%)

and the frequency with which the mycelia passed through this zone of high shear (1/t,).
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The applicability of the above models to the ﬁrst.order disruption rate constants (k) obtained in this study
was investigated. As discussed in Section 6.3, a power law expression (Equation 6.9), wfth a correlation
coefficient of 0.992, was fitted to the disruption experiments performed over the solids volume fraction
range of 0.00 to 0.40 at a constant impeller speed of 750 rpm: |

k =0.0202 d'* Equation 6.9

As with Equatidn 2.1 (Pearce 1993), the exponent of @ in Equation 6:9 is close to 2, highlighting the
importance of solid-cell-solid collisions in the cell disruption mechanism (Abrahamson 1975). This

expression, however, does not account for any variation in agitation intensity.

A power law expression, of the form of Equation 7.4, was used to model the relationship between the first
order disruption rate constants obtained in this study and the agitation intensity at impeller speeds above the
crtical impeller speed. Data from the disruption experiments performed at a constant solids concentration
of 10% or 20% (v/v) were used (Section 6.4). Table 7.1 shows that a power law expression describes the k
values at constant solids concentrations well. As expected, it provides a poor description when all the data
is regressed together since it does not account for variations in the solids concentration. It is thus clear that
both impeller speed and solids concentration need to be accounted for in modelling the cell disruption.
kK = ANP Equation 7.4
Table 7.1. Constants and correlation coefficients of power law expression (Equation 7.4) applied

to k values from agitation intensity experiments

Data Set A _ b R?

10 % Data 2.65x 108 1.36 0.990
20 % Data 1.09x 107 1.34 0.999
10 % and 20 % Data | 3.95 x 10 1.76 0337

Hence an expression of the form of Equation 7.5 was applied to the data obtained at 10% and 20% solids

(v/v). The exponent of ® was obtained from Equation 6.9.

k = AN’ 2 Equation 7.5
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Using the cell disruption data at agitation intensities greater than the critical impeller speed, values of

2.77 x 10° and 1.32'f0r A and b respectively were found by minimising the sum of the squares of the
difference between the experimental and the predicted values (Appendix H). Equation 7.5 describes the cell
disruption data with a coefficient of variance (Equation 4.6) of 6.1%. The close agreement between the
predicted and measured disruption rate constants is further seen in the parity chart in Figure 7.3. However,
the exponent over @ in Equation 7.5 strictly applies at a constant impeller speed of 750 rpm. In Section
7.4.1, Equation 7.5 is extended to apply to the range of impeller speeds and solids concentrations used in

the fully suspended solids regime of this work.
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Figurg 7.3. - Parity chart comparihg predictions of k from Equation 7.5 and experimental k values

The solid line represents perfect correlation between the model and the data.

To regress the first order disruption rate éonstants from the agitation intensity experiments (Section 6.4)
with the parameter of Reuss (1988), P t,/V, the circulation time, t,, was estimated from Reed et al. (1977).
For a 6-bladed Rushton turbine in a fully baffled, cylindrical vessel:

il

vV/iQ : Equation 7.6
V/(0.75 N D% '

Figure 7.4 shows the correlation of the first order disruption rate constants, measured above the critical

impeller speed, with the parameter of Reuss (1988). Although an increase in k was observed with P t/V,
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two distinct lines were obtained: one for the 0.10 volume fraction data and one for the 0.20 volume fraction
data. This was attributed to the solids concentration not being accounted for in the expression of Reuss
(1988). The parameter of Reuss was thus altered to account for the effect of solids concentration and the k
values were correlated with the resultant expression, Pt.®'*?/ V. A single curve was obtained for both the
0.10 and 0.20 volume fraction data. Using a Least Squares analysis (Appendix H), the relationship,
represented in Equation 7.7, was established between k and Pt.®'* / V with a coefficient of variance of

9.9%. The relatively good agreement between the predicted and measured k values is shown in Figure 7.5.
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Figure 7.4. Correlation of k with the parameter of Reuss (1988), P t./ V.
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. 0.83
k=854x10"° Pi, @7
. |14 Equation 7.7

Based on the work of Lilly e al. (1992), the term, P/(D’t,), was used to correlate the first order disruption
rate constants obtained in this work at speeds greater than the critical impeller speed (Figure 7.6). The

separate curves obtained for the k values at 10% and 20% solids (v/v) suggested that the effect of the solids |
volume fraction on cell disruption (®'°%) needed to be accounted for in the parameter, P/(D’t;). Figure 7.7
shows the relationship between the k values and P®'%%/(D’ t.). Separate curves are obtained for the 0.10
and 0.20 volume fraction data, although the curves lie closer together than in the correlation of k with
P/(D’t,). Correlation of the first order disruption rate constants in this study with the rate of power
dissipation in the impeller region (P/(D’ t.)) is thus not successful, even when accounting for the effect of

solids concentration (d'*?) on the cell disruption.
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7.2.2. Correlations with Dimensionless Groupings of the System Parameters

The second category of physical parameter models involves the correlation of the cell damage or disruption
with dimensionless groupings of the physical parameters. The correlation of the first order disruption rate
constant (k) with the impeller Reynolds number (Ngg) and the power number (N,) was investigated by
Pearce (1993), studying the disruption of Saccharomyces cerevisiae in a slurry reactor. The relationship
between the first order disruption rate constant and the impeller Reynolds number at a solids volume
fraction of 0.20 is shown in Figure 7.8, for varying agitation intensity (straddling the critical impeller
speed), solid particle density and biomass concentration. The solid line in Figure 7.8 represents the linear
expression (Equation 7.8), fitted to the data of Pearce (1993) by a Least Squares analysis. A correlation
coefficient of 0.659 was obtained, indicating that the linear expression provides a relatively poor description

of the relationship between k and the impelier Reynolds number (Ngg) over the widely varying conditions.
k=192x10° Ngg + 6.12 x 10 7 Equation 7.8
Figure 7.9 shows the relationship observed by Pearce (1993) between the first order disruption rate

constants and the power number. No trend was observed in the k values on variation of the power number

over the widely varying conditions.
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k (1/s)

Impelier Reynolds Number

30000 80000 130000 180000 230000 280000 330000

i

. m\-/arying impelier éﬁeed i
O Varying solids density '
A Varying biomass conc.z'_
Equation 7.8

Reynolds number (Pearce 1993).
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Relationship between the disruption rate constant of S.cerevisiae and the impeller

Solids volume fraction = 20%. Impeller speed, solids density and biomass concentration

were varied in the ranges 150 to 1090 rpm (impeller tip speeds of 0.42 to 3.08 m s™), 1600
to 4500 kg m™, and 20 to 130 kg m™ respectively. |
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number (Pearce 1993);

Relationship between the disruption rate constant of S.cerevisize and the power .

Solids volume fraction = 20%. Legends indicate the parameter that was varied in each set

of disruption experiments.
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disruption experiments above the critical impeller speed at constant solids density and biomass

concentration, as discussed previously.

k=-1.0x 10* Np+ 6.0 x 10® Equation 7.11
k=-23x10*Np+1.7x10° Equation 7.12
B |
t 0.001 5
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Power Number : o k20% Experimental!
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Figure 7.11  Relationship between the disruption rate constant of S.cerevisiaze and the power _
number.
Solid lines represent Equation 7.11 (10% solids (v/v) data) and Equation 7.12 (20% solids
(v/v) data). | '

Correlation of the k values with the impeller Reynolds number and the power number does not account for
the effect of solids concentration on cell disruption, illustrated by separate curves for the 0.10 and 0.20
volume fraction data in Figures 7.10 and 7.11.. To account for the effect of solids concentration, the term,
®'2, was included in the correlation parameters (Section 7.2.1). Correlation of k with Ngg @' yielded a
single curve. Using a Least Squares analysis, the relationship represented by Equation 7.13 was established

1.92

between k and Ngg @ °° with a coefficient of variance of 10.3%. The good agreement between the

experimental and predicted disruption rate constants can be seen in Figure 7.12.

k =5.65 x 107 (Ngg @ 92)°% | Equation 7.13
=5.65x 107 (N D? p @2/ )%
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Figure 7.12. Parity chart comparing predictions of k from Equation 7.13 and experimental k

values.

The correlation of k with Np®'*? can be seen in Fighre 7.13. Despite the use of the ®'** term in the
correlation parameter, di)“”, separate curves were obtained for the 0.10 and 0.20 volume fraction data.
The power number is thus not a suitable correlation parameter for the cell disruption observed in the slurry

reactor.

0.001 >
0.0009 |
0.0008 |
0.0007 {
0.0006 |
0.0005 |
0.0004 | ' o of [0k20%Datal
0.0003 |
0.0002 1 .

0.0001 | o« * &

[ k, 10% Data

k (1/s)

¢

0 0.05 0.1 0.15 0.2 0.25
N, (phi)'®

Figure 7.13.  Correlation of k with Np @'



Chapter 7: Modelling Cell Disruption when the Solids are Completely Suspended 107

7.2.3 Conclusions drawn from Physical Parameter Models

In Section 7.2, it has been shown that the existing physical parameter models are generally simplistic and
inadequate in their description of the first order disruption rate constants (k) in this work, since they do not
account for the effect of both the solids concentration and the agitation intensity on the cell disruption. It
was found that the term, ®'*, accounted for the effect of solids concentration on k, suggesting that solid-
cell-solid collisions are important in the cell disruption mechanism in the slurry reactor (Hinze 1971,
Abrahamson 1975). Physical parameter models that were modified to include the term, ®'*?, and that
included either the impeller speed (Equation 7.5, Equation 7.13: Npg = N D? p/u) or the energy input per
unit volume (Equation 7.7), described the first order disruption rate constants well. The first order
disruption rate constants could not be correlated with the rate of power input per unit volume (Figure 7.7) or

the power number (Figure 7.13), even on inclusion of the term, ®'“2, in the correlation.

7.3 _Mechanistic Models presented in the Literature

In mechanistic modelling of cell damage or disruption, the potential mechanisms of the damage or
disruption are related to measurable operating parameters of the system. The terms of the model have
meaning and thus contribute further to the understanding of the system. As discussed in Section 6.3, a
number of mechanisms are potenﬁally responsible for the damage to cells in bioreactors: interactions
between the cells and fluid eddies, interactions between the cells and solid particles, interactions between the
cells and bubbles, and interactions between the cells and the reactor components. Cell damage in animal
cell-microcarrier cultures has been related successfully to these mechanisms (Croughan ef al. 1987, 1988,
1989; Cherry and Papoutsakis 1988). 1In this section, the mechanistic models developed to describe the
damage to animal cell-microcarrier cultures are reviewed and applied to the cell disruption observed in the

slurry reactor on agitation with the Rushton turbine.

7.3.1 Interactions between the Cells and Fluid Eddies

Interactions between cells and fluid eddies in the turbulent flow field in bioreactors can result from both
time-fluctuating and time-average velocity components. Strong hydrodynamic forces, damaging to cells,
can be created if the fluctuating velocity components change rapidly with time or posiﬁbn. Changes in the
time-average velocity components over small intervals in position can also give rise to strong shear stresses
which damage the cells (Croughan ef a/. 1987). The cell damage from interactions with fluid eddies is

reviewed in terms of these time-fluctuating and time-average velocity components.
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7.3.1.1 Damage to Cells from Fluctuating Velocity Components

In the turbulent flow field in a bioreactor, short-term hydrodynamic forces arise through the motion of
turbulent eddies. The turbulent flow field consists of a range of eddy sizes. These eddy size ranges are |
shown in the energy spectrum of isotropic turbulent flow in Figure 7.14. Hydrodynamic energy is
transferred from large energy-containing eddies, generated behind the impeller blades in a stirred tank, to
eddies gradually decreasing in size and energy content. At sufficiently high Reynolds numbers, there is a
range of small eddies that is completely independent of external conditions and is determined only by the
amount of energy input into the system and the viscous dissipation. This range of eddies is termed the
universal equilibrium range. Viscous effects in these eddies become strong when the eddy Réynolds
number (Nggcady) becomes less than unity. The eddy size at which the Nggeqqy is unity is termed the
Kolmogorov microscale (Kolmogorov 1941, Hinze 1975). The size and velocity of this microscale were

defined in a model proposed by Kolmogorov (1941):

Length of Kolmogorov microscale =

33 0.25
14
= (—-] Equation 7.14
g
Velocity of Kolmogorov microscale = v
= . (8 V)o.zs Equation 7.15

where: € turbulent power dissipation per mass of liquid (W / kg)

v = kinematic viscosity of the medium (m® / s)

Eddies smaller than the Kolmogorov microscale belong in the viscous dissipation subrange, where the
kinetic energy of the fluid is dissipated as heat. Eddies larger than the Kolmogorov microscale, but still
belonging to the universal equilibrium range, are termed the inertial convection subrange. The nomenclature
of these subranges is in accordance with the predominating forces (van Suijdam and Metz 1981, Kawase
and Moo-Young 1990). '
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Figure 7.14. Energy spectrum of isotropic turbulent flow, showing the eddy size ranges (van
Suijdam and Metz 1981).

E(k,t) denotes the energy of the eddies as a function of the time (t) and the wavenumber (k).

. The size of the eddies is inversely proportional to the wavenumber. & denotes the turbulent

power dissipation per mass of Iiduid (W /kg).

The size of the fluid eddies is of significance to cell damage. Eddies larger than suspended cells or solids,
to which cells are attached, tend to entrain the cells or the solids, rotating and translating them in a manner
that reduces the net forces on their surface. Eddies smaller than the suspended cells or the solids are
dissipated on the surface of the suspended or immobilised cells, and are thus more likely to damage the

individual cells (Croughan et al. 1987, Jobses et al. 1991).

Experimental data on the damage to immobilised animal cells can be analysed by comparing the
microcarrier size to the Kolmogorov eddy length (Papoutsakis 1991). However, this analysis is valid only if
certain conditions apply. The first condition is that the eddies exist in a state of iso&opic, statistical
eqhilibrium. Although the energy-containing eddies and the overall turbulence in a stirred tank is
anisotropic and nonhomogeneous, at hig,ﬁ bulk Reynolds numbers, the terminal eddies at the Kolmogorov
scale can be considered isotropic at the local level (Kawase and Moo-Young 1990). This first condition is
thus met for the Kolmogorov eddies if the bulk Reynolds number is large and the eddies in the viscous

dissipation regime are much smaller than the energy-containing eddies. In typical animal cell-microcarrier
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cultures, the eddies in the viscous dissipation regime are over an order of magnitude smaller than the
energy-containing eddies (Croughan et al. 1987). The Kolmogorov eddy size and velocity estimations also
assume that there is no disturbance of the .small scale turbulence structure by the particles. This .is
questionable if the beads are rﬁuch larger and more massive than the smallest turbulence (Cherry and |
Papoutsakis 1988). The microcarriers used in animal cell cultures are neutrally buoyant and are of a
comparable size to the Kolmogorov eddy length (Croughan et al. 1987). The conditions for application of

the Kolmogorov theory are thus met in animal cell-microcarrier cultures.

Damage to immobilised animal cells, in terms of the specific cell death rate, the relative specific growth
rate, the relative growth extent of the cells and the maximum attached cell concentration, has been
successfully correlated with the Kolmogorov eddy length (Sinskey ef al. 1981, Hu 1983, Croughan ef al.
1989). In the cases where this correlation has been applied, the concentration of microcarriers was low,
typically in the range of 0.02 to 0.29 % (v/v) (Croughan et al. 1987, 1989). At these conditions,
interactions between the cells and fluid eddies predominate as the damage mechanism. As an example of
this correlation, the relative growth extent of FS-4 cells immobilised on microcarriers is shown as a function
of the Kolmogorov eddy length scale in Figure 7.15 (Croughan e al. 1987). Figure 7.15 shows that
.d.amage to cells from interactions with fluid eddies occurs at a Kolmogorov length scale below 130 pm,
approximately 70% of the average microcarrier diameter of 185 um. This substantiates the theory that only
eddies smaller thah the microcarrier diameter are damaging to the individual cells (Croughan et al. 1987)..

The correlation appears to apply, regardless of the system geometry.

Croughan et al. (1987) consequently developed the following model:

1Y’ |
q= kl(;j . Equation 7.16

cell death rate (hr'')
constant (m® hr')

where: q

]

This equation only applies to turbulent eddies smaller than a critical size. Croughan ef al. (1987) found a

value of a of approximately 3 for attached FS-4 cells which had been damaged as a result of interactions
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between the cells and fluid eddies. The exponent of 3 for the inverse of the Kolmogorov eddy length in
Equation 7.16 implies that the cell death rates are proportional to the eddy concentration. Vessel geometry

did not appear to have a strong effect on the value of k;.
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Figure 7.15  Relative growth extent of FS-4 cells on microcarriers as a function of the Kolmegorov
eddy length scale, calculated from the data of Hu (1983) (Croughan er al. 1987).

Damage to cultures of freely suspended animal cells under typical bioreactor conditions in the absence of
_solid particles appears to be negligible. The unattached cells.of 10-15 pm are considerably smaller than the
Kolmogorov microscale of turbulence. | They are consequently entrained by the turbulent eddies and exist
within an environment characterised as laminar shear (Kunas and Papoutsakis 1990, Cherry and Kwon

1990).

| The impeller Reynolds numbers at the c.ritical. impeller speeds at 10% and 20% solids (v/v) were calculated
as 17 294 and 13 620 respectively. Since these impeller Reynolds numbers are greater than 10 000, the
disruption experiments performed at speeds above the critical impeller speed in this study were in the
turbulent regime (Rushton et al. 1950). ‘Correlation of the disruption of the Sdccharomyces cerevisiae in
the slurry reactor with the Kolmogorov length scale, as defined by Equation 7.14, is not valid at the
conditions used in this work (solid particle diameter of 600 to 850 um, solid particle density of 2664 kgm™,
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solids concentration of 5 to 40% (v/v)) since at these conditions, the particles modify the fluid turbulence

structure.

The effect of solid particles on fluid turbulence has been rigorously reviewed by Caulet et al. (1996). They
point out that below a solids volume fraction of 2%, the effect of solid particles on the fluid turbulence
structure is negligible. At solids concentrations between 2% and 10% (v/v), the particles create small-scale
turbulence owing to the wakes induced by their relative velocity in the fluid. This increase in the fluid
turbulence at high wave numbers is accompanied by an increase in the viscous dissipation rate of the
turbulent energy and an increase in the rate of energy transfer by fluid-fluid interactions from the large-scale
eddies. The presence of particles in the turbulent flow field thus revises the energy cascade process (Figure
7.14) and results in a reduction in the Kolmogorov eddy size. Gore and Crowe (1989) observed this
enhancement of the fluid turbulent energy in pipe and jet flows only when the ratio of the particle diameter
to the length of the energy-containing eddies was greater than 0.1. Hetsroni (1989) defined a particle
Reynolds number of 400 as the lower limit for the increase in turbulence in pipe and jet flows on the
addition of solid particles. Elghobashi and Truesdell (1993) contested the importance of these characteristic
parameters since their simulation of a decaying homogeneous isotropic turbulence showed that even

particles smaller than the Kolmogorov microscale augmented the turbulence energy at high wave numbers.

At solids volume fractions greater than 20 to 30%, the mechanism controlling the flow in solid-liquid
systems changes from that of fluid-particle interactions to particle-particle interactions (Caulet er al. 1996,
Crowe et al. 1996). As a result, viscous effects dominate the flow and the effect of the particles on the
turbulent structure differs from that discussed in the preceding paragraph. The increase in the apparent
viscosity of the suspension at high solids concentrations decreases the particle response time, with the result
that the particles are better able to follow the fluid motions. This decrease in the particle relative velocity
reduces the formation of the small-scale turbulent eddies. As a result and since the kinetic energy is
primarily dissipated into heat in highly loaded suspensions, there is a reduction in the energy transfer in the

energy cascade, and the Kolmogorov eddies are of a larger scale than those predicted by Equation 7.14.

Nouri et al. (1987) measured the mean and fluctuating velocities of particles in a descending solid-liquid
turbulent flow in a vertical pipe. They used acrylic particles with a diameter of 270 pum at solids volume
fractions of 0.1 to 14%. The ratio of the particle density to the fluid density was 1.32. Nouri et al. found
that increasing the solids concentration resulted in the overall changes of the mean flow being reduced by
the inertia of the particles. A flattening of the mean velocity profiles was observed at increased solids

concentrations and the size of the recirculation zone, downstream of an axisymmetric baffle in the pipe, was
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reduced by 24% at 8% solids (v/v). The fluctuating velocities of the particles were reduced to 35 to 90% of
the fluctuations of single phase flow in the baffled pipe at solids concentrations of 3 to 8%. The study of
Nouri et al. (1987) shows that although the turbulence is reduced at a solids concentration of 10%, the
small-scale motions of the particles are still significant. A solids volume fraction of 10% can thus
reasonably be considered to be in the transition zone between the regimes where fluid-particle and particle-

particle interactions dominate the flow (Caulet ef al. 1996).

The majority of the cell disruption experiments in this work were performed at solids concentrations of 10%
and 20% (v/v). These experiments are thus in the transition regime, with viscous effects being significant
for the experiments performed at 20% solids. It is thus anticipated that the Kolmogorov eddy length, at the
conditions in this study, will be of the order of the value predicted by Equation 7.14 at 10% solids, and
larger than the value predicted by Equation 7.14 at 20% solids. As a lower bound of the length of the
Kolmogorov eddies in this study, Equation 7.14 was applied to the disruption experiment operated at the
highest impeller speed (N = 904.2 tpm). This yielded a Kolmogorov eddy length of 28.8 um. Since the
true Kolmogorov length scale at 904.2 rpm will be of the' order of or larger than 28.8 um, and since this
value is larger than the average yeast cell size of 5.1 um (Section 4.1.2.1), the yeast cells will be entrained
by the turbulent eddies in the slurry reactor. Kolmogorov eddies are thus not a cause of cell disruption in

the slurry reactor.

7.3.1.2 Damage to Cells from Time-Averaged Velocity Components

Evaluation of the effect of time-averaged velocity components on cell damage involves determining the
position-dependent time-averaged flow profile around the cells and solid particles as they circulate through
various time-averaged velocity fields in the stirred tank. This approach is a difficult fluid-mechanical
problem and as a result, the role of average and maximum time-averaged shear rates on the cell damage has -
been considered at various locations in a stirred reactor (Hu 1983; Croughan ez al. 1987, 1989). These

shear rates are given by the spatial derivatives of the time-averaged velocity components.

In liquid systems, shear forces are determined by the impeller flow pattern, the agitation intensity and the
position in the stirred tank (Croughan et al. 1989, Hackl ef al. 1989, Gormely and Branion 1989, Prokop
and Bajpai 1992). Since the maximum energy dissipation rate per unit fluid mass in a stirred tank occurs in
the impeller discharge zone, the greatest shear stresses and consequently the majority of cell damage and
distuption from shear forces are expected to occur in this region. Expressions for the average and

maximum time-averaged shear rates and shear stresses, at various locations in a stirred tank, are summarised
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in Table 7.2 for liquid systems where no solid particles are present. In animal cell cultures, the microcarrier
diameter is typically of the order of the Kolmogbrov eddy length and the microcarmiers are neutrally
buoyant. As a result, the microcarriers primarily follow the fluid streamlines (Kuboi et al. 1974). Since
there is no difference between the mean velocities of the microcarriers and the bulk fluid, the microcarriers
do not alter the single-phase fluid shear rates (Caulet et al. 1996). Application of the expresstons

summarised in Table 7.2 to the cell damage in animal cell-microcarrier systems is thus valid.

Hu (1983) and Croughan et al. (1987, 1989) have investigated the significance of the maximum time-
averaged shear rate in the bulk flow (Equation 7.17) on the damage to FS-4 cells immobilised on
microcarriers. Both these workers found that damage to animal cells on microcarriers does not correlate
with this parameter. Correlation of the cell damage with the maximum time-averaged shear rate or impeller
tip speed does not account for the system geometry, with the result that maximum cell growth or zero ceil
growth can be observed at the same impeller tip speed (Hu 1983). The work of Reuss (1988) and Cherry
and Kwon (1990) supports this finding.

The effect of the average time-averaged shear rate in the bulk flow (Equation 7.18) on the damage to
immobilised FS-4 cells was investigated by Croughan er al. (1987). The relative growth extent of
immobilised FS-4 cells could be correlated with this parameter (Figure 7.16). For the FS-4 cells, the growth
declines sharply at approximately 3 inverse seconds. Time-averaged shear stresses are only significant as a
cause of cell damage in animal cell-microcarrier systems if the viscosity of the medium is greatly increased
and if strong time-averaged shear rates are generated, for example if there is a small clearance between the

impeller and a stationary vessel component (Croughan et a/. 1989).

The shear rate expressions for a stirred tank, presented in Table 7.2, cannot be applied to the cell disruptioﬁ
observed in this study. The large density (2664 kg m™) and size (600 to 850 pm) of the silica particles
result in significant inertial lag and gravitational forces acting on the particles (Kuboi et al. 1974). The
difference in motion between the particles and fluid eddies increases the effective shear rates in the fluid
(Hinze 1971, Caulet ef al. 1996). Expressions of the time-averaged shear rate, corresponding to the
conditions in this study, could not be found in the literature. Hence their effect on the cell disruption in the

slurry reactor was not established.
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Table 7.2, Summary of shear rate (y) and shear stress (1) expressions of liquids agitated in a
stirred tank
Shear Rate / Shear Stress Expression Conditions for Application | Reference - Equation
of Expression Number
Bulk Flow:
Ymax = KaND Nagata (1975) 7.17
Oldshue (1983)
1128 N D' (T°2 = p°2) RS Unbaffled vessel Croughan ef al. 7.18
Ve = 77 _ Nge>1000 (1987)
R = Ngg / (1000+1.6 Nge)
On Impeller Blades:
SN 05
_ 33N ND* Rushton turbine Robertson and 7.19
T ma= 2 V. 100<Nge<29 000 for water Ulbrecht (1986)
) and 0.5 and 1% polyox .
v, = zero shear kinematic solutions
Viscosity
1 L
y = N(l +53 ,[)’)5 N g (1+4) Baffled, agitated tank in Wichterle et al. (1984) | 7.20
e standard configuration using
B =1 for Newtonian Fluid 6-bladed disc-style turbine.
10<Nge<10’
On the Vessel Base and Walls: _
05 4115 3 Standard 6-bladed Rushton Wichterle er al. (1985) | 7.21
o 16(pu) " N D turbine
mex T? 0.15<D/T<0.57
' C/T=033
250<Ngg<2.35 x 10*
Newtonian liquids
10 ( ' )0.5 NS D3 Pitched blade turbine Wichterle et al. (1988) | 7.22
T = pH > (Downward pumping)
(D+C) 0.2<D/T<0.4
0.2<C/T<04
6000<Ngg<110 000
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Figure 7.16.  Relative growth extent of FS-4 cells on microcarriers as a function of the average
time-averaged shear rate in the bulk ﬂow, calculated from the data of Hu (1983)
(Croughan et al. 1987).

7.3.2 Interactions between the Cells and the Solid Particles

The contribution of interactions between the cells and solid particles to cell damage in animal cell-
microcarrier cultures has been well-established (Cherry and Kwon 1990, Croughan et al. 1989, Cherry and
Papoutsakis 1988). Cells are damaged either when the microcarrier particles, on which the cells are
immobilised, collide or when the microcarriers pass each other in close proximity (Croughan et al. 1988).
Croughan et al. (1988) used 125 ml spinner -vesse]s to determine that this mechanism is only of significance
above solids concentrations of approximately 0.5% (v/v) at relatively high agitation intensities of 150 pm

- (impeller tip speed of 0.42 m s™).

The important parameters that need to be considered in mechaniétically modelling the interactions between
the cells and solid particles are the frequency and force of the collisions. Quantifying these parameters has
“proven a difficult fluid-mechanical problem with the result that they have only been estimated in an
approximate manner (Papoutsakis 1991). The various mechanistic models that have been proposed to

describe damage to animal cells from interactions between the cells and solid particles are described below.
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7.3.2.1 Turbulent Collision Severity

Cherry and Papoutsakis (1988) suggested the use of a factor, called the Turbulent Collision Severity (TCS),
for correlating the damage to animal cells from interactions between the microcarriers. The TCS was
defined as the product of the collision kinetic energy and the collision frequency of the microcarriers. The
following approximate expression for the collision frequency of the solid particles per unit volume of

suspension was developed by Hinze (1971):

d 4

P

Collisi ?
[ ollision frequency per J _ 0[ VP J Equation 7.23

unit suspension volume

where O signifies “of the order of ”, v, is the relative velocity between colliding microcarriers (m s'), @ is
the microcarrier volume fraction, and d, is the microcarrier diameter (m). Using this expression for the
collision frequency and converting to collisions per bead rather than per volume, Cherry and Papoutsakis

(1988) developed the following relationship for the TCS:

TCS (Kinetic ener )( collisions ' j( suspension volume]
= e
’ & (suspension volume)(time) no. of beads
2 2)((411/3)d, /2)*
= 0 (mv,e, J v'e'(i) ( X, 72) Equation 7.24
2 d, o)

where m is the mass of a microcarrier bead (kg). Experimental and theoretical evidence suggest that eddies

‘of the order of the size of the solid particles and smaller are responsible for creating the relative motion
between the particles (Kuboi et al. 1974, Lakhotia and Papoutsakis 1992, Caulet et al. 1996). Since the
Kolmogorov eddy length is typically of the order of the microcarrier diameter (Lakhotia and Papoutsakis
1992), the velocity of the Kolmogorov eddies (Equation 7.15) was used by Cherry and Papoutsakis (1988)
as an order of magnitude estimate of the relative bead velocity. Substitution of Equation 7.15 into Equation
7.24 yields Equation 7.25.

)0.25

Velocity of Kolmogorov microscale, v = (6‘ 14 Equation 7.15
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Hence:

_ 2p &d *
TCS = O (aV)O'”[———————p;z 4 ]

—

-( 35 N\ 2 2\ |
= () l M m I . : Equation 725
.V 72 J

where p; is the density of the microcarrier beads (kg m™), N, is the power number, N is the impeller speed

(tps), D is the impeller diameter (m), and V is the bioreactor liquid volume (m®). Cherry and Papoutsakis

(1988) successfully correlated the death rate, apparent growth rate, growth extent and maximum population

of immobilised animal cells with the TCS. They found that by replacing the bioreactor liquid volume (V),

in Equation 7.25, with D, representing an impeller zone, a single correlation could be obtained for all

impeller sizes used (Figure 7.17). It is more meaningful to use D’ in the TCS expression since the majority

of the cell damage occurs in the impeller region.
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Figure 7.17.

Apparent growth rate of immobilised bovine embryonic kidney cells as a function of
the Tarbulent Collision Severity (TCS) (Cherry aﬂd Papoutsakis 1988).

Lines are leést-squares fits for (A) 4 cm and ( 0 ) 6 cm 2-bladed pitched-blade turbines.
TCS values are calculated (a) using V in Equation 7.25, and (b) using D’ in Equation 7.25.
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To apply the TCS model of Cherry and Papoutsakis (1988) to the slurry reactor data, the particle relative
velocity (V) required calculation. The particle relative velocity is determined by the physical properties of
the solid particles and the fluid (Table 7.3). As a result of the large density difference between the solid
particles and the fluid in this study and the large size of the particles used, the relative velocity of the silica
particles is determined by the action of turbulent eddies as well as by the inertial and gravitational forces

acting on the particles (Kuboi et al. 1974).

Table 7.3 Physical properties of the solid particles and fluid in the slurry reactor system and the
animal cell-microcarrier system
Parameter Slurry Reactor System Animal Cell-Microcarrier
System
Particle Size (um) 600-850 185
Particle Density (kg m™) 2664 ' 1030
Density Difference between | 1628 20
the Solid Particles and the
Fluid (kg m™)

An order of magnitude estimate of the particle relative velocity was made. Nouri ef al. (1987) showed that
the inertia of solid particles reduces the particle fluctuating velocity to a particular fraction of the fluid
fluctuating velocity. In this work, the fluid fluctuating velocity was estimated from the Kolmogorov eddy
velocity since this provides a lower bound of the eddy velocities which affect the particle motion. 1t is,
however, recognised that the Kolmogorov eddy velocity would be lower in this work than that predicted by
Equation 7.15 because of the effect of the particles on the fluid turbulence (Section 7.3.1.1). The fraction
of the fluid fluctuating velocity required to calculate the particle fluctuating velocity would be incorporated
in the constant relating k to TCS. Equation 7.25 was therefore used to calculate the TCS in this work.

Figure 7.18 shows the correlation of the first order disruption rate constants of this study with the TCS
expression (Equation 7.25). Separate curves were obtained for the k values measured at 10% and 20%
solids (v/v), indicating that the TCS expression does not account adequately for the frequency of the
interactions between the cells and solid particles. Since the cells in this work are freely suspended, the
collision frequency term in the TCS expression was redefined as the number of collisions per unit volume of
suspension per unit time (Equation 7.26) instead of the number of collisions per bead per unit time. A
single curve was obtained in correlating the k values at 10% and 20% solids (v/v) with the redefined TCS
expression (TCS*).
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o collisions
TCS = (kinetic energy) - -
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Figure 7.18  Correlation of the first order disruption rate constants at 10% and 20% solids (v/v)
with the Turbulent Collision Severity.

A power law relationship, shown in Equation 7.27, was fitted to the k values as a function of the redefined
TCS expression (Equation 7.26). The parity chart, illustrating the good agreement between the measured k
values and those predicted by Equation 7.27, is shown in Figure 7.19. The coefficient of variance between
the measured and predicted k values is 6.0%. The good correlation of k with the redefined TCS expression,
which includes the terms ®* and the power input per unit fluid mass (€), supports the form of the modified
physical parameter models presented in Section 7.2. Equation 7.27 also highlights the importance of
accounting for the frequency and force of solid-cell-solid collisions in the cell disruption mechanism in the

slurry reactor.



Chapter 7: Modelling Cell Disruption when the Solids are Completely Suspended 121

= 9.00 x 10%(TCS)** | Equation 7.27
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Figure 7.19

Parity chart comparing predictions of k from Equation 7.27 and the experimental k
values.

k., denotes the experimental k values. k, signifies the predicted k values at 10% and 20%
solids (V/v). '

The essential differences in the TCS (Equation 7.25) and TCS* (Equation 7.26) expressions are their

functional dependence on the solids volume fraction (®) and the particle diameter (d,). Cherry and

Papoutsakis (1988) investigated the effect of increasing agitation intensity (impeller tip speeds of 0.16 to

0.43 m s™") on the growth rates of bovine embryonic kidney cells immobilised on microcarriers at a constant

microcarrier concentration of 0.5% (v/v). Since dnly £ was varied in their work, their data cannot be used to

discriminate between the two expressions. The form of the relationship between the growth rate and TCS,

and the growth rate and TCS was therefore anticipated to be the same. This is shown in Figure 7.20.
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Figure 7.20. Correlation of the growth rate of bovine embryonic kidney cells immobilised on
microcarriers (Cherry and Papoutsakis 1988) with TCS and TCS'.
Correlations of the growth rate, using both 4 cm and 6 cm paddle-type impellers in a 2 liter

reactor, are shown.

7.3.2.2 Eddy Concentration-Collision Frequency Model

Croughan ef al (1988) developed a model to describe the damége to immobilised FS-4 cells at relatively
high solids concentrations of 0.1% to 3.1% (v/v) and a relatively high agitation intensity of 150 rpm
(impeller tip speed of 0.42 m s'). Under these conditions, cell death occurs as a consequence of
interactions between the cells and eddies, and interactions between the cells and solid particles. This model
is an extension of the one developed by Croughan er al. (1987) to describe cell dameige at low solids

concentrations in terms of interactions between the ‘cells and eddies alone (Equation 7.16).

Croughan er al. (1988) assumed. that almost all relative motion between two neighbouring microcarriers
would arise from the action of turbulent eddies of the order of or smaller than the microcarrier size. The
frequency of interactions between the microcarriers was thus considered to be first order in the

concentration of Kolmogorov eddies and second order in microcarrier concentration (Hinze 1971,

Abrahamson 1975):

F = k(8 / V)7 Cyf Equation 7.28

where F is the number of interactions between the microcarriers per unit time and volume (m™ hr'), k; is a
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constant (m® kg hr'.l), and Cy is the microcarrier concentration (kg m™).- 'If each microcarrier-cell-
microcarrier interaction resulted in cell death with a probability of ks, the rate of change in the immobilised

cell concentration would be given by:

de/dt = k3 kiNo F
= ks *° ¢ Cy | Equation 7.29
where: ky = fraction of each microcarrier surface exposed to each collision or close
~ encounter V
Nop = number of cells per microcarrier (kg cells / kg microcarrier)
ks - K ks ky/ NERY (1n3 W5 | g4)25 hI-l)
c C = attached cell concentration (kg m™ suspénsion)

To establish the effect of bead concentration on the damage to the immobilised FS-4 cells, Croughan ef al.
(1988) used inert solid particles (Section 2.2.2). Collisions between a microcarrier and an inert solid
particle with no cells, were considered to cause, on average, half the cell damage caused on collision
between two microcarriers. The overall model, describing cell death from interactions between the attached
cells and eddies, microcarrier-cell-microcarrier interactions and microcarrier-cell-inert solid particle

interactions, was of the following form:

de/dt = pe-qc-qCuc-(q2/2)Cic ’ Equation 7.30
where: T8 = intrinsic cell growth rate (hr'')
@ = ki g/ V)7 Equation 7.16

= cell death rate as a result of interactions between the cells
and eddies (hr'')
Q = kse®” Equation 7.29
= cell death rate as a result of interactions between the cells
and solid particles (m* kg™ hr)
G = concentration of inert solid particles (kg m™)

Equation 7.30 only applies to turbulent eddies smaller than a critical size. The excellent agreement between
the measured apparent growth rates of immobilised FS-4 cells and those predicted by Equation 7.30 is
shown as a function of the inert solid particle concentration in Figure 7.21 (Croughan ef al. 1988). Equation
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7.30 also allows the relative significance of the damage mechanisms to be elucidated. By plotting the total
specific death rate, q, + q2 Cm + (q2/2) C;, against the sum of the microcarrier and inert solid particle
concentrations, it was found that at solids concentrations below 0.5% (v/v), cell damage resulting from
interactions between the cells and eddies is predominant. At solids concentrations above 0.5% (v/v), the
microcarrier-cell-microcarrier and microcarrier-céll-inert solid paxticlé mechanisms become more

significant.
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Figure 7.21. Cowmparison of measured apparent growth rates of FS-4 cells immobilised on
Cytodex 1 microcarriers, and apparent growth rates predicted by Equation 7.30, as a
function of the inert solid particle concentration (Croughan et al. 1988).
Measured and predicted apparent. growth rates are represented by the data points and the

solid line respectively.

Croughan et al. (1988) considered q, the cell death rate as a result of interactions between the cells and
eddies, to be independent of the solid particle concentration. This was possible because the solid particle
spacing was greater than the distance over which viscous dissipation occurs, when an eddy interacts with a

solid support.

The model of Croughan et al. (1988) (Equation 7.30) was applied to the disruption of Saccharomyces
cerevisiae observed in the slurry reactor. As discussed in Section 6.3.3, the death rate of FS-4 cells is
essentially a measure of their disruption rate. Hence application of Equation 7.30 to the first order
disruption rate constants, k, is valid. The first order disruption rate constant was thus considered to be the

sum of the disruption rates of the potential mechanisms of cell disruption (Equation 7.31).
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k = Z kmechanism,i
P

Hence:

qQ+ Q2CM+ (q2/2)C;

Equation 7.31

Since the contribution of interactions between the cells and eddies to the cell disruption in the slurry reactor

is negligible (Section 7.3.1.1), the term, q;, can be neglected. In addition, the second term in Equation 7.31

can be disregarded since freely suspended cells were used in the slurry reactor. Equation 7.31 was thus

rewritten as:

Figure 7.22 shows the correlation of the k values with ¢

k6 80,75 C

Equation 7.32

C;. Separate curves for the 0.10 and 0.20 volume

fraction data were obtained. This was anticipated since the physical parameter models in Section 7.2 and

. the redefined TCS expression (Equation 7.26) show that k approaches a quadratic dependency on solids

volume fraction.

Although Croughan et al. (1988) assumed that the frequency of microcarrier-cell-

microcarrier interactions had a quadratic dependency on microcarrier concentration (Equation 7.28), this

dependency was lost on incorporating the collision frequency term into the cell death rate expression

{(Equation 7.29). The model of Croughan et al. (1988) thus does not adequately account for the collision

frequency in the slurry reactor.
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Correlation of k with Equation 7.32 as a function of the solids volume fraction.
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7.3.2.3 Turbulent Energy Model

In animal cell-microcarrier systems, the dependency of the cell damage mechanisms of interaction between
cells and solids and interaction between cells and fluid eddies on the bioreactor variables has been
determined in terms of the Turbulent Collision Severity and the ratio of Kolmogorov eddy length to bead .
diameter respectively. The fractional contribution of each of these mechanisms to the overall cell damage
~ was determined by Croughan ef al. (1988) as a function éf solids loading at an agitation intensity of 150
rpm (impeller tip speed of 0.42m s1). However, fluid-mechanical considerations suggest that the fractional
contribution of each of these two mechanisms to the overall cell damage will vary with agitation intensity,

bead size and possibly other bioreactor parameters (Papoutsakis 1991, Lakhotia and Papoutsakis 1992).

To account for this, Lakhotia and Papoutsakis (1992) modelled the damage to bovine embryonic kidney
. cells, immobilised on microcarriers, in terms of the turbulent energy responsible for both the interactions
between the cells and solid paﬁicles and the interactions between the cells and fluid eddies. Their model
accounts for both types of interactions simultaneously and uses the properties of a spectrum of eddies

smaller than the microcarrier diameter, instead of the Kolmogorov-scale eddy size alone.

The one-dimensional energy spectrum of the universal equilibrium subrange of isotropic turbulence was
used to construct the model (Figure 7.14). The universal equilibrium subrange of .isotropic turbulence
includes both the inertial convection subrange and the viscous dissipation subrange. The turbulence in this
regime is independent of external conditions and is determined only by the energy input into the system and
- the viscous dissipation (van Suijdam and Metz 1981, Kawase and Moo-Young 1990, Lakhotia and
‘Papoutsakis 1992). The Pao-Corrsin model (Equation 7.33) was used by Lakhotia and Papoutsakis (1992)

to describe the one dimensional energy spectrum of the universal equilibrium range of isotropic turbulence.

Ek) = 1.7 e k™ exp(-2.55 v e k*?) , Equation 7.33

il

where: E(k) ~ one-dimensional energy distribution function for turbulent eddies

k wavenumber of turbulent eddy (m™)

The average energy of the interactions between the cells and solid particles and the cells and fluid eddies
was taken as the integral of Equation 7.33. The specific cell death rate, q, was considered to be proportional

to this integral:’
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q = B I 1.7 K exp(-2.55 ve'? k*?) dk Equation 7.34
ke

where B is a constant (sm?) and k, is the wavenumber corresponding to the largest eddy size that is
damaging to the cells (m™). Lakhotia and Papoutsakis (1992) successfully used this model to explain and
predict the varying functional dependence of the specific death rate of immobilised bovine embryonic
kidney (BEK) cells on the medium viscosity at agitation intensities of 120 to 160 rpm (impeller tip speeds
of 0.26 to 0.35 m s™) at a solids concentration of 0.5% (v/v). Spinner flasks were used in the cell damage
experiments. Figure 7.23 is a parity chart comparing the measured specific death rates of BEK cells,
suspended in maintenance medium, and the specific death rates predicted by the model of Lakhotia and
Papoutsakis (1992). Figure 7.23 shows that the model agrees well with the data despite the 10-15% error in
the experimental data (Lakhotia and Papoutsakis 1992).
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Figure 7.23.  Parity chart comparing the measured specific death rates of immobilsed bovine
embryonic kidney cells and the specific death rates predicted by the model of
Lakhotia and Papoutsakis (1992) (Lakhotia and Papoutsakis 1992),
The cells were suspehded in maintenance medium. Each data point shown is the average of

duplicate measurements. (0)120 rpm; (+)140 rpm; (0)150 rpm; (A)160 fpm.

The Pao-Corrsin model (Equation 7.33) strictly applies to one-phase systems only. However, the
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proportionality between the one-dimensional energy distribution function for turbulent eddies, E(k), and
£’k has been verified for dilute two-phase systems, similar to the animal cell-microcarrier cultures
(Kuboi et al. 1974). This proportionality relationship is not valid for the slurry reactor system in this study -
because of the high solids concentrations used. As discussed in Section 7.3.1.1, the presence of solids at
concentrations greater than 2% (v/v), modifies the energy spectrum of the fluid in the high wave number
regioﬁ (Hinze 1971, Caulet et al. 1996). Since an expression for E(k) at the conditions in this study could
not be found, the turbulent energy model (Equation 7.34) of Lakhotia and Papoutsakis (1992) was not
applied to the cell disruption in the slurry reactor. '

7.3.3 Interactions between the Cells and Bubbles

Bubble rupture at the free gas-liquid interface has been shown to be the dominant cause of animal and insect
cell damage when the cells interact with bubbles in gas-liquid systems (Handa-Corrigan et al. 1989, Kunas
and Papoutsakis 1990, Papoutsakis 1991, Trinh ef al. 1994, Michaels et al. 1996). Bubble break-up at the
medium surface is significant to cell damage because cells become adsorbed onto the bubble surfaces, either
because .of hydrophobic interactions between the cells and the bubbles or because the cells are captured by
the wakes behind moving bubbles. Cells trapped. in the rupturing film of bubbles may be killed by large
compressional forces which occur when the rupturing rim breaks into threads (Chalmers and Bavarian 1991,
Kowalski 1991). Furthermore, the hydrodynafnic forces due to shear in the boundary layer around the walls
of the bubble cavity are sufficiently large to kill the cells (Chalmers and Bavarian 1991). The breaking
bubble may also release its built-up surface energy in a potentially damaging shockwave (Yang et al. 1990).

The specific cell death rate in a gas-liquid system was related to the interactions between cells and bubbles
by Yang and Wang (1992). Their mathematical model was based on the postulation that cells were killed or
damaged if they were in the close vicinity of a deformed bubble as it underwent break-up or coalescence.
The model of Yang and Wang (1992) makes no distinction where bubble break-up and coalescence take
place: at the point of the sparger, at the medium surface or in the impeller stream region, where the intense
eddy-bubble interaction creates a high density of deformed bubbles. However, as discussed above, other

workers have shown that bubble break-up at the medium interface is most damaging to cells.

Surface aeration was used in the animal cell-microcarrier cultures of Cherry and Papoutsakis (1988) and.
Croughan et al. (1988) to achieve the required dissolved oxygen concentrations. The models developed by
these workers to describe the damage to the immobilised animal cells only considered the effect of

interactions between the cells and the fluid eddies (Section 7.3.1.1) and interactions between the cells and
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 the microcarriers (Section 7.3.2). The good agreement achieved between the measured and predicted cell
damage in these systems, without accounting for the effect of interactions between the cells and bubbles,

suggests that interactions between the cells and bubbles are relatively insignificant as a damage mechanism.

Although the vessel in this study was not sparged, surface aeration of the slurry occurred at the high impeller
speeds. Interactions between the cells and bubbles are thus a possible cause of cell disruption. However,
the cell disruption experiments, presented in Section 6.3, suggested that interactions between the freely
suspended cells and the solid particles are the dominant cause of cell disruption in the slurry reactor. Hence
interactions between the cells and bubbles, entrained from surface aeration, are relatively insignificant as a
disruption mechanism. This is verified by the applicability of the models presented in Section 7.4, which

only account for collisions between the cells and solid particles as the disruption mechanism.

7.3.4 Interactions between the Cells and the Reactor Components

A final mechanism that has been proposed to account for the damage to animal cells in bioreactors is
collisions between the particles supporting the cells, and the solid components of the vessel, especially the
impeller (Croughan ef al. 1988, 1989; Cherry and Papoutsakis 1988). Cherry and Papoutsakis (1988)
defined an Impeller Collision Severity (ICS) to characterise the rate of energy input to each solid support
particle as a result of collisions of the beads with the impeller. As with the Turbulent Collision Severity, the
ICS was defined as the product of the collision kinetic energy and the collision frequency. The
uﬁcrocarriers were assumed to collide with the impeller only if they passed within one bead radius of the
impeller surface. The region defined by this érea, where collisions between the microcarriers and the.
impeller occur, was termed the “window area”. The collision frequency was estimated from the time that
the microcarriers take to flow through the entire reactor volume along the set of streamlines that are in the

window area. The ICS was consequently expressed as:

ICS = (kinetic energy)(collision frequency)

(window area)(velocity past blade)}

ICS = (kinetic e"efg)f)[ (reactor volume)

2\((n,Dd, 1 2}v ‘
Hence: /CS = O (m‘;"" j[( ’ ’;/ ) w] - Equation 7.35

where O signifies “of the.order of ”, m is the mass of a microcarrier (kg), va is the average velocity of the
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medium over the impeller blade (m s™) and n, is the number of impeller blades. Cherry and Papoutsakis
(1988) estimated v,, as 75% of the impeller tip speed (RND). Substituting for v,, and m (p, & d*/6) into
Equation 7.35 yields the following order of magnitude estimate of ICS:

Equation 7.36

91T* N3D*d*
1c5=0{ PsThs ’

5121

Cherry and Papoutsakis (1988) found thétihg death rate, apparent growth rate, growth extent and maximum
population of animal cells correlated well with the ICS. However, they failed to obtain a single correlation
for the 4cm and 6 cm pitched-blade turbines (two-bladed) when using either the bioreactor fluid volume, V,
or the impeller zone volume (x D*). Cherry and Papoutsakis (1988) concludea that, for their experimental
conditions, collisions of the microcarriers with the impeller were not the primary mechanism of damage.
Croughan et al. (1989) suggest that interactions between the microcarriers and the reactor components are
unimportant as a damage mechanism because the microcarriers do not rapidly penetrate the boundary layers

surrounding the reactor internals.

Cherry and Papoutsakis (1988) note that the ICS is only an approximation to the actual energy input rate to
each microcarrier because the inertial deviation of the particle trajectories from the fluid streamlines was not
considered. This would not affect the animal cell-microcarrier system significantly since the neutrally
buoyant microcarriers primarily follow the fluid streamlines (Kuboi ez al. 1974). However, the inertial
deviation of the silica particles of this study from the fluid streamlines is significant owing to their large size
(600 to 850 pum) and density (2664 kg m™). The inaccuracies in correlating the cell disruption observed in

this study with the ICS are thus greater than in the animal cell-microcarrier system.

Cherry and Papoutsakis (1988) did not consider the effect of the solids loading on the collision frequency of
the microcarriers with the impeller (Equation 7.35). When the cell disruption observed in this study was
correlated with the ICS, separate curves were obtained for the 0.10 and 0.20 solids volume fractions (Figure
7.24). As discussed in the preceding paragraph, the ICS is not an accurate description of the interactions
between the solids of this study and the impeller. It is thus difficult to draw meaningful conclusions from
Figure 7.24.
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Figure 7.24. Correlation of k with the Impeller Collision Severity of Cherry and Papoutsakis

(1988) as a function of the solids volume fraction.

7.3.5 Conclusions drawn from Mechanistic Models

Direct application of the animal cell mechaxﬁstic models to the cell disruption observed in the silica slurry
reactor is limited. The microcarriers used in the animal cell cultures were small (185 ym), neutrally buoyant
and used at solids concentrations lower than 3 1% (v/v). The silica particles used in this study were large
(600 to 850 wm), dense (Ap = 1628 kg m™) and used at solids volume fractions of 0.10 and 0.20. At the
| conditions used in this work, the particles affect the fluid turbulence stfucture and as a result of the inertial
and gravitational forces acting on the particles, their response to the fluid eddies is reduced. In contrast to

this, the microcarriers do not affect the fluid turbulence structure and primarily follow the fluid streamlines.

The limited applicability of the animal cell mechanistic models to the cell disruption in the slurry reactor
motivated the development of new models, presented in Section 7.4. However, in this review of the
mechanistic models, it was shown from the literature that interactions between t_he cells and the fluid eddies
are insignificant as a disruption- mechanism at the conditions in this work. Furthermore, cell disruption from
interaction between the cells and entrained bubbles is negligible. In addition, it was shown that the cell
disruption observed in this study correlated well with a redefined Turbulent Collision Severity (TCS)
eXpression {Equation 7.26), which accounts for both the energy and frequency of the interactions between
the cells and solid particles. The collision energy term in Equation 7.26 is a function of the power input per
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unit fluid mass (g), and the collision frequency term is a function of the solids volume fraction (®) and e.
The relationship between the k values and the redefined TCS expression supports the form of the modified
Physical Parameter models, presented in Section 7.2, as well as the experimental observation that
interactions between the cells and solid particles are the primary cause of cell disruption in the slurry

reactor.

7.4 _Modelling Cell Disruption in the Slurry Reactor

In this section, three new models are presented to describe the cell disruption in the slurry reactor resulting
from agitation with the Rushton turbine. In these models, only collisions between the cells and solid
particles are considered as the disruption mechanism. This is validated in Section 7.4.1. The first two
models are generalised forms of the Physical Parameter models, modified to account for both the solids
concentration and the impeller speed (Section 7.2). The first of these models is a modified mass transfer-
type model which expresses the first order disruption rate constant in terms of the solids volume fraction
and the power input per unit volume. The second model is similar to the first, but uses an energy input term
instead of a power input term. The third model is a mechanistic model which describes the types of
collisions between the cells and solid particles that are responsible for the cell disruption. It also accounts
for the magnitude of the collision force between the cells and the solids. The equivalence of these models is

shown n this section.

7.4.1 Modified Mass Transfer-Type Model

In Section 7.2, it was shovs;n that the following modified Physical Parameter models described the first order

disruption rate constants well: .

k=2.77x 105 N'2 @' . » Equation 7.5

k=854x10"° it_c_qig_z_ "
- oo V Equation 7.7

k=5.65% 107 (Ngg ®'*)°* Equation 7.13

All these models account for the effect of the impeller speed (P oo N*; Ngg = N D? p/p) and the solids

volume fraction (@) on the cell disruption. However, in fitting these models to the cell disruption data in
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the slurry reactor, the exponent of ® was fixed at 1.92. In Equations 7.7 and 7.13, the exponents of o'

and P or N were forced to the same value.

Here, the dependence of the first order disruption rate constant on P/V (or N since P o N%) and @ is

generalised to an expression of the following form:
k= A (P/VY @° - Equation 7.37

The cell concentration is not explicitly shown in Equation 7.37 since it was maintained at a constant average
value of 52.8 kg m” in the diémption experiments. A Least Squares analysis (Appendix H) was used to
establish the constants in Equation 7.37, yielding Equation 7.38. The coefficient of variance between the
measured k values and those predicted by Equation 7.38 is 4.7%. The excellent agreement between the
experimental and predicted k values can be seen in the parity chart represented by Figure 7.25. '

k = 7.11 x 10% (P/V)*S @'6 Equation 7.38
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Figure 7.25. Parity Chart comparing predictions of k from Equation 7.38 and experimental k
| values.
The parity chart includes data from the disruption experiments performed at both 10% and
20% solids (v/v) and at speeds above the respective critical impeller speeds. ‘
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Equation 7.38 is termed a modified mass transfer-type model since it is analogous to the empirical
expression describing the rate of oxygen mass transfer, kja, in stirred tanks. The form of the expression
relating kja to the power input per unit volume and the superficial gas velocity, vg, is shown in Equation

7.39 (Van’t Riet 1983):
ka = A (P/V)? vt Equation 7.39

Equation 7.38 describes the rate of protein release from the cells into the supernatant as the cells are
disrupted, whereas Equation 7.39 describes the rate of oxygen mass transfer from the gas bubbles into the
liquid. Both the first order disruption rate constant of cell breakage (k) and the oxygen mass transfer
coefficient (kja) are a function of the power input per unit volume. The superficial gas velocity term in

Equation 7.39 is essentially a measure of the bubble concentration.

Typical values of 4, b and c in Equation 7.39 are listed in Table 7.4 and are compared to the corresponding
parameters for the first order disruption rate constant expression in Equation 7.38. Table 7.4 shows that
although the values of A4 and c in the expressions of k and kja differ, these expressions have similar

dependencies on the power input per unit volume (value of b).

Table 7.4. Comparison of values of A, b and ¢ for the first order disruption rate constant
expression (Equatioﬁ 7.38) and the empirical oxygen mass transfer expression
(Equation 7.39) (Nielsen and Villadsen 1994).

Parameter values for Equation 7.39 are for a coalescing (air-water) dispersion.

*

Equation Agitator A b c Reference

7.38 6-bladed Rushton 7.11x10°  [0.56 '1.64 | This study
turbine

7.39 6-bladed Rushton 2.5x% 107 0.4 0.5 Moo-Young and
turbine Blanch (1981)

4.95x10° 0.593 0.4 Linek et al. (1987)

Not specified 2.6x 107 0.4, 0.5 Van’t Riet (1983)

__

*The units of A vary for each correlation depending on the values of & and ¢. The power input per unit volume is
measured in W m™ and the superficial gas flowrate is measured in m s™.
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In Section 7.3.2.1, it was shown that the first order disruption rate constants (k), obtained on disruption of
the yeast cells in the slurry reactor, correlated well with a redefined Turbulent Collision Severity expression
(Equation 7.26). This expression accounted for both the kinetic energy (o Veel? € s?’j) and the frequency

(O Vel @ or % <D2) of the collisions between the cells and solid particles which give rise to the cell
disruptibn. The first order disruption rate constant (k) was thus shown to be a function of (v,e,;3 <D2)°'34.
Equation 7.38 describes k as a function of (P/V)*** ®'*. The similaﬁty of these expressions shows that
Equation 7.38 also accounts for both the kinetic energy (o0 (P/V)™*7) and the frequency (o (P/V)*Y @' of
the collisions between the cells and solid particles. The excellent correlation of the first order rate constants
in this work by Equation 7.38 therefore verifies that the primary cell disruption mechanism in the slurry

reactor is collision between the cells and solid particles.

An energy balance was performed to calculate the maximum value of the exponent of (P/V) in Equation
7.38 and hence to determine the validity of the best-fit value (0.56). The energy balance was performed on
the fluid adjacent to the 6-bladed Rushton turbine in the stirred tank and is only approximate since it
neglects drag coefficient dependence on Reynolds number and it assumes the quantitative transfer of energy

from the impeller to the particles via liquid:

\
Let F denote the force acting on the fluid adjacent to the impeller in the stirred tank.

cp (Area) (0.5) pV?
cp fID?) (0.5) p (xN D)? Equation 7.40

Then F

I

Il

where cp is the drag coefficient associated with the impeller and (D) denotes that the area on which the
force acts is a function of the square of the impeller diameter. Now energy is the product of force and
displacement. Therefore, for a fixed impeller type and fixed system geometry, the maximum energy
transferred from the impeller 10 the solid particles in lhevs/url’y reactor, resulting in collisions betyveen

these solid particles and the cells, is given by the following expression:
Maximum Collision Energy a N Equation 7.41

It was shown previously in this section that the first order disruption rate constant (k) is proportional to the

collision kinetic energy. Hence:
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k N7 Maximum Collision Energy a N Equation 7.42
Fora 6-bldded Rushton turbine in a stirred tank_

P a N Equation 7.43
k a N a P _ C Equation 7.44

Thus, for a 6-bladed Rushton turbine in a stirred tank, the maximum value of the exponent of (P/V) is 0.67.
This is greater than the best-fit value of 0.56 in Equation 7.38, thereby establishing its validity. Energy
from the impeller is also dissipated at the bubble interface (from gas entrainment) and as heat in the slurry
reactor. The latter necessitated the use of a cooling coil (Section 3.2) in the disruption experiments to

prevent protein denaturation.

The modified Physical Parameter models (Section 7.2) and the redefined Turbulent Collision Severity
expression (Equation 7.26) indicated that the rate of cell disruption in the slurry reactor approaches a
quadratic dependency on the solids volume fraction. Hence it was anﬁcipated that the exponent of @ in
Equation 7.38 should lie close to 2. The sigr_liﬁcance of it being slightly less than 2 is discussed in terms of

the mechanistic model (Section 7.4.3).

7.4.2 Energy Input Model

In this section, a model is presented which describes the k values in terms of the energy input per unit
volume and the solids volume fraction. The following model between k and the modified parameter of

Reuss (1988), PtcCD"92 / 'V, was presented in Section 7.2.1:

Equation 7.7

pr o9\
e

k=854x10"° (

Since the exponent of @ in Equation 7.7 was fixed at 1.92, this expression strictly only applies to an

impeller speed of 750 rpm. Equation 7.7 was thus generalised to the following form:
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k = APt/ V) O Equation 7.45

The constants in Equation 7.45 were determined by ﬁtﬁng the expression to the cell disruption data using a

Least Squares analysis (Appendix H). From this analysis:

A = 4,76 x10°°
b = 0.90
c = 1.61

The coefficient of variance between the experimental k values and those predicted by Equation 7.45 is
8.7%, indicating good agreement between them. The parity chart for this fit is shown in Figure 7.26. The
energy input term in Equation 7.45 represents the energy input to the solid particles per pass through the
impeller zone (Section 7.2.1). This suggests that cell disruption, as a result of collisions between the cells

and the solid particles, primarily occurs in the impeller region.
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0 0.0002 0.0004 0.0006 0.0008 0.001

Experimental k (1/s)

P
{

Figure 7.26.  Parity chart comparing predictions of k from Equation 7.45 and the experimental k
values
The parity chart includes data from the disruption experiments performed at both 10% and

20% solids (v/v) and at speeds above the respective critical impeller speeds.
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~ Comparison of the energy input model (Equation 7.45) to the mass transfer-type mode! (Equation 7.38)
shows that the value of 1.61 for the exponent of @ in Equation 7.45 corresponds very closely with the value
of 1.64 in Equation 7.38. To compare the relative magnitude of b in these models, the maximum value of b

was determined for Equation 7.45:

Maximum Collision Energy o N L ool Equation 7.44
— V -
Now: . = 05N DY Equation 7.6
2 2
- VN,pN°D
¢ 075 P

Hence, for a fixed system geometry:

Equation 7.46

Substitution of Equation 7.46 into Equation 7.44 yields Equation 7.47.

Maximum Collision Energy o (Pt) Equation 7.47
Hence:

k a Maximum Collision Energy a (P1) Equation 7.48

Hence the maximum value of b in Equation 7.45 is unity which is greater than the Least Squares value of
0.90 for b in Ecjuation 7.45. The closeness in agreement between the maximum and best-fit values for the
exponent of (P/V) in Egiuations 7.38 and 7.45 corresponds well with the value of 84% predicted by
Equation 7.38. Since the dependency of the k values on the collision frequency and force is essentially the
same in Equation 7.38 and Equation 7.45, it can be concluded that these models are equivalent in their
description of cell disruption in the slurry reactor. Cell disruption in the slurry reactor is thus correlated well

by expressions which account for either the energy input per pass through the impeller zone per unit volume -

(Pt/V) or the power input per unit volume (P/V).
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7.4.3 Mechanistic Model

The mass transfer type-model (Section 7.4.1) and the energy input model (Section 7.4.2) accounted for the
force and frequency of the collisions between the cells and solid particles. However, they did not describe
fully the mechanisms responsible for the cell disruption. Potential mechanisms of cell disruption include
cell-eddy interactions, solid-cell-solid collisions, solid-cell collisions and solid-cell-reactor collisions,
respectively represented in Equation 7.49. Here, the c® term represents the solid-cell and the _solid-cell--

reactor gollision mechanismes.
k=AE/V)*+Bc®’N'+DcON" Equation 7.49

where A, B, D and n are constants and c is the biomass concentration (kg m™). With freely suspende_d
. microbial cells (d, < 5 pm), cell-eddy interactions do not contribute significantly to cell disruption (Section
7.3.1.1). Hence only the last two terms in Equation 7.49 were considered. The relative significance of
these disruption mechanisms was tested by fitting the expressions listed in Table 7.5 to the first order
disruption rate constants. A value of 1.68 was used for the exponent of N in Equations 7.50-7.52. This is
based on Equation 7.38, where k is proportional to P%. For a 6-bladed Rushton turbine in a stirred tank,
the power input is proportional to N® (Equation 7.43), hence k is proportional to N'®.  The cell
concentration (c) is not explicitly shown in the equations in Table 7.5 since it was not varied in the cell
disruption experiments. A Least Squares analysis (Appendix H) was used to calculate the constants in each
of the equations. The agreement between the measured k values an_d those predicted by each of these

equations is quantified in terms of a coefficient of variance.

Table 7.5. Mechanistic models applied to the cell disruption data ebtained on agitation with a

Rushton turbine in the slurry reactor

Expression Coefficient of Variance | Equation Number
(%)

k=283x107 @’ N ' 95 7.50

k=517x10° O N - - 233 _ 7.51

k=227x10" ®*N'"*®+1.05x10° d N'*® 7.8 . 7.52
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Figure 7.27. Parity chart comparing experimental k values to the predictions of k from Equation
7.50: k= 2.83 x 107 @*> N,
‘The parity chart includes data from the disruption experiments performed at both 10% and

20% solids (v/v) and at speeds above the respective critical impeller speeds.
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Figure 7.28.  Parity chart comparing experimental k values to the predictions of k from Equation
7.52: k=2.27x107 @ N"® + 1.05 x 10° ©® N,
The parity chart includes data from the disruption experiments performed at both 10% and

20% solids (v/v) and at speeds above the respective critical impeller speeds.
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Table 7.5 shows that Equation 7.51 describes the cell disruption in the slurry reactor poorly. Cell disruption
in the slurry reactor therefore cannot be described by solid-cell collisions and solid-cell-reactor collisions
alone. Since the coefficients of variance are similar for Equation 7.50 and Equation 7.52, their parity charts
are compared in Figures 7.27 and 7.28 respectively. Both Equations 7.50 and.7.52 describe the cell
disruption adequately, however, Equation 7.50 slightly underpredicts the experimental data, suggesting the
need to consider solid-cell-solid collisions, solid-cell collisions and solid-cell-reactor collisions in the

disruption mechanism.

The relative significance of each tcfm in Equation 7.52 was investigated. For a particular solids
concentration, the contribution of each of the terms was constant, irrespective of the agitation intensity. The
contributions of the terms to k at solids volume fractions of 0.10 and 0.20 are summarised in Table 7.6.
The solid-cell-solid collision term is dominant at both solids concentrations. However, its dominance is
greater at 20% solids (v/v). The relative significance of the two disruption mechanisms éan thus be altered

- by adjusting the solids concentration but not the power input to the system.

Table 7.6. Contributions of terms in Equation 7.52 to k at solids volume fractions of 0.10 and

0.20. -
Solids Volume Contribution of solid-cell-solid =~ | Contribution of solid-cell collision
Fraction collision term to k (%) ' and solid-cell-reactor collision term
to k (%)
0.10 68.4 : 31.6
0.20 81.2 ‘ 18.8

Since the solid-cell-solid collision term is dominant for both the 0.10 and 0.20 solids volume fractions, it
follows that the exponent of @ in Equation 7.38 and Equation 7.45 should lie closer to 2 than 1. It remains
less than 2 because, as shown in this section, solid-cell collisions and solid-cell-reactor collisions cannot be

discounted as a cause of cell disruption.
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7.5 Application of Cell Disruption Models of Section 7.4 to
Other Particulate Systems

The cell disruption models, described in Section 7.4, were further validated by applying them to the cell
disruption data from the pitched-blade turbine (PTD) in the slurry reactor and to the cell damage data from
the animal cell-microcarrier system, obtained by Croughan ef a/. (1988, 1989) and Croughan and Wang
(1989). 4 '

7.5.1 Application of Model to Cell Disruption from the PTD in the Slurry
Reactor ' '

As discussed in Section 6.2.3, a physiological change in the Saccharomyces cerevisiae was observed during
the course of the experimental work. The models presented in Section 7.4 were developed to describe the
disruption data from the Rushton turbine experiments where the initial yeast batches were used. Equation
7.38 was re-fitted to the disruption experiments performed with the Rushton turbine using the
physiologically changed yeast (Runs #10.50, 10.53, 10.65). The exponents of P/V and @ in Equation 7.38
do not change with a change in the physiological state of the yeast cells since neither the collision frequency
nor the fraction of kinetic energy, transferred from the impeller to the solid particles, is altered. The Least
Squares fit using the physiologically changed yeast is shown in Equatidn 7.53. The increased value of the
constant, 4, in Equation 7.53, compared to Equation 7.38, reflects the increased first order disruption rate

constants obtained with the physiologically changed yeast.

8.92 x 107 (P/V)**¢ @' # Equation 7.53
7.11 x 107 (P/V)** @'* Equation 7.38

=
oo

Equation 7.53 was applied to the k values of the pitched-blade turbine (PTD), determined using the
physiologically changed yeast at speeds above the critical impeller speed. The parity chart, showing the
agreement between the measured k values and those predicted from Equation 7.53, is presented in Figure
7.29; The coefficient of variance of this fit is 6.2%. This compares well with the coefficient of variance of

4.7% obtained for the fit of Equation 7.38 using the Rushton turbine data (Section 7.4.1).
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Figure 7.29. Périty chart comparing experimental k values of the pitched-blade turbine to the
predictions of k from Equation 7.53. ‘
The data in the parity chart was obtained at 20% solids (v/v) and at speeds above the critical
impeller speed for the pitched-blade turbine (N5 = 662rpm).

Equation 7.38 and Equation 7.53 can thus be used to predict the k values for both the Rushton turbine and
the pitched-blade turbine, at speeds above the critical impeller speed. This implies that for a given power
input above the critical impeller speed, the same cell disruption rate results independently of the flow
pattern type. Furthermore, the k values from the pitched-blade turbine have the same dependency as the k
values from the Rushton turbine on the energy and frequency of the collisions between the cells and solid

particles, indicating that the same mechanism of cell disruption applies.

7.5.2 Application of Model to Cell Damage in Animal Cell-Microcarrier
Systems

In animal cell-microcarrier systems, the dominant cell disruption mechahisms have been identified as cell-
eddy interactions and collisions between solids bearing cells.(microcarriers) and solids without attached
cells (inert solid particles) (Croﬁghan el al. 1987, 1988, 1989; Lakhotia and Papoutsakis 1992). Since
Equation 7.38 only considers collisions between the cells and solid particles as the disruption mechanism, it
cannot be applied to the antmal qell-microcarrier data. Equation 7.49 was thus applied but was first

modified to differentiate between the microcarrier (®@y) and the inert solid particle (@;) volume fractions.
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Microcarrier-cell-reactor interactions were not considered since they are negligible in the animal cell-

microcarrier system (Cherry and Papoutsakis 1988, Croughan ef al. 1989).
k=A®E/ V) +B OEN"+Dc Dy O, N° ' Equation 7.54

This equation was applied to the cell death rate data, obtained by Croughan er a/. (1988, 1989) and
Croughan and Wang (1989), for FS-4 cells immobilised on Cytodex 1 microcarriers. This -data set
represents the most complete investigation into the effect of solids concentration and agitation intensity on
the death rates of animal cells (Table 2.2). Values of these death rates are included in Appendix 1.
Application of Equation 7.54 to the animal cell death rates is justified since the death rate of the animal cells

1s essentially a measure of their disruption rate (Section 6.3.3).

At the low microcarrier concentration of 0.02% (v/v) and over the range of agitation intensities of 35 to 220
rpm (impeller tip speeds of 0.10 to 0.61 m s™) used by Croughan et al. (1989), the last two terms in
Equation 7.54 are negligible. Hence Equation 7.55 is obtained. This equation describes the data well with a

coefficient of variance of 3.3%.
k=1.06x 10" (g/v*)" ' Equation 7.55

The cell death rate data of Croughan ez a/. (1988) was measured at a constant microcarrier concentration of
0.1% (v/v) and an impeller speed of either 35 rpm or 150 rpm (impeller tip speeds of 0.10 and 0.42 ms’
respectively). In these experiments, the inert solids concentration was varied up to 2.9% (v/v). At 35 rpm,
negligible cell death rates were observed. Qualitatively, this is predicted by Equation 7.54 since at this low
agitation intensity, each of the terms is small. At 150 rpm, significant cell damage occurred and since only
®; was varied, Equation 7.54 reduces to Equation 7.56. A Least Squares analysis yielded values of 0.187
and 0.003 for E and F, respectively, with a coefficient of variance of 4.5% for this fit. Equation 7.56 thus
explains the linear dependence of the cell death rate on the inert solids concentration that Croughan ef al.
(1988) observed (Section 6.3.3).

k=E®;+F ' Equation 7.56
"In the experiments of Croughan and Wang (1989), performed at a moderately high microcarrier

concentration of 0.5% (v/v) and over the agitation intensity range of 35 to 150 rpm (impeller tip speeds of
0.10 to 0.42 m s™'), cell damage was only observed at the sufficiently high impeller speed of 150 rpm. Cell
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damage at 150 rpm results from both cell-eddy interactions and interactions between the attached cells and
microcarriers. It was, 'however, not possible to determine the values of B and n in Equation 7.54 from a

single data point.

Despite the fact that the values of B, D and n in Equation 7.54 could not be determined from the available
cell damage data, Equation 7.54 is consistent with the trends in the cell death rate data of Croughan et al.
(1988, 1989). The mechanistic model, presented in Section 7.4.3, can thus be applied to the animal cell-
microcarrier system when the model is altered to account for both the inert solid and microcarrier

concentrations.

7.6 Conclusions

In the development of a model which describes the first order disruption rate constants (k) from the slurry
reactor in the region of complete solids suspension, the applicability of existing cell damage and disruption
models was assessed. Models describing cell disruption in terms of the physical parameters of the system
predicted the measured first order disruption rate con.stants (k) in this work well, when modified to account
for both the solids concentration (®'°?) and either the impeller speed or the energy input per unit volume.
The alteration of the fluid turbulence structure at solids concentrations of 10% and 20% (v/v) and the
reduced response of the relatively large, dense silica particles to fluid eddies precluded the direct application
of existing mechanistic models to the cell disruption in the slurry reactor. These mechanistic models were
developed to describe the damage to animal cells immobilised on relatively small, neutrally buoyant
microcarriers (Croughan et al. 1987, 1988; Cherry and Papoutsakis 1988, Lakhotia and Papoutsakis 1992,
Yang and Wang 1992). However, a literature review (Nouri ef a/. 1987, Croughan et al. 1988, Caulet et al.
1996) indicated that interaction between the cells and fluid eddies is insignificant as a cell disruption
mechanism in this work. In addition, cell disruption from interaction between the cells and entrained
bubbles is negligible. Correlation of the first order disruption rate constants in this study with a redefined
Turbulent Collision Severity (TCS) expression (accounting for both the energy (o £%%) and the frequency

(a €23 ®?) of the collisions between the cells and solid particles) supports the experimental observation that
interactions between the cells and solid particles are the primary mechanism of cell disruption in the slurry

reactor.

Three new models were developed to describe the first order disruption rate constants (k) obtained on

agitation with the Rushton turbine using the slurry reactor. A modified mass transfer-type expression
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describes the first order disruption rate constant in terms of the solids volume fraction and the power input
per unit volume. In the second model, the power input term of the first model is replaced by a term
quantifying energy input per circulation through the impeller zone. The third model is a mechanistic model,
describing the types of collisions between the cells and solid particles that are responsible for the cell
disruption. It accounts for the frequency and magnitude of the collision force between the cells and the
solid particles. The excellent correlation of the k values in this work by these models verified that the

primary cell disruption mechanism in the slurry reactor is collisions between the cells and particulates.
Examination of the terms in the three new models allows the following conclusions to be drawn:

1. The circulation time term (t;) in the energy input expression of the second model suggests that
cell disruption primarily occurs in the impeller region. '

2. When the solids are completely suspended, cell disruption results from solid-cell-solid
collisions, solid-cell collisions and solid-cell-reactor collisions.

3. The solid-cell-solid collision mechanism is dominant in the slurry reactor as a cause of cell
disruption. The significance of this mechanism increases as the solids loading is increased and

remains unaffected by changes in the agitation intensity.

These models were further validated by applying them to the cell disruption data generated using the
pitched-blade turbine in the slurry reactor, and to cell damage data from the animal cell-microcarrier system
(Croughan et al. 1988, 1989; Croughan and Wang 1989). The applicability of the mass transfer-type model
to the first order disruption rate constants (k) from the pitched-blade turbine implies that for a given power
input above the critical impeller speed, the same cell disruption rate results independently of the flow
pattern type. It further indicates that the same mechanism of cell disruption applies to cell breakage from

the two impellers in the regime of complete solids suspension.

Application of the new cell disruption models to the death rates of animal cells is justified since the death
rate of the animal cells is essentially a measure of their disruption rate (Section 6.3.3). The new mechanistic
model can be applied to the animal cell-microcarrier system when the model is altered to differentiate
between inert solids and microcarrier particles. It was not possible to establish all the constants in the model

as a result of insufficient cell damage data at impeller tip speeds above 0.3 ms™ and solids concentrations
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above 0.5% (v/v). However, the model describes the trends in the cell death rate data of Crdughan el al.

(1988, 1989) well.



Chapter 8: Modelling Cell Disruption when the Solids

are Incompletely Suspended

8.1 Introduction

In this chapter, modelling of the first order disruption rate constant (k), in terms of the solids volume
fraction () and the power input per unit volume (P/V), is discussed for the region of incomplete solids
suspension. Models are developed for two systems: the slurry reactor in this study operated at speeds below
the critical impeller speed, and the bead mills (Section 2.1.4) used by Mogren ef al. (1974), Rehacek and
Schaefer (1977) and Schutte ef al. (1986). Although both these systems involve the use of inert solid
particles to disrupt freely suspended cells, they differ with respect to the degree of suspension of the solid
particles. In the slurry reactor, at impeller speeds below the critical impelier speed, the solid particles are
only partially suspended. An increase in the agitation intensity below the critical impeller speed, increases
the ratio of suspended solids to solids remaining on the vessel base. At the high solids volume fractions of
approximately 45% (excluding interstitial volume) used in bead mills, all the solid particles are
unsuspended. Kinetic energy is imparted to the solid particles by the motion of a number of discs mounted
on the central shaft of a horizontally or vertically oriented grinding chamber (Section 2.1.4). The solid
particles are accelerated in a radial direction, forming stream layers of different velocity. Cell disruption is
achieved by the combined action of collisions and grinding between these stream layers of solid particles
(Rehacek and Schaefer 1977, Kula and Schutte 1987).

The chapter begins with a review of the existing cell disruption models for the slurry reactor in the
incompletely suspended solids regime. The mechanisms of cell disruption in this regime are discussed.
These are used to develop a predictive model which describes the first order disruption rate constants
obtained in this study on agitation with the Rushton turbine or the pitched-blade turbine. Modelling of cell
disruption in bead mills is then addressed. An existing model, developed to describe the extent of cell
disruption in a bead mill, is presented and is extended to include the effects of solids concentration and cell
concentration. The applicability of a mass transfer-type model to describe the rate of cell disruption in a

bead mill is also assessed.
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’

8.2 The Slurry Bioreactor _

8.2.1 Literature Models of Cell Disruption

A literature search of models, developed to describe cell disruption in 'slurry reactors in the regime of
incomplete solids suspension, revealed that the only model was that of Pearce (1993). As discussed in
Section 2.2.3, Pearce (1993) determined a power law relationship between the first order disruption rate
constants (k) of Saccharomyces cerevisiae in a slurry reactor and the impeller speed, over a range which
straddled the critical impeller speed (Equation 2.2). Although the model describes the first order disruption
rate constants below the critical impeller speed relatively well (R” = 0.953),.it only applies to a 20% solids

volume fraction.

k = 1278 x 10° N | | Equation 2.2

The inadequacy of an expression of the form of Equation 2.2 was further illustrated by application to the k
values in this work, determined on agitation with the Rushton turbine at speeds below the critical impeller
speed. The expression was fitted to three data sets: agitation at 10% solids (v/v), agitation at 20% solids
(v/v), and the combination of these two data sets. The constants obtained and the respective correlation
coefficients are presented in Table 8.1. The power law expression describes the first order disruption rate
constants relatively well at a constant solids volume fraction. However, the poor fit of this expréssion to the
combined 10% and 20% solids (v/v) data confirms the need to account for both the impeller speed and the .
total solids concentration in the cell disruption model. Comparison of the correlation coefficients in Table
8.1 at either 10% or 20% solids (v/v) with those of the corresponding expressions for the completely
suspended solids regime (Table 7.1) shows that an expression of the form of Equation 2.2 provides a poorer
fit to the data at speeds below the critical impeller speed. This n;ay result because the model does not
account for the relative quantity of unsuspended solids as a function of the impeller speed. It is shown in
Section 8.2.3 that this is an important consideration in modelling the cell disruption in the slurry reactor in

the incompletely suspended solids regime.
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Table 8.1, Constants and correlation coefficients of power law expression, k = A N°, applied to k

values from agitation intensity experiments.

Data Set A . b . R’

10% Data 2.63 x 10" 3.20 ' 0.901
20% Data 8.16 x 102 | 2.86 10963
10% ;nd 26% Data 551x10™® 5.22 0.516

8.2.2 Mechanisms of Cell Disruption

The suitability of the mass transfer-type model, developed for the completely suspended solids regime, was
assessed. This model is presented in Equation 7.38 and Equation 7.53 (Chapter 7) for the two physiological
states of yeast used. In applying this model to the k values below the critical impeller speed, the total solids
volume fraction (®1) of either 0.10 or 0.20 was used for the ® term. Figure 8.1 represents the parity chart,
comparing the measured and predicted k values for both the Rushton and pitched-blade turbines. Equation
7.38 and Equation 7.53 overpredict the measured k values in the incompletely suspended solids regime.
This was anticipated since these equations describe the cell disruption in terms of collisions between the
cells and suspended solid particles (Section 7.4.1). In the incompletely suspended solids regime, only a

fraction of the solid particles are suspended and this fraction varies with the agitation intensity,

7.11 % 10° (P/V)0 @' & | Equation 7.38
8.92 x 107 (P/V)** @' % . Equation 7.53

-
il

il

The applicability of Equation 7.38 and Equation 7.53 was re-assessed in the incompletely suspended solids
- regime, using the volume fraction of suspended solids (@) for the @ term. To estimate the volume fraction
of suspended solids as a function of the impelier speed, Equation 5.7 and Equation 5.8, respectively, were
“used for the Rushton and pitched-blade turbines to calculate B, the percentage mass of solids in suspension
per mass of liquid (Section 5.4). Equation 8.1 was used to convert B to the volume fraction of suspended
- solids (®). '
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B= _p_s_CD_(lOﬁ Equation 8.1

p(1-@)
where p is the density of the yeast suspension (kg/m’®) and p; is the density of the silica particles (kg/m’).
Figure 8.2 represents the parity chart which compares the measured k values to those predicted by Equations
7.38 and 7.53 when the volume fraction of suspended solids (®) is used for the ® term. There is poor
agreement between the measured and predicted first order disruption rate constants.. To understand this, the
percentage of suspended solids, calculated using Equation 8.2, was plotted as a function of the impeller
speed for the Rushton and pitched-blade turbines (Figure 8.3).

Volume fraction of suspended solids |

% Solids Suspended = : . x100
: Total volume fraction of solids
()]
=—ux100 Equation 8.2
@, , ‘
0.00035 -
0.0003 | o
@ 000025 ¢ D o
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(] "
S 0.00015 - ® g kp, 20% solids, PTD
3 | —
&  0.0001 I s
0.00005 |
¢
0 ~ . — —
0 000005 0.0001 0.00015 0.0002 0.00025
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Figure 8.1. Parity chart comparing experimental k values and those predicted by Equation 7.38
(initial yeast batches) and Equation 7.53 (physiologically changed yeast).
k, signifies the predicted' k values, k,, signifies the measured k values. The total solids

volume fraction of either 0.10 or 0.20 was used for the ® term in the calculation of k,,.
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Figure 8.2. Parity chart comparing experimental k values and those predicted by Equation 7.38
and Equation 7.53.
k, signifies the predicted k values, k,, signifies the measured k values. The volume fraction
of suspended solids was used for the @ term in the calculation of k.
100 6 ©
90 -
g 80 1
2 ‘
@ i
2 601 |e 10% solids, DT ;
2 501 | 20% sofids, DT
8 40 {0 20% solds, PTD
- o L
S 3 1 .
R 204 °
° o
10 ¢ 0
o
0 : * — : : :
0 100 200 -300 400 500 600 700
Impeller speed (rpm)

Figure 8.3.

Percent solids suspended for the Rushton (DT) and pitched-blade (PTD) turbines as a
function of the impeller spéed.
Data at both 10% and 20% (v/v) total solids are included.
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Figure 8.3 shows that for both the Rushton and pitched-blade turbines, less than 36% of the solid particles
are suspended at the impeller speeds used in this study below the respective critical impeller speeds. These
suspended solids contribute less than 40% to the overall cell disruption rate constant (Figure 8.2). This
suggests that the unsuspended solid particles contribute significantly to the cell disruption in the slurry
reactor. It is postulated that the mechéni.sm by which this occurs is the grinding action of adjacent -
unsuspended solid parﬁcles. The existence of a grinding mechanism betweeen layers of adjacent particles
of different velocity is supported by the work of Funk and Dinger (1994). At speeds below the critical
impeller speed, the shurry reactor can thus be considered to consist of two regions which are characterised
by different cell disruption mechanisms: an upper region, where all the solid particles are suspended and
where cell disruption results from solid-cell-solid collisions, solid-cell collisions and solid-cell-reactor
collisions (Section 7.4.3), and a lower region, where the solids are not suspended and where cell disruption

results from the grinding action of adjacent solid particles.

~ 8.2.3 Modelling the Cell Disruption

In this section, a predictive model is developed to describe the first order disruption rate constants (k) from
the slurry reactor at speeds below the critical impeller speed. Factors that affect the first order disruption
rate constant in the incompletely suspended solids regime are discussed before the model is presented. In
Section 8.2.2, the suitability of the mass transfer-type model, developed for the completely suspended solids
regime, was assessed for the k values measured at speeds below the critical impeller speed. Since Equation
7.38 and Equation 7.53 did not describe the k values well (Figure 8.1), a generalised form of the mass

transfer-type expression was applied to the k values at 0.10 and 0.20 total solids volume fractions (®Dy):
k= A (P/V)* (®1)° Equation 7.37

A Least Squares analysis (Appendix H) yielded values of 2.89x10”, 1.24 and 4.16 for A, b and c
respectively. A coefficient of variance of 73.5% was obtained for this fit. The poor agreement between the
measured and predicted k values, especially at the larger values of k, is illustrated in the parity chart (Figure
8.4). At the lower k values, few of the solid particles are suspended (Figure 8.3) and it is therefore not
. necéssary to differentiate between the suspended and unsuspended solid particles. Use of a total solids
volume fraction (®r) describes the data relatively well. However, at the larger k values, the power input per
uﬁit volume is greater with the result that the suspended solids are more significant (Figure 8.3). The poof
agreement of this model with the larger k values therefore suggests that, in the modél, the volume fraction of

suspended solids needs to be considered separately from the unsuspended solids in the slurry reactor.
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Figure 8.4. Parity chart comparing experimental k values and those predicted by the expression,
k = 2.89x10° (P/V)'** (d)**¢, '
Data from the disruption experiments, performed with the Rushton turbine at 0.10 and 0.20

total solids volume fraction (®r), are shown.

‘To distinguish between the volume fraction of suspended and unsuspended solids, the contribution to the
first order disruption rate constant from collisions between the cells and suspended solid particles (Keoliision)
was differentiated from the rate of cell disruption from the grinding action of adjacent unsuspended solid
particles (Kging). Equation 7.38 and Equation 7.53 were used to quantify K.ision (depending on the yeast
batch used). The volume fraction of suspended solid particles (D) was used for the ® term in this
calculation (Section 8.2.2). Kgina was defined as the difference between the measured k values and the

corresponding values of kegision-

Figure 8.5 shows the variation of the kg ing values as a function of the volume fraction of unsuspended solid
particles for the disruption experiments performed with the Rushton turbine at 0.10 and 0.20 total solids

‘volume fraction (®1). The volume fraction of unsuspended solids was calculated from Equation 8.3.

(Volume fraction of ) (T otal solids ] (Volume fraction of]
unsuspended solids, ~ \volume fraction suspended solids
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Hence:

(Volume fraction of J o - .
unsuspended solids ST Equation 8.3
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Figure 8.5. Rate of cell disruption from grinding of the cells by adjacent unsuspended solid
particles (Kgina) as a function of the volume fraction of unsuspended solids.
Data from disruption experiments, performed using the Rushton turbine (DT) at 10% and

20% (v/v) total solids, are shown.

The discontinuity in Figure 8.5 between the data at 0.10 and 0.20 total solids volume fraction (®y) results
from the difference in the power input per unit volume. At a 0.13 volume fraction of unsuspended solid
particles and a total solids volume fraction of 0.20, the power input per unit volume is 1878 W m>,
However, at a 0.10 volume fraction of unsuspended solids and a toial solids volume fraction of 0.10
(negligible solids suspension), the power input per unit volume is 163 W m™. Visual observation of the
unsuspended solid particles in the tank showed that approximately 85% of the unsuspended solid particies
were stationary at 163 W m>, whereas the entire bed of unsuspended solid particles was involved in
grinding at the data point where the power input per unit volume was 1878 W m™. This, in addition to the
greater momentumn of the solid particles at 1878 W m™, account for the larger value of kging at this point.
The existence of stagnant regions in the unsuspended solid bed at low values of the power input per unit
volume also explains the decrease of kgi,g with increasing volume fraction of unsuspended solids at a

constant total solids volume fraction (Figure 8.5). As the power input per unit volume is increased, solids
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suspension increases and a greater fraction of the unsuspended solid particle bed is involved in the grinding

action.

To describe the first order disruption rate constants (k) in the incompletely suspended solids regime, it is
necessary to account for different impeller flow patterns. To overcome the effect of the physiological
change in the yeast on the first order disruption rate constants (k) (Section 6.2.3), the ratio, Keoision/Kiota, Was
considered, where ki is the measured first order disruption rate constant. Since expressions for Kegision
were developed for the initial (Equation 7.38) and physiologicaﬂy changed (Equation 7.53) yeast batches,
use 6f the ratio, KeoliisionKeotal, allows comparison to be made between the cell disruption from the Rushton

and pitched-blade turbines.

The relationship between the ratio, Kepision/Kowal, and the power input per unit volume is shown in Figure 8.6
for the Rushton and pitched-blade turbines. An increase in the power input per unit volume increases the
volume fraction of suspended solids (Figure 8.7). It has been shown that koysion increases with both the
power input per unit volume and the volume fraction of suspended solids (Section 7.4.1). Figure 8.6 also
shows that at a fixed power input per unit volume and a total solids volume fraction of 0.20, the ratio,
Keohision/Krota, 15 slightly greater for the pitched-blade turbine than for the Rushton turbine. This accords with
the slight increase in solids suspension (~ 3%) found on using the pitched-blade turbine at a fixed power
input below the critical impeller speed, compared to the Rushton turbine (Figure 8.7). Comparison of the
values of kegpiision/Kiotar in Figure 8.6 for the Rushton turbine at 10% and 20% (v/v) total solids, at a fixed
power input per unit volume, shows that kepision/Kiorar 1S greater at 10% total solids concentration. At a fixed
power input per unit volume at these two total solids concentrations, Equations 5.7 and 8.1 predict the same
volume fraction of suspended solids. Hence the values of keyision (Equation 7.38) are the same. This
suggests that the contribution of the grinding mechanism to the cell disruption is greater at 20% total solids
(v/v). At this solids loading, the impeller is partially submerged in the stationary silica bed (C = 57 mm
(Section 3.2); silica bed depth ~ 57 mm). However, at 10% total solids, the impeller clearance above the

top of the stationary bed is 28 mm. Hence a greater amount of grinding occurs at 20% total solids.

A predictive model was developed which describes the values of kgopision/Kiota fOr the Rushton and pitched-
blade turbines in terms of the volume fraction of suspended solids (®) and the operating parameters: the
total solids volume fraction (®r) and the power input per unit volume (P/V). The former was calculated

using Equations 5.7, 5.8 and 8.1 (Section 8.2.2). An expression of the form:
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136

kco ision (D
—collsion. — 60.4 ~ —
@, - 118x107 (P/V)

Total

Equation 8.4

was found to fit the values of keision/kiotat With a coefficient of variance of 4.1%. The parity chart, showing
the excellent agreement between the calculated and predicted values of Keopision/Kiotai, 1S Shown in Figure 8.8.
Hence knowing the impeller power input and impeller speed at a total solids volume fraction of 0.10 to
0.20, and the impeller type (to enable calculation of suspended solids), the value of kgyision/Kiotal Can be
predicted. Since the value of keision can be calculated from either Equation 7.38 or Equation 7.53, the
value of ki can then be determined. The constraint of Equation 8.4 is that it can only be applied at

impeller speeds below the respective critical impeller speeds.

40 ry
35 1
30 +

57 [ 10% sofids, DT
20 + © 20% sokds, DT I
0 20% sofids, PTD,

15 | o

kcollision/ ktotal (0/0)

!
10 a
°

0 500 1000 1500 2000

PIV (Wim®)

Figure 8.6. Relationship between the ratio, Keonision/Keotay and the power input per unit volume for
the Rushton (DT) and pitched-blade (PTD) turbines.
Data from disruption experiments performed at both 10% and 20% (v/v) total solids are

included.
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Figure 8.7. Volume fraction of suspended solids as a function of the power input per unit volume
for the Rushton (DT) and pitched-blade (PTD) turbines.
Volume fraction of suspended solids is calculated according to Equations 5.7, 5.8 and 8.1.
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Figure 8.8. Parity chart comparing calculated values of Kconision/Kiott a0d those predicted by

Equation 8.4.
Data from the disruption experiments performed at 10% and 20% (v/v) total solids, and

using the Rushton or pitched-blade turbines, are included.
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8.3 Bead Mills

As mentioned in Section 8.1, bead mills are fundamentally diffemnt from slurry reactors in that all the solid
particles are unsuspended and cell disruption is caused by collisions and grinding between stream layers of
solid particles of different velocity (Kula and Schutte 1987). In the slurry reactor system, when the solid
particles are partially suspended, cell disruption is caused by collisions between the cells and suspended
solid particles and by the grinding action of adjacent unsuspended solid particles (Section 8.2.2). However,
asin 'the slurry reactor system, cell breakage in bead mills follows first order kinetics with respect to protein

release (Engler 1985, Schutte ef al. 1986, Harrison 1991). In bead mills operated in batch mode, this is

répresented by:
En( R J =kt
R -R
OR R =R;(l-exp(-k t)) : Equation 6.8

where R is the soluble protein released at time t (mg protein / g cell), R; is the maximum soluble protein
released under the operating conditions (mg protein / g cell), and k is the first order disruption rate constant
(s’). For continuous operation, the kinetics of cell disruption has been expressed by viewing the mill as a

series of CSTRs (Limon-Lason et al. 1979):

(R,}E RJ ) [l ' k_zT]j

1 k)’ | .
OR m =14+ — Equation 8.5

where 1 is the mean residence time (s) and j is the number of CSTRs in series.

8.3.1 Literature Models of Cell Dis'ruption

A review of the bead mill literature showed that no model has been developed to describe the first order
disruption rate constant, k, in terms of the system parameters, such as the power input per unit volume and
the solids concentration. However, the degree or extent of cell disruption, R/R;, in bead mills has been

successfully correlated with the energy input per unit volume (E) by Reuss (1988). In continuously
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operated systems, this is defined as the ratio of the power input (P) to the biosuspension flow rate through
the mill (Q) whereas in systems operated in batch mode, the energy input per unit volume is ca]culaied as
Pt/V. Here, V is the reactor volume and t is the time of cell disruption. Figure 8.9 shows the relationship
between R/R; and P/Q obtained by Reuss (1988), using the cell disruption data of Mogren et al. (1974).
The mathematical form of this relationship was not presented by Reuss. Reuss (1988) also did not account
for the vanation of the cell concentration (c) in this correlation since this effect contributed less than 10% to -
the overall value of R/R;. The correlation of Reuss (1988) is extendedvin Section 8.3.2.2 to account for the

effect of biomass concentration.
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Figure 8.9. Correlation between the extent of disruption of Saccharomyces cerevisiae in a bead
mill and the energy input per unit volume (P/Q) (Reuss 1988).
Correlation determined using experimental data of Mogren et al. (1974). c signifies the cell

dry weight concentration in kg m™.

A shortcoming in the correlation of Reuss (1988) is that it does not account for the solids concentraﬁdn,
which has a significant effect on cell disruption in bead mills (Currie et a/. 1972). As a result, it does not
adequately describe the extent of cell disruption in bead mills where the solids volume fraction is varied.
This is illustrated in Figure 8.10, where the correlation of Reuss (1988) has been applied to the data of
Rehacek and Schaefer (1977). These workers investigated the disruption of Saccharomyces cerevisiae in a

Netzsch LM20 bead mill over the solids concentration range of 46 to 54% (v/v) and a biosuspension flow
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rate range of 1.39 x 10™ t0 5.56 x 10° m® s™. This shortcoming in the correlation of Reuss is addressed in

Section 8.3.2.2.
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Figure 8.10. Correlation of bead mill data of Rehacek and Schaefer (1977) with the parameter of
Reuss (1988). |

8.3.2 Modelling the Cell Disruption

8.3.2.1 Modelling the First Order Disruption Rate Constant

The applicability of an expression of the form of the mass transfer-type model (Equation 7.37.) to the first
order disruption rate constants measured in bead mills was assessed. Since the solid particles are
unsuspended in bead mills, the solids volume fraction is denoted by @y in this expression to differentiate it

from the volume fraction of suspended solids (®), used in modelling the cell disruption in the slurry reactor.
k=A((P/V) Dy Equation 7.37
No data could be found in the bead mill literature where the solids volume fraction and agitation intensity

were varied simultaneously at a constant biosuspension flowrate, particle size, impeller configuration and

cell concentration. Currie et al. (1972) determined the first order disruption rate constants of
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Saccharoniyces cerevisiae over a solids concentration range of 21 to 47% (v/v) at a constant impeller speed,
biosuspension flow rate, particle size, impeller configuration, cell concentration and temperature. However,
Equation 7.37 cannot be applied to the data of Currie ef al. (1972) since these workers do not present the
total power consumption data of the bead mill as a function of the solids concentrétion (Engler 1985). The
only suitable data found for the application of Equation 7.37 was that of Schutte e al. (1986). These
workers established the effect of agitation intensity, over the range of 700 to 4500 rpm (impeller tip speeds
of 5.1 to 15.0 ms™), on the first order disruption rate constants of Saccharomyces cerevisiae at a constant
solids loading, biosuspension flow rate, glass bead diameter, impeller configuration and cell concentration.
Equation 7.37 was thus applied to two of the bead mills used by Schu&e et al. (1986): a Netzsch Molinex
LME 20 bead mill and a Netzsch Molinex LME 20 “double disc” bead mill. The Netzsch Molinex LME 20
bead mill consists of 16 agitator discs, arranged eccentrically on the central shaft as shown in Figure 8.11
(a). In the Netzsch Molinex LME 20 “double disc” bead mill, two agitator discs are used to form one
double disc. A total of 10 double discé are arranged on the stirrer shaft (Figure 8.11 (b)).

(a) (b)

Figure 8.11. Impeller configuration in (a) the Netzsch Molinex LME 20 bead mill and (b) the
Netzsch Molinex LME 20 “double disc” bead mill (Schutte et al. 1986).

The regressions obtained from Least Squares fits (Appendix H) of Equation 7.37 to the data of Schutte ez
al. (1986) are summarised in Table 8.2 with their corresponding coefficients of variance. The data of
Schutte et al. (1986), used in these regressions, are included in Appendix J. Table 8.2 shows that a mass

transfer-type expression describes the first order disruption rate constants of Schutte er al. (1986) well.
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Energy balances were performed to determine the maximum values of the exponents of (P/V) in Equations
8.6 and 8.7 and hence to validate the respective best-fit values of 0.66 and 1.04. For the sixteen impellers
of the Netzsch Molinex LME 20 bead mill, the impelleri speed (N) is directly proportional to P®” (Schutte
et al. 1986). If all the energy were transferred from the impellers to the solid particles in the bead mill, the
first order disruption rate constant (k) would be proportional to N? (Equation 7.42). This implies that the
maximum value of the exponent of (P/V) for the Netzsch Molinex LME 20 bead mill is 1.58. Similarly, for
the twenty impellers of the Netzsch Molinex LME 20 “double disc” bead mill, the impeller speed (N) is
directly proportional to P*** (Schutte ef al. 1986) and the maximum value of the exponent of (P/V) is 1.60.
The greater magnitude of these calculated maximum values compared to the respective best-fit values in

Equations 8.6 and 8.7 verifies their magnitude.

The greater exponent of (P/V) for the Netzsch Molinex LME 20 “double disc” bead mill, compared to the
Netzsch Molinex LME 20 bead mill, méy be attributed to the greater number of impellers in the former
mill. The geometrical design and configuration of the impellers in the bead mills also affect the transfer of
kinetic energy to the grinding elements and the mean residence time of the suspension in the grinding
chamber (Kula and Schutte 1987). Therefore, although the grinding chambers and biosuspension flow rates
are identical for the two bead mills of Schutte et al. (1986), the mean residence time of the suspension is
greater for the “double disc” impeller configuration (Schutte et a/. 1986) and consequently more energy is
transferred from the agitators per unit volume of suspension. The different exponents obtained for the (P/V)
term in Equation 7.37 for different impeller configurations in bead mills contrasts with the slurry reactor
system where the same exponent of (P/V) was obtained for the Rushton and pitched-blade turbines (Section
7.5.1) at speeds above the critical impeller speed.
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Table 8.2 Application of Equation 7.37 to the bead mill data of Schutte ez al, (1986).

Model Properties Netzsch Molinex LME 20 bead | Netzsch Molinex LME 20
mill “double disc” bead mill
Data source Schutte et al. (1986) Schutte et al. (1986)
Conditions Volume = 0.0227 m® Volume = 0.0227 m®
4625 <P <7625 W 4375 <P <6500 W
(DU =045 (DU =045
Q=493x10"m’s’ Q0=493x10°m*s"
d, = 500-850 pm d, = 500-850 pm
c=400kgm> * c=400kgm™ *
Model _ k = 5.55 x 10 (P/V)*% k =8.84 x 107 (P/V)1*
Coefficient of Variance (%) | 09 1.7
Equation Number 8.6 8.7
* Wet weight

8.3.2.2 Modelling the Extent of Cell Disruption

In the previous section, it was shown that the first order disruption rate constants (k) in bead mills,
determined at a constant biosuspension flow rate, glass bead diameter, impeller configuration and cell
concentration, are described by a mass transfer-type model. In the bead mill literature, cell disruption has
also been reported in terms of an extent of cell disruption (R/R;) as opposed to a rate (k) of cell disruption
(Mogren et al. 1974, Rehacek and Schaefer 1977, Schutte ez a/. 1983). -In continuously operated bead mills, '
these parameters are related by Equation 8.5. However, since the residence time distributions are not

presented for a number of these bead mills, it is not possible to determine the equivalent number of CSTRs
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in series (j) and hence to convert R/Ri to k. The correlation of Reuss (1988) (Section 8.3.1) waé thus
extended in this work to describe the extent of cell disruption (R/R;) in terms of the solids volume fraction
(®y), the biomass concentration (c¢) and the energy input per unit volume (P/Q). This relationship was
applied to the data of Mogren et al. (1974) and Rehacek and Schaefer (1977) (refer to Appendix J for data
as a function of the operating parameters) and to the extent of cell disruption determined in this study using
the slurry reactor and the Rushton turbine at 10% and 20% total solids (v/v) and at speeds greater than the
critical impeller speed (Section 6.4).

A Weibull function with an exponent of 3 (Equation 8.9) described the data of Mogren et al. (1974) and
Rehacek and Schaefer (1977) well and provided a relatively good description of the extent of cell disruption
from the slurry reactor at speeds greater than the critical impeller speed. The Weibull function is suitable
for describing “S” shaped curves and the “S” shaped dependence of R/R; on In(P/Q** " @°Xspan dXspany for
each of the data sets is clearly seen in Figure 8.12. The two parameters of Equation 8.8 have physical
meaning: Xuin is the value of the x-intercept; and X, is a parameter that determines the width of the #S”
function. However, in fitting the Weibull function to the data using a Least Squares Analysis (Appendix H),
it was not possible to decouple these parameters (Equation 8.9). Values of the parameters in Equation 8.9

are shown in Table 8.3 for each data set with the corresponding coefficient of variance from: fitting this

expression.
B 3
R .o n((P/ Q)" @* ¢*)- X,
— =10041-exp| - Equation 8.8
[\)7‘ Xspan '
. r ¥ 3
-;212— = 100 < 1 - exp _(ln((P/ Q)d/,\’_gpan ¢b/Xspan cd/,\'span) _ _mm_] Equation 8.9
i - ‘span

Direct comparison of the model parameters (Table 8.3) for the three data sets is not possible as a result of
the difficulty in decoupling X, and X,pun and hence in calculating the values of a, b and ¢. However, the .
ratio of b/Xspan t0 a/X, for the slurry reactor (1.65) (Table 8.3) is consistent with the ratio of the
corresponding exponents (1.79) in the Energy Input Model (Secﬁon 7.4.2). Table 8.2 indicates that the
exponent of (P/V)is of a shniiar order of magnitude for bead mills and the slurry reactor, despite variations

in the geometric configuration of the bead mills. The large value of 5.99 for the ratio of b/Xpa, t0 a/Xspan
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for the bead mill of Rehacek and Schaefer (1977) (Table 8.3) therefore suggests that the value of b is larger
in this system than in the slurry reactor system, operated in the region of complete solids suspension. The
value of b indicates the types of iﬁteractions between the cells and solid particles responsible for cell
disruption (Section 7.4.3). It is therefore postulated that the larger value of b for the bead mill system of
Rehacek and Schaefer (1977) results from both collisions and shear forces between the stream layers of
solid particles contributing to the cell disruption. The exponent of the biomass concentration term (d/Xspan),
obtained on regressing the bead mill data of Mogren et al. ( 1974); is 4% of the exponent of the energy input
term (a/Xgan). This accords with the small effect of cell concentration on the extent of cell disruption,

reported in the bead mill literature (Limon-Lason e al. 1979, Kula and Schutte 1987).

100 % .
90 + ©
80 o Mogren et al. (1974)
~ 10 1 (w] y )
X 601 0 Rehacek an
= S0 e 8 Schaefer (1977)
T
s 40 1 ‘ A Slurry Reactor
30 | ry
201
10 ¢ i
0 ,. :
0 2 4 ' 6

In((PIQ)a/Xspan phibIXspan cd/Xspan)

Figure 8.12. Relationship between the extent of disruption (R/R;) and In((P/Q)* ™" @°Xran
c¥XsPam) for the bead mills of Mogren et al. (1974) and Rehacek and Schaefer (1977)
and the slurry reactor of this study, operated at speeds above the critical impeller
speed. '

Parameters defined in nomenclature.
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Table 8.3 Constants and coefficients of variance of Equation 8.9, applied to the extents of cell
disruption from bead mills (Mogren e al. 1974, Rehacek and Schaefer 1977) and
from the slurry reactor of this work.

Model Properties Dyno-Muhle KD-5 bead | Prototype 1 of Netzsch | Slurry reactor (Rushton

mill LM 20 bead mill turbine, N>Njs)

Data source Mogren et al. (1974) This Study

Conditions

Model
a/Xpan
b/Xspan
d/Xpan
Xomin/Xspan

Coefficient

Variance (%)

of

Volume = 0.0044 m’
5650 <P< 12370 W

&y =0.50

1.64x107° < Q < 1.36x10™
m’ s’

d, = 500-750 pm

60 < ¢ <160 kg m™

0.27

0.01
3.79

4.9

Rehacek and Schaefer
(1977) ‘

Volume = 0.019 m*

5880 <P <8560 W
0.46< dy <0.54
1.39x10° < Q £ 5.56x10°°
m’ s’

d,=318-418 um
c=150kgm>

0.23

1.39

2.23

43

Volume = 0.00245 m’
3.8<P<268W

0.10< @ <0.20

5.24x10°® <V/t <2.04x107
m’s’

d, = 600-850 pm
¢=528kgm>

0.27
0.44
2.56

12.9
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8.4 Conclusions

Modelling the first order disruption rate constants, determined at speeds below the critical impeller speed in
the slurry reactor, was first approached by applying a model developed by Pearce (1993). The
inapplicability of this model to the combined disruption data at 10% and 20% (v/v) solids motivated the
development of a new model. Application of the mass transfer-type model (Section 7.4.1), developed for
the completely suspended solids regime, to the first order disruption rate constants measured below the
critical impeller speed indicated that unsuspended solid particles in the slurty reactor contribute significantly
to the cell disruption. At speeds below the critical impeller speed, the sluiry reactor was therefore
considered to consist of two regions, characterised by different cell disruption mechanisms: an upper region
where all the solid particles are suspended and cell disruption results from collisions between the cells and
sohid particles; and a lower region where the solid particles are not suspended and cell disruption results

from the grinding action of adjacent particles.

In the incompletely suspended solids regime in the shurry reactor, an increase in impeller speed increases the
volume fraction of suspended solids as well as the fraction of the unsuspended solid bed involved in
grinding. In addition, at a fixed global power input to the shurry reactor when using the Rushton turbine, the
mass of unsuspended solids involved in grinding is greater at 20% total solids (v/v) than at 10% total solids
(v/v). A mechanistic model of the cell disruption needs to account for these factors, in addition to the
momentum of the solid particles and the fact that the pitched-blade turbine suspends more solids than the

Rushton turbine at a fixed power input.

A predictive model was developed which describes the overall first order disruption rate constants for both
the Rushton and pitched-blade turbines as a function of the rate of cell disruption from collisions between
the cells and suspended solid particles (Keonision), the volume fraction of suspended solids (®) and the
operating parameters: the total solids volume fraction (®r) and the power input per unit volume (P/V). This
relationship has been validated at a total solids volume fraction of either 0.10 or 0.20.

A literature review showed that no models have been developed to describe the first order disruption rate
constants (k) in bead mills as a function of the operating parameters. The applicability of a mass transfer-
type expression to the k values, determined by Schutte ef al. (1986) for the Netzsch Molinex LME 20 bead
mill and the Netzsch Molinex LME 20 “double disc” bead mill, was therefore assessed. This expression

describes the variation in the k values with the power input per unit volume well. The scarcity of data in the
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bead mill literature describing k as a function of the solids concentration and the power input per unit
volume precluded the application of this expression to other bead mill systems. The exponent of the power
input per unit volume term is a function of the number, geometrical design and configuration of the

" impellers.

Cell disruption in the bead mill literature is also expressed in terms of the extent of cell disruption (R/R;).
Conversion of R/R; to k in continuously operated systems requires the residence time distribution of the
bead mill. The lack of residence time distribution data for a number of bead mill systems motivated the
development of a model which would describe R/R; in terms of the operating parameters. The correlation
of Reuss (1988), describing R/R; as a function of the energy input per unit volume (E), was extended in this
work to include the effect of solids concentration and biomass concentration. Using the bead mill data of
Mogren et al. (1974) and Rehacek and Schaefer (1977), a Weibull function with an exponent of 3 was
found to describe this relationship. This function further provided a relatively good description of the
extent of cell disruption from the slurry reactor using the Rushton turbine at speeds greater than the critical

impeller speed and total solids concentrations of 10% and 20% (v/v).

Although it was not possible to decouple all the parameters in the Weibull function, the ratio of the
exponents of the energy input and solids concentration terms for the slurry reactor data was consistent with
the corresponding ratio in the Energy Input Model (Section 7.4.2). The larger exponent of the solids
concentration term, obtained for the bead mill system compared to the slurry reactor system in the
completely suspended solids regime, was attributed to the additional mechanism of grinding in bead mills.

Cell concentration had a small effect on the extent of cell disruption in bead mills.
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The damage to and disruption of microbial cells by hydrodynamic stress is an important consideration in
biological processes owing to the detrimental effect on the productivity of processes where cells are
cultivated. Furthermore, cell disruption may be required in downstream processing for the release of
intracellular products. This dissertation has been concerned with a study of the disruption of freely
suspended Saccharomyces cerevisiae using biologically inert silica particles in a stirred tank reactor in the
absence of aeration. The results from this study find application in bead mill systems, minerals:
bioprocessing, soil bioremediation and immobilised biocatalyst systems, where cells and particulates are
used. While the effect of completely suspended solid particles on cell damage and disruption is relatively
well understood in animal cell-microcarrier cultures and immobilised ce]]' systems, little work has been
performed to investigate the effect of incompletely suspended solids on cell disruption. This work provides
added understanding and modelling of the disruption kinetics of freely suspended cells in the incompletely
and completely suspended solids regimes, as a function of the solids loading, agitation intensity and
impeller flow pattern. The major findings from this investigation are summérised in this chapter.
Thereafter, recommendations regarding solids suspension and cell disruption in a slurry reactor are made.
Areas in which additional research .rﬁay yield fruitful results on cell damage and disruption in particulate

systems are discussed.

9.1 Conclusions

To establish the effect of incompletely and completely suspended solid particles on cell disruption, the
solids suspension in the stirred tank needed to be quantified as a function of the solids loading, agitation
intensity and impeller flow pattern. A literature review revealed that solids suspension could be quantified
either in terms of the degree of solids homogeneity or the critical impeller speed.‘ The cntical impeller
speed is defined as the speed at which the transition from the incompletely to the completely suspended
'solids regimes occurs. Since the critical impeller speed is a more direct and easier measure of this transition
point, it was chosen as the method to quantify solids suspension in this study. The critical impeller speed
can also be related to the operating parameters using correlations of the form of Zwieten'ng (1958) and
Takahashi ef al. (1993). An expression relating the volume fraction of suspended solids to the impeller

speed was reqﬁired in modelling the cell disruption.

For the Rushton turbine, the critical impeller speed (N)s) was measured at 5%, 10%, 15%, 20% and 40%

solids (v/v) by visual observation and from the maxima in curves of the power number (N,) as a function of
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the impeller Reynolds number (Ngg). Measurements of the critical impeller speed using these two methods
agreed to within 9%. When using the pitched-blade turbine at 20% solids (v/v), the critical impeller speed
could only be measured by visual observation since the N,-Ngg curve did not yield a maximum, owing to
the flow pattern of this impeller. _Expressions, based on the form of the Zwietering equation, were
developed for both the Rushton and pitched-blade turbines to relate the critical impeller speed to the volume

fraction of suspended solids.

Cell disruption was measured in terms of soluble protein release into the supernatant. A first order
disruption expression described the profile of protein release as a function of time and allowed the cell
disruption to be quantified in terms of the kinetic parameters: the rate constant (k) and the maximum soluble
protein released under the operating conditions (R;). ‘Measurement of the soluble protein release and
microscopic observation of the disrupted cells (Olympus BX40 microscope) indicated a greater degree of
cell disruption using the French Press compared to the slurry reactor. The maximum available soluble
protein for release (Ry) was therefore measured for each yeast batch using the French Press. For each
disruption experiment, R; was normalised with respect to Ry. This ratio (R/Ry) was defined as the

maximum extent of cell disruption.

Inaccurate kinetic parameters were obtained when the first order expression was fitted to cell disruption data
obtained before R; had reached its maximum value.. The duration of the cell disruption experiments was
therefore determined by the length of time taken for the soluble protein release to reach its maximum value
under the particular operating conditions. The use of different yeast batches in determining the disruption

kinetic parameters was validated.

Although cell disruption over a 10 hour period in the slurry reactor was negligible in the absence of solid
particles, significant cell disruption occurred at 5% to 40% (v/v) solids, indicating that interaction between
the cells and solid particles is the dominant cell disruption mechanism. Furthermore, since a constant
maximum extent of cell disruption was observed using the Rushton and pitched-blade turbines at all the
hydrodynamic conditions investigated in the presence of solid particles, it was concluded that the level of

solids suspension does not affect the maximum extent of cell disruption.

At 5 to 40% solids (v/v) and using the Rushton turbine at 750 rpm (impeller tip speed of 2.91 m s™), the
first order disruption rate constant (k) exhibits a power law dependence on the solids volume fraction. The
impeller speed used in this set of disruption experiments exceeded the critical impelier speed for all

conditions used. The cell disruption experiments performed over 200 to 900 rpm (impeller tip speeds of
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(P). The third model is a mechanistic model which describes the types of collisions between the cells and
solid particles responsible for cell disruption. The equivalence of the three models was shown. Ih these
models, only collisions between the cells and solid particles are considered as the disruption mechanism.
The excellent correlation of the rate constants in this work by these models verified that the primary cell

disruption mechanism in the slurry reactor is collision between the cells and solid particles.

A number of conclusions can be drawn from examination of the terms in the new models, regarding the
process of cell disruption in the slurry reactor in the completely suspended solids regime. Correlation of the
first order disruption rate constants with the energy input per pass through the impeller zone (Pt;) suggests
that cell disruption from collisions between the cells and solid particles primarily occurs in the impeller
region. Cell disruption in the slurry reactor results from solid-cell-solid collisions, solid-cell collisions and
solid-cell-reactor collisions. The solid-cell-solid collision mechanism i1s dominant. Its significance

increases as the solids loading is increased and remains unaffected by changes in the agitation intensity.

The validity of the new models was further assessed by applying them to the cell disruption data from the
pitched-blade turbine in the slurry reactor, and to the cell damage data, obtained by Croughan et al. (1988,
1989) and Croughan and Wang (1989), for the animal cell-microcarrier system. The mass transfer-type
model satisfactorily describes the first order disruption rate constants (k) from the pitched-blade turbine at
speeds above the critical impeller speed. This implies that, in the completely suspended solids regime, the
cell disruption mechanism is the same for both the Rushton and pitched-blade turbines and that for a given
power input, the same disruption rate is observed for these impellers. The new mechanistic model descdbés
trends in the cell death rates of animal cells, immobilised on microcarriers, when the model is altered to
account for both the microcarrier and inert solid particle concentrations. However, as a result of insufficient
cell damage data at impeller tip speeds above 0.3 m s and solids concentrations above 0.5% (v/v), the

constants in the model could not be determined.

A literature review of existing models which describe the cell disruption in slurry reactors in the regime of
incomplete solids suspension revealed only thé model of Pearce (1993). The inability of this model to
describe the first order disruption rate constants from the slurry reactor at varying total solids concentrations
motivated the development of a new model. In modelling the cell disruption in the slurry reactor in the
regime of incomplete solids suspension, the slurry reactor was considered to consist of two regions: an
upper region, where the solid particles are suspended and cell disruption results from collisions between the
cells and solid particles; and a lower region, where the solid particles are not suspended and cell disruptioﬁ

results from the grinding action of adjacent solid particles.
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It was shown that a mechanistic model of the cell disruption in the slurry reactor, at speeds below the critical
impeller speed, needs to account for the volume fraction of suspended solids, the particle momentum and
the fraction of the unsuspended solid bed involved in grinding. Furthermore, the effect of the flow patterns
of the pitched-blade turbine and the Rushton turbine must be considered. A predictive model was
developed which allows the calculation of the first order disruption rate constants for both the Rushton and
pitched-blade turbines as a function of the volume fraction of suspended solids (@) and the operating

parameters: the total solids volume fraction (®r) and the power input per unit volume (P/V).

The bead mill system is an example of a system where all the solid particles are unsuspended. Cell
disruption in bead mills is achieved by the combined action of collisions and grinding between stream layers
of solid particles of different velocity (Kula and Schutte 1987). The final objective of this dissertation was
to develop a model which describes the cell disruption in bead mills, and to compare this model to those
developed for the cell disruption in slurry reactors. A mass transfer-type expression was found to fit the
first order disruption rate constants (k) determined by Schutte et a/. (1986) for the Netzsch Molinex LME
20 bead mill and the Netzsch Molinex LME 20 “double disc” bead mill. Application of this expression to
other bead mill systems was not possible owing to the scarcity of data in the bead mill literature on
disruption rate as a function of the solids concentration and the power input per unit volume. The exponent
of the power input per unit volume term was shown to be a function of the number, geometrical design and

configuration of the impellers.

Cell disruption in the bead mill literature is also expressed in terms of the extent of cell disruption (R/R)).
Reuss (1988) has developed a correlation to describe the extent of cell disruption in continuously operated
bead mills as a function of the energy input per unit volume of suspension (P/Q). This correlation was
extended in this work to include the effect of solids concentration and biomass concentration on R/R;. A
Weibull function with an exponent of 3 described this relationship for the bead mill data of Mogren e al.
(1974) and Rehacek and Schaefer (1977) and further provided a relatively good description of the extent of

cell disruption determined using the slurry reactor at speeds greater than the critical impeller speed.

Although it was not possible to decouple all the parameters in the Weibull function, a good correspondence

between the ratio of the exponents of the solids concentration and energy input terms in the Weibull
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function and the Energy Input Model (Section 7.4.2) was found for the slurry reactor operated at speeds

" above the critical impeller speed. The Weibull function further indicated that the exponent of the solids
concentration term is larger in the bead mill system than in the slurry reactor system operated in the
completely suspended solids regime. This was attributed to the additional mechanism of grinding in bead
mills. The small exponent obtained for the biomass concentration term in the bead mill system reflects its
negligible effect on the extent of cell disruption in bead mills (Limon-Lason ef al. 1979, Kula and Schutte
1987).

9.2 Recommendations

From this study, the following recommendations are made regarding solid suspension and cell disruption in

the slurry reactor:

1. Visual observation and curves of the power number as a function of the impeller Reynolds number
are suitable for determining the critical impeller speeds using the Rushton turbine. However, when
using pitched-blade turbines at the scale in this study, the critical impeller speed can only be
measured by visual observation.

il A first order kinetic expression is appropriate for describing the profile of soluble protein release as
a function of time in the slurry reactor.

i, If the objective of the process is to maximise the cell disruption rate, the slurry reactor should be
operated at high solids volume fractions (>20%) and at high impeller speeds, above the critical
impeller speed. The Rushton turbine should be used for agitation.

iv. If the objective of the process is to minimise the disruption of the cells, low solids loadings (<10%
(v/v)) and low impeller speeds should be employed. The optimum choice of the operating
parameters would involve a trade-off between minimising cell disruption and maximising the mass
transfer of oxygen and nutrients to the cells. The pitched-blade turbine should be used in preference

 to the Rushton turbine to minimise cell disruption.

9.3 Areas for Further Research

The following areas of research offer promise for the further understanding of cell disruption in the presence

of particulates: '

1. This study investigated the disruption of stationary phase Sbccharomyces cerevisiae in the presence
of inert particulates. However, in many industrial processes, micro-organisms are cultivated in the

presence of particulates. It would therefore be fruitful to investigate the effect of particulates on the



Chapter 9: Conclusions ' - 176 .

ii.

ii.

metabolic rate, the ﬁletabolic pathway and the morphology of micro-organisms of industrial
importance, as a function of the solids concentration, agitation intensity and impeller flow pattern.
The growth of micro-organisms in the presence of particulates requires sparging of the slurry to
achieve a sufficiently high oxygen concentration for the cell growth. The contribution of sparging
to the damage and disruption of cells in particulate systems needs to be assessed.

To fully understand the mechanism and extent of cell disruption in the slurry reactor as a function
of time, the hypothesis of incremental cell breakage during the process of cell disruption needs to be
investigated by measurement of the release of marker enzymes as a function of time. Examples of
marker enzymes characteristically found in the cell wall, cytoplasm and mitochondria of
Saccharomyces cerevisiae are invertase, glucose-6-phosphate dehydrogenase and fumarase

respectively (Tuite and Oliver 1991).
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Appendix A: Determination of Protein
| Concentration by the Lowry
Method

The spectrophotometric assay of Lowry ef al. (1951) was used to determine the soluble protein concentrations
in this study. The assay involves the reduction of phosphomolybdic-tungstic mixed acid by proteins to
produce one or more of several reduced species which are characteristically blue in colour and which can be
determined spectrophotometrically at 660 nm. Measurement of the absorbance of the blue complexes formed
by samples of standard protein concentration, allows the protein concentration to be related to the absorbance
in the form of a standard curve. From this standard curve, the absorbance of the blue complex formed by any

protein sample can be converted to a protein concentration.

Phosphomolybdic-tungstic mixed acid is the active constituent of the Folin-Phenol reagent of Folin and
Ciocalteu (Sigma F9252). It contains the chemical species 3H,0.P,05.13W03.5M00;.10H,O and
3H,0.P;05.14W03.4M00;.10H,0. In the Lowry assay, the sensitivity of the mixed acid chromagen to the
protein is increased by the prior reaction of the protein with cuprous ions. The cuprous ions chelate in the
peptide structure and facilitate electron transfer to the phosphomolybdate-phosphotungstate. The Folin-
Ciocalteu reagent is only stable in acid solution. However, the reduction occurs at alkaline pH. Mixing of the
copper—protéin solution énd the Folin-Ciocalteu reagent must therefore be rapid so that reduction of the Folin-

Ciocalteu reagent occurs before it is broken down (Lowry ef a/. 1951, Peterson 1979).

- The quantities of the reagents used in the Lowry assay and the protocol followed in the assay are detailed
below. A typical standard curve, relating the protein concentration to the absorbance of the blue complex at
660 nm, is presented. Calculation of the specific soluble protein release using the absorbance data is detailed,

and typical results and the reproducibility of the measurements are discussed.

Reagents:

Reagent A:  Dissolve 50 g Na; CO;1in 500 ml (final volume) 0.5N NaOH.

Reagent B:  Dissolve 1 g CuSO,4.5H,0 in 100 ml (final volume) distilled water.

Reagent C:  Dissolve 2 g potassium tartrate in 100 ml (final volume) distilled water.

ReagentD:  Dissolve 0.03 g bovine serum albumin (Sigma A4378) in 100 ml (final volume) distilled

water.



Appendix A: Determination of Protein Concentration by the Lowry Method 193

Reagent E: Add 5 ml of 2 N Folin-Phenol reagent (Sigma F9252) to 50 ml distilled water and mix
thoroughly.

Method:

All standards and samples performed in duplicate.

1. Pipette 0, 0.5 and 1 ml bovine serum albumin (BSA) solution (Reagent D) into test tubés for the standard
protein curve. Bring the total volume of all test tubes to 1 m! with distilled water.

2. Pipette 1 ml of appropriately diluted supernatants of cell samples info test tubes. The samples in this

study were diluted 1:9 or 1:99 so that the absorbance reading at 660 nm was less than 1.10. The standard

protein curve (Figure A.1) is no longer linear above this value. ' |

Mix together 15 ml Reagent A, 0.75 ml Reagent B and 0.75 ml Reagent C.

Add 1 mi of the above mixture to .each test tube and mix thoroughly.

Incubate tubes for 15 minutes at room temperature.

o v AW

Rapidly add 3 ml of Reagent E to each tube and mix immediately. Addition and mixing of each tube
should be completed before proceeding.

7. Incubate the samples in a dark place at room temperature for 45 minutes.

8. Determine the absorbance of each sample at 660 nm. Absorbances should be determined as soon as
possible after incubation. The colour complex remains constant for about 45 minutes to 1 hour after

incubation.

Calculation of the Specific Soluble Protein Release using the Absorbance

Measurements
Each step of this calculation is illustrated below using the results from Run #10.39. For this purpose, the
spreadsheet of Run#10.39 is shown in Table A.1. The columns in Table A.1 are numbered for ease of

reference in the following discussion.

To calculate the specific soluble protein release using the absorbance measurements:
1. Calculate the ‘corrected absorbance’ (Table A.1, Column 6) by subtraction of the absorbance of the zero
standard protein sample (0 g/1 BSA), E, from the average absorbance reading of each sample (Table A.1,

Column 5).



Appendix A: Determination of Protein Concentration by the Lowry Method 194

2. Determine the standard curve of the protein concentrations (w/v) of thé BSA samples as a function of
their corrected absorbance readings. A typical standard curve is shown in Figure A.1. Linear regression
of this relationship typically yields a correlation coefficient (R%) above 0.990. In Figure A.1, this
relationship is described by Equation A.1 with a correlation coefficient of 0.994.

Soluble protein concentration (g/l} = 0.269 (Corrected absorbance) - 0.005 Equation A.1
B ‘
< 0.3 9 —
& .
@ 025 |
o
c -~
€8 o5 .
oa
gE
S8 o1y
c
8 005
o
e 0 — — —— - —
0 . 02 04 06 0.8 1 1.2
Absorbance at 660 nm

Figure A.1. A typical standard curve of protein concentration as a function of the absorbance
measurement in the Lowry assay.

Bovine serum albumin (BSA) was used as the protein standard.

3. Calculate the soluble protein concentration 6f each sample (Table A.1, Column 7) by substituting the
corrected absorbance of the sample into the linear expression (eg. Equation A.1). Multiply this
concentration by the inverse of the dilution factor used.

4. Subtract the extracellular protein concentration at time zero from the soluble protein concentration of
each sample. This corrected protein concentration (Table A.1, Column 8) is the soluble protein released
6n cell breakage.

5. Divide the corrected soluble protein concentration by the cell dry weight (g cell / 1) to obtain the specific

release of soluble protein (mg protein / g cell) (Table A.1, Column 9).
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Reproducibility of the Lowry Assay

A coefficient of variance (Table A.1, Column 10), defined as the standard deviation of the two absorbance
readings divided by their mean, was used to quantify the reproducibility of the Lowry assay. In this study, a
coefficient of variance of less than 3% was ensured by repeating the Lowry assay when the coefficient of

variance exceeded this value.
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Table A.1. Spreadsheet of the calculation of the specific soluble protein release of Run #10.39 as a function of time.
Sample | Dilution Absorbance _ Protein Specific Soluble Coefficient of
. Reading 1 Reading 2 Ave. Corrected, | Release _ Protein Release Variance in
_ Absorbance (A-E) (gN) Absorbance

Measurements
Calculated Corrected

(mg protein/g cell) | (%)

Column1 | Column?2 | Column 3 Column 4 Column § Column 6 Column 7 Column 8 Column 9 Column 10

0 min 1:9 0.2067 0.2039 0.2053 0.1787 0.41 - 0.00 0.0 1.0
4 min 1:9 0.3266 0.3322 0.3294 0.3027 0.74 033 6.0 . 1.2
10 min 1:9 0.5227 0.5364 0.5295 0.5029 1.28 0.87 15.6 1.8
35 min 1:9 1.1688 1.1693 1.1690 1.1424 298 2.57 463 0.0
35 min 1:99 0.1634 0.1698 0.1666 0.1399 3.23 2.82 50.8 2.7
60 min 1:99 0.2383 0.2451 0.2417 0.2150 5.25 4.84 87.2 20
120 min | 1:99 0.3674 0.3661 0.3667 0.3401 8.61 8.20 147.8 0.3
210 min | 1:99 0.5208 0.5190 10.5199 0.4932 12.74 12.32 222.1 0.3
360 min | 1:99 0.6265 0.6260 0.6262 0.5996 15.60 15.19 273.6 0.1
645 min | 1:99 0.6840 0.6955 0.6897 0.6631 17.31 16.90 304.4 1.2
900 min | 1:99 0.6968 0.6983 0.6975 0.6709 17.52 17.11 308.2 0.1
1200 min | 1:99 0.6915 0.6992 0.6953 0.6687 17.46 17.05 307.1 0.8
1440 min | 1:99 0.7099 0.6989 0.7044 0.6778 17.70 17.29 311.5 1.1
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Appendix B: Phosphate Buffered Saline (PBS )

PBS was used to wash and resuspend the yeast cells prior to the disruption experiments to ensure an isotonic

environment and minimise pH fluctuation. The PBS was made up as follows (Pearce 1993):

NaCl 8.0 kg m™
KCl 0.2 kgm™
KH,PO, 02kgm”
Na,HPO, 23kgm”

pH 7.5
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Appendix C: Calibration of Power Measurements

* The validity of the power measurements from the load cell readings was determined by measuring the power
input over the impeller speed range of 100 to 550 rpm for the following liquids:

e tap water

e 10%, 30%, 44.3% and 49.5% sucrose solutions

e 56% and 84% glycerol solutions

The Rushton turbine was used in these experiments. The power number (N,) (Equation 3.3) was plotted as a
function of the impeller Reynolds number (Ngg) (Equation 3.4) for these liquids. This relationship is shown
in Figure C.1. The physical properties of the liquids, required for the calculation of Np and Ngg, were
determined from Weast (1981). Figure C.] also shows th¢ curve of the power number as a function of the
impeller Reynolds number that Bates ef al. (1966) obtained for a 6-bladed Rushton turbine and the same
vessel geometry. The excellent agreement between the data in this work and the curve of Bates er al. (1966)

shows that the power measurements, using the load cell, are accurate.

100

‘. & Tap Water |
E ] i m 10 % Sucrose | |

H W . i A 30 % Sucrose

+ % 44.3 % Sucrose
x 49.5 % Sucrose
S| | il ® 56 % Glycerol

1 10 100 1000 10000 100000 |+ 84 % Glycerol

10

Power Number

Impeller Reynolds Number

Figure C.1. ' Comparison of measured and literature (Bates ef al. 1966) Np as a function of Ngg for a
6-bladed Rushton turbine and the vessel geometry used in this study.
The symbols représent the data points obtained in this work. The solid curve represents the
relationship obtained by Bates et al. (1966).



Appendix D: Error Analysis of the Soluble Protein
(R ) Calculation of Hetherington et al.

(1971)

In this appendix? an error analysis is performed on the relationship proposed by Hetherington ez al. (1971)
for the calculation of the soluble protein release from disrupted micro-organisms. The error incurred in this
calculation is compared to the error in not considering the volume fraction of the micro-organisms in the
calculation of the soluble protein release. Hetherington e al. (1971) used a factor, F, to account for the
volume fraction of the aqueous phase in the disrupted sample (ml aqueous phase/ml suspension). The

soluble protein release per unit cell mass in the disrupted suspension ( R ) was then calculated as:

_ Fc,;
c

R Equation D.1

where cy is the protein concentration in the aqueous phase of an undiluted sample (mg protein/ml aqueous
phase) and c is the cell concentration (g cell/ml suspension). Values of F were calculated from a series of
dilution experiments in which known volumes of suspensions of different cell concentrations and different
degrees of disruption were diluted with saline buffer before centrifugation. Both the diluted and undiluted
samples were cenniﬁlged and assayed for total protein. The factor, F, was mathematically related to these

parameters by the following relationship:

v c
F="£2_12 Equation D.2
Vs ¢y —¢p

where Vp is the volume of saline buffer added as the diluent (ml), Vs is the volume of the disrupted cell
suspension (ml) and cp is the protein concentration in the aqueous phase of the diluted sample (mg
protein/ml aqueous phase). Substitution of Equation D.2 into Equation D.1 gives the following

relationship:

o Vy ¢y
R=_2L_ "> U Equation D.3
Vs cy —¢p ¢
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Now

2 2 2 2 2
(a’R)2 = (;f dVDJ +(§7Rstj +(——;R chJ +(——;R chJ +(—§£ch
D S Cp Cy c

Equation D.4

Calculation of the partial derivatives of R with respect to Vp, Vs, ¢p, ¢y and ¢, and substitution of these .

quantities into Equation D.4, yields Equation D.5.

2 2 2 2
(d_Rjz _ [dVDj +(st) _*( ¢ dcy, j +[ cpdcy; ) +(£]2
R Vb Vs cpley —¢p) cy(cy —¢p) c

Equation D.5

Calculation of the relative error in the soluble protein release per unit cell mass, dR/R, requires an
estimation of the relative errors in the measurements of Vp, Vs, ¢y, ¢p and c¢. The relative errors in the
measurements of the volumes, Vp and Vg, were assumed to be 0.8% since this was the error tolerated in this
work in the calibration of the pipettes. The average undiluted protein concentration of the disrupted yeast
suspensions in this study (cy;) was 9 mg/ml. Using a relative error of 3% in the measurements of the soluble
protein concentration for this work (Appendix A), the value of dcy was estimated as 0.27 mg/ml.
Hetherington ef al. (1971) showed that the values of F were independent of the degree of dilution.
Assuming values of S ml and 3 ml for Vg and Vp, respectively, the average value of cp was calculated as 5.6
mg/ml. The relative error of 3% in the soluble protein concentration, used for ¢y, was also assumed for cp,
giving a value of 0.17 mg/ml for dcp. A 2% relative error was assumed for the cell concentration
measurements (Section 3.3.2). Substitution of these estimates of dVp/Vp, dVg/Vs, ¢y, dey, ¢p, dep and de/c
into Equation D.5 yields: | |

(%R)z = (0.008)" +(0.008)’ +[

(017X9) jz N [ (0.27)(5.6))2 £ (002)°
(56)(9 - 56) (9X9-56) '

Hence:

2
(ﬁj =943x107
R

() o
R
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The relative error associated with using Equation D.3 for the calculation of R, at the conditions in this work,
is thus 9.7%. To calculate the relative error incurred in omitting the F-values from the calculation of R,
correlations of F as a function of ¢ and cy, provided by Hetherington ef al. (1971) (Figure 6), were used.
The average cell wet weight concentration used in this study is 0.18 g yeast / ml suspension. Extrapolation
of the F-values obtained by Hetherington ez al. (1971) to the conditions in this study yields values of 0.90-
1.00 for F. The average relative error of 5% in omitting the F-values from the calculation of R is less than
the relative error incurred in using the F-values to calculate R. It can thus be concluded that at the relatively
low yeast concentrations used in this study, it is not necessary to use F-factors in the calculation of the

soluble protein release.



Appendix E:  Determining Ry from the French
Press

This appendix includes the method used to disrupt the yeast cells with the French Press (Manual-fill 20K
cell, SLM Intruments). The calculation of the maximum soluble protein available for disruption (Ry), from

the French Press data, is also described.

E.1 French Press Method

1. Perform a dry weight analysis of the washed and resuspended yeast suspension (Section 3.3.2).

2. Lubricate the rubber seals on the disruption chamber with water.

3. Press down the plunger to the midpoint of the chamber, turn the chamber upside-down and pour in the
yeast suspension.

4. Add the stopper to the disruption chamber and tighten the screw on the side of the chamber to reduce
the size of the orifice in the cylinder. The yeast cells are disrupted on rapid decompression and
extrusion through this small orifice as the plunger is forced down the disruption chamber by the French
Press. Attach the rubber tubing to the outlet pipe from the orifice.

5. Center the disruption chamber under the arm of the French Press.

6. Place a sample bottle in a beaker of ice. This ensures that any. denaturation of the protein released, as a
consequence of a temperature rise during disruption, will be minimised. Place the rubber tubing from
the outlet pipe of the French Press into the sample bottle. '

7. Increase the pressure in the French Press til] the pressure gauge reads 30 MPa. Release the screw on the
disruption chamber slowly until the gauge reading drops to 28MPa. Tighten the screw on the disruption
chamber and repeat this procedure until all the sample in the chamber has passed through the orifice.
Store the samples of disrupted yeast cells in ice.

9. Clean out the chamber with paper towel and ethanol.

E.2 Calculation of Ry Values

To establish the maximum soluble protein available for disruption (Ry), the yeast suspension was passed
five times through the French Press. The samples, from each of the French Press passes, were centrifuged at
4650g for 5 minutes. The supernatants were then diluted by a factor of 1:99 with distilled water for the
- Lowry assay (Appendix A) which was used to determine the specific soluble protein concentration of each

pass. Figure E.1 shows the soluble protein release as a function of the number of passes through the French
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Press. It can be seen that the same soluble protein release is obtained for 2 to 5 passes. Two passes through

the French Press are thus sufficient to disrupt completely the Saccharomyces cerevisiae, used in this study.

= 450
2400 2 . $ .
Z: 350 A
£ 300 | s ‘
a 250 | : 8785 |
g’ 0 31/8/95
?}." 200 | ' A 27/9/95
§ 150 4
& 1001
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Number of Passes

Figure E.1.  Soluble protein release of Saccharomyces cerevisiae as a function of the number of
passes through the French Press.
Legends indicate the dates on which the disruption experiments were performed with the

French Press. Each date corresponds to a different batch of yeast.

The maximum soluble protein available for disruption (Ry) was determined for eéch batch of yeast cells
used in this study. In these French Press experiments, the yeast cells were passed 4 times through the
French Press. Ry was then calculated as the average of the soluble protein release from the second, third
and fourth passes. The Ry values, obtained for each of the disruption experiments, are included in

Appendix G.
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Appendix F: Growth of the Saccharomyces

cerevisiae during Disruption
Experiments run_for less than 10
hours

In this appendix, it is verified that the growth of the yeast cells was negligible in the disruption .e‘xperiments
that were run for less than 10 hours. Two disruption éxpen'ments were performed at 10% solids (v/v) and
360 rpm to test this hypothesis. 10 mg/l of cycloheximide was added to the one disruption experiment (Run
#10.37) and no cycloheximide was added to the other (Run #10.32). Figure F.1 compares the protein
release in the two disruption experiments. The raw data for these two experiments is ﬁbulated in Appendix
G. Figure F.1 shows that the protein release as a function of time for the two experiments compares very
well over the initial ten hours (coéﬁicient of variance of 7.6%). It is thus valid to assume that no growth of
the yeast cells occurs in the expen'rhents run for less than 10 hours. The addition of cycloheximide to these

disruption experiments was thus not required (see Section 3.4.2).
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Figure F.1. Comparison of the protein release as a function of time for Run #1032 (no
cycloheximide added) and Run #10.37 (10 mg/l of cycloheximide added) to establish the
validity of the assumption that no cell growth occurs in experiments run for less than 10
hours.

Both Run #10.32 and Run #10.37 were performed at 10% solids (v/v) and 360 rpm.



Appendix G Results of Disruption Experiments for
Rushton and Pitched-Blade Turbines

Here, it is shown how the kinetic constants, R; and k, were calculated from fitting the first order expression -
to data of the specific soluble protein release as a function of ime. These kinetic constants, the data of the
soluble protein release as a function of time and the conditions, under which the disruption experiments

were performed, are detailed in this appendix.

G.1 Calculation of R; and k

The calculation of R; and k is illustrated in this appendix using the data of Run #10.39. Table G.1 shows
the specific soluble protein release of Run #10.39 as a function of time. The columns in this table are

numbered for ease of reference in the following discussion.

The first order kinetic constants, R; and k, were calculated using the following algorithm:
1. Estimate values of the kinetic constants, R; and k.
2. Calculate the deviation term for each sample (Table G.1, Column 3). The deviation term was defined

as:

. , . 2
[Measured protein release — Predicted protein release]

= [Rucaswer = R (1= exp(=k )]
where the measured protein release (Rneasurea) Tefers to the values in Column 2 of Table G.1, and the
sample time (t) refers to the values in Column 1 of Table G.1. Values of R; and k are the estimates of
the kinetic constants made in Step 1 of this algorithm.
3. Calculate the objective function, defined as the sum of the deviation terms in Column 3 of Table G.1.
4. Minimise the objective function, by altering R; and k, using the Optimiser command in Quattro Pro.
The kinetic constants are thus calculated by minimising the sum of the squares of the difference between

the measured and predicted soluble protein concentrations.



~ Appendix G: Results of Disruption Experiments for Rushton and Pitched-Blade Turbines 206

Table G.1. Values used in the calculation of the kinetic parameters of Run #10.39.

Time Specific Soluble Protein | Deviation Term

(min) Release
(mg protein / g cell) (mg protein / g cell)?
Column 1 | Column 2 Column 3
0 ' 0.0 0
4 6.0 1
10 15.6 2
35 46.3 : 77
35 50.8 19
60 87.2 - 2
120 147.8 16
210 2221 54
360 273.6 17
645 13044 |2
900 308.2 2
1200 307.1 ‘ 17
1440 311.5 0

G.2 Disruption Data

In this section, the conditions under which each of the disruption experiments of this study were performed
are detailed. Listed are the solids concentration and impeller speed used, the power input, the temperature,
the cell dry weight, the experimental duration, and the values of the kinetic constants, R;, k and Ry, Also
listed is the objective function, defined in Section G.1 as the sum of the squares of the difference between
the measured specific soluble protein release and that predicted by the first order disruption expression. A
coefficient of variance, defined as the standard deviation of the predicted soluble protein release from the
measured soluble protein release, divided by the mean measured soluble protein release (Equation G.1), is
shown for each disruption experiment as a bracketed quantity after the objective function. The coefficient
of variance is used as a relative measure of the accuracy of the first order disruption expression in predicting -

the specific soluble protein release.
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n

. 2
Z (Rmea.wred,i - R predicted i )
i=1

CV = - n-1 Equation G.1
Z Rmeasured,i
i=1

n

where n is the number of samples taken. A number of the original experiments that were performed in this
study were not run sufficiently long for R; to be reached. The R; value of these experiments was thus
assumed to be that of experiments, in the same yeast batch, that were run at higher agitation intensities. The
k values of these experiments were then found using the algorithm presented in Section G.1, but with R;
fixed at the predetermined value. These experiments are denoted by * after the experimental duration in the
list of experimental conditions. The assumption made for these expennments was validated by running the
same experiments until R; was reached and comparing the R; values obtained to those obtained at higher

agitation intensities, in the same yeast batch.

Also presented in this section is the data of the specific soluble protein release as a function of time for each
of the disruption experiments. The disruption data of each experiment is presented after the list of
experimental conditions of the respective experiment. - The data is presented first for the disruption
experiments performed with the Rushton turbine at 0%, 5%, 10%, 20% and 40% solids (v/v) and over the
agitation intensity range of 200 to 900 rpm, and thereafter for the disruption experiments performed with
the pitched-blade turbine at 20% solids (v/v) and over the agitation intensity range of 440 to 900 rpm.
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G.2.1 Rushton Turbine
0 % Solids

Run # 10.15 =-

N =754.2 rpm Ry = 406 mg/g
P=124W =-
T=16.0°C :

Dry Weight = 54.5 g/l

Experimental Duration = 10 hr

Objective Function = 15 (0.7 %)

Time Protein Release
(min) (mg/g)
0 0.0

4 1.0

8 05

10 0.5

20 1.3

40 ' o113

60 1.7

90 _ 2.2

120 23

180 125

360 2.6

600 2.8

5 % Solids

Run #10.14 R; =321 mg/g
N=749.1 rpm Ry =406 mg/g
P=152W k=7.08x10" s
T=17.0°C

Dry Weight = 54.3 g/l
Experimental Duration = 10 hr*
Objective Function = 1017 (5.7 %)

Time Protein Release
(min) (mg/g)
0 0

2 2.5

4 | 44

6 7.5

8 9.2

10 109

20 21.3

40 38.1

60 593

90 - 94.5
120 130.7
180 193.1
600 298.2
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10 % Solids

Run # 10.34
N =201 rpm
P=04W

T=10.6°C

R; =317 mg/g
Ry = 401 mg/g
k=4.21x10" s

Dry Weight = 54.3 g/l
Experimental Duration =11 hr*
Objective Function = 1 (0.2 %)

Run # 10.11
N =360.0 rpm
P=24W
T=14.0°C

R, =357 mg/g
R]“ =452 mg/g
k=19x105¢"

Dry Weight = 48.0 g/
Experimental Duration = 4.5 hr*
Objective Function = 426 (3.3 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)

0 0 0 0

2 0.5 2 09

4 04 4 24

6 0.5 6 4.6

8 0.7 8 6.3

10 0.1 10 7.2

20 0.5 20 15.1

40 0.3 40 264

60 06 60 32.0

90 04 90 409

120 1.0 120 50.7

180 1.6 270 84.2

240 19

300 27

458 3.6

660 5.1

Run # 10.7 R; =357 mg/g Run # 10.37 R, =310 mg/g
N=3603rpm Ry =452 mg/g N=360.3 rpm Ry =401 mg/g
P=25W k=2.39x10" s P=27W k=3.21x10"s"
T=165°C T=10.1°C

Dry Weight = 51.5 g/l
Experimental Duration = 2 hr*
Objective Function = 23 (0.8 %)

Dry Weight = 43.0 g/l
Experimental Duration = 38.2 hr
Objective Function = 385 (3.3 %)

Time Protein Release Time Protein Release

(min) (mg/g) (min) (mg/g)

0 0 0 0

2 04 4 34

4 12 10 8.0

6 25 35 243

8 4.1 60 333

10 52 120 66.7

20 12.0 180 87.6

40 224 255 130.5

60 31.7 370 154.4

90 429 636 2195

120 540 956 255.1
1380 291.0
1725 2914
2040 3094
2291 299.6

209
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Run # 10.32 R, =317 mg/g

Run # 10.18 R; = 357 mg/g
N=3606rpm Ry =401 mg/g N=362.7 rpm Ry =452 mg/g
P=20W k=2.76x10"s" P=25W k=2.79x10"s"
T=118°C T=13.7°C

Dry Weight = 51.8 g/l
Experimental Duration = 3 hr*
Objective Function = 14 (0.6 %)

Dry Weight = 55.5 g/l
Experimental Duration = 10.3 hr*
Objective Function = 113 (1.7 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)
0 0 0 0

2 0.7 : 2 ' 1.7

4 2.8 4 3.1

6 39 6 3.8

8 6.2 8 55

20 15.1 : 10 6.5

40 26.8 20 13.5
60 313 40 254
90 443 _ 160 - 34.7
120 54.9 90 52.9
180 80.7 : 120 ' 76.4
240 107.8 180 ' 107.1
300 123.5

480 170.7

618 202.4

Run # 10.21 R; = 357 mg/g

Run # 10.40 R; =309 mg/g
N=427.1mpm Ry =452 mg/g N =4458 rpm Ry =382 mg/g
P=42W k=774x10"s" P=38W k=1.13x10"s"
T=13.0°C T=115°C

Dry Weight = 52.0 g/l
Experimental Duration = 13.3 hr
Objective Function = 145 (1.9 %)

Dry Weight = 54.9 g/l
Experimental Duration = 12 hr
Objective Function =226 (2.8 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)
0 0 0 0

2 37 4 95

4 ' 7.4 : 10 16.7

6 9.8 20 379

8 13.4 40 79.6
10 15.5 60 103.4
20 282 120 163.7
40 : 557 180 2193
60 : 81.0 240 253.8
90 126.9 360 2849
120 158.2 540 2938
180 196.3 720 308.9
800 349.6
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Run # 10.19

R, = 357 mg/g

N=49451pm Ry =452 mg/g

P=61W
T=150°C

k=12x10"s"

Dry Weight = 52.1 g/l
Experimental Duration = 3 hr*
Objective Function = 177 (2.2 %)

Run # 10.20
N=1532.2 rpm
P=76W
T=142°C

R; =357 mg/g
RM =452 mg/g
k=1.42x10"s"

Dry Weight = 49.8 g/
Experimental Duration = 3 hr*
Objective Function = 195 (2.3 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)

0 0 0 0

2 59 2 55

4 10.8 4 10.7

6 14 4 6 16.1

8 19.1 8 20.6

10 226 10 25.0

20 41.6 20 51.8

40 88.3 40 110.2

60 128.6 60 143 8

90 164 .4 90 189.1

120 2124 120 2294

180 262.0 180 301.0

Run # 10.9 R; = 357 mg/g Run # 10.16 R; = 321 mg/g
N=562.1rpm Ry =452 mg/g N=7458 rpm Ry = 406 mg/g
P=83W k=1.44x10" s’ P=155W k=2.35x10"s"!
T=175°C T=17.0°C

Dry Weight = 48.0 g/l
Experimental Duration = 5 hr*
Objective Function =475 (3.5 %)

Dry Weight = 54.2 g/
Experimental Duration =4 hr
Objective Function = 1158 (6.1 %)

Time Protein Release Time Protein Release

(min) (mg/g) (min) (mg/g)

0 0 0 0

2 72 2 78

4 13.6 4 15.2

6 19.7 6 22.6

8 252 8 28.1

10 298 10 345

20 493 20 65.0

40 98 .4 40 1349

60 144.1 60 185.8

90 191.9 90 229.7

120 232.1 120 279.3

300 3479 180 3109
240 308.5
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Run # 10.49 R; =347 mg/g
N=7765mpm Ry=399 mg/g
P=198W k=2.25x10"s"
T=148°C

Dry Weight = 53 .2 g/]
Experimental Duration = 7 hr
Objective Function =242 (2.7 %)

Run # 10.42 R; =315 mg/g
N=905.7 pm RM=410 mg/g
P=242W k =2.94x10" s
T=175°C

Dry Weight = 53.1 g/l
Experimental Duration = 5.08 hr
Objective Function = 438 (4.4 %)

Dry Weight = 54.7 g/1
Experimental Duration = 11.2 hr*
Objective Function = 154 (2.1 %)

Time Protein Release Time Protein Release
(min) mg/g) (min) _ (mg/g)
0 0 0 0
14 16.7 4 194
10 415 10 41.9
20 95.0 35 148.1
40 144 .9 60 213.7
60 189.8 90 250.0
90 2427 120 2713
120 273.0 210 317.5
180 3202 305 3059
270 3382
420 366.7
20 % Solids
Run #1035  R;=317 mg/g Run # 10.39 R; =312 mg/g
N=200.0rpm Ry =401 mg/g N=273.0 rpm Ry = 382 mg/g
P=04W k=2.61x10"s" P=10W k=9.27x10"s"
T=11.1°C ' T=96°C

Dry Weight = 55.5 g/
Experimental Duration = 24 hr
Objective Function = 207 (2.7 %)

Time Protein Release Time Protein Release
min) (mg/g) (min) _ (mg/g)

0 0 0 0 -

2 0.9 4 6.0

6 23 10 15.6

10 4.2 35 489

20 8.6 60 87.2

40 16.7 120 147.8

60 238 210 2221

90 36.0 360 273.6

120 50.5 645 304 4

180 77.1 900 308.2

240 99.0 1200 307.1

340 136.0 1440 3115

480 170.0

671 206.7
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Run #1030  R;=320 mg/g
N=2732mpm Ry =406 mg/g
P=10W k=28.89x10"s"
T=13.4°C

Dry Weight = 49.2 g/l
Experimental Duration = 5 hr*
Objective Function = 823 (4.8 %)

Run # 10.29 R; = 320 mg/g
N=360.3 rpm Ry = 406 mg/g
P=24W k=1.58x10"s"
T=11.7°C

Dry Weight = 51.6 g/1
Experimental Duration = 10 hr*
Objective Function = 565 (3.8 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)
0 0 0 0
2 1.5 2 6.9
4 3.6 4 118
6 7.2 6 18.8
8 9.4 8 24.0
10 11.6 10 31.4
20 26.3 20 54.5
40 50.4 40 106.1
60 79.5 60 149.3
90 117.3 90 190.4
120 149.3 120 217.6
180 197.6 180 250.0
240 2442 240 272.5
300 270.0 300 306.7
600 328.7
Run #10.54" R;=315mg/g Run #10.51" R; =331 mg/g
N=3818rpm Ru =400 mg/g N =407.7 rpm Ry = 394 mg/g
P=34W k=1.76x10"s" P=46W k=2.4x10"s"
T=83°C T=116°C

Dry Weight = 54.9 g/1
Experimental Duration = 7 hr
Objective Function = 726 (4.9 %)

Dry Weight = 57.2 g/l
Experimental Duration = 7.3 hr
Objective Function = 513 (1.9 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)
0 0 0 0
4 19.6 4 30.0
10 61.1 10 77.1
20 114.2 20 138.9
41 200.9 40 222.1
60 2347 60 264.0
90 267.1 90 2929
120 2894 120 3004
180 308.9 180 326.0
235 3073 . 240 3329
300 308.5 300 338.7
420 333.1 360 3306
437 337.0

These experiments were performed with the physiologically changed yeast, which differed from the yeast used in the
‘remainder of the disruption experiments performed with the Rushton turbine (Section 6.2.3). The k values from Run
#10.54 and Run #10.51 were normalised with respect to the other disruption experiments performed with the Rushton

turbine.
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Run #1047 R;=333 mg/g Run # 10.48 R, =339 mg/g
N=4256rpm Ry=399 mg/g N =4748 rpm Ry =399 mg/g
P=47W k =3.95x10"s" . P=68W k=4.11x10"s"
T=12.0°C T=11.0°C

Dry Weight = 54.0 g/l
Experimental Duration =6 hr
Objective Function = 453 (3.9 %)

Dry Weight = 53.9 g/i
Experimental Duration = 7.5 hr
Objective Function = 821 (4.9 %)

Time Protein Release Time | Protein Release
(min) (mg/g) (min) (mg/g)
0 0 0 0
4 28.1 4 332
10 71.7 10 80.7
20 131.8° 20 143.3
40 2083 40 216.1
60 2541 60 260.3
90 288.3 90 29014
120 297.5 120 303.1
180 326.4 180 3355
270 3393 270 3426
360 340.4 330 3474
450 3484
Run # 10.27 R; =314 mg/g Run # 10.43 - Ry=321 mg/g
N=4768rpm Ry =406 mg/g N =661.7 rpm Ry =410 mg/g
P=61W k=4.12x10"s" P=144W k=6.54x10" s
T=13.1°C ' T=143°C

Dry Weight = 52.8 g/1
Experimental Duration = 13 hr
Objective Function = 1496 (6.8 %)

Dry Weight = 53.0 g/l
Experimental Duration = 4.5 hr
Objective Function = 490 (4.6 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)
0 0 0. 0

2 14.6 4 440

4 275 10 109.2
6 473 35 2475
8 62.4 60 2779
10 78.1 90 302.1
20 131.5 120 3228
40 205.8 180 317.5
60 238.2 270 331.3
90 256.6

120 284.0

240 323.1

780 330.4
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Run # 10.53"

R; =317 mg/g

N=66221pm Ry =400 mg/g

P=13.6 W
T=132°C

k=8.18x107s™

Dry Weight = 55.6 g/l
Experimental Duration = 4 hr
Objective Function = 775 (5.6 %)

Run # 10.65™
N =663.2 rpm
P=150W
T=116°C

R; =331 mg/g
Ry =405 mg/g
k=17.62x10" s

Dry Weight = 52.8 g/1
Experimental Duration =4 hr
Objective Function = 325 (3.4 %)

Time Protein Release Time Protein Release
(min) mg/g) (min) (mg/g)
0 0 0 0

4 66.3 4 51.7

10 129.4 10 128.0
20 2059 20 201.1
40 2573 40 270.9
60 288.6 60 307.0
90 3147 90 3255
120 3143 120 3229
180 321.4 180 3358
240 330.6 240 334.0

“These experiments were performed with the physiologically changed yeast to verify that there was a physiological

change in the yeast compared to the yeast used in the remainder of the disruption experiments performed with the

Rushton turbine (Section 6.2.3).

Run#10.50° R;=306 mg/g
N=663.6rpm Ry =394 mg/g
P=147W k=8.86x10"s"
T=149°C

Dry Weight = 59.1 g/l
Experimental Duration =4 hr
Objective Function =319 ( 3.7%)

Run # 10.13 R; =322 mg/g
N=7440rmpm Ry =406 mg/g
P=183W k=7.5x10"%s"
T=18.0°C

Dry Weight = 54.6 g/l
Experimental Duration =3 hr
Objective Function = 220 (2.7 %)

Time Protein Release Time Protein Release '

(min) (mg/g) (min) (ng/g)

0 0 0 0

4 66.9 2 25.0

10 1292 4 47.1

20 : 199.9 6 73.8

40 1 260.3 8 98.2

60 2954 10 123.5

90 302.2 20 190.6

120 3044 40 270.6

180 301.0 60 304.1

240 317.1 90 309.8
120 3219
177 323.6

This experiment was performed with the physiologically changed yeast to verify that there was a physiological change
in the yeast compared to the yeast used in the remainder of the disruption experiments performed with the Rushton

turbine (Section 6.2.3).
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Run # 10.41
N =746.8 rpm
P=183W
T=185°C

R;=312 mg/g
Ry =410 mg/g
k=7.38x10"s"

Dry Weight = 52.8 g/l
Experimental Duration =3 hr
Objective Function = 462 (4.6 %)

Run # 10.44 R; =327 mg/g
N=9042 ™mm RM =410 mg/g
P=268W k=9.76x10"s"
T=181°C

Dry Weight = 52.1g/1
Experimental Duration = 3 hr
Objective Function = 454 (4.6 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)
0 0 0 : 0

4 50.3 2 304
10 114.5 6 : 99.2
20 187.7 10 151.7
40 2594 35 2836
60 279.2 60 ' 3043
90 2939 90 ' 3234
120 320.0 180 339.2
180 319.7

40 % Solids

Run # 10.17 R; = 320 mg/g

N =758.0 rpm Ry =406 mg/g

P=213W k = 4.05x107 5!

T=210C

Dry Weight = 55.4 g/l
Experimental Duration = 3 hr
Objective Function = 356 (3.6 %)

Time Protein Release
(min) (mg/g)
0 0

2 1343
4 196.6
6 2373
8 274.5
20 308.6
40 316.7
60 319.8
90 3253
120 303.6
180 326.6

216
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G.2.2  Pitched-blade Turbine

20 % Solids

Run # 10.63 R; = 353 mg/g
N=4402rpm Ry =405 mg/g
P=12W k=8.6x10"s"
T=83°C

Dry Weight = 53.5 g/l
Experimental Duration = 24 hr
Objective Function = 513 (3.7 %)

Run # 10.60 R; =387 mg/g
N =474.7 rpm Ry = 406 mg/g
P=17W k=1.38x10"s"
T=7.7°C

Dry Weight = 52.5 g/1
Experimental Duration = 14 hr
Objective Function = 1163 (5.1 %)

Time Protein Release Time Protein Release
(min) | (mg/g) (min) (mg/g)

0 0 0 0

4 9.5 4 11.5

10 18.7 10 282

35 54.0 20 50.7

60 934 60 156.7

120 172.0 90 212.7

210 2404 120 2482

360 286.2 180 305.0

600 335.5 300 3396

900 3424 420 359.1

1200 353.7 600 388.6

1440 364.6 840 404.0

Run # 10,61 R; =371 mg/g Run # 10.57 R; = 307 mg/g
N=511.7rpm Ry =406 mg/g N=672.8 rpm Ry =403 mg/g
P=23W k=1.82x10"s" P=52W k=4.49x10" s
T=75°C T=175°C

Dry Weight = 51.8 g/l
Experimental Duration = 14.2 hr
Objective Function = 1237 (5.1 %)

Dry Weight = 48.8 g/l
Experimental Duration = 7 hr
Objective Function = 746 (5.4 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)
0 10 0 0

4 15.0 4 235
10 40.7 10 66.3
20 72.0 20 126.8
40 128.8 40 2124
60 182.4 60 251.5
90 2349 90 2715
120 280.5 120 291.0
180 303.2 180 2942
300 3431 300 319.1
420 368.1 420 509.0
600 3772

853 3777
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Run#10.56 R;=361 mg/g Run # 10.64 R, = 353 mg/g
N=673.1mpm Ry=403 mg/g N=673.6 rpm Ry =405 mg/g
P=54W k =4.98x107 5! P=53W k = 4.08x10% 5™
T=9.5°C - T=92°C

Dry Weight = 51.7 g/l
Experimental Duration = 10 hr
Objective Function = 1306 ( 5.8%)

Dry Weight = 53.2 g/l
Experimental Duration = 7 hr
Objective Function = 1437 (6.5 %)

Time Protein Release Time Protein Release
(min) (mg/g) _ (min) (ng/g)

0 0 0 0 '

4 39.3 4 259

10 103.2 10 79.1

20 171.3 20 151.7

40 247.4 40 227.1

60 297.8 60 274.7

90 329.8 90 2999

120 337.1 120 310.4

180 352.5 180 3523

300 370.0 300 360.7

420 359.1 420 367.1

600 393.0

Run # 10,62 R; =337 mg/g Run # 10,67 R; =330 mg/g
N=6755rpm Ry =406 mg/g N =750.8 rpm Ry = 372 mg/g
P=53W k=4.48x10" ¢ P=73W k =6.63x10" s
T=85°°C T=112°C

Dry Weight = 53.0 g/l
Experimental Duration = 7 hr

Dry Weight = 58.8 g/l
Experimental Duration =7 hr

Objective Function = 1771 ( 7.9%)

Objective Function = 814 (5.2 %)

Time Protein Release Time Protein Release
(min) (mg/g) (min) (mg/g)
0 0 0 0

4 252 4 41.4
10 59.1 10 1123
20 149.7 20 1783
40 241.7 40 270.5
60 265.0 60 296.2
90 298.1 120 317.6
180 3229 180 313.7
300 333.0 300 341.2
420 356.1 420 3375
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Run # 10.68 - Ry=323 mg/g

N=904.4 rpm Ry =372 mg/g
P=123W k = 7.48x10% s
T=140°C

Dry Weight =57.9 g/l
Experimental Duration = 4 hr
Objective Function =258 (3.1 %)

Time .| Protein Release
(min) (mg/g)
0 0

4 48.1
10 118.4
20 - 196.4
40 271.0
60 2955
90 315.8
120 - 3288
180 3183
240 326.2
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Appendix H:  Least Squares Algorithm

Consider an expression of the following form:

k=Ad+BN
where: k, d, N= Measurements
A,B = Constants

For p measurements:
k=A® +BN,
k=A®,+B Né

.
.

k,=A®,+BN,

Let [k] be the vector of the p k measurements and let E be the matrix of the p @ and p N measurements. Let
[d] be the vector of the constants, A and B.
Then: [k] =E [d]

Let E' be the transpose matrix of E.
Then: E'[k]=E"E[d]
- [d1=ETE)Y'ET[K] Equation H.1

Equation H.1 is the Least Squares solution for finding the constants A and B (Fraleigh ‘and Beauregard
1990). This method was used in fitting the models in Chapter 7 and 8 to the cell disruption data. All

calculations were done using Quattro Pro.
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Cell Death Rate Data of Croughan et al

(1988, 1989) and Croughan and Wang (1989)

In this appendix, the death rate (q) data of FS-4 cells immobilised on Cytodex 1 microcarriers is presented as a

function of the microcarrier volume fraction (@), the inert solid particle volume fraction (®;), the total solids

volume fraction (®y), the attached cell concentration (c), and the power input per unit volume (P/V). The data

was obtained by Croughan ef al. (1988, 1989) and Croughan and Wang (1989) on agitation of the cells in 125 ml

spinner vessels. This data was used in Section 7.5.2 to validate the mechanistic model, developed in this work to

describe the disruption of freely suspended Saccharomyces cerevisiae in a slurry reactor on agitation with a 6-

bladed Rushton turbine (Section 7.4.3).

Table L1, Cell death rates (q) of immobilised FS-4 cells as a function of the operating parameters.
Researcher LW @, Prr* q c P/V
(1/s) (cellsim®)  |[(Wim®)
Croughan ef al. (1988) a 0.0015| 00000 00015 672x107| 9.69x10"° 3.3x 107
0.0015 0.0049|  0.0064 1.11x10%  9.69x 10" 3.3 x 1072
- 0.0015 0.0097]  0.0112] 1.38x10%  9.69x 10" 3.3x 107
0.0015 0.0146|  0.0161 149x10°  9.69x 10" 3.3 x 107
0.0015 0.0194 0.0209| 1.78x10% 9.69x10" 3.3x 107
0.0015 0.0243 0.0258| 2.02x10%  9.69x 10" 3.3x 107
0.0015 0.0291 0.0306) 228x10%  9.69x 10" 3.3x 102
Croughan ef al. (1988) B 0.0015 0.0000[  0.0015] 1.00x 10"  9.69x 10" 419x 107
0.0015 0.0083 0.0098] 1.00x 10"'*|  9.69x 10" 419 x 107
0.0015 0.018 0.0195| 1.00x 10M*  9.69x 10" 419x10%
0.0015 0.0277 0.0292] 1.00x 10™'*  9.69x 10" 419x10"
Crou'ghan and Wang 0.0049 0.0000 0.0049| 1.00x 10™*  2.69x 10" 4.19 xWL
(1989) v
0.0049 0.0000 0.0049 29x107]  2.69x 10" 2.11x10°
0.0049 0.0000{ 00049/  436x10°|  2.69x 10" 3.3x10%
Croughan ef al. (1989) § 0.00019  0.0000] 0.00019] 1.00x 107'*|  129x 10" 4.19x10*
0.00019 0.0000| 0.00019] 6.08x10° 129x 10" 1.04 x 10
* The cell death rate was estimated as 1.00 x 10”7 where it was reported to be negligible so that the natural logarithm
could be taken in the Least Squares analysis (Appendix H).
** ®7 1s the sum of ®ys and O;

m = ™ Q

Data read off Figure 7 in paper of Croughan er al. (1988).
Data read off Figure 5 in paper of Croughan er al. (1988).
Data read off Figure 4 in paper of Croughan and Wang (1989).
Data read off Figure 8 in paper of Croughan et al. (1989).



Appendix J: Cell Disruption Data of Mogren et al.
(1974), Rehacek and Schaefer (1977)
and Schutte et al. (1986)

The first order disrupton rate constants (k), determined by Schutte ef al. (1986), and the extents of cell
disruption (R/R;), determined by Mogren ez al. (1974) and Rehacek and Schaefer (1977), are presented in
Table J.1 for the disruption of Saccharomyces cerevisiae in bead mills. Table J.1 also includes the volume
fraction (@y) of glass beads used by these workers, the glass bead diameter (d,), the biosuspension flow rate
(Q), the agitator speed (N), the power input (P) and the cell dry weight concentration (c). The bead mill
models used by each of these workers, and the volumes of thé bead mill grinding chambers (V) are also
specified in Table J.1. The data in Table J.1 was used to develop the cell disruption models, presented in

Section 8.3.2, for the bead mill system.

Table J.1. First order disruption rate constants (k) and extents of cell disruption (R/R;) as a

function of the operating parameters for the disruption of Saccharomyces cerevisiae in a

bead mill.

Researcher k R/R; Dy d; Q N P c
O (%) (um) (m’s™) (rpm) (W) (kg m™)

Schutte et al. (1986) | 1.91x10* | - 0.45 | 500-850 | 4.93x10° | 700 (5.1)* 4625 400**
Netzsch Molinex 206x10° | - 0.45 | 500-850 | 4.93x10° | 920(6.7)* 5325 400**
LME20 Bead mill 2.65x 10" - 0.45 | 500-850 | 4.93x10° 1375 (10.0)* | 7625 400**
(V =0.0227 m*)*
Schutte et al. (1986) | 2.11x10* |- 0.45 | 500-850 | 4.93x10° | 700 (5.1)* 4375 400**
Netzsch Molinex 245x10° |- 045 | 500-850 | 4.93x10° | 920 (6.7)* 4875 400**
LME20 “double disc” | 3.22x 10* | - 0.45 | 500-850 |4.93x10° | 1375(10.0)* | 6500 400**
Bead mill
(V=10.0227 m**
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Table J.1 Continued

Researcher k R/R; Dy dp Q N | 4 c
C) (%) (um) (m’s™) (rpm) (W) (kg m™)
Mogren et al. (1974) | - 92.7 0.50 500-750 1.64x 107 2340 (15.0)* 7820 60
Dyno-Muhie KD-5 - 85.5 0.50 500-750 3.51x10° 2340 (15.0)* 6550 60
Bead mill - 80.9 0.50 500-750 5.80x 107 2340 (15.0)* 5650 60
(V =0.0044 m*)? - 78.2 0.50 | 500-750 | 7.23x10° 2340 (15.0)* | 5650 60
- 60.9 0.50 500-750 122x10* 2340 (15.0)* 6000 60
- 57.3 0.50 | 500-750 | 1.36x10™* | 2340(15.0)* | 7180 60
- 97.2 0.50 | 500-750 | 2.09x10° 2340 (15.0)* | 6450 110
- 90.0 0.50 500-750 487x 107 2340 (15.0)* 6180 110
- 81.8 0.50 500-750 6.24 x 107 2340 (15.0)* 6000 110
- 75.5 0.50 | 500-750 |8.83x10° 2340 (15.0)* | 6360 110
- 70.9 0.50 500-750 1.05x 10™* 2340 (15.0)* 6640 110
- 63.6 0.50 500-750 133x10* 2340 (15.0)* 7540 110
- 96.2 0.50 500-750 3.02x 107 2340 (15.0)* 6000 160
- 838 0.50 500-750 499x 107 2340 (15.0)* 7270 160
- 873 0.50 500-750 6.51x10° 2340 (15.0)* 8090 160
- 78.4 0.50 500-750 8.33x10° 2340 (15.0)* 9450 160
- 79.1 0.50 500-750 1.09x 10* 2340 (15.0)* 12730 160
Rehacek and - 95.5 0.54 |318-418 |1.39x10° 1800 (15.0)* | 7780 150
Schaefer (1977) - 93.6 0.54 |318-418 |2.78x10° 1800 (15.0)* | 7900 150
Prototype I of - 90.0 0.54 318-418 417x10° 1800 (15.0)* 8160 150
Netzsch LM20 Bead - 86.3 0.54 318-418 5.56 x 10° 1800 (15.0)* 8560 150
mill - 92.6 0.49 318-418 1.39x 10° 1800 (15.0)* - | 6810 150
(V=0.019 m3)7 - 90.6 0.49 318-418 2.78 x 107 1800 (15.0)* 6880 150
- 86.3 0.49 318418 417x10° 1800 (15.0)* 7310 150
- 79.1 0.49 318-418 5.56x 107 1800 (15.0)* 7850 150
- 85.0 046 |318-418 | 1.39x10° 1800 (15.0)* | 5880 150
- 818 0.46 318-418 2.78 x 107 1800 (15.0)* 6000 150
- 73.1 0.46 318-418 417x10° 1800 (15.0)* 6430 150
- 58.8 0‘.4_6 5.56 x 107 1800 (15.0)* | 6940 150

318-418
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Notes for Table J.1:
* Bracketed quantity indicates impeller tip speed inm s™
** Cell wet weight concentration (kg m™)

a Data obtained from Table 5 in paper of Schutte e al. (1986)
B Data read off Figures 4-6 in paper of Mogren et al. (1974)
y  Dataread off Figure 4 in paper of Rehacek and Schaefer (1977)





