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Executive Summary 
Bioethanol production through fermentation of sugarcane juice and its derivatives such as 

molasses is gaining popularity worldwide as focus shifts towards renewable energy 

production. However, ethanol fermentation results in the production of large volumes of a dark 

brown and low pH liquid waste termed vinasse. At a vinasse production rate of 12-15 liters per 

liter of ethanol, sustainability of this bioprocess is impacted as effluent handling costs are high. 

If disposed onto the land, breakdown of the organic matter within may lead to the release of 

greenhouse gases into the atmosphere. Additionally, disposal into water bodies results in 

eutrophication due to the overload of plant nutrients (N, P and K). Further, owing to the high 

potassium content, the use of dewatered vinasse as animal feed supplements has been 

shown to cause digestive tract problems in ruminants depending on the supplementation rates 

(>10%). To increase sustainability of bioethanol fermentation processes through combined 

treatment and resource recovery from vinasse, biological and physico-chemical processes 

have been developed and implemented in industry.  

Conventionally, raw vinasse is dewatered through evaporation processes (MEE) as a means 

of volume reduction. Membrane processes such as reverse osmosis (RO) have in the recent 

past become popularized as water recovery options from vinasse due to process simplicity 

and lower costs of equipment. Resulting concentrates from RO and MEE can be used as 

fertilizer. Due to the high organic content, vinasse is a suitable candidate for anaerobic 

digestion (AD) where the organic matter is broken down to biogas and an effluent that can be 

safely used as fertilizer. Additionally, the biogas from AD may be harnessed for electricity 

generation through combined heat and power processes or upgraded to biomethane to be 

used as a substitute for natural gas. For high moisture content substrates such as vinasse, 

upflow anaerobic sludge blanket reactors are best suited as sludge residence time is 

prolonged thereby increasing contact time with substrate which leading to higher methane 

yields. AD is often sensitive to changes in temperature, substrate composition, loading rate 

and pH. The presence of inhibitory components such as potassium salt ions (>11.6 g/L) in the 

vinasse feed result in a reduction of methanogenic activity manifested through reduced biogas 

and methane yields. Salt recovery processes including electrodialysis and ion-exchange have 

been investigated in literature on a pilot scale for the removal of K+ ions from raw vinasse. To 

improve resource productivity, integration of vinasse treatment processes has been 

implemented in industry. Integration combines biological and physico-chemical processes 

which results in performance optimization and energy efficiency thereby improving economic 

feasibility of the projects. During the project conceptualization phase, process modelling is a 

vital tool that can be used to predict outcomes such as substrate utilization rates, product 

yields and optimal operating conditions of integrated processes in a timely and cost effective 

manner. In addition, techno-economic analyses can be used to determine cost sensitive areas 

and overall feasibility of the integrated processes.  

Having reviewed the current industrial practices, this project sought to develop integrated 

flowsheets consisting of biological and physical processes for the combined vinasse treatment 

and value creation. Value creation was demonstrated through the recovery of valuable 

products including energy, salts and water from the raw vinasse. Due to its simplicity and cost 

effectiveness, AD was selected as the primary technology for vinasse treatment and biogas 

production. This was coupled with a combined heat and power system for electricity 

generation to form the base case flowsheet. It was hypothesized that incorporation of pre- and 
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post-treatment as well as alternative biogas utilization processes to the base case flowsheet 

for recovery of salts and water would generate additional revenue and cost savings. 

Profitability of the base case process was expected to increase with the additional pre- and 

post-treatments. To fulfil the objective set out and prove the hypothesis, a three step research 

approach was taken. The first step involved simulation and benchmarking of the base case 

flowsheet (AD and CHP). Using techno-economic analyses, the effect of individual addition of 

pre- and post-treatment options to the base case flowsheet on profitability was investigated. 

A framework was then developed to investigate the incorporation of combined pre- and post-

treatment options to the base case flowsheet. Thereafter, a decision support tool that in 

comparing various combinations of vinasse treatment routes in terms of process performance 

and profitability was developed to aid in the synthesis of vinasse treatment processes in 

industry.  

As bioprocess modelling is complex, it was important to select an appropriate simulation 

platform. Given the availability of a dedicated bioprocess compound database, sensitivity and 

optimization features and flexible customization options within Aspen Plus, it was preferred as 

the primary simulation platform over SuperPro Designer and high performance programming 

languages (C++, Java). In developing the base case AD flowsheet, several frameworks in the 

literature were considered. These included ADM1 (Batstone et al., 2002), ADM-3P (Ikumi et 

al., 2011) and a comprehensive model by Angelidaki et al. (1993). The presence of a well 

defined stoichiometric framework motivated the decision to adopt the comprehensive model 

by Angelidaki et al. (1993). Using a combination of in-built unit operations as well as 

customized user models (calculator blocks), the AD model by Angelidaki et al. (1993) was 

implemented on Aspen Plus. As ADM1 was considered an extension of the comprehensive 

model (Angelidaki et al., 1993) with several similarities, kinetic constants describing substrate 

uptake and microbial growth were adapted from ADM1.  To ascertain the predictive quality of 

the built AD model, four case studies in the literature concerning the AD of manure (cow and 

swine) and municipal solid waste were simulated and the predicted simulation results 

compared to the experimental results. The developed AD model accurately predicted the 

methane yields of the four case studies as evidenced by the average difference of 10% 

between simulation and experimental results. A regression analysis between experimental 

and predicted data yielded a value of 0.74. Given the assumptions made in simplifying the 

developed model, the R2 value was deemed acceptable and further affirmed the agreement 

between the model and experimental results.  

To investigate the robustness of the developed AD model, sensitivity analyses on the feed 

composition as well as organic loading were conducted. Increasing inhibitory compound 

concentrations above certain thresholds was shown to negatively impact methanogenic 

activity as evidenced by the decreasing methane yields. Although ammonia is inhibitory at 

concentrations above 0.22 g/L, it is an important nitrogen source for biomass growth. Similarly, 

while acetic acid is inhibitory to acetogenic microbes, it is a crucial substrate for the growth of 

methanogenic archaea and methane production. Inorganic salt inhibition on the other hand 

may be reduced through extraction of K2SO4 through pre-treatment processes. The 

compositional sensitivity analyses as well as the benchmarking study showed that the built 

AD model had a solid core framework which accurately predicted experimental data for a 

range of substrates. Combined with a simplified CHP model of a Jenbacher spark ignition 

engine (General Electric, 2008) to form the base case flowsheet, the built AD model was used 

for all further simulations in this work. To determine the financial standing of the base case, 

simulation and subsequent techno-economic analyses were conducted. At an industrial 
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reactor capacity of 2000 m3 and a loading rate of 25 kgCOD/m3.day, simulation of the base 

case process resulted in a methane yield of 45 L-CH4/kgVSadded and an electrical production 

capacity of 410 kW. Discounted cash flow analyses (USD, 2016) showed that the base case 

was not profitable within a 20-year project lifetime as evidenced by the low return on 

investment and internal rate of return. However, a further sensitivity on profitability of the base 

case showed that decreasing potassium ion concentrations in the feed would result in higher 

profitability higher methane yields because of decreased K+ inhibition. Despite the positive 

effect of on AD performance, further analyses were required to validate feasibility of K2SO4 

recovery processes as well as water recovery processes aimed at further value creation from 

vinasse.  

To investigate the effect of pre-treatment on base case flowsheet economics, an ion exchange 

process adapted from Zhang et al. (2012) was incorporated based on the comparatively higher 

degree of selectivity to K+ ions exhibited by the ion exchange process than ozonation and 

electrodialysis. As expected, improved CH4 yields (14%), electrical production and 

consequently, increases (>100%) in profitability indicators were observed. However, the 

pretreated base case (IEX-AD-CHP) remained unprofitable which was an indication that the 

marginal revenue from increased electrical production and K2SO4 sales did not match the 

additional capital costs. To increase profitability of the base case, biogas upgrading using a 

HPWS system was used in place of the CHP. Due to the comparatively low cost of HPWS 

equipment coupled with the increased revenue from biomethane sales, the AD-HPWS 

process exhibited higher profitability (ROI: 19.6%) than the base case (ROI: 0%). As 

evidenced by the IRR (16.3%) that was greater than the cost of capital (15%), the AD-HPWS 

option was profitable over a 20 year lifetime.  Resource recovery from the AD effluent was 

sought through incorporation of RO and MEE to form the AD-CHP-RO and AD-CHP-MEE 

routes. Most notably, there was a significant (170%) increase in cost savings with the use of 

RO and MEE concentrates as fertilizer compared to the raw AD effluent from the base case. 

Additional cost savings of up to $27 700 were achieved with upstream reintegration of RO 

permeate or MEE condensate water. This savings was based on the municipal water tariff of 

R5/kL.  The combined cost savings led to increased profitability of the base case as evidenced 

by the increase in ROI from 0% to 3%.  

Potential knock-on effects of pre-treatments on efficiency of post-treatment or biogas 

utilization processes were noted. These were investigated through the simultaneous addition 

of pre- and post-treatment combinations to the base case AD process to form a decision 

making framework. Through techno-economic comparisons drawn between the 12 distinct 

vinasse treatment routes resulting from various combinations of pre- and post-treatment 

options in the decision making framework, three major decision criteria were established. 

Despite the improved performance and methane yields observed with pre-treatment addition, 

there was a decline in profitability of the AD-HPWS-RO/MEE processes owing to increased 

capital costs that remain unrecovered by marginal revenue obtained from biomethane sales. 

The contrary is observed with the AD-CHP-RO/MEE processes as evidenced by the 20 to 

30% increase in profitability indicators upon addition of pre-treatment. This is attributed to the 

marginal revenues from increased electrical output as well as the cost savings from water 

reuse and RO/MEE concentrates. Due to the contrasting effect of pre-treatment on CHP and 

HPWS affiliated processes and profitability, the presence of inhibitory potassium ions was 

considered a decision criterion.  
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Due to the low cost of HPWS equipment, it was observed that choosing to upgrade biogas to 

biomethane as opposed to using CHP exhibited higher performance (energy output) and 

profitability in all process combinations. This was evidenced by the higher ROI and IRR of the 

AD-HPWS, AD-HPWS-RO/MEE and IEX-AD-HPWS-RO/MEE process options compared to 

the CHP counterparts. As a result, the choice of biogas utilization was considered an important 

decision criterion affecting profitability.  

Because of increased cost savings with upstream reintegration of water and the use of 

concentrates as fertilizer, the implementation of RO and MEE was observed to increase 

profitability of all process options including AD-CHP/HPWS and IEX-AD-CHP/HPWS. This 

was majorly through cost savings from use of RO and MEE concentrates as fertilizer ($250 

000/yr) and upstream reintegration of water. This led to the conclusion that the recovery of 

concentrates from vinasse is an important decision criterion when looking to increase 

profitability and process sustainability. 

Overall, based on the techno-economic analyses, the most profitable vinasse treatment 

process included an anaerobic digester coupled with a high-pressure water scrubbing system 

for biomethane production and reverse osmosis process for water recovery (ROI: 22.9%, 

NPV: $540 000). This facilitated both increased energy output from biomethane and cost 

savings from water reuse. Further research is recommended around the AD modelling aspect 

to extend functionality to ionic speciation and pH prediction. it is recommended that equipment 

quotes from suppliers within South Africa be sourced as opposed to costing heuristics in the 

literature to increase the accuracy of capital and operating expenditure. 
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1. Introduction 

1.1 Background and Context 

Production of biofuels enables diversification of the energy supply, reduction of greenhouse 

gas emissions and decreased dependence on fossil fuels for transportation (Moraes et al., 

2015). In Southern Africa, bioethanol production through fermentation of sugarcane molasses 

is well established (Illovo Sugar, 2013; Tongaat Hulett, 2015). In this process, sugarcane 

molasses derived from sugar processing plants as a by-product is diluted and then fermented 

using various strains of yeast to produce bioethanol. Though relatively sustainable, the 

bioethanol production process, comprising fermentation and distillation as its primary unit 

operations, results in the excessive production of a dark brown liquid termed vinasse that is 

drawn off the distillery bottoms section during the bioethanol recovery. 

The volume of vinasse produced per liter of ethanol varies depending on upstream process 

conditions and dilution rates. Volumes of between 15 and 20 litres of vinasse formed per litre 

of ethanol have been reported in the literature (Djalma Nunes Ferraz Júnior et al., 2016; 

Rodrigues Reis and Hu, 2017; Saha et al., 2005). Its composition differs globally depending 

its geographical location and the climate under which the sugarcane is grown. However, 

characteristics such as its high organic content, low pH, and relatively high salinity are 

common (Christofoletti et al., 2013; P. Zhang et al., 2012). 

Raw vinasse has several applications owing to its high organic and macronutrient content 

(potassium). It can be re-applied to the sugarcane fields as a fertilizer to enrich the soils and 

increase crop productivity (Ryan et al., 2009; Tongaat Hulett, 2015). However, recent studies 

show that its repeated use may salinize soils and release greenhouse gases (GHG) over 

extended periods (Moraes et al., 2015) depending on application rates. Dewatered vinasse is 

commonly used as an animal feed supplement for ruminants (Christofoletti et al., 2013) 

although digestive complications in ruminants have been reported at supplementation rates 

above 10%. Free disposal of into water bodies is unsustainable as it disrupts the aquatic 

ecosystems through macronutrient overload. As a result, eutrophication occurs which reduces 

the dissolved oxygen concentrations and the exposure of underwater plants to sunlight (Siles 

et al., 2011), further aggravating oxygenation through reducing photosynthesis. 

To reduce the strength of this wastewater and potentially create value that benefits both 

industry and environment, existing biotechnologies have been adapted for vinasse treatment. 

One such process is anaerobic digestion (AD) that results in the reduction of organic matter, 

produces biogas and an effluent that can be used as an organic fertilizer (Djalma Nunes Ferraz 

Júnior et al., 2016). The biogas generated from this process can be used to generate electricity 

and heat through combined heat and power systems (CHP). Alternatively, raw biogas can be 

upgraded to biomethane (97%) and used as a substitute for natural gas in domestic or 

industrial applications (Leme and Seabra, 2017). Efficiency and biogas yield in the anaerobic 

digestion of vinasse is frequently impeded by the presence of inhibitory compounds such as 

inorganic salt cations, and phenolic compounds. These often disrupt microbial activity thereby 

causing a decrease in the methane yields.  

In light of this, physico-chemical processes such as chemical precipitation, ozonation, ion 

exchange and electrodialysis have been implemented for removal and recovery of inhibitory 

compounds prior to the anaerobic digestion treatment step  (Kim, 2011; Liu et al., 2015; P. 

Zhang et al., 2012). Recovery of inhibitory compounds such as inorganic salts may be 
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beneficial from an economic standpoint as they are valuable products used in the manufacture 

of synthetic fertilizers. Further value creation from the digestate may be explored through 

implementation of water recovery processes. Thermal processes (Carvalho, 2011) and 

membrane technologies such as multi effect evaporation and reverse osmosis have been 

used to recover fit for purpose water from the digestate which can be used locally in the plant 

or purified further to generate potable water (Nataraj et al., 2006). In addition, the resulting 

concentrate can be used as a soil amendment and animal feed supplement as it is rich in 

macronutrients.  

 

1.2 Project Objectives 

The specific objectives of this study are to: 

• Conduct an extensive literature review on the characteristics, uses, disposal, treatment 

and valorization of vinasse globally. 

• Identify and compare potential biological and physico-chemical vinasse treatment 

processes. 

• Develop a base case flow diagram consisting of a vinasse AD plant to form the basis 

upon which addition of other processes can be explored. 

• Investigate and compare the merits and shortcomings of AD models in the literature. 

Key principles and aspects of these frameworks will be adopted in the development of 

an AD model for the base case flowsheet. Selection of the most appropriate bioprocess 

simulation software will follow. 

• Simulate the base case flowsheet consisting of AD on the selected simulation software 

package. Investigate its sensitivity to variations in the feed compositions and 

disturbances. An initial techno-economic analysis on the base case is to be developed. 

• Investigate the impact of the addition of pre- and post-treatments on the energy 

consumption, resource recovery and profitability. This will lead to the development of 

an economically preferred process route.  

• Develop a tool that can assist and direct decision making when developing vinasse 

treatment processes.  

Successful completion of the above objectives will be the first step towards the development 

of processes for the remediation of vinasse with concomitant value creation. Methods of clean 

energy production such as biogas will be studied. Through this, the project addresses the 7th 

Sustainable Development Goal that seeks to promote the production of affordable and clean 

energy (Griggs et al., 2013). The biogas produced through the biodigestion of vinasse will 

provide a clean and renewable energy source for either upstream or downstream processes 

1.3 Hypothesis 

Anaerobic digestion of vinasse results in the production of biogas with high methane 

concentrations between 55 and 65%  (Albanez et al., 2016). Owing to its high calorific values, 

biogas can be harnessed for heat and electricity production for internal or commercial 

purposes (Fuess and Zaiat, 2017; Leme and Seabra, 2017). Previous techno-economic 

studies have shown that integration of sugarcane vinasse AD systems with biogas utilization 
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processes is profitable and promotes sustainable energy production (Fuess and Zaiat, 2017; 

Moraes et al., 2014). Another study on integration of vinasse treatment processes showed 

that the energy generated using biogas from vinasse AD can be purposed both internally to 

meet utility requirements for a digestate water recovery system (reverse osmosis), and 

commercially to increase profitability of the overall process (Ryan et al., 2009).  

It is therefore hypothesized that, in the flowsheets developed, incorporation of pre- and post-

treatments to the primary vinasse AD step will generate additional revenues, result in cost 

savings and have an overall positive impact on the profitability of the final flowsheets 

presented.  

Key questions arising from this are: 

• What are the characteristics of vinasse produced in South Africa? 

• What are the most common vinasse handling, disposal and treatment techniques 

applied in the industry? 

• To what degree of detail should the AD of vinasse be simulated to provide accurate 

results concerning methane productivities, reactor sizes and energy requirements? 

• Which water and salt recovery process are most ideal for implementation considering 

their effectiveness, energy requirements, costs and availability? 

• What are the economic implications of process additions in relation to yield 

improvements?   

1.4 Scope and Limitations 

To ensure continued growth of the biofuels industry in Southern Africa, it is important to 

develop feasible processes that integrate the wastewater treatment technologies to maximize 

resource productivity and value creation. This study therefore seeks to develop integrated 

process flowsheets at a conceptual design level for the treatment and concomitant 

remediation of sugar cane vinasse using Aspen Plus as the engineering simulation platform. 

This commences with the review and development of a base case simulation consisting of an 

anaerobic digestion process with the aim of reducing the organic matter content in vinasse 

and recovering biogas for energy production. Inclusion of pre-treatment processes is 

investigated to recover inorganic salts which can be commercialized for economic gain and 

overall, result in a more efficient AD process with higher methane yields due to reduced 

inhibitor concentrations in the AD feed. Incorporation of dewatering processes to recover 

usable process water and concentrates from the digestate is explored. Notably, throughout 

this process it is necessary to ensure that the process configurations remain economically 

viable within the South African context. To ensure feasibility, the selection of pre- and post-

treatments is done through a techno-economic approach by analysing the marginal benefits 

and revenues against the costs of process additions. This leads progressively to the 

development of a framework to be used in decision making when developing vinasse waste 

treatment processes that consider a variety of compositional, technical and environmental 

factors. 

This project is limited to process flowsheeting and, as such, the models developed will be 

benchmarked against existing models and experimental data from the literature. The integrity 

of the results from the simulation package will be dependent on the accuracy of the physical 

property methods within. Assumptions and information used to perform the techno-economic 

analyses will be justified appropriately.  
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1.5 Dissertation Structure 

Having presented a background into vinasse production, potential treatment methods and the 

overall research objectives in the introduction section, a comprehensive review of relevant 

literature is conducted in Chapter 2. This goes deeper into vinasse characterization, 

treatments and flowsheeting as a means of process integration for additional value recovery. 

Chapter 3 outlines the research approach that involves the base case model development 

and the techno-economic approach taken in the analyses of vinasse treatment routes. 

Following the research approach, benchmarking and sensitivity studies aimed at testing the 

robustness of the simulation developed for anaerobic digestion of vinasse on Aspen Plus are 

presented in Chapter 4. Results concerning the performance and techno-economic analyses 

of the base case vinasse treatment flowsheet are also presented in Chapter 4. Having 

identified process optimization avenues in AD of vinasse, investigations into the effect of 

individual addition of pre- and post-treatments to the base case on process performance and 

profitability are presented in Chapter 5. Having investigated viable pre- and post-treatment 

processes in Chapter 5, a decision-making framework is developed in Chapter 6. The decision 

framework explores the knock-on effects of pre-treatment on the choice of post-treatment 

options and culminates in the determination of key decision criteria to be considered when 

developing vinasse treatment processes in industry. The conclusion is presented in Chapter 

7. This summarizes key findings within the results chapters (4 to 6) while alluding to the 

specific objectives presented in Chapter 3. Recommendations for the optimal vinasse 

treatment process as well as future work are presented as well.  
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2. Literature Review 

2.1 Vinasse Production 

Bioethanol production through fermentation processes has led to the production of large 

volumes of residual waste water termed as vinasse. In industry, this waste is often termed as 

molasses spent wash, dunder, or stillage and is typically dark brown in colour with an average 

water content of 90%. Depending on the raw material used for bioethanol production, the 

concentration of dissolved solids varies. Vinasse originating from sugarcane, sugarcane 

derivatives such as molasses, sugar beet and grapes generally has a high concentration of 

dissolved solids. 

In Southern Africa, sugarcane molasses, a concentrated liquid by-product of the sugar refining 

process, is widely used as a substrate for bioethanol production (EPASA, 2013). It 

predominantly contains sugars that can be converted into ethanol through yeast fermentation. 

In the fermentation process, cane molasses is pre-treated by dilution to a specific gravity of 

1.1, then fed to a series of fermenters inoculated with 10% volume of yeast (Saha et al., 2005) 

in which the residual sugar is converted to ethanol.  

Fermenter and 

solids settling tank
Analyser column Rectifying column

Cane

molasses

Cell free

broth

40 – 45%

Ethanol

Yeast

Spent cells Vinasse Spentlees

96%

Ethanol

 

Figure 2.1: Simplified block flow diagram of the bioethanol fermentation process 

The spent cells are separated from the spent broth in a settling tank. The cell free spent broth 

is preheated and sent to the distillation columns. The broth is fractionated to produce 40 – 

45% alcohol vapours in the analyser column overheads. The alcohol vapours are sent to the 

rectifying columns which result in 96% liquid ethanol in the overheads (Satyawali and 

Balakrishnan, 2008). Vinasse is recovered from the analyser column bottoms at approximately 

90°C.  

For every litre of ethanol produced, approximately 12 to 15 litres of the vinasse waste water 

is discharged from the bottoms of the rectifying columns (España-Gamboa et al., 2011). This 

production rate may be higher and largely depends on the industry location and the extent of 

molasses dilution in the fermentation process (Ahmed et al., 2013). Vinasse has been a 

significant environmental issue for the bioethanol industry owing to its high organic content 

and salinity (Christofoletti et al., 2013). Traditional disposal practices include fertirrigation in 

major ethanol producing countries including Brazil and India. Vinasse can also be dried to 

form condensed molasses solids that are used as animal feed supplements. Because of its 

high organic content, these practices may have adverse health and environmental impacts 

depending on application rates (>300 m3/ha) (Christofoletti et al., 2013). 

2.2 Vinasse Management and Disposal 

The choice of vinasse disposal methods is often dependent on the additional cost implications. 

Free disposal of raw vinasse into waterbodies was in the past common in major ethanol 

producing countries (Brazil)  but its feasibility is dependent on proximity owing to the high cost 
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of transporting large liquid volumes (Carvalho, 2011). Although free disposal presents a quick 

solution, the environmental implications are severe and could cause imbalances in the natural 

aquatic ecosystems (Siles et al., 2011). Increased concentrations of macronutrients (NPK) in 

the water may lead to eutrophication. In addition, reduced sunlight penetration and oxygen, 

owing to high COD and BOD levels in the vinasse, could cause the death of aquatic life 

(Christofoletti et al., 2013).  

Vinasse has a relatively high concentration of macronutrients such as potassium, nitrogen and 

calcium (Table 2.1). Hence, it can be used as an organic fertilizer to increase crop productivity 

and enhance soil properties. Application of raw vinasse to the soil through fertirrigation can be 

used to replace or supplement commercial fertilizer and may result in a cost saving subject to 

its proximity to the sugarcane plantations. This is done using low cost pumps, irrigation 

channels and truck decanters (Rein et al., 2011). Through concentration by evaporation to 

produce CMS, a significant reduction in volume may be achieved (~90% to ~40%), which may 

decrease transport costs (Turner et al., 2002). This is, however, is strongly dependent on the 

energy requirements of the evaporation processes. These may drive operation costs up and 

render the project infeasible. The value of CMS is two-fold in that it can be applied to the soil 

as fertilizer or used as an animal feed supplements for ruminants and pigs.   

Continuous use of raw vinasse and CMS increases moisture retention and porosity of the soil; 

these are beneficial to crops (España-Gamboa et al., 2012). However, some studies have 

shown that the repeated use of vinasse as a fertiliser could salinize soils with high 

concentrations of Mg, Ca, K, and SO4 ions, negatively impacting crop yields. Increases in soil 

porosity may further promote seepage of vinasse into groundwater reservoirs, thereby 

contaminating this resource (Christofoletti et al., 2013). The extent of these adverse impacts 

is dependent on the application rates. Raw vinasse and CMS application rates below 300 

m3/ha and 3 tonnes/ha, respectively, showed an increase in sugarcane yields (Turner et al., 

2002). Rates above these resulted in negative effects such as decreased sucrose yields and 

increased soil salinity in the medium to long term.  

The vinasse management and disposal techniques discussed above have several merits and 

shortcomings. Application of vinasse and CMS may lead to cost savings depending on the 

cost of transportation or additional operating expenditure of the drying processes. However, 

investigations in the literature show that free disposal into water bodies has detrimental effects 

on the wellbeing of aquatic ecosystems. In addition, application onto the soil could lead to 

contamination of ground water resources and an increase in soil salinity. This analysis shows 

that the negative health and environmental effects of vinasse disposal are because of high 

salinity, organic content (COD and BOD) and elevated macronutrient concentrations. 

Alternative methods of managing vinasse through treatment processes have been developed 

in industry that reduce its organic content whilst promoting the recovery of valuable products 

such as water, biogas and salts. Before examining these treatment processes, one must 

understand the composition of sugarcane vinasse and its derivatives. 

2.3 Vinasse Characterization 

The composition of vinasse is dependent on the type of feedstock used in the fermentation 

process (España-Gamboa et al., 2012). However, similarities lie in their high COD content 

and acidic nature. Table 2.1 shows the different types of vinasse and the compositions 

sourced from major biofuels producers in Brazil and India. Irrespective of the vinasse source, 

these by-products exhibit a dark brown pigment with pH ranges between 3.5 and 5. The 
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characteristic pigment is caused by the presence of heavy polymers termed as melanoidins, 

which are formed as a result of the reaction between reducing sugars and amino acids in the 

molasses fermentation process (Chandra et al., 2008).  

Table 2.1: A comparison of vinasse compositions from different feedstocks (Wilkie et al., 2000, Salomon 
and Silva Lora, 2009)   

Feedstocks (mg/L) Cane juice Cane molasses Beet Molasses Sorghum 

BOD 16700 39500 27500 - 44900 46000 

COD 30400 84900 - 95000 55500 - 91100 79900 

Nitrogen (N) 102 - 628 153 - 1230 1800 - 4750 800 

Phosphorus (P) 71 - 130 190 163 - 163 1990 

Potassium (K) 1733 - 1952 4893 - 11000 10000 - 

Magnesium (Mg) 200 - 490 420 - 520 1.23 - 

Calcium (Ca) 130 - 1540 450 - 5180 0.71 - 

Sulfates (SO4) 1356 1500 - 3480 3500 - 3720 - 

pH 4.04 -4.6 4.46 - 4.8 4.2 - 5.35 4.5 

There is a consistently high concentration of potassium ions across all vinasse types. These 

could be extracted in their salt form and be used as an ingredient in the manufacture of 

synthetic fertilizer. Elevated sulfate concentrations in sugarcane and its molasses are mostly 

due to the accumulation of sulfate compounds during the clarification step that makes use of 

sulphite additives in the sugar refining process. The presence of sulphur compounds can 

influence its biological treatment through anaerobic digestion (Wilkie et al., 2000) through the 

unwanted degradation of the organic content by sulfate reducing bacteria (SRB) to produce 

H2S as opposed to methane.  

The chemical oxygen demand (COD) and biological oxygen demand (BOD) are a measure of 

the organic content in a substrate or waste stream. All vinasse streams exhibit high COD 

concentrations above 10 g/L. The relative amounts of volatile fatty acids (VFA) and other 

organic compounds present in vinasse vary depending on the feedstock and upstream 

processing. The major organic compounds in vinasse are acetic acid,  ethanol and glycerol 

(Wilkie et al., 2000). Additionally, sugar decomposition products such as phenols, tannins and 

anthocyanins are present in vinasse. These are recalcitrant and toxic to bacteria involved in 

wastewater treatment processes. Because of its high organic content (COD>1000 mg/L) and 

presence of recalcitrant compounds, vinasse has been termed as a high strength wastewater 

(Hamza et al., 2016). 

Crude protein, amino acids and other nitrogen based organic compounds are also present in 

vinasse (Wilkie et al., 2000). The protein content in cane vinasse ranges between 6% and 8% 

on a mass basis and varies depending on the upstream fermentation process. The amino acid 

profiles in sugarcane vinasse obtained from South America (Scull et al., 2012) and South 

Africa (Rein et al., 2011) are detailed in Table 2.2. 
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Table 2.2: A comparison of amino acid profiles in sugarcane vinasse from South America and South 
Africa 

Amino acids Scull et al. (2012) Turner et al. (2002) 

Aspartic acid 0.83 2 

Glutamic acid 1.31 2.2 

Serine 0.47 0.9 

Glycine 0.38 2 

Histidine 0.49 0.1 

Arginine 0.90 0.1 

Phenyl Alanine 0.49 0.2 

Lysine 0.96 0.2 

Methionine 0.23 0.13 

Threonine 0.65 0.7 

Alenine 0.31 2.4 

Proline 0.55 1.3 

Tyrosine 0.56 1.5 

Valine 0.64 1.3 

Isoleucine 0.63 0.7 

Leucine 0.38 0.9 

Irrespective of the source of sugarcane vinasse, the essential amino acids such as aspartic 

and glutamic acid, isoleucine and lysine predominate (Table 2.2). However, notable 

differences include the low concentration of lysine, arginine, histidine and phenyl alanine in 

South African vinasse compared to the South American by-product. Presence of these 

essential amino acids increase the biological value of vinasse to be used as a good animal 

feed supplement or organic fertilizer (Scull et al., 2012). 

In South Africa, the reported ethanol production capacity from sugar is 125000 kLaa/annum 

(anhydrous alcohol) with a vinasse to ethanol ratio between 7 and 16. This translates to an 

annual vinasse production between 1 and 2 billion litres (EPASA, 2013) depending on capacity 

utilization. Arguably, vinasse from SA may be compositionally different to vinasse sourced 

from South America and India owing to the difference in region as well as industry practices. 

The limited published literature on characterization of South African vinasse is summarised in 

Table 2.3. 

Table 2.3: South African sugarcane vinasse composition on a mass basis sourced from Turner et al. 
(2002) 

Compounds % Concentration 

Organic material 69% 

• Volatile Fatty Acids 21 

• Total reducing sugars 12 

• Glycerol 6.35 

• Protein 1.15 

• Amino acids 1.66 

Minerals – Total Ash 31% 

• Potassium 10 

• Calcium 1.8 

• Magnesium 1.45 

• Phosphorus 0.29 
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When examining vinasse characteristics, a dry mass basis is used to measure the composition 

of condensed molasses solids (CMS) that includes both its organic material and the total ash 

content (Table 2.3). These CMS are mostly used as a fertilizer to recycle increasingly 

expensive minerals back to the ground (Rein et al., 2011). Prior to drying, the raw vinasse has 

a high water content between 90 and 92%. The drying process to produce CMS reduces this 

value to 45%, with the remainder being unfermented sugars, proteins, amino acids and 

glycerol. The dominant mineral cations include potassium, calcium and magnesium.  

It is important to understand the characteristics of vinasse because this information gives 

insight into disposal limitations and potential processes that could be used for its treatment. 

For instance, the high organic content makes vinasse a suitable substrate for 

biotransformation processes such as anaerobic digestion which will result in the production of 

biogas as an energy source. In addition, physico-chemical processes such as multi-effect 

evaporation and ion-exchange can be used to reduce the high water and salt content in 

vinasse. This will reduce effluent transport costs (Carvalho, 2011) as well as result in the 

recovery of a water stream for either domestic or commercial applications.  

2.4 Vinasse Treatment Processes 

Distillery effluents have a high-water content which results in high volumes and increased 

handling and transportation costs. Water recovery from vinasse can be achieved through 

conventional evaporative processes or membrane technologies. Evaporative processes result 

in a volume reduction which results in a savings with regards to handling, storage and 

transportation costs (Carvalho, 2011). Membrane technologies such as micro- and 

ultrafiltration as well as reverse osmosis may lead to relatively high salts and contaminant 

rejection rates. This results in a permeate stream that is essentially water with a low 

concentration of contaminants, and a concentrated reject stream (retentate) that is rich in 

salts, volatile acids and organic matter (Nataraj et al., 2006). While water recovery processes 

are beneficial, they are more often constrained by fouling due to the high organic content and 

total dissolved solids (TDS) concentrations in vinasse. Biological treatments such as aerobic 

and anaerobic digestion have been used successfully to reduce the organic content and TDS 

concentrations (Bick et al., 2012).   

The production of energy from vinasse in the form of biogas through biological treatments has 

been popularised over the past three decades (Moraes et al., 2014). This is mainly achieved 

through anaerobic approaches. Anaerobic systems are preferred as they are able to handle 

high-strength wastewaters with elevated COD and BOD concentrations. An added advantage 

is biogas production. In addition to biogas, anaerobic systems have 50% lower sludge 

production compared to aerobic processes which result in excessive sludge production (Lier 

et al., 2008). Higher operating costs due to aeration, sludge handling, and temperature control 

associated with aerobic digestion are also incurred. Anaerobic systems, on the other hand, 

are economically attractive due to their low energy demands, higher biogas yields and the 

production of sludge that can be commercialized (Hamza et al., 2016; Lier et al., 2008).  

Vinasse has a high concentration of inorganic salts, especially potassium (see Table 2.1). The 

high potassium content has its benefits and demerits depending on the vinasse disposal or 

treatment method. When used as fertilizer, the potassium is beneficial as it is an important 

plant macronutrient. However, when used as an animal feed supplement, the high salinity may 

result in digestive tract problems in ruminants (Christofoletti et al., 2013). High potassium 

concentrations may also disrupt microbial activity during the biological treatment of vinasse by 
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causing osmotic imbalances (Chen et al., 2008). Extraction and purification of these salts from 

vinasse prior to treatment or disposal is therefore beneficial. Locally, they can be used as a 

raw material for fertilizer production and consequently reduce the bulk importation of synthetic 

potassium fertilizers (DAFF, 2015). In addition, desalted vinasse can be used as an animal 

feed supplement without the risk of causing digestive tract problems in ruminants 

(Christofoletti et al., 2013). Desalting processes such as ion-exchange and electrodialysis are 

gaining popularity due to their effectiveness and relatively low costs (Decloux et al., 2002; 

Zhang et al., 2012). 

2.4.1 Biological Treatments for Vinasse 

The treatment of vinasse using bioprocess technologies is gaining popularity due to economic 

and environmental benefits, including (1) energy recovery (2) reduced wastewater strength 

and (3) increased resource productivity. Biological treatments can be classified into aerobic 

and anaerobic processes which are distinguished by the environmental requirements of the 

microorganisms for growth (Moraes et al., 2014).  

Aerobic treatments include fungal (Pant and Adholeya, 2007a), bacterial (Jain et al., 2002) 

and algal treatments (Francisca Kalavathi et al., 2001) which are commonly used as 

secondary treatments to AD effluents. They are useful in degrading recalcitrant polymers, and 

decolorization of the vinasse effluent. However, they are susceptible to contamination which 

could result in huge financial losses (Shayegan et al., 2005). 

2.4.2 Anaerobic Digestion for Vinasse Treatment and Value Creation 

Anaerobic digestion is the most common biotransformation route for distillery wastewaters 

(Moraes et al., 2014). It is a complex process where multiple subset communities within the 

microbial community interact synergistically to catalyse the reactions to transform the complex 

substrate to methane, carbon dioxide and hydrogen (Mohana et al., 2008). AD typically 

involves four key steps: (1) hydrolysis, (2) acidogenesis, (3) acetogenesis and (4) 

methanogenesis (Seadi et al., 2008). Hydrolysis involves the breakdown of complex 

components in the substrate such as polysaccharides, proteins and lipids to monosaccharides 

(glucose, dextrose), amino acids and fatty acids as well as glycerol. This process is often 

catalysed by enzymes secreted by hydrolytic microbes (Yu et al., 2013). Hydrolysis products 

are then anaerobically fermented by acidogenic bacteria. This results in the production of 

volatile fatty acids (butyric, propionic, acetic and valeric acid) as well as carbon dioxide and 

hydrogen. The VFA are then converted to acetic acid by acetogenic bacteria in acetogenesis. 

Acetic acid is then degraded by aceticlastic methanogens to methane and carbon dioxide. 

This occurs in methanogenesis where hydrogen is also converted to methane and water by 

hydrogenotrophic methanogens (Seadi et al., 2008). Advantages of this process include low 

sludge volume production, low energy requirements and the production of biogas (dos Reis 

et al., 2015). Anaerobic digestion is sensitive to disturbances in the organic loading rate and 

substrate composition. These may lead to the accumulation of VFAs and pH imbalances that 

decrease methane yields and may causedigester failure (Barros et al., 2016). AD is 

considered as a consolidated technology suitable for the treatment of waste streams 

containing a variety of substrates. It involves a multitude of simultaneous biochemical 

reactions driven by a consortium of micro-organisms (Donoso-Bravo et al., 2011). These 

microorganisms, in the absence of oxygen, are responsible for the bioconversion of 

carbohydrates, proteins and other complex recalcitrant material found in the biomass to a 

mixture of gases termed biogas (CH4, CO2, H2, NH3 and H2S). Inorganic carbon, nitrogen and 
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phosphorus compounds are further mineralized to species ready for uptake by plants thereby 

making the digestate a more effective fertilizer (Moraes et al., 2014).  

2.4.2.1 Reactor Considerations for AD of High Strength Liquid Effluents 

Anaerobic reactor configurations and process conditions depend on the type of substrate and 

its composition. Vinasse is a suitable candidate for AD with its high organic content in terms 

of COD and BOD (dos Reis et al., 2015; Moraes et al., 2015). However, it has a relatively low 

total solids content, between 4 and 7%, which would result in a very large stirred tank reactor 

to maintain reasonable retention times to allow for sufficient digestion (Barros et al., 2016; 

Janke et al., 2015). Stirred tanks are therefore unsuitable for the bioconversion of vinasse. 

For high water content substrates, biomass retention is important. Biomass retention allows 

for the decoupling of solids retention times (SRT) and hydraulic retention times (HRT) (Janke 

et al., 2015). This could be done using upflow anaerobic sludge blanket (UASB) reactors that 

retain the biomass to facilitate elongated SRTs. A further advantage of these reactors is that 

they are run continuously. This results in significantly lower HRTs and reactor size.  

Various AD reactor configurations and process conditions have been investigated. These 

include studies into feed loading rates, decoupling of microbial interactions and effluent 

recycling on overall performance. More recently, the separation of the acidogenic and 

methanogenic stages in the AD of vinasse under thermophilic conditions was studied (Djalma 

Nunes Ferraz Júnior et al., 2016). This configuration consisted of two UASB reactors 

(acidogenic and methanogenic) which resulted in a total COD reduction of 96% at a maximum 

OLR of 25 kg CODm-3d-1. This configuration allowed for maximization of the methane yield to 

0.32 L-CH4.g-1CODremoved, which is 91.4% of the maximum theoretical methane yield (0.35 L-

CH4.g-1CODremoved). Another study conducted showed that increasing OLR and effluent 

recirculation in the mesophilic AD of vinasse resulted in downward trends on the methane 

yield and COD reduction (Barros et al., 2016). Recirculation of the effluent reduced the COD 

conversion to methane by 39% and this was attributed to the accumulation of recalcitrant 

organic material in the reactor feed. A low methane yield of 0.185 L-CH4.g-1CODremoved at an 

OLR of 7.5 kg CODm-3d-1 was recorded. This was only 53% of the maximum theoretical 

methane yield. These results show that the accumulation of recalcitrant and inhibitory 

compounds may lead to decreased AD efficiency and digester failure.  

2.4.2.2 Process Considerations for Vinasse AD 

The presence of inhibitory compounds and changing operating conditions such as pH and 

temperature affect the performance of AD systems. The major inhibitory compounds include 

volatile fatty acids, ammonia, inorganic salts (K, Ca, Mg, Na) and phenols (Chen et al., 2008). 

The compounds, depending on their concentrations, disrupt microbial activity in several ways 

such as dehydration, upset of osmotic balances (salts) and cell membrane destruction 

(phenols) (Hierholtzer and Akunna, 2014). Varying digester pH is often caused by the 

accumulation of free ammonia which is inhibitory to methanogens and results in over 50% 

reduction in activity at concentrations above 5 g/L. This is often accompanied by a reduction 

in NH4
+ ions in solution and an accumulation of VFA which causes a decline in the pH. These 

counteracting effects of VFA and NH3 bring about an inhibited steady state where methane 

yields are low (Angelidaki et al., 1993). Understanding the composition of the substrate before 

biological treatment is therefore important to establish the necessity of pre-treatment 

processes to remove inhibitors to optimise process conditions for maximum efficiency.  
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2.4.2.3 Economic Considerations for AD 

Despite the disadvantages and sensitive nature of anaerobic digestion, it remains a relatively 

affordable process for the degradation of organic matter, with the added benefit of value 

recovery through biogas. The initial start-up investments arise from the equipment purchases 

as well as the working capital (Barros, Duda and Oliveira, 2016). Operating expenses are low. 

They include labour costs as well as the cost of alkaline dosing for pH control. In the case of 

vinasse, AD is reported as the most cost effective biomass to energy option compared to have 

high energy combustion or gasification alternatives (Rein et al., 2011). The revenue 

generating biogas produced from AD may either be converted into electricity and heat using 

combined heat and power cycles or alternatively upgraded through physical, chemical or 

membrane technologies to biomethane to be injected into the gas grid for commercial use.  

2.4.3 Biogas utilization 

The biogas produced from the AD process is a potential renewable energy source with a 

calorific value that lies between 19 and 23 kJ/L  (Ryan et al., 2009). Owing to this, it has 

several uses ranging from electricity production to transportation fuel. In South Africa, the most 

common applications are electricity production using CHP systems (Section 2.4.3.2) and 

generation of heat through combustion in boilers (Section 2.4.3.1). Alternative direct use and 

upgrading options for biogas utilization in industry are further presented in Sections 2.4.3.3. 

The latter includes discussion on amine scrubbing and membrane processes. 

Raw biogas

Direct use Biogas Upgrade

Boilers - 

Combustion

Combined Heat and 

Power System

Heat

Domestic 

heating

Industrial heating 

and steam 

generation

Heat and Electricity

Biomethane

Compression

Vehicle fuel
Injection into grid or 

commercial sales  

Figure 2.2: A summary of biogas utilization options (Seadi et al., 2008) 

 

2.4.3.1 Direct Combustion and Heat Production 

Biogas can be directly combusted in boilers to produce heat. These boilers do not require high 

quality gas; however, it is important to maintain a low concentration of H2S to prevent severe 

environmental pollution through release of SO2 (Nguyen, 2014). In large scale commercial 

plants, the heat produced can be used for steam generation or digester temperature control. 

Small scale biogas utilization on farms may include cooking gas and space heating (Nguyen, 

2014). 
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2.4.3.2 Combined Heat and Power Systems 

Combined heat and power generation is a popular and typically highly efficient method of 

biogas utilization. CHP engines are used for this purpose and typically consist of a 

compression system, fuel injection and combustion chamber, and a turbine for electricity 

generation. Heat is then often recovered from the off gas and used to generate steam 

(Magnusson, 2011). Prior to its utilization, it is important that the gas be dried and conditioned 

as engines have varying thresholds for water and H2S. The total efficiency (thermal and 

electrical) ranges between 85 and 90% with the remainder accounted for in energy losses to 

the environment through noise and heat (Seadi et al., 2008). Despite the high reported 

efficiencies, operating a CHP requires a steady biogas flowrate. Erratic flowrates may lead to 

unstable voltages which present a safety hazard. This can be solved through gas storage as 

a buffer to facilitate constant gas flow into the CHP system. 

2.4.3.3 Biogas Upgrading 

Biogas is largely composed of CH4 and CO2 which account for 65 – 70% and 25 – 30% by 

volume, respectively. The remaining 5 to 10% may consist of H2S, H2O, NH3, siloxanes and 

other inert gases. Of these gases in the mixture, only CH4 contributes to the amount of energy 

the biogas possesses (Wheeler et al., 1999b). To increase the calorific value of the gas and 

make it suitable for commercial use as a vehicle fuel or as a substitute for natural gas, it is 

necessary to remove CO2 as well as contaminants such as H2S, NH3 and siloxanes (Axelsson 

et al., 2012).  

Biogas upgrading is the process by which CO2 is removed from the biogas mixture to form 

biomethane with a purity of 95 – 97%. Removal of carbon dioxide is done to increase the 

calorific value of the biogas (22 kJ/L) to natural gas standards (38 – 40 kJ/L) (Ryckebosch et 

al., 2011). However, a loss of methane is common with CO2 removal (Nguyen, 2014). 

Removing gaseous contaminants prevents corrosion of equipment and gas pipelines as well 

as the release of harmful oxides upon combustion. Dehydration of the gas is also key in 

controlling the dew point, and preventing condensation. 

Several technologies have been developed for biogas upgrading. These include physical and 

chemical absorption techniques, pressure swing adsorption, cryogenic separations and 

membrane technologies. Of these, cryogenic separations are least common due to the high 

energy requirements for refrigeration.  

i. Water Scrubbing 

This separation technology harnesses the differences in solubility between the methane and 

carbon dioxide in water. Carbon dioxide is 25 times more soluble than methane at ambient 

conditions. In addition, its solubility in water is a strong function of pressure and temperature. 

Lower temperature and higher pressures increase the solubility of CO2 (Cozma et al., 2013b). 

In this process, raw biogas is compressed to ca. 10 bar and is fed to the bottom stage of an 

absorption column packed with plastic or metal pall rings. Water at 10 bar is fed at the top 

stage. Through mass transfer, the CO2 moves into the liquid phase which is recovered at the 

bottom stage. Biomethane is recovered at the top stage with purity of 95% (Axelsson et al., 

2012). Further compression of the gas may be done for storage or sale purposes. To reduce 

methane losses, the CO2 rich water stream leaving the absorber is depressurized in a flash 

column from 10 to 3 bar. This causes a release of gases, mostly CH4, CO2 and water vapour 

which may be recycled to the water absorber.  
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Figure 2.3: A simplified block flow diagram of the water scrubbing process (Axelsson et al., 2012) 

The CO2 rich water stream leaving the flash column may be regenerated in an air stripping 

column depending on the availability of water. Air is fed at ambient pressure at the bottom 

stage and counter-currently strips the CO2 and other contaminant gases from the water. The 

off gas leaving the top of the stripper column is often released to the atmosphere. 

Regeneration of the water leads to a more sustainable process. However, it is necessary to 

include a fresh water make up stream to cater for lost water and a purge to prevent a build-up 

of inert gases in the system. It is estimated that 1000 m3 of biogas requires a water 

recirculation loop of 200 m3 (Axelsson et al., 2012). 

Physical absorption using water is the simplest biogas upgrading technology as it does not 

involve any hazardous chemicals or extreme operating conditions (Leme and Seabra, 2017). 

In addition, regeneration and recycling of water makes the process sustainable and 

economical. However, one notable disadvantage is that absorption of CO2 decreases solution 

pH and may lead to corrosion especially in systems with elevated H2S concentrations 

(Nguyen, 2014). 

ii. Amine Scrubbing 

In this process, aqueous chemical solutions of amines are used in the absorption process. 

The amine solution chemically binds with CO2 in a reversible reaction. The most common 

amines used are monoethylamine (MEA), diethylamine (DEA) and monodiethylamine (MDEA) 

(Kasikamphaiboon et al., 2013). Raw biogas is fed to the bottom stage of the absorption 

column at ambient temperature and pressure. The gas is contacted counter currently with the 

amine solution coming in from the top stage. The reaction is exothermic and increases the 

solution temperature from 30oC to approximately 55oC (Axelsson et al., 2012). This increase 

in temperature is, however, not thermodynamically advantageous as CO2 solubility decreases. 
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Figure 2.4: A simplified block flow diagram of the amine absorption process (Axelsson et al., 2012) 

The upgraded gas exits the top of the absorber column and may be compressed for further 

applications. The CO2 rich amine solution is regenerated in a stripper column where it is 

contacted with steam. CO2 is released throughout the column and leaves through the top 

stage. The stripper is fit with a partial reboiler to generate steam at 130oC and to boil part of 

the amine solution. 

The use of chemical absorption is generally applied to large scale plants. The operating costs 

are higher compared to water scrubbing due to the additional chemicals needed and energy 

demands during regeneration (Axelsson et al., 2012). Some advantages, however, include 

the ability to simultaneously absorb H2S and operate at a lower pressure of 2 bar compared 

to water scrubbers.  

iii. Membrane Processes 

This technology takes advantage of the differences in molecular sizes of the components in 

the raw biogas. In this process, pressurized biogas is passed through a series of semi-

permeable membranes which permeates CO2 and some other gaseous components. The 

retentate stream contains mostly CH4. To avoid major methane losses, permeate from the 

second membrane in the series is recycled (Nguyen, 2014). Conditioning of the gas to remove 

suspended particles, H2S and other impurities is necessary as the membranes are prone to 

fouling and corrosion (Axelsson et al., 2012).  

Raw Biogas

Condensate

Conditioning 

tank

H2S Removal

Membrane

Biomethane

Permeate

 

Figure 2.5: A simplified block flow diagram of the gas permeation process (Axelsson et al., 2012) 

Membrane separation processes are increasingly gaining popularity due to their simplistic 

nature and ease of operation. It does not require any water or harsh chemicals to facilitate 

separation. However, the high capital and operation costs of gas compression and membrane 

replacement can be disadvantageous (Leme and Seabra, 2017). This technology is highly 

recommended for low volumetric flowrates and high methane concentrations.  
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2.4.3.4 Energy Consumption and Cost Comparisons 

The level of energy consumption for biogas upgrading is greatly dependent on the heating 

and compression requirements. It is therefore important to consider the relative energy 

requirements and normalized costs to adopt the appropriate technology. Water scrubbing and 

membrane separations occur at high pressures between 10 and 20 bar which increases the 

electrical energy demand (Leme and Seabra, 2017). On the other hand, amine scrubbing 

demands a great deal of heat for solvent regeneration. Figure 2.6 shows the energy 

requirements for chemical and physical absorption, as well as membrane separation 

technologies amongst others (Axelsson et al., 2012). Although amine scrubbing has the lowest 

electrical energy demand, it requires a significant amount of heat energy (Figure 2.6). Water 

scrubbing and membrane processes have similar electrical energy demands as they operate 

at similar pressures. 

 

Figure 2.6: The specific energy demand for biogas upgrading technologies adapted from (Axelsson et 
al., 2012) 

The specific unit costs ($/GJbiomethane) of biomethane vary for each of these technologies and 

are largely governed by differing capital investments, labour, chemical requirements and 

energy costs incurred (Figure 2.7).  For the technologies presented in Figure 2.7, there is a 

14% cost variation. This variation stems from the differences in total energy and raw material 

costs. An example is the case of amine scrubbing where the cost is driven up by the heating 

requirement; however, the total costs remain within range due to lower electrical energy costs. 

Water scrubbing on the other hand has higher electrical energy costs compared to 

membranes and amine scrubbing due to solvent (water) cooling requirements in addition to 

the energy required for raw biogas compression. Another notable factor is the cost of 

membrane replacement (CO2 media). This significantly impacts the specific unit cost of 

membrane technologies which would have otherwise been the lowest (<30 R$/GJbiomethane) 

(Leme and Seabra, 2017). Aside from costs, factors that need to be considered when selecting 

biogas upgrading processes include safety, availability of equipment, and scale of processes. 

Heating Energy 
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This will facilitate the generation of an optimized process design that delivers the required 

result. 

 

Figure 2.7: A breakdown of the specific unit costs for biogas upgrading processes adapted from Leme 
and Seabra (2017)  

2.4.4 Desalting Processes 

Vinasse has a relatively high concentration of potassium salts (11 g/L) in the form of 

phosphates, potash and sulfates (Wilkie et al., 2000). The concentration of these salts above 

certain thresholds is suggested to negatively affect biological treatment processes such as AD 

through inhibition of microbial activity (Kugelman and Mccarty, 1965). In addition, elevated salt 

concentrations may cause digestive complications if the raw vinasse is used as an animal 

feed supplement. The use of vinasse as a fertilizer may also be compromised owing to the 

risk of nutrient overloading in the soil due to high potassium concentrations (Christofoletti et 

al., 2013). Extraction of potassium salts from vinasse may mitigate these problems and 

potentially provide an additional revenue stream.  

Several laboratory and pilot scale studies on vinasse desalting techniques have been 

conducted (Decloux et al., 2002; Y. Zhang et al., 2012). One promising technology is strong 

acid ion exchange where potassium ions are adsorbed onto a resin packed inside a column. 

In this technology, a styrene series ion exchange gel resin, ZGC108, can be used (Zhang et 

al., 2012). This general sodium-based resin contains a sulphonic group (SO3H-) and has an 

overall ion exchange capacity of 2 mmol/ml. Potassium ions in the vinasse are adsorbed onto 

the resin, after which a strong acid eluent is used to regenerate the resin. Potassium ions in 

the eluent are then recovered through heat crystallization in a stirred tank reactor. K2SO4 

crystals are then recovered through membrane filtration (0.45 m). The choice of acid eluent 

used to regenerate the resin is dependent on the specific desorption capacity. With increasing 

acid strength, higher capacities are achieved as strong acids dissociate more readily 

compared to weak and intermediate acids. At H2SO4 concentrations of ca. 0.4 mol/l, 99.6% of 

the potassium can be desorbed from the resin with 93.2% of the potassium sulfate 

crystallizing.  
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Another promising technology is electrodialysis. This involves the transport of salt from the 

diluate (wastewater) to the concentrate through a semi permeable membrane by applying a 

potential difference  (Strathmann, 2010). In a study by Decloux et al. (2002), pre-treatment of 

vinasse through filtration was necessary to reduce the turbidity. A 75% reduction in potassium 

ion concentration was achieved with a further favourable 50% reduction in the initial calcium 

and sodium ion concentrations, which migrated across the membrane into the concentrate. 

As a pre-treatment process for the desalting of raw vinasse, electrodialysis may not be 

preferable. The raw vinasse may cause severe fouling of the membranes (Kim, 2011). 

Although ion exchange resins are less susceptible to fouling, it is postulated that the energy 

demands arising from pumping and heating crystallization (Zhang et al., 2012)  may make this 

process unfeasible. As such, it may be necessary to define or establish the threshold salt 

concentrations at which the salts become inhibitors in AD, toxic to animals or unfit for land 

disposal. This will dictate the necessity and scale of the pre-treatment processes. 

2.4.5 Water Recovery Processes 

The water present in the raw or digested vinasse can be recovered and repurposed for 

applications such as feed dilution, biogas upgrading and boiler feed water (Tewari et al., 2007). 

It can also be used as a nutrient supplement for fungal and algal bioprocesses depending on 

the residual nitrogen and phosphorus concentrations (Pant and Adholeya, 2007b). Dewatering 

the vinasse not only reduces its volume, but results in a concentrate that can be transported 

easily and used as a fertilizer. Two common dewatering processes are multi-effect 

evaporation and reverse osmosis.  

Although multi-effect evaporation on an industrial scale is commonly used in sugar refining 

(Rein, 2007), it has also been implemented in Brazil for the reduction (75%) of vinasse water 

content (Carvalho, 2011). In this set up, vapour recovered from one evaporator was used as 

an energy source for the next evaporator. With a feed of 100 m3/h of vinasse, 80 m3/h of 

condensate (water) and 20 m3/h of concentrated vinasse was recovered with a solids 

concentration between 20% and 25% (m/v). The savings accrued in the Brazilian distillery 

from the concentration of vinasse were quantified through an economic distance evaluation. 

Increasing the effluent solids concentration caused a decrease in the transportation costs due 

to significant volume reductions. However, concentration of the vinasse above 25% did not 

lead to higher savings due to increased capital and operational energy costs of the evaporation 

plant. 

The common alternative to evaporation is the use of membrane processes. One such process 

is reverse osmosis (RO) which could theoretically recover 99% of the water (Nataraj et al., 

2006). It is a pressure driven membrane process used to separate solute and solvent by order 

of molecular size. RO requires elevated pressures to overcome the osmotic pressure of the 

fluid which may lead to high capital and operating costs (Ryan et al., 2009). The membranes 

are also prone to fouling which is mitigated by coupling RO with a pre-treatment using micro-

filtration (MF) or nano-filtration (NF). These techniques ensure the removal of suspended 

solids and heavy molecules prior to the RO process. 

2.4.6 Physico–Chemical Treatment Processes 

Biological treatment of vinasse and other substrates results in the concentration of recalcitrant 

organics and polymers such as phenols and melanoidins in the effluent which are responsible 

for the dark brown pigment (Barros et al., 2016). The dark brown pigment reduces sunlight 
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penetration into water bodies when vinasse is freely disposed into water bodies. In addition, 

the polymers and recalcitrant substances may lead to severe fouling of membranes and 

resins.  

One process to decrease the dark brown colour in vinasse is coagulation and flocculation. 

During coagulation, iron or aluminium salts are used to decrease the negative charges on the 

colloids and reduce their repulsion forces. This promotes collision between the colloids to form 

flocs which then join to form larger flocs. Coagulants such as ferric hydroxysulfate have been 

used to successfully decolorize bio-digested vinasse. Coagulation and flocculation has several 

drawbacks. The reagents required are expensive, corrosive and difficult to store and handle 

(Ryan et al., 2009). 

Electro-coagulation is an alternative process to chemical coagulation. It is advantageous as it 

results in less sludge formed compared to conventional coagulation (Satyawali and 

Balakrishnan, 2008)  In addition, it does not require expensive and corrosive reagents. 

Instead, an electrochemical reactor is used with electrodes that provide the sacrificial ions. A 

potential difference is used to promote removal of ions from solution and consequently 

precipitation of the colloids to result in a decolorization of up to 96%.  

2.5 Integration of Vinasse treatment processes  

Integration of the vinasse treatment technologies using a biorefinery approach is beneficial 

from both economic and ecological perspectives. The volume of disposed waste is reduced 

which, in turn, promotes sustainable biofuel (Ryan et al., 2009). High energy biogas from 

vinasse AD can be used for electricity generation via combined heat and power plants or 

biomethane production through upgrading processes. Implementation of either of these 

strategies has been reported to increase the profitability of vinasse AD plants through cost 

savings on electricity and vehicular transport fuels (Fuess and Zaiat, 2017; Moraes et al., 

2014). However, this is dependent on the external factors such as the availability of 

biomethane powered trucks and the presence of an electrical grid feedback system.  

Products of value such as potassium extracted through pre-treatment processes can be 

commercialized to further increase the performance of the AD process and profitability of the 

integrated process (Lameloise et al., 2015). Several post-treatment processes may be 

implemented for the recovery of decolorized water and nutrient rich concentrates to be used 

as fertilizer. Physico-chemical treatments such as coagulation and flocculation can be used to 

decolorize (Guerreiro et al., 2016) the digested vinasse prior to membrane treatment via 

reverse osmosis for water recovery. Alternatively, the digestate can be further treated 

aerobically to reduce the organic content and then freely disposed after sufficient dilution with 

fresh water (Ryan et al., 2009) (Figure 2.8). Thermal treatments such as spray-drying and 

evaporation may also be used to treat raw or digested vinasse. However, these processes are 

often energy intensive and expensive thereby invalidating their economic feasibility (Ryan et 

al., 2009). The various pre- and post-treatment options are summarized in Figure 2.8 that is 

adapted from Ryan et al. (2009), 
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Figure 2.8: A schematic showing vinasse treatment process routes (Ryan et al., 2009) 

The choice of an appropriate treatment route depends on the feed composition, economic 

feasibility and the desired products of value. Modelling these processes on simulation 

platforms can provide estimates on the scale, energy requirements, productivities and 

potential bottlenecks (Donoso-Bravo et al., 2011). From review of the literature, it is clearly 

seen to be important to develop models that closely mimic reality to obtain credible estimates 

and results. However, this can be a challenge especially with biological processes which 

involve simultaneous reactions typically influenced by many internal and external factors (Yu 

et al., 2013). Of the treatment technologies discussed in Section 2.4, simulation of anaerobic 

digestion is known to be fairly complex owing to the mix of simultaneous reactions and wide 

range of influencing variables such as pH, temperature, substrate and inhibiting ion 

concentrations. Additionally, it is a 3-phase (solid, liquid and gas) process which requires mass 

transfer and activity coefficient modelling to accurately represent the interaction between the 

gas and liquid phases.  

Several scholars have developed models for the anaerobic digestion of waste substrates with 

varying degrees of complexity (Angelidaki et al., 1993; Batstone et al., 2002; Symons and 

Buswell, 1933). The models typically consist of material flow algorithms either through 

stoichiometric reactions or COD balances coupled with kinetic equations to predict microbial 

growth. While implementation of the models on software platforms may be difficult owing to 

the resulting differential equations, they have shown to predict process parameters and results 

such as biogas yields, effluent concentrations and pH quite accurately (Barrera et al., 2015; 

Koch et al., 2010; Rajendran et al., 2014). 

2.6 Anaerobic Digestion Modelling  

Approximately 2,200 large scale AD plants are in operation worldwide, highlighting the 

increasing need for developing accurate, representative, mathematical models to simulate 

these mechanisms (Lauwers et al., 2013). These models should allow for prediction of product 

yields, substrate consumption and operating conditions. From these, process parameters and 

costs can be determined to provide an improved understanding of the system with greatly 

reduced economic risk. This is because the modelling process can be completed internally 

and in good time at minimal cost as opposed to development of pilot scale plants for the same 

purpose.  
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Mathematical modelling of anaerobic digestion has been progressively developed over the 

past two decades (Angelidaki et al., 1993; Batstone et al., 2002; Ikumi, 2011). Modelling of 

this process typically involves the translation of the biochemical mechanisms into linear and 

nonlinear equations which are then solved to obtain outputs in terms of concentration profiles 

and energy balances (Yu et al., 2013). However, this is complicated by the reactions in AD 

occurring concurrently, mediated by multiple microbial populations that are modelled in a 

multistage approach. Owing to this, determining kinetic constants, growth or death rates and 

other related parameters is challenging, hence their scarcity (Donoso-Bravo et al., 2011). The 

degree of complexity of any AD model is determined by its purpose i.e. the outputs to be 

predicted (Yu et al., 2013). In this review, AD models that were assessed for the treatment of 

vinasse were ADM-1 (Batstone et al., 2002), ADM-3P (Ikumi, 2011), comprehensive AD model 

(Angelidaki et al., 1993) and a theoretical stoichiometric model (Symons and Buswell, 1933).  

2.6.1 Theoretical stoichiometric model 

This is a simple ‘black box’ stoichiometric AD model which predicts the degradation of a well-

defined substrate to its products. The products include CH4, CO2, NH3 and H2S. It was initially 

developed by Symons and Buswell (1933) to predict the degradation of substrates containing 

carbohydrates under anaerobic conditions. In this model, the substrate must be accurately 

defined by its constituent elements (C, H, N, O, and S). Model calibration can be done using 

experimental data which provides the biogas composition and methane yields composition. 

The model assumes the stoichiometric equation as presented in Equation 2.1. 

𝐶𝑐𝐻ℎ𝑂𝑜𝑁𝑛𝑆𝑠 +  𝑦 𝐻2𝑂 →  𝑥 𝐶𝐻4 +  (𝑐 − 𝑥) 𝐻2𝑂 +  𝑛 𝑁𝐻3 +  𝑠 𝐻2𝑆  Equation 2.1 

where: x=
1

8
(4c+h-2o-3n-2s) and y=

1

4
(4c+h-2o+3n+3s)  

The stoichiometric model proposed by Symons and Buswell (1933) is limited in that it does 

not explicitly predict intermediate AD products such as VFAs or biomass. The model is most 

appropriately used when the main concern is predicting the biogas and methane yields as well 

as composition (Nguyen, 2014).  

2.6.2 Comprehensive model for bioconversion of substrates 

The model proposed by Angelidaki et al. (1993) presents a framework for the anaerobic 

digestion of complex wastes (Figure 2.9). It decouples the feed into its constituent 

carbohydrates, lipid and protein contents. This enables the prediction of process parameters 

and compounds such as pH (ionic speciation), VFA and ammonia (mass balance) whose 

monitoring and control is critical for the success of AD. Additional algorithms focused on 

predicting the effect of free ammonia concentrations on the pH and methanogenic activity, 

gauged using the biogas yield, are implemented in this model.  

Intermediate reactions and products as well as the interactions involved within the 4 stages of 

AD are included in the model. In each stage, different types of bacteria and archaea are 

responsible for the organic matter degradation. Inorganic components that influence microbial 

activity through inhibition feature in this model as well. Further, the characterization of the 

substrate into the three measurable components allows the model to be used for a wide range 

of organic wastes. The interaction between the different processes incorporated in the AD 

model (Angelidaki et al., 1993) is shown in Figure 2.9. 



22 | P a g e  

 

Carbohydrates – 

(C6H12O6)n

Glucose (C6H12O6)

CO2, H2O, 

H2

Hbu, HPr, HVaAcetic acid

CH4, CO2

Acetic Acid

Proteins

Amino acids

Acidogenesis – 

Acidogenic bacteria

Acetogenesis -  Aceticlastic HVa, 

HBu and HVa, degrading  

bacteria

Aceticlatstic HAc 

degrading archaea

Hydrogentrophic 

methanogenesis

Hydrolysis 

Lipids

Glycerol LCFA

Hydrolysis 

Hydrolysis 

 

Figure 2.9: A flowchart detailing the flow of materials and overall AD framework used in the model by  
Angelidaki et al. (1993). 

The breakdown of proteins, carbohydrates and lipids to simple sugars, amino acids and oleate 

occurs via hydrolysis, which is often rate limiting (Vavilin et al., 2008). Hydrolysis was modelled 

using first order kinetics based on the substrate concentration. Inhibition by VFA in this model 

during hydrolysis was implemented using inhibition terms based on the total volatile fatty acid 

concentrations. The simple sugars, amino acids, glycerol and oleate are then broken down 

into volatile fatty acids, CO2 and H2S by acidogens. The VFAs are broken down to by VFA 

degraders to acetic acid, H2 and CO2. Acetic acid and hydrogen are further broken down to 

methane by methanogens.  

The model adopts experimentally determined yield coefficients from Hill (1982) to derive the 

reaction stoichiometry. The AD mechanism by Angelidaki et al. (1993) is presented below 

(Sections 2.6.3 to 2.6.6) and has been grouped into three categories which correspond to the 

substrate constituents. The conversion of material from carbohydrates, lipids and proteins to 

methane, carbon dioxide and the liquid digestate components is shown progressively for each 

constituent. It must be noted that these reactions occur in parallel as intermediate production 

such as VFA are present in the substrate. 

2.6.3 Carbohydrates 

Complex carbohydrates are broken down into soluble and insoluble carbohydrates through 

hydrolysis via Equation 2.2. The rate limiting nature of this step owing to the presence of 

insoluble and inert fractions was incorporated into the model using first order kinetics.  

(C6H12O6)total→Yc (C6H12O6)soluble + (1-Yc) (C6H12O6)insoluble  Equation 2.2 

Where Yc represents the biodegradability of the carbohydrate. 

The insoluble fraction consisted of organic material such as lignin and structural cellulose that 

were assumed to be inert. Soluble carbohydrates represented by glucose, are further broken 

down by acidogenic bacteria into extracellular VFAs such as propionic, acetic and butyric acid, 

as well as, CO2 and H2O.  
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Although all microbes in this model were assumed to have an empirical formula of C5H7NO2, 

appropriate specifications were added to differentiate their characteristics in terms of growth 

rates and product yields. Carbohydrate acidogenesis is shown by Equation 2.3 that results the 

growth of the acidogenic bacteria and formation of volatile fatty acids. 

𝐶6𝐻12𝑂6  +  0.1115 𝑁𝐻3  →  0.1115 𝐶5𝐻7𝑁𝑂2  +  0.744 𝐶2𝐻4𝑂2  +  0.5 𝐶3𝐻6𝑂2  +

 0.4409 𝐶4𝐻8𝑂2  +  0.6909 𝐶𝑂2  +  1.0254 𝐻2𝑂   

Equation 2.3 

VFAs formed from acidogenesis are then converted to acetic acid by propionate (Equation 

2.4), butyrate (Equation 2.5) and valerate (Equation 2.6) degrading acetogens.  

𝐶3𝐻6𝑂2 + 0.0458 𝑁𝐻3 + 1.764 𝐻2𝑂 → 0.0458 𝐶5𝐻7𝑁𝑂2 + 0.9345 𝐶2𝐻4𝑂2 +

2.804 𝐻2 + 0.902 𝐶𝑂2   

Equation 2.4 

𝐶4𝐻8𝑂2 + 0.0544 𝑁𝐻3 + 1.7818 𝐻2 + 0.0544 𝐶𝑂2 → 0.0544 𝐶5𝐻7𝑁𝑂2 +

1.8909 𝐶2𝐻4𝑂2 + 1.8909 𝐻2   

Equation 2.5 

𝐶5𝐻10𝑂2 + 0.0653 𝑁𝐻3 + 0.8045 𝐻2𝑂 + 0.5543 𝐶𝑂2 → 0.0653 𝐶5𝐻7𝑁𝑂2 +

0.8912 𝐶2𝐻4𝑂2 + 0.02904 𝐶3𝐻6𝑂2 + 0.4454 𝐶𝐻4  

Equation 2.6 

There are two possible pathways through which methanogenesis occurs (Angelidaki et al., 

1993). The first is utilization of hydrogen and CO2 formed from the acetogenic steps (Equation 

2.7 and Equation 2.8) and the second is conversion of acetic acid to methane by acetate 

degraders (Equation 2.9).  

2.804 𝐻2 + 0.01618 𝑁𝐻3 + 0.7143 𝐶𝑂2 → 0.001618 𝐶5𝐻7𝑁𝑂2 + 0.6604 𝐶𝐻4 +

1.45 𝐻2𝑂  

Equation 2.7 

1.8909 𝐻2 + 0.0109 𝑁𝐻3 + 0.4999 𝐶𝑂2 → 0.0109 𝐶5𝐻7𝑁𝑂2 + 0.4452 𝐶𝐻4 +

0.978 𝐻2𝑂  

Equation 2.8 

𝐶2𝐻4𝑂2 + 0.022 𝑁𝐻3 → 0.022 𝐶7𝐻5𝑁𝑂2 + 0.945 𝐶𝐻4 + 0.066 𝐻2𝑂 + 0.945 𝐶𝑂2  Equation 2.9 

Hydrogen utilizing reactions were combined with the butyrate degrading reaction (Equation 

2.5) in a bid to simplify the mechanism. Although this led to a reduction in model dynamism, 

the overall effect was assumed to be insignificant as the hydrogenotrophic methanogenic 

reactions were relatively fast compared to the acetogenic ones (Angelidaki et al., 1993).  

2.6.4 Lipids 

Lipid, represented by glycerol trioleate (GTO), were broken down to glycerol and oleate (as a 

representative fatty acid) (Equation 2.10) by glycerol fermenting bacteria (Angelidaki et al., 

1993). 

𝐶57𝐻104𝑂6 + 3𝐻2𝑂 →   𝐶3𝐻8𝑂3 + 3𝐶18𝐻34𝑂2  Equation 2.10 

The glycerol formed is instantly converted to propionate and biomass by the fermentative 

bacteria.  
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𝐶3𝐻8𝑂3 + 0.04071𝑁𝐻3 + 0.0291𝐶𝑂2 → 0.04071𝐶5𝐻7𝑁𝑂2 + 0.9418𝐶3𝐻6𝑂2 +

1.09305 𝐻2𝑂  

Equation 2.11 

The presence of oleate inhibits bacterial processes in AD (Hanaki et al., 1981) and therefore 

maintaining low concentrations allows for uninhibited lipid degradation (Angelidaki et al., 

1993). The overall GTO degradation was obtained by combining GTO and glycerol 

degradation shown above to obtain Equation 2.12. 

𝐶57𝐻104𝑂6 + 1.9065𝐻2𝑂 + 0.04071𝑁𝐻3 + 0.0291 𝐶𝑂2 → 0.04071𝐶5𝐻7𝑁𝑂2 +

0.9418𝐶3𝐻6𝑂2 + 3𝐶18𝐻34𝑂2   

Equation 2.12 

The degradation of oleate by the long chain fatty acid (LCFA) degraders results in the 

formation of acetic acid and hydrogen. Hydrogen utilizing methanogens convert the hydrogen 

to methane. In this model, these two steps are combined to form the following overall LCFA 

degrading step. 

𝐶18𝐻34𝑂2 + 7.7401 𝐻2𝑂 + 4.0834 𝐶𝑂2 + 0.2537 𝑁𝐻3 → 0.2573 𝐶5𝐻7𝑁𝑂2 +

8.6988 𝐶2𝐻4𝑂2 + 3.4139 𝐶𝐻4   

Equation 2.13 

The propionic and butyric acid formed in the lipid degradation are converted to acetic acid and 

carbon dioxide and thereafter to methane via Equation 2.4, Equation 2.5 and Equation 2.9. 

While the degradation of lipids is well defined in this model, it applicability is constrained to 

glycerol trioleate as the starting lipid as this model has only been validated when using GTO. 

There may be deviations in the results with changing lipid compositions in different substrates. 

2.6.5 Proteins 

The model developed by Angelidaki et al. (1993) used manure as a substrate with the protein 

composition represented by gelatin as a model protein. It has a molecular formula of 

CH2.03O0.6N0.3S0.001. Proteins are first hydrolysed to amino acids and residual insoluble proteins 

(Equation 2.14). 

Proteins → (Yp) Amino acids + (1-Yp) Proteinsinsoluble   Equation 2.14 

where Yp represents the fraction of the protein that was degradable.  

Amino acids were then degraded further by acidogenic bacteria to form VFAs. The 

stoichiometric coefficients used to predicted VFA yields were determined experimentally 

(Angelidaki et al., 1993) as presented in Equation 2.15. The VFAs are converted to acetic acid 

and methane via Equation 2.4, Equation 2.5 and Equation 2.9. 

𝐶𝐻2.03𝑂0.6𝑁0.3𝑆0.01 + 0.3006 𝐻2𝑂 → 0.017013 𝐶5𝐻7𝑁𝑂2 +

0.29742 𝐶2𝐻4𝑂2 + 0.02904 𝐶3𝐻6𝑂2 + 0.02286 𝐶4𝐻8𝑂2 +

0.0013202 𝐶5𝐻10𝑂2 +  0.07527 𝐶𝑂2 + 0.28298 𝑁𝐻3 + 0.001 𝐻2𝑆     

Equation 2.15  

As with the lipid degradation mechanism, protein degradation as described by Angelidaki et 

al. (1993) may be limited to the use of gelatin as the representative. The model takes a black 

box approach to amino acid degradation and does not describe their individual breakdown of 

amino acids to VFA through stickland reactions (Ramsay and Pullammanappallil, 2001). An 

extension of this model (Angelidaki et al., 1993) by Peris (2011) saw the inclusion of stickland 
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reactions that enabled application of the model to wastes from bioethanol fermentation that 

had varying concentrations of individual amino acids. 

2.6.6 Reaction rates and kinetic data 

Growth kinetics in the model by Angelidaki et al. (1993) were defined using a rate limiting 

approach. This assumes that the slowest steps within AD could be used to define the AD 

process. For this model, these were hydrolysis, acetogenesis and methanogenesis. The 

hydrolysis steps (Equation 2.16) were modelled as first order reactions and were inhibited by 

the total VFA concentrations in the reactor.  

𝑅ℎ𝑦𝑑 = 𝑘0. (
𝑘𝑖

𝑘𝑖+∑𝑉𝐹𝐴
) . 𝑆         Equation 2.16 

In Equation 2.16, ki represents the inhibition constant associated with VFA accumulation and 

the substrate is denoted by S (g/L). To simulate anaerobic processes, several algorithms 

including the Monod (Monod, 1949), Contois (Contois, 1959), Haldane (Lokshina et al., 2001)  

and Hashimoto (Chen and Hashimoto, 1980) kinetic models have been developed. The 

abovementioned bio-chemical kinetics are based on the microbial growth and nutrient 

consumption rates. Owing to the close agreement of experimental data and simulation results 

(95% confidence interval), the Monod model has been commonly utilized for AD simulations 

(Yu et al., 2013). In the model by Angelidaki et al. (1993), the acidogenic, acetogenic and 

methanogenic steps are assumed to adhere to Monod type kinetics with respect to their 

primary substrates. The growth rates take the form seen in Equation 2.17 as initially described 

by Monod (1949) and later modified by Angelidaki et al. (1993) to contain additional substrate 

utilization and inhibition terms. 

𝜇 = 𝜇max(𝑇). (
1

1+
𝐾𝑠
𝑆

) . (
1

1+
𝐾𝑠2
𝑆2

) . (
1

1+
𝑆

𝐾𝑖𝑛ℎ𝑖𝑏𝑖𝑡𝑖𝑜𝑛

) . 𝐹(𝑝𝐻)   
Equation 2.17      

The ammonia co-substrate was included because all microbial steps require a nitrogen source 

for growth. This is denoted by the Ks2 term. Depending on its concentration, ammonia also 

non-competitively inhibited the methanogenic reactions. The effect of pH was included in the 

form of a normalized Michaelis pH function that increased or decreased the growth rate of the 

methanogens depending on the pH.  

The hydrolytic constants and maximum growth rates for carbohydrates and proteins as well 

as VFA degraders are considerably lower (see Table 2.4) compared to the maximum growth 

rates for the acidogenic microorganisms. This further affirms the rate limiting approach taken 

by the model where acidogenic reactions were assumed to proceed much faster compared to 

methanogenic and hydrolytic reactions. 

While this model was successful in AD simulations of animal waste, it has some drawbacks 

that may limit its application to complex wastes such as vinasse, municipal solid wastes and 

industrial effluents. One major drawback is that it uses compounds including glycerol trioleate 

and gelatin that may not be present in the above mentioned complex wastes. These wastes 

may contain other lipids and proteins that degrade differently thereby reducing the applicability 

of the mechanisms proposed by Angelidaki et al. (1993). Later models including ADM1 

(Batstone et al., 2002) have alleviated this problem through characterization of feed 

constituents by their COD concentrations. 
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Table 2.4: Kinetic constants and rate data used in the model (Angelidaki et al., 1993) 

Kinetic constant µmax (day-1) Ks (g/L) Ks (NH3) (g/L) Ki (g/L) Ki (g/L) 

Hydrolysis      

Carbohydrates 1 - - 0.33 - 

Protein 1 - - 0.33 - 

Acidogenesis      

Glucose 5.1 0.05 0.05 - 5 

GTO 0.53 0.01 0.05 - 5 

LCFA 0.55 0.02 0.05 - 5 

Amino Acids 6.38 - - - - 

Acetogenesis      

Propionic acid 0.49 0.259 0.05 0.96 (HAc) 5 

Butyric acid 0.67 0.176 0.05 0.72 (HAc) 5 

Valeric acid 0.69 0.175 0.05 0.4 (HAc) 5 

Methanogenesis      

Acetic acid 0.6 0.12 0.05 0.26 (NH3) 5 

The introduction of the ammonia inhibition kinetics in this model greatly improved the 

simulation of AD reactors at high VFA concentrations. While previous models predicted 

digester failure at high VFA concentrations, this model predicted an inhibited steady state 

where methane yields remained low through exploring NH3 and VFA interactions. 

2.7 Anaerobic Digestion Model 1 

Anaerobic digestion model 1 (ADM1) was developed through the collaboration of expert 

scholars under the International Water Association (IWA). The aim was to introduce a 

standardised convention and framework that could be used to model the biodigestion of 

substrates to produce effluents, methane and other byproducts (Batstone et al., 2002). The 

approach is similar to the convention proposed by Angelidaki et al. (1993) where complex 

substrates are broken down into carbohydrates, proteins, fats and inert components. These 

then undergo the four AD steps of hydrolysis, acidogenesis, acetogenesis and 

methanogenesis (Figure 2.10). In addition, this model takes into account the breakdown of 

particulate matter and the presence of active biomass in the substrate. Enzymatic hydrolysis 

reactions are modelled as first order. Monod-type kinetics are used to model the intracellular 

microbial reactions which include acidogenic fermentation, acetogenesis and 

methanogenesis.  

A COD balance is used to track substrate degradation in the biochemical reactions, whereas 

in previous models, such as Angelidaki et al. (1993), conventional reaction stoichiometry and 

mass balances were used. This makes the ADM1 versatile as most substrates can be 

characterized in terms of their soluble and insoluble COD. The yield, Monod half saturation 

coefficients and biomass growth terms are used to compute reaction rates and generate the 

material balances, thereby eliminating the need for stoichiometric reactions. ADM1 is similar 

to the model of Angelidaki et al. (1993) in the reaction steps as well as growth rate and 

inhibition expressions. However, ADM1 is extended to introduce detailed physico-chemical 

reactions that govern ion speciation for the prediction of pH and gas phase composition. These 

are relatively fast compared to the biological reactions. Inhibition of acidogenesis by H2 is also 

introduced, as is the selective production of VFA depending on H2 concentration. In addition 

to cell growth, lysis is also taken into account through the COD balance.  
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Figure 2.10: A flowchart showing the main pathways followed by material in ADM1 - adapted from 
(Batstone et al., 2002) 

Through modification, ADM1 has been applied to different substrates such as food waste and 

grass  (Nguyen, 2014; Thamsiriroj and Murphy, 2011). The original experimentally determined 

kinetic constants such as growth rates, saturation and yield coefficients have also been 

calibrated accordingly to simulate AD of vinasse (Barrera et al., 2015). Although ADM1 has 

been validated widely, it requires many input parameters, some of which are not easily 

measured in an industrial context. This makes it suitable for simulation purposes but 

inappropriate for plant wide process control and optimization (Yu et al., 2013). 

2.8 Anaerobic digestion model - 3 Phase 

This anaerobic digestion model, developed by Ikumi et al. (2011) on the WEST modelling 

platform for treatment of municipal wastewater, expanded on the UCTADM1 (University of 

Cape Town – ADM1) model, a two phase (aqueous-gas) AD model that was developed by 

Sötemann et al. (2005) as an extension of the ADM1 model. The UCTADM1 model includes 

hydrolysis, growth and lysis catalyzed by the four microbial populations involved in AD. In this 

model, sewage sludge is characterized into its elemental C, H, O and N content. The 

elementally defined substrate (CXHYOZNA) is then hydrolysed to a model ‘glucose’ component. 

The subsequent acidogenic, acetogenic and methanogenic reactions are handled 

stoichiometrically and are assumed to occur faster than the rate limiting hydrolysis step. The 

model additionally includes effects of pH on the conversion of glucose to VFAs, thereby 

predicting digester behaviour under failure conditions.  

ADM-3P builds on UCTADM1 through the addition of (1) a detailed characterization of soluble 

and particulate biodegradable material, (2) an ionic speciation routine for pH prediction and 

weak acid base chemistry, (3) mineral precipitation processes such as struvite formation and 

(4) the digestion of waste activated sludge rich in phosphorus (Ikumi et al., 2011). The ionic 
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speciation sub-routines and mineral precipitation modules were coded separately to reduce 

stiffness which could lead to dynamic model failure. In this manner, the routine computes ionic 

concentrations and thereby digester pH at each time step. A schematic of the AD process 

model implemented in ADM-3P is presented in Figure 2.11 (Ikumi et al., 2011) 
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Figure 2.11: Process schematic used in the development of ADM 3P adapted from Ikumi et al. (2011) 

The AD process steps in ADM3P can be classified into hydrolysis, polyphosphate release, 

polyhydroxyalkanoates uptake, acidogenesis, acetogenesis, methanogenesis and cell death 

(cell lysis) of the respective microbial communities involved. In addition, mineral precipitation 

and dissolution reactions were implemented so as to simulate digestion of phosphorous rich 

water accurately. Kinetic parameters were initially sourced from previously published literature 

values and calibrated by fitting the simulated results to replicated experimental data (Ikumi et 

al., 2011)  

ADM-3P has been used to develop a plant-wide wastewater treatment model which 

incorporates pre-treatments such as settling and aerobic digestion. The results can be used 

to influence unit operation design and plant layouts. Although ADM-3P predicts the outcomes 

from lab scale experiments accurately, it has not yet been used to model industrial plant-wide 

setups where factors such as fluid dynamics and mixing are pronounced (Ikumi et al., 2011).  

Further, ADM-3P has yet to be rigorously applied to feed substrates other than municipal 

wastewater and sewage. 
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2.9 Comparison of AD Models  

The stoichiometric model developed by Symons and Buswell (1933) simplifies the AD process 

to the conversion of a formulaic substrate (CxHyOzNaSb) to biogas. It does not model the 

formation of intermediates (VFAs) and the AD effluents, nor does it account for the molecular 

components present in the feedstock in terms of specific reactions. This model is applicable 

when the main focus is the substrate conversion factor and biogas composition. The 

comprehensive AD model developed by Angelidaki et al. (1993) extended the functionality of 

the stoichiometric model. It rigorously models the four AD processes to incorporate hydrolysis, 

acidogenesis, acetogenesis and methanogenesis using reaction stoichiometry that includes a 

distinction between microorganisms involved in each of the reaction steps. Substrate 

characterization into carbohydrates, lipids and proteins enables the application of this model 

to a variety of waste streams. Further to this, empirically determined Monod model parameters 

including half saturation constants, growth rates and yields can be calibrated depending on 

the substrate. 

ADM1 tracks the degradation of components and formation of products through a chemical 

oxygen demand (COD) balance and not reaction stoichiometry (Yu et al., 2013). The absence 

of elaborate stoichiometry may restrict its use to coding platforms as common platforms such 

as SuperPro Designer and Aspen Plus require well defined stoichiometry. The feedstock 

characterization in ADM1 requires the definition of quantities such as soluble VFA 

concentrations that are not easily measured in an industrial context (Ikumi et al., 2011). 

Assumptions regarding these parameters may introduce error in the AD simulations based on 

ADM1.  

ADM-3P, on the other hand, is a flexible model that incorporates an independent ionic 

speciation routine and mineral precipitation processes in addition to the typical AD mechanistic 

steps. It is solely developed in C++ on WEST, a wastewater modelling platform which can be 

extended to include other biotransformation processes such as activated sludge models. To 

date, its application has been limited to municipal wastewater. 

Through repeated studies and modifications, kinetic parameters and equations for anaerobic 

digestion models can be well calibrated to make them suitable for most waste substrates. 

Parameter estimation techniques have been used to calibrate ADM1 kinetics to suit different 

substrates including vinasse (Barrera et al., 2015) and food waste (Nguyen, 2014). Direct and 

cross validation with experimental data will further ensure that the intermediate and final AD 

simulation results obtained are credible and representative of the systems on the ground.  

2.10 Review of Simulation Software Packages 

Using computer aided software to simulate processes has become an indispensable tool in 

industrial applications. Simulations provide material and energy balances which aid in the 

design of equipment for processes (Georgiadis, 2012). Further, design optimizations can be 

performed through objective functions using these simulation packages by using key operating 

variables that significantly impact plant operation. In the simulation of dynamic bioprocesses, 

several software packages have been successfully implemented for this purpose. These 

include Aspen Plus, SuperPro Designer, gPROMS, Matlab/Simulink and CHEMCAD (Nguyen, 

2014). 

Although there are various flowsheeting platforms available, simulating bioprocesses remains 

a challenge. They involve unit operations that are not well defined or established in many 
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simulation packages (Shanklin et al., 2001). These include bioreactors, fermenters and batch 

reactors for example. Further, biological systems typically include complex components such 

as carbohydrates, proteins and long chain polymers whose structures are not well defined and 

are difficult to simulate in these environments. Unlike chemical process, bioprocesses do not 

typically rely on chemical and phase equilibria. They contain micro-organisms which rely on 

biological and physical phenomena which change throughout the operation. The availability 

of batch and fed-batch operating modes in the flowsheeting platforms must be considered as 

most bioprocesses operate in these modes. The development of bioprocess simulations 

therefore require careful consideration of the applied assumptions and their verified 

representation of the process (Shanklin et al., 2001). 

Identifying the intended purpose of the flowsheets before commencing on a selected platform 

is essential (Georgiadis, 2012). This governs the level of detail required in the model 

development. Using complementary software to diversify and supplement functions that are 

not available within the primary software may also be of value when simulating these 

processes (Nguyen, 2014). 

This review investigates the suitability of flowsheeting software in simulating the bioconversion 

of sugarcane vinasse to energy and fertilizer, considering their merits and shortcomings. Of 

the five software packages mentioned earlier, SuperPro Designer, Matlab/Simulink and Aspen 

Plus were selected for review based on their current availability, customizability and 

successful application in bioprocess modelling in previous studies (Nguyen, 2014; 

Woinaroschy, 2009a). 

2.10.1 SuperPro Designer 

This flowsheeting software package was developed for the modelling and simulation of a wide 

range of bioprocesses. These include, but are not limited to, wastewater treatment, 

environmental assessments, fermentation and water purification (INTELLIGEN, 2005). 

Routines for waste minimization and pollution prevention as well as various unit operations 

such as stirred tanks, plug flow reactors and absorber/stripper columns are present in this 

simulation package (Malakahmad et al., 2012). Water purification and solids separation 

modules are also included, further highlighting the appropriateness of the software to 

bioprocess modeling. Examples of these are its application in ethanol and biodiesel production 

(Haas et al., 2006) as well as in anaerobic digestion simulations (Malakahmad et al., 2012). 

SuperPro is greatly favored by bioprocess engineers as it allows for input of microbial kinetics 

such as Monod and Michaelis-Menten kinetic models (INTELLIGEN, 2005). The simulation 

package further contains an economic analysis tool that is used to generate reports on total 

and operating costs as well as to provide profitability indicators such as the return on 

investments, payback period and net present values. However, the software has limited 

thermodynamic information, thereby introducing a certain degree of uncertainty in simulation 

outputs (Meireles, 2008). A further limitation is the lack of sensitivity analyses features, making 

evaluation cumbersome when the input datasets are large (Woinaroschy, 2009b). To perform 

these analyses, an alternate application such as Microsoft Excel is often recommended.  
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2.10.2 High Performance Programming Languages (HPPL) – 

Matlab/Simulink, Scilab 

Biological process simulations involving reactions, variances in operating conditions, kinetics, 

stresses due to physical properties and changes in material streams can be formulated as a 

mixture of partial differential and differential algebraic equations (Georgiadis, 2012). These 

can then be simulated in programming languages such as Matlab/Simulink and Scilab. These 

contain ordinary differential equation (ODE) solvers that are used to evaluate material and 

energy balances to produce concentration profiles as a function of time (Sevella and Bertalan, 

2000). Sensitivity and optimization on these platforms are readily done through the adjustment 

of relevant syntax and objective functions (Sevella and Bertalan, 2000).  Modeling anaerobic 

digestion using ADM1 has been demonstrated successfully in Matlab/Simulink and this is 

often the preferred platform due to its flexibility. This is because a multitude of parameters can 

be incorporated with limited constraint (Barrera et al., 2015; Nguyen, 2014).  

One disadvantage is that the programming platforms are not equipped with physical and 

chemical properties of components involved in bioprocesses. However, this can be overcome 

by linking to open source property databases, thereby increasing the platforms’ capabilities or 

manually inputted into the code of the programme. (Georgiadis, 2012). These platforms have 

varying capabilities and are flexible. Simulation of specialized unit operations, absent in 

generic simulation software packages, can be done through unique user defined algorithms. 

However, this is severely limited by end-user capabilities as high-level programming skills are 

required. 

2.10.3 Aspen Plus Engineering Simulation Package 

Aspen Plus is an industrial process modelling and simulation tool developed by Aspen 

Technologies (Aspen Technology, 2000). It enables the assembly of material, work or energy 

streams to unit operations resulting in flowsheets which can be run at steady state or dynamic 

conditions (Nguyen, 2014). The unit operations are models developed to mimic the extensive 

range of processing units found in industry. Aspen Plus contains relevant processing units 

such as stirred tank reactors, filters, heat exchangers, pressure regulators, centrifuges and 

columns which are found in typical bioprocessing plants. These unit operations in Aspen Plus 

can be customized by the end-user with models that interface with external spreadsheets. 

Further customization within select processing blocks can be achieved through integration 

with FORTRAN. Aspen Custom Modeller (ACM) expands the software’s capabilities allowing 

the user to develop customized unit operations that are otherwise unavailable, using the 

developer coding language (Aspen Technology, 2000). 

Aspen Plus contains extensive component databases for chemicals, polymers, electrolytes 

and solids which are updated by the United States National Institutes of Standards and 

Technology (NIST). Appropriate physical property methods (equations of state), and Henry’s 

components, which have a major impact on the accuracy of the results, are also specified 

(Aspen Technology, 2000). One drawback is that complex components and solids involved in 

biological reactions are absent. However, organizations such as the National Renewable 

Energy Laboratory (NREL) have created databases for several biological components that 

can be manually registered in Aspen Plus (Wooley and Putsche, 1996). The software is 

equipped with an economic analysis feature which generates reports on the capital and 

operating costs of the flowsheet that are customizable to suit the user’s needs (Shanklin et 

al., 2001). One of the major advantages is that it is user friendly. It permits the gradual build-
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up of flowsheets, providing constant feedback with relevant error messages indicating system 

failure or incorrect input data specification (Shanklin et al., 2001). 

Although Aspen Plus contains extensive databases and a wide range of unit operations, it 

lacks specific modules that allow the input of bioreaction kinetics. However, anaerobic digester 

modules have been developed on Aspen Plus through integration with FORTRAN (Peris, 

2011). Rajendran et al. (2014) further developed a Process Simulation Model on Aspen Plus 

which was validated against existing anaerobic digesters. Biogas processing models have 

also been developed through gas turbines (Nguyen, 2014).  

The suitability of the three simulation platforms for bioprocess modelling purposes varies 

depending on the pros and cons of each. SuperPro Designer is most preferred for 

bioprocesses owing to the availability of input specifications for Monod and Michaelis-Menten 

reaction kinetics as well as batch mode operation. However, it is lacking in sensitivity analyses 

features. While Aspen Plus contains sensitivity and economic analyses features, it lacks 

crucial complex components and solids that participate in bioprocesses. High performance 

programming languages on the other hand are a powerful platform owing to their 

customizability. Nonetheless, they require a high level of coding knowledge. 

2.11 Summary – Literature Review 

Bioethanol production via fermentation processes results in the formation of vinasse that is 

high in organic content and inorganic salt concentration. Vinasse can be used as an animal 

feed supplement or applied to cane fields as a soil amendment. However, depending on 

application rates, these practices may be unsustainable due to their potential negative impacts 

on the environment with repeated exposure to this waste stream. 

Biological and physical processes have been used in industry to reduce the organic content 

and salt concentrations in vinasse. In the context of vinasse, anaerobic digestion is the most 

preferred bio-transformation reported to date. It reduces the organic content and results in the 

production of biogas, a potential energy source. Aerobic bio-transformation processes make 

use of fungal, algal and bacterial systems to degrade recalcitrant polymers and reduce the 

dark brown pigmentation in vinasse; however, they are mostly suggested as secondary 

treatments. From the literature, suggested recovery processes for valuable products including 

water and inorganic salts is sought through physico-chemical processes. Inorganic salts may 

inhibit microbial activity in AD and can be recovered through pre-treatments using ion 

exchange and electrodialysis. Dewatering processes such as reverse osmosis and 

evaporation are often used to reduce the water content in vinasse. The biogas produced can 

be harnessed for heat and electricity generation via CHP plants. Another alternative is to 

upgrade the biogas to saleable biomethane to compete with natural gas for utilization as 

energy sources in the transport sector.  

There is a need for integration of these processes to promote resource productivity with 

concomitant environmental protection. Integration allows the combination of unit operations to 

form process routes whose performance, resource productivity, energy utilization and 

feasibility can be determined during the project development phase. Modelling of these 

integrated process routes facilitates accurate predictions of performance, costs and feasibility. 

In addition, individual elements and combined configurations can be compared in an efficient, 

timely and cost-effective manner. Among the biological and physical processes suggested for 

vinasse treatment, anaerobic digestion is the most complex to simulate. This is mainly due to 

the presence of multiple microbial groups involved in many simultaneous reactions that are 
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sensitive to operating conditions such as temperature, pressure, inhibitor concentrations and 

pH. In addition, the presence of complex compounds in the substrate may further introduce 

uncertainty as kinetics are mostly validated for degradation of model compounds.  

Several AD models exist in the literature which vary in complexity. Early AD simulations saw 

the development of simple stoichiometric models that predicted biogas production upon 

substrate degradation. This was limiting owing to the inability of the model to predict effluent 

compositions. A comprehensive model for AD was developed by Angelidaki et al. (1993). It 

simulated the four AD steps in conjunction with the micro-organisms responsible through well-

defined reaction and kinetic equations. Later, ADM1 was developed as a baseline for 

anaerobic digestion modelling. It tracks the degradation of components and formation of 

products through a chemical oxygen demand (COD) balance that results in the accurate 

prediction of biogas yields and overall substrate degradation. However, one downfall is the 

exhaustive substrate characterization in terms of individual species concentrations in COD 

required to adequately define substrates in ADM1 model.  

Bioprocess modelling has historically proven to be a challenge due to the lack of unit 

operations in many simulation packages. In addition, organic components involved in bio-

reactions are not well defined in the simulation environments (Shanklin et al., 2001). When 

choosing a simulation software, it is important to consider the availability of model 

components, thermodynamic packages and supporting literature. The user friendliness and 

transferability of the package needs to be considered to ensure continuity of the research or 

operation. SuperPro designer and Aspen Plus have been used for bioprocess simulations in 

the past. Although both contain economic reporting tools and friendly interfaces, SuperPro 

designer has been criticized for its limited thermodynamic packages and the absence of 

sensitivity analyses feature (Meireles, 2008; Woinaroschy, 2009b). High Performance 

programming using software such as Matlab/Simulink and Scilab have been successfully used 

to model bio-processes. Addition of external thermodynamic packages can extend their 

functionality (Sevella and Bertalan, 2000). Flexibility of these platforms in a key asset in 

bioprocess modelling, however, a high level of programming proficiency is required which 

limits the transferability of the model. 

Successful simulation of the AD process will generate mass and energy inventories that can 

be used to evaluate performance. To improve resource productivity, it is necessary to explore 

the inclusion of pre- and post-treatments to the AD process and their effect on productivity 

and process economics. Discounted cash flow analyses are instrumental in determining 

process feasibility through progressive calculation of total capital investments, operating costs, 

revenues and cumulative cash flows. Total capital investments consist of the purchase, 

installation and delivery of major equipment whose costs can be evaluated using manufacturer 

quotes, order of magnitude estimations as well as costing equations found in the literature 

(Balaban, 2000; Turton et al., 2008). Thereafter, Lang factors are commonly used to evaluate 

the cost of equipment installation, delivery and site preparation. Operating expenditures arise 

from the costs incurred during the day to day operation of the plant. Profitability indicators 

such as return on investment, internal rate of return and the payback period can then be 

extracted from the discounted cash flow analysis (Sinnott, 2005). Using these indicators, cost-

benefit analyses can be drawn and used to justify or reject the need for additional treatments 

to the vinasse AD process. Using these tools, the practicality of vinasse processing routes can 

be evaluated in a South African context.  



34 | P a g e  

 

3. Research Approach and Model 

Development 
The overall aim of this research was to create a tool that can assist in decision making 

regarding the inclusion of energy, salt and water recovery technologies when developing 

vinasse treatment processes. This was supported by the development of simulations for 

alternative vinasse treatment process designs together with the associated techno-economic 

analyses that were used to evaluate profitability. Using the profitability results, a framework 

was developed to provide information concerning the marginal costs and benefits of adding 

various pre- and post-treatment technologies for water and salt recovery to the primary 

vinasse treatment process. This culminated in the creation of a decision support tool that 

compared various combinations of vinasse treatment routes in terms of process performance 

and profitability. 

This section presents the systematic approach followed, and associated assumptions made 

towards the realization of this objective, overviewed in Figure 3.1.  

 

1. Review of literature and 

base case process 

selection

2. Base case model 

development, validation 

and profitability analysis

3. Base case sensitivity – 

feed composition and 

operating conditions 

4. Pre- and Post-treatment 

comparison and selection 

5. Base case sensitivity – 

addition of pre- and post 

treatments  

6. Flowsheet analysis and 

development of the 

decision making tool

 

Figure 3.1: A schematic of the overview of the research approach 

The base case flowsheet consists of a primary biological treatment step as vinasse has been 

continually proven as a viable bio-based feedstock owing to its high organic content and 

nutrient concentrations (Djalma Nunes Ferraz Junior et al., 2016; Moraes et al., 2015). Biogas 

produced from the biological treatment is utilized for electricity production through a combined 

heat and power system which can be used to meet internal energy demands or sold externally 

(Darrow et al., 2015). Expansion of the base case led to the integration of pre- and post-

treatment processes that were aimed at improving AD performance (decreased inhibition) and 

value creation from the vinasse waste through water and inorganic salt recovery (Ryan et al., 

2009) and potentially increasing the profitability of the base case flowsheet. Order of 

magnitude (OOM) estimations and literature based costing heuristics were used to evaluate 

capital and operating expenditures. Thereafter, profitability of the base case process and the 

impact of incorporating secondary treatments was evaluated using discounted cash flow 

analyses. While the assumptions in developing techno-economics are justifiable, the cost and 

revenue estimations remain ca. 30% accurate owing to diverse economic climates and 

regional differences. Conclusions are therefore largely drawn from relative cost-benefit 

analyses, deduced from comparisons of techno-economics and profitability indicators, which 

would be similar despite changes in the underlying assumptions.  
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3.1 Selection of Base Processes, Unit Operations and 

Simulation Packages 

3.1.1 Anaerobic Digestion 

A comprehensive literature review on the biological and physico-chemical processes was 

conducted (see Section 2.4). Although vinasse is largely composed of water (ca. 90%) it has 

a high organic matter content with CODs ranging between 150 to 200 g/L. Anaerobic digestion 

was selected as the primary treatment option for the simultaneous reduction of COD and 

biogas production. This technology has been successfully implemented for ethanol distillery 

wastewater treatment for biogas production and the generation of a nutrient rich effluent that 

can be used for the fertirrigation of agricultural land (España-Gamboa et al., 2011; Fuess et 

al., 2017). Alternative bio-transformations such as aerobic digestion require significant energy 

input of 1 kWh/kgCOD for aeration and heating purposes. In addition, 50% of the COD is 

converted to sludge. Comparatively, anaerobic digestion does not require aeration which 

reduces its energy requirement (Lier et al., 2008). Further, it results in a 90% reduction of 

excess sludge. The use of UASB reactors for substrates with low solids content (less than 

10%) such as vinasse facilitates biomass retention and lowers the hydraulic retention time. 

Biomass retention leads to increased exposure of the microbes to the substrate and reaction 

environment which results in higher conversions. 

3.1.2 Biogas Utilization – Combined Heat and Power 

Given its high calorific value (19 to 28 kJ/L), biogas produced from the AD process is a 

potential energy source (Ryan et al., 2009; Wheeler et al., 1999a). This energy can be 

exploited in the form of heat produced through combustion or electricity generated using CHP 

systems. Alternatively, the biogas may be upgraded to biomethane (95%) by removing CO2 

through absorption or membrane processes.  

In South Africa, several established biogas-to-electricity projects use spark-ignition engines to 

generate power (Strachan and Pass, 2012). This type of CHP system is based on the Otto 

cycle which consists of four reversible processes: (1) isentropic compression of air (2) 

constant volume heat addition through ignition (3) isentropic expansion and (4) constant 

volume heat rejection (Cengel and Boles, 2002).  

Jenbacher spark ignition engines, manufactured by General Electric Ltd. (Strachan and Pass, 

2012), are designed for small to medium scale processes with capacities between 0.2 and 

1 MW. These internal combustion engines have electrical efficiencies that range between 40 

and 50% depending on the size and the nature of the feed gas stream (General Electric, 2008). 

The exhaust gas can be released to the atmosphere at a temperature of approximately 180oC. 

Alternatively, the gas may be used to generate low pressure steam in a heat recovery system.  

When developing the base case simulation, the biogas generated from AD was utilized for 

electricity production through a CHP system. This approach was selected as it is a common 

practice in industrial biogas plants which results in the production of a viable utility that can be 

readily used internally or sold off commercially. Due to their simple design, moderate efficiency 

and availability in the South African market, the Jenbacher engines were chosen as the biogas 

utilization process. Following the industry standard, a simple process flow diagram of the base 

case AD of vinasse along with the CHP process is presented in Figure 3.2. 
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Figure 3.2: A process flow diagram showing the base case flowsheet consisting of an AD and CHP 
system 

The process flow diagram for the base case consisted of three major items of equipment which 

were (1) the equalizer, (2) UASB reactor and (3) CHP system. This formed a basis which was 

transferred into the process modelling stage in an appropriate simulation package whose 

selection is presented in Section 3.1.3. 

3.1.3 Selection of Engineering Simulation Software Packages  

To model the base case flowsheet (Figure 3.2) as well as the secondary processes sufficiently, 

a readily customizable simulation package was required so as to accommodate additional 

algorithms that aid in mimicking the behaviour of participating microbes in AD. Additional 

characteristics of the ideal simulation package included transferability and the availability of 

sensitivity and economic analyses features which would aid in process optimization and 

profitability evaluation.  

Aspen plus, SuperPro designer and high-performance programming platforms (e.g. Matlab 

and Scilab) were reviewed and compared to gauge the applicability of their features to bio-

process modelling (see Section 2.10). A summary of the findings based on the review is shown 

in Table 3.1. High performance programming languages (HPPL) exhibit a high degree of 

flexibility with an extensive array of built-in solver functions. However, these platforms lack 

direct access to component databases and property methods without interfacing the software 

to external property databases. Techno-economic analyses features are also lacking and 

need to be coded into the simulations or evaluated on third party software such as MS Excel. 

In addition, simulations developed in the HPPL platforms are not easily transferrable as they 

are limited to users with advanced programming skills. Unlike HPPL, SuperPro has inbuilt unit 

operations that can be dragged and dropped onto the user interface. It has extensive bio-

specific unit operations complete with bio-kinetics (Monod and Michaelis Menten), extensive 

component databases, and economic evaluation features. Although SuperPro is ideal for 

bioprocesses (Shanklin et al., 2001; Woinaroschy, 2009a), the lack of direct sensitivity 

analyses features is a drawback which constrains the optimization process.  
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Table 3.1: A comparison of the features within the software simulation packages reviewed 

Functionality C, Scilab, Matlab SuperPro Aspen Plus 

Graphical User Interface or 

ease of use 

Requires a high level of 

coding knowledge 

User friendly but lacks 

extensive component 

databases 

User friendly 

Economic analysis 

features 

 - Can be coded in or 

developed externally in MS 

Excel 

✓ ✓ 

Customisability or 

flexibility 
✓  ✓ 

Sensitivity analyses and 

optimization 
✓ 

 - these functions can be 

added through interfacing 

with third party software 

✓ 

Extensive and 

customizable component 

databases 

User has to specify the 

components and properties 

but can link to open source 

property databases 

CAS numbers for 

additional components 

required 

Additional 

databases can 

be created 

 

Contrary to HPPL and SuperPro, sensitivity, design specification and optimization features 

are built directly into Aspen Plus and are readily accessible. It is flexible, customizable and 

has demonstrated sufficient performance in AD and biogas utilization (Peris, 2011; Rajendran 

et al., 2014). For these reasons, it was chosen as the simulation platform for the development 

of the vinasse treatment flowsheets in this study. 

3.1.4 AD Model/Framework Selection and Development 

Modelling anaerobic digestion in Aspen Plus requires clearly defined stoichiometric reaction 

pathways, operating conditions and reaction kinetics to simulate the process accurately. AD 

models proposed by Angelidaki et al., (1993),  Batstone et al. (2002), and Symons and 

Buswell, (1933) were reviewed for the model development of the base case AD digester. The 

model was then incorporated into Aspen Plus using a combination of the built-in unit 

operations and FORTRAN subroutines.  

The availability of information describing the reaction pathways, stoichiometry and kinetic data 

within each of the reviewed AD models is critical in the selection process. Although ADM1 was 

developed as a baseline for AD modelling, it does not use a conventional stoichiometric 

approach but rather tracks the degradation of components and formation of products through 

a COD balance (Yu et al., 2013). Similarly developed, ADM-3P has a wide range of capabilities 

but is currently developed for domestic wastewater applications with no customization for 

vinasse in the literature. Both ADM1 and ADM-3P require an extensive knowledge of high 

performance programming languages such as C++ and Java which decreases the ease of 

transferability between users. The comprehensive AD model developed by Angelidaki et al. 

(1993) was therefore selected as the preferred model as it rigorously describes the reaction 

stoichiometry of the AD mechanism. The model (Angelidaki et al., 1993) could be readily 

implemented on Aspen Plus which makes it easily transferrable due to the presence of inbuilt 

unit operations and minimal use of programming languages.  
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Given that ADM1 is an extension of the model by Angelidaki et al. (1993) and their similarities, 

calibrated kinetic parameters from ADM1 were deemed appropriate for use as initial inputs 

into the Aspen Plus AD simulation that was based on the framework by Angelidaki et al. 

(1993). Moreover, ADM1 has been used to model the AD of vinasse in UASB reactors with 

relevant changes to the constants through calibration (Barrera et al., 2015). This further 

motivated the use of this kinetic data going forward in the flowsheet development stages. Any 

unknown kinetic parameters such as growth rates and half saturation constants specific to 

vinasse were assumed from well documented literature (Angelidaki et al., 1999; Barrera et al., 

2015).   

3.2 Anaerobic Digestion Model Developed for the Base 

Case Flowsheet 

The AD model for this work was developed using kinetic and mechanistic aspects proposed 

by Angelidaki et al. (1993) as mentioned in Section 3.1.4. Mechanistic aspects included the 

reaction stoichiometry as well as substrate uptake and product yields. Kinetic parameters such 

as growth rates, inhibition and half saturation constants were sourced from ADM1 (Batstone 

et al., 2002). The aim was to develop a simplified anaerobic digestion model, with sufficient 

complexity to accurately predict AD performance comparable to existing comprehensive 

models. While vinasse is a complex substrate, the definition was limited to the carbohydrate, 

lipid and protein contents. Organics in vinasse can be split into these three main components. 

Moreover, this corresponds with the characterization of substrates in existing models which 

streamlined the simulation process (Donoso-Bravo et al., 2011; Yu et al., 2013). From the 

models studied (Angelidaki et al., 1993; Batstone et al., 2002), 11 key reactions were selected 

to represent the AD mechanism which included four sub-processes. Carbohydrates, lipids and 

proteins were first hydrolysed to glucose, fats and amino acids. Through acidogenesis by 

fermentative bacteria, the hydrolysis products were converted to VFA. Volatile fatty acids were 

then converted to acetic acid, CO2 and H2 through acetogenesis by acetogenic bacteria. 

Methanogens thereafter utilized acetic acid and H2 to form methane and CO2. Selection of the 

11 reactions was based on the abundance of the primary reactant in the raw vinasse stream. 

VFA, ammonia and light metal cations were also included in the initial substrate definition to 

determine the inhibitory contribution of these compounds on the overall digester performance.   

3.2.1 Model development: Mass balance, Reaction Stoichiometry, and 

Kinetics 

3.2.1.1 Mass Balance and Kinetic Equations 

To adequately describe the flow and transformation of material through the AD system, it was 

necessary to develop a reactor mass balance equation. A continuous reactor operation mode 

was adopted as it facilitated relatively high substrate throughput and conversion compared to 

batch systems for low solids substrates such as vinasse. Using the principle of conservation 

of mass and further assuming a constant reactor volume, Equation 3.1 was formulated 

(Sinnott, 2005) with the accumulation term reduced to zero owing to steady state operation. A 

total of three mass balance equations are formed by replacing Xin and Xout with the substrate 

(S), biomass (X) and product (P) concentrations.   

𝑑𝑋

𝑑𝑡
= 𝑋𝑖𝑛 − 𝑋𝑜𝑢𝑡 +

1

𝑌
𝜇𝑋  Equation 3.1 
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The volumetric growth rate (µX) in Equation 3.1 is a product of the specific growth rate and 

biomass concentration. This can be positive or negative depending on the nature of the mass 

balance. For products and substrates, the generation terms are likely to be always positive 

and negative respectively. Due to omission of the cell lysis process, the biomass mass balance 

always exhibited a positive generation term. Substrate and product yields represented by 1/Y 

in Equation 3.1, where Y is the yield coefficient (gbiomass/gsubstrate), were used to develop the 

reaction stoichiometry using linear programming techniques. In this technique, element 

balances for each reaction are used to formulate a set of linearly independent equations with 

the substrate and product yields being the unknowns. The abovementioned equations and 

unknowns are then solved to obtain stoichiometric coefficients for the balanced reactions. To 

ensure better representation of the biomass in terms of its physical properties in the model, 

the biomass molecular formula (C5H7NO2) was replaced by CH1.8O0.5N0.2 (Roels, 1980). The 

equations were then re-balanced accordingly.  

The microbial growth, substrate utilization and product formation mechanisms were modelled 

using Monod-type kinetics where specific growth rates (μ) are directly proportional to the 

substrate concentrations S (Equation 3.2) at very low concentrations. At high substrate 

concentrations, Equation 3.2 becomes zero order.  While this choice of biokinetics was directly 

influenced by Angelidaki et al. (1993), the Monod model has proven to simulate anaerobic 

digestion adequately and reproduce experimental data with relatively small errors at a 95% 

confidence interval (Yu et al., 2013). The nitrogen source is provided by ammonia which 

therefore acts as a secondary substrate (S2) in the acidogenic, acetogenic and methanogenic 

steps. 

𝜇 = 𝜇𝑚𝑎𝑥(𝑇). (
1

1+
𝐾𝑠1

𝑆

) . (
1

1+
𝐾𝑠2
𝑆2

) . (
1

1+
𝑆𝑖

𝐾𝑖𝑛ℎ𝑖𝑏𝑖𝑡𝑖𝑜𝑛

) . 𝐹(𝑝𝐻)  
Equation 3.2 

The primary and secondary half saturation coefficients for the substrates are represented by 

KS1 and KS2 in Equation 3.2 .Non-competitive inhibition by ammonia and volatile fatty acids 

was implemented in methanogenic and acetogenic phases respectively (Angelidaki et al., 

1993), with Kinhibition denoting the inhibition constants. Inhibitor concentrations are represented 

by Si in Equation 3.2. To model the influence of pH on the growth rates, a normalized Michaelis 

pH function was implemented (Equation 3.3). This was developed by fitting an equation to the 

Michaelis pH curve that describes pH inhibition factors as a function of digester pH. Upper 

and lower pH limits are incorporated in this function as pKh and pKl, respectively (Equation 

3.3). Additionally, a centre value of 1 is obtained at an optimal digester pH of 7.1 (Angelidaki 

et al., 1993). 

𝐹(𝑝𝐻) =
1+2∗100.5(𝑝𝐾𝑙−𝑝𝐾ℎ)

1+10𝑝𝐻−𝑝𝐾ℎ+10𝑝𝐾𝑙−𝑝𝐻   
Equation 3.3 

The maximum growth rates, half saturation, and inhibition constants are summarized in Table 

3.2. These were used in conjunction with Equation 3.1, Equation 3.2 and Equation 3.3 to 

complete the mass balance equations for biomass growth, substrate uptake and product 

formation. To predict the effect of operating temperatures on growth rates, the Arrhenius 

equation was used.  

Table 3.2: A summary of growth rates, half saturation and inhibition constants implemented in the 
developed model (Angelidaki et al., 1993; Batstone et al., 2002) 
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Kinetic constant µmax (day-1) Ks (g/L) Ks (NH3) (g/L) Ki (g/L) 

Hydrolysis 
(constants) 

        

Carbohydrates 10 - - 0.33 (total VFA) 

Fats (GTO) 10    

Protein 10 - - 0.33 (total VFA) 

Acidogenesis         
Glucose 30 0.26 0.05 - 

Glycerol 6 0.01 0.05 - 

Amino Acids 50 0.21 - - 

Acetogenesis         
Propionic acid 13 0.066 0.05 0.96 (HAc) 

Butyric acid 20 0.11 0.05 0.72 (HAc) 

LCFA 6 0.02 0.05 - 

Valeric acid 30 0.175 0.05 0.4 (HAc) 

Methanogenesis         

Acetic acid 8 0.14 0.05 0.26 (NH3), 5.86 (K+) 

In Aspen Plus, yields are embedded into the reaction stoichiometry. The reactions can be 

grouped into four categories to adequately describe the AD mechanism (see Section 3.2.1.2 

– 3.2.1.5).  

3.2.1.2 Hydrolysis 

Hydrolysis is the process by which complex organic compounds are degraded into solutes 

that can be metabolized by microbes in AD. While several viable hydrolysis mechanisms have 

been implemented in the literature, enzymatic hydrolysis was selected owing to its proven 

success in previous models (Angelidaki et al., 1993; Rajendran et al., 2014) and relative 

simplicity. It involves the secretion of enzymes by microbes to degrade the complex organic 

substrates and is often slow and rate limiting (Yu et al., 2013). The organics in vinasse 

requiring hydrolysis were characterised into carbohydrates, proteins and lipids. These are 

denoted by S in Equation 3.6 and are hydrolysed to simple sugars, amino acids, and fatty 

acids and glycerol respectively. These can be utilized by acidogenic bacteria. Complex 

carbohydrates, represented by sucrose in Equation 3.4, or by polymers such as starch and 

glycogen, are broken down into glucose in the presence of water (Angelidaki et al., 1993). 

𝐶12𝐻22𝑂11 + 𝐻2𝑂 → 2𝐶6𝐻12𝑂6  
Equation 3.4 

As Aspen Plus is primarily developed for the chemical industry, biological compounds such as 

crude protein are not present in the native database. Introduction of these as pseudo 

components in the database lead to inaccurate results due to the absence of many of the 

physical properties. As such, when modelling the mechanistic aspects of hydrolysis in vinasse 

the dominant amino acids, glutamic acid, lysine and aspartic acid, from protein hydrolysis were 

used to overcome this obstacle. Consequently, the protein hydrolysis reaction was omitted 

while reserving the carbohydrate and lipid hydrolysing steps.  

Lipids were represented by glycerol tri-oleate in this mechanism. Glycerol tri-oleate is most 

abundant in vegetable oils (Angelidaki et al., 1999) and was also assumed to be present in 

vinasse which originates from a plant species. It is hydrolysed to glycerol and oleic acid 

(Equation 3.5).  
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𝐶57𝐻104𝑂6 + 3𝐻2𝑂 → 𝐶3𝐻8𝑂3 + 3𝐶18𝐻34𝑂2  
Equation 3.5 

Glycerol is an intermediate product that is instantly converted to propionate in acidogenesis 

(Angelidaki et al., 1999). Oleate is further broken down by acetogenic bacteria to form acetic 

acid. 

In accordance with Angelidaki et al. (1993), 1st order rate laws, inhibited by the total VFA 

concentration (propionic, butyric and acetic acid), were used to simulate hydrolysis kinetics 

(Equation 3.6). The rate (Rhyd) is influenced by both substrate and total VFA concentrations.  

𝑅ℎ𝑦𝑑 = 𝑘0. (
𝑘𝑖

𝑘𝑖+∑𝑉𝐹𝐴
) . 𝑆  Equation 3.6 

The initial rate of reaction (k0) represents the hydrolysis constant (day-1) which varies 

depending on the substrate (Batstone et al., 2002; Koch et al., 2010).  

3.2.1.3 Acidogenesis 

Acidogenesis is the breakdown of the hydrolysis products such as simple sugars, glycerol and 

amino acids by acidogenic fermentative bacteria to volatile fatty acids (propionic, butyric, 

acetic and valeric acid), carbon dioxide and water. Amino acid degradation was modelled 

using Stickland reactions (Ramsay and Pullammanappallil, 2001). This mechanism of 

degradation involves pairs of amino acids which act as either electron donors or acceptors. It 

is a rapid mechanism compared to uncoupled amino acid degradation and has been used 

successfully by previous researchers to simulate the acidogenic fermentation of amino acids 

(Rajendran et al., 2014). Although Stickland mechanisms typically involve 10 pairs of amino 

acids, the three most abundant amino acids in molasses and vinasse were selected to 

participate in the acidogenic step in this model (Scull et al., 2012). Selecting the most abundant 

amino acids eliminated additional reactions relating to amino acids present in trace amounts 

thereby reducing complexity of the model. Glucose and glycerol were similarly degraded 

through anaerobic fermentation to form biomass and a mixture of VFA, water, and carbon 

dioxide (Equation 3.10 and Equation 3.11).  

It was assumed that acidogenesis followed Monod-type growth kinetics similar to Equation 3.2 

with respect to the primary substrate concentrations. Primary substrates resulting from the 

hydrolysis of vinasse were accounted for in the model. These included amino acids, glycerol 

and glucose. Additionally, in accordance with Angelidaki et al. (1993), ammonia was chosen 

as a co-substrate (Ks2 in Equation 3.2) in all reactions except amino acid degradation as it a 

nitrogen source required for microbial growth. Despite this requirement of ammonia for growth, 

its contribution as an inhibitor (Ki in Equation 3.2) was also implemented in the acetogenic 

(Section 3.2.1.4) and methanogenic steps (Section 3.2.1.5) at concentrations above 0.22 g/L. 

This was done to take into account the inhibitory effects of ammonia on the pH, methane yields 

and VFA concentrations (Angelidaki et al., 1999). The balanced equations shown in Table 3.3 

are the acidogenic reactions implemented in this model.  
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Table 3.3: Acidogenic reactions implemented in the developed base case AD model 

Amino Acids  

Glutamic acid 𝐶5𝐻9𝑂4𝑁 + 2 𝐻2𝑂 → 𝐶2𝐻4𝑂2 + 0.5 𝐶4𝐻8𝑂2 + 𝑁𝐻3 + 𝐶𝑂2  Equation 3.7 

Aspartic acid 𝐶4𝐻7𝑂4𝑁 + 2 𝐻2𝑂 → 𝐶2𝐻4𝑂2 + 𝑁𝐻3 + 2 𝐶𝑂2 + 𝐻2  Equation 3.8 

Lysine 𝐶6𝐻14𝑂2𝑁2 + 2 𝐻2𝑂 → 𝐶2𝐻4𝑂2 + 0.5 𝐶4𝐻8𝑂2 + 2 𝑁𝐻3   Equation 3.9 

Simple sugars  

Glucose 𝐶6𝐻12𝑂6 + 0.0223𝑁𝐻3 → 0.1115 𝐶𝐻1.8𝑂0.5𝑁0.2 + 0.964 𝐶2𝐻4𝑂2 +

0.5 𝐶3𝐻6𝑂2 + 0.4409 𝐶4𝐻8𝑂2 + 0.6964 𝐶𝑂2 + 0.741 𝐻2𝑂  

Equation 3.10 

Fat components  

Glycerol 𝐶3𝐻8𝑂3 + 0.00814 𝑁𝐻3 + 0.00429 𝐶𝑂2 + 0.00005 𝐻2 →

0.04071 𝐶𝐻1.8𝑂0.5𝑁0.2 + 0.98786 𝐶3𝐻6𝑂2 + 1.0125 𝐻2𝑂   

Equation 3.11 

 

3.2.1.4 Acetogenesis 

The acetogenic reactions involve the breakdown of propionic acid (Equation 3.12), valeric acid 

(Equation 3.15) butyric acid (Equation 3.13) and oleic acid (Equation 3.14) by acetogenic 

bacteria to form acetic acid, water and carbon dioxide. The methane produced in this step is 

as a result of hydrogen utilizing methanogens which convert the hydrogen formed in 

acetogenesis to methane and carbon dioxide via Equation 2.7 and Equation 2.8. Integration 

of these two equations to Equation 3.12, and Equation 3.13 reduced the model complexity 

with a negligible loss in dynamism (Angelidaki et al., 1993) 

Table 3.4: Acetogenic reactions implemented in the developed base case AD model 

VFAs  

Propionic acid 𝐶3𝐻6𝑂2 + 0.01239 𝑁𝐻3 + 0.7172 𝐻2𝑂 → 0.06198 𝐶𝐻1.8𝑂0.5𝑁0.2 +

0.9345 𝐶2𝐻4𝑂2 +  0.660412 𝐶𝐻4 + 0.408608 𝐶𝑂2 + 0.490194 𝐻2  

Equation 3.12 

Butyric acid 𝐶4𝐻8𝑂2 + 0.01306 𝑁𝐻3 + 1.22825 𝐻2𝑂 + 0.51527 𝐻2 + 0.2931 𝐶𝑂2 →

0.0653 𝐶𝐻1.8𝑂0.5𝑁0.2 + 1.8909 𝐶2𝐻4𝑂2 +  0.446 𝐶𝐻4  

Equation 3.13 

Oleic acid 𝐶18𝐻34𝑂2 + 0.05074 𝑁𝐻3 + 8.38584 𝐻2𝑂 + 4.0834 𝐶𝑂2 →

0.22537 𝐶𝐻1.8𝑂0.5𝑁0.2 + 9.21289 𝐶2𝐻4𝑂2 +  3.40392 𝐶𝐻4  

Equation 3.14 

Valeric acid 𝐶5𝐻10𝑂2 + 0.0653 𝑁𝐻3 + 0.8045 𝐻2𝑂 + 0.5543 𝐶𝑂2 →

0.0653 𝐶𝐻1.8𝑂0.5𝑁0.2 + 0.8912 𝐶2𝐻4𝑂2 + 0.02904 𝐶3𝐻6𝑂2 +

0.4454 𝐶𝐻4  

Equation 3.15 
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3.2.1.5 Methanogenesis 

The main products from acetogenesis (acetic acid and hydrogen) are finally converted to 

methane and carbon dioxide via methanogenesis by aceticlastic and hydrogen utilizing 

methanogens to CH4 and CO2. Acetic acid is broken down, with associated biomass formation, 

as shown in Equation 3.16: 

𝐶2𝐻4𝑂2 + 0.0044 𝑁𝐻3 → 0.022 𝐶𝐻1.8𝑂0.5𝑁0.2 +  1.6 𝐶𝐻4 + 0.0099𝐻2𝑂  Equation 3.16 

The hydrogen produced in the acetogenic steps was immediately consumed by the hydrogen 

utilizing methanogens, together with CO2. As described in Section 3.2.1.4, these reactions 

were combined with the acetogenic reactions to form combined equations shown in Equation 

3.12, Equation 3.13, and Equation 3.14. 

Although several features present in ADM1 such as ionic speciation, microbial death, sulphur 

reducing bacteria (SRB) kinetics and pH estimation have been excluded to maintain model 

simplicity, the model predicted biogas productivity relatively well compared to existing 

literature models (Section 4.2). Inclusion of these features increases the degree of complexity 

and may require a more in-depth definition of the feed, and consequently, reaction kinetics 

using customized calculator blocks with FORTRAN code. The model as presented does not 

require extensive programming knowledge and can be adopted for multiple applications with 

limited training.  

 

3.3 Base Case Model Development and Implementation in 

Aspen Plus  

3.3.1 Overview of Model Development 

The AD model described in Section 3.2 was simulated on Aspen Plus V9. Segments of the 

AD model were progressively implemented into the system to allow for continuous 

troubleshooting during the modelling process. In preparation for this phase, component and 

reaction lists as well as appropriate kinetic data were collated and stored on a spreadsheet 

for easy access. The flow chart in Figure 3.3 shows the steps followed in executing the model. 
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AD model development – Aspen Plus V8.8
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Custom Modeller and installation on Aspen 

Plus – Jenbacher spark ignition engine.

 

Figure 3.3: A flowchart showing the detailed AD model development stages on Aspen Plus v9 (NIST: 
National Institute of Standards and Technology, NREL: National Renewable Energy Laboratory, CH: 
Carbohydrates) 

3.3.2 Components and physical property methods 

Simulation on the Aspen Plus environment was divided into two phases: (1) property analysis 

and (2) simulation development. In the property analysis phase, chemical components 

participating in the process were selected from various databases available in the Aspen Plus 

databank. Components were classified as conventional (liquid), solid or pseudo-components 

(Aspen Technology, 2000). Physical property methods such as equations of state were also 

accordingly specified in this phase. It is important to select an appropriate equation of state 
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as it governs chemical interactions and vapor-liquid equilibria which inform the simulation 

results (Aspen Technology, 2000). 

The vinasse substrate was not available in the component databases. As such, it was defined 

by its constituents which are carbohydrates, proteins and lipids (Barrera et al., 2015). Proteins 

and lipids, due to their complex nature, were further simplified to amino acids and glycerol tri-

oleate (Angelidaki et al., 1999). Glutamic acid, lysine and aspartic acid were chosen as they 

are most abundant in vinasse (Scull et al., 2012). Additional components participating in the 

process such as volatile fatty acids and water and gases were defined. An additional biofuels 

database developed by the National Renewables Energy Laboratory (NREL) was added to 

Aspen Plus through the database manager (Wooley and Putsche, 1996). This contained the 

biomass (CH1.8O0.5N0.2) component which was defined in the simulation as a solid. The NRTL 

(non-random two liquid) activity coefficient model was selected. It correlates activity 

coefficients to mole fractions in the liquid and gas phases and is widely used for low pressure 

aqueous systems such as AD (Aspen Technology, 2000; Rajendran et al., 2014).  

The property analysis phase was compiled successfully. Compilation errors arose mainly from 

incomplete or missing physical properties for individual components. These include the 

theoretical biomass heat of formation, and amino acid standard molecular volumes. The 

properties were added manually (Peris, 2011).  

3.3.3 Simulation environment 

3.3.3.1 Anaerobic Digestion Modelling 

The simulation environment on Aspen Plus provides a graphical user interface with a wide 

selection of predefined and customizable unit operations which can be added to the flowsheet 

(Aspen Technology, 2000; Nguyen, 2014). Additionally, different types of reactions, and 

process utilities can be defined. The simulation environment also provides functionalities such 

as sensitivity, design specification, optimization and user defined calculator blocks. Simulation 

results can be viewed and exported (Aspen Technology, 2000).  

In this model, the biochemical mechanisms in AD were defined as kinetic reactions governed 

by the power law. However, underlying FORTRAN code would be used to compute the 

reaction rates using the Monod model. Material streams, and a well-mixed kinetic reactor were 

added to the flowsheet (Figure 3.4). The continuous stirred tank reactor (RCSTR) simulated 

an upflow anaerobic sludge blanket (UASB) reactor which is common in industrial applications 

of AD of vinasse (Fuess et al., 2017). A CSTR was used to represent the UASB reactor as 

both are well mixed. Biogas produced in UASB reactors bubbles up through the sludge blanket 

which promotes sufficient mixing. Although biomass retention could not be simulated 

effectively on Aspen Plus, there was a constant biomass inventory in the reactor with no 

accumulation. Biomass formed through reaction exited through the effluent. Hydrolysis 

reactions were modelled using first order kinetics with respect to the primary substrate 

(Equation 3.6). Monod kinetics, not present in Aspen Plus, were implemented using user 

defined calculator blocks with underlying FORTRAN code to compute reaction rates for 

acidogenic, acetogenic and methanogenic reactions (Equation 3.2).  

  



46 | P a g e  

 

Equalization tank

Influent pump Effluent pump

UASB 

Reactor55 C
1 bar55 C

1 bar

Biogas

Liquid effluent

 

Figure 3.4: Process flow diagram of the AD process as developed on Aspen Plus 

Initially, a reactor volume of 250 m3 was set for preliminary simulations prior to scale up. 

Operating conditions such as temperature and pressure were adapted from the literature 

(Barrera et al., 2015) with thermophilic conditions being preferred due to increased microbial 

activities at these elevated temperatures. Raw vinasse was fed at an organic loading rate of 

25 kgCOD/(m3.day) which is typical of industrial scale processes. The raw vinasse flowrate 

was then computed from this value using the feed stream density and reactor volume. The 

result was manually input to the reactor specifications tab. Residence time was then calculated 

by the simulation. The feed composition on a dry mass basis is shown in Table 3.5. An 

additional water stream was mixed with the dry vinasse feed separately prior to reactor entry 

to facilitate easier control of the moisture content and overall stream composition.  

Table 3.5: The vinasse feed stream composition on a dry mass basis (Scull et al., 2012; Turner et al., 
2002) 

Component Mass fraction 

Sucrose 0.235 

Acetic Acid 0.205 

Valeric Acid 0.205 

Glutamic acid 0.017 

Lysine 0.009 

Aspartic Acid 0.0086 

Biomass 0 

Glycerol 0.125 

K2SO4 0.194 

Chemical Oxygen Demand (g/L) 227 

VS (approximation) (g/L) 103 

Density (kg/m3) 1040 

The vinasse composition used in this study was based on published data from an ethanol 

distillery in KwaZulu Natal (Turner et al., 2002). Amino acid concentrations were obtained from 

Scull et al. (2012) who quantifies the amino acid profiles in molasses and vinasse. This 

characterization formed a composition basis which was assumed to be representative of 

vinasse produced in South African ethanol distilleries.  
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3.3.3.2 CHP modelling on Aspen Plus 

Operation of the Jenbacher engine (General Electric, 2008) was simulated using a 

combination of a combustion reactor, and custom model to convert the heat generated to heat 

and work. The air flow was set to 1.7 times the biogas flowrate to facilitate complete 

combustion of the methane (Francois et al., 2013). The two streams (“air” and “raw biogas” in 

Figure 3.5) were mixed at constant pressure and sent to the reactor (“combustion chamber”) 

where complete combustion of the biogas occurred at 1 bar. The exhaust gases were used to 

generate low pressure steam at 124 kPa in a shell and tube heat exchanger. The heat energy 

(kW) generated by the combustion reactions is routed through a heat stream to the custom 

model developed on Aspen Custom Modeller (ACM). The custom model uses the efficiency 

specified (44%) for the Jenbacher engine to calculate the electrical work generated and the 

waste heat.  

Ambient air

Raw biogas from AD

Flash tank

Condensed liquid

to waste treatment

Combustion chamber

180 C

Heat energy

Conversion of heat to electricity 
and work (44%) (Aspen custom model)

Electrical work

Waste heat/work

Combustion gases

Water in

Heat recovery system

Steam out

 

Figure 3.5: The combined heat and power system (Jenbacher spark engine) as developed on Aspen 
Plus  

The simulation results from Aspen Plus were presented in their SI units. These were 

transferred to MS excel for further analysis. Methane yield (L-CH4/kgVSadded) was calculated 

by dividing the total biogas volume by the mass (kg) of volatile organic matter in the vinasse 

feed. Although much of the organic matter in vinasse is dissolved (solutes), part of the volatile 

matter remains suspended. Owing to challenges in differentiating between volatile suspended 

and dissolved solids on Aspen Plus, all organic matter was termed as volatile solids (VS). This 

greatly simplified the substrate definition and avoided creation of pseudocomponents to 

represent suspended matter. The component concentrations throughout the process were 

obtained in g/L. COD concentrations in the feed, effluent and biogas was computed by 

multiplying the stream COD fraction (from the Aspen Plus results sheet) by the density in 

kg/m3. The energy produced or dissipated by a unit operation calculated using enthalpy 

balances within Aspen Plus was obtained from the results sheet. Electricity production from 

the CHP plant was measured in kW which was then converted to kWh. 
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After successful execution, benchmarking and validation of the base case flowsheet was 

conducted. Benchmarking tested the applicability of the model to different substrates (manure 

and municipal waste) as well as its performance relative to published AD simulations. 

Validation tested the ability of the model to replicate experimental results. Methane yield (L-

CH4/kgVSadded) was used as the comparative parameter because it is commonly reported by 

experimental AD studies. In addition, it provided an adequate measure of performance as it 

compared the volume of the AD product of interest (CH4) relative to the mass of organics fed 

into the reactor.  

Once benchmarked and validated against experimental data, the sensitivity of the AD model 

to compositional disturbances was tested. This was to further ascertain model credibility in 

terms of trends observed relative to what is published in the literature and aid in identifying 

potential optimization opportunities.  

3.4 Sensitivity Analysis 

Sensitivity analyses were used to investigate the robustness of the model and identify potential 

opportunities of process optimizations in terms of energy recovery. A multistage approach was 

taken in the sensitivity analyses. First, the key elements that directly affected biogas yields (L-

CH4/kgVSadded) and effluent concentrations were identified along with the appropriate 

justifications. Their sensitivity was then investigated by running multiple simulations using 

appropriate ranges of variation for each of the elements and analysing the results to identify 

trends and opportunities for process optimization. After the first stage in which the base case 

flowsheet was analysed, the impact of adding pre- and post-treatment processes on the 

resource productivity, energy utilization and profitability was compared to the base case 

configuration (AD-CHP) in the second stage of the sensitivity analysis. 

3.4.1 Sensitivity analysis – Organic Loading Rate and Feed Composition 

The first stage of the sensitivity analyses was used to test the credibility of the AD model built 

through monitoring of biogas productivity and effluent concentrations with varying feed loading 

rates and composition. Inhibitory compounds present in raw vinasse such as acetic acid, 

ammonia and potassium ions were targeted for this purpose due to their significant effect on 

productivity and overall AD stability. Inhibitory compound concentrations above certain 

thresholds may lead to 50% inhibition of methanogenic activity and downward trends in 

methane productivity (Chen et al., 2008). Vinasse AD systems are also sensitive to the organic 

loading rate. High loading rates are often accompanied by high flowrates and result in biomass 

washout and low methane productivity owing to decreased methanogen population. On the 

other hand, low loading rates call for larger reactor sizes or longer residence times to obtain 

reasonable methane yields (Uellendahl and Ahring, 2010). The abovementioned trends in the 

literature were compared to the base case (AD-CHP) simulation behaviour with changing OLR 

and inhibitor concentrations. This way, the correctness and integrity of the model’s core 

framework could be ascertained. In addition, analysing the predicted behaviour with changing 

inhibitor concentrations may reveal process thresholds required to run an efficient AD process. 

The results from the first stage of sensitivity could be used to determine the scale of secondary 

treatment processes to improve performance. Thereafter, evaluation of techno-economic 

analyses can be used to assess the economic benefits relative to the costs of adding pre- and 

post-treatment processes to the base case flowsheet.  
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3.5 Techno-Economic Analyses 

The techno-economic feasibility was developed to determine the profitability of the project as 

well as highlight the cost sensitive areas and potential revenue generation opportunities. A 

schematic depicting the approach followed is shown in Figure 3.6. Aspen Plus has within it a 

process economic analysis tool which can be used to evaluate the economic feasibility of a 

model. It makes use of a sizing and costing routine that leverages proprietary equipment 

costing algorithms coupled with current economic data. However, there is uncertainty in the 

results obtained as they cannot be justified due to the proprietary nature of the algorithms 

used. As such, a manual approach to sizing and costing was followed. 
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Figure 3.6: The approach taken in the development of techno-economic analyses for the vinasse 
processing routes 

Several revenue streams were considered depending on the flowsheet configuration. The 

base case configuration consisted of an anaerobic digester coupled with a combined heat and 

power plant for electricity generation from the biogas. The electricity was sold by feedback 

into the national grid at the recommended renewable energy feed-in-tariff of $0.1/kWh 

(NERSA, 2011). The treated vinasse effluent from the base case process will be applied to 

the sugar cane fields through fertirrigation. As such, it was considered as an indirect revenue 

stream in the form of a cost saving on the synthetic fertilizer required for the sugar cane 

plantations. In further configurations, pre- and post-treatment processes resulted in additional 

revenue streams such as potassium sulfate and biomethane.  

The equipment costs were computed using costing curves, manufacturer quotes (Davis et al., 

2013) and heuristics along with OOM estimations (Turton et al., 2008). The fixed capital 

investment was then computed using a Lang factor approach which considered the 

installation, design and contingency fees involved in setting up the plant. Working capital was 

assumed to be 15% of the fixed capital investment. A closer look on large scale biogas projects 

in Africa showed that the Lang factors associated with installation, piping, contingencies and 

fees varied greatly from conventional published values (Amigun and Blottnitz, 2007).  

The Lang factors evaluated for African biogas installations are 60% lower than the 

conventional ones. This was mainly attributed to the differences in economic standing and 

development in the regions where the factors were first estimated (Amigun and Blottnitz, 

2007). Development of Lang factors specific to southern Africa has proven useful in the 

accurate evaluation of the project’s feasibility. 
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Table 3.6: A comparison between the conventional Lang factors and modified Lang factors for biogas 
installations in South Africa. 

 Conventional Biogas installations (Africa) 

PCE 1 1 

Installation, development (fx) 3.15 1.6 

Design, fees, contingency (fy) 1.4 0.19 

Total 4.45 1.79 

Fixed capital investment 𝐹𝐶𝐼 = 𝑃𝐶𝐸 ∗ (𝑓𝑥 + 𝑓𝑦) 𝐹𝐶𝐼 = 𝑃𝐶𝐸 ∗ (𝑓𝑥 + 𝑓𝑦) 

 (Turton et al., 2008) (Amigun and Blottnitz, 2007) 

The plant running costs were subdivided into fixed and variable costs. Fixed costs largely 

arose from equipment maintenance, wages and other miscellaneous costs such as insurance 

and contingencies. Variable costs were dependent on the production capacity which included 

the cost of utilities and raw materials. For each configuration, the total cost of utilities was 

calculated and summed. Operation and maintenance costs varied for each unit operation and 

as such were calculated separately. With regards to labour, it was assumed that there would 

be three shifts per day with an operator working to monitor the operation of each processing 

unit. Additionally, one chemical engineer would be present at the plant along with two 

laboratory staff. The annual wage bill was calculated using recent data from Payscale SA, 

(2017) 

The profitability indicators were then determined through a cash flow analysis done over a 

project life cycle of 20 years. Plant construction took place over the first two years with 

production commencing on the third. Revenues and expenses were escalated accordingly 

using the current inflation rate in South Africa. Depreciation was accounted for using the 

straight-line method where equipment values were decreased evenly throughout the project 

life time to their scrap value. Net profit before tax was computed by taking the difference 

between the gross profit and depreciation in each year. The sum of net profit after tax and 

depreciation formed the cash flow which was then discounted using the minimum acceptable 

return (15%). This was done to reflect its present value. Cumulative cash flows (discounted 

and normal) plots were used to obtain the profitability indicators such as payback period 

(PBP), net present value (NPV), return on investment (ROI), and internal rate of return (IRR). 

These indicators provided a normalized profitability comparison of the different process 

configurations. However, it must be noted that the estimations concerning costs, and revenues 

at this feasibility stage are approximately 25 to 40% accurate.  

Initial results from the techno-economic feasibility of the base case process provided 

information about the status of the project in terms of its profitability in a South African context. 

From this, potential revenue generating opportunities could be identified and exploited through 

incorporation of additional processing units to recover products of value for commercial 

purposes. 
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3.6 Potential for Process Improvement through Addition of 

Pre- and Post-Treatments. 

Expansion of the base case flowsheet functionality was sought through inclusion of 

dewatering, desalting and biogas utilization processes. Notably, addition of recovery 

processes may influence biogas productivity, energy utilization, and profitability. As such, it 

was necessary to evaluate the cost-benefit of these inclusions. Figure 3.7 summarizes the 

methodology used in this sensitivity investigation. 

Literature review of 

secondary and tertiary 

processes available for 

vinasse valorization

Evaluate techno-economics of the 

new processes and compare it to the 

stand alone AD process

Select most feasible processes and 

simulate these on Aspen Plus to 

develop new vinasse treatment 

routes

 Tabular comparison: advantages , 

disadvantages, capacity/residence 

time, and economics

Analyse merits and demerits 

of process additions with 

regard to productivity, 

resource recovery and 

profitability

Pre-treatments: IEX-AD-CHP

Post-treatments: AD-CHP-RO &

AD-CHP-MEE

Biogas utilization: AD-CHP &

AD-HPWS
 

Figure 3.7: The approach to sensitivity analysis in terms of pre- and post-treatment unit operations 

Due to time constraints, developing rigorous and elaborate models for all suggested unit 

operations as in Figure 3.7 was not feasible. Instead, an in-depth literature comparison of pre-

treatment, post-treatment and biogas utilization processes was compiled to aid in selection. 

The most feasible processes were then modelled on Aspen Plus using the in-built unit 

operations. Five process configurations containing the base case and a pre-treatment or post-

treatment process were simulated on Aspen Plus. Results from these simulations were used 

to evaluate profitability through discounted cash flow analyses. The new process 

configurations were compared to the base case (AD) to evaluate the marginal benefits of 

process inclusions in terms of productivity, and profitability relative to the additional costs 

incurred.  

3.7 Flowsheet analysis and the Decision-Making Tool 

Section 3.6 investigated the potential of process improvement (performance and economics) 

through individual addition pre- and post-treatments to the base case process. Although these 

results shed light on the marginal costs and benefits of process inclusions, they do not 

highlight the interacting effects of pre- and post-treatment options on the overall flowsheet 

feasibility. One potential interaction is the effect of pre-treatment on the choice of biogas 

utilization processes and water recovery processes. Another interaction is the impact of biogas 

utilization processes on the choice of water recovery process. 

In Section 3.7, a decision-making framework was developed to analyse the abovementioned 

interactions and compare the profitability of the treatment routes arising from the combinations 

of pre- and post-treatments that were added to the base case (AD-CHP). The framework was 

divided into three block-flow diagrams that highlighted the additional costs of the pre- and 

post-treatments as well as graphical comparisons of the profitability indicators of each 

process. This tool was expected to aid in decision making when developing vinasse treatment 

processes by highlighting the additional costs incurred and the marginal benefits of adding 

pre- and post-treatments to the base case.  
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4. The Base Case Vinasse AD Model 
Given the benefits of AD when treating organic wastes and the need for value addition through 

energy production, a base case flowsheet was developed in Chapter 3. The base case vinasse 

treatment flowsheet consisted of an AD for biogas production as well as a CHP system for 

energy generation. As a first step in flowsheet development, AD and CHP models were 

developed through adoption of existing frameworks (Angelidaki et al., 1993; Batstone et al., 

2002) and then implemented in Aspen Plus v9 (see Section 3.2). Following model 

development, this chapter seeks to investigate the base case flowsheet and model in terms 

of its credibility through sensitivity analyses. In addition, preliminary techno-economics are 

conducted to determine the cost-sensitive areas.  

4.1 Description of the Base Case Flowsheet 

The anaerobic digestion simulation for vinasse treatment developed on Aspen Plus v9 

consisted of an equalizer, influent pump and an upflow anaerobic sludge blanket reactor and 

a combined heat and power plant (Figure 4.1). Inclusion of equalizers in industrial AD 

processes is common. It facilitates reactant mixing and provides a buffer in the event of an 

irregular feed supply. Given the high organic content of vinasse, the loading rate was 

controlled by varying the reactor feed flowrate (m3/hr) to avoid organic overloads.  

Effluent pump

UASB

55C, 1 bar

Biogas

Liquid 

effluent to 

fertirrigation

Vinasse 

(dry mass basis)

Water

Liquid 

effluent

CHP - Jenbacher 

spark ignition engine

Equalizer

Off gas

Electricity

 

Figure 4.1: Vinasse AD flowsheet for the simulation in Aspen Plus v9 

Theoretical separation of the feed stream into the ‘Vinasse’ and ‘Water’ streams allowed for 

easier manipulation of the composition and flowrate in the simulation. As seen in Figure 4.1, 

the vinasse composition (Table 3.5) was input to the feed stream (‘Vinasse’) in the simulation 

on a dry mass basis and water was added separately via the ‘Water’ stream. Design 

specifications were used to control the water content and overall flowrate of the vinasse feed 

stream. Based on the mass flowrate of the ‘Vinasse’ stream, one design specification 

calculated the flowrate of water needed to form a vinasse AD feed with a 90% moisture 

content. Using the flowrate of both the ‘vinasse’ and ‘water’ streams, a nested design 

specification was used to manipulate the AD reactor feed flowrate. To better simulate pilot and 

small scale industrial AD processes, an initial reactor capacity of 250 m3
  was selected and 



53 | P a g e  

 

was maintained at thermophilic conditions (55°C) and atmospheric pressure to facilitate 

increased methanogenic activity (Djalma Nunes Ferraz Junior et al., 2016). Due to limitations 

in Aspen Plus, organic loading rate calculations were performed externally in Microsoft Excel. 

The volumetric flowrate per day (m3/day) was calculated using the organic loading rate of 25 

kgCOD/(m3.day) recommended by Souza et al. (1992) and the reactor size. This flowrate was 

then input using the flowrate design specification which together with reactor volume facilitated 

mean residence time calculations by the simulation. The biogas produced is fed to the spark 

ignition engine located in the CHP plant where electricity is generated at an overall efficiency 

of 44% (General Electric, 2008). Any off gas leaving this system at 180°C is reintegrated into 

the AD plant for low pressure steam generation. 

4.2 Benchmarking of the Anaerobic Digestion Model  

The AD simulation developed in Section 3.2.1 adopts the model framework by Angelidaki et 

al. (1993) and utilizes kinetic data from ADM1 (Batstone et al., 2002). As such, it was 

necessary to benchmark its performance against existing AD simulations to establish whether 

the model is fulfilling its intended purpose. This process also serves to ascertain the predictive 

quality of the anaerobic digestion model (Donoso-Bravo et al., 2011) and its applicability to 

varying substrates 

The base case AD flowsheet developed in Aspen is intended to operate in a steady state 

manner. Results obtained from this model could be validated using AD steady state data for 

processes similar to Figure 4.1 with the exception of the CHP plant (Rajendran et al., 2014). 

Experimental data was sourced from four independent case studies to provide a diverse data 

set using different substrates. Municipal solid waste (MSW) as well as cow and pig manure 

were chosen for the benchmarking studies (Budiyono et al., 2011; Eliyan, 2007; Forgács et 

al., 2012; Fujita et al., 1980). The predicted results obtained from the published AD simulations 

using these feedstocks were used to benchmark and validate the developed AD framework. 

The variables extracted from the experimental data that were used as model inputs included: 

(1) feed composition (% carbohydrates, lipids, proteins as in Section 3.2), (2) loading rates, 

(3) temperature, (4) reactor size (L), (5) residence times (days) and (6) the methane yields 

(Table 4.1). The results from the base case AD flowsheet were compared against the literature 

simulation predictions. In addition, raw experimental data from the studies were compared to 

the base case results. To determine model accuracy, a regression (R2) analysis was 

conducted to supplement and affirm the visual observations made based on Figure 4.2. The 

regression analysis takes into account the difference between the experimental data and the 

predicted (simulation) values to give a “goodness-of-fit” measure presented as a number 

between 0 and 1 (Donoso-Bravo et al., 2011). While an excellent fit would ideally produce an 

R2 of 1, AD simulations typically exhibit R2 values between 0.7 and 0.9 due to the significant 

uncertainty involved in mimicking microbial behaviour (Donoso-Bravo et al., 2011).  

For each case in Table 4.1, the reactor size, temperatures and feed stream compositions were 

input into the AD Aspen model developed. Experiments on the case studies in Table 4.1 were 

all conducted at atmospheric pressure. The simulation results were compared against the 

experimental data and associated literature simulation results and plotted on Figure 4.2. In 

this steady state validation, the main result considered was the volumetric methane yield (m3-

CH4/kgVSadded). 
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Table 4.1: Case studies used for validation (C – carbohydrates, L – lipids and P – proteins with 
remainder as ash. CH4 yields in m3/(KgVS.day)) 

# Substrate 
Feed 

composition 
Reactor 
size (L) 

T (°C) 
RT 

(days) 
Loading Rate 

CH4 
Yields 

Source 

1 
Cow 
manure  

C: 70%, L: 2%, 

P: 2% 
5 35°C 15 0.33 L/day 0.354 

Budiyono et 
al. (2011) 

2 MSW (Lab) 
C: 61.5%, L: 
10%, P: 16% 

5 55°C 21 3 g VS/(L.day) 0.54 
Forgács et 
al. (2012) 

3 
MSW 
(Pilot) 

Not available 600 55°C 25 2 g VS/(L.day) 0.4 
Eliyan and 

Penh 
(2007) 

4 Pig manure 

C: 44.06%, 

L: 4.9%, P: 
23% 

30 55°C 8 
7.68 g 

VS/(L.day) 
0.27m3 

Fujita et al. 
(1980) 

As seen in Figure 4.2, the base case AD model (“Aspen Simulation”) predicted the methane 

yield within a 10% margin of accuracy on average for both cow and pig manure substrates. 

Experimental results for the laboratory scale municipal solid waste system were also matched 

accurately. However, a significant difference between the literature results for the pilot scale 

MSW system was noted. This disparity may be due to different feed stream compositions in 

the literature simulation and AD base case model. 

 

Figure 4.2: A comparison between the base case AD model results, experimental data and literature 
simulation results concerning the volumetric methane yield of the four case studies considered. 

The MSW feed composition at pilot scale was not published, and as such, a generic 

composition was used (Rajendran et al., 2014). This result shows that the feed composition 

has a significant impact on simulation results. In addition, it was anticipated that issues 

associated with scale-up such as the development of unsteady state conditions as well as 

unpredicted changes in reactor hydrodynamics were experienced in the pilot scale experiment 

(Case 3 in Table 4.1). These dynamic changes could not be replicated in the model thereby 

leading to a larger margin of error. A regression analysis conducted to determine the extent 

of agreement between the experimental and model results yielded an R2 value of 0.74. 

Considering the assumptions and simplifications made in developing the AD model as well as 

the scale up issues noted, the goodness of fit (R2) was above average and acceptable.  

The base case model exhibited the expected behaviour i.e. conversion of organic matter to 

biogas with achieved methane yield predictions within 10-15% for varying waste streams.  
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Benchmarking of the model developed serves to show that the adopted AD model structure 

from literature is robust and can be used for further simulation work. 

4.3 Base Case Vinasse AD Simulation 

Benchmarking and validation of the model showed accurate prediction of the performance of 

the anaerobic digestion of diverse waste streams with a reasonable margin of error i.e. within 

10% of experimental results (Figure 4.2). Having demonstrated satisfactory benchmarking in 

Section 4.2, the AD of raw vinasse was simulated to assess the efficiency of the model in 

terms of its stability and biogas yield predictions. In the simulation, raw vinasse with a 

composition as shown in Table 3.5 was fed to the AD reactor after preliminary mixing in the 

equalizer. To have a better representation of an industrial AD, an organic loading rate of 25 

kgCOD/(m3.day) was used as recommended by Souza et al. (1992) and Fuess et al. (2017). 

Kinetic parameters used in this initial simulation were adopted from ADM1 (Batstone et al., 

2002) (Table 3.2). To facilitate better simulation of vinasse AD, two key modifications to the 

maximum growth rates were made (Table 4.2), based on Barrera et al. (2016).  

Table 4.2: Calibrated kinetic parameters (maximum growth rates) for vinasse AD simulation sourced 
from Barrera et al. (2015) compared to the parameters used in ADM1 

Maximum growth rate (µmax) units Default ADM1 Calibrated for vinasse 

Propionate degraders day-1 13 16 

Acetate degraders day-1 8 12 

  (Batstone et al., 2002) (Barrera et al., 2015) 

Calibration of kinetic parameters concerning the maximum microbial growth rates in vinasse 

AD simulations was initially conducted by Romli et al. (1995) using experimental data. They 

showed that the activity and growth of propionate, acetate and hydrogen degraders is 

favoured by the composition of sugarcane molasses and vinasse. This led to an adjustment 

of the maximum growth rates of the abovementioned microbes using parameter estimation 

techniques. A similar approach was used by Barrera et al. (2015)  for the calibration of ADM1 

kinetic parameters which involved adjusting maximum growth rates for propionate, acetate 

and hydrogen degraders to be used in vinasse AD simulations. Altering these parameters 

improved the predictive quality of the COD reductions and methane yields by approximately 

10% in the AD model (Barrera et al., 2015). These improvements motivated the adoption of 

the adjusted parameters for all the AD simulations going forward in this work. Hydrogen 

degradation parameters were not adopted as this step was incorporated into the acetogenic 

reactions (Section 3.2.1.4). 

Using the selected composition discussed in Section 3.2 and the adjusted parameters for 

vinasse (Table 4.2), the simulation was successfully executed at 55°C and 1 bar to yield 

material flows as presented in Table 4.3. Thermophilic conditions (55°C) were preferred and 

used as they have shown to result in higher methane yields owing to increased microbial 

activity as predicted by the Arrhenius equation (Angelidaki et al., 1999). There is a 0.1% 

difference between the mass flows in and out of the AD system. During the simulation, non-

linear programming techniques are used in Aspen Plus to solve differential equations 

representing the mass and energy balances. The Newton’s methed closure of the mass 

balance as evidenced by the -0.5% discrepancy.  



56 | P a g e  

 

Following the mechanism of anaerobic digestion, the carbohydrates, fats and proteins in 

vinasse are degraded via the four AD steps (see Section 3.2.1) to form a liquid digestate and 

biogas. Ammonia, although not shown in Table 4.3, is formed during the acidogenic 

fermentation of amino acids and actively taken up by microorganisms as a nitrogen source for 

growth. Given its proven negative influence on methane yields at concentrations above 0.22 

g/L (Angelidaki et al., 1993), ammonia was implemented as an inhibitor to methanogenesis. 

Similar to ammonia, potassium salts are required for microbial growth. but only in trace 

amounts (Chen et al., 2008). Aside from the inhibitory influence on methanogenesis 

(concentrations >5 g/L), potassium salts remain largely inert and pass through unreacted 

(Kugelman and Mccarty, 1965). The effects of ammonia and potassium on methane yields are 

investigated in Section 4.4.1.2 and 4.4.1.3.  

Table 4.3: Initial Base Case Vinasse AD simulation results as obtained from Aspen Plus at a reactor 
size of 250 m3 and OLR of 25 kgCOD/m3.day (MB – Mass Balance, CB – Carbon Balance) 

 
 

Vinasse 
(kg) 

C-in (kg/h) 
Digestate 

(kg) 

C-out 
(kg/h) 

(digestate) 

Biogas 
(kg/h) 

C-out 
(kg/h) 

(Biogas) 

Biogas 
(m3/hr) 

Carbohydrates 54.4 22.9 0.7 0.3       

Glycerol tri-oleate 28.8 11.3 0.3 0.1       

Glutamic acid 3.99 1.63 0.69 0.28       

Aspartic acid 1.98 0.72 0.34 0.12       

Lysine 1.98 0.98 0.34 0.17      

Water 1307 -  1296 -  3   4 

Acetic acid 47.4 18.9 106.5 42.6       

Propionic acid 0 0 31.6 15.4       

Valeric acid 47.3 27.85 11.2 6.6       

Butyric acid - - 5.67 3.09       

Glucose - - 14.1 5.64       

Potassium salts 44.8 -  44.8 -        

Methane   - -  -  -  8.52 6.39 11.9 

CO2   - -  -  -  11.3 3.07 5.74 

Mass totals (kg/hr) 1537 84 1516 74 24 9   

Difference (%) – MB 0.1       

Difference (%) – CB  -0.5       

Yield (L-CH4.kgVSadded
-1)  51        

Biogas calorific value 
(kJ/l) 

22       

Electricity produced (kW) 53       

In agreement with typical industrial scale vinasse AD operation, a 65:35 ratio of methane to 

CO2 in the biogas was achieved on a volumetric basis in the base case simulation. However, 

a low biogas methane purity of 53% (v/v) was noted. The observed impurity is associated with 

high H2O and NH3 concentrations in addition to CO2 in the gas phase (see Table 4.3). 

Concentrations of ammonia and water are governed by the vapour-liquid equilibrium in the 

system. Further, high CO2 production rates and slow uptake by hydrogenotrophic 

methanogens of this gas results in CO2 accumulation to reduce CH4 purity. Despite the 

impurities, the biogas has a relatively high calorific content of 22 kJ/L that is comparable to 

values reported in the literature (Ryan et al., 2009). In the CHP process, this energy was 

converted to electricity to produce 53 kW of electrical work with an efficiency of 44% (General 

Electric, 2008). 
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Given the good predictions concerning biogas composition, VFA concentrations and electricity 

production, the base case simulation showed that the model can be applied to vinasse 

anaerobic digestion systems. However, the reactor performance is characterized by low purity 

methane and excessive amounts of VFA in the system. One reason for this could be the 

presence of inhibitory compounds that disrupt methanogenic activity, thereby slowing the 

conversion of VFAs to methane. Further, with the current high loading rate, low conversions 

of VFAs are attributed to the washout of biomass that potentially lead to low methane 

productivities (Uellendahl and Ahring, 2010). Consequently, investigating the sensitivity of the 

base case vinasse AD system to compositional changes in the feed and other process 

conditions is necessary to better understand the influence of these parameters on AD 

performance. Identifying potential inhibitors and process perturbations that may disrupt AD 

efficiency will inform decisions regarding additional treatment requirements or alterations in 

operating conditions to stabilize the AD process and result in higher process.  

4.4 Sensitivity analyses – Anaerobic Digestion  

The AD of vinasse is affected by several factors that may either result in the improvement or 

the decline of process efficiency (Yu et al., 2013). The effect of these factors on the process 

is explored through sensitivity analyses to identify the most influential parameters on the 

methane yield and biogas productivity. 

Temperature and pressure, based on previous studies (Djalma Nunes Ferraz Junior et al., 

2016; Fuess et al., 2017), were maintained at 55°C and 1 bar as in the base case simulation 

(Section 4.3). The variables considered in the sensitivity analyses were the organic loading 

rate (OLR) and the feed concentrations of amino acids, acetic acid and potassium sulfate. The 

organic loading rate is a measure of the strength of the wastewater feed as defined in Section 

2.3. As such, it is important to control the OLR to prevent overload of organic material and 

washout of the active biomass (Uellendahl and Ahring, 2010). The presence of inhibitory 

compounds such as ammonia, inorganic salts and acetic acid negatively affect methane yields 

by creating pH and osmotic imbalances that may destroy cell membranes thereby disrupting 

methanogenic activity (Chen et al., 2008). Analysing the sensitivity results with changing 

inhibitor concentrations will help in identifying of process thresholds so as to ensure efficient 

AD process operation. Consequently, the need and scale of pre- and post-treatment 

processes for product recovery may be determined that may ultimately have a positive impact 

on the overall feasibility of the project. 

4.4.1 Feed Stream Composition and Inhibitor Concentrations 

Phenols, inorganic salts, ammonia and volatile fatty acids have the potential to reduce 

microbial activity through inhibition thereby leading to a decline in methane yields (Chen et al., 

2008). The extent of inhibition is dependent on the concentrations of the inhibitory compounds. 

In practice, inhibitory concentrations are experimentally determined and are incorporated into 

the AD model via inhibition constants (Ki) in Michaelis-Menten type kinetics (see Section 

3.2.1). In the developed base case anaerobic digestion model, ammonia, VFAs (as acetic 

acid) and potassium sulfate are the inhibitors considered to have the greatest influence on the 

overall AD performance. To evaluate the effect of these inhibitors, compositions of the 

inhibitors in the vinasse feed stream were varied whilst keeping the remaining components 

constant. As per the base case simulation, the reactor volume and the organic loading rate for 

these simulations were maintained at 250 m3 and 25 kgCOD/(m3.day), respectively, while the 

selected inhibitor concentration was varied.  
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4.4.1.1 Volatile Fatty Acids  

The VFAs present in vinasse AD systems are acetic, propionic, valeric and butyric acids. 

These are weak acids which dissociate into their ionic species that include hydrogen ions that 

ultimately influence the system pH (Wilkie et al., 2000). The degree of inhibition of these 

compounds is determined by the extent of dissociation of these VFAs into their conjugate 

bases and hydrogen ions. However, due to a conflict in the physical property methods required 

for ionic speciation and AD simulation as well as missing physical ionic properties, the base 

case scenario does not predict pH. Ionic speciation was therefore not implemented and the 

base case simulations were limited to systems where pH is controlled externally.  

The inhibiting effect of VFA concentrations in the feed stream on the methane yield was 

studied by varying the acetic acid concentration in the feed stream (Figure 4.3). While other 

VFA such as propionic, valeric, and butyric acid also affect pH and cause inhibition, focus was 

placed on acetic acid due to its abundance and also in accordance with Angelidaki et al. 

(1993). In this model, the acetogenic reactions which convert propionic, valeric and butyric 

acid to acetic acid are inhibited by the concentration of acetic acid in the reactor (Equation 

4.1) 

𝜇 = 𝜇𝑚𝑎𝑥(𝑇). (
1

1+
𝐾𝑆𝑉𝐹𝐴
𝑆𝑉𝐹𝐴

) . (
1

1+
𝐾𝑆𝑁𝐻3
𝑆𝑁𝐻3

) . (
1

1+
𝑆𝐻𝐴𝑐

𝐾𝑖,𝐻𝐴𝑐

)  

Equation 4.1 

With increasing conversion of VFAs to acetic acid, there is a decrease in the inhibition term in 

Equation 3.2 which, in turn, causes a decline in the calculated growth rate (µ) of the acetogens. 

Over time, VFAs accumulate in the reactor due to slow uptake by acetogens. Following this, 

a consequent reduction in the methane yield due to the accumulation of unconverted VFA is 

expected. The results of the process response to changing acetic acid concentrations in the 

feed stream is shown in Figure 4.3 with the base case concentration presented at 0%. 

  

Figure 4.3: Effect of varying acetic acid on the 
methane yields and CH4:CO2 ratio in the base 
case simulation 

Figure 4.4: Effect of acetic acid inhibition on VFA 
concentrations (butyric and propionic acid) in the 
base case simulation 
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When doubling the acetic acid concentration, an 11% decrease in the methane yield from 143 

L-CH4/(kgVS) (0% deviation in Figure 4.3) to 128 L-CH4/(kgVS) (100% deviation in Figure 4.3) 

was noted. Consequently, halving the concentration resulted in a 10% increase the yield 

(-50% deviation in Figure 4.3). The CH4 to CO2 ratio in the biogas remained fairly constant 

between 55 and 58%. In the absence of acetic acid inhibition on acetogenesis, the VFA 

concentrations were approximately 20% lower at steady state confirming the accumulation of 

VFAs in the reactor was due to acetogenic inhibition by acetic acid (Figure 4.4).  These results 

are consistent with literature studies which show that acetic acid may inhibit the functioning of 

the methanogenic archaea causing significant declines in methane productivity and COD 

reductions (Angelidaki, Ellegaard & Ahring, 1999; Uellendahl & Ahring, 2010).  

4.4.1.2 Amino acids and Ammonia 

Crude protein is a constituent of vinasse that often results from the breakdown of yeast cells 

in the molasses fermentation process (Scull et al., 2012). These complex proteins are further 

broken down to amino acids in AD through hydrolysis. Ammonia is then formed through the 

acidogenic fermentation of amino acids (Yu et al., 2013). In this model, the crude proteins 

were simplified to three amino acids namely glutamic acid, lysine and aspartic acid. These are 

known to be the most abundant amino acids present in vinasse and would have the greatest 

contribution to the methanogenic response at elevated concentrations of these compounds 

(Turner et al., 2002). Ammonia acts as a nitrogen source for the microbial communities and is 

modelled as a co-substrate in all the AD reactions except for the acidogenesis of amino acids 

(Angelidaki et al., 1999). However, studies have shown that free ammonia may cause a 50% 

reduction of methanogenic activity through cell membrane penetration and disintegration 

when its threshold concentration of 0.56 g/L is exceeded (Sung and Liu, 2003). This effect 

was investigated by altering the amino acid concentration in the feed stream (Figure 4.5 and 

Figure 4.6). As expected, a decrease in the methane yield is observed with increasing amino 

concentration. 

  

Figure 4.5: Effect of varying amino acid 
concentrations on the methane yield and acetic 
acid concentrations in the base case simulation 

Figure 4.6: Effect of varying amino acids on the 
COD reduction and biogas composition in the 
base case simulation 

Figure 4.5 and Figure 4.6 show the influence of increasing amino acids on the methane yield, 

biogas composition and COD reduction. As seen in Figure 4.5, a maximum in the acetic acid 

concentration is noted in the reactor at an ammonia concentration of 0.22 g/L, which 

corresponds to the point of inflection in the methane yield curve (Chen et al., 2008). Although 
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this ammonia concentration is lower compared to the threshold (0.56 g/L) suggested by Sung 

and Liu (2003), the observation was deemed credible as it corresponded to the inhibition 

constant (KiNH3) adopted from Angelidaki et al. (1993) and initially coded in the developed 

model. The maximum concentration after which ammonia starts becoming inhibitory is also 

seen in Figure 4.6 where the methane composition reaches a maximum of 57%. Inhibition is 

only noted once the amino acid concentration in the feed stream exceeds 60% of the base 

case feed concentration and goes above the 0.22 g/L threshold (-60% in Figure 4.5 and Figure 

4.6). The methane composition thereafter decreases and levels off as seen in Figure 4.6. 

Acetic acid concentrations also begin to decrease (VFA curve in Figure 4.5), which could be 

a result of secondary inhibition by acetic acid on acetogenic reactions.  

These results are consistent with trends observed in literature where elevated crude protein 

concentrations resulted in consequent decreases in methane production as well as VFA 

accumulation at ammonia concentrations above 0.5 – 0.3 g/L in the reactor (Angelidaki et al., 

1999). 

4.4.1.3 Inorganic Salts – K2SO4 

Salt cations play an important role in microbial growth and development in anaerobic 

digestion. However, above certain threshold concentrations, cations such as sodium, 

magnesium, calcium and potassium may inhibit growth. Previous studies have shown that 

methanogens are often affected by elevated salinity in AD reactors (Hierholtzer and Akunna, 

2014; Kugelman and Mccarty, 1965). Potassium salts are the most abundant cations in 

vinasse, it is therefore important to determine the effect of  these salt concentrations on the 

methane yield (Wilkie et al., 2000). To establish the effect of K+ concentration, the 

concentration was varied between a half and two-fold the base line vinasse concentration and 

resultant CH4 yield explored (Figure 4.7). 

  

Figure 4.7: Effect of K2SO4 concentrations on the methane yields 

Increasing the inorganic salt concentration two-fold (0 to 100% in Figure 4.7) resulted in a 

30% decrease in the methane yield. Although the effects of high salinity are varied in the 

literature, it is postulated that high salt concentrations result in an increase of the osmotic 

pressure regulating water flow across cell membranes (Chen et al., 2008). This, in turn, causes 

cell dehydration and death. On the other end, at trace K+ concentrations -100%, there is a 

45% increase in methane yield. Concentrations of K+ ions in the medium above 11.6 g/L may 

result in 50% decrease in methanogenic activity as suggested by Kugelman and Mccarty 

(1965). Although decreasing methanogenic activity could not be directly quantified in the 

simulation, it is evidenced by the decline in methane yields with increasing K+ ion 
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concentrations above the threshold concentrations (11.6 g/L) . This threshold corresponds to 

60% of the base case concentration (-60% on Figure 4.7). 

4.4.1.4 Organic Loading Rate 

The organic loading rate (kg COD/m3/day) is a function of the overall COD concentration of 

the feed stream (kg COD/m3), stream flowrate (m3/day) and reactor volume (m3). This was 

varied by altering the COD concentration in the feed whilst maintaining a constant reactor 

mean residence time of 1 day. This was to ensure that in each simulation the substrate spent 

an equal amount of time in the reactor thus eliminating the compounding effects of flow on the 

resultant performance. The vinasse composition used was based on published data from an 

ethanol distillery in KwaZulu Natal (see Section 3.3.2, Table 3.5). 

The OLR, typical of pilot and industrial scale vinasse AD operations (Fuess et al., 2017; Souza 

et al., 1992), was varied from 0 to 30 kgCOD/(m3.day) (Figure 4.8). Having set the residence 

time to 1 day in this sensitivity, the OLR was equivalent to 0 – 30 kgCOD/m3. Loading rates 

below 5 kgCOD/(m3.day) typically used in laboratory settings were also included in the 

investigation (Barros et al., 2016). In these simulations, the volumetric methane yield (L-

CH4/kgVSadded) was used as an indicator of system performance as it provides a measure of 

the biogas produced relative to the volatile solids added.  

 

Figure 4.8: The effect of increasing OLR on the volumetric methane yield and COD reduction  

Increasing the loading rate leads to an initial increase in the methane yields (Figure 4.8). A 

maximum of 85 L-CH4/kgVSadded is observed when the organic loading rate is increased to ca. 

7 kgCOD/(m3.day). Further increase in the OLR results in a gradual decrease in the methane 

yield with the average methane composition remaining fairly constant throughout between 55 

and 60% (v/v). 

Initially, increasing the organic loading rate availed more substrate for uptake by the 

microorganisms which led to increased activity and consequently, higher methane yields up 

to the maximum. The decline in the methane yield after the maximum was due to a build-up 

of VFAs, which contribute to the organic loading, and other inhibitory compounds such as K+, 

NH3 and acetic acid in the reactor that inhibit methanogenic activity (Barros et al., 2016). 

The sensitivity analyses conducted show that the inhibitory compounds have a negative 

impact on the methane yield and biogas production. Of these compounds, acetic acid and 

ammonia also act as co-substrates for biomass growth. Inorganic salts (K2SO4), on the other 

hand, are not crucial for microbial growth and can be extracted from vinasse to potentially 
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increase the methane yields (P. Zhang et al., 2012). However, it is important to first determine 

the economic standing of the base case and establish cost sensitive areas before considering 

any process additions. Techno-economic analyses were used to determine flowsheet 

feasibility through the calculation of profitability indicators such as the return on investment, 

internal rate of return and payback period. Incorporation of pre- and post-treatment processes 

can be considered depending on the additional capital investment required versus the 

marginal benefits accrued in terms of revenues or cost savings. 

4.5 Techno-economic Analysis for the Base Case 

Flowsheet (Vinasse AD & CHP) 

A techno-economic analysis is aimed at evaluating the economic feasibility of a project. It is 

an important tool for decision making that quantifies the profitability of a venture. As described 

in Section 3.5, this is done through the determination of capital and operating expenditures 

which are then used in conjunction with the revenues to develop a discounted cash flow 

analysis (Balaban, 2000). From this, profitability indicators such as the net present value 

(NPV), return on investment (ROI) and internal rate of return (IRR) are determined. As the 

costs in this investigation are calculated using detailed factorials (Balaban, 2000; Seider et al., 

2003), the accuracy of these estimates are between 15 to 25% and are therefore suited for a 

pre-design budgeting and profitability analysis. To improve the level of confidence and 

accuracy of these investments, a definitive cost analysis is recommended at the later 

engineering design level where all equipment quotes can be obtained from the manufacturers. 

Presently, the former approach is used throughout the subsequent analyses. 

An initial techno-economic analysis was conducted on the base case AD flowsheet to evaluate 

its economic feasibility in a South African context (see Figure 4.1). The reactor capacity was 

increased to 2000 m3 in a bid to simulate an industrial vinasse treatment plant (Fuess et al., 

2017). Notably, scale up is expected to cause changes in the yields, mean residence time and 

effluent concentrations. To ensure comparable results, the raw vinasse mass flowrate was 

adjusted accordingly to maintain a constant organic loading rate of 25 kgCOD/m3.day and a 

mean residence time of 132 hours in the rest of the simulations going forward. Following the 

adjustments, it was assumed that the trends discussed in Section 4.4 applied proportionally 

to the scaled up base case flowsheet. A simplified schematic of the base case flowsheet is 

shown on Figure 4.1.  

4.5.1 Mass and Energy Balances 

Following the change in reactor capacity to 2000 m3 and adjustments to the feed flowrates to 

maintain an OLR of 25 kgCOD/m3.day (Section 4.3), mass and energy balances were 

regenerated. These were used to account for the flow of material, compute performance 

indicators (methane yields) and provide data to be used in equipment sizing. In addition, the 

mass and energy balance (Table 4.4) provided information on the magnitude of product 

streams and utility requirements necessary for the computation of the revenues and operating 

expenditures.  
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Table 4.4: Summarized mass and energy balance of the scaled-up (2000 m3) base case simulation 

Key components 
Raw vinasse 

(kg/hr) 
Digestate (kg/hr) Biogas (kg/hr) 

Biogas 
(m3/hr) 

Carbohydrates 450 6.4 - - 

Glycerol tri-oleate (fats) 240 2.4 - - 

Amino acids (Protein) 66 12 - - 

Glutamic acid 33 5.9 - - 

Aspartic acid 17 2.9 - - 

Lysine 16 3 - - 

Water 10770 10700 24 30 

VFA 780 1270 - - 

Potassium salts 370 370 - - 

Methane (m3/hr)   65 92 

CO2 (m3/hr)   85 44 

Mass totals (kg/hr) 12670 12504 182  

Difference (%) 0.1%    

Yield (L-CH4.kgVSadded
-1)  48.5    

Biogas calorific value (kJ/L) 21.9    

Electricity produced (kW) 410    

Although scale up challenges such as unsteady states affecting CH4 yields were expected to 

arise, the general trends of the small (250 m3) and large (2000 m3) scale systems remained 

fairly similar. For instance, the large scale methane yield achieved (48.5 L-CH4.kgVSadded
-1) 

(Table 4.4) differed by only 4% with the small scale yield (51 L-CH4.kgVSadded
-1) (Table 4.3). 

This further affirmed the assumption that, proportionally, the scaled up system would exhibit 

similar trends as the small scale system. 

The biogas produced from AD in this simulation was routed to the Jenbacher spark engine to 

generate 410 kW of electricity which translates to 3.6 million kWh electricity per annum. The 

exhaust gas was routed to a heat recovery system where it was used to generate low pressure 

steam at 124 kPa at a flowrate of 90 kg/hr. This additional steam was regarded in the techno-

economic evaluation as a savings on utility costs in the plant. The liquid effluent was 

transported to the sugar cane fields and used as fertilizer that resulted in a cost saving on 

synthetic potassium based fertilizer purchase that was included in the operating expenditures. 

4.5.2 Capital Expenditure – CAPEX 

The total capital investment consists of the fixed and working capital costs. Fixed capital takes 

into account the equipment purchase, site preparation and delivery costs, as well as any other 

miscellaneous expenses incurred up to the start of production. The working capital refers to 

the money required to operate the plant during its start-up phase. It is estimated to be 15% of 

the fixed capital investments (Turton et al., 2008).  

The equipment purchase costs (Table 4.5) were calculated using published cost curves 

(Balaban, 2000) and standard order of magnitude (OOM) estimates (6-tenths rule) (Seider et 

al., 2003). A detailed approach was documented in Section 3.5. These costs were then 

adjusted for inflation using the Chemical Engineering Plant Cost Indices (CEPCI) for 2016 

(Mignard, 2014).  
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Table 4.5: Purchase cost of equipment (PCE) for the base case flowsheet obtained using OOM 

estimations and equipment manufacturer quotes published in the literature (to the nearest $1 000) 

Equipment Capacity MOC Costs (USD, 2016) Source 

UASB reactor 2000 m3 Reinforced concrete 651 000 
(Fuess and Zaiat, 

2017) 

Influent and effluent 

pumps 

0.21 
m3/min 

Carbon steel 7 350 
(Fuess and Zaiat, 

2017) 

Ancillary equipment - - 11 180 
(Fuess and Zaiat, 

2017) 

Equalization tank 1820 m3 Reinforced concrete 385 000 (Seider et al., 2003) 

JenbacherTM
 620 - - $1 770 000 (Darrow et al., 2015) 

Total cost   $2 821 000  

The UASB and ancillary equipment costs were obtained from a literature study that evaluated 

the capital and operating expenditures incurred in a vinasse treatment facility in South America 

(Fuess et al., 2017). These were adjusted accordingly using the 6th tenths rule and updated 

using the CEPCI for 2016. Manufacturer quotes from General Electric documented in Darrow 

et al. (2015) were used to compute the equipment cost of the CHP system. The detailed Lang 

factorials documented in Table 3.6 (Amigun and Von Blottnitz, 2010) for 3 phase systems that 

account installation and site development costs were used to estimate the physical plant costs 

(PPC) from the PCE. 

The fixed capital cost was calculated using three additional factorials (Table 3.6) that 

represented the engineering and contingency fees (Turton et al., 2008). As expected, the 

Jenbacher engine made up a significant portion (64%) of the total equipment costs (Table 

4.5). This proportional estimate corresponds to Fuess and Zaiat (2017) who found that CHP 

equipment costs made up 40-56% of the total purchase cost in industrial vinasse AD power 

plants. Although spark ignition engines are historically known to be expensive, they are 

preferred due to their compact nature and ability to withstand impure biogas feeds. Ancillary 

equipment included in the techno-economics included biogas flow meters, seals as well as pH 

and gas analyzers. Although the costs vary depending on the ancillary equipment models, it 

remains the lowest (3%) relative to the other equipment needed for the AD power plant (Table 

4.6). The higher cost per volume (m3) for the equalizing tank compared to the reactor is 

attributed to economies of scale. A manual costing approach, using published equipment cost 

curves (Seider et al., 2003), resulted in a 0.3% difference (Table 4.6) in the PCE compared to 

the OOM approach used above. 

Table 4.6: A summary of AD plant costs computed using the OOM and heuristic approaches 

Cost summary of AD 
Equipment 

Heuristic approach OOM approach 

UASB 651 000 650 900 

Pumps 7 400 4 500 

Auxilliary equipment 11 180 11 180 

Equalizer 384 700 384 700 

Totals $1 054 200 $1 051 300 

Percentage difference 0.27%  
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The proximity in the calculated costs using different techniques reinforced confidence in the 

calculated expenditures using the current approach and the calculated fixed capital cost using 

these estimates (Table 4.7). 

Table 4.7: Fixed capital investment calculations using a detailed factorial method (to the nearest $1 
000) 

Detailed factorial cost estimation Lang Factors Costs (USD, 2016) 

Purchase cost of equipment (PCE)  2 820 400 

Installation, electrical, site, instrumentation factors 1.6  

Physical Plant Cost (PPC) = PCE* (above factors)  4 513 000 

Design, Engineering and Contingency factors 1.19  

Location factor 1  

    

Fixed Capital Investment (FCI) = PCE* SUM(Factors) 1.6 + 1.19 5 370 000 

Working Capital (15%)  805 500 

Total Capital Investment (TCI)  $6 176 000 

In these estimates, the PPC amounts to 1.6 times the PCE as the plant processes all material 

phases including gases, liquids and solids, contributing to these elevated costs. The working 

capital was estimated at 15% of the FCI (Turton et al., 2008).  

4.5.3  Operating Costs – OPEX 

The day to day running of the plant, the operating expenditure, is divided into two categories 

namely, the fixed and variable costs. In the base case AD flowsheet, the fixed operating costs 

included labour, supervision, maintenance and plant overheads. Variable costs on the other 

hand consist of utility and raw material costs. The total operating costs in Table 4.8 were 

calculated using a heuristic approach and industry benchmarks reported in the literature 

(Amigun and Von Blottnitz, 2010; Mohammed et al., 2016) 

Table 4.8: A breakdown of the operating costs to the nearest $1 000 for the base case AD flowsheet 

Operating Expenditures Costs/yr (USD,2016) Source 

Raw Materials    

NaOH (dosing) 38 690 (Alibaba, 2017) 

Labour and utility   

Labour Costs  172 000 (Payscale SA, 2017) 

Utility and transport costs (liquid 
digestate) 

16 000  

Operation and Maintenance   

AD system – O&M costs (1.5% of PPC) 28 000 
(Amigun and Von 

Blottnitz, 2010) 

CHP system – O&M costs ($0.02/kWh) 81 000 (Darrow et al., 2015) 

Potential cost savings for synthetic 
fertilizer 

-92 000 (Alibaba, 2017) 
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Total Operating Costs per annum $244 000  

In estimating the annual total operating costs, the cost of labour was calculated for personnel 

with salaries approximated from a reputable online payment database (Payscale SA, 2017). 

The required personnel in this estimation included three operators (one per shift), an engineer 

and 2 laboratory technicians. The labour costs were found to be significantly higher than the 

utility or raw material costs (Table 4.8).  

Anaerobic digestion is known to be a low maintenance process that requires minimal 

additional inputs other than the substrate and initial inoculum. As a predominantly passive 

process, the raw material costs are limited to NaOH requirements for pH buffering and control 

in the reactor. In this evaluation, the amount of NaOH was estimated from AD studies on 

vinasse that recommended an optimal dosing rate of 0.004 kg NaOH/kgCOD (Souza et al., 

1992). 

The operation and maintenance costs were estimated from industry benchmarks obtained 

from published literature (Amigun and Von Blottnitz, 2010; Masebinu et al., 2014). As AD 

plants are relatively cheap to operate and maintain, the operation and maintenance costs were 

estimated between 1 and 2% of the physical plant costs (Mohammed et al., 2016). On the 

other hand, CHP plants require specialized maintenance and service after every operating 

year (8000 hours). According to Darrow et al. (2015), this cost is dependent on the amount of 

electricity units produced in kWh. For the JenbacherTM 620 spark engine with a total capacity 

of 1000 kW, maintenance costs amounted to $0.02 per kWh generated. It was assumed that 

the effluent would be used for fertirrigation of agricultural land at an application rate of 350 

m3/ha. This resulted in a cost savings from the purchase of synthetic K based fertilizer valued 

at $400/ton (Alibaba, 2017). 

4.5.4 Cash Flow and Financial Analysis 

In evaluating the profitability of the base case vinasse treatment project, the discounted cash 

flow was estimated over the project life. The lifetime of this project was taken to be 20 years. 

During the project start-up phase, the cumulative cash flow is negative owing to the fixed and 

working capital costs incurred. It was projected that the plant construction would take a period 

of two years during which 70% of the fixed capital would be used in the first year and the 

remainder in the second. Half of the working capital was incurred in each construction year 

(Balaban, 2000).  

The revenue streams considered in the economic evaluation included electricity. The 

electricity price was set at the recommended renewable energy feed in tariff of at $0.1 per unit 

of electricity (KWh) from biogas as set by the National Energy Regulator (NERSA, 2011). It is 

noteworthy that this tariff is higher compared to the coal power tariff ($0.07/kWh) (Bischof-

Niemz and Fourie, 2016). This is largely due the 40% higher levelized cost of energy (LCOE) 

when producing electricity from coal relative to biogas. The liquid vinasse effluent was 

assumed to be an indirect revenue used in place of commercial synthetic fertilizers thereby 

reducing the sugarcane plantation running costs (Turner et al., 2002). 

Factors relating to the South African economy such as depreciation, scrap value, inflation rate 

and the average cost of capital were taken into consideration when developing the cash flow 

analysis. The weighted average cost of capital (WACC) was assumed to be 15%. This was 

largely based on sale limitations of electricity back into the electrical grid that are not well 

established and are often barred by heavy regulations and policies that increased the project 
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risk rating.  However, the biogas production technology together with the CHP engine are 

widely practiced making this a medium risk venture. The economic influencers as well as a 

summary of costs and revenues are reported in Table 4.9. 

Table 4.9: A summary of revenues, costs and economic factors (to the nearest $1 000 ) used to develop 
the discounted cash flow analysis for the base case vinasse treatment process. 

Revenues and Costs Amount (USD, 2016) 

Production rate (KWh/yr) 3 600 000 

Renewable Energy Feed in Tariff ($/KWh) 0.1 

Annual Revenue  360 000 

  

Annual Operating costs (OC) 336 000 

Cost savings (steam and liquid effluent) 99 000 

Total Annual Operating costs = OC – CS $244 000 

  

Fixed capital 5 370 000 

Working capital 805 500 

Total Capital Investment = FCI + WC $6 176 000 

  

Economic factors  

Taxation (%)  28 

Escalation (%) 6.2 

Years of depreciation 10 

Scrap value (%) 5 

WACC (discount rate, %) 15 

In this financial analysis, depreciation of physical plant assets was accounted for using the 

straight line method where their value decreased equally over a period of 10 years. It was 

assumed that the physical assets will eventually assume the scrap value of 5%. The revenues 

and costs were escalated accordingly by the inflation rate. Using this information, the 

cumulative normal and discounted cash flows were calculated. The normal cash flow is the 

difference between revenues and cost, taking into account the inflation and depreciation. On 

the other hand, the discounted cash flow takes the WACC into account and represents the 

present value of money. The discounted cash flow (Figure 4.9) was used to determine 

profitability indicators such as the ROI, IRR and NPV.  
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Figure 4.9: Cumulative cash flow analysis (USD, 2016) for the base case vinasse treatment flowsheet 
for a 20 year project lifetime. 

In Figure 4.9, the intersection of the two curves after year 9 represents a crossover from 

negative to positive net profits. The payback period for this project was calculated to be 18.9 

years at which point the fixed capital costs would be recovered. The ROI was calculated as 

0% indicating that this venture will not yield positive returns throughout its lifetime. Further 

analysis showed that there would be a 0% rate of return which translates to negligible growth. 

At this IRR, the cost incurred whilst financing the venture will not be recovered within the 

20 year project lifetime. A low NPV of - $4 million was obtained after 20 years, which shows 

that the projected earnings will not cover the anticipated costs signalling a net loss. Although 

the base case proved unprofitable, choosing to dispose the raw vinasse (305 kL/day) into the 

municipality wastewater treatment facility bears an annual cost of approximately $80 700 – 

considering the average industrial effluent disposal tariffs (R9/kL) in SA (Ethekwini Water and 

Sanitation, 2018). This shows that there is a cost of ‘doing nothing’ which prompts further 

investigation into ways of increasing profitability of the base case through addition of combined 

pre- and post-treatment options.  

As the calculations rely on assumptions regarding the cost of capital, inflation, projected 

earnings and costs, the prevailing economic climate may lead to changes in costs and 

revenues within the project’s lifetime. This may result in changes in the profitability indicators. 

As such, it is necessary to investigate the profitability of the vinasse treatment process to key 

factors such as the methane yield and feed in tariffs.  

4.5.5 Sensitivity Analysis on Profitability of the Base Case 

Sensitivity analyses were used to gauge how sensitive the profitability indicators are to various 

input variations. The concentration of inhibitory compounds was identified as the key variable 

affecting the methane productivity and consequently, the revenue. It is therefore expected that 

removing inhibitory compounds such as potassium cations may lead to an increase in the 

biogas production rate and consequently increased returns. In addition, the recovered 

potassium salts presents a potential revenue stream.  

Another key factor affecting the profitability of the vinasse treatment project is the renewable 

energy feed in tariff (REFIT) for biogas that is set by the National Energy Regulator, South 

Africa (NERSA, 2011). Based on the levelized cost of energy production, the REFIT is set 

slightly higher to facilitate increased investing in the electricity supply industry. However, due 
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to the economic climate in South Africa, the levelized cost of energy is volatile and may lead 

to an increase or decrease in the REFIT. This will have a direct impact on the profitability. 

4.5.5.1 Inhibitor Concentrations – Potassium cations 

Potassium cation concentrations in the form of K2SO4 was varied as presented in Figure 4.7 

in a bid to understand the effect of inhibitory compounds on the profitability. At this stage, the 

sale of electricity was the sole revenue stream. To indirectly supplement the revenues, two 

cost savings strategies were implemented: (1) application of digested vinasse effluent onto 

the sugar cane fields, and (2) steam utility generation using the CHP exhaust gas. 

The base case K2SO4 concentration is represented by the 0% mark. Changes in NPV, ROI 

and IRR are shown in Figure 4.10 and Figure 4.11. 

  

Figure 4.10: Effect of varying K2SO4 
concentrations on the NPV (USD, 2016) of the 
base case flowsheet 

Figure 4.11: Effect of varying K2SO4 concentration 
on the IRR and ROI of the base case flowsheet 

Figure 4.10 shows the response of the NPV to changing salinity in the vinasse feed. 

Decreasing the salinity of the feed stream effected an increase in methane yields as a result 

of decreased cationic inhibition by K+ ions represented by K2SO4 in the developed model 

(Figure 4.7). This increase in CH4 yields consequently resulted in a profitability increase and 

general upward trend in the NPV with decreasing salinity. Halving the potassium sulfate 

concentration to 50% of the base case led to a 60% increase in the NPV. The best case 

scenario of a 99% reduction in K2SO4 concentrations results in an NPV of -$276 100 after a 

15 years within the project life time. Figure 4.11 shows a 9% increase in the IRR and ROI with 

a 99% reduction in the K2SO4 concentrations. Similarly, there is an upward trend in the IRR 

and ROI as salinity in the feed decreases which shows that the project is gradually becoming 

favourable in relation to the initial capital invested.  

The base case AD flowsheet with CHP is not feasible. However, the removal of AD inhibitors 

through a pre-treatment approach is promising and may lead to increased methane yields, 

biogas production rates and revenues. There is potential to breakeven with the inclusion of 

revenues from recovered potassium sulfate. However, this comes at an increased cost as an 

additional processing unit is required for pre-treatment. 
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4.5.5.2 Renewable Energy Feed in Tariff 

Unprecedented changes in the renewable energy feed in tariff are bound to significantly 

influence profitability. A sensitivity analysis on the REFIT was conducted to determine the 

effect of its variability on the economics of the base case vinasse treatment project. The REFIT 

was varied on both positive and negative extremes relative to its base value of $0.1/kWh as 

seen in Figure 4.12. 

 

Figure 4.12: Effect of varying the REFIT on profitability (USD, 2016) of the base case vinasse treatment 
flowsheet. 

As expected, increasing the REFIT resulted in a subsequent increase in the revenues and 

profits. Similarly, decreasing the REFIT resulted in a corresponding decrease in revenues. 

The return on investment is directly dependent on the profit after tax. As such, it responded 

proportionally to changes in the tariffs.  

Moving from the extreme negative deviation ($0.07/kWh) towards the base value, there is a 

sharp increase in the internal rate of return. Positive growth is realized at tariffs greater than 

$0.12/kWh as evidenced by the positive IRR. Thereafter, the IRR increases linearly with each 

tariff increase. Doubling the tariff (100%) results in an 8.7% increase in the IRR and ROI as 

seen in Figure 4.12. However, even in this best case scenario, the IRR remains lower than 

the weighted average cost of capital that is set at 15%.   

4.5.5.3 Summary of the Sensitivity Analyses on Profitability of the Base Case 

Vinasse AD Flowsheet 

As seen in Figure 4.7 the concentration of potassium cations in vinasse have a significant 

impact on the AD performance and methane yields. Doubling the potassium ion concentration 

leads to a 30% decline in the methane yield. There is a knock-on effect of the decline in 

methane yields on the profitability of the flowsheet as seen in Figure 4.11. This is due to 

inorganic salts such as potassium ions being inhibitory to AD and result in an overall decrease 

in the biogas yield and electrical energy produced by the CHP plant. 

To maintain and possibly increase the methane yields, it is important to investigate pre-

treatment technologies aimed at the recovery of potassium ions from the raw vinasse. This 

will increase the CH4 yields and total power generated by the CHP plant. Additionally, the 

recovered potassium salt is a revenue stream worth approximately $400/ton (Alibaba, 2017). 

This initiative is expected to increase the profitability of the vinasse treatment process. Further 

value creation can be sought through the incorporation of post-treatment and biogas utilization 
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processes to recover water and produce electricity or biomethane. However, a deeper 

investigation of the additional cost implications is necessary to evaluate the economic 

feasibility of these modifications and the resulting vinasse treatment routes.  
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5. Pre-treatment and Post-Treatment 

Considerations for Value Creation 
Sensitivity analyses conducted on base case vinasse process showed that a reduction in 

inorganic salt (K+) concentrations prior to AD is beneficial to both performance and profitability 

of the process. This was attributed to improved methane yields which led to increased 

electricity production from CHP. Following this result, it would be beneficial to evaluate the 

economic impact of the inclusion of a pre-treatment process to the base case flowsheet aimed 

at reducing the concentration of potassium cations. 

Further opportunities for value creation from the biogas and liquid digestate produced are 

present (see Section 2.4). The base case process currently contains a CHP engine to convert 

biogas to electricity. Alternatively, the biogas can be upgraded to produce biomethane with a 

significantly higher energy content that can be used as a substitute for natural gas (Masebinu 

et al., 2015). Both strategies aim to produce energy that can be reused internally to power 

energy intensive processes or sold commercially. The liquid digestate has a relatively high 

moisture content ranging between 85 and 90% (Wilkie et al., 2000). In the base case 

flowsheet, this is directly applied to the sugarcane field and results in cost savings on synthetic 

fertilizer purchase. Although fertirrigation results in a cost savings, there is a need to explore 

water recovery strategies from the digestate to increase resource productivity and 

sustainability by reducing the amount of fresh water required for upstream processes.  

The possibility of process additions to the base case with the aim of determining optimal 

vinasse treatment process configurations is explored in this chapter. Selected pre-treatment, 

biogas utilization and water recovery process were incorporated into the base case flowsheet. 

The effect of these additions on the methane yield, energy production and profitability were 

analysed to form the second phase of sensitivity analyses that was focused on unit operations. 

5.1 Selection and Implementation of Pre-treatment 

Processes 

The performance of an anaerobic digestion process is sometimes hampered or reduced by 

inhibitory compounds present in the substrate (Chen et al., 2008). In the case of vinasse, 

potassium cations are dominant and may cause a 50% reduction in methanogenic activity at 

concentrations above 11g/L (Section 4.4.1.3). Through pre-treatment, it is possible to recover 

the potassium from the raw vinasse prior to AD (P. Zhang et al., 2012). 

The most common vinasse pre-treatment processes reported in the literature include 

ozonation, strong acid cation exchange, electrodialysis and reverse osmosis. In an attempt to 

fully understand the benefits of these processes, an in-depth comparative review was 

conducted and is presented in Table 5.1. The selection process was guided by four criteria – 

availability, costs, capacity and selectivity to potassium ions. 
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Table 5.1: A comparison of vinasse pre-treatment processes documented in the literature 

Attributes Advanced oxidative process - 

Ozonation (O3) 

Electrodialysis (ED) Strong Acid Cation Exchange 

(H2SO4) 

Reverse Osmosis 

Brief methodology Ozone generated by an ozone 

generator breaks down phenols, 

melanoidins and other recalcitrant 

organics in vinasse to 

biodegradable molecules 

(Aquino and Pires, 2016) 

 

This set up contains cells within 

cation and anion membranes 

arranged between an anode and 

cathode. Application of an electric 

charge promotes movement of ions 

into the membranes.  

(Zhang et al., 2012) 

This involves the selective 

adsorption of ions onto a resin 

packed in a column. A strong acid 

eluent is used to desorb the ions 

from the resin. The salt can then be 

recovered through an evaporative 

crystallization process. Acid eluent 

can be recycled. 

(P. Zhang et al., 2012) 

Reverse osmosis is a pressure 

driven membrane process which 

separates solutes from a solution 

by way of molecular size 

(Dave et al., 2012; Garud et al., 

2011) 

Advantages Increased biodegradability 

(BOD/COD), 40% decrease in 

phenol (inhibitor), 30% increase in 

methane yield (mL-CH4/gCOD) 

(Aquino and Pires, 2016; Siles et al., 

2011) 

High salt recovery: 75%, simple to 

install, and manage. 

(Zhang et al., 2012)  

High acid elution rate: 99% 

desorption of K+ from the resin. 

76.2% potassium recovery through 

crystallization Increased to 89.3% 

with recycling. 

(P. Zhang et al., 2012) 

Very popular method – used by 

51.6% of desalination plants 

worldwide. High dissolved solids 

(TDS) separations above 90%. 

COD reduction > 90% 

(Chaudhari and Murthy, 2009) 

Disadvantages Minimal to no COD reduction, 

Ozone generators have a low 

efficiency (6%) 

(Aquino and Pires, 2016) 

 

Fouling and scaling of electrodes 

and membranes by salt 

precipitation and solids 

(Decloux et al., 2002; Kim, 2011; 

Zhang et al., 2012) 

Crystal formation on the resin. This 

can be avoided by increasing 

elution time and quantity of acid. 

Resin is expensive to replace. 

Sulphuric acid is corrosive and 

dangerous. 

(P. Zhang et al., 2012) 

High pressures (50 to 70 bar) 

required to overcome osmotic 

pressure. It is not ionic species 

selective. Membrane fouling can 

occur. Requires ultrafiltration pre-

treatment  

(Garud et al., 2011; Ryan et al., 

2009) 
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Capacity and 

residence times 

15 to 30 minutes depending on the 

ozone concentrations 

(Siles et al., 2011) 

Pilot plant, vinasse flowrate: 12 

L/hr. 

(Zhang et al., 2012) 

(Ryan et al., 2009) 

Lab scale: 0.36 L/hr vinasse. 

Elution: 1.08 L/hr. Residence time: 

6 to 7 hours 

(P. Zhang et al., 2012) 

Pilot plant: Feed pressure 20 bar, 

flowrate 15 L/min. Residence time: 

30 mins  

(Chaudhari and Murthy, 2009) 

Energy utilization Energy required to pre-treat 

vinasse: 33.6 kWh/m3 when using 

air, 19.2 kWh/m3 when using pure 

O2 

(Siles et al., 2011) 

Pumping power: 0.037 kWh/m3. ED 

power consumption: 0.08 kWh/m3 

(Zhang et al., 2012) 

These involve heating and cooling 

energy requirements for 

crystallization (between 20 and 70 

C). Pumping power should be 

factored in. 

(P. Zhang et al., 2012) 

3 - 9.4 kWh/m3 of product - this is 

largely comprised on pumping 

requirements (Garud et al., 2011) 

(Loutatidou and Arafat, 2015) 

Economics and 

feasibility 

14 kWh/m3 vinasse is used for pre-

treatment. Additional energy 

produced from methane after pre-

treatment is low (30% of the energy 

used for pre-treatment). Increasing 

efficiency of the ozonator could 

make it feasible. (Siles et al., 2011) 

Pilot plant with feed flowrate of 12 

L/hr, and 30 A/m2: OPEX - R 

7.25/m3, CAPEX: R 700,000. 

Membrane replacement costs: R 

145,000 

(Zhang et al., 2012) 

Resin price is variable: R 100/Litre. 

Energy costs and sulfuric acid must 

be factored in. 

Costs - Brackish water: R 

0.176/m3 effluent for a plant 

running at 190 m3/day  

(Yeo, 2010) 

Vinasse: R 9.8/m3 at 45 m3/d 

(Tewari et al., 2007) 
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Although ozonation shows significant phenol concentration reductions and increased methane 

yields, it is considered infeasible due to the high cost of O3 generation. This is brought about 

by the low efficiency (6%) of the ozone generation technology which leads to a low marginal 

accrued benefit (6 kWh/m3) in terms of energy produced from the additional methane 

compared to the energy input required for the pre-treatment (14 kWh/m3) (Siles et al., 2011). 

In addition, ozonation is non-selective to potassium ions (Aquino and Pires, 2016) which 

reduces its efficacy as a pre-treatment process. Ozonation was therefore discounted as a pre-

treatment in this study due to the high cost and non-selectivity to potassium ions. 

Electrodialysis is selective to potassium ions and has the potential to reduce its concentrations 

by up to 75% (Y. Zhang et al., 2012). However, the presence of fine suspended solids and 

heavy polymers increase the chances of membrane fouling. This would require a regular 

membrane replacement which negatively impacts the process economics (Kim, 2011).  In 

addition, it requires a constant supply of electricity to facilitate movement and detachment of 

ions through and from the membrane surfaces. Membrane processes such as reverse 

osmosis allow for over 90% reduction in the total dissolved solids (TDS) and COD (Chaudhari 

and Murthy, 2009). Reverse osmosis has been used mostly as a vinasse post-treatment 

process for the recovery of water in the permeate stream (Tewari et al., 2007). Using this pre-

treatment approach for raw vinasse could lead to heavy fouling and clogging of the 

membranes due to the high TDS and suspended solids concentrations. Additional pre-

treatments such as nano-filtration and chemical pre-treatment of the raw vinasse would be 

required to mitigate the abovementioned risks. (Garud et al., 2011). 

The use of a strong acid cation exchange resin as an adsorption technique has shown 

potassium ion reductions over 70%. Subsequent extraction of the potassium salt from the 

eluent through heating crystallization is an established technology which results in recoveries 

of 76% on average (P. Zhang et al., 2012). Recycling of the strong acid eluent may yield a 

further 13% increase in potassium ion elution from the resin. In addition, the extraction of salts 

from potassium using this process requires a lower energy input compared to ozonation and 

electrodialysis. Given the superior benefits of ion exchange relative to potassium ion selectivity 

and energy efficiency, this technology was selected as the preferred pre-treatment method for 

vinasse AD. Consequently, the base case flowsheet in Figure 4.1 was adjusted accordingly to 

reflect this addition (Figure 5.1). 
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spark ignition engine

Off gas

Electricity
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Figure 5.1: A schematic representation of the updated base case flowsheet to include a vinasse pre-
treatment process as developed on Aspen Plus. 
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5.1.1 Ion-Exchange Simulation on Aspen Plus 

During the ion exchange process, potassium ions in the vinasse are first adsorbed by the 

amberlite resin packed into the ion exchange column. The sulfuric acid eluent is then routed 

to the column where it desorbs ions from the resin to form a potassium rich solution. This 

solution is routed to a crystallizer where solid K2SO4 crystals are then recovered. 

Implementation of this ion exchange model to the base case flowsheet on Aspen Plus was 

limited by the lack of unit operations to adequately represent the process. Ion exchange is an 

adsorption process that is dynamic in nature whereas the base case flowsheet was a steady 

state simulation. Although ion exchange models can be developed externally on Aspen 

Adsorption modeller, integration of these into the base case flowsheet was a major challenge 

due to the difference in operating modes. 

For simplicity, a separation unit was used to model the complex ion exchange process. This 

unit operation provided flowrates and separation factors which were sufficient for sizing and 

costing purposes through the use of published heuristics (Balaban, 2000) and quotes from 

manufacturers in the literature (Davis et al., 2013). Potassium ions were represented as 

aqueous K2SO4 to avoid the inclusion of ionic species in the framework with physical 

properties that are not fully defined in Aspen Plus. This was to circumvent any potential 

uncertainties in the material and energy balances. A design specification was used to reduce 

K2SO4 concentration by 70% to a concentration of 10g/L that is below the inhibition threshold 

(11.6 g/L) (see Section 4.4.1.3). The operation of an ion exchange plant involves additional 

supporting processes such as acid elution and crystallization to recover solid K2SO4 crystals 

and the acid eluent for recycling purposes. Although these aspects were not simulated, their 

impact on the techno-economics of the process was taken into account using sizing and 

costing routines based on the feed flowrate and order of magnitude estimations obtained from 

the literature (Davis et al., 2013). 

5.1.2 Effect of the Ion Exchange on Process Performance  

Performance of the vinasse treatment flowsheet was gauged using the methane yield and 

electrical output from the CHP. Upon successful integration of the ion exchange model into 

the base case flowsheet (Figure 4.1), the simulation was executed and the outputs compared 

to the initial base case results (Figure 5.2). Details of the initial base case results can be found 

in Section 4.3. 

During the ion exchange process, potassium ions in the raw vinasse are adsorbed by the 

amberlite resin packed into the ion exchange column. The sulfuric acid eluent is then used to 

desorb the ions and form a potassium rich solution that is sent to a crystallizer where solid 

K2SO4 crystals are recovered. The separation efficiency was assumed to be 70% and this 

resulted in a residual potassium concentration of 7 g/L in the lean vinasse outlet stream (P. 

Zhang et al., 2012) which was lower than the inhibition threshold (11.6 g/L)  At the current 

plant capacity, an annual potassium sulfate production of 1500 tons was achieved. 
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Figure 5.2: Effect of inclusion of a pre-treatment process on the performance of the flowsheet. Biogas 
yield is reported in Lbiogas/(kgVSadded) and methane yields in L-CH4/kgVSadded. 

At a separation factor of 70%, the inclusion of an ion-exchange process into the base case 

flowsheet results in a 12% increase in the methane yields from 48 to 55 L-CH4/kgVSadded 

(Figure 5.2). Consequently, there is a 16% increase in the electrical output from the CHP plant. 

In the developed AD model (Section 3.3), the inhibitory effect of potassium on methanogenesis 

is implemented using a non-competitive Michaelis Menten equation that takes into account 

the inhibitor (potassium ions) concentration in the reactor as well as its threshold concentration 

(Equation 5.1) 

𝜇 = 𝜇𝑚𝑎𝑥(𝑇). (
1

1+
𝐾𝑠𝐻𝐴𝑐
𝑆𝐻𝐴𝑐

) . (
1

1+
𝐾𝑁𝐻3
𝑆𝑁𝐻3

) . (
1

1+
𝑆𝑁𝐻3

𝐾𝑖,𝑁𝐻3

) . (
1

1+
𝑆𝐾+

𝐾𝑖,𝐾+

)  
Equation 5.1 

 

With the inclusion of (pre-treatment) ion exchange to the base case flowsheet, there is a 

decline in potassium ions concentration which effects an increase in the denominator term of 

the K+ inhibition expression (Equation 5.1). The K+ inhibition term tends to a value of 1 thereby 

effectively reducing the degree of inhibition and effectively increasing methanogenic growth 

rates. As a consequence, more acetic acid is converted to methane and CO2. The expected 

increase in performance can be therefore attributed to the reduction in potassium ions that are 

inhibitory to methanogens in AD. 

While a further decrease of potassium ions would certainly result in increased methane yields, 

the separation factor was maintained at 70% to avoid high raw material costs incurred from 

the purchase of concentrated (99%) sulphuric acid. At the current market price of $300/ton 

(Alibaba, 2017), increasing the separation factor by 10% to 80% would increase the operating 

costs by 15% and also increase the capital costs of the ion-exchange equipment. Given the 

unproportioned increase in operation cost and potential increase in capital costs, the 

separation factor was maintained at 70%. However, it is worth noting that the ion-exchange 

model developed here is simplistic and serves as a high-level representation of the process. 

With detailed adsorption and crystallization modelling, in-depth sensitivity on the effects of 

separation efficiency can be conducted to make a more informed decision on the degree of 

vinasse pre-treatment. 
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5.1.3 Effect of the Ion Exchange Process on Project Feasibility 

Sensitivity analyses conducted on the base case AD model (Section 4.4) showed that a 

decrease in inhibitor concentrations results in an increase in methane yields which has a 

positive influence on profitability due to higher revenues. This improvement in AD performance 

was further affirmed by the implementation of a pre-treatment system that removed inhibitory 

potassium ions to the increased the methane yields by 12%. This had a positive knock-on 

effect on the subsequent biogas utilization process where a 16% increase in electricity 

production was observed due to the higher methane yields. Economic gains from the 

implementation of ion exchange are very likely assuming the cost of operation does not 

exceed the benefit. To validate this assumption, it was important to evaluate the techno-

economics of the pre-treated base case relative to the original (AD-CHP) route. 

5.1.3.1 Capital Expenditure 

The major additional equipment required for ion-exchange were a (1) vertical column, (2) 

regeneration column, (3) pumps and (4) a heating crystallization system to recover potassium 

sulfate crystals. Equipment costs for these units were calculated using the six tenths rule 

based on the feed flowrate into the ion exchange system. The initial cost was based on a 

manufacturer quote of $5 250 000 obtained from Davis et al. (2015) for an ion exchange 

system at a base plant throughput of 53 000 kg/hr. Given the throughput of the developed 

base case vinasse treatment plant (12 400 kg/hr), the capital cost of the ion-exchange system 

was scaled down accordingly using six tenths rule (Table 5.2) 

Table 5.2: A breakdown of the capital investment costs to the nearest $1 000  (USD, 2016) for the pre-
treated (IEX-AD-CHP) and untreated base case (AD-CHP) flowsheets 

Capital Expenditure (USD, 2016) Base case Pre-treated base case 

Purchase cost of equipment (PCE) AD – CHP IEX – AD – CHP  

UASB reactor 1 055 000 1 055 000 

Ion Exchange (columns, pumps, 
crystallization unit) 

- 2 710 000 

Jenbacher engine (CHP) 1 776 000 1 776 000 

Total PCE 2 820 000 5 532 000 

Installation, electrical, site, instrumentation 
factors 

1.6 1.6 

Physical Plant Cost (PPC) 4 513 000 8 850 000 

Design, Engineering and Contingency 
factors 

1.19 1.19 

Location factor 1 1 

Total 1.79 1.79 

Fixed Capital Investment  5 370 000 10 531 000 

Working Capital (15%) 805 500 1 580 000 

Total Capital Investment $6 176 000 $12 112 000 

The reactor and CHP engine capacities were identical in both AD-CHP and IEX-AD-CHP 

routes which resulted in similar costs of these two equipment across the flowsheets (Table 
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5.2). Notably, the cost of ion exchange equipment, which included two packed columns, 

amberlite resin and the heating crystallizer, was significantly higher than the AD or CHP. This 

resulted in a 100% increase in the initial capital investment of the IEX-AD-CHP route relative 

to the base case (AD-CHP). 

5.1.3.2 Operating Expenditure 

Operating expenditures were, as before, divided into fixed and variable costs. Raw materials, 

utilities and transport expenses made up the variable costs whereas the fixed costs consisted 

of operation and maintenance costs as well as labour (Table 5.3). As with the base case 

investigation, the raw materials required for AD consisted of only the NaOH for pH control in 

the reactor. This was estimated to be 0.004 kg NaOH/kgCOD (Souza et al., 1992). To ensure 

maximum elution of potassium ions from the amberlite resin in the ion exchange column, an 

acid eluent to raw vinasse ratio of 1.5 was used. The volume of H2SO4 required was calculated 

from the abovementioned ratio.  

Table 5.3: A breakdown of the operating costs to the nearest $1 000  for the pre-treated (IEX-AD-CHP) 
and untreated (AD-CHP) base case flowsheets 

Operating Expenditure – Costs/year (USD, 2016) Base Case Pre-treated Base Case 

Raw Materials AD – CHP IEX – AD – CHP  

NaOH (dosing) 38 690 38 690 

H2SO4 eluent - 27 670 

Utility costs (electricity) 80 (included in O&M) 

Transport costs  15 000 14 500 

Labour    

Labor Costs ($/yr) $172 476 $185 315 

Operation, Maintenance, Utility   

CHP system ($0.02/kWh) 68 400 76 000 

AD system (1.5% of plant costs) 28 300 28 300 

Ion exchange - 272 000 

Total Operating Costs 324 000 643 000 

Indirect fertilizer revenue – Cost savings 92 600 73 200 

Overall OC $231 000 $569 000 

 

With the addition of a pre-treatment system (IEX), a significant increase in the fixed and 

variable operating costs was noted as expected (Table 5.3). In terms of fixed costs, the sulfuric 

acid, which is critical in eluting adsorbed potassium ions from the resin in the packed column, 

is the major contributor to this increase. Increased labor costs are also observed due to an 

increase in number of processing areas. Operation and maintenance costs for the ion 

exchange process included resin replacement, vessel cleaning and electrical utility and were 

assumed to be 10% of the ion exchange equipment costs  (Seider et al., 2003). This added a 

further 80% to the total operating costs. In addition, there is a 10% higher operation and 
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maintenance (O&M) cost for CHP in the flowsheet with pre-treatment (IEX-AD-CHP) owing to 

higher electricity production as compared to the base case.  

For both configurations in Table 5.3, the liquid digestate was used for fertirrigation for the 

sugarcane fields which reduced the amount of synthetic fertilizer required. Due to lower 

potassium concentrations in the digestate from the IEX-AD-CHP process, the maximum 

fertirrigation area was reduced which resulted in a decline of the cost saving by 20% compared 

to the base case savings.    

5.1.3.3 Cash Flow, Financial Analysis and Profitability Indicators  

Despite increased costs, ion-exchange coupled with a crystallization process is advantageous 

as it results in the recovery of potassium sulfate. Economically, with electricity produced by 

the CHP, the potassium sulfate is considered an additional revenue stream to be sold at $300 

per ton (Alibaba, 2017).  

After compiling all information regarding the revenues and costs, a discounted cash flow 

analysis was developed to evaluate the effect of adding a pre-treatment process on the 

profitability of the base case. Base case (AD-CHP) indicators with amended results from the 

added pre-treatment process (IEX-AD-CHP) were then compared and analysed over a 20 

year period (Figure 5.3 and Figure 5.4). 

  

Figure 5.3: Effect of inclusion of a pre-treatment 
process on the profitability (USD 2016) of the pre-
treated (IEX-AD-CHP) and untreated base case 
(AD-CHP) flowsheet over a 20 year project 
lifetime. Revenue generating and cost saving 
streams considered were electricity, potassium 
sulfate and liquid digestate 

Figure 5.4: Effect of inclusion of a pre-treatment 
process on the profitability (USD 2016) of the 
pre-treated (IEX-AD-CHP) and untreated base 
case (AD-CHP) flowsheet over a 20 year project 
lifetime. Revenue generating and cost saving 
streams considered were electricity, potassium 
sulfate and liquid digestate 

The base case (AD – CHP) exhibited a very low return on investment and a negative internal 

rate of return to result in an overall negative growth over the venture’s lifetime. On the other 

hand, adding a pre-treatment step to the base case resulted in a significant increase in the 

ROI and IRR from 0.02% and -1.8% to 3.2% and 2% respectively (Figure 5.3). In addition, the 
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payback time and net present values for the venture was decreased by 32% and increased 

by 69% respectively. 

The higher return on investment for the IEX-AD-CHP route shows that the additional capital 

expenditure incurred for pre-treatment is recovered by the increased revenue from electrical 

power and potassium sulfate sales (Figure 5.3). Similarly, the higher rate of return (0.02% to 

3.2% in Figure 5.3) shows positive growth of the venture in terms of cash flow. However, the 

project returned a net loss as the internal rate of return remains below the weighted average 

cost of capital (15%). Further, the net present values for both configurations remain negative 

(Figure 5.4) which further confirms that the future earnings did not cover the anticipated costs 

of production.  

The primary aim of the pre-treatment process was to decrease the concentration of inhibitory 

components to increase the efficiency of the AD process relative to methane yields. As 

expected, there was a 14% increase in the system performance coupled with a 32% decrease 

in payback time and further significant increases (>100%) in the ROI and IRR. These were 

however not enough to secure a net profit over its lifetime as the NPV remained negative. 

Although ion exchange as a pre-treatment is unlikely to yield a net profit, its addition to the 

base case should be considered. This is because there exist alternative opportunities for value 

creation and revenue generation from the biogas and liquid digestate that may improve the 

projects financial standing. In addition, from an environmental perspective the reduction of 

potassium salt concentrations to below 5 g/L in the digested vinasse will reduce the risk of soil 

salinization with increased fertirrigation over the long term (Christofoletti et al., 2013). To 

potentially reduce the capital and operating costs of the pre-treatment process, the production 

of an aqueous stream rich in K+ ions could be explored. Being a concentrated K+ aqueous 

stream, it can be used as a fertilizer to result in further cost savings in addition to the savings 

accrued from fertirrigation using the vinasse digestate. However, several challenges exist with 

this route. Choosing to generate an aqueous stream will eliminate the crystallization step that 

facilitates the recovery of sulphuric acid to be recycled to the column (P. Zhang et al., 2012). 

In the absence of H2SO4 recovery and recycle, operating costs are likely to increase which 

may in turn negatively impact the profitability. To adequately investigate the viability of 

producing an aqueous stream with a high concentration of K+, a rigorous ion exchange model 

based on adsorption kinetics as well as a crystallization model need to be developed, sized 

and costed to understand the techno-economics. 

5.2 Selection and Implementation of Biogas Utilization 

Processes 

The vinasse AD process in the base case flowsheet results in the production of biogas with a 

methane content of 65% and a calorific value of 22 kJ/L (Table 4.3). The biogas characteristics 

are comparable to results from both industrial scale biogas plants and published vinasse AD 

simulation results (Barrera et al., 2015; Fuess et al., 2017; Walsh et al., 1989). As such, it can 

be used as an energy source for electricity production.  

The technical and economic feasibility of CHP as a biogas utilization process was investigated 

in Section 4.5 as part of the base case vinasse treatment project. Biogas was converted to 

electricity in a General Electric JenbacherTM spark ignition engine operating at an electrical 

efficiency of 44% (General Electric, 2008). This is then sold to the electricity distributor through 

feedback into the national grid at a set tariff of $0.1/kWh. Although a significant amount of 
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electrical power was produced in the base case, the profitability remained low as evidenced 

by the 0% ROI and negative IRR. This was attributed to the high CHP engine costs and 

relatively low power output resulting from more than 50% of the energy lost as work in the 

form of heat and noise. While it is possible to recover heat from the exhaust gas through steam 

production, the above mentioned work (50% loss) lost in the form of heat and noise cannot be 

recovered. Following this, biogas upgrading was investigated as an alternative method of 

utilization.  

Biogas upgrading involves removing CO2 as well as other undesired components such as 

H2S, NH3 and water vapour to produce 95% - 97% pure biomethane which can be compressed 

and sold for domestic use or injected into a gas grid (Axelsson et al., 2012). The processes 

considered were (1) high pressure water scrubbing (HPWS), (2) amine scrubbing and (3) gas 

permeation through membranes (Bick et al., 2012). High pressure water scrubbing was 

preferred owing to its simplicity and sustainability. These characteristics are ascribed to 

moderate operating conditions below 10 bar and the exclusion of harsh chemicals to enhance 

CO2 absorption within in these systems (Kapdi et al., 2005). It is also sustainable in this context 

as it uses water which can be recycled. The feasibility of biogas upgrading technologies is 

heavily dependent on the energy demands and unit cost of energy ($ per GJ). HPWS has a 

5-10% lower unit cost compared to amine scrubbing and membrane separation (Leme and 

Seabra, 2017). This can be attributed to the high heat energy requirements for amine solvent 

regeneration, which is approximately 5 times greater than the energy needed for pumping and 

compression in HPWS (Axelsson et al., 2012). Although membrane processes are attractive 

in terms of size and simplicity, the running costs are high due to the frequency replacement 

as a result of membrane fouling or end of life. 

The selection of a biogas utilization process should be dependent on cost, availability and 

sustainability of the technology. In addition, the internal energy requirements of the plant must 

be considered. To adequately compare utilization technologies, two process scenarios were 

developed and simulated. The first scenario consisted of a biogas plant fitted with a CHP 

system for electricity production based on the General Electric JenbacherTM spark ignition 

engine (base case: AD-CHP). Simulation of this scenario as well as the techno-economics are 

detailed in Section 4.5. In the second scenario, the CHP is substituted for a HPWS process 

(AD-Upgrade). Its simulation as well as mass balances are reported in this Section 5.2.1. 

Using results from the two scenarios, an economic and performance comparison was drawn 

to assist in decision making.  

5.2.1 HPWS Simulation on Aspen Plus 

HPWS takes advantage of the difference in solubility of the biogas components in the water. 

Carbon dioxide is 25 times more soluble than methane in water which makes this process 

suitable for its removal (Cozma et al., 2014). Figure 5.5 shows the developed simulation on 

Aspen Plus for the biogas upgrading technology used to replace the power generating plant 

(CHP) in preceding base case simulations. 
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Figure 5.5: A schematic representation of the high pressure water scrubbing process for biogas 
upgrading as developed in Aspen Plus 

Biogas from the AD plant was routed to the upgrading plant via the raw biogas stream as seen 

in Figure 5.5. It is then compressed to the absorber operating pressure. Moderate pressures 

between 6 to 10 bars are ideal for the absorption of CO2. A sensitivity analysis performed on 

the absorber operating pressure (Figure 5.6) showed that increasing pressure from 1 to 6 bar 

resulted in a 35% increase in the methane mole fraction in the biomethane outlet stream (‘Bio-

CH4’).  

 

Figure 5.6: Sensitivity analysis on the absorber column operating pressure in the HPWS process on 
Aspen Plus  

With further increases in pressure, the biomethane purity levelled out to ca. 90% (Figure 5.6). 

Following this result and recommendations from the literature (Cozma et al., 2014), the 

absorber operating pressure was set at 10 bar. After compression, the biogas was sent to the 

bottom of the absorber column that had 6 theoretical stages (Cozma et al., 2014, 2013a) and 

was packed with plastic pall rings. The water stream was fed at the first stage to promote a 

counter current flow with the biogas which allowed for the maximum mixing and mass transfer 

of CO2 from the gas to liquid phase. To avoid downstream accumulation, an equilibrium flash 
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vessel was used to release excess methane from the CO2 rich liquid stream at 2 bar. Although, 

the excess methane is sometimes recycled (Pöschl et al., 2010) a cost-benefit analysis (Table 

5.4) showed that recycling increased the biomethane recovery by 5% but increased the costs 

by 18%.  

Table 5.4: A summary of the cost-benefit analyses used for decision making when choosing to recycle 
methane in the HPWS process (USD, 2016) 

 Recycled methane No recycle % change 

Capital costs (absorber) $ 17 940 $ 14 640 18% 

Biomethane flowrate (m3/yr) 133 200 126 600 5% 

Recycling was therefore abandoned for repurposing the off gas as fuel for heating. The CO2 

rich water stream was routed to the stripping column where CO2 and other gases were stripped 

from the water. To avoid a build-up of inert gases, 10% of the water was purged prior to 

recycling. A freshwater make-up stream was included to replace the purged amount. It was 

also used to control the purity of the biomethane (95%) stream through a design specification. 

Table 5.5 shows a mass and energy balance of the major streams in the upgrading plant. 

Table 5.5: A summarized mass balance of the high pressure water scrubbing process simulation on 
Aspen Plus 

  
Raw Biogas 

(kg/hr) 
Mixed Water Feed 

(kg/hr) 
Biomethane 

(kg/hr) 
Rich CO2 liquid 

stream (kg/hr) 

Methane 65.8 - 61.3 4.5 

Carbon dioxide 85.4 - 0.8 84.7 

Hydrogen 0.6 - 0.6 - 

Water 20.5 25160 0.2 25184.0 

Ammonia 0.3 1.9 - 2.2 

Total stream 170 25162 63 25280 

Discrepancy 0%    

m3H2O/m3 Biogas 0.13    

Biomethane (mol%)  95%    

Calorific value (kJ/L) 38     

Electrical utility (kW) 41    

Simulation of the high pressure water scrubbing process proceeded seamlessly with minimal 

mass balance convergence errors. This is evidenced by the 0% difference between the mass 

into and out of the absorber column as seen in Table 5.5. Using the reconciled mass balance, 

performance indicators such as biomethane purity and calorific value were extracted. 

Biomethane at a purity of 95% and a calorific value of 38 kJ/L was recovered from the top 

stage of the absorber column. To achieve this, a water recirculation loop of approximately 0.13 

m3-H2O/m3 of raw biogas was required. This is comparable to industrial water requirements 

that range from 0.15 to 0.2 m3-H2O/m3 of biogas (Axelsson et al., 2012; Pöschl et al., 2010).  

Given the credible mass balance and the abovementioned performance indicators, the HPWS 

model was deemed fit for further simulation work, sizing and techno-economic analyses.   
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5.2.2 Effect of Alternative Biogas Utilization Processes on Process 

Performance 

The aim of the biogas utilization processes was to increase the commercial and energy value 

of the biogas by conversion to biomethane (95%) or electricity through HPWS or CHP, 

respectively. To select the best process, performance data for the aforementioned scenarios 

was extracted from the resulting mass balances and compared. This included the calorific 

values as well as the total energy output for the electricity from CHP and biomethane from 

HPWS (Figure 5.7). 

 

Figure 5.7: A comparison of the performance between CHP and HPWS processes as biogas utilization 
processes 

As expected, biogas upgrading resulted in a significant increase in the calorific value of the 

raw biogas. This was attributed to the removal of CO2 and other impurities such as NH3, and 

H2O that have negligible heating values. The biomethane had a calorific value of 38 kJ/L which 

was 72% higher than for raw biogas. In addition, the calorific value obtained was similar to 

values published for natural gas that range between 38 and 43 kJ/L (EcoMetrix Africa, 2013).  

For comparative purposes, the total energy produced in either scenario was normalised to 

common units of measure (Figure 5.7). The electrical output obtained from the base case CHP 

simulation was converted to kWh per annum (410 kW in Table 4.3). In replacing the CHP with 

HPWS, the total energy output MJ per year was calculated as a product of the calorific value 

and standard gas volume flowrate. This was thereafter converted to kWh to allow for a 

normalized comparison between the energy outputs of the two scenarios. As seen in Figure 

5.7, the annual energy output from the biogas upgrading was significantly higher than the CHP 

despite the 50% volume flow reduction from removal of CO2 and other impurities. However, 

this volume reduction was offset by the 72% increase in the calorific value of the biomethane 

compared to biogas which led to a higher net energy output. 

5.2.3 Effect of Alternative Biogas Utilization Processes on Feasibility  

Although biomethane production seemed favourable from an energy perspective, it was 

necessary to evaluate the techno-economics of both scenarios so as to assess their 

profitability. The capital and operating costs associated with the two scenarios consisting of 

either CHP or HPWS as biogas utilization processes after AD were computed using the 

approaches as outlined in Section 4.5. In the first scenario, electricity generated from the CHP 

system was fed into the grid at the current REFIT for biogas as recommended by NERSA 
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(2011). Biomethane produced in the second scenario can be sold commercially as a substitute 

to natural gas at $19/GJ (EcoMetrix Africa, 2013). In both scenarios, the liquid digestate is 

transported to the cane fields to be used as fertilizer.  

5.2.3.1 Capital Expenditure 

The capital expenditure summary (Table 5.5) highlighted the costs of the major processing 

equipment. For the CHP plant, this included a General Electric JenbacherTM 620 spark engine. 

The cost of this engine was obtained from an equipment manufacturer quote reported in 

Darrow et al. (2015). The HPWS (upgrading) process contained two packed columns, pumps 

and a compressor which were sized on Aspen Plus based on their capacity. These major 

pieces of equipment were costed using published heuristics and prices scaled up accordingly 

using the CEPCI from the year 2004 to 2016 (Balaban, 2000; Seider et al., 2003) 

Table 5.6: A breakdown of the initial capital investment costs to the nearest $1 000  (USD, 2016) for 
the flowsheets comparing CHP and HPWS processes as additions to the base case AD process 

Capital Expenditure (USD, 2016) Base Case Improved base case 

Purchase cost of equipment (PCE) AD – CHP AD – Biogas Upgrade (HPWS)   

UASB reactor 1 055 000 1 055 000 

HPWS (Columns, compressors, pumps)  116 000 

Jenbacher engine (CHP) 1 776 000 - 

Total PCE 2 831 000 1 171 000 

Installation, electrical, site, instrumentation 
factors 

1.6 1.6 

Physical Plant Cost (PPC) 4 513 000 1 871 000 

Design, Engineering and Contingency 
factors 

1.19 1.19 

Location factor 1 1 

   

Fixed Capital Investment  5 370 500 2 226 500 

Working Capital (15%) 805 500 334 000 

Total Capital Investment $6 176 000 $2 560 500 

 

Table 5.6 shows a summary of capital investments associated with the two scenarios. The 

capital costs of the CHP plant were 2.5 times higher than HPWS owing to the high equipment 

costs associated with Jenbacher gas engines. Jenbacher engines combine compression, fuel 

injection, combustion and heat recovery into a compact and highly specialized piece of 

equipment, hence their high price (Darrow et al., 2015).  

5.2.3.2 Operating Expenditure 

The operating expenditures featured the potential costs to be incurred in the day to day 

running of the plant. These were broken down into fixed and variable costs as previously 

described in Section 5.1.3.2. The overall operation and maintenance costs for the HPWS were 

assumed to be 10% of the equipment costs. Aside from electricity, HPWS also bore with it 



87 | P a g e  

 

water utility costs that arose from the fresh water stream needed to make up any lost water 

for CO2 absorption. It was assumed that it would be sourced from the municipality at an 

industrial water tariff set by the national water distributor.  

Table 5.7: A breakdown of the operating costs to the nearest $1 000  (USD, 2016) for the flowsheets 
comparing the AD-CHP and AD-HPWS processes 

Operating Expenditure – Costs/year (USD, 2016) Base Case Improved Base Case 

Raw Materials AD – CHP AD – Upgrade  

NaOH (dosing) 38 690 38 690 

Utility costs (electricity, water) 80 65 000 

Transport costs (digested vinasse) 15 000 15 000 

Labour    

Labor Costs ($/yr) $173 000 $173 000 

Operation, Maintenance, Utility   

CHP system ($0.02/kWh) 68 400 - 

AD system (1.5% of plant costs) 28 300 28 300 

HPWS system - 12 000 

Total Operating Costs 323 000 331 000 

Indirect fertilizer revenue – Cost savings 92 600 92 600 

Overall OC $231 000 $239 000 

 

Utility costs associated with the biogas upgrading route are significantly higher than the 

alternative (CHP) as seen in Table 5.7. This high utility cost arose from the fresh water make 

up stream that was approximately 63% of the utility costs. Further utility costs arose from the 

electrical energy required by the biogas feed compressor and recycle pump.  

Most other running costs such as AD maintenance, raw materials and transport were similar 

as CHP and HPWS affected only downstream biogas processing. In both cases, the vinasse 

digestate was transported to the sugarcane fields and used for fertirrigation. This introduced 

transportation cost as well as a cost savings on the purchase of potassium based fertilizer. 

Overall, the operating costs (Table 5.7) for both processing routes were within 3% of each 

other despite the additional utility costs associated with HPWS. 

5.2.3.3 Cash Flow, Financial Analysis and Profitability of HPWS and CHP 

The capital costs and operating costs in Table 5.3 and Table 5.4 respectively, were used to 

develop a discounted cash flow analysis (Figure C 1 and Figure C 5) that took into account 

revenues from the sale of electricity and biomethane. Profitability indicators extracted from the 

discounted cash flow analyses were presented graphically in Figure 5.8 and Figure 5.9. It was 

expected that the high investment costs for CHP coupled with low electricity feed in tariffs 

would make this option unfeasible. 
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Figure 5.8: A comparison of the profitability 
between CHP and HPWS as biogas utilization 
processes in the vinasse treatment flowsheet 
over a 20-year project lifetime 

Figure 5.9: A comparison of the profitability 
indicators (NPV, PBP) between CHP and HPWS 
as biogas utilization processes in the vinasse 
treatment flowsheet over a 20-year project lifetime 

As expected, the base case (AD-CHP) had a low profitability as evidenced by the 0% ROI and 

negative IRR (Figure 5.8). Replacing the CHP system with a biogas upgrading process 

resulted in a significant increase in the profitability owing to a 50% reduction in equipment 

costs. Despite operating costs (OC) incurred when using HPWS exceeding that of CHP, the 

50% higher capital investment into the CHP outweigh its benefits (lower OC) to result in HPWS 

being more profitable over the long-term. In addition, biomethane had a higher energy content 

compared to biogas and brought in 59% more revenue compared to electricity. The payback 

time for the base case was also reduced by 80% to 3.7 years (Figure 5.9).  

The growth of the two projects was evaluated by the internal rate of return and net present 

values after 20 years. From Figure 5.8, the base case (AD-CHP) exhibited low levels of growth 

as evidenced by the negative IRR and NPV of -$3 800 000. It is therefore unlikely to return a 

net profit over its lifetime. Production of biomethane (AD-Upgrade) on the other hand had a 

more positive outlook with an IRR of 16.3% that was higher than the average cost of capital 

(15%). The NPV for this case was $196 000, which indicated that the project was likely to 

payback the cost of capital and return a net profit.  

Process improvements upstream such as vinasse pre-treatment have a positive effect on the 

revenues and consequently the profitability of both AD-CHP and AD-Upgrade routes. Pre-

treatment of vinasse leads to more efficient AD processes with increased biogas quality and 

flowrates. This in turn translates to higher electricity generation or increased biomethane 

yields. The knock-on effects of these pre-treatments will be investigated further in Chapter 6. 

In this analysis, profitability of the CHP process is sensitive to the biogas production rate, as 

well as the renewable energy feed in tariff. Currently, a tenfold increase in the electricity 

production yields an IRR 15%. This indicates that feasibility of base case (AD-CHP) process 

could possibly be achieved at higher plant capacities as the IRR would approach the cost of 

capital (16%) However, capital and operational costs at larger capacities need to be computed 

to validate this prediction.  
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5.3 Selection and Implementation of Water Recovery 

Processes 

The anaerobic digestion of vinasse results in the production of a nutrient rich liquid digestate 

that has several potential uses. Common applications include direct application to farm land, 

and dewatering to recover nutrient rich concentrates and water (Christofoletti et al., 2013). 

These concentrates can be used as animal feed supplements or applied to the land as 

fertilizer. Depending on the quality of the concentrates, nitrogen and phosphorous based 

nutrients can be extracted through further processing to be used as feedstock for bacterial 

and algal and bacterial cultivation. Dewatering processes such as multi-effect evaporation and 

reverse osmosis have often been practised in industry (Carvalho, 2011; Nataraj et al., 2006) 

and have varying characteristics which affect their economics and applicability in the context 

of vinasse treatment. To potentially improve revenue generating product quality from AD, it is 

worth investigating the feasibility of integrating dewatering operations into the process and to 

determine their applicability and prospective economic benefits. 

5.3.1 RO Simulation on Aspen Plus 

In incorporating the RO process, degassing of the digestate through a slight pressure drop in 

a horizontal flash vessel maintained at atmospheric pressure was performed. This allows for 

the release of dissolved biogas which is directed to a biogas storage area. A pre-filter (Figure 

5.10)  was then used to remove large suspended solids from the liquid digestate. The pre-

filtrate was pumped at 20 bar and then routed to a nano-filtration system which decolorizes 

the digestate by removing colloidal compounds and heavy polymers responsible for the dark 

brown pigment (Nataraj et al., 2006). The pressure of the filtrate stream is increased to its 

osmotic pressure using a series of centrifugal pumps. Depending on the composition of this 

filtrate, the steady state osmotic pressure calculated by Aspen Plus varied between 50 and 55 

bar. This is then routed to the RO modules which reduce the water content of the vinasse by 

60% to form a concentrate that consists of minerals, salt ions and organic matter and water. 

Water and VFA are recovered in the permeate stream. Thereafter, an energy recovery device 

in the form of a turbine is used to simultaneously reduce the permeate pressure to 1 bar as 

well as recover its energy.  

Reverse osmosis was modelled as a cross flow filtration process where the feed travels 

tangentially across the surface of the membrane filter. This facilitates constant washout of the 

filter cake by the feed and allows the process to run continuously. In this flowsheet, a simplified 

solution-diffusion model developed by Oh et al. (2009) was adapted to govern operation and 

predict performance of the reverse osmosis membrane. The following assumptions were 

adopted in the development of this RO model (Oh et al., 2009) 

• Pressure drop across the spiral wound membrane module is 0.5 bar 

• Osmotic pressure is proportional to the dissolved salt and solid concentrations. This 

facilitated easier calculation of the osmotic pressure by Aspen Plus (Aspen 

Technology, 2000) 

• To maintain steady state operation, the mass transfer coefficient and solute transport 

coefficients are constant through the process. In addition, concentration polarization 
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and filter cake resistance were assumed to be negligible so as to reduce the model 

dynamism in terms of RO feed pressure. 

For simplicity, solute transport through the membrane was assumed to be negligible. This was 

assumed to be the case due to the high rejection rates of salts and organic matter (>99%) 

reported for vinasse AD effluent systems (Nataraj et al., 2006; Shivajirao, 2012).  

In modelling RO systems, three main streams are considered, namely the feed, permeate, 

and retentate. The permeate flow (Qp) is governed by the volume flux of liquid passing through 

the membrane, number of membrane modules and the membrane surface area (Equation 

5.1). In the case of vinasse in the base case flowsheet, the liquid volume that permeated 

included water and short chain VFAs.  

𝑄𝑝 = 𝐽 ∗ 𝑛𝑚 ∗ 𝐴𝑚  Equation 5.2 

Where J, nm and Am in Equation 5.2 refer to the flux (L.m-2.hr-1), number of modules, and area 

(m2) respectively. The volumetric flux (J) was calculated using the solvent transport formula 

(Equation 5.2) which is dependent on the solvent transport parameter (Lv) and a pressure 

difference (Pfeed - Ploss) which acts as the driving force 

𝐽 = 𝐿𝑣(𝑃𝑓𝑒𝑒𝑑 − 𝑃𝑙𝑜𝑠𝑠)   Equation 5.3 

Given the proven effectiveness and energy efficiency of spiral wound membranes (Butt et al., 

1997), they were preferred over the hollow fibre variety. The solvent transport parameter (m.s-

1–Pa) was calculated from the intrinsic solvent transport parameter (Lv,o), operating 

temperature and constants for solvent transport (1, 2). These parameters are dependent on 

the membrane type. In this model, the spiral wound membrane constants used by Oh et al. 

(2009) were adopted (Table 5.8): 

𝐿𝑣 =
1
1

𝐿𝑣,𝑜𝑒

𝛼1(𝑇−293)
293

−𝛼2𝑃𝑓 

    Equation 5.4 

Ploss in Equation 5.5 refers the total pressure to be overcome by the high pressure pump before 

the RO system. It is calculated by a summing the feed osmotic pressure and pressure drop 

across the membrane filtration unit (0.5 bar) (Equation 5.5). Thereafter, it is used to calculate 

the driving force using Equation 5.3. 

𝑃𝑙𝑜𝑠𝑠 = ∆𝜋 + 𝑃𝑑𝑟𝑜𝑝  

Where  and Pdrop refer to the feed osmotic pressure and total pressure drop. 

Equation 5.5 

The development of a RO process on Aspen Plus required a nano-filtration unit, high pressure 

pump and membrane module. RO membranes are mostly modelled using cross flow filters in 

most simulation platforms. However, Aspen Plus is limited in that regard as the cross flow filter 

solely models solid separations (Aspen Technology, 2000). To overcome this, a separation 

unit combined with a calculator block was used. The calculator block contained customized 

code and equations to efficiently simulate the RO process using the simplified solute-diffusion 

model (Equation 5.2, Equation 5.3, Equation 5.4 and Equation 5.5).  
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Figure 5.10: A schematic representation of the reverse osmosis system as developed on Aspen Plus 

A calculator block was used to extract the relevant variables such as osmotic pressure and 

feed temperature from the input stream. Solute and solvent transport constants (Table 5.8 and 

Equation 5.4), dependent on the membrane type (spiral wound), were specified in the 

calculator block. In this model, the separation unit was used to define a permeate recovery. 

The osmotic pressure of the feed stream is first determined using the inbuilt Aspen Plus 

property sets. Thereafter, PLoss and the solvent transport parameter are then calculated using 

Equation 5.5 and Equation 5.4. Equation 5.3 is used to compute the volumetric flux. Given the 

set separation efficiency and permeate flowrate, the volumetric flux (J) is used in Equation 5.1 

to calculate the membrane area and number of RO modules required depending on the 

surface area per membrane. 

Table 5.8: Operating conditions and constants specified for the RO system.  

Condition Parameter 

Pressure drop (bar) 0.35 

Permeate recovery (fraction) 0.7 

Intrinsic solvent transport parameter (Lvo) 5.71*10-12 

Area per membrane (m2) 30 

Solvent transport constant (bar-1) 1=8.6464, 2=0.019 

The intrinsic transport parameter was obtained from a RO unit set up in a seawater 

desalination system (Oh et al., 2009). Due to the scarcity of constants for vinasse RO 

modelling, the constants used by Oh et al. (2009) for seawater desalination were deemed 

feasible at this stage of process design. 
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5.3.2 MEE Implementation to the Base Case Flowsheet 

As Aspen Plus lacks the complex organic compounds, salt ions and long chain polymers in 

digested vinasse that mostly report to the concentrate, a simplified black box approach to MEE 

simulation was taken. This way, uncertainty in the results was avoided. The Brazilian vinasse 

evaporation case study described in Carvalho and Luiz da Silva (2011) was adopted for 

implementation (Figure 5.11) into the base case flowsheet and scaled down to the base case 

plant capacity. Unlike the pre- and post-treatments (IEX and RO) highlighted in 5.1.1 and 5.3.1 

that were simulated in Aspen Plus, material and energy flows in the MEE process were 

developed in MS Excel.  

Figure 5.11: The MEE system adopted for the base case flowsheet from the case study by Carvalho 
and Luiz da Silva (2011)  

The MEE process consists of 5 evaporators in series with intermediate condensers (Carvalho, 

2011) (Figure 5.11). In analysing the evaporators, heat transfer coefficients used (Table 5.9) 

in cane juice evaporation processes were utilized as similar properties for vinasse have not 

been widely published. For cane juice evaporation, Rein (2007) found that the increasing 

viscosity and density of the concentrate led to a significant decline in the heat transfer 

coefficients. When using three effects, there was a 33% decline in heat transfer coefficient 

from the first effect relative to the third (2500 to 1700 W.m-2.K-1 in Table 5.9). 

Table 5.9: A comparison of heat transfer coefficients between MEE systems with three and 5 
evaporators in series 

Evaporators 
Heat transfer coefficients (W.m-

2.K-1) (Design with 3  effects) 
Heat transfer coefficients (W.m-

2.K-1) (Design with 5 effects) 

1st Effect 2500 2500 

2nd Effect 2200 2500 

3rd Effect 1700 2000 

4th Effect - 1500 

5th Effect - 700 

Falling film

evaporator

Flash vessel (FV) 
(1 bar)

Condensate

High pressure

Steam from dstillery

FV2

Mixer

FV3

Mixer

FV4

Concentrated vinasse 

(40% water, 60% solids)

Condenser

Combined 

condensate

Digested vinasse from AD

(90% water)

Condensate stream

Concentrated vinasse stream

Steam
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However, the addition of two more effects reduced the abovementioned decline to 25% (2500 

to 2000 W.m-2.K-1 in Table 5.9) (Rein, 2007). With higher heat transfer coefficients in the 5-

effect system, the surface area was minimized thereby leading to reduced capital cost per 

evaporator. In accordance with the study by Rein (2007) and Carvalho and Luiz da Silva 

(2011), the 5 multi-effect evaporator sequence was chosen as it would reduce capital 

expenditure and guarantee higher heat transfer. 

In the conceptual MEE black box model adopted from the case study by Carvalho and Luiz 

da Silva (2011), digested vinasse is routed to the first effect where it is concentrated by 

approximately 10% through the evaporation of water and volatile compounds using high 

pressure steam. To calculate the steam utility requirement for the first evaporator (Figure 

5.11), a heating block was simulated separately on Aspen Plus to determine the flowrate of 

high pressure steam needed for a 10% reduction in the water content of the digested vinasse 

stream. Thereafter, vapour formed in the first effect is used as the energy source for the next 

effect where the digestate is further concentrated. The condensate is collected from each 

evaporator, mixed and thereafter flashed at atmospheric pressure to release any residual 

vapour. Concentrated vinasse from MEE commonly known as concentrated molasses solids 

is then drawn from the last effect and is assumed to have a water content of approximately 

40% (Rein et al., 2011). This volume reduction to a moisture content of 40% reduces transport 

costs of the CMS to the sugarcane fields. Arguably, further reductions in moisture content 

would ultimately reduce volume. However, a reduction to 40% is recommended by Rein, 

(2007) to avoid elevated equipment costs of MEE with unproportioned savings in transport 

costs. 

Although a simplified approach was taken to model MEE, adoption of the vinasse MEE case 

study (Carvalho, 2011) and as well as the heating block on Aspen Plus (Lewis et al., 2010) 

provided adequate information required for sizing and costing calculations. 

5.3.3 Effect of Water Recovery Processes on Process Performance and 

Profitability 

The RO model described in 5.3.1 and MEE case study were integrated into separate Aspen 

Plus simulations containing the base case process (AD-CHP) to form two routes, AD-CHP-

RO and AD-CHP-MEE. The energy balance derived from the heating block on Aspen Plus 

was used to determine the energy required for steam generation in the first effect (Figure 5.12 

and Table 5.10). By dividing the energy requirement for steam and the available energy from 

biogas combustion (Table 5.10), it was established that 10% of the biogas produced was 

required as fuel to generate the steam for the first evaporator stage. Taking into account boiler 

or combustion inefficiency, the fraction of biogas required may increase up to 15%. 
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Energy requirement/demand   

Energy (W) requirement for steam 
generation 

201 200 

Energy (W) released from biogas 
combustion 

2 025 800 

RO High Pressure Pump Power (W) 23 400 

Table 5.10: A comparison of energy requirements 
or demand MEE and RO 

 

Figure 5.12: Comparative analysis of the 
energy requirements and demand of the MEE 
and RO process relative to the energy available 
from biogas combustion 

When compared to the energy requirement for reverse osmosis (high pressure pump), MEE 

requires up to 9 times the energy utilized by the high pressure pump (Figure 5.12). Therefore, 

based on energy, RO consumed less energy compared to MEE which translates to lower 

operating costs.  

5.3.3.1 Capital Expenditure 

The equipment costs for the RO and MEE processes were calculated using manufacturer 

quotes (Davis et al., 2013)  as well as published equipment costing heuristics (Balaban, 2000). 

These can be found in Table C 1 in Appendix C. For the reverse osmosis process, the major 

equipment included the high pressure pump and the spiral wound membrane modules for 

nano-filtration and reverse osmosis. The major equipment for MEE included 5 falling film 

evaporators and intermediate condensers. Table 5.5 shows a detailed breakdown of the 

equipment costs and fixed capital investments calculated using the Lang factor approach 

outlined by Amigun et al. (2009). 

Table 5.11: A breakdown of the initial capital investments to the nearest $1 000 (USD, 2016) comparing 
the resulting flowsheets from addition of RO and MEE processes to the base case flowsheet.  

Purchase cost of equipment (PCE) AD – CHP AD – CHP – RO   AD – CHP – MEE  

UASB reactor 1 055 000 1 055 000 1 055 000 

Jenbacher engine (CHP) 1 766 000 1 766 000 1 766 000 

Reverse Osmosis  71 000  

Multi-Effect Evaporators   181 000 

Total PCE 2 821 000 2 892 000 3 002 000 

Installation, electrical, site, 
instrumentation factors 

1.6 1.6 1.6 

Physical Plant Cost (PPC) 4 514 000 4 627 000 4 803 000 

Design, Engineering and Contingency 
factors 

1.19 1.19 1.19 

Location factor 1 1 1 

Fixed Capital Investment  5 371 000 5 507 000 5 716 000 

Working Capital (15%) 805 000 830 000 860 000 

Total Capital Investment $6 176 000 $6 337 000 $6 576 000 

9%

90%

1%

Energy (W)
requirement for
steam generation

Energy (W) released
from biogas
combustion

RO High Pressure
Pump Power (W)
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As seen in Table 5.11, the MEE equipment costs were 140% higher compared to RO. Given 

to the magnitude of the combined AD and CHP costs, additional downstream processing did 

not have a significant effect on the total capital investments. Despite the large difference in 

costs between RO and MEE, either technologies increased the total capital investment by 2% 

and 4% respectively. 

5.3.3.2 Operating Expenditure 

The operating expenditures were broken down into fixed and variable costs as described in 

Section 5.1.3.2. A standard approach of was followed in the calculation of overall O&M costs 

for RO and MEE. This assumed an O&M value of 10% of the equipment costs. Majority of the 

variable costs included electrical energy requirements for the high pressure RO pumps 

Table 5.12: A breakdown of the operating costs to the nearest $1 000  (USD, 2016) for the flowsheets 
comparing the resulting flowsheets with addition of RO and MEE to the base case. 

Operating Expenditure – Costs/year 
(USD, 2016) 

 
  

Raw Materials AD – CHP AD – CHP – RO AD – CHP – MEE 

NaOH (dosing) 38 690 38 690 38 690 

Utility costs (electricity, water) 80 65 000 80 

Transport costs (digested vinasse) 15 000 15 000 15 000 

Labour     

Labor Costs ($/yr) $173 000 $173 000 $173 000 

Operation, Maintenance, Utility    

CHP system ($0.02/kWh) 68 400 68 400 68 400 

AD system (1.5% of plant costs) 28 300 28 300 28 300 

MEE    32 000 

Reverse Osmosis  25 600  

Membrane replacement  40 000  

Total Operating Costs 323 000 436 000 362 000 

Indirect fertilizer revenue – Cost savings 92 600 250 000 250 000 

Overall OC $231 000 $186 000 $112 000 

The incorporation of either RO or MEE to the base case flowsheet resulted comparatively in 

a 34% and 12% increase of the total operating costs respectively. For the RO process, this 

was expected as the high pressure pumps increase the electrical utility usage. Due to fouling 

and general wear of the spiral would RO membranes, a lifetime of 5 years was assumed (Bick 

et al., 2012). This introduced a cost of membrane replacement that made up 9% of the total 

operating costs for the AD-CHP-RO process. The high pressure steam requirements for the 

MEE process was obtained from excess steam from upstream processes and the CHP heat 

recovery system and therefore not included in the cost analyses. This resulted in cost savings 

for the MEE process which kept the operating costs lower compared to the RO process. 

Labour and maintenance costs for the AD and CHP processes in each route remained similar 

as the water recovery processes only affected the digestate. Notably, there were significant 
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increases in the cost savings from fertilizer application with the addition of either water 

recovery processes. Due to increased potassium concentrations in the RO and MEE residues, 

application rates increased from 300 tons/ha as was for the liquid digestate (300 m3/ha) to 3 

tons/ha. The application area was therefore greater for the concentrates and consequently 

resulted in greater savings on synthetic fertilizer costs.  

5.3.3.3 Cash Flow, Financial Analysis and Profitability of RO and MEE 

The capital and operating costs were used in conjunction with the revenue and cost savings 

estimations from the sale of electricity and fit-for-purpose water to develop a discounted cash 

flow analysis of the two additional routes arising from the incorporation of water recovery 

processes. From this, the profitability indicators were extracted and used to gauge the 

feasibility of adding water recovery processes to the base case (AD-CHP) (Figure 5.13 and 

Figure 5.14). It was expected that RO and MEE would have a positive influence on the 

profitability of the base case scenario. 

  

Figure 5.13: A comparison of the profitability 
(USD 2016) indicators (IRR and ROI) between 
RO and MEE as water recovery processes in the 
vinasse treatment flowsheet relative to the base 
case flowsheet (AD-CHP) 

Figure 5.14: A comparison of the profitability 
indicators (PBP and NPV) (USD 2016) between 
RO and MEE as water recovery processes in the 
vinasse treatment flowsheet relative to the base 
case flowsheet (AD-CHP) 

As seen in Figure 5.13, incorporation of water recovery processes increases the profitability 

of the base case as evidenced by the significantly higher ROI and IRR compared to the AD-

CHP process. This was attributed to the 170% increase in cost savings arising from the use 

of concentrates as fertilizer as opposed to the liquid digested vinasse. The retentate from MEE 

and RO had significantly higher potassium concentrations and could be applied over larger 

areas of land.  

Similar profitability in terms of ROI and IRR was observed for the AD-CHP-RO and AD-CHP-

MEE processes. Although the RO process had 66% higher operating costs (Table 5.12) than 

MEE, the trend in capital costs (Table 5.11) for the aforementioned processes was reversed. 

Comparatively, a levelling out of capital and operating costs between the AD-CHP-RO and 

AD-CHP-MEE processes occurred thereby resulting in similar profitability as evidenced by the 

IRR and ROI obtained from the discounted cash flow analysis (Figure C 9 and Figure C 3). It 
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is noteworthy that the gradual increase in the energy requirement for pumping in RO was not 

modelled as concentration polarization and filter cake resistance were assumed to be 

negligible (see Section 5.3.1). In reality, concentration polarization and filter cake resistance 

are present and may impede the movement of liquid through the membrane thereby 

necessitating higher feed pressures over time to maintain a steady permeate flow. This would 

potentially to increased energy costs in the medium to long term for the RO process.  

Looking at growth of the projects (AD-CHP-RO/MEE), the IRR predictions were lower than the 

weighted average cost of capital which shows that they are likely to result in a net loss over 

the 20 years. The negative NPVs for the projects (Figure 5.14) further accentuate this result.  

It is important to consider the benefits of recovering water from the vinasse on the long term 

sustainability of the vinasse treatment process. Due to the presence of volatile acids in the 

water recovered, its domestic use without further treatment is constrained. In the two scenarios 

considered (AD-CHP-RO/-MEE), the recovered water is categorized as fit-for-purpose and 

was re-integrated upstream to meet municipal water requirements in the ethanol distillation 

process. Given that the water contains volatile compounds, it cannot be used for molasses 

dilution as it will cause a build up of VFA. However, an ideal utilization would be as a water 

make up stream for the cooling towers in the distillation process to replace water that is lost 

through evaporation. Alternatively, the water recovered may be recycled to the biogas 

upgrading process where it can be used to meet the fresh water requirement (22 000 m3/yr) 

in the water scrubbing process. Considering the volume of water recovered from RO and MEE 

(68 700 m3/yr) and a municipal water tariff of R5/kL, an overall cost savings is of $27 700 can 

be achieved on the purchase of water by the vinasse treatment plant and ethanol distillery 

upstream.  

Given the scarcity of water in provinces such as the Western Cape in South Africa, recovered 

water from RO and MEE processes may be treated further to potable standards to supplement 

natural sources. Although not included in this work, physico-chemical treatment including 

coagulation, flocculation and absorption by activated carbon may be used to remove volatile 

compounds from the RO and MEE water (Ryan et al., 2009; Satyawali and Balakrishnan, 

2008). Inclusion of the abovementioned processes will increase the cost of water recovery 

from vinasse that is currently R9.5/kL and R11/kL for AD-CHP-RO and AD-CHP-MEE 

processes respectively. As it stands, this is comparatively higher than the estimated cost (6 to 

8 R/kL) of seawater desalination in South Africa reported by Swartz et al. (2006). Using the 

CEPCI, the equivalent costs reported by Swartz et al. (2006) in 2016 are R8/kL to R11/kL on 

average. The difference in costs is mostly due to the presence of an AD plant vinasse 

treatment routes that introduces running costs that are not present in the seawater 

desalination processes.  

5.4 Conclusions on the Implementation of Pre- and Post-

Treatments to the Base Case 

The impact of the addition of either pre- or post-treatment processes was investigated relative 

to the profitability and system performance of each of these extensions to the base case AD 

flowsheet. Inclusion of these processes resulted in variations in energy utilization and output, 

methane yields. Using techno-economic analyses, the effect of the variations in performance 

arising from the extensions on feasibility were deduced. Figure 5.15 shows schematic detailing 
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the processes considered in this analysis as well as their merits and demerits in terms of 

profitability.  

Base Case Flowsheet

AD-CHP

ROI: 0%. IRR: -1.8%
Ion-Exchange

Add pre-treatment

Add post-treatment 

process

HPWS (biogas 

upgrading

Compressed 

biogas

RO

MEE

or

Add biogas 

utilization process

or

200% lower capital investment 

compared to CHP. 

ROI: 19.6%. IRR: 16.3%

Low membrane costs

ROI: 3.2%, IRR: 2%

170% higher cost savings 

on fertilizer

Lower O&M compared to RO. 

ROI: 3.1%. ROI: 1.9%

High capital investment 

IRR:2% ROI: 3.2%

Leads to 30% increase in 

CH4 productivity (AD)

 

Figure 5.15: A summary of the sensitivity of the base case to addition of pre- and post-treatment unit 
operations in terms of performance and techno-economic feasibility.  

Pre-treatment by ion-exchange resulted in a 30% increase in methane yield during AD owing 

to removal of inhibitory compounds. This addition brought about higher revenues from 

electricity sales and consequently increased the base case profitability by over 200% as 

evidenced by the increase in the ROI and IRR from 0% and -1.8% to 2% and 3.2, respectively 

(Figure 5.4). Notably, feedback of electricity to the grid may not be possible owing to 

government policy constraints on the minimum power generation capacity (EcoMetrix Africa, 

2013; NERSA, 2011). Despite this, the revenues achieved from the sales may be considered 

as a cost savings on electricity purchase from the national distributor 

Substituting CHP for HPWS in the base case flowsheet reduced the capital costs significantly. 

The calorific value of biomethane was improved by 72% compared to biogas directly from the 

AD reactor, which led to an increased total energy output and revenue from the AD-Upgrade 

process. Overall, switching from CHP to HPWS in the base case greatly increased profitability 

(ROI: 19.6%, IRR: 16.3% in Figure 5.8) most notably due to comparatively lower capital cost 

of upgrading equipment relative to the Jenbacher engine for CHP (ROI: 0%, IRR: -1.8% in 

Figure 5.8). 

Addition of dewatering processes through RO or MEE increased the cost savings accrued 

from the use of concentrates as fertilizer for the sugarcane fields. This increased the 

profitability of the base case as seen by the indicators in Figure 5.13. The indicators for RO 

and MEE affiliated processes were still considerably lower than the weighted average cost of 

capital (15%) which suggests that the routes were unlikely to return any profits. Despite this, 

incorporation of dewatering processes should be considered to recover water that can be 

reused in upstream processes such as ethanol distillation. Alternatively, the recovered water 
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may be used in the HPWS process. These initiatives will reduce fresh municipal water use 

and thereby result in further cost savings of up to $67 700/yr.  

The sensitivity analyses performed in this study indicate that by adding pre-treatment 

processes may have a knock-on effect on the choice of post-treatment and biogas utilization 

processes. An example of this is incorporating pre-treatment to realise increased methane 

yields from AD that may in turn increase the energy output from the downstream CHP or 

HPWS. The choice between these two processes would then be dependent on the capital and 

operating costs of both IEX-AD-CHP and IEX-AD-Upgrade routes. Similarly, in terms of 

profitability, having a pre-treatment process as well as a water-recovery process may not be 

optimal due to the high additional capital costs.  

These interacting effects need to be investigated through the simultaneous addition of pre- 

and post-treatment combinations to the base case AD process. Subsequent comparison of 

the developed process options via a techno-economic evaluation can be used to establish the 

benefits of each process option. This will ultimately lead to development of a decision tool 

intended to aid the resolution of vinasse treatment options that curb the potentially negative 

environmental impacts of disposal strategies while extracting valuable products such as 

biogas, salts and water for commercial use to offset treatment costs and potentially increase 

profitability. 
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6. Development of a Decision-Making 

Tool for the Vinasse Treatment Project 
The impact of including pre- and post-treatment strategies on the vinasse AD plant 

performance and profitability was investigated in Chapter 5. It was noted that from an 

economic perspective, the implementation of pre-treatments would influence the choice of 

biogas utilization and water recovery processes when developing vinasse treatment 

flowsheets. Given the high cost of equipment (Table 5.6), the choice between biogas utilization 

in the presence or absence of pre-treatment is likely to be dependent on whether the additional 

revenues from potassium sulfate and biomethane or electricity justify the additional costs. In 

addition, it is important to identify the desired product quality when choosing biogas utilization 

processes. When considering post-treatments, operating costs are more likely to influence the 

decisions owing to the disparity in operation costs between water recovery processes (Table 

5.12).  

Through development of a decision-making tool, this chapter studies the interacting influence 

of various process combinations of pre- and post-treatment operations on the overall system 

performance, product quality and the impact on profitability of the vinasse treatment project. 

This is presented as a flowchart showcasing potential vinasse treatment routes whilst 

graphically comparing their performance and economics. It is expected that this tool will 

provide a more holistic view of the vinasse treatment process and aid in the development of 

optimized and profitable processes at the conceptual design level. 

6.1 Methodology and Development of the Decision-Making 

Tool 

6.1.1 Definition of Vinasse Treatment Routes 

The decision-making tool is aimed to provide detailed comparisons between vinasse treatment 

routes with varying combinations of pre- and post-treatment processes with AD as the primary 

treatment step. This tool allows the step-by-step development of vinasse treatment processes 

using decision points that provide the choice of adding pre- and post-treatment processes 

whilst highlighting the benefits in performance as well as marginal costs incurred. Each set of 

decisions taken leads to distinct vinasse processing routes with varying performance metered 

by the energy utilization, methane yield and economic feasibility. These decision options are 

presented graphically using flowchart techniques consisting of process units, relevant symbols 

and performance plots as a means of comparison.  

The tool was developed to elucidate three decision levels involving the inclusion of pre-

treatment, biogas utilization and post-treatment processes to form a total of 12 possible 

vinasse treatment routes. As seen in Figure 6.1, the first decision avails the option of adding 

a pre-treatment process to recover potassium ions by means of strong acid cation exchange 

system. From this, two processing routes arise. Route ‘A’ leads the vinasse directly into the 

AD reactor without any pre-treatment (path A-1 in Figure 6.1). Route ‘B’ directs the raw vinasse 

to the ion-exchange system and thereafter to the AD reactor (path B-1 in Figure 6.1). After the 

AD of the untreated (Route A) or treated (Route B) vinasse, decisions are presented regarding 

the biogas utilization and water recovery options available for either route. 
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Vinasse 

Include pre-
treatment process 

to remove 
inhibitors? 

Pre-treatment: strong 

acid cation exchange 

technology. Capacity: 

Capital costs: $2 710 000
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3 
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O&M: $68 400
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CAPEX: $1 770 000
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Biogas upgrade: High 
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Biogas: 60% CH4

40% CO2, NH3, H2, H20
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Upgrade?
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B-1

B-3

B-2
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B-3.1

A-2.3

B-3.3

B-3.1
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B-4
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B-4.1

A-3
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A-2
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A-2.2

A-2.2

A-2.3

Base case processes

Route A: A-1, A-2, A-2.1, A-3, A-3.1 

Route B: B-1, B-2, B-3, B-3.2, B-4, B-4.2

Figure 6.1: A flowchart showing the potential vinasse treatment routes resulting from the different combinations of pre- 
and post-treatment processes 
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These include combined heat and power (CHP) for electricity production or high-pressure 

water scrubbing (HPWS) for biomethane production from the biogas (path A-1, A-3, A-3.1 or 

A-3.2 and B-1, B-2, B-4, B-4.1 or B-4.2 in Figure 6.1). Two alternatives for water recovery 

emerge aside from using the water for the fertirrigation of sugarcane fields. These include 

reverse osmosis and multi-effect evaporation. The water recovered from both options are 

repurposed as either process water within the plant or purified further to potable standards. 

The concentrated vinasse digestate is reapplied to the sugarcane fields to result in cost 

savings in K based fertilizer purchase. However, this application to agricultural land is heavily 

dependent on nutrient concentrations in the soil. 

To create a distinction between Route A and Route B, two identical AD reactors are included 

(Figure 6.1). The biogas and liquid digestate from the AD reactors are routed to the biogas 

utilization and water recovery decision points and thereafter to the respective process 

depending on the selection. Developing detailed comparisons between all 12 processes did 

not sufficiently uncouple the interacting effects of various process additions to the base case 

scenario (AD-CHP). As such, an elimination strategy similar to an experimental design was 

used to ensure meaningful comparative analyses. 

The mass and energy balances for the processes shown in Table 6.1 were simulated using 

the developed, kinetic based, Aspen Plus AD model (Section 3.3). Techno-economic analyses 

were performed using the model results to evaluate profitability through discounted cash flow 

analyses. 

Table 6.1: Vinasse treatment routes analysed in the decision-making tool. IEX – Ion Exchange, HPWS 
– High Pressure Water Scrubbing, RO – Reverse Osmosis and MEE – Multi-effect Evaporation 

Study  Option Pre-treatment Treatment 
Biogas 

Utilization 

Digestate 

Treatment/Water 

Recovery 

1 

1 IEX AD CHP Fertirrigation 

2 – AD CHP Fertirrigation 

3 IEX AD HPWS Fertirrigation 

4 – AD HPWS Fertirrigation 

2 

5 IEX AD CHP RO 

6 – AD CHP RO 

7 IEX AD CHP MEE 

8 – AD CHP MEE 

3 

9 IEX AD HPWS MEE 

10 – AD HPWS MEE 

11 IEX AD HPWS RO 

12 – AD HPWS RO 

 

Three main studies were conducted to explore the interacting effects of pre- and post-

treatment additions. In the first study, the influence of four selected routes on the methane 

yield, energy output and overall profitability were investigated based on the combined effect 

of pre-treatment and biogas utilization process (CHP or HPWS) options (Study 1 in Table 6.1). 

The second study focused on the effect of including ion-exchange on select water recovery 

processes (MEE or RO) (Study 2 in Table 6.1). Finally the effect of biogas utilization on the 
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choice between MEE and RO was investigated (Study 3 in Table 6.1). In each study, one 

aspect remained constant. For example, in all instances in Study 1, the liquid digestate was 

used for fertirrigation when investigating the effect of pre-treatment on biogas utilization 

processes in Study 1. Similarly, the biogas was sent to CHP in study 2 when analysing the 

effect of pre-treatment on water recovery processes. In study 3, the influence of pre-treatment 

was analysed when exclusively considering a biogas upgrading process. Given that Studies 

2 and 3 in Table 6.1 both focused on water recovery processes, they were consolidated to 

form a more condensed outlook. 

The presented studies (Table 6.1) deconstruct the decision matrix proposed in Figure 6.1 and 

provide detailed comparative analyses at the three decision points. The first avails the option 

of including a pre-treatment process before anaerobic digestion (A1 or B1 in Figure 6.1). This 

generates two processing routes which both have a selection between CHP and HPWS 

processes for biogas utilizations after the AD (A-3.1 or A-3.2 and B-4.1 or B-4.2 in Figure 6.1). 

These processing routes subsequently have a post-treatment option via. fertirrigation, reverse 

osmosis or multi-effect evaporation (A-2.1, A-2.2 or A-2.3, or B-3.1, B-3.2 or B-3.3 in Figure 

6.1).  

6.2 Study 1: The Influence of Pre-treatment on the Choice 

of Biogas Utilization Processes (CHP or HPWS) 

The objective of a pre-treatment process in the vinasse treatment project was to increase the 

efficiency of the AD process through the reduction of potassium salt concentrations in the 

vinasse feed. Potassium salts are inhibitory and their recovery is expected to improve 

anaerobic digestion performance (Chen et al., 2008). Through sensitivity analyses presented 

in Section 4.4.1.3, a reduction of potassium salts increased the efficacy of the vinasse AD 

system as evidenced by higher methane yields. Further in Section 5.1.3, it was shown that 

inclusion of an ion exchange system increased profitability of the base case route (AD-CHP) 

(see Figure 5.3). However, the newly formed IEX-AD-CHP route was projected to incur a net 

loss over its lifetime. This showed that the additional capital investment and operational costs 

overshadowed the marginal revenue increase.  

Consequently, in addition to incorporating ion exchange to the base case (AD-CHP), the first 

study in Table 6.1 seeks to explore the cost-benefits of ion-exchange to the AD-HPWS 

process. The added benefit between CHP and HPWS using the first four iterations listed in 

Table 6.1 is therefore also considered. In this study the biogas utilization process is varied 

while maintaining fertirrigation as the digestate disposal method.  

6.2.1 Decisions between Biogas Utilization Processes:  

Combined Heat and Power and High Pressure Water Scrubbing 

Biogas produced from anaerobic digestion is a valuable energy source with a calorific value, 

relative to the methane concentration, between 19 and 23 kJ/L (Seadi et al., 2008). This gas 

is either used internally as a fuel, converted to electricity or upgraded to biomethane (Walsh 

et al., 1989). Incorporating pre-treatment (IEX) to the base case process increased methane 

yields owing to a reduction in inhibitor concentrations. However, this was accompanied by a 

significant increase in capital expenditure which supressed profitability as evidenced by an 

IRR that was lower than the average cost of capital set at 15% (Figure 5.3). In a bid to explore 

the economic benefits of reduced capital costs, this section considers the replacement of CHP 

with biogas upgrading with HPWS to biomethane. In addition to its simplicity, equipment costs 
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for HPWS are 50% lower relative to CHP which is postulated to have a positive effect on 

profitability of the vinasse treatment routes. 

In the base case process (Route A with path A-1, A-2, A-2.1, A-3, A-3.1 in Figure 6.2, AD-

CHP), vinasse is routed to a 2000 m3 UASB reactor where it is broken down to biogas with a 

calorific value of 22 kJ/L containing 53% methane with an equivalent yield of 48 L-CH4/kgVS 

(Table 4.4). Approximately 410 kW of electricity can be produced from this biogas using a 

Jenbacher spark ignition engine with an operating efficiency of 44% (Darrow et al., 2015). In 

this study, the digested vinasse is sent to the sugar cane fields for fertirrigation without any 

further downstream treatment (Study 1 in Table 6.1).  

As seen in Figure 6.2, a vinasse pre-treatment option before AD aimed at inhibitory potassium 

ion recovery using ion-exchange is shown (Route B in Figure 6.2). Similar to the base case 

scenario, it follows path B-1, B-2, B-2, B-3, B-3.1 and B-4, B-4.1 with the added pre-treatment 

step (IEX-AD-CHP). This deviation from the base case process results in a higher CH4 yield 

of 55 L-CH4/kgVS and electricity production of 457 kW (see Section 5.1.2). 

The biogas streams from the AD reactors in both routes A and B were duplicated to give rise 

to the decision blocks (after A-3 and B-4 in Figure 6.2). An option to replace CHP with HPWS 

(Upgrade) is provided to introduce two more routes: A-1, A-2, A-2.1, A-3, A-3.2 (AD-HPWS) 

and B-1, B-2, B-3, B-3.1, B-4, B-4.2 (IEX-AD-HPWS). As described in Section 5.2.1, HPWS 

involves the counter current water scrubbing of CO2 from biogas which results in the 

production of a 95% pure biomethane stream. The detailed description and modelling 

approach can be found in Section 5.2.1. 
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Figure 6.2: A section of the decision making tool focusing on the effect of pre-treatment processes on the choice of biogas 
utilization processes – study 1 
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6.2.1.1 Performance and Economic Comparisons between HPWS and CHP  

As described in Section 5.2.2, energy data from CHP and HPWS was converted to an annual 

energy output measured in MWh/year. To normalize this performance comparison, the 

equivalent electricity production from biomethane was used as opposed to the raw biomethane 

energy. The equivalent electrical energy in biomethane was calculated by scaling the raw 

biomethane energy by 56% to mimic the electricity production efficiency of 44%. In addition to 

energy, the methane yields and calorific values of the biogas were also used to evaluate 

performance in these analyses (Figure 6.3).  

  

Figure 6.3: A performance comparison between CHP and HPWS affiliated processes in terms of 
energy output (equivalent electrical energy in MWh/yr), methane yields (L-CH4/kgVSadded) and calorific 
values of the resulting gases (biogas and biomethane) 

As seen in Figure 6.3, the methane yields remain constant as AD remains unaffected by CHP 

or HPWS in the routes that do not feature any pre-treatment (AD-CHP and AD-HPWS). Of 

these two routes (AD-CHP and AD-HPWS), biomethane from AD-HPWS exhibited a calorific 

value 72% higher than biogas from the AD-CHP process. This improvement is mostly due to 

the reduction in impurities and CO2 concentration in the biogas upon upgrading. This, 

however, did not lead to a proportionate increase in the total energy stored in the biomethane 

compared to biogas. The relatively small increase in total energy output per annum (4%) was 

attributed to a reduction in volumetric flowrate, a consequence of the upgrading processes 

with the removal of CO2 from the biogas stream. Similar trends were observed when analysing 

processes that featured pre-treatment (IEX-AD-CHP and IEX-AD-HPWS). In each case, the 

calorific value for biomethane from IEX-AD-HPWS was higher (78%) relative to the biogas 

from the IEX-AD-CHP process.  

Due to the reduction in the potassium ion inhibitor (Figure 6.3), the inclusion of a pre-treatment 

process via ion-exchange resulted in 16% higher methane yields for both CHP and HPWS 

processes (see Section 5.1.2). For the CHP affiliated processes, pre-treatment did not 

increase the biogas calorific value as expected. The slight decrease in the CV by 2% from 

21.8 kJ/L (AD-CHP) to 21.4 kJ/L (IEX-AD-CHP) was deemed negligible and therefore 

unchanging. Although the CV for the HPWS processes increased with the addition of an ion-

exchange system, the change was similarly small as observed in the CHP affiliated processes. 

The small changes can be explained using the potassium inhibition kinetics. Looking at the 
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potassium ion inhibition mechanism presented in Section 5.1.2, a reduction in inhibitor 

concentration increases the methanogenic reaction rate thereby increasing the flowrate of all 

components in the biogas. Due to this, the methane concentration remains relatively 

unchanged. A similar trend is observed in Figure 6.3. Given the small magnitude (2 to 4%) of 

these changes in CV, the addition of a pre-treatment system was concluded to have no 

significant effect on the energy content of the biogas or biomethane. 

From a performance perspective, the production of biomethane is more favourable compared 

to electricity. This is observed across all scenarios with the presence or absence of an ion-

exchange system as pre-treatment option. However, the inclusion of a pre-treatment system 

to the AD-CHP or AD-HPWS processes did not have a significant impact on the energy 

content of the resulting gases (biogas or biomethane). On the other hand, in terms of energy 

output per annum, the pre-treated processes (IEX-AD-CHP/HPWS) performed best due to the 

higher methane quantities produced and improved conversion factors for organic carbon, 

owing to decreased inhibition. Having established the impact of pre-treatment, a techno-

economic analysis was conducted to gauge economic feasibility considering the high initial 

capital costs associated with ion-exchange processes (Table 5.2).  

Capital expenditures are computed using a modified Lang factor approach tailored to 

bioprocesses in Southern Africa (Amigun and von Blottnitz, 2009). It takes into account 

equipment costs, site preparation and working capital. Fixed and variable costs were 

calculated using published heuristics and estimations reported in the literature. The costs are 

summarized in Table C 1 in Appendix C. With the detailed techno-economic analysis approach 

reported in Section 3.5, profitability indicators for the AD-HPWS and IEX-AD-CHP/HPWS 

processes relative to the base case (AD-CHP) are summarized in Table C 2 and presented in 

Figure 6.4. In all four scenarios, digested vinasse is used for fertirrigation. The digestate is 

treated as a cost savings on potassium based fertilizer for the sugarcane fields. The electricity 

from the CHP process is sold to ESKOM at the recommended REFIT of $0.08/kWh, which is 

adjusted for inflation to $0.1/kWh (NERSA, 2011). On the other hand, biomethane is sold at 

$19/GJ which is equivalent to $0.07/kWh (EcoMetrix Africa, 2013).  

  

Figure 6.4: A comparison of profitability indicators (USD, 2016) between HPWS and CHP affiliated 
processes with the inclusion or absence of pre-treatment (IEX) 
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Discounted cash flow analyses were used to determine the profitability indicators (Figure 6.4). 

Overall, biogas upgrading (HPWS) exhibited higher profitability as evidenced by the improved 

ROI, IRR and decreased (78%) payback time of 4 years. This is mostly attributed to increased 

sales revenue from biomethane and reduced capital investments by 50% for the HPWS 

process compared to CHP options. Inclusion of a pre-treatment process increased the 

profitability of the CHP processes owing to higher methane yields and electricity production. 

While pre-treatment has been found to increase (16%) methane yields, the expected increase 

in profitability with its implementation to the AD-HPWS process is not observed. Instead, there 

is a decline which was attributed to the lower magnitude of marginal revenues (120%) obtained 

from biomethane and potassium sulfate sales in the IEX-AD-HPWS process compared to the 

additional capital investment (231%) required for an ion-exchange system see.  

Electricity production from biogas exhibits negative growth (IRR < 0) and is likely to return a 

net loss over its 20-year life time (AD-CHP in Figure 6.4). These observations are in 

agreement with a recent study comparing biogas utilization processes (Lee, 2017). The study 

showed that CHP is not feasible due to low feed-in-tariffs set by the national energy regulator. 

Biomethane production exhibits better prospects for both untreated and pre-treated systems 

(AD-HPWS & IEX-AD-HPWS in Figure 6.4). This is due to higher energy output from 

biomethane as opposed to biogas (Lee, 2017). An IRR of 15.1% is noted for the AD-HPWS 

process, which matches the average cost of capital (15%). A NPV of $8000 is predicted after 

20 years (Table C 2). The combination of these indicators demonstrates that the upgraded 

biogas from an AD process without pre-treatment will cover its cost of capital and is likely to 

turn a profit in the long run (AD-HPWS in Figure 6.4). While not profitable, the value of pre-

treatment addition to the base case and AD-HPWS processes is significant in that it increases 

conversion in AD and subsequently methane recoveries which overall promotes better 

resource utilization.   

6.2.2 Conclusions on Study 1 

While investigating opportunities in either upgrading or electricity generation through CHP 

from biogas, upgrading to biomethane through HPWS (AD-HPWS) exhibited higher energy 

outputs and profitability relative to the base case (AD-CHP) (Figure 6.3 and Figure 6.4). 

Addition of a pre-treatment system to the AD-HPWS route negatively impacts profitability 

despite increased energy outputs. On the other hand, pre-treatment increases the 

performance and profitability of the base case scenario. If the objective is to produce 

biomethane, then a trade-off exists between performance and profitability when considering 

the addition of pre-treatment. Although ion-exchange is likely to improve AD efficiency, it does 

not guarantee higher profits when coupled with an upgrading system (HPWS) for biogas 

utilization. When aiming to produce electricity, pre-treatment is necessary to increase the 

biogas and methane yields although profits are likely to remain low in the long run. Given that 

the effluent was utilized for fertirrigation in all instances in study 1, the cost savings achieved 

in the AD-CHP and AD-HPWS processes were similar. As reported in Section 5.1.3.2, pre-

treatment causes a decline in cost savings owing to decreased potassium concentrations in 

the effluent. This reduced the cost savings achieved in the IEX-AD-CHP/HPWS processes. 

Due to the small magnitude of cost savings relative to the revenues from biogas and 

biomethane (5 to 10 times the cost savings), the overall impact of fertirrigation on the 

economics and its influence on the choice between HPWS and CHP was not significant. 

When selecting a biogas utilization process, it is important to consider the market demand for 

either electricity or biomethane. The renewable feed-in tariff for the sale of surplus electricity 
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by industry back into the grid was introduced to encourage electricity production from 

renewable sources such as wind, solar, landfill gas and biogas (NERSA, 2011). However, 

meeting regulatory and compliance standards has been a challenge for most small and 

medium scale biogas producers. The applied tariffs are significantly lower than the energy 

production costs which discourages potential investments in this field. In the context of vinasse 

treatment, electricity generated via CHP can be used internally and result in cost savings from 

reduced utility usage from the municipality. This is potentially a cost effective alternative to 

utilizing electricity generated from AD plants. 

The market size for biomethane is projected to increase in South Africa with the introduction 

of dual fuel buses that run on both biodiesel and biomethane in metropolitan areas (Masebinu 

et al., 2014). Although this increases the potential for biomethane as a transportation fuel, 

some infrastructural constraints exist. These include the lack of refilling stations and adequate 

distribution networks (Masebinu et al., 2015). Nonetheless, the future for biomethane and its 

adoption as a vehicular fuel remains positive as plans are underway to retrofit public transport 

vehicles with conversion kits that will enable them to use compressed biomethane (EcoMetrix 

Africa, 2013). 

6.3 Study 2 and 3: The Influence of Pre-treatment on the 

Choice of Water Recovery Process 

Raw sugarcane vinasse has a high moisture content ranging between 85 and 90% brought 

about by the upstream dilution of molasses before fermentation (Christofoletti et al., 2013). 

Dilution of vinasse prior to its AD for the control of the OLR is also a common practice that 

contributes to the high water content (Shivajirao, 2012). The water is carried through AD and 

forms ca. 90% of the liquid digestate with the remainder comprising of unconverted organics, 

nutrients (N, P, K), minerals and VFA.  

Several value creation strategies from the digestate have been implemented in industry. The 

presence of nutrients and organic matter make it suitable for the fertirrigation of sugarcane 

fields at an average application rate of 350 m3 per hectare depending on the potassium 

concentration (Christofoletti et al., 2013). However, risks associated with this include soil 

salinization and release of GHG through breakdown of organics while in the soil. Alternatively, 

a dewatering process can be used to concentrate the effluent and thereafter be applied to 

sugarcane fields (3 tons/ha) as fertilizer or used as an animal feed supplement (Turner et al., 

2002). The water recovered can then be re-used internally for dilution or as a cooling utility. In 

this Section, reverse osmosis and multi-effect evaporation are evaluated as alternatives to the 

free disposal of digested vinasse through fertirrigation as suggested in the base case (AD-

CHP). 

Addition of either systems (RO or MEE) improve process sustainability and result in cost 

savings in terms of potassium based fertilizer. However, the marginal costs need to be 

reviewed in the wider context of the vinasse treatment flowsheets. The initial investments 

required for RO have in the recent past reduced significantly although operating costs remain 

high due to electrical energy requirements for pumping to overcome osmotic pressures (Garud 

et al., 2011). On the other hand, multi-effect evaporation is well established in the sugarcane 

industry which may create a bias towards it (Christofoletti et al., 2013). Studies 2 and 3 seek 

to analyse the cost benefit of incorporating RO over MEE and vice versa when dealing with a 

pre-treated or untreated raw vinasse feed to the AD. In Study 2, CHP is used as the biogas 
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utilization process. Biogas upgrading through HPWS replaces CHP as the biogas utilization 

in study 3.  

6.3.1 Study 2: Decisions between Water Recovery Processes – Reverse 

Osmosis and Multi-Effect Evaporation when Using CHP 

The recovery of water from raw or digested vinasse is beneficial as it improves overall process 

sustainability and potentially results in cost savings on fresh water requirements for upstream 

processes. In Section 6.2, the liquid digestate is used for fertirrigation of sugarcane fields 

which introduces transport costs due to the sizeable effluent volumes following AD. In this 

section, alternative methods of digestate utilization (RO and MEE) are simulated. The techno-

economics of these process routes are compared to determine the most feasible process in 

the presence or absence of a pre-treatment process prior to AD. Given the analyses reported 

in Section 6.2, this section seeks to extend the post-treatment analyses to consider the 

combined effect with select pre-treatment options (IEX-AD-CHP-RO/MEE) on system 

performance and economics. 

The vinasse treatment routes following the addition of RO or MEE to the pre-treated and 

untreated base case presented in Figure 6.5 are similar to those described in Section 6.2.1 

(Study 1 in Table 6.1) with added adjustments to the water recovery processes (Study 2 & 3 

in Table 6.1). As seen in Figure 6.5, the vinasse, depending on inhibitor concentrations, can 

either be pre-treated using ion exchange or routed directly to the AD reactor. This results in 

two routes which further branch into four select water recovery alternatives (options 5 to 8 in 

Table 6.1). 

Incorporating RO and MEE to the base case was expected to enhance process sustainability 

and increase net cost savings through the upstream reuse of RO water and downstream 

utilization of concentrates as fertilizer in the sugarcane fields. However, due to the difference 

in operating costs of the two processes (RO and MEE), a feasibility analysis is required to 

assess the economic viability of RO and MEE incorporation to the base case. Pre-treatment 

has shown to increase profitability of the base case (see Figure 5.4) and as such, it is 

necessary to investigate its influence on the economics in the presence of water recovery 

processes. Given the established effect of pre-treatments on base case profitability, the 

influence of either RO or MEE will be investigated by comparing the performance and 

profitability of the 4 routes (options 5 to 8 in Table 6.1) relative to the base case. As seen in 

Figure 6.5, the base case RO process option follows the route A-1, A-2, A-2.3, A-3, A-3.1 (AD-

CHP-RO) while the pre-treated option follows B-1, B-2, B-3, B-3.1 and B-4, B-4.1 (IEX-AD-

CHP-RO). The base case MEE process follows the route A-1, A-2, A-2.2, A-3, A-3.1 (AD-

CHP-MEE) while the pre-treated option follows the B-1, B-2, B-2, B-3, B-3.2 and B-4, B-4.1 

route (IEX-AD-CHP-MEE). Section 5.3 details the approach to RO and MEE simulations as 

well as the assumptions made. Through the analysis in study 2, CHP is maintained as the 

biogas utilization process. 

6.3.1.1 Performance and Feasibility Comparisons between RO and MEE 

Multi-effect evaporation and reverse osmosis were modelled on Aspen Plus and integrated 

into the existing base case simulations (Section 5.3.1 and 5.3.2). The resulting mass and 

energy balances were used to compile performance data as well as conduct equipment sizing 

procedures. In these analyses, energy consumption was used to evaluate the performance of 

the two technologies. Reverse osmosis was expected to have high electrical energy demands 

arising from the high pressure pump requirements.
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Figure 6.5: A section of the decision making tool focusing on the effect of pre-treatment processes on the choice of water recovery processes when using CHP 
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For MEE, the major energy requirement was the steam utility needed to heat or concentrate 

the digestate in the first evaporator. As reported in Section 5.3.3 , the AD-CHP-MEE energy 

balance (Table 5.10) shows that approximately 12% of the biogas produced is required as fuel 

to generate the steam for the first stage in MEE. This amounts to 4 times (on average) the 

energy requirement for the RO high pressure pump (Figure 5.12).  

Following the performance comparison, a techno-economic feasibility was conducted using a 

discounted cash flow analysis to provide profitability indicators using the approach detailed in 

Section 3.5 (Figure 6.6). In all process options presented in Figure 6.5, the concentrated 

vinasse is used as fertilizer at an application rate of 3 tons/ha. This is factored in the process 

economics as a cost saving through the purchase of potassium based fertilizers. Revenue 

from electricity as well as the economics leading up to the discounted cash flow analyses 

evaluated in this study followed the same procedures outlined in study 1 (Section 6.2.1.1). 

Profitability indicators from the discounted cash flow analyses are summarized in Table C 2 

presented in Figure 6.6. 

 

Figure 6.6: A comparison of profitability indicators (USD, 2016) between RO and MEE affiliated 
processes when considering the inclusion or absence of pre-treatment with CHP as the biogas 
utilization process.  

Profitability is generally low for all the processes in Figure 6.6 as evidenced by the low ROI 

and IRR (<5%). Inclusion of a pre-treatment process (ion-exchange) with either selected 

downstream unit operation (RO or MEE) had an overall positive effect on the profitability. For 

the RO affiliated process (AD-CHP-RO), a 20-30% increase in the ROI and IRR is noted with 

the inclusion of an ion exchange process (IEX-AD-CHP-RO). Similarly, this is observed for 

MEE processes and is attributed to increased methane yields and energy output due to 

improved AD efficiency. Increased cost savings (170%) from application of the RO and MEE 

concentrates as fertilizer compared AD effluent (fertirrigation in AD-CHP) contributed greatly 

to the upward trend in profitability observed with the inclusion of water recovery processes. 

Further, upstream reintegration (see Section 5.3.3.3) of the condensate from MEE or 

permeate water increased cost savings by up to $27 000.  

With improved profitability arising from the combined influence of cost savings and water 

reuse, the payback period for combined pre- and post-treatment routes decreased as 

expected. In line with the high energy requirements and the absence of improved performance 

potential with pre-treatment, the AD-CHP-MEE route had the longest payback (ca. 13 years). 
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All four routes have negative net present values after 20 years (see Table C 2)  which suggests 

that they are unlikely to return net profits over the project life time.  

6.3.2 Study 3: Decisions between Water Recovery Processes – Reverse 

Osmosis and Multi-Effect Evaporation when Using HPWS 

Study 2 (Section 6.3.1) showed that the benefits of adding post-treatment (RO and (MEE) 

processes to the base case (AD-CHP) included improved process sustainability and increased 

cost savings from the use of concentrates as fertilizer. Compared to the base case, improved 

profitability was observed. However, this did not guarantee net profits in the long run as the 

IRR for all instances in study 2 were below the cost of capital (15%). 

Electing to upgrade the biogas to biomethane when incorporating post-treatment processes 

has the potential to increase profitability given the 50% lower cost of HPWS equipment 

(Darrow et al., 2015) relative to CHP engines. Although post-treatments were not included in 

study 1 (Section 6.2.1.1), it was shown that switching to HPWS improved profitability of the 

base case. This study therefore seeks to explore the effect of adding water recovery processes 

on profitability of the un-treated or pre-treated process options when biogas upgrading 

(HPWS) is in use. In line with previous studies, pre-treatment was included to ascertain its 

effect on process profitability. A decision tree highlighting the four additional processes 

(options 8 to 12 in Table 6.1) as well as a summary of their capital and operating expenditures 

is developed (Figure 6.7). 

6.3.2.1 Feasibility Comparisons between RO and MEE 

Techno-economic analyses were conducted on the four additional routes using a similar 

approach described in Section 3.5 and the previous studies (Sections 6.2.1.1 and 6.3.1). 

Discounted cash flow analyses were thereafter used to calculate the profitability indicators 

over a 20-year project lifetime (Figure 6.8). As expected, substitution of the CHP system 

(Study 2, Figure 6.6) for HPWS with incorporation of RO or MEE greatly increases the 

profitability of the processes as seen in Figure 6.8. This is attributed to a 50% decrease in 

capital costs due to the low cost of HPWS equipment relative to CHP (Table 5.6).  

For the untreated MEE affiliated route (AD-HPWS-MEE), addition of a pre-treatment process 

resulted in a decrease in profitability which was contrary to the trend observed in the previous 

study (see Section 6.3.1.1). Although ion-exchange increased the CH4 yield and provided an 

additional revenue stream (K2SO4), the combined operating costs of the IEX-AD-HPWS-MEE 

are approximately 200% higher (Table C 1). These mainly consist of maintenance costs for 

ion exchange and MEE. Similarly, ion-exchange decreases the profitability of the RO affiliated 

processes owing to the higher combined operating costs of RO (utility and membrane 

maintenance) and ion-exchange (10% of CAPEX) (Table C 1). However, RO equipment is 

70% cheaper compared to MEE (Table 5.11) which boosted the overall profitability of both 

AD-HPWS-RO and IEX-AD-HPWS-RO routes over the AD-HPWS-MEE and IEX-AD-HPWS-

MEE routes.  
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Figure 6.7: A section of the decision making tool focusing on the effect of pre-treatment processes on the choice of water recovery processes when using HPWS 
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Figure 6.8: A comparison of profitability indicators (USD, 2016) between RO and MEE affiliated 
processes when considering the inclusion or absence of pre-treatment with HPWS as the biogas 
utilization process 

Given that the extent of water recovery or quality is independent of the biogas utilization 

process, the water reuse initiatives and cost savings detailed in Section 5.3.3.3 and study 2 

(section 6.3.1) were applied to the feasibility analysis in study 3 (Figure 6.8). An annual cost 

savings of $27 700 was achieved with upstream reintegration of 68 700 m3/yr of RO permeate 

or MEE condensate water. This increased the ROI and IRR by approximately 2%. 

Alternatively, the water may be rerouted to the absorber in the HPWS process to affect a 

reduction in municipal water usage for the make up stream (CR figure) that is at 22 000 m3/yr. 

A total cost savings of $8 000/yr is achieved and was incorporated in the techno-economics 

(Figure 6.8).  

In terms of net profit, the AD-HPWS-RO process shows the best results. With an IRR of 18.3% 

(Figure 6.8), it is likely to return a net profit and match the average cost of capital. The AD-

HPWS-MEE is the second best profitable alternative. A positive NPV (see Table C 2) as well 

as a high IRR of 17.9 % is predicted for this route. 

6.3.3 Conclusions on Studies 2 and 3 

The inclusion of reverse osmosis or multi-effect evaporation to the base case vinasse 

treatment process (AD-CHP) improves process sustainability and promotes value creation 

from the digestate through recovery of water. In addition, there is a significant increase in 

profitability with addition of either processes (RO or MEE) to the base case as more cost 

savings were accrued from the application of the resulting concentrates as fertilizer to replace 

potassium based synthetic fertilizer. At the recommended application rate of 3 tonnes/ha, the 

concentrates will improve crop yields (Christofoletti et al., 2013).  

In the studies (2 and 3), it was observed that biogas utilization processes had no effect on the 

water quality or recovery as CHP and HPWS exclusively process the biogas. However, 

through investigating the substitution of CHP for HPWS in study 3, it was established that the 
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choice between the two biogas utilization processes significantly affected profitability in the 

presence of water recovery systems (RO or MEE). Due to the 50% reduction in capital costs 

achieved by using HPWS (Figure 6.8) instead of CHP (Figure 6.6), a significant increase in 

profitability was observed. Profitability indicators for the AD-HPWS-MEE/RO as well as IEX-

AD-HPWS-MEE/RO (Figure 6.8) were over 100% higher compared to indicators for the CHP 

counterparts (Figure 6.6). This shows that the choice of biogas utilization is a decision criterion 

when developing vinasse treatment processes containing water recovery processes such as 

RO and MEE. 

As described in Section 5.3, RO permeate and MEE condensate water contains volatile 

compounds that are not retained by the RO membranes or remain in the MEE concentrates. 

The VFAs essentially contaminate the water and further treatment is required for its domestic 

use. Water reuse initiatives within the ethanol distillery cooling towers and HPWS processes 

as make up water have been included in the techno-economics. When using CHP as the 

biogas utilization process, the recovered water from RO or MEE may be utilized as make up 

water in the cooling towers. Cost savings of up to $27 700/yr are realized. In the case of biogas 

upgrading, lower cost savings of up to $8 000 are accrued due to the lower water requirement 

relative to the upstream distillation. As the magnitude of the cost savings were comparatively 

lower than the operating costs, the knock-on effect on profitability of the flowsheets in Figure 

6.5 and Figure 6.7 was not significant. This is evidenced by the 2% increase in profitability 

with incorporation of the cost savings initiatives. Despite this, water reuse was considered 

critical to the success of the project from a sustainability perspective due to the severity of the 

water shortage situation in South Africa.  

6.4 Outcomes from the Decision-Making Tool 

Through elucidation of the overall decision framework (Figure 6.1) using the studies in Table 

6.1, outcomes in the form of decision criteria have been established. Pre-treatment processes 

were shown to remove potassium ion inhibitors thereby increasing performance and 

profitability of the flowsheets in Studies 1 and 2 (Sections 6.2.1 and 6.3.1). However, 

profitability decreased with implementation of pre-treatment in study 3 (Sections 6.3.2) due to 

increased combined operating costs of ion-exchange and water recovery.  

The choice of biogas utilization processes is an important decision criterion in all the studies 

due to the difference in capital costs between CHP and HPWS. The comparisons between 

flowsheets that contained CHP and HPWS in all 3 studies (Figure 6.4, Figure 6.6 and Figure 

6.8) confirmed that choosing to upgrade the biogas via HPWS to biomethane decreased 

capital costs and increased profitability.  

The implementation of water recovery processes (Sections 6.3.1 and 6.3.2) yielded higher 

(170%) costs savings through the production of concentrates to be utilized as fertilizer as 

opposed to the AD effluent in the base case. This was due to increased K concentration in the 

AD effluent through the removal of water which allowed for its application as fertilizer to larger 

areas of agricultural land. It was noted that the water quality from RO and MEE was 

independent of the choice of pre-treatment and biogas utilization processes. Therefore, the 

cost savings accrued from upstream reuse of water are expected to remain similar with 

changing biogas utilizations or exclusion of pre-treatment.  
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7. Conclusions and Recommendations 
Bioethanol production via fermentation processes results in the production of a voluminous 

liquid waste termed vinasse. It is typically generated at a rate of 12 to 15 litres per litre of 

ethanol. The production volume makes this wastewater difficult to handle as disposal into 

water bodies is restricted. Release into the municipal wastewater treatment system bears a 

cost which impacts profitability of the ethanol fermentation processes. Industrial processes 

have therefore been developed for vinasse treatment and potential recovery of valuable 

products such as biogas, water and salts. These include biological treatments for biogas 

production, physico-chemical processes for water and salt recovery, as well as biogas 

utilization systems for energy production.  

This project therefore set out to develop integrated vinasse treatment flowsheets at a 

conceptual design level aimed at environmental protection and value creation through vinasse 

treatment and concomitant recovery of energy, salts and fit-for-purpose water. Having AD as 

the primary vinasse treatment process, it was hypothesized that incorporation of the raw 

vinasse pre-treatment processes and digested effluent post-treatment technologies will 

generate improved conversions, additional revenues, cost savings and have positive impact 

on the profitability of the flowsheets presented. This chapter therefore seeks to synthesise the 

important findings achieved during the execution of its main objectives which are as follows: 

• Develop a simplified AD model on Aspen Plus through the adoption of existing AD 

frameworks in the literature and investigate its sensitivity to variations in the feed 

compositions and disturbances. 

• Investigate the impact of the addition of pre- and post-treatments on the energy 

consumption, resource recovery and profitability. This will lead to the development of 

an economically preferred process route. 

• Develop a tool that can assist and direct decision making when developing vinasse 
treatment processes. 

7.1 Anaerobic Digestion Modelling and Base Case Process 

The AD model was developed for the base case flowsheet using reactions, kinetic equations 

and parameters from the models by Angelidaki et al. (1993) and Batstone et al. (2002) 

(ADM1). It is a simplified model, with adequate complexity, that can predict AD results as well 

as the existing elaborate models. Important features of this model include: (1) substrate 

characterization into constituent carbohydrate, lipid and protein contents (2) 11 key reactions 

to represent the four AD steps (3) inhibition by ammonia, VFA and light metal cations. The 

characterization into the three constituents is a convention followed by previous AD modelling 

studies (Barrera et al., 2015; Batstone et al., 2002). This also aided in streamlining the 

simulation process. The model was benchmarked against existing simulations in the literature 

and reproduced experimental data for methane yields from published case studies detailing 

the AD of manure and municipal solid waste with an average error of 10%. As the model 

implements a simple and credible framework, it can be easily integrated into more complex 

flowsheets on Aspen Plus. 

To ascertain its credibility and determine the relevant process thresholds, the developed AD 

model was subjected to compositional sensitivity analyses. Increasing inhibitory compound 

concentrations had a negative impact on the methane yield and biogas production in the AD 
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model. Declines in the methane yield by over 50% were observed with increasing K+ ion 

concentrations in the raw vinasse feed. This indicated that performance improvements in the 

base case could be achieved through raw vinasse pre-treatment to remove inhibitory 

potassium ions to result in increased methane yields and higher electricity production from the 

CHP system.  To determine the loading rate thresholds in the AD reactor, an OLR sensitivity 

was conducted. Increasing the organic loading rate increased the available substrate for 

uptake and consequently the methane yield up to a maximum of 86 L-CH4/kgVSadded at an 

OLR of 7 kgCOD/m3
.day. Due to a build up of inhibitory compounds, there was decline in 

performance as evidenced by the subsequent decline in methane yields at loading rates above 

8 kgCOD/m3
.day.  

Given the close agreement of the model results and literature data as well as the observed 

trends in sensitivity that were similar to literature findings, the developed AD model was 

deemed fit for further simulation of base case process. The base case consisted of a vinasse 

AD reactor and CHP system (Jenbacher gas engine) for electricity production from the biogas. 

To better simulate industrial processes, a reactor size of 2000 m3 and OLR of 25 

kgCOD/m3.day were selected. At this capacity, a methane yield of 48.5 L-CH4/kgVS and 

electrical production capacity of 410 kW were achieved. Techno-economic analyses 

conducted using published costing heuristics, OOM estimations and reported manufacturer 

quotes showed that the base case was not profitable as evidenced by the 0% ROI and 

negative NPV. Although not profitable, treatment of the raw vinasse effluent using the base 

case process should be considered as it leads the reduction of wastewater strength while 

enhancing environmental protection. Moreover, choosing to release this stream as an 

industrial effluent to the municipality bears a cost of $80 700/yr. 

7.2 Pre-, Post-Treatment and Biogas Utilization Process 

Additions to the Base Case 

Given the low carbon conversion to methane and the profitability of the base case, addition of 

pre- and post-treatment processes was explored to extend base case functionality, increase 

resource recovery and enhance profitability. For pre-treatment, a strong acid cation exchange 

system was chosen as it was less energy intensive, and more selective towards potassium 

ions compared to direct ozonation (using O3), electrodialysis and reverse osmosis. 

Implementation of the ion exchange system to the flowsheet resulted in 30% higher in 

methane yields during AD owing to the removal (70%) of inhibitory K+ compounds which 

brought about higher revenues from electricity sales and improved effluent quality. This 

positively influenced profitability of the IEX-AD-CHP route as evidenced by the ROI and IRR 

that were comparatively 200% higher than base case (AD-CHP) profitability indicators.  

While the CHP in the base case enhanced energy generation, the capital costs of the chosen 

Jenbacher spark engine were high. Biogas upgrading, an equally effective technology, 

through high pressure water scrubbing was therefore explored as a cost-effective substitute 

to produce biomethane. Compared to the base case, the AD-HPWS system increased energy 

output (MWh/yr) due to increased energy content in biomethane relative to biogas. As 

equipment costs for HPWS were 50% cheaper compared to CHP, profitability of the AD-

HPWS route was also significantly higher (>200%) relative to the base case.  

To improve process sustainability and increase cost savings through water reuse, addition of 

RO and MEE were investigated for the recovery of water from the liquid digestate. Through 
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upstream re-integration of RO permeates or MEE condensate water, annual cost savings of 

up to $27 700 were achieved. Despite the cost savings and an improved process in terms of 

water efficiency, profitability remained low with incorporation of RO or MEE processes to the 

base case. This was evidenced by the profitability indicators such as the IRR that remained 

lower than the average cost of capital (15%). However, it was concluded that the water 

recovery systems should be considered as process sustainability is key in securing the future 

success of the vinasse treatment project considering the increasing abundance of water-

scarce regions and associated the looming water shortages in provinces such as the Eastern 

Cape and Western Cape in South Africa.  

The individual incorporation of pre-treatments, post-treatments and biogas utilizations had 

varying degrees of economic benefit to the base case. It was necessary to investigate the 

addition of combined pre- and post-treatment variations so as to uncouple existing interacting 

effects. Through this, different processing routes were analysed on the basis of performance 

and economics which ultimately led to the formulation of a visual decision making tool intended 

to assist in the development of vinasse treatment processes in a South African context.  

7.3 Decision-Making Tool 

The decision-making tool sought to provide in-depth comparisons between 12 vinasse 

treatment routes resulting from various combinations of pre- and post-treatment options. To 

aid in this analysis, a visual framework with decision points was developed to facilitate the 

step by step development of distinct vinasse treatment routes whilst highlighting the benefits 

and demerits of each process addition (pre- or post-treatment). Through this, important 

decision criteria were identified to aid in the future development of vinasse treatment routes. 

Given the positive impact on performance and economics of incorporating pre-treatment (IEX) 

to the base case (AD-CHP) and other variations for water re-use (AD-CHP-RO/MEE), it was 

concluded that the presence of potassium ions was a key decision criterion in the development 

of vinasse treatment routes. However, this is dependent on the K+ concentration in the vinasse 

feed given the inhibition threshold of 11.6 g/L. Although pre-treatment increased conversion 

of organic carbon and its removal from the liquid stream, methane yields and electricity 

production, profitability was low and net profits unlikely as the IRR remained below the average 

cost of capital (15%) for the IEX-AD-CHP, IEX-AD-CHP-RO and IEX-AD-CHP-MEE routes 

over a 20 year project lifetime. This was due to the high cost of CHP equipment which was 

compounded by the operating costs of the additional processes over the project lifetime. As 

biogas upgrading equipment (HPWS) was cheaper, electing to substitute CHP for HPWS not 

only increased energy output but also increased profitability as evidenced by the higher ROI 

and IRR of the AD-HPWS, AD-HPWS-RO/MEE compared to the counterparts with CHP. The 

choice of biogas utilization was therefore concluded to be a decision criterion, particularly 

affecting profitability of the developed vinasse treatment routes.  

Adding water recovery processes (RO and MEE) to the base case and its variations was 

observed to contribute significantly to the cost savings in terms of potassium fertilizer 

purchase. Relative to the base case AD effluent, utilization of RO or MEE concentrates 

secured 170% higher cost savings as the resulting concentrates with increased K content 

could be applied over larger areas of agricultural land.  Due to the presence of volatile acids, 

the RO permeate water and MEE condensates were deemed fit for upstream re-use as cooling 

water in the ethanol distillation process. Considering the industrial municipal water tariff 

(R5/kL), re-integration of the water in all RO and MEE affiliated processes resulted in a cost 
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savings of $27 700. From a cost perspective, capital costs of the MEE process were higher 

than RO with the opposite applying for the operating costs. From this analysis, it was 

concluded that the recovery of concentrates from vinasse was a key decision criterion when 

looking to increase profitability and that water recovery from vinasse is necessary to enhance 

process sustainability. However, given that bio-methanated vinasse often has a high 

suspended solids content, elaborate models for MEE and RO featuring both solute and solvent 

mass transfer kinetics are required to reduce the uncertainty in the water recoveries and 

reported cost savings estimates. In this research, availability of high pressure steam (for MEE) 

from the upstream sugar refining process was assumed. In scenarios where fresh high 

pressure steam is required, validation of the steam costs ($/ton) against industry trends is key 

as this may affect feasibility of MEE processes due to high steam costs. 

7.4 Recommendations 

7.4.1 Vinasse Treatment Routes 

Based on the profitability analyses in the decision-making tool, it is recommended that the 

vinasse treatment process include an anaerobic digester coupled with a high-pressure water 

scrubbing system for biomethane production and reverse osmosis process for water recovery. 

In addition to the increased energy output from biomethane production, cost savings on 

fertilizer purchase and RO permeate water re-use will be achieved to increase both process 

profitability and sustainability. As pre-treatment is missing in the recommended route (AD-

CHP-RO), inhibition by K+ ions may lead to the low conversion of organics in AD. There is 

therefore a need to develop cost effective pre-treatment processes that reduce the potassium 

loading in vinasse. One technique could be through dilution to ensure low potassium as well 

as COD concentrations.  

This route (AD-Upgrade-RO) is projected to have a 22.9% rate of return and a net present 

value of $540 000 after a 20-year project lifetime. Moreover, there is a growing market in SA 

for biomethane as a vehicular fuel which potentially secures business continuity as the project 

will fill a crucial gap in the market through provision of a renewable energy source.   

7.4.2 Further Research 

Opportunities for further research based on this body of work exist especially in the anaerobic 

digestion modelling and techno-economic evaluation areas. While the AD model reproduced 

experimental data relatively well, it is necessary to extend its functionality to aspects such as 

pH prediction and dynamic modelling of AD systems on laboratory and pilot scales. 

Developing ionic speciation routines on Aspen Plus by adding weak acid-base chemistry to 

the reaction blocks will provide hydrogen ion concentrations that can be utilized by FORTRAN 

routines for pH calculations. This will facilitate investigations of the interplay between free 

ammonia, NH4
+ and VFA concentrations in AD and their role as inhibitors to methanogenic 

activity.  

In addition, as kinetics are originally derived for mesophiles, there is a need to refine kinetic 

parameters based on thermophiles through experimentation and subsequent validation. 

Further work on inhibitors present in vinasse is required to give insight into adequate pre-

treatment processes their removal which will potentially increase conversion of organic 

material to methane. Given the presence of H2S in biogas streams, there is a need to include 

reactions and associated kinetics of action by SRBs. However, this may not lead to significant 

changes in CAPEX/OPEX estimates as the HPWS method considered in this research 
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ensures removal of both H2S and CO2. A review of vinasse based AD plants in Southern Africa 

is required. This will promote the use of industry based assumptions concerning organic 

loading rates that are reported to be significantly lower (1-3 kgCOD/m3.day) compared to 

reported values in high rate anaerobic systems in South America and India (25 

kgCOD/m3.day). 

Concerning the approach to techno-economic analysis, it is recommended that manufacturer 

quotes from suppliers within South Africa be used more often as opposed to costing heuristics 

in the literature. This is expected to increase the accuracy of the capital and operating cost 

estimations.  
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Appendices 

A. Equipment sizing curves 

 
 

 

 

Figure A 1: Equipment cost curves for vertical vessels, shell and tube heat exchangers, centrifugal 
pumps and compressors (Seider et al., 2003; Sinnott, 2005) 

 

Table A 1: Equations, heuristics and standards used in equipment cost calculations 

Equipment type Size factor Range of X Cost Equation Reference 

Falling Film 
evaporator 

Heat transfer area 150 – 4000 ft2 C = 10000.A(0.55) (Seider et al., 2003) 

Ion Exchange 
system  

Throughput (kg/hr) - C ($, 2014) = $5 250 000* 
(S1/53 204)(0.9) 

(Davis et al., 2013) 

UASB reactor Volume (m3) - C ($, 2016) = $615 
160*(S1/1820)0.6 

(Fuess et al., 2017) 

RO system   Membrane cost: $1000. 
Module cost: $1200 (USD, 
2012) 

(Ang et al., 2017; 
Bick et al., 2012) 
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B. Fortran code implemented in the Calculator Blocks of 

the AD simulation  

Glucose acidogenesis 

T=T+273.15 

T0=55+273.15 

PH = 6 

IF ( PH .LT. 5.5) THEN 

S =  (( PH - 5.5 ) / (5.5 - 4. ) ) 

IF (S .LT. 0.) THEN 

 S= -S 

ENDIF 

R = ((-3.)*(S**2.)) 

Q =(2.7182818284**(R)) 

ELSE  

Q = 1 

ENDIF 

Z = 30*EXP(-(-35616.457/8.314)*(1/T-1/T0)) 

L = ( 1. / ( 3600. * 24. ) ) * Z 

P = 0.27 + 0.025 * ( T - T0 ) 

N = 1. / ( P + (GLUFLOW / VOLFLOW ) )  

M = 1. / ( 0.05 + ( TNH3FLOW / VOLFLOW ) 
)  

O = 5 / (5. + ( LCFAF/ VOLFLOW)) 

K = L *N * M *Q*O 

KNTC=K 

Amino acids acidogenesis 

A = 0.0000001 
AA = GLU 
BB = LYS;  CC = ASP 
 
 
IF (AA .EQ. 0.) THEN 
AA = AA +A 
ENDIF 
DD = AA + BB + CC 
 
PH = 6 
IF ( PH .LT. 5.5 ) THEN 
S = ((PH - 5.5) / ( 5.5 - 4 )) 
ENDIF 
IF (S .LT.0) THEN 
S = -S 
ENDIF 
R =((-3.)*(S**2.)) 
Q= ( 2.7182818284**(R)) 

 

 
 
N =1. / (0.2112 + (DD/ VOLFLOW)) 
T = T + 273.15 
TO = 55 + 273.15 
Z =50 * EXP (-(-14143.72619 / 8.314) * (1/T - 
1/TO)) 
L = ( 1. / (3600. * 24. )) * Z 
K =  L*N*Q 
 
KGLUTC = K 
KLYS TC= K 
KASPTC = K 

Glycerol acidogenesis 

 
L = ( 1. / ( 3600. * 24. ) )*6 
N = ( 1. / ( 1. + .01 / ( GLYCE / VOLF) ) ) 
M = ( 1. / ( 1. + .05 / ( NH3F / VOLF) ) ) 
 
PH = 6 
IF ( PH .LT. 5.5) THEN 
S =  (( PH - 5.5 ) / (5.5 - 4. ) ) 
IF (S .LT. 0.) THEN 
S= -S 
ENDIF 
R = ((-3.)*(S**2.)) 
Q =(2.7182818284**(R)) 
ELSE  
Q = 1 
ENDIF 
 
KNTC = L * N * M * Q 

GTO degradation 

 
T=T+273.15 
T0=55+273.15 
Z = 6 *EXP(-(-21472.7308/8.314)*(1/T-1/T0)) 
L = ( 1. / ( 3600. * 24. ) ) * Z 
O = ( LCFA / VOLF ) / 5. 
N = 1. / ( 0.1379 + (LCFA/VLF)) 
M = 1. / ( 0.05 + ( TNH3FLW / VLF))  
 
PH = 6 
IF ( PH .LT. 5.5) THEN 
V =  (( PH - 5.5 ) / (5.5 - 4. ) ) 
IF (S .LT. 0.) THEN 
V= -V 
ENDIF 
R = ((-3.)*(V**2.)) 
Q =(2.7182818284**(R)) 
ELSE  
Q = 1 
ENDIF 
K = L * N * M * Q  
KNTC=K 
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Acetogenesis  - Butyric acid 

A = .00000001 
IF (ACF .EQ. 0.) THEN 
ACF = ACF + A 
ENDIF 
IF (VOLF .EQ. 0.) THEN 
VOLF = VOLF + A 
ENDIF 
IF (NH3F .EQ. 0.) THEN 
NH3F = NH3F + A 
ENDIF 
IF (BUTF .EQ. 0.) THEN 
BUTF = BUTF+A 
ENDIF 
T=T+273.15 
T0=55+273.15 
PH = 6 
IF ( PH .LT. 5.5) THEN 
V =  (( PH - 5.5 ) / (5.5 - 4. ) ) 
IF (V .LT. 0.) THEN 
V= -V 
ENDIF 
R = ((-3.)*(V**2.)) 
Q =(2.7182818284**(R)) 
ELSE  
Q = 1 
ENDIF 
Z = 20 *EXP(-(-17043.8653/8.314)*(1/T-
1/T0)) 
L = (1. / ( 3600. * 24. ) ) * Z 
U = .11 + .01*(T-T0) 
N = 1. / (U + ( BUTF / VOLF ) )  
M = 1. / ( 0.05 + ( NH3F / VOLF ) )  
O = 0.72 / ( 0.72 + ( ACF / VOLF))  
XX = 5 / (5 + (LCFAF/ VOLF)) 
K = L * N * M * O* Q * XX 
KNTC=K 

Propionic degradation 

T=T+273.15 
T0=55+273.15 
PH = 6 
IF ( PH .LT. 5.5) THEN 
V =  (( PH - 5.5 ) / (5.5 - 4. ) ) 
IF (V .LT. 0.) THEN 
V= -V 
ENDIF 
R = ((-3.)*(V**2.)) 
Q =(2.7182818284**(R)) 
ELSE  
Q = 1 
ENDIF 
Z = 15 *EXP(-(-18108.108/8.314)*(1/T-1/T0)) 
L = (1. / ( 3600. * 24. ) ) * Z 
U = 0.06607  
N = 1. / ( U + ( PROPF / VOLF ) )  
M = 1. / (0.05 + ( TNH3FLOW / VOLF ) )  
O = 0.96 / (0.96 + ( ACF / VOLF)) 
IL = 5 / (5 + ( LCFAF/ VOLF)) 
K = L * N * M * O* Q* IL 
KNTC=K 

 

 
 

Valeric acid degradation 

T=T+273.15 
T0=55+273.15 
PH = 6 
IF ( PH .LT. 5.5) THEN 
V =  (( PH - 5.5 ) / (5.5 - 4. ) ) 
IF (V .LT. 0.) THEN 
V= -V 
ENDIF 
R = ((-3.)*(V**2.)) 
Q =(2.7182818284**(R)) 
ELSE  
Q = 1 
ENDIF 
Z = 30 *EXP(-(-17043.8653/8.314)*(1/T-1/T0)) 
L = (1. / ( 3600. * 24. ) ) * Z 
U = .175 + .01*(T-T0) 
N = 1. / (U + ( VALF / VLF ) )  
M = 1. / ( 0.05 + ( NH3F / VLF ) )  
O = 0.4 / ( 0.4 + ( ACF / VLF))  
XX = 5 / (5 + (LCFAF/ VOLF)) 
K = L * N * M * Q  
KNTC=K 

Methanogenesis (Acetic acid degradation) 

A = .00000001 
IF (NH3F .EQ. 0.) THEN 
 NH3F = NH3F + A 
ENDIF 
IF (VOLF .EQ. 0.) THEN 
 VOLF = VOLF + A 
ENDIF 
IF (ACF .EQ. 0.) THEN 
 ACF= ACF + A 
ENDIF 
IK= 0.5 
T=T+273.15 
T0=55+273.15 
PH = 6 
R = (1.+2.*10.**(.5*(6.-7.)))/(1.+10.**(PH-
7.)+10.**(6.-PH))  
Z = 9.4 *EXP(-(-29136.6801/8.314)*(1/T-1/T0)) 
L = (1. / ( 3600. * 24. ) ) * Z 
V = .14026 +  .0075*(T-T0) 
N =  1. /( V +( ACF/ VOLF ) )  
M =  1. / ( 0.05 + ( NH3F / VOLF ) )  
W = .26 + .00046*(T-T0) 
O =  W / ( W + ( NH3F / VOLF ) ) 
IX = 5 / (5 + ( LCFAF/ VOLF)) 
IK = 5.86/(5.86 + ( K2FR*RHO)) 
K = L * N * M * O * IK 
KINETIC=K 
X=(1. / ( 3600. * 24. ) ) * 43 
U= 0.00005 + 0.00000215* (T - TO) 
S = 1 
Q = (1.+2.*10.**(.5*(5.-6.)))/(1.+10.**(PH-
6.)+10.**(5.-PH)) 
K2 = X * S * Q 
KINETIC2=K2 
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C. Summary of Capital and Operating Costs and 

Discounted Cash Flow Analyses 

 

Table C 1: A breakdown of capital and operating costs for the vinasse treatment routes (USD, 2016) 

Process Routes  
IEX - AD - 
CHP - RO 

IEX-AD-
Upgrade 

AD - 
Upgrade - 

RO 

IEX - AD - 
Upgrade  - 

RO 

IEX - AD 
- CHP - 

MEE 

IEX - AD 
- UP - 
MEE 

AD - UP - 
MEE 

IEX - AD 
- CHP - 

MEE 

Capital Expenditures 
(USD, 2016) 

         

Purchase cost of 
equipment (PCE) 

$5 598 638 $3 880 228 $1,240,123  $3,950,117  
$5 712 

023 
$4 060 

854 
$1 349 

861 
$5 712 

023 

Lang Factor - 
installation, 
electrical,structures, 
piping 

1.6 1.6 1.6 1.6 1.6 1.6 1.6 1.6 

Physical Plant Cost 8 957 820 6208365 1984196. 6320187.2 9139237 6497367 2159778 9139237 

Lang Factor - Design, 
Engineering and 
Contingency 

1.19 1.19 1.19 1.19 1.19 1.19 1.19 1.19 

Location factor 1 1 1 1 1 1 1 1 

             

Fixed Capital 
Investment USD, 
2016 

10 659 806 7387954 2361194 7 521 022 10875693 7731867 2570136 10875693 

Working Capital 
(15%) 

1 598 971 1108193 354179 1 128 153 1631353 1159780 385520 1631353 

Total Capital 
Investment 

$12 258 
777 

$8 496 148 $2 715 373 $8 649 176 
$12 507 

047 
$8 891 

647 
$2 955 

656 
$12 507 

047 

         

         

 

Jenbacher Engine – ICEngine – Aspen Custom Modeller 
// <parameter name> as <parameter type> (<default>, description:"<description>"); 
// <variable name>  as <variable type> (default, <spec>, description:"<description>"); 
// <submodel name>  as <model type> (<submodel variable> = <variable name>,...); 
// <structure name> as external <structure type>("<default instance>"); 
// <port name>      as <Input or Output> <port type>; 
// <equation_name> : <expression1> = <expression2>; 
// Call (<output argument list>) = <procedure name>(<input argument list>); 
Feed as input HeatPort; 
//out as output MoleFractionPort; 
//f as input MoleFractionPort; 
//g = f.F; 
//out.F = f.F; 
Electricity as output WorkPort; 
Heat as output HeatPort; 
efficiency as fraction (description:"efficiency", value:0.8, spec:Fixed); 
Electricity.W = efficiency*Feed.Q*1000000/3600; 
Heat.Q = Feed.Q*(1-efficiency); 
Electricity.Speed = 0; 
 
End 
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OPEX 
IEX - AD - 
CHP - RO 

IEX-AD-
Upgrade 

AD - 
Upgrade - 

RO 

IEX - AD - 
Upgrade  - 

RO 

IEX - AD - 
CHP - 

MEE 

IEX - AD 
- UP - 
MEE 

AD - UP - 
MEE 

IEX - AD 
- CHP - 

MEE 

Variable costs          

Innoculum          

NaOH (dosing) 38690 38690 38690 38690 38690 38690 38690 38690 

H2SO4 eluent $27 670   $27 670 $27 670 $27 670  $27 670 

Membrane 
replacement 

$40 000  $40 000 $40 000     

Labor Costs ($/yr) $185 31 $172 476 $185 315 $185 315 $185 315 $185 315 $185 315 $185 315 

Utility costs $14 353 $31 953 $47 213 $46 307 $38 848 $38 848 $43 165 $38 848 

Transport costs for 
vinasse 

  15546       

Fixed costs          

CHP (O&M) 76186    76186   76186 

AD O&M (1.5% of 
plant costs) 

$28 304 $28 304 $28 304 $28 304 $28 304 $28 304 $28 304 $28 304 

RO (O&M) $24 711  $25 652 $24 711 
$32 

332.14 
$32 

332.14 
$32 

332.14 
$32 

332.14 

IEX (O&M) $271 099 $271 099  $271 099 $271 099 $271 099  $271 099 

Biogas Upgrade 
(OOM) 

  11504 11504 11504  20593 20593  

Total OC $706 330 $569 575 $376 680 $673 602 $698 447 $642 854 $348 401 $698 447 

Indirect fertilizer 
revenue 

250913 73224 250913 250913 250913 250913 250913 250913 

Overall OC $455 417 $496 351 $125 766 $422 689 $447 533 $391 940 $97 487 $447 533 

 

Table C 2: A summary of profitability indicators (USD, 2016) evaluated for the 12 vinasse treatment 
options for a 20-year project lifetime. Net Present Value presented in millions (USD) 

 AD-CHP 
AD-

CHP-RO 

IEX-
AD-

CHP 

IEX-
AD-

CHP
-RO 

AD-
HPWS 

IEX-
AD-

HPWS 

AD-
CHP-
MEE 

IEX-
AD-

CHP-
MEE 

AD-
HPWS-

MEE 

IEX-
AD-

HPWS-
MEE 

AD-
HPWS-

RO 

IEX-
AD-

HPWS
-RO 

ROI (%) 0.0 3.2 3.2 4.5 19.6 11.4 3.1 4.5 22.1 4.5 22.9 12.4 

IRR (%) -1.8 2.0 2.0 3.8 16.3 10.5 1.9 3.7 17.9 3.7 18.3 11.4 

PBP (%) 18.9 12.7 12.7 10.6 3.7 5.7 12.8 10.7 3.4 10.7 3.28 5.4 

NPV  -3.82 -3.3 -6.5 -5.9 0.19 -1.9 -3.5 -6.1 0.5 -6.1 0.54 -1.6 
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Figure C 1: Discounted cash flow analysis of the AD-
CHP process (20 year project lifetime. USD, 2016) 

Figure C 2: Discounted cash flow analysis of the IEX-
AD-CHP process (20 year project lifetime. USD, 
2016) 

  

Figure C 3: Discounted cash flow analysis of the AD-
CHP-RO process (20 year project lifetime. USD, 
2016) 

Figure C 4: Discounted cash flow analysis of the IEX-
AD-CHP-RO process (20 year project lifetime. USD, 
2016) 
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Figure C 5: Discounted cash flow analysis of the AD-
Upgrade/HPWS process (20 year project lifetime. 
USD, 2016) 

Figure C 6: Discounted cash flow analysis of the IEX-
AD-Upgrade process (20 year project lifetime. USD, 
2016) 

  

Figure C 7: Discounted cash flow analysis of the AD-
Upgrade-RO process (20 year project lifetime. USD, 
2016) 

Figure C 8: Discounted cash flow analysis of the IEX-
AD-Upgrade-RO process (20 year project lifetime. 
USD, 2016) 

  

Figure C 9: Discounted cash flow analysis of the AD-
CHP-MEE process (20 year project lifetime. USD, 
2016) 

Figure C 10: Discounted cash flow analysis of the 
IEX-AD-CHP-MEE process (20 year project lifetime. 
USD, 2016) 
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Figure C 11: Discounted cash flow analysis of the AD-Upgrade-
MEE process (20 year project lifetime. USD, 2016) 

Figure C 12: Discounted cash flow analysis of the IEX-AD-
Upgrade-MEE process (20 year project lifetime. USD, 2016) 
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